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SUMMARY

This work is concerned with a study of membrane distillation, through modelling and
experimental work, in order to determine factors which enhance the permeate flux in this
process. The driving force in membrane distillation is a temperature induced vapour
pressure difference caused by having a hot feed and a cold permeate.

Three theoretical models were developed in order to analyse the process of membrane
distillation in a flat plate module. The first was a flow distribution model utilising the
relationship between flow rate and pressure drop in rectangular channels. It was found
that increasing the flow rate increased the pressure drop over the module.

The second model used mass and heat transfer to predict the permeate flux for PTFE,
PVDF and Versapor membranes. The flux was found to increase with increasing mean
membrane temperature, temperature difference, and decreasing channel height. It was
concluded that the Versapor membrane was unsuitable for membrane distillation.

The final model utilised boundary layer theory to predict the development of the thermal
boundary layers in a flat plate module. Increasing the region where the boundary layer
was still growing, reduced the drop in the temperature difference driving force over the
module. For a specific velocity, there was an optimum channel height which produced
the maximum possible flux.

An experimental program was carried out in order to investigate membrane distillation,
to characterise the performance of the flat plate module used and to provide
corroborating data for the theoretical models described.

A new module design was developed incorporating boiling and condensing heat transfer
to overcome the decline in temperature driving force along a module channel. The heat
transfer through the channel walls was found to stop the decline in driving force and

introduce equilibrium.
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CHAPTER 1

INTRODUCTION

Membrane processes are utilised for a wide variety of applications. The majority of the
processes in industry are for particle separation from a liquid stream, e.g. microfiltration
ultrafiltration and reverse osmosis. Processes utilising various other driving forces
include gas permeation, electrodialysis, pervaporation and membrane distillation. In
membrane processes, the membrane separates two fluid streams, with components
permeating through the membrane in liquid or gaseous form, in the direction of the
driving force. The membrane can be gaseous, liquid or solid and usually acts as a
selective barrier. This work is concerned with the process of membrane distillation.
Membrane distillation has been in use for around thirty years and is currently used mostly
at the laboratory scale, with relatively few pilot plants in use around the world.
Separations that are possible using this process include cases where,

1) the permeate is the product (desalination, water reclamation)

i1) the concentrated feed is the product (liquid food stuffs)

111) both feed and permeate are products (azeotropic separation).

Membrane distillation has mostly been used for desalination, and so most of the research
carried out concerns salt solution feeds. In the early years of research, the main focus

was on discovering the basic trends in permeate flux caused by temperature,
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concentration and velocity. Work was also carried out in order to find suitable
membranes for the process. The main developments in the process were made in the
early 1980°’s when newer, more suitable membranes became available, for instance
hydrophobic PTFE. Recent research [11,12,48] has been mainly concerned with the use
of hollow fibre modules to try and avoid large temperature losses in the feed. Such a unit
would have application in desalination, and concentration of liquid foods and acid
solutions.

The drtving force for membrane distillation is a temperature induced vapour pressure
difference across the membrane. The membrane itself is hydrophobic containing only
vapour in the pores and is used purely as a support for the feed and permeate vapour-
liquid interfaces. The mechanism of transport for membrane distillation can be split into
three steps. The first is evaporation of the more volatile component, usually water, at
the hot membrane surface. The second is the transport of the vapour through the pores
of the membrane. The final stage is condensation of the vapour at the cold membrane
interface into the permeate stream.

There are problems inherent with membrane distillation. As with all membrane
processes, membrane distillation suffers from membrane fouling and the associated flux
decay. Another problem is membrane wetting where the hydrophobic pores of the
membrane are slowly filled with liquid and hinder the mass transfer of the permeate.
Membrane wetting is particularly a problem when the feed contains an organic
compound. Temperature and concentration polarisation, which reduce the vapour
pressure difference driving force also need to be understood and their effects reduced.
This may be accomplished by designing better modules. Currently, microfiltration and
ultrafiltration modules are used for research into membrane distillation [9,
,12,14,15,28,45]. These modules do not represent the best choice as microfiltration and
ultrafiltration are pressure driven processes, and membrane distillation is a temperature
driven process. This means that the fundamental requirements for the module design are
different.

The modelling of membrane distillation carried out so far has only been concerned with

the actual physical process. In addition, research on the module configurations and its
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effect on the flux has been confined to experimental work. Only one paper has been
found to cover the modelling of membrane distillation in a module theoretically for
membrane distillation [24], but the authors related the temperature and concentration
boundary layers to the velocity boundary layer in fixed ratios, which may be inaccurate.
This work is concerned with a study of membrane distillation through modelling and
experimental work in order to develop techniques for enhancing the permeate flux in flat
plate modules. The work was split into four sections. The first part utilised a flat plate
module to experimentally determine the basic characteristics of membrane distillation.
The second determined the relationship between pressure and flow through the module.
This was then modelled theoretically.

The third part used an expansion of an existing model [86] to model membrane
distillation. This model determined the permeate flux which could be achieved given the
feed and permeate temperatures and the flat channel height. Experimental work was
then carried out to confirm the theoretical results.

The fourth part utilised boundary layer theory to predict the temperature profiles located
in a flat plate module. This again was confirmed experimentally. The models associated
with the third and fourth parts were then linked to provide accurate permeate flux data
for a specific module configuration.

Finally, a new flat plate module design was developed to overcome the temperature
polarisation effects of membrane distillation, and to therefore enhance the permeate flux

of the process.
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CHAPTER 2

LITERATURE REVIEW

2.1 Introduction

Membrane processes are becoming increasingly important in industry, since they give a
more compact way to achieve the separation required than traditional methods.

All membrane processes use the same basic system for separation as shown in Figure 2.1.
The membrane separates two streams, with components permeating through the
membrane in the direction of the driving force. The processes used most frequently are
microfiltration, ultrafiltration, reverse osmosis, dialysts and electrodialysis. Membranes
used in these processes can be gaseous, liquid or solid, or even a combination, usually
acting as a selective barrier. The driving force for these processes varies.
Microfiltration, ultrafiltration and reverse osmosis are pressure driven processes, and gas
permeation, dialysis and pervaporation are concentration driven processes.
Electrodialysis is driven by an electromotive force and membrane distillation is driven by

a difference in vapour pressure.
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Figure 2.1: System for two phases separated by a membrane
Driving force = AC, AP, AT or AE
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Low concentration feeds are best suited for membrane processes as the energy
requirement 1s low. As the feed concentration increases, the energy consumption also
increases and more traditional separation methods are preferred.

Comparison between the different membrane processes is difficult because of the
different driving forces and mechanisms of mass transfer, but some of the benefits of
membrane separation are that, i) the separation can be carried out continuously, 1)
energy consumption is generally low, iii) membrane processes are easily combined with
other separation processes, iv) separation can be carried out under mild conditions, v)
membrane properties are variable and can be adjusted, vi) scaling up is easy, and vit) no
additives are required.

There are some drawbacks to using a membrane process, namely, 1) polarisation effects,

i1) membrane fouling, iii) low membrane lifetime, and iv) generally low selectivity.

This work concerns membrane distillation, which is currently found almost exclusively in
laboratories. Membrane distillation uses a porous, hydrophobic membrane with liquids
in direct contact with both surfaces of the membrane. The driving force 1s a temperature
induced vapour pressure difference caused by having a hot feed and a cold permeate.
The mass transfer is accompanied by the transfer of the corresponding latent heat plus
the conductive heat leak through the membrane.

The mechanism of transport from the feed to the permeate can be split into three steps.
The first is evaporation of the more volatile component at the hot membrane interface.
The second is the transport of vapour through the microporous system of the membrane.
The final stage is condensation of the vapour at the cold membrane interface [1].

This literature review considers various aspects of membrane distillation. The review
covers initial theoretical modelling, temperature polarisation - but not concentration
polarisation, the different types of membrane and modules used, applications of the
process, experimental work carried out and the process trends found. Sections on the
phenomenon of membrane wetting, and energy considerations are also included, along
with a section on the closely related process of osmotic distillation. There is also a

section on modelling of boundary layers relating to membrane processes.
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2.2 Theoretical Modelling

Much work has been carried out on the modelling of membrane distillation. The
modelling falls into two distinct areas. Membrane modelling, which looks at the
mechanism of transport of permeate through the membrane, and overall modelling which
deals with predicting the permeate flux produced at specific operating conditions.
Membrane distillation uses porous membranes and so the modelling covered in this

chapter only concerns transport through porous membranes.

2.2.1 Membrane Modelling

Resistance to mass transfer through the membrane comes from the presence of air
trapped in the membrane and the membrane structure, i.e. pore size, porosity and
tortuosity [2]. The resistance to the flow of vapour from the membrane structure can be
described by Knudsen diffusion or Poiseuille flow [3]. Poiseuille flow is only dominant
when the pore size is larger than the mean free molecular path.

In most applications of membrane distillation, water is the component transported
through the membrane. The molecular mean free path for water vapour at 60°C is
approximately 0.3pum [3], which is around the pore size distribution of the membranes
used for membrane distillation. This means that both Knudsen and Poiseuille flow have

to be considered for describing the flow of vapour through the membrane.
Knudsen diffusion is a gas transport mechanism whereby gas molecules under a pressure

gradient pass across a porous structure by a series of molecule/wall collisions and 1s

described by,
D.g(c, - c,)
N ==r"21_ 07 2.1
k 5 (2.1)
which can be expressed as,
re( MY”
N, =1.064 —| —| (B -F .
 =106422( 1) (B -R) 2.2
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Poiseuille flow 1s the viscous flow of a gas through a porous structure and is described

by,

N, = L@E_%ﬂjﬂ,_) (2.3)
where,

9,..= g"f% 2.4

Pre = -;*?;; (2.5)
and can also be expressed as,

N, = 0'125%[ ﬁ:‘ T}(f} -P) (2.6)

A third type of model to describe the transport of vapour through the membrane is Fick
diffusion for flow through stagnant air, which is described by [2-4],

1 De M
N, =———(P-F 2.7
r= 7 s kAR @)
Equations (2.2), (2.6) and (2.7) suggest a relationship of
N =C(R,-P) (2.8)

for the mass transfer through the membrane, where C is the membrane mass transfer
coeflicient.

Schofield et al [3] produced a model that is a combination of Knudsen and Poiseuille
flow, which shows that the membrane mass transfer coefficient, C, is slightly temperature
dependent, decreasing 3% with a 10°C increase in mean temperature. The membrane
mass transter coeflicient can also be affected by pressure, but for most cases the

membrane mass transfer coefficient is mainly constant [5].
A similar equation to equation (2.8) describing the transport of mass flux through the

membrane, by Zotolarev et al [6] is,
D M

= W(R ~FR) (2.9)
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though this equation requires knowledge of the Knudsen flux and membrane diffusion
coefhicients.

Equations (2.2), (2.6) and (2.7) describe the transport of vapour through a microporous
membrane and they require the morphology of the membrane to be known. The
morphology can be difficult to measure, which leads to inaccuracy [7].

Predicted values of the morphology term, re/xo, are low [3] when compared to actual
values and may lead to serious error, so the morphology term must be estimated
experimentally. Experimental values can be obtained by measuring the evaporation rate
of water at varying temperatures and pressures [2].

Assumptions of tortuosity are more common. Tortuosity is a measure of the straightness
of a pore from one side of the membrane to the other (1.0 means a straight pore with the
actual length of the pore equal to the membrane thickness). Calabro et al [8] showed
that assuming a tortuosity value of 1.2 for calculating the theoretical flux leads to a good

correlation with experimental results of around 99.6%.

Other equations used by researchers to explain the process of mass transfer through the
membrane initially seem different, but on closer examination they all correspond to the
equations given in this section. The main point arising from this consideration of
membrane modelling is that the transport of vapour through the membrane is controlled
by both Knudsen and Poiseuille flow. Most studies accept the equations detailing these
vapour flow processes as they accurately model the mass transfer through the membrane

in membrane distillation.

2.2.2 Overall Modelling

Mass Transfer

In membrane distillation only water and volatile solutes can cross the membrane in the
vapour phase [9]. Because the entrainment of dissolved particles is avoided, a permeate
with high purity is obtained [10].

Mass transfer occurs by convective and diffusive transport of water vapour, and the

membrane modelling discussed in Chapter 2.2.1 results in a relationship given by
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equation (2.8). The vapour pressure difference term can be replaced by a temperature

difference term to give, for dilute solutions,

dP
N = 1 -7 2.10
dTT(l ) (2.10)

where the Clausius-Clapeyron equation gives,
dP PAM

—_— == 2.11
dl\; RT 2 r 211
and, for concentrated solutions,
dP
N =C—[(f-%)-AL, [1-x,) (2.12)
where,
RT? x, -x
AT, = ——-1-22 2.13
" MM 1-x 2.13)

If (T1-To) is less than ATy a negative flux is produced [3,11], which inhibits the
membrane distillation process.

A non-volatile solute in the feed reduces the vapour pressure according to Raoult’s Law

[12},
p =py(1-x) (2.14)
It also alters the fluid dynamics through effects on density and viscosity, and influences
heat transfer through thermal conductivity and specific heat [13].
The membrane mass transfer coefficient, C, has been found both theoretically, by

equation (2.15), and experimentally for various membranes [11].

C = (_f_) Mea, (2.15)
RT ] m 32100

Equation (2.15) assumes Knudsen diffusion through the membrane pores. C may also be
found from a plot of (Ty-Tc)/NA against 1/(dP/dTxA). This will give a slope of
1/Cx(1+(ky/d)) [4]. An example plot is shown in Figure 2.2. The relationship is given

=% _[caf €8 ( zs;.) 1
o [CA(dT)] 1+8 +h (2.16)

by,
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Figure 2.2: Plot of results using equation (2.16) for various membranes
(Lida +0.2um, A 0.5um, ¢ 1.0um) stirring rate = 250 rpm [4]
pa= 0
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< 0.0
= | Pa =20
2 kPa
—
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Pore size (pm)

Figure 2.3: Effect of partial pressure of air (Pa) on MD flux for various pore sizes [16]
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The graph also enables h, the heat transfer coefficient, to be found.
The theoretical values of the membrane mass transfer coefficient, C, are larger than those
found experimentally. Until more accurate theoretical methods are developed, with
greater understanding of the controlling model of vapour flow through the membrane,
experimental values have to be used [3,11].
Schofield ef al [3] state that C is slightly temperature dependant, with a 3% decrease in
value for a 10°C rise in temperature. Drioli ef a/ [14], do not agree and state that C is
independant of temperature, but is related to solution chemistry and solute concentration
because their experiments show that as concentration increases, the membrane mass
transfer coefficient decreases.
Another way of analysing membrane distillation, uses net and global non-isothermal
coefficients, B and B’. These are defined by [15],

N =BAT =B'AT (2.17)
and allow direct correlation of the effect of temperature and temperature polarisation
(Section 2.3) on the mass flux.
Aerated systems are often mass transfer limited. Figure 2.3 shows the effect of partial
pressure on flux for various pore sizes. It can be seen that decreasing the partial
pressure of air increases the flux [16]. A number of studies have looked at deaerating
the feed solutions and have been able to produce flux improvements [17]. Deaerating
the membrane decreases the molecular diffusion resistance which makes Knudsen flow
dominant [49]. This means that an improvement will not be evident when Knudsen flow
is already dominant [16]. One way to dearate the membrane 1s to decrease the pressure
of both feed and permeate [17].
When membrane distillation is run under very high concentration conditions, the
behaviour is very different to that for a dilute solution. For solutions with a low initial
feed concentration, the concentration increase during membrane distillation causes a
lowering of the vapour pressure and an increase in the thermal capacity, which
counteract each other. The viscosity is also not high enough to affect flow through the
module, so the flux remains constant. At high initial concentrations, an increase in

viscosity and a decrease in vapour pressure and osmotic pressure can affect the process.
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With concentrated solutions, dialysis is present, acting opposite to the required flux and
only when the vapour pressure difference across the membrane is big enough to
counteract the interference from dialysis, does the membrane distillation process
dominate. Solutions with low concentrations only affect the minimum temperature
difference which must be overcome in order to obtain pure water as the permeate [18].

Mass transfer decreases as the concentration of the feed increases, and this can lead to
membrane distillation crystallisation. If the solute 1s not easy to crystallise, the viscosity
will increase until the flux decreases to zero. If the solute is easy to crystallise, then the
flux will continue until supersaturation concentrations are reached, and crystals will then
start to precipitate. These crystals can then be collected outside the module, and the

membrane distillation continued [18].

Heat Transfer

In direct contact membrane distillation, the evaporation and condensation surfaces are
close to each other. As a consequence of this, a high conductive heat flux parallels the
mass flux, and the effective temperature difference across the membrane is greatly
reduced with respect to the bulk temperature difference [19].

Overall, as membrane distillation utilises a temperature difference to induce the driving

force, the process is heat transfer limited and therefore, the film heat transfer coefficients

are the most important parameters in governing the mass transport.

Heat transfer occurs by heat conduction, Q., and latent heat, Q,, across the membrane,

according to,

0. = (%7 2.18)
and,

0, =NA = C%A(Y;—YS) (2.19)

where, ki, is the membrane thermal conductivity given by,
k, =ek, +(1-€)k, (2.20)
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The membrane thermal conductivity is required in order to describe heat and mass
transfer through the membrane as the membrane contains both polymer and vapour. The
values of membrane thermal conductivity found by equation (2.20) agree with measured
values within 10% [17].

Q. 1s the heat conducted through the membrane from the hot to the cold side and has the
effect of reducing the driving temperature difference. Q. should be minimised as it
impedes the process of membrane distillation. The heat lost by conduction through the
membrane can be considerable. Schofield et al [17] state that between 30 and 50 % of
the possible temperature driving force is lost through conduction. This is a larger
percentage than that predicted by Jonsson ef al/ [20] who state that using PTFE
membranes with high porosity reduces the membrane thermal conductivity, and as a
consequence the heat lost by conduction constitutes only a relatively small part of the
total rate of heat transfer. To reduce the heat lost, an air gap on the permeate side can
be introduced. This increases the boundary layer thickness and decreases the membrane
thermal conductivity leading to a slightly different process called gas-gap membrane
distillation [3]. A problem with gas-gap membrane distillation is that it is difficult to
control temperature polarisation [16]. This is because the air gap reduces the permeate
side heat transfer coefficient. One way to minimise Q. is to increase the overall
temperature. This is because the pressure gradient increases exponentially with respect
to temperature. Another way is to increase the membrane pore size, which increases
porosity and so reduces the membrane thermal conductivity.

Q. and QQ, can be combined to obtain an effective heat transfer coefficient, H, to enable

the heat transfer membrane distillation to be defined,

dP k. Y N
0= |c o +kal(g-1) = (5 -7) @.21)

As the mean temperature of the module increases, the effective heat transfer coefficient

also increases [3,12] due to dP and A increasing with temperature.
The heat transfer in the hot boundary layer can also be found by relating dimensionless

groups [6], which for laminar flow in a tube is given by,
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0.3
hldh C de.r.2

—2=1062| £ 2.22
A, A ( )

1" m

and for turbulent flow in a tube is given by,

0% 0.2%
hay _ 0.023(""dh) (-ELQE-) (2.23)
A, My Ay

The same equations can be used for the permeate side, using the relevant physical
properties. Another correlation for predicting values of film coefficients was suggested

from experimental results by Hanbury and Hodgkiss {21], which s,
h(T) =0.0049T"" (2.24)

with T in °C, and h in kW/m?K. It was found that the heat transfer coefficients of
membrane distillation were much lower than obtained with conventional distillation.
Schofield ef al [17] have used equations (2.21) and (2.22) together with their combined
Knudsen and Poiseuille mass flux flow model (Section 2.2.1), to form a combined
membrane distillation model. They utilised an iterative procedure to solve mass and
energy balances in the direction of the feed, to calculate the permeate flux. This was
found to accurately predict the fluxes obtained with direct contact membrane distillation.
Ugrozov ef al [22] also combined heat and mass transfer to develop equations that could
accurately model a membrane distillation module. The main conclustion from their work
was that the mean temperature across the membrane decreased with increasing distance
along the module. This means that the production rate of membrane distillation will not

increase directly with module length, as shown in Figure 2.4.

Influence of Stirring

Some modules for membrane distillation incorporate stirring (Chapter 2.5). The stirring
rate can have a large effect on concentration and temperature. This is because
membrane distillation is affected by polarisation layers, and the thickness of these layers
is decreased by stirring.

The effect of stirring rate on flux was studied by Velazquez et a/ [13,23] and is given

by,
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L __x+ I (2.25)

N, -N ) '

where X and Y are adjustment factors, and ¥ is approximately 1.0.
Equation (2.25) only takes into account temperature polarisation, but the work carried

out concerned low concentration solutions, and any effect caused by concentration was

taken into account in the adjustment factors [23].

Influence of Boundary Lavyers
A final area of modelling of membrane distillation is consideration of the influence of

boundary layers on the permeate flux in modules. This has been studied by Agashichev
and Sivakov [24] who used mass and energy balances to define the hydrodynamic,
temperature and concentration boundary layers. All the boundary layers were related by
fixed ratios to the velocity boundary layer, assuming a flat membrane, and

incompressible, continuous laminar flow. The velocity profile used was,

V )
v =-~%=gin| — (2.26)
" '(2")

in which 1 is a dimensionless co-ordinate (y/Y). The corresponding temperature and

concentration boundary layers were then,

fo 7l sin(-f-t-e) (2.27)
L -1 2
where,
Y
0= n(—g&) (2.28)
A
and,
T g (2.29)
xlm - X 1

where, a = -5.0 and,

A §/
| n Cp
B"(pD) ( A ) (2.30)
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This may be inaccurate as they have shown no reason to confirm the validity of the
assumed relations between the temperature and concentration boundary layers to the
velocity boundary layer. The model formed determines the physical properties of the
fluid and the temperature and concentration in both the feed and permeate channels.

They state that the velocity boundary layer is larger than the temperature boundary layer,

which is in turn larger than the concentration boundary layer, as shown in Figure 2.5.

Summary
The overall modelling of membrane distillation can be split into four areas. These are

mass transfer, heat transfer, the influence of stirring in test cells and the influence of

boundary layers in modules.

'The main factors affecting membrane distillation are the initial feed concentration, the
membrane temperature, temperature difference, stirring rate, thickness of boundary
layers, and mass and heat transfer. The mass transfer is given by

N =C(R,~B) (2.8)
where C, the membrane mass transfer coefficient is found from a combination of
Knudsen and Poiseuille flow. Equation (2.8) can be expressed in terms of the driving
force temperature difference as,

dP
N=C I -1 2.10
ET"T( 1 o) ( )

Only water and volatile solutes can cross the membrane in the vapour phase and
dearating the system can increase the permeate flux. Concentrated feed solutions behave
differently from dilute feed solutions, and if the solute is easy to crystallise, then
membrane distillation crystallisation can occur, and a solid product is obtained from the
feed.

The heat transfer term consists of two components, the heat conducted through the
membrane, Q. , and the heat carried through the membrane by the vapour, Q,. Q.
hinders membrane distillation by reducing the temperature driving force. The two

components are combined to express the heat transfer in membrane distillation as,
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The permeate flux in test cells can be improved by stirring as this reduces polarisation
layers. One study [24] tried to model these boundary layers in modules to predict the
behaviour of membrane distillation in practical equipment. The model developed enabled

the simulation of a plate and frame module. It included the determination of the

temperature and concentration in the module.

2.3 Temperature Polarisation

Temperature polarisation is a loss of driving force brought about by thermal gradients in
the fluids bounding the membrane [3] and is a major problem for membrane distillation.
Figure 2.6 shows the effect of temperature polarisation on the bulk temperatures.
Temperature polarisation becomes more significant at higher temperatures [16]. It is
possible to characterise temperature polarisation by a heat transfer analysis.

The membrane distillation system can be characterised as a system of heat resistances as
shown in Figure 2.7, so that the overall heat transfer can be expressed as,

Q=h(T;-1) =h(T,-T) =H(L,-1,) (2.32)

As the driving force is the temperature difference between the interfacial temperatures,
T and Ty, rearranging equation (2.31), and defining the Temperature Polarisation

Coeflicient (TPC) as,
1

1+ —+—
h,
gives [3,12],
(T, -1,) =TPC(T, - T) (2.34)

Ideally TPC should equal 1, but usually it is closer to 0. If the TPC is less than 0.2 then
the process is heat transfer limited, i.e. bad module design, and if TPC is greater than 0.6

the process is mass transfer limited, i.e. poor membrane permeability [17]. Chmielewski
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and Zakrzewska-Trznadel [25] used this method to compare experimental values of TPC
with theoretical values and found them to agree quite well. They stated that as the
temperature increases, the TPC falls. For example, with their flat sheet module,

increasing the temperature from 298 K to 323 K decreased the TPC from 0.75 to 0.59.
Another equation for TPC is,

pc=2L_3 (2.36)
AT B

using the net, and apparent non-isothermal coefficients, shown in Section 2.2.2 [13].
The TPC is the fraction of external applied thermal driving force that contributes to the
mass transfer. A similar equation to equation (2.35) was used to lead to a term
concerning flux decline, N/N; ,which is the current flux over the initial flux [8]. Equation
(2.36) uses the fact that as the feed concentration increases, the decrease in vapour
pressure is negligible compared to the increase of kinematic viscosity and allows
estimation of the flux decay.

N _ABY,

= 2.36
Nf A}?Biuv Ty p ( )

Equation (2.36) is for a concentration factor of cg/c;; when all other parameters are
constant.
Schofield ef al [3] have used the TPC as a tool in designing membrane distillation
systems. They looked at various module configurations and calculated the TPC. The
closer the TPC was to 1.0, the better the heat transfer in the module, and therefore more
suitable for membrane distillation (Table 2.1). They found that the three best module
configurations were,

1) 1 mm tube, Re~5000 in the tube,

i) 0.3 mm tube, Re~300 in the tube,

1) 0.1 mm film with laminar flow.
They also discovered that temperature polarisation becomes more important as the heat
transfer coefficient of the membrane increases. Temperature polarisation can be reduced
by, increasing the velocities of the liquids, using turbulence promoters, and decreasing
the height of liquid channels [17].

Chapter 2 1



Flow charactenstics | Nu d (mm (W/m°K)
reomet

1 mm i.d. tube

0.3 mmi.d. tube

0.6 0.d. tube
bundle

e=5000
Re 3000
Re=1000
Re=300

close packed laminar

channel 0.5 mlong v=2m/s

conducting film
2 mm thick
0.5 mm thick
0.1 mm thick

stirred cell

laminar
laminar
laminar

Re=8000
Re=32000

20
4.4

4.4

x5

970

5.4
>.4
>.4

54
120

1.0
1.0

0.3

09

300

8
2
0.4

50
50

19000
13000
2900
9700

3700

1300

450
1800
8900

710
1600

0.85
0.54

0.8

0.6

0.51

0.15

0.4
0.7

0.2
0.4

Table 2.1; Temperature Polarisation Coefficient (TPC) for various module
configurations [3]
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Usually there is no variation of TPC with temperature difference, it only strongly
depends on membrane characteristics, fluid dynamics and feed concentration [11].

Ortiz de Zarate et al [15] found no real dependence of TPC on the concentration but did
find TPC, and flux, increased with stirring rate. Stirring the fluids either side of the
membrane in test cells has been shown to increase flux due to the effect of fluid shear on
the temperature polarisation layer. Stirring increases the film heat transfer coefficient,
which therefore decreases temperature polarisation.

The interfacial temperatures cannot be measured directly, but they can be found from a
knowledge of the heat transfer coefficients throughout the membrane distillation module

and bulk fluid temperatures {5].

]
By
h=T — (5 -T) —— 7 (237)
F o —
(hv+ hc) hH hC'
and,
1
he
L=T - (L-T)| — (2.38)

R SN I 5
(hv + hc) hH hC
The film heat transfer coefficients can be estimated from experiments, equations (2.22),

(2.23) and (2.24), or from correlations i.e.,

h=(ck +(1-¢)k,)/ 8 (2.39)
and,
NAH
= Y 2.40

Vasquez-Gonzalez and Martinez [26] state that Schofield does not consider the effect of
heat transferred by the mass flux through the membrane and only included the heat
carried by latent heat transfer accompanying mass flux from one phase to the other.
They suggest the following relationship which allows the membrane interfacial

temperatures to be determined from easily obtained experimental parameters,
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(2.41)

In summary, temperature polarisation is a major problem for membrane distillation as it
1s a thermally driven process, and can severely reduce the fluid temperatures. More
work has to be carried out to fully understand this phenomenon, and reduce its influence
on the process. Any model for membrane distillation must always include the effect of

temperature polarisastion.

2.4 Membrane Types

Various membranes are used for membrane distillation, but the most popular include,
PTFE (poly tetrafluoroethylene), PVDF (poly vinyldifluoride), and PP (poly propylene).
The membrane is used only as a physical barrier between the feed and permeate streams
and is not directly involved in the separation. The hydrophobic nature of these
membranes prevent the bulk liquid transport of the liquid phase across the membrane [1].
Details of membranes used in studies of membrane distillation can be found in Table 2.2.

According to the definition of the process [27], membrane distillation is only possible
with hydrophobic membranes, but Ohta et al [28,29] have looked at using hydrophilic
membranes for membrane distillation. The dense, hydrophilic membranes used were
silicone, and a fluoro-carbon composite. Both were applied to seawater desalination. As
the membranes are dense, and there are no pores, membrane wetting (Chapter 2.8) i1s
avoided. Their work was only experimental and they did not develop any theory to
explain their results. The theory given in Chapter 2.2 cannot be used as that is for
porous membranes. For dense, hydrophilic membranes, the transport would probably be
controlled by diffusion and absorption. Fluxes of a similar magnitude to those obtained
with hydrophobic membranes were achieved. Figure 2.8 shows an example of the flux

obtained using the fluoro-carbon membrane.
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( m

ﬂat 100

flat 140

flat Ge]man PTFE 1.0 170 80 12,13,34,35
flat Gelman PTFE 0.45 178 80 34

flat Gelman PTFE 0.2 178 80 13,36
flat Gelman PTFE 0.2 60 60 19,35,37
flat Taflen PTFE 0.8 60 50 12,38
flat Vladipor 0.25 120 70 6

flat Millipore PVDF 0.45 110 75 3,5,17
flat Millipore PVDF 0.11 140 75 8

flat Millipore PTFE 0.2 130 70 9,25
flat Millipore PTFE 60 39

flat Millipore PTFE 0.5 175 835 36

flat Teknokroma PTFE 0.2 80 4

flat Teknokrama PTFE 0.5 80 4

flat Teknokrama PTFE 1.0 80 4

flat PTFE 0.1 178 80 9,15,23
flat PTFE 0.2 178 80 0,15,23
flat PTFE 0.45 178 80 0,15,23
flat PTFE 0.2 178 70 9,23
flat PVDF 0.22 80 75 15

flat PTFE 0.3 80 40

flat PTFE 0.2 41

flat PTFE 0.45 4]

flat PTFE 450 42

flat Silicone dense 250 non-porous 28

flat Fluoro-carbon dense 130 non-porous 29
capillary  Enka PP 043 150 70 14,18
capillary Enka PP 0.2 70 1
capillary  Accurel PP 0.5 150 66 12
capillary  Accurel PP 0.6 400 74 12
capillary  Accurel PP 155 75 43
capillary PP 0.2 150 16
capillary PVDF 0.03 100 81 44
capilla PP 0.45 100 70 11

Table 2.2: Membranes used for research of membrane distillation
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Figure 2.8: Flux obtained with a hydrophillic fluoro-carbon membrane [29]
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Figure 2.9: Effect of lithium chloride in the membrane casting solution on permeate
flux [31]
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Membranes with a narrow pore size distribution and high porosity (>50% [3]) are best
for membrane distillation [1]. Porosity can be induced by mechanical stretching and/or
thermal phase separation techniques. Also, due to temperature polarisation, the thermal
conductivity of the polymer is a controlling parameter of the process. Thermal
conductivities of commercial membranes lie between 0.04 and 0.06 W/m K, increasing
with decreasing porosity [3].

Membrane distillation is usually carried out with commercial microfiltration membranes,
but a number of studies have produced their own membranes, to try and design a
membrane that is purely for membrane distillation in order to improve the flux and
separation. Ortiz de Zarate et al [30] looked at using phase polymerisation with PVDF
as the polymer and dimethylacetamide (DMA) and dimethylformamide (DMF) as the
solvents. They observed that pore diameters and porosity increased as the PVDF
content fell. In addition, the flux was not affected by the membrane asymmetry i.e. one
side of the membrane having larger holes. In summary, the work did not produce any
improvement in flux as compared to those obtained with commercial membranes.
Another study by Tomaszewska [31], also used PVDF polymer and DMA and DMF
solvents, but also introduced a lithium chloride additive to the casting solution. This had
the efect of increasing porosity and pore size. In the membrane distillation of a 1-2%
sodium chloride solution, as the lithium chloride content was increased, the permeate
flux also increased, as shown in Figure 2.9. The conclusion made was that the
characteristics and properties of the membrane were affected by the composition of the
casting solution and by the temperature of the coagulation bath used in the phase
polymerisation. Wu et al [32] used plasma polymerisation to modify the surface of
hydrophilic membranes so that they would be suitable for use in membrane distillation.
Plasma polymerisation occurs when organic monomers are split and decomposed into
various active vapour particles and are then recombined to deposit polymer on the
surface of the substrate. This process of membrane preparation produced some
membranes suitable for membrane distillation. Figure 2.10 shows the flux and rejection
obtained for membrane distillation of 2 0.5 M sodium chloride solution. The behaviour

i1s similar to that obtained with hydrophobic membranes.
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Figure 2.10: Flux and rejection behaviour of a 0.5 M sodium chloride solution {32]
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Figure 2.11: Possible membrane design for membrane distillation [16]
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Elkina et al [33] have modified normal hydrophobic membranes, by forming a
hydrophilic film on the surface. This introduces a diffusion step to the process, and
enhances selectivity with volatile compounds, whilst maintaining dry pores in the
hydrophobic part of the membrane.

Schofield et al [16] suggest a possible configuration for a membrane suitable for
membrane distillation as shown in Figure 2.11. The membrane would be structured like
a sandwich with a thick middle section between two thin layers. The middle section
would have large pores of 2 um, and the thin layers would have small pores of 0.1 pum.
The thin layers are to satisfy the need for a high liquid entry pressure of water to
maintain the hydrophobicity of the membrane. The whole membrane thickness would be
around 500 pm to minimise the heat loss by conduction.

The choice of membrane is a compromise between high flux (thin membrane), and low

thermal conductivity (thick membrane) [34].

2.5 Module Configurations

It 1s understood that the module orientation is important with membrane distillation. It is
accepted that having the warm feed on the bottom of the module is best, as free
convection of heat enhances the heat transfer rate [38]. Most studies have used flat plate
membranes in their experiments, but some have also used hollow fibre membranes. A
problem with hollow fibre modules is that as the feed solution travels along the module,
the process of membrane distillation will cool the feed thereby reducing the temperature
driving force. Work has been carried out in order to overcome this by using counter
current flow [46], and Schneider ef al [43] found that in turbulent flow, a single capillary
in a tube suffered less than a 3°C drop in temperature from inlet to outlet.

Direct contact modules are best for membrane distillation as they allow better control of
film heat transfer [5], although tubular and hollow fibre systems can show the least

temperature polansation [3]. The TPC can be maximised by arranging tubes in turbulent
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flow, arranging fibres in laminar flow, reducing shell side voidage, or having a close
packed bundle [47].

It 1s generally accepted that any membrane distillation system should incorporate a
separate heat exchanger [48]. As membrane distillation utilises evaporation and
condensation, it is very energy intensive and the heat exchanger would be used to
recover and reuse energy. Another suggestion 1s that a heat exchanger is actually
incorporated into the membrane distillation module [46]. For example, this can be
achieved by using a spiral wound module that would be like a heat exchanger with the
feed being heated through a metal wall by a hot stream and the permeate being cooled by
a cold stream. This situation is shown in Figure 2.12. This configuration has the
problem of not allowing the distillate to be pumped and so results in a decrease in the
heat transfer [46].

The majonty of the work carried out on direct contact membrane distillation using flat
plate modules, has involved the use of a Lewis test cell (Figure 2.13) [4,23,35,37,39,44]
which has stirring capabilities. Schofield ef al used a thin channel device shown in Figure
2.14. Other flat modules, of the type shown in Figure 2.15 were used by Ortiz de Zarate
et al [9,15], Ohta et al [28,29], and Sarti ef al [36]. The other type of modules used
were of the hollow fibre type [1,11,12,14,18,43,45,48], shown in Figure 2.16. In Figure
2.16, the feed is shown to pass through the shell, but the arrangement could be switched
and have the feed flowing through the fibres. Having the fibres twisted or braided,
instead of straight, produces more uniform flow in the module and allows for any thermal
expansion of the membranes [43].

Overall, the Lewis cell is only suitable for laboratory scale work, but the principles
involved can be used in developing larger modules by taking account of variations along
the length of a module by boundary layer analysis. The other module types, at the
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