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Abstract

This thesis discusses the use of thermodynamic Second Law analysis in the
context of chemical process network design. It is divided into two parts.
Part | is based on the study of entire processes while Part 1l concentrates
on the problem of heat exchanger network design. This division into two

parts facilitates a clear presentation of the results obtained.

Second Law analyses are frequently referred to in the academic literature

as giving a more valid account of inefficiencies in engineering systems than
simple heat balances, a view that would seem to be well founded in thermo-
dynamic theory. On the other hand, process design engineers in industry do
not seem to make much use of this type of analysis. They usually comment
that the results obtained either state the obvious (e.g., '"... do not degrade
heat...", etc.) or lead to recommendations that are not practical (e.g., ...
use fuel cells instead of thermal reactors...", etc.) Thus, there seems to
be a conflict between theoretical claims and practical experience. The
present thesis attempts to clarify this situation by giving a balanced view

of both the potential value of Second Law analysis as well as its short-

comings .

In Part 1, it is shown that Second Law analyses are both difficult to

produce and difficult to interpret in the context of chemical process design.
Consequently, an approach is developed to overcome these difficulties.
However, the approach somewhat transforms the meaning of the words "‘thermo-
dynamic analysis'. Namely, it is no longer a strict application of Second
Law textbook theory that is implied, but a rather more broad minded approach
involving the use of carefully considered thermodynamic concepts. In other
words, a somewhat ‘‘'slackened” form of thermodynamic analysis is recommended.
This slackened form is less well defined than the classical one but easier to
produce and more meaningful to interpret. (A more detailed explanation of

the concepts involved is given in the "Extended Abstract of Part I' on
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page 1ii) . When applied to the case studies, the approach leads quickly

to attractive design suggestions.

In Part 11, the approach is applied to the rather specialised and recently
well researched problem of heat exchanger network design. This leads to
the development of several explicit design methods which consistently
identify better solutions for identical problems than methods described
previously in the literature. Also, an understanding of the subject matter
is achieved that is quite unprecedented (see "Extended Abstract of Part 11"
on page v). These results seem to support the conclusions arrived at in

Part 1.

An interesting observation made in Part I and Part Il is that some of the
designs put forward would not only be cheap to run but also cheap to build.
Thus, the thermodynamic approach developed here appears to be capable not
only of identifying energy savings but capital savings, too. This gives

rise to a very ambitious claim (compare pp. 270-271) : namely, that the
approach may lead to designs that are ''driving force conscious" in general.
In other words, it may help the engineer to develop a better feel for the
natural driving forces in his problem and may therefore stimulate him to
create, in a quite general sense, more appropriate, simpler, and more elegant

processes.
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Extended Abstract of Part 1

In Part 1, a summary is given of the relevant thermodynamic theory in the
context of Second Law analysis and case studies based on two general processes

are described (sulphuric acid and nitric acid).

In the course of these studies, it is seen that a Second Law analysis of
industrial chemical processes is quite cumbersome to produce, due to the

data required and the computational effort necessary. Also, several

reasons are recognised in the course of the studies why a Second Law analysis,
once that it is produced, is almost certain to be difficult to interpret.
Seven fundamental reasons emerge (see pp- 265-267), each of which points

at a different cause why irreversibilities as identified In a Second Law
study may not easily be avoided in practice. In summary, it is concluded
that a Second Law analysis in the context of chemical process design is

@) difficult to produce and @) difficult to interpret.

However, having identified these difficulties, suggestions are made to
overcome them. With regard to the problem of producing an analysis, an
approximation method is suggested (in Secion 2.4) that yields entropies
and exergies of process flows as functions of enthalpies and operating
conditions. In other words, a way is outlined of producing a Second Law
analysis simply by using the information available from a heat balance and

requiring no additional data whatsoever.

With regard to the problem of interpreting an analysis, several suggestions
are made. Firstly, an idea outlined by Denbigh in 1956 is taken up.

Denbigh pointed out that chemical reactions often account for much of the
irreversibilities in a chemical process and that, in the absence of advanced
reactor technology, little can be done about this in practice. Therefore,

he suggested a procedure of accepting reaction-related irreversibilities as
practically inevitable. In Section 2.6, an alternative procedure is developed

that gives greater flexibility than the one suggested by Denbigh and leads to
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even more meaningful results.

Secondly iIn the context of interpretation, it is shown that to obtain
insight into the constraints governing an integrated system, conclusions
drawn from a Second Law study have to be checked against conclusions drawn
from a First Law study. Based on a number of examples, it is argued that

a Second Law study without reference to First Law concepts is just as
incomplete an exercise as is the interpretation of a heat balance with no
attention paid to Second Law concepts. A frequent iteration between First
Law and Second Law study is recommended and the approximation method already

referred to is naturally suited for this purpose.

Lastly in the context of interpretation, it is recommended that every
irreversibility identified in a Second Law analysis be examined against the
list of "seven fundamental reasons'" referred to previously. |If none of these
reasons can explain why a given irreversibility should be practically
inevitable, then the irreversibility in question is likely to be practically
avoidable. Thus, a framework is obtained for a thorough energy conservation
study which, starting from Second Law irreversibilities, discusses possible

improvements from both Second and First Law points of view.
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Extended Abstract of Part 11

The design of heat exchanger networks as discussed in Part Il has been a
lively area of research over the last ten years or so. Thus, the work
presented in Part 1l has two-fold inmtplications. Firstly, it illustrates
the scope for thermodynamic concepts iIn network design in general as
discussed in Part I. Secondly, it offers specific results in the area of

heat exchanger network design.

To begin with, a case is made in Part Il for a thorough problem analysis
prior to actual design. It is shown that such an analysis is possible with
regard to (1) the thermodynamic limit to heat recovery, ) the
sensitivity of heat recovery to variations in approach temperatures, and
@ the minimum number of "units" (i.e. heaters, coolers and exchangers)
in a heat recovery network. Analysis of a given problem from these three
points of view yields performance bounds based on which a suggested network

can be either accepted as near-optimal or be rejected.

This feature of a thorough problem analysis prior to design is shared with
the work of Hohmann who made much the same recommendations in 1971. However,
Ilohmann®s algorithms and procedures were restricted to the analysis. Also,
some of his statements were fallible. The present thesis corrects these
statements (see Section 6.3) and, with the better problem understanding so

obtained, goes on to develop several explicit design aids. These are:

- A design method based on decomposition of the overall problem into
temperature intervals (see Section 6.2). This method guarantees

networks that perform at the thermodynamic limit to heat recovery.

- A technique for the evolutionary development of networks by intuition
(see Section 6.2). This technique eliminates the consideration of
temperatures when discussing network modifications, easing greatly the
task of formulating strategies to achieve given design goals. In
Appendix F, the technique is shown to be instrumental in improving a
number of previous workers® optimum solutions to published example

problems.



- A thermodynamic/combinatorial design method (i.e. the TC-Method, see
Chapter Seven). This method guarantees an exhaustive list of
solutions that achieve a requested degree of heat recovery with

the minimum number of -units.

- The so-called grid representation of heat exchanger networks (see
Appendix F) . This representation is used throughout Part I11. It
forms the basis of the technique for evolutionary development
referred to above but can be used in connection with whatever
design method the user happens to employ. It can represent any

feasible network and greatly facilitates intuitive insight.

In addition to the development of these design aids, a number of conclusions
are drawn in Part 1l that are significant in the field. They are based on
fundamental problem understanding and on experience gained when solving ten
problems from the literature. The six most important of these conclusions

are as follows:

(@O The effect of approximate problem specification is profound. In other
words, slight modifications of specified temperatures, heat loads, etc.,
are shown to enable superior solutions to be identified. Thus, it is con-
cluded that a design method of any realism should not only solve a given
problem satisfactorily but also tell the user whether there are superior
approximate solutions. Further, the TC-Method as presented in Chapter Seven
is shown to be probably the first programmable design method known that can
identify such approximate solutions with no additional computational effort

required.

(@ The so-called 'stream termination heuristic' which is common to probably
all previous work on heat exchanger network design (see page 195) is shown

to be incompatible with an essential aspect of network design. Namely, the
heuristic enforces the design of heat exchangers in isolation with no
attention paid to effects on the overall network. This must lead to
restricted options in design and to the non-intentional exclusion of

possible solutions. As an example, the new optimum solution presented in
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Appendix F for the most complex literature problem (i.e. 10 SP1) is easily
seen to be incompatible with the heuristic. Lastly, the TC-Method as

presented in Chapter Seven is, once more, shown to be probably the first

programmable design method known not to incorporate this heuristic.

® Virtually all previous work in the field handles the problem of
trade-off between energy and equipment costs by constraining the minimum
allowable temperature difference in heat exchangers. The effect of so
doing in the context of integrated networks is fully understood probably
for the first time in Part Il (see Section 8.2) and possible undesirable
effects are clearly shown. Also, fallible conclusions drawn in previous
work are corrected. Lastly, a procedure for the correct handling of this

problem is outlined.

4 Commonly, the well-known example problems from the literature are
alleged to be heavily biased towards energy costs due to unrealistic cost
data. In Part 11, this bias is shown to be due not to the cost data used
but to a somewhatomore fundamental shortcoming in the description of these
problems, namely the use of a single hot and a single cold utility. (See
Section 8.3). This is important since design methods that solve the example
problems successfully may break down when applied to industrial problems

due to the added complexity introduced when multiple energy sources and

sinks are considered.

®G) The problem of heat exchanger network design has always been described
in the past as one of immense combinatorial complexity. Allegedly, the
complete solution of, say, a six stream problem involves the generation

and (mixed integer) optimisation of no less than 4.8 * 10" alternative
networks (compare Appendix H). In Part Il, it is shown that such statements
in the past were due to an insufficient understanding of the subject

matter. The size of the combinatorial problem is in fact orders of magnitude

smaller than commonly assumed and a need for mixed integer optimisation
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does not exist in the case of the known example problems. In Chapter
Seven, these conclusions are backed by the complete solution, with global
optimality guaranteed, of a six stream problem by hand. However, a
warning is given that the complexity of industrial problems might be
somewhat larger than that of the literature problems due to the effect of

multiple energy sources and sinks (see point (4 above).

®6) Industrial heat recovery problems often incorporate constraints (such
as forbidden matches between process streams, etc.). The approach to solve
such a problem which is commonly recommended in the literature involves
solution of the unconstrained problem and the examination of solutions as
to whether or not they are compatible with the constraints. In Part 11,
this approach is shown to be undesirable since constraints can be employed
to reduce the complexity of a problem. The benefits to be obtained by
considering constraints at an early stage during the generation of
alternatives are shown to be profound and it is argued that the ''size"

of a problem should not, as is common practice, be expressed through the
number of process streams involved but through the number of streams and

the number of constraints.

All in all, it is probably fair to say that the work presented in Part 11

represents a significant advance in the field.
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(Unmisleadingly common symbols and superscripts or subscripts of
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Symbols for Energy and Related Properties
cp specific heat capacity(p = const) (per unit mass or mole
cv specific heat capacity (v = const) (

ekin Kkinetic energy

epot potential energy (
ex exergy ¢
g Gibbs free energy (
h enthalpy ( "
q heat (
s entropy ¢ "
u internal energy ¢
\Y; volume (
w work ( "

(For the above, capital letters are used to indicate properties that are
not mass (or mole) dependent : Ekin = m*ekin, etc.)

Latin Symbols

A heat transfer surface area

a general coefficient, factor, exponent, etc.
b as "a" above

C cost

c velocity

D outer pipe diameter

d inner pipe diameter

f fugacity

M molecular weight

m mass Fflow
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Latin Symbols Cont"d.

n number of units

Nogn  MiNEmum number of units

n possible number of units

poss

n molar flow

p pressure

R individual gas constant

R universal gas constant

T temperature

t time

utC number of cold utilities
number of hot utilities

uth

X general symbol describing systems, species, functions, etc.

X length, height

Y as "X above

Z as "X'" above

z number of process streams

zn number of cold process streams

zn number of hot process streams

Italic Symbols

h film heat transfer coefficient
\ thermal conductivity
U overall heat transfer coefficient

Greek Symbols

a additional steam raised, expressed as fraction of steam
raised at present (See Appendix C)

8 cost of pipework and accessories as a fraction of heat transfer
surface area cost (See Section 8.5)

Y activity coefficient
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AEXirr irreversible exeroy loss

AH(T) = m*Ah(T), enthalpy change of reaction

AG(T) = m*Ag(T), Gibbs free energy change of reaction

AS(T) = m*AS(T), entropy change of reaction

ATmin minimum temperature difference in heat exchangers

ATIWI log. mean temperature difference

A%r temperature difference safely in excess of an experience
based economic choice for Atrnin

6 useful lifetime of equipment

g steam quality (mass vapour/mass total)

n efficiency

n. Carnot efficiency (compare Equation 2.34)
exergetic efficiency (compare Equations 2.40)

< cp/cv

\% molar fraction

S 2 cost of annual maintenance of equipment, expressed as
fraction of initial capital cost

a irreversible entropy increase

o} "avoidable" irreversible entropy increase (compare
Section 2.6)

Superscripts Subscripts
updated "o ambient

a" solution property "inev'" Inevitable

"1.S." ideal solution "irr'' irreversible

"N.1.S." non-ideal solution "R reaction

PR* reaction products "rev'" reversible

"RE" reactants "'RS" reference state

"STD" standard state
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Special Symbols

Non-Chemical Processes. For processes not involving reactions or non-
ideal mixing, the following symbols have been adopted to express
changes in enthalpy:

H1 enthalpy of system X at state (T/p~,

and

Note:

This notation makes it clear whether or not the enthalpy at any
given state is thought to include a chemical
contribution. The equivalent notation has been used for
entropy and exergy.

Chemical Reactions and Non-ldeal Mixing. For chemical processes, the
following symbols have been adopted:

X ,
AHoRl'; enthalpy change of reaction from reactants X at state (@
’ to products Z at state (@
AHoM1 ~ enthalpy change of mixing (for transition from constituents
" at state (@) to solution at state ())
AHoF~ = AHOR2”m"~ S,X , heat of formation of species X at
STD STD,STD ~

standard state
Note:

(@ The above symbols make it possible to express Kirchhoff*s law and
Hess"s lav; for reactants and reaction products at non-identical
states. (Compare Equations 2.8 and 2.9).

(@ Analogous symbols are used for entropy and exergy changes, 1.e.

X,z
ASOMSTD,STD , AExoRl’1 , etc.

(@ For constant pressure and temperature chemical changes, the

conventional notations AH(T), AS (T), and AExX(T) have also been
used. Thus:

_ Reactants,Products
Wﬁlﬁsy = mIBPeRS o

etc., if p = pRS.

@ All symbols discussed here can also be expressed as mass (or mole)
dependent:

o - dh
AHOFG = m*AhoF

etc.
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Mathematical Notation

P integral over a cyclic path

Y/ (-3 1*ar)
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INTRODUCTION

A Thermodynamic Approach

to Practical Process Network Design



The efficient utilisation of resources and especially of energy has
recently become a matter of priority In many aspects of industrial
and social planning. The accepted reason is the rapid increase in
the cost of key resources which has made a reappraisal of many
adopted practices necessary. In addition, there seems to be a case
for efficient resource utilisation even if it might not yet be
economically justified: dwindling raw materials will tend to lead to
further price increases - and scarcities - in the future and
conservation in time will help to prepare for such a course of

events. Perhaps it may even help to prevent it.

In the process industries, scope for energy conservation would appear
to exist in the overall planning of business policies and in the
operation and design of the production processes. In process design,
energy conservation is commonly regarded as an optimisation problem:
a suitable balance has to be struck between the consumption of energy
and feedstocks on the one hand and whatever other aspects may be
relevant on the other. An engineer selecting a compressor for a
given process duty, for instance, will try to balance energy

efficiency against capital expenditure and reliability.

However, one might argue that it may often not be sufficient to
consider such a rather narrowly defined optimisation problem.
Perhaps, an alternative flowsheet could be found in which the
compression could be carried out in the liquid phase, or even one
in which it might not be necessary at all. Thus, the challenge to
develop improved processes may lie not so much in optimising the
parameters of more or less defined network structures, but in
“optimising” the structures themselves. For this latter task,
however, formal techniques are rare and it cannot normally be said

that an "optimum™ is definite: in complex situations, there might
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always be yet a better solution to a given problem. It follows that
many of our present day processes are perhaps not as good in terms
of energy efficiency as they could be and to improve matters could
require anything from finding original arrangements for a given
set of separators and/or heat exchangers to developing novel

reaction paths and/or processing technology.

When searching for new processes with enhanced technical performance
along these lines, one may turn to thermodynamic Second Law analysis
as a possible guide: it enables a projected process energy performance
to be compared to the theoretical optimum and in cases where the
energy supplied is inherent in the feed, an idea might be obtained
regarding feedstock utilisation. This might lead to clues about

major inefficiencies and about the effort worth investing into the
development of novel processing equipment. Also, estimates might
become possible of the benefits to be derived from using equipment

that is known but not normally used (such as waste heat driven power

recovery cycles, etc.).

In many practical design situations, however, the risks and costs
associated with such technology are sooner or later found to be
unreasonable and, at a certain stage of a project, all that is

sought is the most appropriate way of sizing, matching, and

sequencing streams which are to be processed by means of conventional
technology and which are, by and large, defined through the definition
of a reaction path. It is in this context, that it is often difficult
to see how thermodynamic analysis could be of use: the discrepancies
between the idealisations assumed for a reversible process (i.e.
equilibrium conditions throughout, infinitely many pieces of equipment

which are infinitely large in size, fuel cell technology, semi-



permeable membranes, etc.) on the one hand and practical requirements

on the other are so fundamental that ways of improving a practical
process might not necessarily be found by comparing it to an ideal
one. As a result, cost analyses in connection with simple heat and
mass balances are usually preferred as guidelines in design decisions.
Together with suitable design experience, such analyses will
frequently help the engineer to find practical improvements whereas
the information obtained from a thermodynamic analysis will often
appear to be somewhat esoteric and of no real use. Only in specialised
applications, where the cost of energy is truly dominant and the unit
operations used bear at least a qualitative resemblance to ideal
operations, thermodynamic analysis seems to have proved practical.
The obvious example is the Ffield of cryogenic engineering. In other

fields, thermodynamic analysis is apparently used only rarely.

The work presented in this thesis originated from the belief that
even in the context of processes which involve, and have to involve,
highly irreversible unit operations, some benefit might be gained
from thermodynamic concepts. It was felt that clues which would lead
to improved process design might be obtained in a more rigorous

fashion when using a thermodynamic approach rather than conventional

evaluation methods.

To gain evidence, a sulphuric acid plant and a nitric acid plant
were considered as case studies in Part l. Second Law analyses were
produced and were examined for the likely scope for enhanced energy
efficiency. In doing so, improved process flowsheets were described
in both cases but it would be difficult to decide to what extent
these improvements resulted from the Second Law analyses as opposed

to intuition. However, the impression Was that the determination to



use Second Law analyses and the consequent need to discuss why
individual inefficiences were inconclusive, had furthered intuition:
it had led to a thorough examination of the relevant feasibility
constraints, of the types of equipment used, the levels of utilities
connected, etc., and had thus drawn attention to perhaps all
practical possibilities that would exist for iImprovement. Especially,
it had led to a consistent discussion of the way in which energy was
degraded in terms of temperatures and pressures and in the end, it
had become quite clear that the extent to which improved energy
utilisation is practical will often be determined by the relative
levels of temperatures, pressures, and perhaps compositions: losses
in terms of entropy or exergy were generally seen to be of less
practical relevance. Thus, a 'slackened" form of thermodynamic
analysis emerged as useful in which irreversibilities, rather than
being judged according to their magnitudes, are used as convenient
starting points for the discussion of inefficiencies in First Law

terms.

On first sight, this approach will seem similar to that implied by
simple heuristic rules such as "maintain the highest levels when
degrading material and heat"” (see Wells and Hodgkinson” Ny,

and yet, the impression was gained that such commonly accepted rules
are likely to be applied with increased circumspection if they are
derived from an individual reasoning process rather than implemented

without specific justification.

This impression was reinforced in Part 1l when the problem of
systematic design of heat exchanger networks was tackled. The problem
has recently attracted much attention in the literature and, in view
of the enormous complexity involved, it is usually considered in

isolation (i.e. separate from the design of the underlying process
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network) as well as highly idealised in other respects. Thus, a
"solution™ can only produce an initial network which may or may not
be adopted for further examination. Nevertheless, the task of finding
optimal initial networks is often difficult enough to present a
serious challenge. In Part Il, the problem is considered in the light
of a "'slackened" thermodynamic analysis as described above and three
distinct design methods are developed which will not only prevent
the unnecessary degradation of heat, but also allow the user to gain
considerable insight into eguipment related design aspects. The results
obtained indicate that these methods add up to a considerably more
powerful approach than others for the identification of networks
with a high degree of energy recovery as well as low eguipment costs.
This is true although some previously published work has, also, been
based on thermodynamic principles. The difference is that, in the
previous cases, such principles have been implemented in ways which
individual workers felt to be appropriate, but which were not
rigorous. When derived from a consistent thermodynamic analysis, by
contrast, a rigorous implementation of these principles could be

guaranteed and superior results were guite easily obtained.
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CHAPTER ONE

LITERATURE SURVEY

This survey is divided into four sections. The first section
deals with the theory of thermodynamic analysis and with
applications to process networks. In the second section,
emphasis is laid on the question of how such analyses may be
interpreted to help with the design of more efficient
processes. It will become apparent that, while there is ample
guidance in the literature on the task of establishing a
Second Law analysis, relatively little is documented on the
task of utilising the information obtained from it. In the
third section, papers are discussed in which thermodynamic
concepts have been used in process design fully systematically.
When used in this way, shortcomings and limits of applicability
can be expected to show up clearly. The last section represents

a short summary.
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1.1 THERMODYNAMIC ANALYSIS. - THEORY AND APPLICATIONS TO PROCESS
NETWORKS
The theoretical foundations of the Second Law of thermodynamics and
of the concept of entropy were laid in the work of mainly Carnot,
Thomson (later Lord Kelvin) , and ClausTus in the last century, but
it is probably valid to say that the notion of thermodynamic
irreversibility has only gradually become important to the
practising engineer. As late as 1938, Bcsnjakovic argued that
the difference between a heat loss iIn First Law terms and an
irreversibility was still not clear enough to many. However,
numerous publications have since been devoted to the evaluation
of Second Law efficiencies, entropies, exergy iosses, etc. through 2
and although this list is no doubt incomplete, these references should,
between them, offer all theoretical guidance likely to be required

when drawing up a Second Law analysis of one sort or another. A

selective review of the theory is given in Chapter Two.

There have been several publications in the last twenty years or so
in which Second Law analyses were applied to industrial chemical
processes. Ruhemann Jn 1940 made extensive use of the entropy
concept to guide the design of low temperature air separation
processes. In 1956, Denbigh(gD made a study of the Second Law
efficiency of an ammonia oxidation process, but considered, by and
large, only the main reactions involved. In 1962, SzargutC}D
analysed the heat processes in the steel and iron making industry
in exergy terms and in 1967, Frankenberger‘cib scrutinised a cement
burning process. More recently, Riekert published two studies on an

(43 :44) , Fuge and Sohns “6)

ammonia and an ammonia oxidation process
analysed the compression and separation sections of an ethylene

plant, and Pinto and Rogerson”™0” examined the methanol and ammonia
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processes. Again, this list is no doubt incomplete. With energy
conservation becoming increasingly attractive economically, it
seems reasonable to assume that various processes of sufficient
interest to particular industries will have been analysed in
recent years. The results may often not have been published at all
or may have been presented in journals of limited circulation
and/or on conferences. Examples are papers by Timmers ,
SpriggsMiddletonand Fritsch"51”. Further examples are

referred to by Szargut @ , Rant D and Gaggioli @n

THE INTERPRETATION OF THERMODYNAMIC ANALYSIS

RCgener(37) recalls an episode from the commissioning of a new

150 MW steam turbine installation. During the test for guaranteed
performance, one of two feed water preheaters developed a leak and
had to be taken off line. The operating company suggested to
postpone the tests since results with only one preheater could not
be conclusive. However, the engineer representing the contractor
suggested to approximate the effect of by-passing the preheater

by simply assuming that, with only one preheater on line, exergy
losses associated with preheating would, roughly, be twice as high
as in normal operation. The difference could be assumed to be
available as additional power output in normal operation, compared
with test results. The argumentation was accepted and the tests
were continued. This episode reflects a considerable familiarity
with the exergy concept on the part of the people concerned, and

*
certainly some faith into the concept®s conclusiveness .

* However, there is not enough detail given by Rogener (37) to
allow checking the validity of the argument. - Some of the
findings in the present thesis (compare, for example, Figure 4.10)
would seem to justify scepticism.
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Apart from the field of power generation, the exergy concept seems
to be used by industry in the field of low temperature processes.
Petrocarbon Developments Ltd., U.K., for example, have a "Loss
Analysis Manual', in which guidance is given on how to establish
the exergy analysis of a cryogenic process 9 . However, when
acting as rapporteur for a paper by Timmers on the design of
distillation units, R Sargent:eﬂ) suggested that adequate guidance
in the design of low temperature processes could be obtained from
simple heat balances coupled with an examination of temperature
and composition differences. Further, he suggested that exergy
studies may even lead to false conclusions unless some care is

taken.

With regard to general chemical process networks, prejudices
against the value of Second Law studies are perhaps even more
common and little can indeed be ascertained of how thermodynamic
analyses are utilised in design practice. As mentioned above,
quite a few processes seem to have been analysed in recent years,
but wherever results are published, the conclusions seem to be

few and of a mostly general nature.

Szargut , for example, at the end of what is possibly the most
detailed exergy study of industrial processes published to date,
simply postulated that exergy balances must be useful to the engineer
when trying to combat inefficiencies in processes, but offered no
jJustification. Grassmannrecommended drawing up flowcharts of
exergy but gave no explanation how, at a detailed level, these
flowcharts are to be used when trying to design improved processes.
44)

43
Riekert( " merely remarked that the compound efficiency of any

network is easily evaluated In a consistent way using the exergy



function and added that insight elucidating other than economic
constraints could possibly be obtained. Fuge and Sohns™46) only

said that, in an exergy study, the (ethylene) plant"s character as

an enormous heat sink becomes evident, and Pinto and Rogerson™50"
said that a thermodynamic investigation can indicate to the

designer the sections of a plant with the most potential for

(energy) savings. Finally, Denbigh @D simply summarised that
processes would become more energy efficient if heat transfers

were to take place at minimum temperature differences, if pressure
drops were reduced, and if chemical reactions were carried out

under "resisted” conditions (so as to yield useful work) . In all
these papers, there is a marked contrast between the analysis itself
which is very detailed and the conclusions drawn which are very
general.

However, Denbigklcﬂ) recommended calculating practical efficiencies
which would be unity when chemical reactions were carried out under
prescribed conditions of irreversibility: this would help eliminating
the effect of gross irreversibilities - common and inevitable in
many reactions - from an analysis. (This idea is taken up in the present
thesis). Further, he recommended computing not only the amount

of useful work recoverable from a process but also the amount
wasted. Although the results would be equivalent, the First method
would show where to look for sources of recoverable energy whilst
the second method would emphasise the causes of wastage . After more
than twenty years, Denbigh®"s discussion and suggestions represent,
perhaps, still the most comprehensive advice available in the
literature on the problem of utilising information from a Second Law
study. In other words, there is hardly any work published on this

problem . The practical conclusiveness of Second Law studies
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in the light of problems such as minimum driving forces in unit
operations, minimum size of equipment, network interactions etc.,

is discussed very little.

Perhaps, there are only two papers in the literature in which this
question of conclusiveness of Second Law studies is given major
attention. Even in these two papers, however, the results are
warnings rather than constructive suggestions:

(@ A pragmatic approach was taken by FrankenbergerI in 1967.
Having evaluated sections of a process iIn First Law and in
Second Law terms, he compared the results in the light of
the known and likely scope for practical improvement and
concluded that, while iIn some cases the exergy study seemed
to pinpoint inefficiencies better than the First Law analysis,
in other cases the opposite was true. He did not, however,
offer explanations why and gave no guidance how to avoid

deception in cases where the scope for improvement is less

well known.

@

(@ Later in 1967, and in a more theoretical approach, Szargut
wrote about the "limits of applicability of the concept of
exergy' . He pointed out that exergy might be a more
convenient parameter for optimisation studies than others
(inefficiencies of all kinds can be expressed in a consistent
way and properly scaled against each other) but also gave two
fundamental reasons why, iIn the last resort, exergy could only
be used to guide design decisions, but not to determine them:
the first reason is that the costs of various forms of energy
are only loosely related to associated exergies. The second

reason is that, as Szargut says, '"...no general method is yet knowr

to evaluate the influence of the irreversibility of one part of a
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process on the exergy losses in other parts...'. In other
words, network interactions have to be accounted for when trying

to improve the efficiency of a particular unit operation.

Recently, Flower and Linnhofﬂ:cﬁD suggested that perhaps the best
way to utilise Second Law analysis in network design is to keep
iterating between Second Law study and heat and mass balance. In
this way, the useful information to be obtained from Second Law
figures is available while irregularities in the conclusiveness of
these figures can be detected. To ease the computational task
involved and to assist in developing a feel for the interaction of
First and Second Law concepts, they described an approximation
technique which enables Second Law information to be obtained from
a heat and mass balance. In the present thesis, this approach is

followed up further.

SYSTEMATIC USE OF ENTROPY AND EXERGY. - EXAMPLES

King et al. USed exergy losses as a main criterion

governing the evolutionary improvement of a simplified methane
liquefaction process. Starting from a simple feasible network,

an automatic algorithm "flagged” that unit operation which showed
the largest exergy loss and took action by resorting to a prepared
list of possible remedies, formulated so as to reduce the loss
within the unit operation in question. Initially, the algorithm
evolved improved networks but, after four steps, performance was
temporarily impaired and, after nine steps, performance reached
its optimum. Nevertheless, further improvements were easily
identified by inspection. In the discussion, the authors suggested
that the algorithm had failed to continuously improve the process

partly because it could not account for synergistic effects of two
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or more process changes (which would be different to the sum of
the effects of each change individually) . Also, they observed that the
unit operation with the largest exergy loss was not always the one

with the best scope for improvement.

It would appear that the problem of synergistic effects is identical
to that of network interactions referred to above. Also, it seems
that the other observation made by King et al. would justify
Szargut®"s suggestion that exergy losses may guide design decisions
but not determine them: exergy losses were used to form the basis
of a heuristic rule but the rule was seen to be fallible. Admittedly,
one could use the exergy concept in a more sophisticated way to
identify scope for action* but the problem of Ffinding a reliable
way of transforming exergy information into process design
suggestions would remain. This point seems worth noting since it
follows that the user of a thermodynamic analysis has to resort to

jJudgement, a requirement which is in marked contrast to the

unambiguity and ultimate objectivity of the analysis itself.

Menzies and Johnson(37) described a program they used to
systematically synthesise the low temperature gas separation
section of an ethylene plant. The program (1) identified a suitable
set of processing streams with yet to be satisfied temperature

and pressure changes, () generated a large number of candidate
equipment networks, and (3) selected a suitable low cost solution.
When generating the candidate networks, the program used heuristic

rules such as "adjust pressure before temperature', ™"observe

* One might, e.g., refer to efficiencies as well as to losses: a
low efficiency unit operation on a modest scale might show the
same loss but a better scope for improvement than a high efficiency
large scale operation.
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minimum temperature difference in heat exchangers', and '‘observe
maximum entropy increase in heat exchangers'. In their discussion,
Menzies and Johnson were able to justify especially this last rule
since they could show that the cost of energy was well reflected
by exergy (rather than enthalpy). Thus, this application of the
concept of thermodynamic losses would appear to be more successful
than that reported above (i.e. Kinglo,r\), but the fact remains
that the concept had, again, to be implemented via a heuristic

rule, and that no guarantee could be given as to the optimal

definition of this rule.

Evans and Tribus ) described a technique called '‘thermoeconomics'
for the optimum design of saline water conversion systems. They
claimed that, with this technique, the optimum value of design
parameters may be determined with respect to given cost correlations.
Reistad”™™ developed a similar technique and applied it to a total

&)

energy system, and Kafarov et al. recommended the use of the

approach when planning general chemical engineering systems. Further
discussions on thermoeconomics are given by Tribus and Evmﬁsc§b and
by, EI-Sayed and E v a n s . with this technique, an initial network

is split into subsystems, and In each subsystem, the cost of exergy
losses is balanced against equipment costs. Evidently, the unit

costs of exergy within the subsystems have to be determined such that

they best reflect the effect of losses on the overall system®s

performance.

A basic limitation of the technique seems to lie in the fact that one
cannot have sufficient knowledge to define the various unit costs of
exergy unless the initial network, with its division into subsystems,

already resembles the final system reasonably well. Indeed, the
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technique has only been demonstrated in applications which might
more Fittingly be described as optimisation studies, rather than
problems of process design. However, in this narrower context,

the technique appears to perform well, thereby justifying Szargut"s
suggestion that exergy might prove to be a convenient parameter

for optimisation studies (see above).

SUMMARY

As argued by Szargut @) and as evident from published studies (83.86.87)

the use of the entropy/exergy concepts when making practical decisions
in design must necessarily be somewhat subjective, and this is in
clear contrast to the concepts of entropy/exergy themselves, which
are strictly objective. Nevertheless, there is a marked lack of
comments in the literature on the problem of making the least
subjective use of a thermodynamic analysis. Valuable suggestions

are given by Denbighcgo

, but they remain general, and
recommendations as to how precisely thermodynamic analysis can be
employed when trying to invent Flowsheets for a given process at

a level of any detail simply cannot be found.
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HEAT AND MASS BALANCE OF A STEADY STATE PROCESS

Complete and consistent heat and mass balances represent convenient
starting points for thermodynamic analyses of industrial processes.
The following is a brief review of the concepts underlying a
satisfactory heat balance. The theory is well established and
references to the literature are only given where conventions

might not be commonly accepted.

The First Law.- Internal Energy, Heat, and Work

For a "closed system™ (i.e. a system which does not exchange matter
with iIts surroundings), the First Law can be written as follows with
respect to any change that might occur between two states, (@) and @Q):

2 2
JdQ + / dvw = (EkKin + Epot + U ) - (Ekin + Epot + U ) .D

2
In this equation, / dQ represents all heat given to the system during

1 - 2
the transition from state (1) to state (2), / dW represents all work
1
done on the system , EKin and Epot denote the system®"s kinetic and

potential energies, and U its internal energy.

Kinetic, potential and internal energy are intrinsic properties of a
system whereas heat and work are not: heat and work are forms in
which energy is exchanged between systems whereas kinetic, potential
and internal energy are forms in which it is stored. When storing
kinetic or potential energy, a system may change its mechanical
state (velocity, position) and when storing internal energy, its

thermodynamic state (T,p,composition).

* Sign convention as proposed by the 1.U.P.A.C. in 1970
(see Denbigh (@), p-14).
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Like potential energy, internal energy must be defined with reference
to some datum level. The datum is normally referred to as '‘reference

state" (T~PMN).

Steady State Processes. - Enthalpy

Consider now an "open system™ (i.e. a system which exchanges

matter with its surroundings) at the steady state. During any
interval in time, At, heat dQ and work dW may be supplied across its
boundaries and material flows 1 (@ = 1,2 ,n) be exchanged. Counting
inputs as positive and outputs as negative, the system®"s mass balance

is given by :

To establish the system®"s energy balance, a closed system may be
identified which represents the open system, see Figure (2.1),
page 21. At the beginning of the time internal At, the closed
system consists of the original open system and all masses that will
enter the open system during At. At the end, it consists of the
open system and all masses that have left the open system during At.
Thus, the closed system is brought from state (1) to state (@
during At.

n
The volume of the closed system decreases by £ ‘V,”At “rom state d)
to state () and since these volume changes alr;Ibrought about against

pressures in the flows, the corresponding work done on the system

amounts to:

n
—_— x
erowar = X @iVidar
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Figure (.1) Replacing an open system by a closed one.
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This is normally referred to as "flow-work"” and has to be accounted
for in addition to other work supplied to the system. Further,
changes in the potential, kinetic, and internal energy of the closed
system are restricted to the masses (j~At (i=l ,2,. .. ,n) and with

Equation (2.1) :

At At n
/ dQ + F dw + T (p-*V.) + y (Ekin. + Epot. + U )A =0
t=0 t=0 i=i 1 1At *ii 1 1 1 At

The definition of enthalpy

H=U+ p*V
is convenient for open systems. Introducing enthalpy into
Equation (2.3), the term describing the flow-work disappears:

A

=
>

-
k<3

(Ekin.i + Epot.i +H.). =0

do + J dw +
_ 1At

t=0 t=0 1

>
L

1

Reference States for Simple Systems

Like internal energy, enthalpy has to be suitably referenced to some

datum level:

For a single substance, the enthalpy of a given mass may be called HKb

at a chosen reference state and the total enthalpy at any other

state (,PY) may be expressed as

Hi = Vs + H<Ti"pi)

so that H(T™,p™) represents the enthalpy at the state (M,pY) as
*

measured against the reference state . In systems not involving

chemical changes, HRS may be assigned any value for any substance

since inputs and outputs of all substances must cancel each other.

* For the calculation of terms H(T,p) from physical property data
see Section 2.4.

@3

Q.5

2.5

<2-6>
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Also, the reference states for different substances can be chosen
independently. In more general systems, the situation is more

constrained (see below).

Heat of Reaction

Changes in internal energy which accompany a chemical reaction can
be determined experimentally and the corresponding changes in
enthalpy can be obtained with Equation (2.4). An enthalpy change so
evaluated is usually - though somewhat misleadingly - referred to as

"heat of reaction™ and can be expressed as

X,Y Y X
AHoR = H - H Q.7
1,2 2 1
if the state of the reactants X" is and the state of the

products "Y' is

Heats of reaction vary with the states in which products and reactants
are considered. Combining Equations (.7) and (2.6) leads to
XY XY Y Y

AHOR = AHOR + H@T.p)-HT.p) h dl,p)-a (3,p3)]
1,2 3,4

(2.8)

i.e. a relationship often referred to as "Kirchhoff"s law" if @) = @)

and @ = @¥.

Heats of reaction do not vary with different reaction paths: any
sequence of reactions, as long as it leads to the same products from

the same reactants, can be assigned with the same overall heat of

reaction:

X, Y X,Z Z,Y
AHOR = AHoR + AHOR .9
1,2 1,3 3,2

This relationship is known as "Hess"s law" if @) = @ = 3.
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Heat of Formation

The physical significance of a substance®s heat of formation can be
described as the heat of reaction of the hypothetical reaction which
would produce the substance in question from the elements. Heats of
formation are usually found in the literature in tabulated form with

the substance in question, as well as the elements, assumed at some

standard state (T§$D'pSTD):
X Elemts., X
AHoF = AHoR .10)
STD STD,STD

Thus, the heat of reaction of any real reaction can be equated to
the difference between the heats of formation of the products and

of the reactants

X, Y Y X
AHOR = AHOF - AHOF Q.11

STD,STD STD STD
i.e. it iIs equated to the overall heat of reaction of hypothetical
reactions which would, Tfirstly, produce pure elements from the
reactants and, secondly, produce the products from the elements

(Hess"s law is applied).

Reference States for General System

In a system involving chemical changes, the reference state of each
substance for which the system acts as a source or a sink is
conveniently chosen to equal the standard state, and the enthalpy at
this state to equal the substance"s heat of formation. By this
procedure, enthalpies at reference states are easily assigned and a
common datum level is obtained for the enthalpies of all species

involved. (The enthalpies of the elements at standard state are used
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as a basis of comparison, see Equations 2.10 and 2.11). In cases where
it is not convenient to equate standard and reference states, heats
of formation at chosen reference states can be evaluated by means

of Equation (2.12):

AHoF = AHoF 2.12

HT p
RS STD STD, " STD

«
This procedure preserves the common data level for all species .

Ideal Solutions

An "ideal solution" is usually defined as a mixture of substances for

which the equation

f =v *°f @.13)

is valid for any given temperature, pressure, and composition. In
this equation, denotes the molar fraction of constituent k in the
mixture, fK may denote the fugacity of pure constituent k at the

**

A
temperature and pressure of the mixture and ¥ is the fugacity of

constituent k as present in the solution.

In the present context, the point of main interest is that there is
no enthalpy change if an ideal solution is formed from its
constituents, i.e. that the enthalpy of the solution at (T,p) is

equal to the sum of the enthalpies of the pure constituents:

* However, the procedure is not applicable in cases where heats of
formation are to be used from different tables with different
standard states. If such is the aim, heats of formation must be
interpreted as heats of reaction (see Equation 2.10) and be
corrected with Equation (2.8) - i.e. physical property data of the
elements will be required.

** As pointed out by Van Ness (8), p-70, this definition of ¥ may give

rise to difficulties since pure constituents may not be stable in
the same aggregate state as in the solution at (T,p). Often, this

becomes important when vapour-liquid equilibria are considered. There

are, however, ways to overcome this problem by defining " more
Fflexibly (see, e.g., Perry V (62b), p-4-53).



Mixtures of ideal gases qualify as ideal solutions: for an ideal gas,

f equals p” and Equation (2.13) 1is identical to Dalton®"s law. Also,
quite a number of real gas mixtures and a few liquid solutions are
known to approximate Equation (2.13) very closely. Provided this applies
over the whole range of compositions, the enthalpy change of mixing

for such a solution is "vzero and Equation (2.14) applies .

Non-I1deal Solutions

A mixture of substances which does not obey Equation (.13) 1is
usually called a ""non-ideal solution”. Its enthalpy at any given state
will be different from that of the sum of its pure constituents and
the difference is usually referred to as the "heat of mixing”. It
must be exchanged if the solution is formed from its constituents and
it can be defined analogous to the heat of reaction (see Equation 2.7) f
i.e. the following expression

AHoM = H -1 H) (2.15)

1,1 1 k=1 1

is valid for the transition from constituents at (T.,p") to solution
at (ON,p™ . In most practical cases, heats of mixing will be obtained
from charts and tables, applicable for ranges of compositions at
sometimes peculiar temperatures. To convert readings to required

reference or standard temperatures, Equation (2.8) may be used.

Kinetic and Potential Energy. - Usual Magnitudes

A Ffigure of ¢ = 50 m/s is perhaps on the high side of realistic gas
and steam velocities in pipes and one of Ax = 50 m on the high side
of normal in-plant height differences. When expressed as kinetic

and potential energy, these figures yield
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ekin (c = 50 m/s)

1.25 kJ/kg
and

Aepot (A& = 50 m) =0.50 kJ/kg

respectively, and are easily compared to energy transferred, e.g.,
in heat exchangers; the following table shows to what extent
nitrogen and water, both at ambient conditions, coulc beheated up

by equivalent amounts of heat:

Water Nitrogen
AT(0.5 ki/kg)  MD.1°C “2°C
AT(1.25 ki/kg)  ~0.3°C \BC

Thus, changes in kinetic and potential energy (in the simple mechanical
forms considered here) will normally be negligible when compared to

enthalpy changes in industrial processes.

Summary

The energy balance of most open systems at the steady state is given

by Equation (2.16):

At At n
/ dQ + / dw + 1 HDHN = ° (2.16)
t=0 t=0 i=l X

In this equation, Kinetic and potential energies have been neglected

due to the findings just described and the enthalpy of the i-th flow,

i.e. , IS computed by means of Equation (2.17a)
H = 1 [Hk (x,pt)1 + I £AHoFk 1 .178)
k=1 k=1 N

if the flow consists of an ideal solution. If the flow is a non-ideal

solution, its enthalpy is computed by means of Equation (2.17b):



N.I.S 2 k
H, = H (T+/P£) + AHoMi + £ (AHOF ) (2.17b)
RS,RS k=l RS
The terms describing the heats of formation iIn Equations (2.17)
may be summarised over all inputs and outputs to give an overall
heat of reaction, see Equation (2.18):
overall
AHOR (2.18)
RS ,RS

Thereby, the contributions of all species not involved in chemical

reactions will cancel out.

THERMODYNAMIC IRREVERSIBILITY. - THE ENTROPY CONCEPT

Consider any process which leads a system from state (1) to state (2).
In thermodynamic terms, the process is called reversible if it is
possible not only to restore the system to its initial state, but also
the surroundings, leaving no sign of the fact that the process has

ever happened.

For thermodynamic processes, reversibility is given if two conditions
are fulfilled: there must be no friction and all changes must be

quasi-static .

The commonly used method, however, to decide whether or not a process
is reversible is by reference to entropy: if the process is reversible,
the entropy of the universe remains constant and if the process is
irreversible, the entropy of the universe increases. Also, the extent

to which entropy iIncreases may express the degree of irreversibility.

* Mechanical processes, by contrast, can be reversible at finite
speed. Think of the conversion of potential energy into kinetic
energy and vice versa in a frictionless pendulum. (For a discussion
of the difference between thermodynamic and mechanical processes,
see e.g. Planck (3), Part III).
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The following is a brief review of this fundamental concept in the

context of steady state processes.

Entropy and Lost Work

The perhaps best known formulation of the Second Law states that heat
cannot by itself pass from a cooler body to a hotter body. The
following expression, which is usually referred to as 'Clausius”

inequality”, relies on this simple observation:
,<0 (2.-19)

Thereby, dQ denotes the heat given to a material body from outside
during a cyclic process and T denotes the temperature (@bsolute scale)
at which the heat is supplied. The expression is valid for any real

process. For an irreversible process, the inequality applies

& 2. <0 (2.19b)

and for the limiting case of a reversible cycle, the equality holds:

$7rev = 0 (2.190)
T

The definition of entropy is given with

as = dQrev .20)
T

*

whereby erev denotes the heat given to a material body during a
reversible process, T the absolute temperature atwhich the heat is
transferred, and dS the increase in the body"s entropy. Integrating
Equation (2.20) for a cyclic process

€dS = $ “rev
T

* The definition specifically applies to "bodies", i.e. closed systems
and not to open systems.(See e.g. Denbigh (), p-33).
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and comparing the result to Equation (2.19c) shows that a body"s entropy

depends on its state only
$dS =0

similar to its internal energy.

To appreciate the physical significance of the entropy concept, the
following example, sketched in Figure (2.2), may be suitable. A closed
system situated in specified surroundings undergoes cyclic changes. For
each cyclic change of the system, the surroundings undergo a change from

initial state (@ to final state (w).

Figure (.2) Closed system in specified surroundings.
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The system and the surroundings exchange heat and work. The exchange
of heat between system and surroundings is accomplished without

temperature drops

rd = J d
/ TDQ - TQ
a
System Surroundings

and similarly, all changes within the surroundings are reversible.
Within the system, however,the changes might sometimes be

reversible and sometimes irreversible.

Consider first the reversible case. If Sa and S@ denote the initial

and final entropies of the surroundings, then

° = £ rev. = -J rev = sa “ Sa
T a T
System Surroundings

(see Equations 2.19c and 2.20) and there remains no change in
entropy in either the system or the surroundings; as expected
with a reversible process, the overall entropy change is zero.

Consider now the case where the changes in the system are irreversible.

With Equations (2.19%b) and (2.20)

N — -
0> €. - [ dorey Sa =S,
System Surroundings

and it follows that S, > Sa’ i.e. the entropy in the surroundings has

increased. With zero entropy change in the system (cyclic changes)

the overall entropy has increased.
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This example underlines the two main features of the concept of entropy,
namely (@) that entropy must increase if irreversibilities take place
and (2) that it is usually the entropy of the "universe', i.e. system
plus surroundings, which must be monitored to evaluate irreversi-
bilities: in the example, the irreversibilities occur in the systenm,

but the entropy increase is manifest in the surroundings.

As remarked previously, the extent to which entropy is increased during
irreversible processes may be used to express degrees of irreversibility

Introducing a parameter <

a = Gginar ~ Sinitial,, _ (2-2D)
Unrverse

irreversibilities due to different processes may be compared on a
common scale. In addition, the magnitude of <3 gives information

especially interesting in engineering contexts:

Consider once more the example in Figure (2.2). The surroundings may
be described as our natural surroundings, i.e. as consisting of a heat
reservoir at T = T0 and of several sources and sinks of work. For

the case where the system undergoes an irreversible cyclic change,

a = S@ - Sa
and with Equation (2.20)
a = Qadd.
To

reservoir. Since the system has undergone a cyclic change, the energy
required to supply this extra heat to the reservoir must have ccme frcm
within the surroundings (First Law), i.e. from sources of work. It

follows that W1ost

Wiost = Qagd = T @22



is the amount of useful work, that has been irretrievably lost in the
process. Since each irreversible process in nature that leads a

system from state (1) to state (2) can be followed by a reversible
process (2) -m(l) to complete an irreversible cyclic process,

Equation (2.22) is of perfectly general validity for any natural change
(1) (2) a closed system can undergo. It lends a physical significance
of obvious practical implications to the quantity of irreversible

entropy changes, cf.

In addition to Equation (2.22) , there are other contexts in which the
entropy function is of significance in physics and perhaps in the
whole of science. Firstly, entropy may be related to thermodynamic
probability and thus be used as a pointer to indicate the direction of
natural changes. (Every uncontrolled system will change towards a
state of maximum probability, i.e. maximum entropy). Secondly, entropy
may be used as a measure of order and disorder. (Systems which are
completely unstructured, i.e. cannot invoke changes by reducing
differences in potential, feature maximum entropy). Lastly, entropy
changes have been quantitatively related to the rates of certain non-
equilibrium processes in the field of "irreversible thermodynamics"
(see Denbigh (9)). Summaries of these different implications of the
entropy function are given by ZemanSky ~ . However, none of these
implications is of obvious relevance when studying the energy
utilisation in industrial process networks and for this reason, the

thermodynamic analyses presented in this thesis are mainly based on

the implications of Equation (2.22).

* In these two contexts (i.e. of probability and of order/disorder) ,
entropy is increasingly used outside thermodynamics. An example is
communication theory, see Tribus and Mclrvine (45).
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Reference States for Entropy

As noted previously, entropy is similar to internal energy in that it
depends on a system's state only. Also, the definition of entropy

(see Equation 2.20) may remind one of the definition of internal
energy, and of enthalpy, since it is based on differences rather than
absolute values. However, a common datum level for entropies of
different substances need not be defined by reference to the elements
since, according to "Nemst's theorem", the entropy of a pure substance
approaches zero as its temperature approaches absolute zero. Thus,
entropy changes of reactions simply correspond to the entropies of

the species formed minus the entropies of the species consumed, all
measured against zero absolute temperature. Nevertheless entropies of
pure substances are tabulated at standard states, rather than absolute

zero, in much the same way as heats of formation.

For convenience, the entropy of a given mass of a single substance at
any reference state may be called SRS and its entropy at any other

state (T-1'Pj) may be expressed as

Sx = S~ + S(Ti,P:D (2.23)

whereby S(T"#p”) denotes the entropy at the state (T~/P”™ as measured
*

against the reference state . (Compare Equation 2.6). In cases
where chosen reference states and standard states do not coincide,
Equation (2.24) may be used for correction:

S = S - s(

RS STD ) (2.24)

Tsto'PsTD

* For the calculation of terms s(T,p) from physical property data,
see Section 2.4.
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Ideal and Non-Ildeal Solutions

Different to enthalpy, the entropy of an ideal solution is not

identical to that of its constituents. It is larger by
1
ASoM = R * 5 (rll(,* In — ) (2.25a)
- u -~ V
k=1 k
with R = universal gas constant

mole number of constituent k
and V.k molar fraction of constitutent k.
As is evident from the equation, ASoM does not depend upon the
state a solution is at but upon its composition only. For non-ideal
solutions, however, the entropy change varies with the solution’'s

state and this may be accounted for by introducing the activity co-

efficient into Equation (2.25a)

The activity coefficient will usually depend upon temperature,

pressure and composition, and is determined experimentally.

While the study of entropies and of activity coefficients is of
considerable interest in chemical thermodynamics to predict the
behaviour of mixtures, the significance of Equations (2.25) in
the context of studying the energy efficiency of industrial process
networks is somewhat questionable. This will be discussed in detail

in Section 2.5.

Entropy Balance of a Steady State Process

As remarked previously, the definition of entropy applies specifically

to closed systems. Thus, the entropy balance of an open system has to be

* See, e.g., Denbigh (2), p.270.



— 36 -—

based on a suitable closed system, similar to the energy balance.

Consider once more the system described in Figure (2.1)

During the time interval At, the entropy of the closed system

increases by
n

- S..)A
Yo SR

N

cl.system

and the entropy of the surroundings by

At
ASsurr. _J 29
t=o0 T

(if all heat dQ is exchanged reversibly at the boundaries between
system and surroundings). Thus, Equation (2.26)

n At
AR P C B S (2' 26)

determines the entropy increase of the -universe during At due to the
operation of the open process under scrutiny. Thereby, dQ denotes all
heat given to the system from outside at the temperature T and S»
denotes the entropy associated with material flow i entering the
system. S~ may be evaluated by means of the following expression
which is based on Equations (2.23) and (2.25b):

[sk(T ,p) + | [sk 1 +R* I [A*En7 V] (2-27)
L J k=1 L RS k=1 k k

Thereby, the index k denotes the k-th substance as present in the

i—th flow. For ideal solutions, y = 1 and for single component flows,

Vk

As in the overall energy balance, the terms describing the entropies

at reference states may be summarised as an overall entropy change of

reaction, see Equation (2.28),



overall n 5
ASOR . i sX) (2.28)
RS ,RS i=1 k=1 RS
with the contributions of all species not involved in chemical
reactions cancelling out.
THE CCNCEPT OF EXERGY
Consider a material flow at the state « From the flow, as

much work is to be recovered as is feasible in natural surroundings

at (T 'Pg”e ~ s”own Figure (2.3), the flow may be passed through

Figure (2.3) Bringing a material flow to equilibrium with its

surroundings.

two open systems, X and Y, in which it may undergo reversible
processes so as to lose its relative potential against ambient
conditions. In the first system, X, it may undergo the adiabatic
isentropic change (1) -m(2) and in the second, Y, the isothermal
change (2) W (0). The second system, Y, must exchange heat with the
ambient reservoir at T =T . It follows from Equation (2.16) for any

interval in time during steady state operation:

UNIVERSITY LIBRARY LEEDS
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At At
I dox + [/ (2.29a)
t =0 At
At At
J d + (2.29b)
£=0 Qy £=0 2 o At
At
Since / dQ = 0 (adiabatic) ,
t=0 X
At
/ d2v = “T (s -SJ Al- (reversible),
t=0 y 1
and S2 - S (isentropic) ,

Equations (2.29) may be summarised as follows:

At
W dwedyd = (R HoSaE " To 1" Sodat (2+30)
At
Thereby, - / dW~+~  represents the total amount of work
obtained in the reversible process, i.e. the maximum work that

can be gained from the flow in natural surroundings. It is commonly
referred to as the flow's exergy at the state expressed

in comparison with its exergy at ambient conditions, which is nil:

E - E A = H — H - T * S - S 2.31
( X1 Xo)At ( 1 o)At o ( 1 o)At ( )
Applying Equation (2.31) for any two states, N2N2N T

one may compute the maximum work available from a steady state flow
when brought from state (1) to state (2) in natural surroundings
at (T ,p )

o o

(EX2 - EXI>4t (H2 - HI'V - To * <82 - V At <2-32°

The History of Exergy
. (18) (28) . .
According to Grassmann , Gouy in 1889 was probably the first to

describe Equation (2.31) in his essay "Sur 1' energie utilisable", and

according to Perry IV ~2an, p.4-38, Bryan in 1907 was presumably the
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first to present a complete and precise treatment of the subject.

. (29)
However, it was more than twenty years later that J H Keenan
in America and F Bosnjakovic ? in Germany introduced the terms
"availability" and "Technische Arbeitsfahigkeit"”, respectively,
and tried to make the concept known. About another twenty years

(32) " - -
later, Z Rant suggested the word "Exergie" at a conference in
Germany and the German VDI issued a number of publications
exclusively designated to the subject. Examples are the booklet
i ., (12) R

"Energie and Exergie" and a special issue of Brennstoff-Warme-—
Kraft””™ in 1961. It is probably fair to say that the concept is
widely known today and that Rant's suggestion has become accepted,
also in the English speaking literature (=‘exergy"”). In chemical
engineering contexts, there is a special advantage in the word
"exergy" (when compared to Keenan's "availability"), in that no

confusion is possible with "availability" as commonly used in

reliability studies.

In 1963, Rant(33) suggested to generalise the concept further by
interpreting exergy as all energy which is theoretically convertible
into any other form of energy and introduced the term "anergy" for
all energy that is not convertible into other forms. Thus, any given
energy may be considered as consisting of a certain amount (sometimes
zero) of exergy, with the remainder being anergy. When interpreted in
this way, Equation (2.31) merely applies for the special case of a

(34)

material flow at the steady state. However, Evans in 1969 suggested
"essergy"” as the,."only consistent measure of potential work"., by

including a species' chemical potential in its essergy. Whether or not
Evans' formulation is preferable to that suggested by Rant will not be

discussed here since, for the scope of this thesis, it is sufficient to

refer to the concept of exergy as expressed in Equation (2.31), i.e. in
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the sense originally proposed by Gouy, Keenan/and Bosnjakovic.

Exergy and Heat

Consider now the special case of heat being exchanged, but no work,

with a medium flowing at the steady state at a constant temperature T

(see Figure 2.4).

t (»k)
Figure (2.4) Isothermal release of heat in T,S—-diagram.
With Equation (2.16)
At
/ d = H? — H1
Q 7 =R«
t=0

and with Equation (2.20)

TdB =  T*(S2 - SI)At
t=0
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The reversible work equivalent exchanged with the medium is

1.e.
T At
(EX2 ' Exi)At = (@ " T tJ_O do (2.33)

This result is well-known in the context of the "Carnot factor":

to obtain as much work as possible from the heat (1) - (2) - (6) — (5)

(see Figure 2.4) , a Carnot engine is required which rejects the heat
@ - 4 - ®’) — (B) - (3) at T0 and delivers the work (1) - (2) -

@ - @ - @1).
Thus, the Carnot factor
n (2.34)

gives the ratio of maximum work obtainable to heat consumed. In the

case of a heat pump (which delivers heat at T by consuming work and

absorbing heat at T = T ), it gives the ratio of minimum work required
o

to heat obtained.

Chemical Reactions.— Exergy and Gibbs Free Energy

When deriving Equations (2.31) and (2.32), no qualifying assumptions
were made regarding the processes (1) ®(2) and (2) = (0) in

Figure (2.3) other than that they be reversible. Consequently,
these equations are valid also if chemical reactions occur during

the processes. Namely, Equation (2.32) may be applied for a reaction

leadin from reactants at (T , to products_at (T P,
9 ( STD p'STD) P STD S(TD P )
PR RE PR RE
(AExoR) = (H —H ) - T MS -S K (2.35)
At STD STD At ° STD STD At

where "PR" denotes products and "RE" reactants.



When applying Equation (2.35) to exothermic reactions, the
resulting exergy change (i.e. the maximum work available) is
sometimes found to exceed the enthalpy change (i.e. amount of energy

available), which may at first seem surprising. However, this is

easily explained by Figure (2.5) : when carried out reversibly, such
Figure (2.5) Maximum work available exceeds heat of reaction.
a reaction will (1) require a certain heat input at ambient

temperature and (2) supply work. The resulting net energy output

is smaller than the amount of work supplied.

Lastly, a comparison between the exergy change and the Gibbs free
energy change of reactions is interesting. The Gibbs free energy is

defined by Equation (2.36)

AGAt = (H?R * HRE)At ~ T * (S?R ' sRE)At (2°36)

and is explained as the maximum work available from a reaction which
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reservoir at the same temperature T. - In Figure (2.6), the
T (*K)
Figure (2.6) Diagram for the graphical interpretation of

AHOR, AG, and AExoR.

isobars of reactants and products of an exothermic reaction with
PR RE
Cp (M) =Cp (M

are superimposed in a common T,S—diagram in such a way that they meet

at the adiabatic temperature Tad where the heat of reaction is zero.
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As a corollary T the area

represents the heat of reaction fUr % NLtuoro, VKLFEF T am e

law is applied). Further, a second isobar reF»esefrttnc the product

Is added to the diagram 1, such a uay * ~ would » n .sd,ar

of the reactants at T — o°K if both ,, >rQ axte,ded. This ,asvces that,

between these two isobars, the entropy aiffer«'te SPR - S™ can

be read off for any temperature T][. Thus, with ET«tior. (2.36), the

area

represents the Gibbs free energy change of th® reacti.on. Howeverr

since N S , the reaction has to be supplied with the beat

4 - (7)) - (9) - (6) — (4) at T , necessitating the use of a heat

pump which absorbs heat (i.e. (8) - (5) - (6) - (9D - (8)) from

the ambient reservoir at TO and consumes work (i—e— (5) — 4 -t

Subtracting this work from the Gibbs free energy change

(8) — (5)).

yields the net work surplus
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i.e. the exergy change. (Compare Equation 2.35).

Thus, based on the definition of the Gibbs free energy as given
above, the exergy change has been confirmed as the maximum work
available from the reaction when heat is exchanged with the ambient
reservoir only. The type of diagram shown in Figure (2.6) was

42
probably first described by Linnhoff( )

Exergy Balance of a Steady State Process

When producing the exergy balance of a general open system, it is

convenient to define the parameter AExirr

. Ex. - Ex ~ (2.37)
irr m out

AEX

which represents all potential work that is irretrievably lost in the
system. For the system sketched in Figure (2.1) , (AEX”™N )N s

consequently given by

At At T
(AEx. — )At = | (Ex)At + / dw + J (@1 - )*do (2.38)
irr
whereby Ex” denotes the exergy of the i—-th flow as defined in

Equation (2.31). Substituting Equation (2.31) leads to

(AEX irr )At
n At At n At
Il (vat + / dw + ; dQ - T*I (S) - T » / dQ
1=1 t=o0 t=o0 , N °j=1 X ° t=o
-V
= 0 =T *aA

o At
see Equation (2.16) see Equation (2.26)



and it follows that j

AEx . . = T *o 2.39
( Xirr )At o At ( )

Thus, the result obtained in Equation (2.22) (i.e. "potential work
lost equals a times ambient temperature") has been found valid for

the general open system, too.

Exergetic Efficiency

From a First Law point of view, energy is always conserved and
efficiencies in First Law terms can only be based on subjective
definitions of what energy is regarded as lost in a process. From

a Second Law point of view, energy conversions are accompanied

by objective losses (i.e. 2EXirr ) efficiencies iIn exergy
terms may thus relate to an objective basis. If
Ex. = Ex ~ + AEx,
in out irr

is the balancing eguation of a general system, the ratio

(Exout/EXin )

may, for instance, be quoted as exergetic efficiency. See, e.g.,
Gaggioli @7 and Riekert (44). However, as pointed out by Fratzscher(lg),
numerator and denominator of an efficiency should result from
differences and the above ratio can indeed be "improved" by, say, a
large flow of exergy which simply passes through the system, thereby
increasing Ex. and Exout by equal amounts. To overcome this

difficulty, the balancing equation of a general system may be written as
in Equation (2.40a)

X = AEX . + AEX, (2.40a)
consumed required irr

and the exergetic efficiency be defined as in Equation (2.40b):

n = (AEx B /AEX (2.40b)
ex required consumed
In the case of a simple heat exchanger, for example, "~Exconsume{™"
would be the exergy change of the hot fluid and "AEx the

required

one of the cold fluid. The definition of nOX as in Equations (2.40) s
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compatible with suggestions made by Grassmann * Fratzscher t
(25) . . . .

and Rant for a generalised Second Law efficiency and is used in

Chapters Three and Four. Usual magnitudes of for most unit

operations lie in the region of forty to seventy percent.

Exergy versus Entropy. — A Comparison

The concept of availability/exergy appears to have become increasingly
popular in the engineering literature. The reason for this might lie
in the fact that numerical figures for entropy are rather difficult

to appreciate intuitively: as heat is transferred to a cooler body, its

| S
entropy increases , but as a process flow is cooled, its entropy

decreases. To make matters worse, as a process flow is compressed,
its entropy decreases, too. Thus, a process flow that is hot and
compressed (i.e. is at a state of high potential) might have the same

entropy as when cold and expanded.
In exergy terms, a drop of potential (i.e. degradation of heat, cooling

of a flow, expansion of a flow) always leads to a decrease. The so-called

kit
"availability diagrams”, "exergy flowcharts" , etc., are closely

connected with this rather useful characteristic of the exergy

concept.
It would appear, therefore, that exergy might be more convenient to
use than entropy in the particular task of analysing industrial

processes. However, it should be bom in mind that both concepts

* This observation led Thring(35) in 1944 to define what he called
the "virtue of energy". Essentially, Thring's virtue represents
exergy as used in Equation (2.33).

** As pointed out by Grassmann(l17), it is possible to draw Sankey
type diagrams of processes with the width of the bars representing
the exergies of flows. In such diagrams, unit operations represent
exergy sinks with overall flows out being narrower than overall
flows in, corresponding to Equation (2.37). This type of diagram
has often been described as useful for intuitive appreciation of
the ways in which energy is degraded in processes.



yield essentially the same information. A comparison is perhaps valid
between exergy and entropy on the one hand and enthalpy and internal
energy on the other : while internal energy and entropy represent
fundamental thermodynamic concepts, enthalpy and exergy are only
secondary concepts, based on the fundamental ones and defined merely
for convenience; enthalpy is based on internal energy and exergy is
based on entropy.
A NUMERICAL APPROXIMATION METHOD FOR THE CALCULATION OF ENTROPIES AND
EXERGIES OF PROCESS FLOWS
For a homogeneous flow at constant composition, enthalpy changes (per
unit mass) are given as a function of temperature and pressure by

* - HI® + HIap

P T

and entropy changes may be expressed by reference to the First Law

T*ds = dh — v*dp

(see e.g. Perry v 2~2*~) . With the definition of the specific heat

capacity
c _%h
P 3T
=]
one obtains
9h
dh = cp*dT + w— dp (2.41)
3p
and:
. , 1*3h
ds = cp*— i (2
T 9p
For real gases, — r/ 0 and pv = z(RT) and suitable information must
T
be gathered to solve Equations (2.41) and (2.42). - For liquids,
— I s 0O and v«Il and one obtains after integration ;
9p
' J
h—- - h * cp*dT (2.43)
1

liquid
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2
s2 " sj ~ f cp*dT (2.44)
liquid 1 T
For ideal gases, g}: = 0 and pv=RT and, after integration:
T
h?2 ~ ~ J  cprdT (2.45)
ideal gas n
2
s2 *“ sx = J cp*| - R*En V2 (2.46)
ideal gas n N

The term for the pressure dependence of entropy in Equation (2.46) may
be calculated without reference to physical property data other than
the appropriate gas constant. The integrals expressing the temperature
dependence of enthalpy and entropy in Equations (2.43) through (2.46)

may be solved based on polynomials for cp obtained from the literature.

In many practical circumstances, a heat and mass balance will be avail-
able when a Second Law analysis is to be produced. The following is

a suggestion of how to base the calculation of the temperature integral
for entropy changes, as encountered in Equations (2.44) and (2.46), on

known enthalpy figures. One may write

2
- cp —
S2 ~S1 i ]
h — h 2
J cp*dT
1
and assume cp = const , so that:
2
J 5 dr
Ss2 _S1 17T
h, - h, 2
2 1 / dT
1
Thus,
=2 — <»2 -V * (2 47"

and, with Equation (2.32);

ex2 —ex» = (h2 -=h ) * 1 — — (2.48)
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Equation (2.48) is closely related to the integral over the function

dex = cp(I—TO/T)dT (2.49)

(which follows from Equation 2.33). In this form, it has presumably
been used and referred to by many authors to compute approximate

(10)

exergies based on the assumption cp = const .Examples are Bruges ,

Frankenberger and Linnhoff 42/,

However, when used as suggested in Equations (2.47) and (2.48), the
results should be considerably more accurate than any results obtained
by means of Equation (2.49). With this latter equation, constant cp

is used to represent a physical property whereas, with the former
equations, constant cp is used to establish a ratio. This ratio,

in turn, is applied to enthalpy differences which were formerly computed
by means of physical property data of any required degree of accuracy.
Equations (2.47) and (2.48) have been tested with various polynomials
for gases, and especially with data from steam tables (near saturated
conditions) and the divergence between the true ratio

(S2 ' sl)/(h2 _ Vv

and the function

has usually been found to be below one percent. It follows that entropy
changes computed by means of Equation (2.47) and based on correctly
calculated enthalpy changes are accurate within about one percent. For
exergy, the same degree of accuracy was observed. Both equations were
used extensively in the case studies reported in Chapters Three and
Four. Apart from easing computational tasks, the equations were seen

to make explicit knowledge of heat capacities unnecessary.

With regard to exergy, the problem will often arise that the exergy

change between a temperature T and the ambient temperature is required.



When using Equation (2.48), however, the enthalpy change would have to

be computed specially unless T = T__. For cases where T 4T _, the
o RS o RS
following formula is suggested:
= * i ; T
ex(T”") = h(T ) * T1 To - n 1 (2.50)
o= T T, - T T
Al RS 1 0 oJ

Equation (2.50) 1is based on a linear interpolation (or extrapolation)

of the enthalpy change between TX and TRS' i.e. h(TX). It has been tested
in Chapter Four and has been found not to impair the accuracy of the
approximation procedure to any noticeable extent. The reason is
presumably thar., for low temperatures T , the linearisation is highly
accurate and for high temperatures T , the error introduced by the

linearisation is insignificant compared to the magnitude of h(T")}

see Figure (2.7).

Figure (2.7) Linear interpolation of enthalpy change with

temperature.
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Instead of assuming cp = const , the approximation formulae might
easily be based on the assumption of linear variation of cp with
temperature and corresponding formulae were derived showing enhanced
accuracy still. However, since the assumption of a linear variation
of cp requires some explicit knowledge of heat capacities,

the main advantage of the procedure (i.e. the fact that no
physical property data is required) would be lost. For this reason
and because the results obtained with the simpler formulae were con-
sidered to be perfectly satisfactory, the formulae based on linear
variation were not used in the case studies. The formula for entropy,
however, is documented in Appendix A and that for exergy follows

with Equation (2.32).

PRACTICAL IMPLICATIONS OF REVERSIBLE MIXING
As stated in Section 2.2, the entropy of a mixture is larger than the
sum of the entropies of its pure components by:
z )
ASoM = R * £ (0 * An Y =y ) (2.25b)
k=1 k "k Repeat
Correspondingly, work could be gained when a mixture is formed

amounting to

AExXoM = AHoM - TO*ASOM

(see Equation 2.32). To obtain this work, semipermeable membranes
could be used to exploit differences in partial pressures. In living
organisms, the migration of certain fluids through membranes that are
permeable to them but not to other fluids is known as osmosis and

the pressure head which may be maintained - and exploited - due to
osmosis is referred to as osmotic pressure. In technical applications,
however, suitable membranes are known only for few solutions and
constituents in the liguid phase (and even fewer in the gas phase),
and industrial scale applications do not seem to be practical with

most of these known membranes.
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However, even if suitable membranes did exist, schemes aimed at the

recovery of "mixing work" would often have to be unduly complex. In

Figure (2.8), a scheme is shown as required for the reversible mixing

kmol/hour
example: Stream

© n2 02 802

© 0-7179 0-1875 /
87821 1-2094 1-10
mo- ® 9-50 1-3969 1-10

Figure (2.8) Arrangement for reversible mixing.
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of two gas flows. The mass flowrates and compositions are taken from
the case study in Chapter Three, but temperatures are assumed to be
constant. (Only the necessary expansion and compression equipment is
shown). Quite clearly, the complexity of the arrangement is prohibitive,

be semipermeable membranes available or not.

In the course of a Second Law analysis, terms for ASoM appear with
each process flow consisting of more than a single component. However,
in unit operations not involving mixing or chemical reactions, input
and output terms cancel. In the remaining unit operations, arrangements
such as described in Figure (2.8) might be required to realise the scope
for energy conservation. Thus, it is suggested that these terms be left
out from an analysis altogether. This reduces the computational

«

effort and prevents results from being obtained that are irrelevant

practically. If, in particular circumstances, exploitation of osmotic

pressures would appear feasible, this might be examined separately.

PRESCRIBED DEGREE OF IRREVERSIBILITY FOR CHEMICAL REACTIONS

In 1956, Denbigh(31) pointed out that a major share of irreversibilities
in industrial chemical processes occurs in chemical reactions and cannot
be avoided in practice. Therefore, he suggested identification of
practical efficiencies which would be unity when reactions were carried
out under prescribed conditions of irreversibility and all other
operations under ideal reversible conditions. Further, he showed that

a ".... reaction taking place at constant temperature and pressure, the
heat of reaction being transmitted to some other body (e.g. steam)

which is at the same temperature...." will lead to an irreversibility of

* In an exergy analysis, it also helps to by-pass the problem of
determining the ambient condition for materials not normally found
in the natural surroundings. (Compare to this Szargut(36), Baehr(20)
and Riekert(43)).



* - _ *
ToFas ;o AG(T) (2.51)

with T = temperature of reaction
He recommended the use of Equation (2.51) in Second Law studies to
identify the amount of work lost when the reaction proceeds under

practically inevitable irreversible conditions.

In Figure (2.9) (see page 56), two sketches are shown which would

apply to the ammonia oxidation reaction (used by Denbigh as an example)
and which help to clarify why and where the irreversibilities computed
by means of Equation (2.51) occur and what would have to be done to
avoid them. In Figure (2.9a), the reversible case is shown with
reactants and products at Tq, (i.e. the overall work gained amounts to
—AG(To) ), The reaction is assumed to occur at constant temperature T,
requires heat (i.e. T*AS(T)), and delivers useful work (i.e. —AG(T)).
Some of this work drives a Carnot machine which provides the heat that is
required. Further, the products are cooled down by means of an array

of infinitesimal Carnot engines and the reactants are heated up by an
equivalent array of heat pumps. The total surplus of work is equal to
—AG(TO), as mentioned before, and the total amount of heat exchanged

with the ambient reservoir is

T *AS(T TSTRE TSTPR T *AS(T
* + * _ * - *
JIAS(T) + T _*s(T) ,8M JAS(T )

In Figure (2.9b), the irreversible case is shown which underlies

Equation (2.51): the reaction occurs at the same temperature T but cannot
exchange any work with its surroundings other than by displacing the
atmosphere. In other words, fuel cell technology is considered unavailable
and the reaction is carried out as an exothermic constant pressure
process in which heat is released amounting to —AH(T). As far as
possible, this heat is converted into work in the Carnot machine and the

remainder of the arrangement is equivalent to the one in Figure (2.9a).



Carnot Engine

HB) = Heat Pomp

Figure (2.9) Exothermic reaction at T > T
o]

(a) Reversible case.

(b) Irreversible case as considered by Denbigh.
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The decrease in work gained as compared to the reversible process
must correspond to the increase in heat given to the surroundings,
i.e. amount to

T *AS(T)+jd[-AH(T)3 = jd [t*AS(T) — AH(T)] a -Tqg*AG(T) ,
° T T T

as pointed out by Denbigh.

Apart from not avoiding those irreversibilities which would only be
prevented by using novel reactor technology, arrangement (2.9b) is
fully compatible with the usual idealisations of Second Law analyses.
Since the difference between —AG(TO) on the one hand and
—AG(TO)+(TO/T)*AG(T) on the other hand can be quite significant
numerically (see Denbigh(gl) and below) , it would seem a great pity
that Denbigh's suggestion, made more than twenty years ago, should
have found hardly any response since. Possible reasons for this might
include the fact that a fair amount of physical property data is
required when solving Equation (2.51) and that the underlying thermo-
dynamic theory which was discussed above, might intuitively not be

very obvious.

An alternative approach to the definition of a prescribed degree of
irreversibility will now be described which might prove to by-pass
both these difficulties. Further, the alternative approach leads to
results of greater practical significance than those from

Equation (2.51).

A More General Model

In practice, reactions like ammonia oxidation start at temperatures

lower than that of the products, so that

(1) Some of the heat of reaction is consumed while the reaction
proceeds by partly heating up products and by partly preheating

reactants, and
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(2) the remaining heat of reaction cannot be removed at the
temperature of the products, T, but is only available at
lower temperatures.

Thus, the true inevitable irreversibility is even greater than the

one computed by means of Equation (2.51) and in Figure (2.10), a

Figure (2.10) Exothermic reaction at T > T . Irreversible

practical case.

model is shown for discussing the consequences : the reaction occurs
at various temperatures between TAn and T and the amount of heat
removed from the reaction (i.e. QR) is smaller than —AH(T) and is
available at T:TR . Thus, less work is extracted from this heat than

in arrangement (2.9b). On the other hand, less work is required to

* Evidently, QR could be considered over a range of temperatures and

arrays of Carnot machines could be assumed for avoiding losses due

to heat transfer within the reaction chamber. Such a procedure would,
however, make it necessary to know the precise temperature profile

of the reaction and is not suggested here because Figure (2.10) is,
eventually, to lead on to a practical formula for the prescribed degree



preheat the reactants, a fact which partly compensates for this. The
useful work gained in Figure (2.10) may be evaluated by means of
Equation (2.52):

T T PR RP
w o= R o * Q_ + Ex(T) - Ex(T. ) (2.52)
— 5——— R m

R

In the limiting case, where T. = TR = T and OR = —AH (T) applies, this
in

equation is compatible with Equation (2.51) :
W

Figure
(2.9b)

= —AG(TO) + (TOIT)AG(T)

(see Equation 2.51)

—AH(T )+T *AS(T_)+To*AH(T) — T _*AS(T
(T Tg" A8 (To)*To"AK() = T, *AS(M)

PR RF1
—AH (T) + H(T) - H@

+ T *AS(T ) + TO”AH(T)

PR RE 1
E(TQ) +S(T) - s(T)

f" *1 PR RE
= _0o * I-AH(T) + Ex(T) — Ex (T)

In practical cases, however, T < T and the results obtained with
Equation (2.52) may differ considerably from those obtained with
Equation (2.51) . The difference will depend upon the temperatures
involved, upon the magnitude of QR' and upon the effect which

variations in mass flowrates have in an arrangement such as shown

in Figure (2.10):"

In many instances, the mass flowrates of the reactant and product
streams are considerably higher than those suggested by stoichio-
metric equations which do not show inert species. This might e.g.

be necessary due to the presence of large recycle streams (as is the
case Iin the absorption section of an H”ASO™ plant, see Chapter Three) or

be due to the presence of nitrogen if atmospheric air is used as
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a source of oxygen for combustion. The latter is the case in the

ammonia oxidation reaction and in Figure (2.11), the effects of

M (mj /ktiol Nm2)

Figure (2.11) Effect of changes in mass flowrate on reversibility.

(For explanations of graphs a), b) , and c) see

text.)

changes in the amount of air used on the amount of useful work that

can be obtained from the reaction are shown . The temperature of the

products is assumed to be T = 850°C in all cases (as assumed by Denbigh):

(a) The reversible case (see Figure 2.9a). With increased mass flowrates,
more work would have to be spent to preheat reactants but the work
would be regained in full when cooling down products. The useful

work obtained would, thus, be independent of the amount of excess

* The underlying data are those given by Aylward and Findlay ,
Chapter 6, with the figures for specific heat capacities assumed
to be constant. Since it is the main purpose of Figure (2.11) to
facilitate a qualitative discussion, this was felt to be adequate.



air used and would amount to

(b)

(c)

—AG(Tq) = 240.8 MJ/kmol NH3

Case as shown in Figure (2.9b). The effect of increased mass
flowrates would be entirely analogous to that in the reversible
case. The amount of useful work obtained would thus be constant
and equal to

165.1 MJ/kmol NH~.

(31)

0. Denbigh gives

Case as shown in, Figure (2.10) with X\/':
the following equation for the ammonia oxidation reaction

NH3 + 9.6 air —* 1.5 H20(g) + NO + 0.75 02 + 7.6 N2
(i.e. he assumes a 60% excess of oxygen). Under these conditions,
the enthalpy of the product stream at 850°C is large and to
achieve an enthalpy balance, it is necessary to preheat the
reactants even if no heat is removed from the reaction. With
Equation (2.52), the useful work that could be obtained in this
case is evaluated as

126.8 MJ/kmol NHA.

If the mass flowrates were increased further, the reactants
would have to be preheated to a higher temperature but the
exergy of the products would increase sufficiently for the
overall amount of useful work that could be obtained to increase,
too. Above a certain point, however, any further increase in
mass flowrates would make it necessary to supply preheat at a
temperature so high as not to make it worth while. At this point,
which is given by~25 kmol of air supplied per kmol NH”, graph c)

in Figure (2.11) reaches its maximum with about

146 MJ/kmol NH~™.

* As recommended in Section 2.5, the work to be gained by reversible
mixing of gas flows is neglected.
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Thus, only about (146/240.8 -) 61% of the useful work obtainable
in the reversible case could be recovered, from a theoretical
point of view, in case c), and only about (126.8/240.8 - 53%
if a practical mass flowrate was used. In case b), about

(165.1/240.8 —-) 69% would appear to be recoverable.

A Practical Suggestion
In the case of the ammonia oxidation reaction, the gas flow
characteristics through the catalyst gauzes are of as much importance
for a good conversion efficiency as the operating temperature (see
Chapter Four). The positioning of heat exchangers in between the
catalyst gauzes might, thus, be considered to be about equally
impossible as a free choice of reaction temperature and the use
of graph c) in Figure (2.11) rather than graph b) appears to be
justified when determining the magnitude of inevitable irreversibilities.
In the case of other reactions, however, heat removal directly from
the reacting species — or, alternatively, in between reactor stages -
might be possible or even necessary (e.g. to promote conversion).
In such cases, the discrepancy between the results obtained by means
of Equations (2.51) and (2.52) would be less marked (i.e. feasible
points of operation would be somewhere in between graphs b) and c)
in a diagram such as Figure 2.11). It follows that the scope
available to the designer of a new plant for avoiding irreversibilities
connected with exothermic reactions could be approximated by
determining
— the highest practical temperature of the products,
— the largest amount of heat that could be removed directly from

the reaction, as well as
— the highest, or lowest (see Figure 2.11), practical mass flowrate
and by comparing the corresponding "optimal"” useful work that could

be obtained to the "actual"” in a proposed design:
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w W — Ex(T.
( In)

optimal actual optimal

RE
— Ex(T. )
) m
actual

(see Equation 2.52). Evidently, it would be legitimate to re—write

this equation in the following form

(2.53)

actual
in which assumptions regarding insulation losses, etc., might be
incorporated. Also, the equation might be applied to endothermic
reactions, too. (It would, however, be necessary in the endothermic
case to define the lowest practical temperature of the products and
the smallest amount of heat that could be supplied to the reaction
to identify the change in exergy for the "optimal" case). Equation (2.53)
is compatible with Equation (Ib) in Appendix A, which is expressed

in entropy terms but based on the same considerations.

Summary

Denbigh(gl) suggested the evaluation of Second Law efficiencies for
industrial processes on the basis of prescribed degrees of
irreversibility for the chemical reactions involved. Based on the
assumption that reactions have to be carried out in conventional
reactors at given temperatures, he derived Equation (2.51) for
determining those irreversibilities which are inevitable. As is
evident from Figure (2.11), these irreversibilities may account for
more than half of the total to be associated with a chemical reaction.
Thus, it would appear desirable that the concept of "inevitable
irreversibilities" be wused where Second Law analysis is employed

in conventional process network design.

In addition, it would appear desirable to consider further constraints

when evaluating inevitable irreversibilities: with Equation (2.53), the
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useful work equivalent may be evaluated that is lost in an actual
case but could, perhaps, be recovered from a reaction even if
allowances are made for constraints regarding (1) the feasibility
of exchanging heat directly with the reacting species and (2) the
feasibility of choosing mass flowrates. As is evident from
Figure (2.11), the difference between results obtained from

Equations (2.51) and (2.53) can, once again, be quite significant.

On first sight, assumptions concerned with practical aspects of heat
transfer and mass flowrates might appear to be less rigid from a
thermodynamic point of view than the assumptions on which

Equation (2.51) is based. An assumption regarding the reaction
temperature T, however, is necessary even in the case of Equation (2.51)
and since, in many practical cases, the impossibility to keep the
temperature of a reaction constant (and/or to choose mass flowrates)
might be just as stringent as the impossibility to choose the
temperature of the reaction, results obtained from Equation (2.53)
could be considered to be no more subjective than those obtained
from Equation (2.51). Generally, it is probably valid to say that,
once a departure has been made from the rigid grounds of a "correct"
Second Law analysis, the extent to which irreversibilities are
considered to be inevitable must become a matter of judgement. The
procedure suggested above allows one to use judgement by considering
practical cases on individual grounds. In the limiting case where
the assumptions which underlie Equation (2.51) are found to be
appropriate, it will lead to the same results as the latter

equation whereas, in other cases, the results will differ.
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In this chapter, an industrial process is analysed in entropy terms and
the results are discussed in the light of practical scope for improved
energy recovery. Conclusions are drawn regarding the usefulness of a
Second Law analysis in such a context and schemes for improved energy
recovery are identified. Also, the benefits are examined that may result
from defining prescribed degrees of irreversibility and from using the

numerical approximation method suggested in Chapter Two.

PROCESS DESCRIPTION
In the contact process, a mixture of oxygen and sulphur dioxide
(which is, normally, obtained by burning sulphur) is reacted to form

sulphur trioxide

s02 + 1/2 02 =+ S03

in the presence of a catalyst (mostly platinum or vanadium oxides).
The reaction is exothermic and low temperatures are required to favour
equilibrium conversion to SO”. On the other hand, the rate of reaction
is considerably improved by increased temperature. Thus, cooling is
usually effected gradually (i.e. in between stages). The sulphur
trioxide is absorbed in 96-98% w/w acid to form the product by

reaction with free water:

S°3 + H2° — H2S°4
There is no limit to the concentration that may be obtained and, in
some instances, further trioxide is absorbed in pure acid to form

fuming sulphuric acid:

S°3 + H2S04 - H2S207

The resulting mixture is called oleum. The absorption reactions are
exothermic, too, but are carried out at low temperatures (<100°C), so
that extensive use of cooling water is made. The heat removed from
the gas phase oxidation reaction, however, as well as the heat evolved

when burning sulphur, is normally recovered.
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Sulphuric acid plants used to constitute a major source of air

pollution in the past, mainly due to incomplete conversion of the

SO”e For this reason, double absorption contact plants are built

today. In these, some SO” is removed from the main gas flow in an

intermediate absorber tower before the final conversion of the dioxide.

With less SO” present, equilibrium conversion to SO” is favoured

and less SO”™ reaches the stack.

The plant on which this case study is based is approximately ten

years old and does not yet incorporate double absorption. (The

overall conversion efficiency is approximately 98.3%). It is

operated by ICIl Ltd., Orgariics Division, and was designed by

Sim—Chem Ltd. A rather unusual feature of the plant is the fact that

only oleum is produced, while diluted acid is supplied to the plant.

Nominal production capacity is 150 long tons/day of pure H”ASON

equivalent.

In Figure (3.1), a functional flowsheet is given showing the most

important unit operations and material flows, see page 68 . A

description of the flows is given in Table (3.1):

Table (3.1) Flow descriptions for contact process

Flow Description Flow Description Flow Description
(1) atm.air (14) sulphur (molten) (29) acid, 95.3%
(2) atm.air p~1.25 atm. (15) SO~—gas
3) dry air p~l.25 atm. (16) (30) acid, 98-3%
4) aan
(5) (18) (31) acid, 98.1%
(6) (19) SO_/SO -gas (32)
Z ]

(20) (33)

(21) SO —gas (34)

(22) * (35)

(23)

(24) stack gas (36) acid, 94.0%
9 feed water 685 psia (37)
(10) water/steam M (25) oleum, 25% w/w (38)
(11) water “ (26) (39)

(12) saturated steam o (27)
(13) superheated steam * (28) (40) acid, 93.8%

w/w

w/w

w/w

w/w

w/w



Figure

(3.1)

Functional

-WftTgft -000»J CftS P.S-VK.

flowsheet of contact process.
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The following is a description of the process which has

been taken from Sim-Chem Ltd's relevant information leaflet

but has been shortened and adapted in parts to match the

po.irti.cu.lait plant shown in Ficpure (3*1)

Molten sulphur (14) js burnt in an air stream (4) wili

has been previously dried by contact with circulating
sulphuric acid (39) and has also been boosted to sutficient

pressure to drive the combustion gases through the

plant.

The SO~—-gases leaving the sulphur burner (15) are coo

in the waste heat boiler (W.H.B.), in which high pressure

steam is raised, to the correct temperature for reac

of S02 and oxygen in the air, to produce SC3 in the pres

of the catalyst in the converter.

The conversion is carried out in four stages with heat

removal between the first two stages to control the

temperature rise. The heat is used to superheat the st

raised (12). On the 2/3 stage and 3/4 stage cold air

(

is injected, having the double function of cooling t

gases and supplying oxygen for the reaction.

After the 4th stage of conversion, the SO bearing 9a

are cooled in an economiser, which preheats the boil

water (9) and pass,

B 1Hf

in the particular case of the plant represented in Figur

into the oleum tower where some SO. is removed by contac

s (23
circulating oleum (28) and acid (33). From there, the gases (23)

) . _ Co 1is removed
pass into the absorber tower where the remaining

by contact with circulating acid (34).

wi—th
The circulating acid (30) passes to a tank where it mi

acid from the drying cycle (38) and with further acid (29)
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supplied from storage. From this tank, circulating acid (31)
passes into a cooler and before it is passed back into the absorber
tower, a make—up (35) is supplied to the drying cycle and the acid

required for oleum formation (33) is supplied to the oleum tower.

HEAT AND MASS BALANCE

A design heat and mass balance was kindly made available by ICI Ltd.
for the present study. The information contained in it, however,
was incomplete and partly inconsistent. A consistent heat and mass
balance is documented in Table (3.2) and Figure (3.2) , see pages 71
and 72. All figures quoted refer to one minute of steady state
operation at nominal production capacity and figures for enthalpy
relate to a zero state of pRS -0 and T = 0°C. In Figure (3.2),

RS

only enthalpy figures are shown (in MJ).

Results

Boxed entries in Figure (3.2) denote the total contribution of
heats of reactions and/or mixing within the unit represented. (All
these terms are exothermic). The non—-boxed entries within unit
operations denote loads on the acid and oleum coolers and insulation
losses. All other entries represent enthalpies of flows (compare
Table 3.2). The fact that all figures are given with two significant
digits behind the decimal point bears no resemblance to the likely
accuracy of the study; it is merely convenient for any checks to be
carried out. Comments concerning the accuracy of the data used are
given in Appendix B, where the physical property data for this study
is documented. In Figures (3.3) and (3.4) on pages 73 and 74, two
sketches are given which help to localise individual reactions and
non—ideal mixing. These sketches correspond to Tables (3.3) and (3.4)

in turn, are based on data derived in Appendix B.

which
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and nass balance of H”ASO”/oleum contact

Heat
process
SU) E,0(2) 9 0(g)
(kg) (k) (kg)  (kmol)
0 0 6.5 0.361
O O n n
0 0 0 0
0 0 0 0
0 0 0 0
q 0 0 0
0 136.1 0 0
0 118.8 17.3 0.961
0 12.3 0 0
0 0 123.3 6.376
0 0 i n
35.2 0 0 0
500 @ 3035 (g)
(kg) (kmol) (kg (kmol)
70.4 1.10 0 0
1" n 0 0
" if O O
1" n O O
26.9 0.42 54.4 0.68
n n n n
1.2 0.02 36.5 1.08
It If " n
f " 34.8 0.44
n If O O
H20(2) JSo so3U)
(kg) (kg) (kg)
0 3085.2 1028.5
0 1 "
0 125.5 41.9
0 2959.7 986.6
3.5 70.9 0
71.1 4069.6 0
84.0 4288.6 0
n 1] O
2.2 113.5 0
78.9 4027.0 0
2.9 143.1 0
202.3 3177.0 0
n If O
9.4 148.1 0
192.9 3023.9 0
199.4 " 0

N2 o,
(kg) (kmol)  (kg)  (kmol)
350.6 12.52 105.3 3.29
" It K It n
n If It n
245.9 8.73 73.9 2.31
20.1 0.72 6.0 0.19
84.6 3.02 25.4 0.79
0 0 0 0
0 0 0 0
0 (6} 0 0
0 0 0 0
0 0 0 0
0 0 0 0
245.9 8.78 38.7 1.21
n n n n
266.0 9.50 44.7 1.40
n n " n
! * 33.S 1.06
n It " n
350.6 12.52 52.8 1.65
it " If n
If n n
n 1] F 1
All Figures

are Based
on One Minute
State

Ste ady

Operation

H(T.p)
(M)

9.43
13.44
23.04
16.16

1.32

5.56

52.43
183.46
13.99
346.27
396.28

6.20

*342.16
162.75
164.07
161.'96
226.91
175.92
217.59

35.91
19.53
26.38

311.67
191.71

7.80
183.91

10.26
453.40

478.34
442.90
11.72
415.89
15.29

334.83
311.84

14.53
297.31

319.52
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Figure (3.2) Heat balance for contact process.

(For exnlanation of figures shown see text.)



Figure (3.3) Reaction p?th in contact process. (Compare

below.)

Table (3.3) Localisation of reactions for contact process

IReactions AhoR AsoR

RS,RS RS,RS
unit Type Extent (MJ) ' (kJ/°K)
Drying Tower &) 6.5 kg -15.90 —-44.27
Burner (2) 70.4 kg SO02 —-326.37 +13.38
1st Bed 3 54.4 kg SO03 —-67.24 —-4.79
2nd/4th Bed 3 32.1 kg S03 —39.68 -2.82
4) 9.8 kg S03 —-16.34 —20.96

Oleum Tower
5) 41.9 kg SO03 —-26.27 -83.84
Absorber Tower 4) 34.8 kg SO03 —-58.01 —74.44

Mixing of SO~ (i) and ~SO~ (£) in Oleum Tower

AhOMRS RS = (~3,5 kJ/kg/%) * 125.5kg * 25% = —10.98 MJ
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h8o (a-a kg)

D«YINd t

Figure (3.4) Non—ideal mixing in contact process. (Compare

below.)

Table (3.4) Heats of acid mixing in contact process

A
. AHoM

m CONC'in CONC out CONC. RS,RS

CODE H2S°4

(kg) (%) (%) (%) (MJ)
Oleum Tower C 113.5 98.1 100.0 +1.9 +3.88
Absorber Tower C 4027.0 98.1 98.3 +0.2 +14.51
D . 42.6 100.0 98.3 -1.7 -1.31
C 70.9 95.3 98.1 +2.8 +3.57
Tank

No. 1 D 4069.6 98.3 98.1 -0.2 —14.65
| c 148.1 94.0 98.1 +4.1" +10.93
Tank D 148.1 98.1 94.0 —-4.1 —-10.93
No.2 C 3028.9 93.8 94.0 +0.2 +10.91
Drying Tower D 3028.9 94.0 93.8 -0.2 —-10.91
Check Z = + 6.00

Overall C 1 70.9 95.3 100.0 +4.7 + 6.00



Main Assumptions

When establishing this heat and mass balance, care was taken that

— overall conversion efficiency,

— compositions and temperatures of the gas flows in and out of the
converter, and

— acid and oleum concentrations

assumed values as specified in the design heat and mass balance.

The temperatures of input and output streams were assumed as observed

on the plant and when their total enthalpy was compared to the
overall heat of reaction and non-ideal mixing, a not—accounted-for
loss of 718 MJ/min was identified. Although this figure could be
explained by an error in the overall heat of reaction of only 3%,
it was considered to be, probably, a realistic representation of
insulation losses and was therefore "spread" over the seven unit
operations in which insulation losses could be assumed (see
Figure 3.2). Since a similar standard of insulation is used
throughout the plant, the magnitudes of these losses relative to
each other were based on the exposed surface areas and on the
approximate process temperatures. The temperatures eventually
obtained for the various process streams resemble the figures

monitored on the plant very closely.

Power for Blower

Since the plant operates at substantially atmospheric pressure

throughout, no account was taken of flow-individual pressure terms.

establish the power consumption of the blower, however, the (oral)
information was used that the pressure increase across the blower
amounts to about 60 to 70 inches (i.e. 7~0.165 bar) : if the
compression was adiabatic and reversible, the temperature of the

compressed air (2) would be given by the following equation

To



K—
t2 = Ti * &) *
p
revers— 1
—ible
with T in °K
and < = cp/cv (~1.4 for air)

(see any textbook) . This would give a figure of T~ ~ 33°C. Assuming

*

however, an "isentropic efficiency" of 0.7, i.e.
w _
reversible N0 .7
actual
the actual temperature rise will be approx. 1/0.7 times greater and

one obtains

T2 = 39°C.
The enthalpy change which corresponds to these assumptions is
9.01 MJ/min, or approx.

w N 200 BHP
Blower

which appears to be a realistic figure. Compared to the heat

recovered in the steam, this is less than 3%.

Energy for Start—ups

Although this is not of direct relevance for steady state design,

it was thought worthwhile to examine the approx. energy consumption

for start—ups. According to oral information, there are 40 start—ups

a year, during each of which about 750 therms of natural gas are

required for the converter and about half as much again for the

burner. Assuming that the plant operates 320 days/year at nominal

capacity, this is equivalent to a steady state consumption of about
8.2 MJ/min

Thus, one may state that the energy consumption for start—ups is about

equal, per unit product, to the power requirement for the blower.

)

* For definition and practical figures see e.g. Baehr
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Brief Evaluation

In Figure (3.5), a "typical example" of a single absorption sulphur-
burning contact plant is shown as given by Duecker and West~”™. 1In
Table (3.5), the corresponding energy inputs and outputs are listed

indicating that ~56% of the energy turnover is recovered in steam.

2,600000 BTU
IN STEAM

IN COOLING WATER

Figure 14.9. Typical heat and materials balance for a sulfur-burning contact sul-
furic acid plant. (Courtesy of Titlestad Corporation.)

Figure (3.5) Heat and mass balance for a typical sulphur burning

contact plant. (Source: Duecker and West"".)

Table (3.5) Overall heat balance of typical
contact plant

Inputs Outputs
Chemical ) 10Qs Stack 4.3%
Reactions ) Cooling Water 39.8%

Steam 55.9%
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Table (3.6) Overall heat balance for contact plant case study

H H
Inputs % ) %
P (MJ/min) ’ Outputs (MI/min)
Boiler Feed W. (9) 52.43 8.1 Blowdown  (11) 13.99 2.2
Sulphur (14) 6.20 1.0 Stack (24) 26.88 4.2
Acid (29) 10.26 1.6 Product (27) 7.80 1.2
Air 1) 9.43 1.5 I (Cooling) 178.39 27.8 1!
Power 9.01 1.4 £ (Insulation) 18.78 2.9
Chemical Reactions
- 554.79 84.6 Steam (13) 396.28 61.7
and Mixing
| = 642.12 100.0 | = 642.12 100.0
IN ouT
In Table (3.6) , a similar list has been made up for the present case

study. There is a clear similarity between the patterns emerging from
Tables (3.5) and (3.6) , with the energy recovery in steam appearing to
be slightly more successful in the present case study.

An allowance should be made, however, for the fact that the plant

shown in Figure (3.5) produces diluted acid whereas the plant studied
here produces oleum. A significant amount of heat which will evolve

when mixing the oleum with water to produce pure or diluted acid does
not appear in the energy balance of the case study process itself.
Assuming that no acid was imported and pure H2S°4 was Proctuce(™ ~e
inputs in Table (3.6) due to "Chemical Reactions and Mixing" would
increase by as much as 38.6 MJ/min and, accordingly, the need for cooling
would rise by about the same margin, whereas the usefully recovered
energy (in steam (13)) would remain unaffected. As a result, the energy i
steam would only amount to approx. 58% of the turnover. Thus, the energy
utilisation of the process under study would appear to be "typical”

(see above) once an allowance has been made for the rather unusual

feature of exclusive oleum production.
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When considered in more detail, the process could be seen as
consisting of two separate sub-processes, namely a "high temperature"
section in which SO, bearing gases are produced, and a "low
temperature" section in which the absorption takes place (see

Figure 3.6). There are only two energy transfers between these two

?ao0 £663 s-ao
27) 6*)
HEAT
EXCWGQ.
IN
LOW T. ORYINT* T HIGH T.
\ r
* OLEUM TOWER & blower
4-60 * BURNER
AHOR $ AS&ORSER 4 W H.B. 6 HOR
121-50 $ TAN KB *« PILTER 437~-SS
85-91 * CONVERTER
* COOLERS
# SUPER HEATER
INSULATION
& ORTING TOWER @ ECONOMIZER
"er-73
COOLING
1?6 «SS
52-43 13-89 336-28
Figure (3.6) Dividing the contact process in two sections.

sections, effected by the exchange of matter (stream (22) and water
in the drying tower) and heat (in the drying tower). In the high

temperature section, "77% of all energy inputs are diverted into the
useful output (i.e. steam (13)) and in the low temperature section,

practically no useful output is obtained. Obvious possibilities to
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improve the overall energy performance would, thus, be to try and

— decrease the enthalpy of stream (22)

— decrease insulation losses and/or mass flowrate of blowdown

— recover some independent useful output (i.e. low temperature heat)
from the low temperature section, or

— increase the amount of heat given from the low temperature section
to the high temperature section.

The extent to which any of these policies is feasible and, may be,

worthwhile will be discussed further below.

ENTROPY ANALYSIS

In a heat balance, the extent to which energy is directed into
desirable and undesirable directions is examined and the term "loss"
is usually applied to energy which leaves a process along an
undesirable path. As a corollary, "losses"” in a heat balance occur
only at the boundary of the system under examination. In a Second Law
analysis, the term "loss" is applied to quantities which are destroyed
rather than misdirected (i.e. the potential for effecting energy
transfers and transformations). Such "losses" occur at the boundaries
of systems as well as inside : if a particular unit operation is
carried out in a highly irreversible fashion, a corresponding "loss"
will be identified in the same spot. From this, the basic assumption
originates which is usually made in the literature, and which is
mentioned in Appendix A, that each piece of equipment in a process
can — in first approximation — be held responsible for the non-ideal

energy performance of the whole process to a degree which is measured

by the irreversible entropy change a occuring in it.

In Table (3.7), the entropies of the process streams are listed,
see page 82. The necessary calculations were based on the physical

property data given in Appendix B. In the case of the gas phase streams
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(No.l through No.6 and No.15 through No.24), Equation (2.46) was

used
2
s2 —sx = [/ cp * - R*£Enn2 (2.46)
1 P1 Repeat

ideal gas
and the entropy changes due to the diffusion of gases were neglected
(see i1in 2.5). For the calculation of the entropy integral, the
polynomials given in Appendix B were used. In the case of the
water/or steam streams (No.9 through No.13) and the sulphur stream
(No.14), the values tabulated in Appendix B for entropy were used,
and for the oleum and acid streams (No. 25 through No. 40), the
calculations were based on specific heat capacities as given in
Appendix B (i.e. constant value for oleum and first order
polynomials for acid). Since the computations based on polynomials
are quite cumbersome, a short computer program was written for

the evaluation of the polynomials.

In Table (3.8) , the entropy balance is shown for each unit operation
according to Equations (2.26) through (2.28). The terms for the
overall entropy change of reaction within each unit operation are
readily calculated from the information given in Table (3.3) . The
terms concerned with the ambient heat production are computed from
the information given in Figure (3.2) and based on the assumption

T = 20°C. When considering the terms for the "created entropy",

a, a small negative figure for "tank No.2" will be noticed. This

is, of course, infeasible. However, it is explained by the fact that
the entropies of streams in minus out constitute a difference of
large numbers, so that even the rounding of temperatures to 1/10°C
can lead to sufficient numerical inaccuracies to suggest a decrease

in entropy where only a small increase exists.
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Table (3.7) Entropies of streams for contact process

Stream S(T,p)
No. kJ/°K
(1) 33.30
(2) 62.85
3) 77.22
(4) 54.17
(5) 4.42
(6) 18.63
9 165.50

(10) 446.78
(11) 35.51
(12) 742.80
(13) 826.24
(14) 17.37
Table (3.8)

Stream S(T,p)
No. kJ/°K
(15) 533.29
(16) 345.31
(17) 356.42
(18) 353.56
(19) 436.82
(20) 372.75
(21) 470.16
(22) 241.22
(23) 66.24
(24) 88.40
(25) 1036.98
(26) 660.73
27) 26.88
(28) 633.85

contact p

Unit operation i—ln S-(T.p)
Blower 29.55
Drying Tower 81.05
Burner 461.75
W.H.B. 143.55
Junction 6.69
Filter -2.86
1st Bed 83.26
Superheater 19.37
2nd/4th Bed 78.78
Economiser 52.34
Oleum Tower 190.01
Oleum Cooler —-376.25
Absorber 131.33
Tank No.l 1.71
Absorber Cooler —-103.40
Tank No.2 —-0.08
Drying Cooler -68.32
Overall 728.48

(One minute steady state operation)

Entropy balances for unit operations

rocess

overall
ASoR
RS,RS

/I, T/°v\

—44.27
13.38

—-4.79

—-2.82

—104.80

—74.44

~N N N N

—-217.74

Stream S(T,p)
No. kJ/°K
(29) 32.38
(30) 1462.81
(31) 1544.96
(32) 1441.56
(33) 38.14
(34) 1353.64
(35) 49.78
(36) 1099.53
(37) 1031.21
(38) 48.06
(39) 983.15
(40) 1049.83

(One minute steady
state operation)

in

QT a %
)

/ 29.55 2.

/ 36.78 3.
22.42 497.55 42.
8.91 152.46 12.

/ 6.69 0
7.20 4.34 0.
7.82 86.29 7
3.34 22.71 1
11.84 87.80 7
2.56 54.90 4

/ 85.21 7
409.42 33.17 2
/ 56.89 4

/ 1.71 0
120.96 17.56 1
/ -0.08* 0
78.46 10.14 0
672.93 1183.67 100.

see text for explanation

© O Uk, ©0®©OWNO®DNMOWNODOO PR O

0
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OLEUM STRrir

Figure (3.7) Irreversible entropy changes a for unit

operations in contact process.
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Finally, the percentage to which each unit operation may be

considered to contribute to the overall irreversible entropy
increase is also given in Table (3.8). In Figure (3.7), the
results listed in Table (3.8) are shown in the flowsheet context.

NUMERICAL APPROXIMATION METHOD
To provide some evidence regarding the computational accuracy
of an analysis based on the formulae presented in Section 2.4,
another entropy analysis for the present case study has been
evaluated, independent of the first one.
In Table (3.9), the entropies of the process streams are listed
as evaluated by means of Equation (2.47) , based on the information
contained in the heat and mass balance (i.e. Table 3.2). As an
example, the enthalpy of stream No0.18 is given in Table (3.2)
with

H(T) = 161.96 MJ/min
and its temperature with 430°C. Thus, its entropy can, with
Equation (2.47), be approximated as

e ieraengens £n( (430 + 273)/273) .
S (T) = 161.96 * ————— _— MJ/ K/min

356.27 kj/°K/min
(see Table 3.9). This particular figure is about 0.8% different
from the equivalent one listed in Table (3.7) which was obtained
by integration of third order polynomials for all components.
When approximating the entropies of streams where a phase change
occurs between the reference temperature (T = 0°C) and the process
stream temperature, information about the latent heat and the
phase change temperature is required. For streams No.10, No.12
and No.13, (i.e. where steam is involved), this information is
found in Table (B.2) and for stream No.14 (i.e. the molten sulphur) ,

figures are given in Table (B.3) which describe the specific
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Table (3.9) Entropies of streams for contact process
(Approximated calculations)

(One minute steady state operation)

* * *
Stream S(T.p) % Stream  S(T,p) % Stream S(T/p) %
No- (*J/°K) error No. (kJ/°K) error No. (kJ/°K) error
(1) 33.34 0.1 (15) 545.65 2.3 (29) 32.48 0.3
(2) 63.14 0.5 (16) 348.34 0.9 (30) 1466.29 0.2
3) 77.50 0.4 @an 359.43 0.8 (31) 1547.18 0.1
4) 54.36 0.4 (18) 356.27 0.8 (32) 1444.23 0.2
() 4.44 0.5 (19) 443.26 1.5 (33) 38.22 0.2
(6) 18.70 0.4 (20) 376.83 1.1 (34) 1356.15 0.2
(21) 474.96 1.0 (35) 49.86 0.2
(22) 241.70 0.2 (36) 1101.52 0.2
(9) 165.51 0.0 (23) 66.39 0.2 (37) 1032.56 0.1
(10) 452.08 1.2¢%  (24) 88.32 0.1 (38) 48.11 0.1
(11) 36.00 - (39) 984.45 0.1
85)) ;:I:Is 8._67** (25) 1036.98 y (40) 1051.64 0.2
(26) 660.73 /
27) 26.88 / * See Table (3.7) for
(14) 17.54 1 o*+ (28) 633.85 / comparison

** incl.phase change

Table (3.10) Entropy balances for unit operations in .
contact process (Approximated calculations)

Column: 1 2 3 4 5 6 7

AS gverall Q/To a % % %
IS (T.P) ° RS,RS error

Unit
operation i

Il ——

i— e —

mkj/ k /mm; 19 |

Blower 29.80 / / 29.8 0.8 2.5 2.5 ;
Drying Tower 81.55 —44.27 vy 37.28 1.4 3.1 3.1
Burner 473.75 13.38 22.42 509.55 2.4 42.9 42.0
W.H.B. 134.39 / 8.91 143.30 6.0 12.1 12.9
Junction 6.65 / / 6.65 0.6 0.6 0.6
Filter -3.16 / 7.20 4.04 6.9 0.3 0.4
1st Bed 86.99 —-4.79 7.82 90.02 4.3 7.6 7.3
Superheater 16.89 / 3.34 20.23 10.9 1.7 1.9
2nd/4th Bed 79.43 —-2.82 11.84 88.45 0.7 7.4 7.4
Economiser 53.31 / 2.56 55.87 1.8 4.7 4.6
Oleum Tower 189.60 —104.80 / 84.80 0.5 7.2 7.2
Oleum Cooler —-376.25 / 409.42 33.17 / 2.8 2.8
I Absorber 132.07 —74.44 / 57.63 1.3 4.8 4.8
| Tank No.l 0.3 / / 0.3 82.0 0.0 0.1
j Absorber Cooler —-102.95 / 120.96 18.01 2.6 1.5 1.5
j Tank No.2 0.02 / / 0.02 125.0 0.0 0.0
j Drying Cooler —68.96 / 78.46 9.50 6.3 0.8 0.9

*See Table (3.8) Il = 1188.62 100.0



enthalpy of sulphur as a function of temperature in the relevant

interval. Based on this table, Figure (3.8) has been drawn.

T('C)

Figure (3.8) T,h—diagram for sulphur. (source: Duecker and

»est<69>.)

A seemingly crude approximation for the specific entropy, based on

Figure (3.8),would be:

s (140°C) - s(0°C) = 97.4 * Jn( (115 + 273) /273) (heating up
115 solid)
+ (151-97.4) * (1/(115 + 273)) (solid—>liquid)
+ (176-151) *&n((140 + 273)/(115 + 273)) (heating up

(140 - 115) liquid)
= 0.4983 kJ/°K/kq
(Note the rounding of temperatures and the fact that the transition from

rhombic to monoclinic sulphur has been ignored).
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It is on this value that the entropy of stream No. 14 has been based

in Table (3.9) and the error as against the "correct" figure taken
from Duecker and West is about 1.0%. - This as well as all other
deviations of the approximated figures from the equivalent "correct”
ones are given in Table (3.9) in percentage terms.

As was to be expected, no deviations are found in the case of the
oleum streams (No.25 through No0.28), since constant specific heat

was assumed, anyway, for oleum (see Appendix B) . Also, only very
minor deviations are found for the acid streams:

the "correct" calculations had been based on first order polynomials,
see Table (B.3). As for the remaining streams, there are only five
cases where the deviation exceeds one percent and only one case

where it exceeds two percent (i.e. 2.3% for stream No.15). Bearing

in mind, however, the temperature involved in this case (T~ = 930°C),
even this result can be considered to be quite good. Surely, this kind
accuracy could not be expected from an approximation which is based on
the assumption cp = const unless the arguments put forward in
Section 2.4 are considered.

In Table (3.10), the entropy balance for each unit operation is shown,
again, in the same way as in Table (3.8) , but based on the approximated
figures for the entropies of the process streams. In column 5 of
Table (3.10), the deviations in entropy changes a of the individual
unit operations when compared to the equivalent figures in Table (3.8)
are given in percent. In column 6, the magnitude of each individual
entropy change a is, as it was done in Table (3.8) , expressed as a
percentage of the total, and in column 7, the equivalent figures

are given once more as they were evaluated in Table (3.8). Evidently,
a practically identical picture emerges from the approximate

calculations as it did from the "correct" ones.
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The reasons why the eventual results are so little affected Dy

approximations are easily understood : a figure for o as obtained in

column 4 of Table (3.10) constitutes the arithmetic sum of entropy
inputs and outputs which, by themselves, may be many times larger

than a. Thus, small deviations in the entropies of input and output

streams may result in sizeable ones for a. (See, e.g., the deviations
obtained in the case of the superheater and, especially, Of the

two tanks). On the other hand, this effect is bound to become
especially marked in the context of the smaller figures for a rather

than the larger ones and, as a result, the importance of the

individually identified figures for a relative to each other is

practically not affected. (A deviation of 11% for the O Of the
superheater leads to a relative assessment of 1.7% instead of 1.9%/

and so on.)

Coming to the question, then, whether or not an approximate entropy

analysis such as the one derived here would be generally acceptable

as a substitute for a "correct" one, both analyses, the one given

in Table (3.8) and the one given in Table (3.10), ought to be
considered in the light of the uncertainties which are already

. . - (32)
inherent in a usual heat and mass balance such as shown in Table
Uncertainties in the polynomials (with regard to fitting the original
physical property data) , uncertainties in the original physical

property data themselves (incl. heats of reaction), and, most

important, —uncertainties with regard to the true compositions, mass
flowrates, temperatures, and heat losses in the process should amoun
to at least —-3% overall uncertainty in the entropies of process

streams even when the most careful of computational procedures were

employed. From this point of view, the deviations noted in Table (3.9)
would appear to be quite irrelevant and the differences between
Table (3.10) and Table (3.8) could be considered to express no more

than the sensitivity of the results of an entropy analysis to perfectly
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normal uncertainties in the original process description. It must
even be regarded as a matter of chance whether results obtained

in a correct" analysis would be closer to the truth than the
results of an equivalent approximate analysis: the fact that the
small negative figure for a which was evaluated in Table (3.8)

for tank No.2 has turned into a small positive figure in Table (3.10)

illustrates this point.

PRESCRIBING IRREVERSIBILITIES
Measured on grounds of relative magnitudes of the individual entropy
increases listed in Table (3.10), the combustion of sulphur would
deserve prime attention in the present case study: more than 40% of
the overall entropy increase occurs in the burner. Next, there are
sizeable contributions in the converter (~15%), in the waste heat
boiler (~12%) , and in the oleum tower (*7%) . The remainder of the
overall entropy increase 0'23%) 1is spread over the remaining twelve
unit operations. Thus, the major share of the irreversibilities appears
to be due to chemical reactions and, in this situation, it seems
appropriate to examine which irreversibilities are "inevitable"
with present day technology (see in Section 2.6)
The Burner. The temperature at which the products of the reaction

S + 02 - so2
are available is limited by practical considerations concerned with
materials of construction. One might assume that, specific
advantages shown, a temperature TA,_ = 1100 C might be acceptable for
the product gases. The possibility, however, to install a heat
exchanger directly in the burner (see in Section 2.6) shall not be
considered : the technological difficulties would appear to be
prohibitive. Thus, a situation exists for which graph c) in

Figure (2.11) is applicable : the highest thermodynamic efficiency
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that can realistically be obtained in the burner is defined by the

*
highest practical mass flowrate with a corresponding amount of
preheating for the input streams so that the highest product
temperature defined above is reached. A practical limit for the mass
flowrate of the process gases, however, is rather difficult to define.
The conversion efficiency of the SO~ MSO” equilibrium reaction would
not be adversely affected by an additional excess of oxygen and the
obvious factor that would define a limit would be the capital costs
per unit product. In the present context (of establishing thermodynamic
limits), however, capital cost considerations should not be conclusive
first, it is necessary to examine what an improved thermodynamic
efficiency would be worth. Thus, it was assumed that the mass flowrate
of combustion air (4) might be increased by 20% . This would be
sufficient to clarify whether or not improvements could result that would,

overall, be worthwhile:

my = 319.8 kg/min

m, = 383.6 kg/min
with the superscript indicating a
modification as compared to the original
case study.
Assuming, further, that no heat is lost through the walls in an

"optimal" arrangement,

*
Q=o N
one obtains:

* The conclusion that the mass flowrates must be increased (rather
than decreased) is easily drawn when considering that, in the
present case, the reactants exist at relatively low temperatures.
(Compare text to Figure 2.11,case ) in Section 2.6).

** Some of the increase could, evidently, be provided by diverting
flow (5) - partly or in whole - through the burner and the waste
heat boiler.
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W15 = 15 4 g v

15 “1g A15 * T15

15 lis
HA = H4 * A A
ma T4

(H4 + *14} = (H4 + H145 + (S15 —~V “ 2
*14 = H14 + <*14 — V 14
Tif=T,

The last two equations follow from initial checks which have made it
cMear that considerably more preheat is required than could be
accommodated by flow (4) alone at temperatures below 140°C (i.e.

the original temperature of the sulphur (14)). The equations are
easily solved one by one and the results are listed in Table (3.11)-
Also in this table, the new values for the entropies of the three
streams in question are listed (they were evaluated by means of
Equation 2.47).

Table (3.11) Parameters describing "optimal"” arrangement for burner

[ —....
* o« *
m T H(T,p) S(T,p)
(kg/min) (°c) (MJ/min) (kj/°K/min)
“4) 383.6 354 137.27 322.42
(14) 35.2 354 13.80 32.41
(15) 418.8 1100 477.44 701.09

With these results, the term

(Sr ~ Syip = S(T)15 - 8(T) }4 — S(M)4

optimal
= 342.26 kj/"K/min

can be computed. Based on Table (3.10) and Figure (3.2),

(Sout - Sin> - S<T,15 - S<T)14 - S<t,4 +8/To
actual

= 496.17 kJ/ K/min



- 92 -
and the "avoidable" entropy rise a is, thus, found to be:

0
Burner .
optimal

153.91 kj/°K/min
The Converter. The standard entropies of the products of the
reaction
(Y)AIR + S02 + S03 + (0.21Y — 0.5)C2® + (0.79Y)N2
are smaller than the ones of the reactants (see Table 3.10), This
indicates that, with rising temperature T, the Free energy change
approaches zero, i.e. equilibrium conditions are approached. Also,
for high conversions of S02 to SO”, the temperatures which define
equilibrium are smaller than for low conversions : above T = 7OOOC,
equilibrium conversions are below 50% and only for T<5000C, conversions
of over 90% are theoretically possible (see Duecker and West</?) .
Thus, heat has to be removed from the reaction at temperatures low
enough to guarantee satisfactory conversion. In the present case
study, this is done by means of
— the superheater (between first and second stage of conversion), and
— two "cold shots" (i.e. air injected between 2nd and 3rd and
between 3rd and 4th stage).
Assuming that the temperatures of the reacting species as found in
the case study represent upper limits from the conversion efficiency
point of view, there is only one way worth considering to increase
the thermodynamic efficiency of the converter: the injected air(6)
could be preheated and the additional energy so introduced into the
converter could be removed at reaction temperature by means of
another interstage heat exchanger, such as the superheater. A
corresponding arrangement, which should enable a similar conversion

to be reached as in the original case study, is shown in Figure (3.9).



T * 338 *C
H s 326 -91

T **63 °C
H* 1?5 -92

T m440 °C
W» 417-69

Figure (3.9) "Optimal" arrangement for S O — SO” conversion.

Since the arrangement is to represent an "optimal" one, no insulation

losses have been assumed. Further, no changes to the mass flowrates
have been assumed. The reason is that, with input streams that are
considerably "preheated" in the terms of Figure (2.11), the mass-—
flowrates would have to be decreased to improve thermodynamic efficiency

and this would adversely affect conversion efficiency.

The figures for temperatures, enthalpies and entropies shown in

Figure (3.9) have been evaluated in an equivalent way as in the case
* *

of the burner, compare Table (3.11). With the entropies S SD and
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SR7 with the information given in Table (3.9), it is possible

to evaluate the terms

(Sout - Sin>optimal * 90'29

for the first stage of conversion and
(Sout — Sin>optimal - 60.79 kJ/Vmin
for the remaining stages. This leads, after comparison with the

figures listed in Table (3.10), to the following figures for the

"avoidable" entropy rises:

1st Stage 4.52 kJ/ K/min

and

°2nd—-4th Stage * 30'48 kJ/ K/min

The Oleum Tower. The overall heat of reactions and of non-ideal
mixing in the oleum tower is exothermic and this would indicate that
one should try and raise input temperatures. However, there is a
large recycle stream (i.e. the oleum cycle) which causes all output
temperatures to be considerably lower than input temperature T" e
Thus, additional enthalpy in stream No.22 would be degraded and one
has to try and lower T by as much as possible. A temperature of
T22 = 80°c would, probably, not impair the absorption efficiency
and the figures listed in Table (3.12) are based on this assumption.
To maintain the heat balance, a corresponding decrease for T™ was
assumed:

Table (3.12) "Optimal” arrangement for oleum tower

T H(T,p) S(T,p)
(°C) (MJ/min) (kJ/°K/min)
(22) 80 38.18 122.65

(25) 48.2 263.94 890.34
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Based on these figures and on Tables (3.9) and (3.10), the

avoidable entropy increase in the oleum tower is obtained:

—Oleum Tqwpt— = 27.59 kj/°K/min

To check the likely effects which changes in mass flowrates
could have, the flowrate of oleum stream No.28 was considered
reducible to 90% of its present value. With a corresponding rise

in output temperature T ~, this was found to lead to a figure of

a = 28.09 Kkj/°K/min
i.e. the effect is negligible. This is understandable since the heat
released in the oleum tower is quite small compared to the turnover.
Thus, even significant changes in mass flowrates effect only minor
changes in temperature.
The Absorber Tower. The situation in the absorber tower is similar
to the one in the oleum tower with the exception that the temperatures
of the gas flows already assume values which are low as well as
similar to each other. Thus, only marginal improvements could be
achieved when modifying temperature and/or mass flowrate specifications.
In a practical sense, there are not many irreversibilities in the

absorber tower that could be avoided:

The Drying Tower. In the drying tower, condensation of water and
dilution of acid lead to an increase in temperature of both the acid
and the air. If both input temperatures were increased, the accompanying
entropy increase would become smaller. Also, the mass flowrate of the
acid might be decreased but, similarly as in the oleum and in the
absorber tower, the effect would be negligible. Based on the assumption
* o

that acid could be fed into the drying tower with T = 70 C and air

* o
with T~ = 50 C, and that the changes in temperature remained unaltered,
the "avoidable" entropy increase in the drying tower is:

= 2.33 kj/°K/min

Fij . T
JDrying 4ower




Summary and Comment

Some of the irreversibilities termed "avoidable" above might not be
completely avoidable in realistic circumstances. Further, some
"avoidable" irreversibilities would - even though their prevention
might be practical - better not be avoided if the consequences for
the process as a whole were examined : a high burner gas temperature,
e.g., will increase the thermodynamic efficiency of the burner but
might decrease that of the waste heat boiler. Thus, it might be argued
that such points of view ought to be considered when irreversibilities
are prescribed. However, irreversibilities which are not examined

on grounds of "inevitability" feature the same drawbacks and,
consequently, it was felt premature to try and take a detailed account
of practicality or network considerations when prescribing

irreversibilities.

On the other hand, there is an important difference between "avoidable”
entropy changes such as have emerged from calculations above and other
entropy increases that have not been interfered with: the latter type
can never be completely avoided in practice (because equilibrium
conditions would have to be reached) whereas the former could, perhaps,
be avoided in full. Depending upon how drastic the limits chosen for
operating conditions are, they might be reached if advantages in doing
so are shown. This leads on to the question whether irreversibilities
might not preferably be prescribed in all unit operations so as to

make allowance for the fact that equilibrium conditions are unobtainable.
The concept of "inevitable" losses could be carried further by assuming,
e.g., a finite minimum temperature difference within each heat
exchanger and by comparing actual irreversibility to that which would
result if minimum temperature difference was achieved. However, by
assuming a minimum irreversibility for a given operation, the operatic;,—

is implicitly accepted as necessary and, as pointed out in the
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Introduction, one ought to examine whether a particular process step
is at all necessary before trying to improve it. Thus, no practical
"optimum" conditions were defined in this case study for unit
operations not involving reactions. This strategy would appear to
suit the situation where a reaction path is given and the designer’s
freedom of choice is restricted to selecting from alternative physical
processing operations.

In Table (3.13) , the entropy analysis of the process is presented as

it finally emerges after the entropy increases found to be "inevitable”

Table (3.13) "Avoidable"” entropy changes a for contact process

Column : 1 2 3 4 5
unit . (Sout_skn) (Sout_sin) a % %
Operation actual optimal
Blower 29.80 0 29.80 5.5 5.5
Drying Tower 81.55 79.22 2.33 0.4 16.9
Burner 496.17 342.26 153.91 28.5 194.4 i
W.H.B. e 143.3 0 143.30 26.6 26.6
Junction 6.65 0 6.65 1.2 1.2
Filter 4.04 0 4.04 0.7 0.7
1st Bed 94.81 90.29 4.52 0.8 16.6
Superheater 20.23 0 20.23 3.7 3.7
2nd/4th Bed 91.27 60.79 30.48 5.7 16.4 1
Economiser 55.87 0 55.87 10.4 10.4
Oleum Tower 189.60 162.01 27.59 5.1 15.7
Oleum Cooler 33.17 0 33.17 6.2 6.2
Absorber 132.07 132.07 0.0 0.0 10.7 |
Tank No.1 +0.30 0 0.30 0.1 0.1
Absorber Cooler 18.01 0 18.01 3.3 3.3
Tank No.2 0.02 0 0.02 0.0 0.0
Drying Cooler 9.5 0 9.50 1.8 1.8

Note: Units as in Table (3.10) E = 539.72 100.0 220.2

have been eliminated. In column 3, all entropy increases that would
deserve attention are listed and in column 4, their relative magnitudes
are expressed in percentage terms. When interpreting these figures, one
can work on the assumption that something could be done about any of
these irreversibilities by means of conventional technology. To

facilitate comparison with the previous analysis, in which no difference
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Figure (3.10) "Avoidable" entropy changes a for unit operations in

contact process.
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was made between "avoidable"” and "inevitable" entropy increases,
the figures for a evaluated in Table (3.8) have also been expressed
in percentage terms, on the same basis, and have been listed in
column 5. If these figures are compared to the ones in column 4,
differences arise only in the cases of those unit operations which
involve chemical changes (the relevant figures are shown boxed in
column 5). The differences are, however, big enough to suggest
relative priorities for the individual unit operations which are
decidedly dissimilar. Also the overall entropy increase turns out
different by more than one in two : less than half of the overall
entropy increase listed in Table (3.8) can, realistically, be
avoided. In Figure (3.10), the "avoidable" entropy changes are

shown in the flowsheet context.

INTERPRETATION : GENERATION OF WORK

Due to the fact that the process is operated more or less at
atmospheric pressure, the "avoidable” irreversibilities finally listed
in Table (3.13) and shown in Figure (3.10) are all of a similar kind:
they are connected with the degradation of heat.* In the burner, in
the converter, and in the absorption section, heat is not sufficiently
upgraded in the course of reactions and in the heat exchangers, the
coolers, and in the mixing junction, heat is degraded due to heat
transfer at finite temperature differences. Thus, all these
irreversibilities could be avoided if the products of reactions

were obtained at the highest practical temperatures and if ideal Carnot
engines were employed in every case of heat transfer. The overall

work gained in these Carnot engines would amount to

T *5" * 160 MJ/min
o overall

i.e. would constitute approximately as much work equivalent again as

*With the exception of the irreversibility in the blower, see
Section 3.2.



is already found in the steam raised (13):
Ex(T, = H (T, — T *S(T, 150 MJ/mi
x(T.p) 4 ; (TP 16 o S(Tp) s « min
Thus, the process can be said to be roughly 50% efficient in Second

Law terms with inevitable irreversibilities excepted.

In practice, however, work generating equipment could not be spread
over the whole plant and one would have to try and avoid as large a
share of the overall irreversibilities as possible with as few
installations as possible. In the present case study, 55% of the total
"avoidable" losses are concentrated in the burner and the waste heat
boiler and the remaining 45% are spread over the rest of the process.
Since an improvement in the burner will lead to hotter burner gases,
the chance seems to exist of fighting about half of the overall
losses in one single installation which would replace, or partly
replace, the waste heat boiler. The function of this installation
would be to exploit, in the thermodynamic sense, the large

*
temperature difference between the hot burner gases and the steam
raised (or an ambient heat sink if no steam was raised). Assuming
that the installation would operate with an exergetic efficiency of
about 70%, which would be a good practical value, the useful work
gained would amount to approximately

) ~Nn*T* (a + a ) (3.1)
gained ex o Burner W.H.B.

— 62 MJ/min

i.e. the energy recovery of the process would, in Second Law terms, be

improved by roughly (62/150=) 41%.

Having identified that direct exploitation of the potential of
high gas temperatures is required, an arrangement such as sketched

in Figure (3.11a) might be appropriate:

* at about 1100°C, once the performance of the burner has been
improved.
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Figure (3.11) Arrangement for reduced losses in sulphur burner
and waste heat boiler.
a) Functional flowsheet.

b) T,S—diagram representation.

The combustion of sulphur might be carried out under pressure and
the combustion gases could drive a turbine which would provide the
power necessary for compression, as well as some surplus power.
Essentially, the arrangement represents an ordinary open gas turbine
installation. In Figure (3.11b), the process is, qualitatively,
sketched in a T,S - diagram. Based on the assumption that 20% of the
heat of reaction could be won as surplus work

W =65 MJ/min
surplus

a heat balance can be made up for the system boxed in Figure (3.11a)
co evaluate the temperature of the turbine exhaust gases:

T = 790°C
Z

(N
* see e.g. Baehr for practical values.
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Thus, steam could still be raised and, based on Table (3.2), the
production of steam would only have to be decreased by about 18%. In
Table (3.14), a crude comparison is given of the amount of work
gained with and without gas turbine, as well as of other criteria
of interest. The table is based on the assumption that the expansion
equipment used to generate work from the HP steam would have an

exergetic efficiency of = 0.7

Table (3.14) Comparison between conventional steam raising
process and process with gas turbine scheme

Conventional Gas Turbine
Arrangement Scheme
Surplus work from gas None 65 MJ/min
turbine scheme
Process steam raised 123.8 kg/min 101.5 kg/min
Work from steam 105 MJ/min 86 MJ/min
turbine
Total work gained 105 MJ/min 151 MJ/min
f
J
OTHER CONS!EDERATIONS }
Turbine, compr.,etc. No Yes
1
J
Steam raising plant Larger Smaller
Blower Yes No

i
Acid mist filter
after drying tower

No Yes

In thermodynamic terms, the adoption of the gas turbine would improve
the process considerably but whether or not the scheme could ultimately
be attractive, would depend upon capital cost considerations and problems

of reliability and operability. Also, the HP steam raised might in some
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cases be used for process heating rather than for the generation of
work and the marginal price of electricity might vary. However,
with rising costs of fuels the scheme might become increasingly

attractive. In Section 3.9, it will be discussed further.

When comparing the amount of extra work gained (i.e. 46 Mj/min, see
Table 3.14) to the scope for improvement estimated before (i.e.
62 MJ/min, see Equation 3.1), the agreement is only approximate.
However, it ought to be emphasised that Equation (3.1) and Table (3.14)
are based on different as well as very crude assumptions. Generally,
the rationale behind Equation (3.1) 1is obvious and there seems to be
a case for recommending the procedure used above for crude
estimations of the scope that might exist for improved energy
efficiency in terms of generating work:
1) Make up Second Law analysis which lists "avoidable”
irreversibilities.
2) Concentrate on single large irreversibilities, assume
practical efficiencies for equipment to be used, and
estimate scope for improvement as in Equation (3.1).
3) Define function which equipment has to fulfil to reduce
irreversibilities and specify equipment accordingly in
more detail.
4) Examine specified modification.
However, having made these recommendations, two snags ought to be
pointed out. The first is the fact that there seems to be no general
way of predicting practical efficiencies other than by specifying
equipment. (This point is discussed in Appendix E where examples are
shown of seemingly similar irreversibilities which are of different
practical significance). Thus, estimates made under point 2 above can
only be subject to revision under point 3 or point 4. The second snag

is the fact that network interactions could be deliberately employed
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so as to create single large irreversibilities. In other words, one
might shift several inefficiencies and concentrate them in a suitable
unit operation only to introduce work generating equipment afterwards
in that unit operation. Thus, it is necessary to consider not just
those single large irreversibilities that emerge from an analysis but
also those that could, perhaps, be created. This of course is a
difficult task and success will largely depend upon experience and

intuition.

INTERPRETATION : NETWORK INTERACTIONS

There is a fundamental difference between the substitution of

equipment for improved energy recovery (e.g. the use of Carnot engines and
heat pumps instead of a heat exchanger) and the modification of equipment
for improved energy recovery (e.g. the increase of transfer area in a
heat exchanger): substitute equipment will normally enable identical
process stream outputs to be obtained from identical inputs (i.e. only
utility streams are altered) whereas modified equipment will lead to
different process outputs for changed inputs and vice versa. Thus,
substitution of equipment does not necessarily lead to changes elsewhere
in a network but modification does.

The type of improvements discussed in the last section relied largely
on the substitution of existing plant by work generating equipment

with consequently small effects in terms of network interactions.
However, as was pointed out above, only large and isolated
irreversibilities will normally justify the use of this approach.
Smaller irreversibilities, by contrast, have to be dealt with by
modifying existing equipment with sometimes marked and usually quite
unpredictable changes caused elsewhere in the network. In the present
section, some of the smaller irreversibilities listed in Table (3.13)
are discussed in the light of their impact on the process as a whole.

This will lead to conclusions which are not only compatible with, but
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usefully complement the ones drawn from the last section.

The Coolers. When trying to prevent the losses in the coolers,

two strategies might be adopted : the first could be called the
"First Law strategy"” and would attempt to increase the useful outputs
from the process elsewhere so as to reduce the need for cooling.

The amount of additional enthalpy directed into useful outputs

would thus, in First Law terms, correspond to the reduction in
cooling requirements. The second could be called the "Second Law
strategy"” and would try to replace the coolers by work generating
equipment.* This strategy would be based on the ideas outlined in
Section 3.6.

A thorough assessment of the scope that would exist for improved
energy performance of the process as a whole would have to carefully
balance the "First Law strategy" against the "Second Law strategy".
Even if work generating equipment was introduced, it might still be
worthwhile to reduce the heat loads on the acid streams by increasing
useful outputs elsewhere in the process. Alternatively, it might

be advisable to increase the heat loads on the acid streams once

that the alternative equipment is used. (This is in line with the
idea put forward above of concentrating irreversibilities before
introducing work generating equipment). Clearly, one would require
simulations in heat and mass balance terms to obtain clarity. Thus,
the role of a Second Law loss analysis seems, in this case, to be
restricted to "flagging"” a possibility for improved energy performance
that may either be adopted or not, but the extent to which an overall
improvement could be achieved if the possibility was adopted has to

be examined by means of a conventional simulation.

* 1t is clear that acid and oleum are not ideally suited for such a
scheme, but the example is used only to discuss a general point.
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Insulation Losses. In a heat balance, "losses" through the surface of
plant are measured by reference to the quantity of heat involved
and in a Second Law analysis, the source temperature of that heat
is also important. Practically, however, the most important aspect
of a loss might be where it occurs : poor insulation in the burner,
e.g., would lead to lower burner gas temperature and, thus, to less
steam raised. Poor insulation in the economiser, by contrast, would
lead to a lower temperature T and thus to lower cooling requirements
in the oleum cycle. In other words, the effect of poor insulation would
be detrimental in one case but beneficial in the other.
To what extent, in either case, the effect would correspond to the
quantity of heat lost, or to the entropy change a, would have to be
determined by means of a detailed simulation. However, it seems evident
that straight-—forward quantities of heat lost would often be of a better
intuitive significance than corresponding entropy increases . To
justify this point of view, it may suffice to repeat the following
three simple facts:
(1) the significance of entropy changes a is related to the
generation of work (see Equation 3.1),
(2) insulation losses are normally small, and
3 small losses do not normally justify the Lilse of work generating
equipment.
Thus, the conclusion reached is similar to that obtained in connection
with the coolers : the role of entropy changes a seems to be restricted
to that of "flagging"” an inefficiency but whether or not a realistic
improvement could indeed be achieved, and how large it would be, has
to be established by means of simulation.
The Superheater. Prevention of the loss in the superheater might be
considered by way of changing input parameters (e.g. superheat steam
at higher pressure) and/or by way of changing output parameters (e.g.

superheat steam to higher temperature). The heat transfer area would
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have to be increased in either case. Also, the amount of heat
removed from the process gases might have to be increased with
consequent reduction in the reaction rate in a second catalyst bed
of a given size. Whether or not the corresponding capital outlay
could be justified, would depend upon the merit that could be
derived from the increased pressure and temperature of the steam.
In the present case study, the steam is passed into a mains at
685 psia and extra potential in terms of pressure or temperature
would be destroyed almost completely by irreversible mixing and

diffusion on entry into the mains, see Figure (3.12). Any benefit

Figure (3.12) Reducing the irreversible entropy change o
in the superheater.
a) Present arrangement.

b) "Improved"” superheater.
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to be derived from increased steam temperature or pressure would
therefore be measured in terms of enthalpy, which would only be

*
available at the mains pressure . The task of relating the magnitude
of changes in aSuperheater to the additional enthalpy that is
available in the mains requires a complicated calculation.
Consequently, alterations to the superheater are probably more
sensibly discussed in terms of additional enthalpy passed on to the
steam rather than in terms of irreversibilities avoided in the
superheater. Once more the role of entropy can be seen to be one of
"flagging"” a possibility for maintaining higher levels of energy
potential but not of quantifying corresponding benefits. Whether or
not benefits would arise at all, and how large they would be, depends
upon the consequences of a modification elsewhere and can only be
evaluated by means of a heat and mass balance simulation in which
entropy figures would no longer be required.
On the other hand, if entropy figures were monitored in the course of
the simulation (as was done in Figure 3.12), changes of magnitudes
might be observed which would be large enough to justify direct
generation of work. In Figure (3.12), e.g., the rapid increase in the
magnitude of g” .” might suggest increasing the ex-—superheater steam
pressure and temperature even further and then employing a small
turbine for expansion into the mains. This is, again, in line with the
idea of concentrating inefficiencies before using work generating
equipment referred to twice before. Thus, improvement in the
thermodynamic efficiency of the superheater could, ultimately, lead to
some extra work gained. The amount of this work would, however, be
indicated by the magnitude of amiX and not by the chanqge in

a
superheater

* This does in no way imply that such additional enthalpy would be
of little value. Small amounts of superheat could be quite
valuable for the mains in preventing condensation.
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All these considerations seem to reinforce conclusions reached
before and a brief summary of these conclusions (drawn in the
present and the last section) follows:

1) A large irreversibility may suggest direct generation of
work by means of suitable equipment placed where the
irreversibility occurs. Roughly, the magnitude of the
entropy increase may be taken as a guideline for the amount
of work to be gained but detailed examination is required to
obtain clarity.

2) An irreversibility which is not large enough to justify
direct generation of work indicates nothing else than the
fact that higher levels of potential might, possibly, be
maintained where the irreversibility occurs. However, whether
or not it would be advisable from an overall point of view
to really maintain these higher levels, can only be clarified by
means of simulation to examine effects on an overall process.

3) When studying these effects, constant monitoring of changes in
irreversibilities is recommended since some might increase
sufficiently to suggest direct generation of work.

From point 2) above, it is clear that suggestions to reduce

irreversibilities in a practical flowsheet do not only have to be

cross—examined against possible drawbacks in capital expenditure,
safety, etc. (a commonly accepted truism) but also against overall
benefit in purely thermodynamic terms : the overall improvement that
could be realised following the improvement of a single unit operation
might not at all resemble the improvement in that unit operation.

Thus, 1t seems questionable whether the approach is justified of

holding — even in a first approximation — each unit operation

responsible for the non-ideal energy performance of the overall

process to a degree which is measured by the irreversibility occurring
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in it. This more or less commonly accepted "rule of thumb" (see above
in Chapter One, in Section 3.3, and in Appendix A) would now appear
to require qualification to the extent that the approach is valid only
if the irreversibility in question is large enough to justify the

implementation of work generating equipment.

INTERPRETATION : RECOVERY OF LOW GRADE ENERGY

Some forms of energy might be more convenient to handle than others
on a given industrial site and, at a certain stage in the design of
a particular process, an energy recovery policy will, by and large,
have been adopted. In the present case study, this policy was,
apparently, to raise HP steam for the mains but not to generate any
work on the H_,SO,

377%

in the relative costs of energy and equipment ten years ago, in the

plant. Reasons for this decision might have lain

marginal costs for steam and power that were applicable on the site,

and in considerations concerning reliability, operability, etc. To avoid
criticising past work after modifying important assumptions, this policy
of not generating work will be observed here and all that will be

examined is the question whether more steam could have been raised.

Thereby, the maximum amount of steam that could possibly be obtained
will be considered determined by the maximum amount of heat that
would be available within the process. In other words, an arrangement
such as shown in Figure (3.13) on page 111 will not be considered
it would involve work generating equipment within the contact process
and would therefore not be compatible with the policy not to use such

equipment.

To clarify which sources and sinks of heat exist in the process, a
sketch such as shown in Figure (3.14) on page 112 might be drawn. It
shows the temperature profiles — over heat exchanged - of the process

gases and of the boiler feed water and steam in the three heat
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Figure (3.13) Unrealistic arrangement for additional steam

raising.

exchangers. From this sketch, it appears that all heat available in
the process above 260°C (i.e. the evaporation temperature) is, Iin
fact, accommodated in steam. Thus, the amount of steam raised would
appear to be about optimal : it could only be increased by reducing
the temperature difference in the economiser. This impression is
hardened when Figure (3.15) on page 112 is considered. The same
temperature profiles are shown, now connected, and the effect of
increasing the amount of steam raised by 10% is indicated by means of
a dashed line : the temperature difference in the economiser would

become rather small.

The dotted line in Figure (3.15) shows the effect of increased pressure.
This would appear possible but, as discussed before, it would only be
worthwhile if either the mains was likely to require some boost in

terms of superheat or if a small turbine installation between superheater
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Figure (3.14) Heat sources ana sinks in contact process.

TEO

Figure (3.15) Effect of increased steam pressure or mass flowrate.
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and mains could prove economical. Assuming that neither is the case,
little benefit could be derived from raising steam at higher
pressure.
Comparing the above argument with the entropy increases listed in
Table (3.13) for the three heat exchangers, one might conclude that
these irreversibilities are inevitable due to the decision not to
generate work : the heat to be exchanged might be said to have a
"source—entropy"”, defined by the temperature profiles of the process
gases, and a "sink—entropy", defined by the temperature profiles of
boiler feed water and steam. The increase from "source—entropy" to
"sink—entropy" is inevitable and constitutes the irreversibilities in
the heat exchangers. There is no possibility to avoid these irreversi-
bilities and one cannot, e.g.,criticise the "intuitively wrong"
sequencing of waste heat boiler first and superheater second : from
an overall point of view, a countercurrent arrangement is not

*
necessary
In short, an entropy analysis of the three heat exchangers reveals no
obvious chances to increase the amount of steam raised. However, when
considering the rest of the process, and especially the meaning of

the entropy increases a listed in Table (3.13),

Burner and qond/ath Bed
a possibility to raise additional steam becomes apparent : in the

burner and in the converter, irreversibilities are due to the fact

that "....heat is not sufficiently upgraded in the course of reactions...”
(see above). In other words, if a certain amount of heat was given to

the air (4) and/or the air (6) at low temperatures, this heat would

become available at tenperatures sufficiently high to allow further

* Also, the arrangement chosen is a very convenient one : the quantities
of heat that are available from the burner gases and from the SO /SO -
gases are roughly defined by the temperature requirements of the
equilibrium reaction and the chosen arrangement facilitates the
practically desirable division between boiler and superheater.
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steam to be raised. A corresponding arrangement is sketched in

Figure (3.16)

*TOo oleum Tower
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Figure (3.16) Basic arrangement for air preheating in contact

process.

Heat from stream No.22 (that would otherwise be passed on to the acid/

oleum section) is used to preheat the dried air (3) and the additional
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enthalpy thus present in the air is channelled (via the burner, the

mixing junction, and the converter) into the hot process gases. Once
there, it can be usefully employed in raising additional steam by

means of a larger waste heat boiler and superheater. The heat load of

the economiser ought, perhaps, not to be increased since the

temperature at the end of the last catalyst bed, i.e. T2]' ought to be
kept constant to maintain conversion efficiency.

When evaluating this scheme it is,again, found that the extent to

which irreversibilities could be reduced bears no intuitive

resemblance to actual improvements : in spite of only small reductions

in irreversibilities, a considerable improvement in the amount of HP steam
raised is possible. (In Section 3.9, schemes which are based on the present
scheme are outlined in some detail.) Thus, a summary can now be given

that clarifies the use to which Second Law analysis can be put when
maximising recovery of low grade energy:

Once the decision has been taken to recover low grade energy rather

than work and not to use a heat pump arrangement such as sketched in
Figure (3.13) , a certain overall entropy increase o becomes implicitly
accepted. In such a situation, large and small entropy increases alike might
or might not be part of this implicitly accepted total. If they are part
of it, they are of no significance whatsoever from the energy recovery

point of view (see e.g. ch.FI.B. above) .

Nevertheless, a systematic discussion of all irreversibilities in a
process is likely to help finding those entropy increases that are
significant from the energy recovery point of view. The extent to which
improvement is possible, however, must be clarified by means of

simulation.

SCHEMES FOR IMPROVED ENERGY RECOVERY
In Figure (3.17), a scheme is shown which is based on the suggestion made

above : a preheater connects the S03 bearing gases with the dry air.
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Figure (3.17) Complex scheme for improved energy recovery in contact

process.
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Also, some of the enthalpy of the blowdown is recovered and, lastly,
the blower has been placed downstream of the preheater. This latter
alteration leads to an increase of ”40% in the power required to
achieve the same pressure rise, but it also allows to increase the
temperature of the air considerably beyond what could be achieved

in the preheater. Consequently, with parameters as shown in

Figure (3.17), about 4 MJ/min in HP steam are recovered for each
additional MJ/min of power spent to drive the blower. However, in
different circumstances such an arrangement could prove considerably
more favourable. Whether or not it would be advantageous in the
context presented in Figure (3.17) would depend on cost comparisons
and, of course, on the difficulties which acid mist carried over from
the drying tower could cause in the blower.

In total, approx. 77 MJ/min additional enthalpy are introduced into
the subsystem defined by means of the dotted line in Figure (3.17)allow-
ing "19% more steam to be raised than in the original case study. At a
marginal cost of HP steam of about 4.00 £/ton and with 320 working
days/year, this would lead to savings of about £40,000/year. The necessary
capital outlay would be rather difficult to estimate. Due to the
larger superheater required, some temperatures in the converter would
be decreased. Thus, reaction could be slowed down, an effect that
might have to be compensated for by increased catalyst mass. Also,
there would be two additional heat exchangers and increases in the
size of three existing ones. Whether or not the savings could justify
the necessary complications would have to be examined in some

detail.

However, these questions have not been studied any further and,

instead, the scheme presented in Figure (3.18) was developed.
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Figure (3.18) Recommended scheme for improved energy recovery in

case study process.

Apart from being less adventurous, this scheme has the particular

attraction that it would be integrated into the existing plant without

any alteration to existing equipment (other than control equipment and

pipework) : all that would be required would be the installation of an

additional heat exchanger — the preheater - between streams No0.22 and

No. 4.
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By choosing stream No.4 rather than stream No.3 for preheating, the
operating conditions for the converter may remain unchanged. Also,

the blower has to be left in its original place and the attempt to

try and leave all other equipment unmodified followed in due course
changes in heat load can be accommodated in the existing heat
exchangers by means of varying the respective mass flowrates of streams
No.4 and No.5 so as to create such temperature differences in the waste
heat boiler as are necessary to transfer the required amount of heat

if slight superheating is effected in the waste heat boiler, and if

the steam exit temperature T ~ is reduced by a small margin, more

steam can be handled in the superheater with a given heat load, a given
surface area, and given process gas temperatures Tiy and Tzo'
Similarly, the heat load in the economiser can be evaluated from given
input conditions and the load of the waste heat boiler can be adjusted
accordingly. The streams drawn fully in Figure (3.18) represent those
streams which may remain completely unaffected whereas the dashed lines
represent streams which are subject to alteration.

A detailed description of the scheme comprising both a technical as
well as an economic evaluation was given to ICl,Huddersfield, in

Summer 1976 (see HASO™ Report”n**"). Extracts from this document are
presented in Appendix C. As shown there, the need to increase T

for increased amounts of steam raised (so that more heat is transferred
in the waste heat boiler), makes it necessary to decrease m4. This
leads to temperature crossover in the preheater if steam is raised in
excess of, say, 111% of the figure achieved in the existing plant. A
moderate and attractive proposition would be to raise 8% more steam
than in the existing plant and some parameters of interest which would

describe this particular case are given in Table (3.15) .
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recovery
* * *
1.08
H'g'S = mH /mlIl = mI3/ml3
additional steam raised : 14.26 tons/day
credit for steam at £4/ton : £18,255/year
«
superheated steam temperature TN : 395°C
«
burner gas peak temperature Tlé’ : 1055°C
excess air in burner : \~103%
steam quality when entering W.H.B. : e = 9.2%
steam exit temperature in W.H.B. : 265°C
smallest temperature difference in preheater : 43°C
ratio of heat capacity flowrates in preheater : 1.51
SOM~gas exit temperature in preheater : 121°C
heat transferred in preheater : 25.25 MJ/min
U*A for preheater : 27.65 MJ/hrA
u-—Sso U= 50KJm /hr </ c 2
heat transfer T " A ) o) : 553 m
= , <=2. = 2.45 Btu/ft 7hr./" P
surface area of 1
preheater ) W-—=880KJI/m~/hr./°C 2
L (= 3.91 Btu/ft2/hr./ F)
cost of preheater 1 r rr— 2
(stainless steel * f I 11 ~ fS'Z
» Intl.30% overheads) | L 546 m . £30,000

8% improved steam

The assumptions used when determining these parameters are described

in Appendix C together with some of the findings discussed in the

70
report( ) regarding time discounting, sensitivity analyses, etc.

an economic point of view, the results appear to be encouraging.

* stainless steel

construction was assumed to allow for possible

corrosion problems, see below.

From



- 121 -

From an operability point of view, the scheme would appear to be

realistic, too:

(1) Starting—up capability should not be impaired. During start—ups,
natural gas is burned directly in the converter and in the burner,
so that the plant would not depend upon the heat given to the air
in the preheater.

(2) Steady state controllability should remain possible, too. If
disturbances were "fed back" into stream No.4 through the
preheater, they could be cancelled by employing the by-pass around
the waste heat boiler as well as the "short cut" stream No.5

3 Lastly, the possibility to operate under turn—-down conditions
would be maintained and credits for steam would, relative to
production rate, be increased : smaller mass flowrates and
would lead to closer temperature approach in the preheater. While
conditions would remain operable, more heat would, relatively, be
given to the air. Also, this effect could still be increased
with less heat to be transferred in the waste heat boiler, m®
could, relative to other mass flowrates, be increased and more heat
would, once more, be transferred in the preheater

From the reliability point of view, the possibility of corrosion in the

preheater must be considered. The preheater would cool the SO” bearing

gases considerably below their acid dewpoint : part of the SO™ would
form sulphuric acid by reacting with the moisture content of the gases

(mainly due to organic matter in the sulphur). However, according to the

plant operating manual f the existing economiser already cools the

gases below their dewpoint so that oleum has to be drained from the

bottom of the economiser once every shift. Further, corrosion problems

are likely to be most serious just below the dewpoint temperature and

to become less severe if cooling is continued, see Ryland and Jenkinsor/65".

Consequently, corrosion in the preheater might present no worse a problem
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than in the existing economiser. On the other hand, temperature gradients
across the gas flow in a heat exchanger are rather marked and flow
conditions themselves are far from homogeneous so that local areas might
exist with worse than average conditions. For this reason, nothing
definite can be said about corrosion problems unless specific designs of
preheaters are analysed. To allow for eventualities, the preheater was
assumed to have stainless steel tubes. (The existing economiser has

mild steel tubes). This assumption, together with the rather conservative
figures used for the cost of steam, and the heat transfer coefficient,

should ensure that the scheme has not been assessed over—-optimistically.

Finally in this section, the prospects should be discussed of integrating
some of the design suggestions made in this chapter into other contact

plants. In Figure (3.19) the basic flowsheet is given of a modern plant

SUIFHU™*

SULPHUR WASTE

BURNER
* BOILER

1cas HEATER
AIR
fINAL
D*riNG
A8SORHR
TOWER
TOWER
INTER
frowex jCOOL EK i AT
* EXCHANGE
) TOWER
' r—..-
. ! jcooim [
F ' MOoDUCT
H i ACIO
TAN* o

Figure (3.19) Simplified flowsheet of a double absorption contact

67
plant. (Source: SIM-CHEM information Ieaflet( ).)
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incorporating double absorption. (Source : a Sim—-Chem information
leaflet ).

Clearly, the gases entering the inter absorber tower in Figure (3.19)
must have a higher mass flowrate than the ones leaving it, as well as

a higher temperature. Thus, heat must be passed from the converter

into the inter absorption system and the chance to obtain more heat

from the equilibrium reaction at ~400°C, as suggested in Figure (3.9)
and assumed in Figure (3.17), may not exist. On the other hand, the
gases entering the economiser will have a lower mass flowrate than the
equivalent flow in a single absorption process and it can be concluded
from Figures (3.14) and (3.15) , that this might tend to cause a narrow
temperature approach in the economiser. Thus, depending upon the temperature
at which boiler feed water is supplied, the installation of a preheater as
suggested in Figure (3.18) might prove especially attractive in a double
absorption plant.

Coming to the gas turbine scheme sketched in Figure (3.11), there is no
reason why this should not be applicable to double absorption plants as
well : the process streams in question in Figure (3.19) appear to be

of a very similar description as those in the case study process.

Also, there has been a development reported by Ugine Kuhlmann in 1972

in which a double absorption process was pressurised (see Vidon (71)).

In this development, compressor and burner were arranged as in

Figure (3.11).

However, the turbine was situated at the end of the process (where

less work can be recovered than that required for compression) and the
reasons given for pressurising the process were given as:

(1) reduction of equipment size with increased production capacity, and
(2) better SOM-yield in the equilibrium reaction.

The energy performance of the process was described with "full

independence”, i.e. there is, apparently, little export.
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If compared to this development, a scheme to pressurise combustion

for the sake of energy efficiency would appear to fail meeting
practical requirements. On the other hand, the cost of energy has

risen sharply since 1972 and today, there is a clear trend towards
improved energy recovery. In this situation, processes might become
attractive that achieve high energy efficiency in technologically tried
and reliable equipment, even though the equipment may be costly. Maybe,

the suggestion shown in Figure (3.11) fits into this category.

discussion

In this case study, an entropy analysis was used to localise and quantify
thermodynamic inefficiencies in an existing industrial process. Quantifica-
tion of these inefficiencies is recommended in thermodynamic textbooks
because, theoretically, work could be gained corresponding to their
magnitude if unit operations were carried out under resisted conditions.
With reference to this basic significance of thermodynamic losses, the
t

suggestion to integrate a gas turbine into a sulphuric acid plant (see
Figure 3.11) was derived in a quite straight—forward manner.
However, different irreversibilities, if sought to be reduced by means
of work generating equipment, were seen to offer different scope for
improvement. Depending on operating conditions, practical efficiencies of

*

suitable equipment might vary and clarification of true scope for

improvement was seen to require discussion in First Law terms.

Further, only single large irreversibilities can realistically justify
the installation of work generating equipment and more than half of the
overall loss encountered in the case study is made up of individual
losses which are too small to justify such installations. Instead, these
smaller irreversibilities can be opposed by modifying existing equipment.

Often in this context, however, benefits achieved in one part of a process

* See also Appendix E.



may be offset by drawbacks in another as a result of network
interactions

In cases where low grade energy (such as steam) is recovered from

high grade inputs (such as fuel), a fundamental reason exists why

network interactions may lead to exact cancellation of attempted
improvements : a certain overall irreversibility is implicitly

accepted in such cases, due to the choice of energy sources and sinks,
and all a designer may do is shift losses from one part of a process

to another.

In summary, individual entropy increases do not offer conclusive evidenr
that energy performance can be improved and clarification is required in
heat and mass balance terms : in the improved flowsheets suggested in
this chapter, entropy increases were not reduced in an indiscriminate fashion
but only when they were found to be relevant to the performance of the
overall process. To decide whether such relevance was given, the
degradation of heat in simple temperature terms was seen to be the most
important and most useful single concept.

On the other hand, the fact remains that the sum of all entropy increases
distinguishes a real process from the ideal. Thus, if each entropy
increase is thoroughly discussed in terms of what could be done to avoid
it, no possibility for improvement that exists would be overlooked. Such
thorough discussions were made in the case study and improvements were
identified. This is not to say, however, that these improvements could
not have been found otherwise : the fact that the temperature of the

SON bearing gases between economiser and oleum tower should be reduced
was already recognised in the brief First Law analysis in Section 3.2 and
the ideas of coupling a combustion with a gas turbine and of preheating
combustion air are simple and straight—forward. Thus, the maximum claim
for Second Law analysis in the present case study might be that it has
produced a convenient framework for a thorough energy utilisation study

at the end of which a fair degree of confidence was achieved that no



substantial possibility for improvement had been overlooked. Whether

or not such a result would justify the effort involved in producing
Second Law analyses in industrial design situations must be left to
individual judgement.

Once the decision has been made to produce a Second Law analysis, the
approximation method used in this chapter will be found useful. Firstly,
the accuracy of the method would appear to satisfy even more stringent
requirements than those normally encountered in industrial practice and
secondly, compositions need only be detailed with respect to species
which experience phase transition between reference state and process
state. This latter fact should greatly reduce efforts in the context of
hand as well as computerised calculations. Apart from the approximation
method, the concept of prescribed irreversibilities would appear to be
useful. Firstly, it eliminates the need to identify free energy data of
the species involved in a reaction. Secondly, part of the task of
discussing "... each entropy increase in terms of what could be done to
avoid it..." (see above) is automatically tackled when optimal conditions
for the reactions in a process are identified. Lastly, a reduction of the
irreversibilities associated with reactions down to about one half of
the original size is significant (even given the fact that the
magnitudes of entropy increases may be inconclusive): it could help

to avoid misapprehensions about the scope that might exist for

practical improvement.
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In this chapter, another industrial process is considered and a
Second Law analysis is carried out in exergy terms. This will enable
comparisons to be made regarding the use of the two functions entropy
and exergy in the context of process evaluation. Also, it will help
to generalise the conclusions drawn from Chapter Three regarding the

usefulness of Second Law analysis in general.

PROCESS DESCRIPTION

Today, almost all commercially produced nitric acid is manufactured
by the ammonia oxidation process. Ammonia is oxidised with air in
the presence of a catalyst (gauzes of platinum/rhodium wires) to
form nitric oxide

4ANH3 + 502 —» 4NO + 6H20 4.1)

and the oxide uses excess oxygen to form nitrogen dioxide

NO + h °2~* no2 (4.2)

and nitrogen tetroxide ;
2N02 — *N 204 (4.3)

The tetroxide is absorbed in water to produce nitric acid. According
to Miles (72), the following equation can be used to describe this
absorption in an overall sense,

3N204 + 2H20 —> 4HNO3 + 2NO (4.4)
although the changes that actually happen are far more complex. It
is obvious even from this simple equation, however, that there is

need for some re-oxidation according to Equations (4.2) and (4.3)

after the absorption has proceeded a certain way.

The absorption section in today's plants is invariably designed for
operation at pressures higher than atmospheric. This is necessitated
by the slowness of some of the changes covered in Equation (4.4) if
acid at concentrations above, say, 50% w/w is to be produced without

/4N\
the use of refrigeration (See Lerolle ). Also, the size of the
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absorption system can be reduced with increased pressure. On the
other hand, power requirements for compression can offset these
advantages. There appear to be two main groups of designs for the
absorption section, namely those operating at "medium pressure"
(i.e. approx. 3 bar abs. to 5 bar abs.) and those operating at
"high pressure" (i.e. approx. 6 bar abs. to 10 bar abs.), see

Oosterwijk (75)

Promotion of the ammonia oxidation reaction (4.1) is achieved by
means of a catalyst and undesired side reactions (which mainly

lead to the decomposition of ammonia and/or the newly formed NO

into nitrogen and water) must be kept to a minimum by optimum
adjustment of a number of design and operating parameters. The two
most important are probably the gauze temperature and the gas
flowrate per unit area of catalyst mesh( see Drake (73) . Increased
pressure is known to influence the yield unfavourably. Thus, more
layers of catalyst gauzes become necessary with increased pressure
and losses of catalyst in operation — which might amount to a
substantial part of operating costs — are increased. On the other
hand, higher pressure allows construction of smaller converters and,
thus, of plants with higher capacities. Also the extra power require-
ments for compression of the reacting gases are low since the gases
are compressed for absorption anyway. Designs exist in which ammonia
is converted at substantially atmospheric (i.e. "low") pressure, as
well as others for "medium" or "high" pressure (same ranges as for the
absorption). Which design would be preferable in a given situation will
depend mainly on economics : low pressure conversion is cheaper in
operating costs (higher chemical yield, smaller loss of catalyst),
higher pressures allow lower initial investment and greater plant

capacities.
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Detailed discussions of existing processes as offered by various
contractors as well as of the basic differences which exist due to

i i i (73) . (74)
alternative operating pressures are given e.g. by Drake , Bahari ,

1 (75) (76)

Bos‘terwij and Lerolle

During the last five or ten years, growing public concern about
atmospheric pollution has led to the introduction of tail gas treatment
units which, however, were usually designed to achieve decolouration
rather than deacidification. In other words, the stack gases were
diluted with air or NOM was reduced — by means of catalytic combustion
or other techniques — to NO. This helped to make the yellow stack plume
less visible but did not substantially improve the total amount of
atmospheric pollution. : as argued by Newwmn(77), the hazard from nitric
oxide emission was not yet sufficiently recognised when decolourising
equipment became more or less standard and it was only later that the

almost total destruction of any oxide of nitrogen, including NO, has

become considered desirable.

For a substantial improvement in this respect, however, tail gas
treatment appears to be of a less proven suitability than for mere
decolouration and, consequently, high absorption efficiency might become
desirable beyond the point justified by the economic value of the
recovered oxide. As is suggested by Newman(77), concentrations of
approx. 700 ppm NO in the tail gases and less could be obtained at not
too high an equipment cost by improving the absorbers and, especially,
by increasing operating pressure. This indicates that high pressure
absorption might become the usual choice, rather independent of
marginal economic arguments. The recent report about the development

of a process featuring high pressure absorption (8 bar abs.), as well
as refrigeration and scrubbing, with a claimed NO —-concentration of

78
200 ppm(l) appears to substantiate this point (see Adrian( )).
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The Kuhlmann Process

A process for which detailed data suitable for a case study could be
obtained is the conventional Kuhlmann process which incorporates
atmospheric pressure ammonia conversion and medium pressure ( 4 bar abs.)
absorption. The plant in question is run by ICl Organics Division in
their Huddersfield factory and produces acid of a high strength

( 69% w/w) at a nominal capacity of 170 metric tons of pure HNON
equivalent per day. NOx figures lie around 2000 ppm but the tail gas

is not treated except by dilution with air. The high strength of

acid is made possible by Kuhlmann's unusual absorption system in

which nitric oxide is re—-oxidised in the liquid as well as in the

gas phase (see Drake (73)). According to comments in the literature,

the process features a high ammonia efficiency and low platinum losses
but high capital costs. The energy economy is considered to be good; a net
export of steam is possible and the latent heat of vaporisation of

ammonia is used for cooling.

In Figure (4.1), a functional flowsheet of the process is given as shown

LfIJN COKDENSATf

Figure (4.1) Functional flowsheet for Kuhlmann HNO_ process.

(74)

(Source: Bahari
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(74)

by Bahari . In the same source, the process is described in some
detail and the following text is based on this description, with
adaptations to the present case study where required:
Air is preheated by means of nitrous gases and is then
mixed with ammonia. One or more converters are employed,
depending on the size of the plant. The converted hot
nitrous gases are passed through the waste heat recovery
system which includes a superheater, a waste heat boiler,
an economiser, and the air preheater in one compact unit.
The gases leaving the waste heat recovery system are
further cooled in a cascade—-type water cooler which also
condenses out most of the reaction water which is
collected in an integral sump with a concentration of
2 to 5% acid. This weak condensate is pumped to the
absorption section.
The cold gases leaving this cooler, together with some
secondary air, are sucked into the turbo compressor which
is powered by a recovery turbine and a steam turbine.
The hot gases leaving the compressor pass through a
steaming economiser and recovery exchanger and are
finally cooled in a film—-type water cooler of special
design. The strong condensate formed in this cooler is
passed into the appropriate part of the absorption
section. One or more columns are employed depending on
the capacity of the plant and acid concentration required.
The nitrous gases flow upward counter—current to the
water/acid mixture flowing down the columns.
Strong acid from the sump of the last column is
conveyed to a bleacher. The dissolved nitrous gases in

the acid are removed from the air blower. The colourless
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product acid is then sent to storage and the desorbed

gases with the bleaching air are fed into the secondary

air intake of the compressor.

The depleted gas from the top of the column is first

preheated in a recovery exchanger and is then expanded in

a recovery turbine coupled to the compressor. The gases

leaving the turbine are passed to the stack.

A natural circulation waste heat boiler is employed.

The condensate from the turbine, together with boiler

feed make—up, is pumped through the feed water heater and

pressure economiser before entering the boiler drum. The

water from the boiler drum then circulates through the

boiler and the steam from the top of the boiler drum is

passed through the superheater. Most of this product

steam is utilised in the steam turbine, with some

available for export
Ilhere are a few aspects in which the case study process differs from
the one shown in Figure (4.1). Firstly, two converters are employed,
with two waste heat recovery systems integrated into common housings
with the converters. Secondly, two absorption columns are employed
which are connected in series, according to the counter—current
principle. 1in Figure (4.2) , a block diagram is shown with the unit
operations on which the simulation of the case study process was
based. (See page 134.) The flows are numbered and a detailed key is
given in Table (4.1), see page 135. Cooling cycle and ammonia
supply have been modelled separately.
Also different to Figure (4.1), the nitrous gases (12) in Figure (4.2)
enter the boiler feed water heater first and the air preheater after-
wards. Thereby, the air preheater consists of a single large unit

whereas the boiler feed water heater has been split into two parts
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Figure (4.2) Block diagram for HNO™ case study process.
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Table (4.1) Description of flows in ammonia oxidation process

Flow Description Flow Description

(1) Primary air from blower (29) Absorption water

2) Air from bleacher (30) Weak condensate acid

“4) Secondary air (31) "40% w/w acid

(8) Ammonia from blower (32) Strong condensate acid

) Air/ammonia mixture (33) Brown acid

(10) Hot converted gases (34) Product acid
(11)-(17) NO—gases
(18)—-(22) NO/N02/N204 — gases (35,(36) Boiler feed water
(23) —(25) Depleted gases (42) Export steam

(26) Control by-pass (43) Turbine inlet steam
(27),(28) Gases to stack (44) Turbine exhaust steam

(45) Condensate

which are integrated into the converter housings. The reason for this
arrangement lies, presumably, in deaeration arrangements which are
particular to the factory. Also, mention should be made of the method by
which control of the absorption pressure is affected : the tail gas
expander features different gas inlets, behind two of which the gases are
simply throttled. By manually adjusting the massflow through these inlets
(represented by means of by—-pass (26) in Figure 4.2) , the absorption
pressure can be controlled. More massflow results in less shaft power
delivered and in a lower absorption pressure. Under normal operating
conditions, a certain massflow must constantly be bled through these
inlets to provide control movement in both directions. As will be seen

below, the corresponding exergy loss is quite considerable.

HEAT AND MASS BALANCE

ICI Ltd. were very helpful in making available a simplified flow diagram
of their plant, drawn by KuhlImann. The information given in this diagram,
however, was incomplete and had to be supplemented by measuring
temperatures on the plant and by studying measured consumption of ammonia
and absorption water, production of acid, and composition of tail gases.
Then, a heat and mass balance was made up based on this information and

on physical property data collected from the literature (see Appendix D).
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Care was taken that the following figures would correspond to the

values either specified or observed:

overall conversion efficiency

absorption efficiency

tail gas composition

amount of absorption water consumed

acid strength (intermediate and product)

air/ammonia mixture ratio

temperatures and pressures in and out of compressor and turbines
— heat load on cooling water cycle

Also, vapour pressures of H”"O above diluted acid, as given by

(72)

Miles , were compared to temperatures, pressures and compositions

in gas flows.

Results

In Table (4.2) on page 137 and Figure (4.3) on page 138, the main
results are shown. All figures quoted refer to the steady state
production of one metric ton of pure HNO”. The ambient temperature
assumed is 20°C, but enthalpy figures are based on a reference
state of TKS = 25°C and pRS “m0. The figures shown in Figure (4.3)
all represent enthalpies in MJ/lOS*kg HNO”. The heats of reaction
and/or of non-ideal mixing are shown by means of boxed figures inside
the symbols for the relevant unit operations, and in Table (4.3)

on page 139 and Table (4.4) on page 140, the chemical changes are
listed in detail which are assumed to occur in the individual units.
These tables are based on information collected in Appendix D
concerning heats of reaction as well as the heat of mixing nitric

acid. Also in Table (4.4), the free energy changes are listed for

each unit operation. These will be referred to in Section 4.3.



Flow

@
@)
3
@
©)
(6)
@)
()]
©)]
CI0)
(11)
12)
13)
a4
(15)
(16)
@an
(18)
(29)
(20)
(21)
(22)
(23)
(24)
(25)
(26)
27)
(28)

(29)
(30)
(31)
(32)
(33)
(34)

(35)
(26)
37
(38)
(39)
(40)
(41)
(42)
(43)
(44)
(45)

Table

O

22
22
25
20
22
22
105
22
94
854
771
297
219
150
40
36
255
292
228
127
25
25
30
160
160
160
57
73

20
40
25
25
20
21

90
158
198
198
198
198
350
350
350
41.4
41.4

(4.2)

P
(psia)

14.
65.
65
65.
64
63.
61.
59
58
5S
15
15.
15

DARRNLGOO O WR OO R

qu
g a<m®

215
215
215
215
215
215
215
215
215
1.15
1.15

- 137 -

Heat and mass balance of ammonia oxidation

a

(k9)

4185.
349.
467.
761.

1229.

3836.

If

OGN O wH>oO

283.5
4120.0

136.3
346.4
711.8
239.1
1567.2
1449.3

1294

1229.3

1294

102
1192

process
m (kg)
K2 on h2°
3197.8 963.1 25.0
266.9 80.4 2.1
n If O
582.1 175.3 4.5
849.0 255.7 "
2930.9 822.7 22.9
n ft "
0 0 0
2930.9 822.7 22.9
2937.9 224.8 472.8
ff ft o
If It o
If " n
It "
" 159.4 131.8
3786.9 415.1 136.3
it If [
* 359.9 t
ft ft "
It Rl It
o 193.9 7.8
f 175.3 13.1
98.2 25.4
n u
3218.0 83.4 21.6
568.9 14.8 3.8
3218.0 83.4 21.6
3786.9 98.2 25.4
m(kg)
HO HN
5 O, NO
138.3 0 0
340.1 6.3 0
426.4 285.6 0
110.0 129.1 0
447.2 1,000 40.0
449.3 " 0
is(kg)
H20(£) H20(g)
1294 0
e 0
12219.3 64.7
L]
0
0 1229.3
0 1294
0 M
0 102
0 1192
56 1136
1192 0.

nh3 NO no?2
0 0 0
0 0 0
0 40.0 80.0
0 0 0
0 40.0 80.0
0 0 0
0 0 0
283.5 0 0
" 0 0
0 484.5 0
0 " 0
0 ! 0
0 " 0
0 n o
0 363.4 181.1
0 403.4 261.1
O n It
0 299.9 419.8
O d "
O " "
0 19.3 755.8
0 83.9 88.2
0 5.9 3.9
O ft
0 5.0 3.3
0 0.9 0.6
0 5.0 3.3
0 5.9 3.9

NOZ Description

Absptn.Water
1.8% Acid
40% Acid
54% Acid

.0  Brown Acid
69% Acid

oooocoo

Hil rxqures
Based on
Production of

3
10° Kg HNO,

H(T.p)

MJ)

-12.8
-1.1
0.0
-3.9
-3.9
-11.7
315.2
-1.8
313.4
4137.1
3679.7
1281.7
907.4
580.5
59.4
55.5
1214.1
1410.6
1064.3
530.0
0.0
0.0
20.4
554.7
471.4
83. 3
111.1
194.4

-2.9
21.8
0.0
0.0
—-19.6
-14.7

359.7
734.0
1080.3
906.4
3304.4
3478.3
3935.7
310.2
3625.5
2812.2
81.9
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Figure (4.3) Heat balance for case study process. (For

explanation of values shown see text.)
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Table (4.3) Heat of diluting and concentrating nitric acid in
unit operations (per 1g3 kg HNO-Q

CASCADE OXIDISING STRONG WEAK BLEACHER
COOLER COOLER ABSORPTION C  ABSORPTION C
6.3 kg 129.1 kg 585.3 kg 279.3 kg 1000 kg
DIL. 100%  1.8% 100% —>54% 100% —*—.69.1%  100% ->40%  69.1% - 69%
-3.16 MJ -49.7 MJ  -178.52 MJ -124.01 MJ  —-1.00 MJ
129.1 kg 6.3 kg
CONC. 54% % 49.1% 1.8% —+ 40%
+10.33 MJ +0.36 MJ
285.6 kg
CONC. 40% —* 69.1%
+39.70 MJ
SUM -3.2 MJ -49.7 MJ -128.5 MJ -123.6 MJ -1.0 MJ

The need for cooling is detailed in Figure (4.3) by means of underlined
figures outside the blocks representing the relevant unit operations and
in Figure (4.4) on page 141, a corresponding sketch is given of the
cooling water cycle. In this sketch, an oil cooler is'shown in which
the energy dissipated in the compressor and the turbines but not

given to the working media is discharged. - As mentioned before,

cooling in the strong absorption column is effected partly by means

of evaporating ammonia. In Figure (4.5) on page 142, this part of the
cooling arrangement is described in two sketches. The underlying

physical property data are also documented in Appendix D.

Compression and Expansion

The pressures of streams No.l through No.15 are substantially
atmospheric, with pressures becoming lower than atmospheric after the
conversion. (This is a desired safety feature in case a leak develops.)
However, the magnitudes of pressure drops in question do not warrant
concern from an energy recovery point of view. Also, the small blowers

through which air and ammonia are sucked in effect a temperature rise
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Table

Unit
Operation

CONVERTER

CASCADE
COOLER

NO-
OXIDATION

OXIDISING
COOLER

STRONG
ABSORPTION
COLUMN

WEAK

ABSORPTION
COLUMN

BLEACHER

(4.4) Chemical

Reaction *

(1)
(2)

©))
(4)
)

- 140

changes

in unit

Extent

275.
8.5

o

121.1
341.0
6.3

Acid dilution

(3

3
4
Q)

103.5

280.6
128.
129.1

a1

Acid dilution

©))
4)
Q)

Acid mixing

3
4
(%)

Acid mixing

(4)

—-104.6

- 5.3
585.3

78.0
-12.3
279.3

2.1

Acid dilution

OVERALL SUM FOR PLANT

Compare Appendix D,

kg
kg

kg
kg
kg

kg

kg
kg
kg

kg
kg
kg

kg
kg
kg

kg

Section D.2

NH.
NHA

NO
H20
HNO3

NO

NO
H20
HNO3

NO
H20
HNO3

NO

HNO3

H20

operations

AHoRrs,rs

-3,665.5

—-158.2

—3823.7

—-230.0
—-813.6
—-6.4
-3.2

—-1053.2

—-196.5

—-196.5

—-532.9
—306.6
-132.1

—-49.7

—-1021.3

198.6
12.7
—-5908.8
—-128.5

-516.0

—-148.1

29.3
—-285.7
—-123.6

-528.1

-5.0
-1.0

—6.0

—7144.8

in HNOM

process

agrs

-3,879.7

-163.4

—-4,043.1

—-146.7
-162.3
-1.4
-3.2

-313.6

—-125.3

—-125.3

—339.8
-61.2
-29.4
—-49.7

—-480.1

126.6
2.5
—-133.5
—-128.5

-132.9

—-94.4
5.8
—-63.7
—-123.6

—-275.9

-1.0
-1.0

2.0

—-5372.9
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Figure (4.4) Cooling water cycle in HNO process.
of only about 2°C, i.e. the corresponding power consumption amounts to

less than 20 KW. This was felt to be negligible. For streams No.18
through No.23, however, pressures are of obvious interest and figures
are given in Table (4.2). They were obtained by assuming a pressure
drop of 0.8 p.s.i. for each pass through a heat exchanger and one of
2.0 p.s.i. for each absorption column. This adds up to the total

pressure drop between compressor and recovery turbine (which is

known) .
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Figure (4.5) Process cooling by ammonia evaporation.

a) Flowsheet description.

b) Qualitative description in T,S—diagram.
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The compressor consists of six stages and has a shaft power reguirement
of approx. 2.3 MW. No intercooling is carried out since the benefits to
be gained would be more than offset by loss of recoverable heat in the
economiser and the recovery exchanger. When comparing actual compressor
performance to "ideal performance”, characterised by isentropic adiabatic
compression, the isentropic efficiency of the compressor is obtained as;

n, = 0.76
is

Compressor
Given the size of the unit, this efficiency is on the low side (see e.g.

€]

Baehr for practical efficiencies). However, the gases are nitrous and
emphasis will have been laid on reliability in the design of this

compressor. Probably there would only be little scope for improving the

process energy performance by providing a more efficient compressor.

Similarly, the efficiencies of the two turbines (i.e. steam and recovery
turbine) suggest little scope for improvement : the recovery turbine has
an isentropic efficiency of
H. - 0.75
is
Recovery Turbine

at an output of mv'0.7 MW and the steam turbine has one of

n. = 0.73
is

Steam Turbine
at an output of ~1.6 MW. Considering the sizes of the units and especially
the guite moderate steam conditions (15 bar, 350°C), these efficiencies

(7
are very good (see Baehr for practical values).

Uncertainty

The inherent numerical uncertainty of this case study is probably similar

to that in Chapter Three as far as temperatures and enthalpies are concerned.
However, considerably greater uncertainty exists with regard to compositions.
Due to lack of information concerning residence times, the extent to which
oxidation occurs according to Equations (4.2) and (4.3) in the gas flows can

only vaguely be estimated and the simplifying assumptions were made that
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— some oxidation to NON occurs between compressor and oxidising
cooler, and that

— no oxidation to N2°4 occurs outside the absorption section.

The extent to which oxidation to NOn was assumed after compression
was chosen so as to match measured gas flow temperatures. The overall
figures for molar flowrates and densities of gas flows, as well as
of heat capacity flowrates, turned out to be hardly affected by
these assumptions, due to the balancing effect of the large amount
of nitrogen in each flow. Thus, only compositions could be regarded
as inaccurate but not those parameters that are of importance for
the discussion of energy recovery.

It is in the light of these considerations that no account was taken
of insulation losses: apart from the recovery exchanger and the
economiser, all relevant units in the process are either well
insulated (i.e. indoors) or cooled by cooling water anyway. The
introduction of insulation losses in the recovery exchanger and in
the economiser would therefore - for given measured gas flow
temperatures — only produce a slight shift from oxidation in the
absorption section to oxidation after compression with no
significant changes to mass flowrates and densities.

Finally, assumptions regarding the relative humidity of the ambient
air were, also, seen to have little influence on mass flows,
enthalpies, and temperatures, due to the balancing effect of
nitrogen. A strong influence, however, was detected of ambient
humidity on product acid strength : at To = 20°C, an increase in
relative humidity by ~30% would cause a decrease in product acid

i
strength of one per cent. In the case study, a relative air humidity

* The sensitivity of product acid strength to various operating
parameters has been discussed at length in a document submitted
to ICI1, Huddersfield, in September 1976. Also in this document, the
inherent uncertainty of the present heat and mass balance has been
discussed in detail.
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of 40% has been assumed, resulting in the specified product acid

strength of 69% w/w.

Brief Evaluation

In Figure (4.6), a crude overall heat balance is sketched. This balance

GASEQUS LIQUID
STORAGE NH3 5TORAGE NH=.
LULU
EXPORT STEAM
&HoR 310.2 MJ
714.4.5S MJ 541.0MJ
6S70.3MJ
I z(h)other plows
WORK rrmm 76.7 MJ
1166.6MJ
HEAT
EXPANSION
ASIC COOLING
JCOMPRESSIOW TOWERS
Figure (4.6) Crude identification of energy flows.

shows that of the imported energy, only about 20% is usefully

recovered ("16% to raise work needed in the process itself and

as export steam) and the rest is given to the cooling media. However,
these figures include the inefficiencies involved in the work generating
process and if an electric motor was to replace the steam turbine so
that all steam could be exported, they would be somewhat improved

~53% of all energy imported would then be won in steam and 4% in work
(in the recovery turbine). This would be about comparable with the

performance of the H~O”plant in Chapter Three. On the other hand, the
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steam raised would only be IP steam and some of the energy imported
would be electric power, so that one might expect a correspondingly
better performance than in the case of the H SO~plant where HP steam

is raised and the energy imported is inherent in the feed.

In Figure (4.7), the process is shown in four major sections with

the most relevant interconnections (in heat balance terms).

&\R<E akKDUI A TRIL 6—ASES

CooLi»o6r( CO 0 L 1M&—
\Vi?uTS £ ODTioTS

HV

& K -u m o o 0

Figure (4.7) More detailed identification of energy flews.
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From this sketch, a way to improve the energy performance could be
seen in improving the waste heat recovery/steam raising section
(so that more export steam is yielded with less cooling required).
However, as commented above, the efficiencies of the individual
unit operations in the compressor/turbine set appear to be
satisfactory and improvements would, mainly, have to be sought by
specifying different operating parameters and/or different inter-
connections. Another way to improvement could be seen in diverting
more preheat to the tail gases before expansion (so that less work
would be required from the steam turbine and, again, more steam
would be exported). However, a more detailed discussion will be
necessary (see in Sections 4.4 and 4.5) to clarify whether or not these

alterations would be feasible and worth while.

EXERGY ANALYSIS
In Table (4.5) (see page 148) the exergies of the process flows are
listed. For streams No.l through No0.28, the results are documented

in columns 1 and 2 as obtained by means of Equation (2.31)

—H ). -T * (S, - S 2.31
1 o)At o ( 1 o)At ( )
Repe at

Ex — Ex ). = (H
( 1 O)At (
i.e. exergy changes due to irreversible diffusion of gases have, as
in Chapter Three, been neglected. For the water and/or steam streams

(i.e. No0.35 through No0.45), the results listed in column 1 are based

on the figures documented in Table (D.2).

Numerical Approximation Method

In column 3 of Table (4.5) , the temperature dependent terms in the
exergies of the process flows are given once more, this time as
obtained by means of the numerical approximation method suggested in
Chapter Two. For the gas phase flows No.l through No.28, and for the

liquid phase flows No0.29 through No0.34, they were calculated by means
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Table (4.5) Exergies of process flows in HNO” process

COLUMN : 1 2 3 4 5
Flow T =) Ex (T) Ex (p) Ex (T) % (Ex(T,p) )
o . ! (approx.) error approx.
C) (p.s.i.a.) uy) MI) © MJ)
(1) 22 ~ atm oo 00 c0 o0
2) 22 . ~O o0 o0 - 00
3 25 . ~0 oQ 0Q - o0
4) 20 n 0.0 00 0.0 - %Q
(5) 22 ® a.0 0.0 00 - 00
6) 22 " a0 0.0 0.0 - 00
@ 105 L 40.7 a.0 40.9 0.5 40.9
(8) 22 " 0,0 0.0 vo - 00
9 94 ! 36.5 0.0 36.4 0.3 36.4
(10) 854 " 2225.5 00 2192.2 1.5 2192.2
(11) 771 L 1899.7 00 1868.1 1.7 1868.1
(12) 297 " 389.0 0,0 386.5 0.6 386.5
(13) 219 " 221.8 0,0 220.5 0.6 220.5
(14) 150 n 104.6 0.0 104.1 0.5 104.1
(15) 40 ft 2.6 0/0 2.6 0.0 2.6
(16) 36 14.1 2.1 0.0 2.1 0.0 2.1
@a7) 255 65.9 331.5 638.9 329.6 0.6 968.5
(18) 292 65.9 423.1 632.7 420.5 0.6 1053.2
(19) 228 65.1 268.2 627.5 266.5 0.6 894.0
(20) 127 64.3 82.3 622.3 82.1 0.2 704.4
1) 25 63.5 0.0 565.7 0.0 - 565.7
22) 25 61.5 00 509.4 0.0 - 509.4
(23) 30 59.5 0.7 476.5 0.7 0.0 477.2
(24) 160 58.7 105.3 471.9 105.0 0.3 576.9
(25) 160 58.7 89.5 401.1 89.2 0.0 490.3
(26) 160 15.4 15.8 2.4 15.8 0.3 18.2
(27) 57 15.4 7.4 13.5 7.5 1.4 21.0
(28) 73 15.4 17.4 15.9 17. 3 0.6 33.2
(29) 20 0.0 0.0
(30) 40 - 0.7 0.7
(31) 25 o a 00 00
(32) 25 0 00 0,0
(33) 20 %@b 0.0 0.0
(34) 21 0,0 \ 0,0
(35) 90 215 39.9 40.0 0.3 40.0
(36) 158 n 137.2 136.8 0.3 136.8
37) 198 n 262.0 261.5* 0.2 261.5
(38) 198 n 203.6 203.1 0.2 203.1
(39) 198 " 1109.9 1109. 3* 0.1 1109.3
(40) 198 ! 1168.4 1167.7* 0.1 1167.7
(41) 350 " 1379.1 1378.5* 0.0 1378.5
(42) 350 " 108.7 108.7* 0.0 108.7
(43) 350 f 1270.4 1269.8* 0.0 1269.8
(44) 41.4 1.15 189.8 189.6* 0.1 189.6
(45) 41.4 " 3.8 3.8 0.0 3.8

* calculated as in example on page 86
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of Equation (2.50):

-

ex(T ) =h(T )* 1 To * 1 - o_ £n (2.50)

T, - T T —¢
1 RS 1 o

|
onr

Repeat

In column 4, the deviations in percent are shown as against the
"accurately" computed results (where the latter are given) and
from the magnitudes of errors observed, a similar picture emerges
as in Chapter Three : the numerical accuracy achieved by using
the approximation method is such that the results shown in
column 3 might be considered to be of egual value as those in
column 1. Similarly, the results obtained in column 3 for the water
and/or steam flows No0.35 through No.45 are practically identical
to the ones in column 1. Consequently, it was thought unnecessary
to follow up the effects of the approximation through the
complete analysis, as was done in Chapter Three, but the conclusion
arrived at in Chapter Three was considered confirmed:

In view of the uncertainty inherent in the case

study anyway, it could be regarded as a matter

of chance whether an analysis based on "correct"

calculations would be closer to the truth than

the "approximate" analysis.
In column 5 in Table (4.5), the total exergy of each flow (i.e.
including pressure dependent terms) is shown as the sum of the
results given in columns 2 and 3.
In Table (4.6) (see page 150), the exergy balance is given for
each individual unit operation. When evaluating the lost work
CTO (see column 4, Table 4.6), the exergy given to the cooling
media was considered to be irreversibly lost (i.e. account was
taken of the fact that heat transferred to the cooling media

ultimately takes on ambient temperature). In column 5 in Table (4.6),
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Table (4.6) Exergy balances for unit operations in HNO., process

COLUMN : 1 2 3 4 5
n overall
Opl;:;t:ion i:II e AEXOis, RS AWSha/f\t ) TO ’
Far/ )
PREHEATER 75.5 % % 75.5 1.4
JUNCTION (7)/(8) 4.5 % \ 4.5 0.
NH3 — CONVERSION —2155.8 4043.1 % 1887.3 35.
SUPERHEATERS 113.3 % % 113.3 2.
STEAM DRUMS 0.0 * % 0.0 0.
W.H.BOILERS 575.4 % % 575.4 10.
B.F.W.HEATERS 69.2 % % 69.2 1.
STEAM TURBINE 1080.2 % —-808.3 271.9 5.
CONDENSER 185.8 % % 185.8 3.
CASCADE COOLER 100.8 313.6 % 414 .4 7.
JUNCTION (3)/(4) ~O % 00 0.
JUNCTION (5)/(15) 0.5 % 0.5 0.
COMPRESSOR -966.4 1166.6 200.2 3.
NO—-OXIDATION —-84.7 125.8 \ 40.6 0.
ECONOMISER 34.5 % % 34.5 0.
RECOVERY EXCH. 89.9 \ ' 89.9 1.
OXIDISING COOLER 138.7 480.1 % 618.8 11.
STRONG A.C. 56.3 132.9 % 189.2 3.
BLEACHER 2.0 % 2.0 0.
WEAK A.C. 32.9 275.9 % 308.8 5.
CONTROL BY—-PASS 68.4 % 68.4 1.
RECOVERY TURBINE 469.3 . —-358.3 111.0 2.
JUNCTION (26)/(27) 6.0 % % 6.0 0.

OVERALL PLANT : -1 5267.2 100.
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the percentage is given to which each unit operation would appear to

be responsible for the overall irreversibility of the process.

Prescribing Irreversibilities

Just as in Chapter Three, chemical reactions account for the major
share of irreversibilities (“65.7%, of which 35.8% stem from the NH™-
conversion alone) and the losses due to heat transfer and imperfect
compression and expansion are comparatively small. In this situation,
it seems again appropriate to examine which irreversibilities are

"inevitable” with present day technology.

This reaction has been discussed at length in Chapter Two and the
possibilities that might be thought of to avoid irreversibilities are
similar to the ones that apply to the sulphur combustion (see in
Section 3.5), i.e. increased mass flow and/or higher reaction
temperature. However, an increase in mass flowrate would, perhaps,

be less realistic in the present case: the dimensions of ammonia
converters in conventional plants are already considerable and, as
mentioned above, higher operating costs are often tolerated (in
pressurised conversion) to reduce size. Similarly, rather definitive
limits exist for the conversion temperature : depending on the design
of the burner, temperatures may vary between 800°C and 960 C

(see Bahari and Drake M) . However, temperatures In atmospheric
pressure converters usually reach lower peak values than those in

pressurised converters (see Oosterwijk (75)) and a figure of

X _ o
T10 = 900°C
was used for determining the "avoidable™ exergy losses in the

NH™-conversion in the present case study. Based on this figure,

modified values were obtained as listed in Table (“4.7)
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Table (4.7) Parameters describing "‘optimal' arrangement
for ammonia converter

T H(T.p) Ex(T.p
O Q) QY
(©) 145 543.0 9.5
@) 900 4366.7 2363.3

and the "avoidable” exergy loss was obtained with Equation (2.53):

(e x -

|rr) - out(EX in Ex. ) - gﬁéctﬁa;i%x- ) (2-53)

avoidable 5 optimal Repeat

= 113.0 MJ

NO-Oxidation

Improvement of the exergy balance of the oxidation of NO would be
achieved by increasing temperatures of the reacting gases, 1.e. by
following the same line of thought as in the case of the NH™-conversion.
Since the NO-oxidation is spread over more than one unit operation,
however, the average temperature might not only be increased by
preheating reactants but also by effecting some further oxidation

at the relatively high temperature of T°g - 300 C with a corresponding
decrease of oxidation in the absorption section : according to data
given by Mile&;CﬁD , the concentration of NO™ in gas flow No.18 is
still far below equilibrium concentration, and further oxidation
would take place in the pipes if the residence time of the gases was
Increased.

Assuming that the amount of reacting species between compressor and
economiser could, e.g., be doubled, the following figures would be

obtained for gas flow No.18



- 153 -

18 N Hi8 (HD Ex  QO)

329 1607.1 1150.9

and the irreversibility thus avoided can be evaluated with

Equation (2.53) as before:

u * = 97.7 MJ
° NO-Oxidation

The exergy balance of the absorption section, when considered In
terms of Equation (2.53), will not change significantly with the
amount of oxidation since inputs and outputs exist at substantially
ambient temperature. Thus, the total benefit to be derived from the
proposed shift of some oxidation would become apparent in the high
temperature region and no benefit would become apparent in the
absorption section. It is, perhaps, interesting to contrast this

with the information that would emerge from a conventional Second Law

analysis, see Table (4.8):

Table (4.8) Effect of increased oxidation in high temperature
region as assessed In a conventional Second Law analysis

After Absorption

Compression Columns Sum
a*To (an M3) 0.6 4950 e
in existing plant
a*T - (in MJ)
with proposed shift 68.2 372.7 440.9
of oxidation
Improvement
(in MJ) -27.6 125.3 97.7

The overall benefit to be derived would, also, appear to be 97.7 MJ

but improvement would only be shown in the absorption section while lot
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would be increased rather than decreased in the high temperature
region. The reason lies in the fact that the reaction iIs always an
irreversible phenomenon so that an increase in the amount of
reacting species leads to an increase in irreversibility. Thus,
losses are registered in the high temperature region to an extent
that more than offsets the improvement due to the increased gas
flow temperature. This seems to be a good example of a case where
"inevitable” and "avoidable™ -losses do require distinction if
"inevitable” losses are to be prevented from distorting and even

completely burying the significance of the ™avoidable ones.

The Cascade Cooler

Some of the irreversibilities in the cascade cooler are related
to the reactions taking place and some to the heat transfer from
the process gases to the cooling water. As a crude approximation,
the former irreversibilities amount to

"V313.6 MJ
(see column 2 in Table 4.6) and the latter ones to

~100.8 MJ
(see column 1).
Practically, little can be done about these reaction related losses
since reaction temperatures cannot be chosen. The heat transfer
losses, by contrast, could partly be avoided by increasing heat
transfer area to effect a higher rise in cooling water temperature
and by usefully exploiting the potential thus given to the cooling
water. On the other hand, the cascade cooler is a large - and
expensive - piece of equipment and is particularly prone to corrosion.
An alteration would thus be costly and perhaps be unreliable. Also,
only about 50 MJ

0.5 *100.8 MJ Y 50 MJ *

*Compare Equation (3.1)
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(or 3% of the energy recovered at present) could be gained if the
equipment used was 50% efficient. This would, clearly, not justify

the installation and the assumption was made that the irreversibilities
as observed In the cascade cooler at present are, by and large,

inevitable:

d * TO “ Ig,
Cascade Cooler

The Bleacher

On a smaller scale, similar arguments apply for the bleacher as for the
cascade cooler. The temperatures involved cannot, really, be chosen

and prospects of usefully exploiting the potential that is wasted

in temperature drops do not exist realistically:

" To —if

Bleacher

The Oxidising Cooler

Once more, similar arguments apply for the oxidising cooler as for the
cascade cooler but there is the iInteresting difference that the gases
in the oxidising cooler are pressurised : this contributes to the
loss observed In Table (4.6) by as much as 56.6 MJ, see Figure (4.8)
on page 156. Further, it is evident from Figure (4.8) that there
are two independent phenomena which cause this pressure related loss,
namely

- a reduction in molar flowrate at elevated pressure, and

- the pressure drop.

Thereby, the reduction in molar flowrate is by far the more
significant factor and would become even more significant with
further increased pressure. This seems Important since, In the
present case study, the pressure at which the oxidising cooler is

operated is relatively low compared to other nitric acid processes
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*-)

Figure (4.8) Molar flowrate and pressure drop in oxidising
cooler.
a) Actual arrangement.

b) "Optimal”™ arrangement.

and it has been assumed that an even lower pressure would not be
practical: pressure is necessary to promote the reaction, just as
low temperatures are often necessary to promote certain exothermic
reactions (such as S02 + ~2 wm SO™, see Chapter Three). Thus, the
losses due to reduction in molar flowrate can be considered

“inevitable™ and the "optimal’ arrangement for the oxidising cooler
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is shown in Figure (4.8b). It follows that the "avoidable" exergy

loss d#to is evaluated as :

g*T = (B66M -518M) = 48M
Oxidising Cooler

The Absorption Columns

For both absorption columns, similar considerations apply as for the
oxidising cooler : there are losses related to reactions