INVESTIGATION OF A THERMALLY
REGENERATIVE REACTOR SYSTIM

Submitted in fulfilment of the requirements for the degree of
Doctor of Philosophy
at

The University of Leeds

by
C.S. /C\‘f)lckcroft, B0, (Leeds)

under the direction of

P.J,, Heggs, Ph.D., C.Eng., M. I.CweatE,

Department of Chemical Engineering,
Houldsworth School of Applied Science,
The University of Leeds,

Leeds, LS2 9JT.
July 1976



SUMMARY

A novel cyclic reactor system is proposed for heterogeneous,
catalytic, gas-phase reactions. This system utilises the inherent
characteristics of the thermal regenerator to impose favourable
reaction temperature profiles along the catalyst bed without setting
up radial temperature gradients. This control of the longitudinal
profile enables higher conversions to be obtained than those from
steady state reactors. The reactor system Is investigated by computer
simulation using the endothermic, reversible dehydrogenation of ethyl-
benzene to styrene iIn the presence of steam as an example. The higher
conversions obtained from the proposed system produce utility cost
savings in this process.

Kinetics presented in the literature for this reactionare compared
and assessed. None of these is entirely satisfactory and a more rep-
resentative set iIs derived. Models for the reacting and regenerating
bed are discussed and suitable models are presented. A comparative
study of solution methods for these models iIs carried out in order to
determine one which gives an accurate solution and also minimises
computing requirements.

The most suitable operating policy lor the system, with an endo-
thermic reaction, iIs the use of constant heat inputs with constant flow
during each period of operation, This allows the bed inlet temperature
to vary with time, but i1t seems likely that the damping effect of the
system will be large and the iInllet temperatures may be assumed constant
Counter-current, rather than co-current, operation of the system 1is
preferred,

A simple design procedure, which does not require the solution of
the cyclic model, 1is described. This is found to give good predictions
of the cyclic steady state performance of the system.



Che effect of the various system parameters on the performance
IS Investigated. The major parameters for a given bed size are the
period time, reactor and regenerator steam flows and regenerator
inlet temperature. It is shown that the system can give higher
conversions than a steady state reactor but it may be desirable to
operate at lower conversions to reduce the operating cost. Guide-

lines for optimising the system are discussed.
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CHAPTER 1
INTRODUCTION AMD PROPOSET) RESEARCH

1.1 Introduction

The provision of heating or cooling In heterogeneous gas—phase
chemical reactors can pose considerable problems for the reactor
designer, especially If the reaction is highly exothermic or
endothermic. These problems are considered in detail .n the reaction

i n _ - _3
engineering textbooks such as those of Levensplell, Smlt% , Aris

Thomas and Thomas™ and Petersen™. The reactor designer aims to
minimise the reactor size required to produce a specified conversion
by manipulation of the operating conditions. The reactor temperature
IS an Important parameter as the reaction rate iIncreases exponentially
with absolute temperature. Thus, for an irreversible reaction, the
maximum rate, and minimum sSize, is given by isothermal operation at
the highest allowable temperature. This temperature is determined by
the materials of construction and the sintering temperature of oe
catalyst. It may also be limited by the temperature dependence ax
parallel or consecutive side-reactions. However, to obtain isothermal
operation, a varying heat flux into or out of the reaction zone is
required along the reactor to balance the changing heat of reaction.
This 1s clearly not possible In practice and the designer tries to
approximate this optimum temperature profile as inexpensively as
possible.

Adiabatic reactors™"” are often used because of their relatively
simple design and construction™ but they do not approximate isothermal
conditions closely unless the heat of reaction is small. The temperature
rises along the length 1T the reaction iIs exothermic and falls If i1t is
endothermic and the only means of control iIs by manipulation of the

inlet conditions. A common means of reducing the temperature change



is by the addition of a diluent gas to the feed mixture. This reduces
the reactant concentration and provides additional heat capacity.
Multibed adiabatic reactors with interstage heating or cooling are
used to obtain a closer approximation t isothermal conditions. The
interstage heat transfer may be indirect, by means of a heat exchanger,
or by the direct injection Into the reaction mixture of a diluent or
reactant gas at a suitable temperature. A one-dimensional mathematical
model is sufficient for design ad, unless the conditions within the
pellet or axial diffusion are considered, the only transport properties
required are the interphase heat and mass transfer coefficients. In
many cases, a pseudo-homogeneous model is used, which requires no
transport properties at all.

Non-adiabatic, non-isothermal, multitubular reactors, iIn which
heat is transferred through the reactor tube walls, are used when the
heat of reaction is very large2. However, the lack of control of heat
Tlux along the tubes causes a temperature peak or trough In the region
of the greatest reaction rate. This is somewhat self-correcting with
endothermic reactions as the rate is reduced by the lower temperature.
Hovever, with exothermic reactions, the temperature peak must be
controlled to prevent damage to the catalyst or the reactor tubes.
Radial temperature gradients are also set up, causing large variations
in rate across the tubed4. These adversely affect the conversion and
also the selectivity If side-reactions occur. Multitubular reactors
are much more complex to construct than adiabatic reactors and they
require more sophisticated mathematical models for their design. A
two-dimensional model must often be used and this requires the
evaluation of radial transport properties. Methods presently available
for evaluating these, especially correlations for the wall heat transfer

coefficient, are subject to some uncertainly5’6-



The problems of design are further complicated 1If the reaction 1is
reversible and the thermodynamic equilibrium needs to be considered,
as 1Is the case In this research. From Le Chatelier’s principle, a
high equilibrium conversion i1s favoured by a high temperature for an
endothermic reaction ad, by a low temperature for an exothermic ore.
Thus, the effect of the heat of reaction opposes the desirable
equilibrium conditions. The minimum reactor size for a reversible
endothermic reaction iIs again given by isothermal operation at the
maximum allowable temperature. However, the optimum profile for a
reversible exothermic reaction is one which falls along the length
from the maximum allowable temperature . This profile Imposes a high
initial reaction rate and also gives favourable equilibrium conditions
at the exit. The exit temperature iIs important with all equilibrium
controlled reactions as 1t determines the highest attainable equilibrium
conversion Irrespective of the reactor configuration.

Adiabatic reactors do not produce favourable equilibrium conditions
due to the temperature change along their length. A typical conversion
profile, with 1ts corresponding equilibrium profile, 1s showmn in
Figure 1.1 which represents eilther an exothermic or an endothermic
reaction. The driving force of the reaction, i1.e. the net forward
rate, depends on the difference between the two curves and this is
reduced by the falling equilibrium. The equilibrium conversion can
never be achieved and so it sets an upper limit on the possible reactor
conversion. Multibed adiabatic reactors produce more favourable
equilibrium conditions due to the iInterstage heat transfer. This is
shown in Figure 1.2 for a two-bed reactor. Nevertheless, even multi-
bed adiabatic reactors cannot closely approach the optimum temperature
profiles unless a large number of beds iIs used and this iIs not a
practical proposition. Multitubular reactors may produce favourable

equilibrium conditions at the reactor exit as there iIs some control of



Conversion

Figure 1.1: Conversion Profiles in a Single Bed Adiabatic Reactor

Conversion

Length
Figure 1.2: Conversion Profiles in a UWo-Bed Adiabatic Reactor

Conversion

Figure 1,J: Conversion Profiles iIn a Multitubular Reactor



temperature other than by manipulation of the inlet conditions.
Typical conversion profiles are shown in Figure 1.J.

However, adiabatic reactors are often used for reversible
reactions despite their lower conversions3 4- A larger recycle
of reactants within the process iIs then required, which increases
capital and operating costs™. This seems to be accepted as the
price of a low initial reactor cost and greater ease and confidence

in design and operation.

1.2 Kcouosed Reactor System

This work reports on a novel reactor system for heterogeneous
reactions which utilises the iInherent characteristics of the counter-
current thermal regenerator. The principles and operation of the
regenerator are fully discussed by Jakob0 and only an outline 1iIs
presented here. The regenerator transfers heat from a hot to a cold
gas stream by the altemate passage of the gases over the same heat
storage medfum and simply consists of an adiabatic packed bed. During
the heating period (Figure 1.4a), the hot gas passes through the bed
and heats up the packing. When sufficient heat has been transferred,
the flow Is reversed ad. the cold gas passes through the Ded In the
opposite direction (Figure 1 4b). The packing now gives up Its stored
heat to the gas during the cooling period until the next flow reversal.
This cycle of operation iIs repeated and a cyclic steady state is
eventually achieved. This is defined as when temperatures at a
given time during a cycle are the same In successive cycles. The
operation is necessarily intermittent and two (or more) beds are
required for continuous operation. The following discussion will

consider a two-bed system with equal heating end cooling periods.



(@ Heating Period

Figure 1.4: Counter-current Operation of a Thermal
Regenerator .

Figure 1.5: Temperature Variation During a Cycle in a
Thermal Regenerator.



The main disadvantages of the regenerator are the time varying
outlet temperatures and the mixing of the two gas streams at xlow
reversals. This mixing may he avoided If the system is purged with
an 1nert gas. However, large amounts of heat can be transferred In
a relatively small construction due to the high heat transfer
coefficients and the large available surface area.

Figure 1.5 shows typical temperature variation at a point within
a bed during a complete cycle. The temperature difference™ between the
phases iIs small because of the high rate of heat transfer. ITf the bed
is short, or the periods long, the temperature approaches the inlet
tepera™ture and the bed tends to saturation (isothermal conditions).
Under these conditions, the rate of heat transfer towards the end of
each period 1s low and heat is lost iIn the exit gas during the heating
period. Hence, to obtain efficient overall heat transfer, the flows
are reversed before saturation is closely approached.

Typical bed temperature profiles at the end of each period are
shom iIn Figure 1.6. The profile at the end of the cooling period is
that which favours a reversible exothemmic reaction if the flow of
the reaction mixture iIs iIn the opposite direction to that of the
coolant gas. The profile at the end of the heating period iIs net
the optimum (isothermal) one for a reversible endothermic reaction.
However, If the flow Is In the opposite direction to that of the
heating gas, the outlet temperature is high, which is favourable for
the equilibrium. A closer approach to an isothexmal profile can be
obtained, at the expense of heat transfer efficiency, by operating
closer to saturation. This also approximates the optimum conditions
for an irreversible reaction. It is therefore proposed to use a

catalyst packing as the heat storage medium and to replace one of the



Figure 1.6: Solid Temperature Profiles at the end of (@) the heating
period and (®) the cooling period In a thermal
regenerator .



thermal periods by a chemical reaction. The temperature profile
becomes less favourable as the reaction period proceeds due to the
heat of reaction and the finite heat capacity of the catalyst support,
but the flow reversal causes the favourable profile to be regenerated
during the next thermal period. Hence the duration 0l each period
should be as short as possible and iIs determined by the acceptable
fall In conversion during the reacting period.

Co—current operation of the thermal regenerator is unlikely
produce favourable temperature profiles for the proposed reactor
system. Jakob8 shows that oscillating bed profiles are obtained at
the end of each period -unless saturation is closely approached.

Even then, the outlet temperature is not the most favourable for the
equilibrium and so lower conversions would be obtained. This worK 1is
therefore mainly concermed with counter-current operation although ocon-
current operation vail also be examined.

Two beds are again required for continuous operation, only one
of which is reacting at a given time. The amount of catalyst required
may be more than that in a single bed steady state reactor, but the
inherent temperature control should give higher conversions. The
product composition will vary over the reactor period and damping
must therefore be provided downstream of the reactor or else other
process units (e.g- distillation columns) may be adversely affected.

It is desirable to use one of the gases present in the reaction
mixture as the heat transfer fluid in order to eliminate contamination
problems at the flow reversals. This is also advantageous for
endothermic reactions where a close approach to saturation of the
bed during the thermal, period iIs required. The heat lost from the
thermal period iIs then not lost from the system but heats up the

reactor feed.



10

The main advantage of this system iIs that 1t employs simple
adiabatic beds and uses the inherent characteristics of the thermal
regenerator to obtain favourable temperature conditions along the bed
without setting up radial temperature gradients. It is suitable for
equilibrium or kinetically controlled reactions and should give higher
conversions than steady state reactors. TTre extra pipework and
switching gear make the system more complex than the simple adiabatic
reactor, but not more so than many non-adiabatic ones. The operation
and control of the system will be affected by the parameters
associated with 1ts cyclic nature (e.g. duration of period). However
these are operational parameters and can be determined by the use of
a mathematical model of the system. Hone of the extra transport
properties required In non-adiabatic reactor design are necessary.

There is a considerable amount of literature available to guide
the design of adiabatic and non-adiabatic reactorsl_6 9,10 . However,
there iIs no guidance on the design of the system proposed above.
Gavalas” used a simple model to optimise such a system out dx.0
not describe how the system was designed iIn the first place. dthere

iIs therefore a need for a comprehensive study oi the system and for

a design procedure to be laid down.

13 Definitions and Terminology

It Is desirable at this stage to define terms relating to the
proposed system which will be used in this work. The two-bed system
described above, employing thermal regeneration of the favourable
temperature conditions, iIs called the “tyclic reactor system”. The
term "reactor* or “cyclic reactorl, when applied to this systen,

refers to the bed in which the reaction iIs occurring. The ’regeneratorl



iIs the bed in which the favourable temperature profile is being
regenerated and, to avoid confusion with the thermally regenerative
heat exchanger, the latter is called the “thermal regenerator’.
The “period” or ’period time” Is the time interval between flow
reversals. The “cycle time” iIs twice this as each cycle consists

of a ’reactor period” and a “regenerator period’ for each bed.

1.4 Research Programme

The aim of thi™ research iIs to iInvestigate the cyclic reactor
system by means of computer simulation. It is intended to establish
the feasibility of the system and to propose a suitable procedure
for determining the design parameters. The system will be si/udieu
using the endothermic reversible dehydrogenation of ethylbenzene to
styrene as an example. This process is industrially important as
styrene monomer is videly used In the manufacture of plastics and
artificial rubbersl®™%4 . The reaction takes place in the presence
of a large excess of steam which, of course, Is a suitable heat
transfer fluid. It is also advantageous that the reaction is endo-
thermic as this is more suitable for experimental work which is
proposed to complement this work.

The dehydrogenation reaction and associated side-reactions will
be examined. Reactor types used for this reaction will be reviewed
and the process as a whole will be studied to determine the eflect
of improved reactor performance on the rest of the process.

The validity of the simulation of the system will depend largely
on that of the mathematical model chosen to represent the reactor and
the regenerator. A simple model is desirable, but it must give av.

adequate representation of the physical situation. Analytical



solutions can be discounted due to the non-linearities In the reactor
model and in i1ts coupling to the regenerator model. Hence approximate
numerical techniques are employed to solve the differential eguations
which describe the system. A quick solution is also important as the
transient nature of the system requirea comparatively large time
intervals to be followed. Possible models will be discussed with
respect to these criteria and a .suitable model will be selected.

There is little guidance in the literature on which to base the
selection of an approximation method which provides a quick and
convergent solution of the original differential equations. A
comparative study of available methods will therefore be carried out
to determine the “best™ for the chosen model.

A steady state reactor model will first be used to compare toe
various kinetics presented in the literature for the dehydrogenaiion
of ethylbenzene and a suitable set will be chosen for investigation
of the proposed cyclic reactor system. The performance of adiabatic
reactors iIn the steady state and operating transiently will be
investigated iIn order t establish the effect of various parameters
on the conversion. These results, together with an investigation of
the regenerator, will be used to predict operational parameters of
the cyclic system.

The cyclic reactor system will then be studied. The usefulness
of the predicted parameters from the previous studies will be
evaluated and the effect of varying the system parameters will be
investigated. The parameters which can. be expected to affect the
performance of the system are

(@ Reactor parameters - pressure, temperature and concentration.

() Period time.

(©) Heat input to the regenerator ~ inlet temperature and



steam flowrate.

(d) Heat capacity of the beds.

(e Mode of operation - co-current or counter-current.

The parameters which have the major effect on the system will be
determined and strategies for design and operation will be deduced.

Guidelines for optimisation of the system will also be presented.
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CHAPTER 2

THE REACTION SYSTEM AND PROCESS STUDY

The reaction chosen iIn the previous chapter to illustrate the
cyclic reactor system iIs the catalytic dehydrogenation of ethyl“benzene
to styrene in the presence of stean. The reaction is industrially
importantl5,14 and the steam Is a suitable heat transfer fluid for use

in the regenerator.

2.1 The Dehydrofi~enation Reaction
i, . 15,14,15
The catalytic dehydrogenation of ethylbenzene
CgHAHQ-CHj 5==~ C6H5 CH=CH2 + H2 (2<1)
14
is the only commercial process used for the production of styrene
although the catalytic oxidation of ethylbenzene has also been
proposedl The reaction is reversible, endothermic and accompanied
by an iIncrease In volumre. Hence a high equilibrium conversion is
favoured by a high reaction temperature and a low ethylbenzene partial
pressure. A large number of possible side-reactions have been
proposedl7’' 18 but the most important ethylbenzene consuming side-
reactions are those producing benzene and toluene.

C6H5C2H5 - C6HB + C2H4 @)

c6HSC2HS + H2 ———* CBH5CH3 + CH4
At normal operating conditions these reactions can be considered to be
irreversiblel9. Due to the side-reactions, not all the ethylbenzene
which disappears in the reactor is converted to styrene and so a temm
to define the quality of the conversion is required. In the literature,
the terms “yieldl, "selectivity®, T“efficiency”™ or even "conversion®
are used and this can lead to some confusion. The following terms

are therefore defined.



Conversion to component A = (€A

Efficiency = J5"sJE ene E oauoed, 2.5)
mol ethyl "benzene consumed

IT the term econversionl is not referred to any particular component
it will always refer to the conversion to styrene. The ethylbenzene
consuming side-reactions reduce the styrene production. Reaction 2.2
iIs the reverse of the process used to manufacture emylbenzene"15 20
and so the benzene production is a loss to the system. As the raw
materials Comprise about 65% of the final styrene cosf‘:’B f{ is
desirable to operate at a high efficiency.

Pyrolysis of ethylbenzene occurs at temperatures above 540~560 C
but, In the presence of steam, 1t is not significant below 610-615 C21
Pyrolysis has been studied by several vvorkerszz_25 and, although
styrene is produced, the efficiency Is not greater than 74% may be
considerably |eSSZA- A wide range of by-products xs formed.

Reaction temperatures in the catalytic dohydrogenation reaction may be
as high as 660°C1™ and s0, to reduce pyrolysis, the residence times of
the reaction mixture in zones without catalyst must be minimised.

The \i= of a mixed metal oxide catalyst In the presence of steam
gives an efficiency of up to 94% 1A catalyst R consists
largely of Pe907 with 2-3% chromia and small amounts of other metal
oxides may also be present. An alkali salt i1s included in the
catalyst formulation to promote the reaction

C + 2H0 - 00, + 2FL X , 26)

Hence regular regeneration of the catalyst to remove deposited carbon
IS not required.

The main purpose of the steam iIs to dilute the ethylbenzene and
so obtain a low partial pressure without the expensive use of vacuum

operationl4, ,3. The reaction Is then carried out under just sufficient



16

pressure to overcome the pressure losses of the system and the stean/
ethylbenzene molar ratio is typically 12-20 for an adiabatic reactor,
but may be as low as 6 for a tubular reactor14. The maximum operating
temperature (650-660°C) is determined by the degree of pyrolysis
which can be tolerated and by the catalyst sintering temperatore.
Operating temperatures are normally in the range 580—650°C13’14’17
The equilibrium conversion, xe, of the dehydrogenation reaction

can be calculated from

@.n
where SR iIs the steam/ethylbenzene molar ratio; P the system
pressure; and Kp, the equilibrium constant which s given bj

Kp = exp(l16.12 - 15350/T) (2.8)

where T is the absolute temperature. Figure 2.1 shows clearly the
effect of the dilution steam flow. At 600°C the equilibrium con-
version increases from 43% to 80% 8™ SR increases from 0 to 12 and
it varies almost linearly with temperature over the range. The eHe-1.
of the system pressure, shown In Figure 2.2, iIs more pronounced at
the lower pressures. It would appear from the figures that conversions
of 70-90% could be expected under normal operating conditions, but the
reactor size required, and the efficiency, must also be considered.
As the equilibrium is approached, the driving force of the reaction,
and hence the rate, falls off. Thus, as the conversion Increases,
the gain from a given increase In reactor size becomes less and, to
achieve the equilibrium conversion, an infinitely large reactor
would be required.

The rates of reactions 2.1 - 2.3 all depend on the absolute
temperature and the quantity of ethylbenzene present but the side-

reactions are not subject to the equilibrium effects. Thus, as the
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conversion increases, the rates of the side-reactions decrease more
slowly than that of the dehydrogenation reaction and the efficiency
falls50. An iIncrease In the system pressure or a decrease in the
stean/ethylbenzene ratio reduces the equilibrium conversion. The
driving force of the reaction, and hence the efficiency, are
therefore loweredl4. The effect of temperature on efficiency 1is
difficult to assess as, in the literature, an iIncrease In temperature
iIs always accompanied by an increase In conversion. The effect
depends on the relative activation energies of the reactions and the
values iIn the literaturel7,1”'51-55 vary too much for an assessment
to be made. However, pyrolysis at higher temperatures redaces the
efficiency.

The reactor operation must therefore be a compromise between
the various desirable features. A high conversion iIs desired to
reduce the quantity of ethylbenzene which must be recycled as a
larger recycle gives higher operating costs7 - A high temperature
gives high reaction rates and therefore minimises tdae required
reactor size. However the high conversion and temperature cause
a lower efficiency and so the choice of parameters must be based
on economic criteria. The Tbest® operating conditions are those

which minimise the final product cost.

2.2 Reactor Types

The performance of the proposed cyclic reactor system will be
compared with that of reactors currently in use. At present, the
dehydrogenation of ethylbenzene is carried out in the following types

of reactor:

?.9.1 Single bed adiabatic reactors'4,1”-04 have been used for

many years"” and are still the basis of many processes. Steam and



ethylbenzene, i1n a molar ratio of about 15:1, are fed to the reactor
at a temperature of 630-650°C and a pressure of 1.2 - 1.8 bars. The
feed temperature is gradually raised to 660°C through the life of the
catalyst to counteract the effect of falling activity15- The steam
provides the heat of reaction and the temperature falls along the bed,
giving an outlet temperature of about 580°C. “he conversion is 35 ~
40% with an efficiency of 88 -92%. The low conversion leads to a
large ethylbenzene recycle but the reactor is cheap, reliable and
simple to design.

2.2.2 Multibed adiabatic reactors26721” " with interbed
heating have been introduced more recently to increase the conversion
to 50-60. The heating may be accomplished by passage through a
heat exchanger or by the direct injection of superheated steam Into
the reaction mixture. In the latter case, the reaction mixture will
enter the first bed with a low steaw/ethylbensene ratio and, iIf many
beds are used, the steam requirement is high. The inlet temperature
to each bed is approximately the same at about 630°C. The pressure
drop through the system iIs greater than for a single bed and the
initial pressure may be above 3 bars . The efficiency is less than
that of a single bed realtor due to the higher pressure and conversion
and also because of pyrolysis at the interbed heating. A large number
of beds have a large heat requirement and give a low efficiency. In
practice it iIs not worthwhile to use more than two or, at most, three
Beds26235

The Injection of air with the feed and between beds has been
proposed28 in order to produce more nearly isothermal conditions.

The combustion with the oxygen provides heat for the reaction and so

less steam iIs required. Conversions in excess of 70% at an efficiency



of 85-90% are claimed. However, the report is based on laboratory

scale reacooi”™ results and 1t is not used comercially.

2.2.5 Externally heated tubular reactorsl1= =8 are employed
by BASF in Germany. The steam does not supply the reaction heat
and so only 6 mols/mol ethylbenzene are used. The temperature rises
from 580°C at the reactor inlet to 610°C at the exit and the con-
version iIs 40% with an efficiency of about 90%. The comparatively
low temperatures cause minimal pyrolysis, but the efficiency iIs
adversely affected by the small amount of steam used. The cost of
the reactor and associated heat transfer equipment is high and so

adiabatic reactors are still more commom.

It would seem that the performance of the cyclic reactor system
should be compared with that of a multibed adiabatic steady state
reactor as this type is becoming more common and gives the highest

conversions.

2.3 Kinetics

Typical reactor product compositions given by experimental
workersl 9 , ~ together with sone quoted for industrial reactors
158 are summarised in Table 2.1. All studies show that styrene,
benzene and toluene are virtually the only liquid organic products.
Heavier hydrocarbons are observed in very small quantities or not at
all. The amounts of benzene and toluene vary considerably but most
reports show a larger amount of toluene than benzene with the total
amount in the region of 7-10% of the ethylbenzene consumed. The off-gas
consists mainly of hydrogen (83-92%) and carbon dioxide (6-10%) with
small amounts of methane and ethylene. Traces of carbon monoxide

and ethane may also be present.
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Wenner and Bybdal 19 carried out an experimental Investigation

and give rate expressions for reactions 2.1 - 2.3 as follows.

r1 = kI1(pEB ' PHPS[/Kp) ©™)
r2 = k2 PEB (-10
r3 = k3 BEBR—I .-11)

They evaluated the three rate constants for a catalyst operating
without steam hut only k™ for a commercial catalyst operating In
the presence of steam. The experimental errors were considered to
he too large to permit calculation of kg and k*. In particular,
heat losses caused large radial gradients across the catalyse bed.
The dehydrogenation reaction rate constant iIs given by
log-jO ki = + 4*10 Q.12)

which corresponds to an apparent activation energy of 917000 kJ kmol_1

Bogdanova et al29 give product analyses of experimental runs at
varying temperatures and conversions. The quantifies of benzene
mid toluene produced are low, which may be due to their experimenoal
procedure. The reaction gases are not preheated to the reacoion
temperature, but enter a heated catalyst bed at about 300 G. Thus
the contact time at the reaction temperature is reduced, and the
side-reactions are minimised. However the results show clearly the
decrease in efficiency with increasing conversion and the equilibrium
constant (equation 2.8) iIs evaluated.

Carra and Fomi59 investigated the reaction in order to obtain
a kinetic model. They suggest that the reaction rate depends on the
competitive adsorption of ethylbenzene and styrene on the catalyst
surface. They show that the forward reaction rate is independent of

ethylbenzene partial pressure and stean/ethylbenzene ratio at
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atmospheric pressure. Above atmospheric pressure the effect on the
rate Is small. The effect of the reverse reaction is eliminated b~
operating with a conversion of less than 3 Increasing the amount
of styrene In the feed significantly reduced the forward reaction rate
and these observations support the assumption that a Langmuir-
Hinshelwood40 model is the best representation of the system. These
observations have been confirmed by Bohm and Wenskef"l . The rate is
given by the expression

r = k tEB(pm - (2-13)

1 1 1f Xb.Pi

This assumes that the reaction is unimolecular and that the adsorption
and desorption processes are iIn equilibriun. The rate is then
controlled by the surface reaction. The adsorption coefficients of
the permanent gases and the steam are lower than those of hydrocarbons
and so can be ignored. Carra and Fomi simplified the rate equation

to
- KIbEBYEB ~ "M HAV = k1IWKB ~ PSTPI/ZKp”? non
1 1 + bEBPEB +bSTPST " a + PEB + PPST

Rase and Kirk42 had previously shown this to be a suitable expression.
The benzene and tolluene producing reactions are represented by the
single equation

o kb Peg (2>15)
2 a+PEB + PpST

and these two equations were found to agree well with their experimental
results. They give tabulated values of k* and calculated the activation

energy at 191,000 kJ ool . The rate constant can be expressed as>?
k - 3.032 x 106 exp@R3050/T) Q@.16)

However, only a single value of k™ at 6300 is given with no

indication of 1ts temperature dependence.



Sheel and Crowel’ modelled an existing single bed adiabatic

reactor and considered reactions 2.1 - 2.3 together with

AC2HA + H20 -> Q0 +2H Q.17
CH4 + 1120 CO + 3Hg (2.18)
00 + HgO C02 + H2 (2.19)

The rate constants were fitted to equations 2.9 - 2.11 and

r4 = KA4PST/PC2HA (2.20)

2 21

r5 = V sdjPch, ( )
2

16 = k6 5 PSTMPQO (2.22)

using a simple plug flow model. The activation energy or reaction z.
IS given as 91,000 kJ kmol~ ', However, the reactor modelled was
operating at sub-optimal conditions; in particular a high pressure
and low stean/ethylbenzene ratio were employed. The efficiency was
therefore low at 83%. The rate constants appear to have been fitted
to data obtained at a single set of operating conditions and so It
1S uncertain how well the proposed kinetics will represent a reactor
operating at different conditions.

Abet et aI7A present a simple model and consider reactions 2.1 -
2.3 with the cracking reaction

CH4 —> C+ 22 .23

The rate constants are presented as functions of temperature and
stean/ethylbenzene ratio and the proposed rate equations are similar
to those of Sheel and Crowe®’ above. The authors are, however,
concerned with economic aspects of the process and no reaction data
are presented. Eckert et al 33 present a similar model for the same
purpose. Instead of reaction 2.23, they consider the reaction

CgHj-CgH™ + 1670 8C0g + 21H2 (2.24)



26

and again no reaction data are presented. Abet et al and Eclcert et al
give the activation energy of the dehydrogenation reaction as 78,000
and 126,000 kJ kmol ™! respectively.

Ileyren and Van der BaanN' have recently investigated the de-
hydrogenation reaction over an alumina-supported uranium dioxide
catalyst. This showed high activity and they obtained conversions of
S0n at temperatures below 500°C. They confirmed that the rate
expression (equation 2.14) given by Carra and Form=> gives the best
representation of the system. The efficiency was greater than 95%
and so side-reactions were iIgnored. However, this IS a novel catalyst
formulation and so 1t Is not considered in this research.

Davidson and Salll8 simulated the process with reactions 2.1 -
2.4, 2.18, 2.19 and

C2n c2lp + H2 @25

CH2 ———*2C + H2 Q .26)
The rate expressions are similar to those given by Sheel and Crowe17
above and the rate constants are taken from various sources iIn the
literature. Only the first three reactions were found to give
significant conversions. However, although the simulated reactor
operates iIn the presence of steam, the rate constants used for these
three reactions are those given by Venner and Dybdal for a catalyst
operating without steam. As the values for k* given for operation
with, and without steam are considerably different, the value of this
model is dubious. The model also predicts unreasonably high
efficiencies In the range 95-98%44.

Mbdel 152 performed an optimisation of reactor temperature
profiles using a model comprising only reactions 2.1 - 2.3* The
rate expression used for the dehydrogenation reaction was equation 2.14

70
as given by Carra and Form/ and both side-reactions were modelled by



expressions of the form of equation 2.15* ®ie individual rate
constants for the side-reactions were obtained by assuming that the
contribution of each to the value of Carra and Formi 1is proportional
to the relative amounts of benzene and toluene formed. The temp-
erature dependance of Wenner and Dybdai '519 data was then incorporated
into each constant. Unfortunately, equation 2.15 represents a first
order reaction and is therefore not suitable for the second order
reaction 2 .3» Modell showed that the optimum temperature profile

to minimize by-product formation is either uniiorm or slightly
rising along the bed. However, all the optimum profiles predicted
lie far outside the normal operating range (680~650°C) for this

process.

Hone of the kinetics reviewed can be considered, at this stage,
to be entirely satisfactory. The rate expression given by Carra ana
Forni59 for the dehydrogenation reaction seems most likely lo give
a good representation of the system. There is, however, considerable
uncertainty in the possible kinetics for the side-reactions. The
various kinetics and reaction schemes are summarised in Appendix 1
and will be compared at a later stage when the necessary reactor

models have been developed.

2.4 Process Study
Most industrial processes for the dehydrogenation of ethyl-
benzene operate with a conversion of about 4 The process as a

whole is studied to assess the effect of improved reactor performance

on the rest of the process.



2.4-1 Process description

The process has been described by a number of authorsls_15 a4

and a typical process flowsheet for the Dovw13 process is shown m
Figure 2.3. The feed of fresh and recycled ethylbenzene is vapourised
and then heated to about 530°C by indirect exchange with the reactor
effluent. A small amount (c. 10%) of the dilution steam is added to
the ethylbenzene before heating to suppress pyrolysis. The remaining
steam Is preheated to about 350°C by the reactor products before
passing to an externally fired superheater in which 1t iIs heated to
720-750°C. The steam and ethylbenzene are mixed as close as possible
to the catalyst bed iIn order to minimise pyrolysis. The feed mixture
iIs at a temperature of 630-650°C. After passing through the heat
exchangers, the reactor effluent is cooled by a water spray and then
condensed. The aqueous and organic products are decanted and the
residual gases, mainly hydrogen, are used as a fuel.

Polymerisation of the styrene iIn the distillation train must be
avoided and sullphur (0.3%) is added as an inhibitor. However polymer-
isation will still be significant if the styrene is held for a
significant period of time above 90-100°C. Thus the columns through
which the styrene passes are designed for minimum hold-up and operate
under vacuum to keep the temperature below 100°C.

The toluene and benzene are separated from the mixture in the
first column and the small amount of ethylbenzene carried over is
removed and added to the recycle. The separation of styrene and
ethylbenzene is difficult due to their similar boiling points (45°C
and 136 °C respectively at atmospheric pressure). 80 trays are
required and, due to pressure drop considerations, two columns are
employed. Recently, honever, new tray designsAIO have allowed this

_ _ i B 45
separation t be carried out in a single column *. The overhead
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product from this separation contains $8% ethyl*benzene and iIs re-
cycled to the reactor. The bottom product passes to the styrene
column where a 99«6% styrene product Is recovered overhead. The
bottoms are stripped of styrene and the stripper bottom product
contains the tars and sulphur. 5-15 PPl of p-tert-butylcatechol
are added to the styrene product to inhibit polymerisation during
storage and transportation.

The flowsheet for the more recent Monsanto distillation
train20,” 1s shom in Figure 2.4 and this operates with a reactor
section similar to that of the Dow process. The separation of the
ethylbenzene and styrene is carried out In the first column and the
ethylbenzene recycle is taken from the bottom of the ethylbenzene

colum. This uses two fewer columns than the above Dow train.

2.4.2 Process Modelling

The process was modelled using the process simulation computer
program Flovvpack49- The process iIs considered as a network of
modules, each of which represents an actual process unit. A more
detailed description of the unit models used and the modullar flow-
sheet 1s given by Heggs and Cockcroft7-

The reactor model uses specified conversions for each reaction
and operates adiabatically, isothermally or with a fixed outlet
temperature. The reactor was modelled on the plant data given by

Sheel and Cronel’ . The reactions considered are

—  cbhBecn5 + S2 Ga)

¢2)

@3

H, +10 — €GO + 2E|i (2.17)
ch4 + n2o —* co + 3H2 (2.18)
0 + TLO * 0 (2.19)
(2.27)

CEHSC2HS + G2H4
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The First six reactions are those given by Sheel and crovel’ and the
last i1s iIntroduced to produce the tar required in modelling the
distillation train. The effect of this on the reactor will he
negligible as the conversion to the tar is only 0.5% and the tar
makes up 0 .04% "tte reactor effluent.

The model for the distillation columns uses the Fenske5o,
Gilliland*l and Underwood'2 correlations and operates in the design
mode. The top and bottom recoveries are specified for the key
components and the column size, reflux ratio and condenser and re-
boiler heat loads arc calculated. The Dow distillation train was
modelled on the data of Mitchell and the specified recoveries were
varied to obtain the closest possible agreement. Exact agreement
cannot be expected due to the assumption of ideality in the model.
The styrene and tar columns of the Monsanto train were also modelled
on Mitchell’s data and, due to lack of information on the other
columns, reasonable values were assumed In order to give the same

product recoveries as the Dow train.

2.4-3 Studies

The following reactor types were considered in order to investigate
the effect of higher conversion on the process.

(@ A single bed adiabatic reactor: Sheel and Crowe’s17 data 1s
used to represent an existing reactor giving a conversion of 40%. This
IS the reactor with which the others are copared..

() An i1sothermal reactor opera.ting at 600°C and at 630°C with
a conversion of 60%k. This could be considered t be a tubular reactor
operating at a higher conversion then, described previously38- This
would be achieved by higher temperature or stean/ethylbenzene ratio.

(© A multi-bed adiabatic reactor, again with a conversion of

60%, i1s modelled using a fixed reactor outlet temperature. The final



exit gas temperature will depend on the number of beds used and so
values of 580°C and 600°C are considered. Hie interbed heating iIs
assumed to be provided by exchange with the dilution steam and so

the extra heat i1s supplied by the steam superheater.

The efficiency will fall If the conversion is increased from
40% to 60%. It 1s therefore reduced by a further 2% giving equal
additional amounts of benzene and toluene. The distillation train
will not handle a 50% increase in styrene production without a severe
deterioration in product quality. The same styrene production iIs
therefore considered iIn each case. The ethylbenzene fed to the
process is the sare but the recycle, and hence the reactor feed, 1Is
reduced. Thus, the amount of steam required to maintain the same
stean/ethylbenzene ratio is less. The flows through the steam and
ethylbenzene preheat heat exchangers are reduced by about JYo and
hence the overall heat transfer coefficients are reduced by B as

the coefficient is proportional to the 0.8 power of the mass velocity53 .

2.4>4 Results

The temperatures and heat loads for the reactor section of the
process axe shown In Table 2.2. The higher reactor outlet temper-
atures at the iIncreased conversion cause higher preheat temperatures,
but this is paid for In the heat required for the reactor. The
superheater load for the isothermal reactor is reduced by 54% at
600°C and 51% at 630°C compared with the single bed adiabatic reactor.
The overall heat requirement (reactor and superheater) is reduced by
21% and 17 .5% at the same temperatures. The multibed adiabatic
reactor shows a reduction of 21% in superheater load with an outlet

temperature of 600°C and 22% with an outlet temperature of 580°0.



Single Bed Isothermal Multibed Adiabatic

Adidbatic
600-0 ] 630°C  Outlet Outlet
Temp. Temp.
580°C 600°C
Ethylbenzene Vapouriser
Outlet 1 (O 160 160 160 160 160
Outlet 2 (°O) 237 238 251 230 238
Heat Load (MJ h 2056 1411 1411 1411 1411
Ethylbenzene Preheater
Outlet 1 (O 534 560 586 42 560
Outlet 2 (O 433 442 462 429 442
Heat Load (MJ h-1) 4111 3035 3274 2885 3035
Steam Preheater
Outlet 1 (°O) 3350 366 381 357 366
Outlet 2 (°O) 319 321 34 313 321
Heat Load (WJ h~1) 1746 2186 2332 2089 2186
Steam Superheater
Heat Load (M\J h~") 6167 2780 2998 4802 4873
Reactor
Heat Load (MJ h 1) - 2093 2093

Table 2.2  Temperatures and Heat Loads for Reactor Section.

40% Conversion AP/ Conversion
Ethylbenzene 19.29 6.79
Styrene 15.59 15.59
Benzene 1.50 1.71
Toluene 2.03 2.25
Tar 0.19 1.19
Sulphur 0.36 0.36
Total 38.96 27-89

Table 2.3: Feeds to the Distillation Train (laol h ©)



The change 1In reactor performance will affect the composition
of the feed t the distillation train, and this Is shown in Table 2.3*
The ethylbenzene flow Is reduced by the increased conversion and so
the reboiler and condenser heat loads of the columns through which
it passes are less. These are shown in Tables 2.4 and 2.5 for the
Dow and Monsanto trains respectively. The heat loads on the styrene
and tar columns are unchanged as the amount of styrene iIs the same iIn
each case. The reduced efficiency causes an increase of about 10%
in the flons and heat loads in the toluene-benzene separation. This
increase should be within the design safety factor of the columns
although the quality of the separation may be adversely affected.
The overall reboiler and condenser heat requirements for the Dow

train are each reduced by over 22% and for the Monsanto t<"ain by 354*

2.4.5 Discussion and Conclusions

There are considerable utility savings to be made by increasing
the conversion In the ethylbenzene dehydrogenation reactor. The
savings In the reactor heat requirements of about 20% are due to the
reduced steam flov. The increase iIn conversion from 40% 10 60%
results in a reduction in steam consumption from .0 t kg/kg styrene
produced. The savings are enhanced by operation with the reactor outlet
temperature as low as possible because less heat iIs lost in the
condensation of the products. The savings iIn the distillation train
are in the rcboiler heat loads, usually supplied by low pressure steam,
and the condenser cooling requirements. The monetary value of the
savings cannot be determined due to the variation iIn utility costs
from plant to plant. However, the cost of steam IS a major operating
cost and may comprise 22% of the final styrene cocst13 The reduced

flons In the distillation columns will allow smaller diameter columns



Topping Column
Flow (kmol h 1)
Condenser (MJ h~1)

Reboiler (md h 1)

10 Ethylbenzene Column

Flow (kmol h 1)
Condenser (mJ h_l)

Reboiler (M h 1)

2° Ethylbenzene Column
Flow (kmol h 1)
Condenser (mJ h_l)
Reboiler (va h D

Benzene Column

Flow (kmol h 1)
Condenser (MJ h-1)

.l

Reboiler mva h D)

Toluene Column

Flow (kmol h 1)
Condenser (MJ h 1)

Reboiler (MJ Ii %

Overall Heat Loads
Condenser (MJ h_l)
Reboiler (MJ h 1)

40% Conversion

25.4
1038

107.7
5225

5397

141.1
6159

5527

4.7

193
222

2.7

a

a

13850

13699

AP/ Conversion

15.2

67.0

3195

127.9

4919

5-3

247

2.8
163
163

10735
10467

36

Percentage
Change

-40.2
-34-3
-33-9

“37-8
-41.7
-40.8

-10.1

-11.0

12.8

13.0
11.3

3.7
8.3

8.3

Table 2.4; Flows Down Columns and Condenser and Reboiler Heat Loads
for Dow Distillation Train.



40% Conversion  60% Conversion Percentage

Change
Ethylbenzene/styrene
splitter
Flow (kmol h 1) 346.0 214.9 -37.9
Condenser (WJ h_l) 14926 9157 -38.7
Reboiler (MJ h~1) 15093 9282 -38.5
Ethylbenzene column
Flow (kmol h 1) 15.3 7.6 “50.3
Condenser (MJ h 1) 45 339 -39.6
Reboiler (M\J h 1) 988 553 -44.1
Benzene/toluene column
Flow (kmol h 1) 4.6 5-1 10.9
-1
Condenser (M\J h ) 188 209 11.1
Reboiler (MJ h*1) 193 218 13.0
Overall heat loads
Condenser (W h 1) 16810 10806 357
Reboiler (M\J h 1) 17296 11066 -36.0

Table 2.5s Flows Down Columns and Condenser and Reboiler Heat Loads
for Monsanto Distillation Train.



to be used In new plants and the capital cost will therefore be
reduced.

These savings can be made with presently available reactors and
it is hoped that the proposed reactor system will equal or exceed
them. The process has the necessary capacitance to damp out the
time varying product composition before it affects the distillation
train. All that is inquired i1s a sufficiently large holding vessel
for the condensed organic product. The effect of the time-varying
reactor outlet temperature will be assessed at a later stage when the
magnitude of the variation is known.

Thus, this process could be enhanced by the use of the proposed
reactor system. Utility savings of at least 20% can be expected iIn
the reactor section and even more in the distillation train. The
time varying product of the proposed system should not create any

serious problems.
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CHAPTER 5

MATIM'TATICAIj MODELS

3«1 Introduction

The purpose of mathematical modelling is to represent a
physical system by mathematical expressions which can then be
used to predict the system behaviour. Valstar54 classifies possible
models as mechanistic, empirical or stochastic.

(@ Mechanistic models attempt to describe the actual
processes within a system using mass, momentum and energy balances.
Experimental data are not essential for their formulation but are
useful to verify their predictions. These models can be used for
design purposes and the range of their applicability depends on the
assumptions made In their formulation. They can also give an insight

into the iInteractions of the processes within the system.

(®) An empirical model correlates observed inputs and outputs
of an existing system and is treated as a "black box”. The model can
simulate the system from which 1t was derived, but cannot be used with,

confidence for design at different operating conditions.

(©) Stochastic models, based on statistical considerations, are
used where various conditions have a statistical chance of occurring.
Residence time distribution problems are an example of this type of

model .

The aim of this research iIs to determine the design parameters
of the proposed reactor system and to iInvestigate theilr interactions.
Thus, only mechanistic models will be considered.

The model of the cyclic reactor system as a whole will be discussed

in Chapter 5 but individual models for the reactor and the regenerator
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must First be derived. The performance of the model of the system
will be largely determined by that of the reactor model. The re-
generator is modelled as a simplified reactor, iIn which no reaction
occurs and only the heat transfer need be considered. Possible
reactor and regenerator models will therefore be discussed to
determine the simplest which adequately represents the physical

situation.

3.2 Packed Bed Models

The flow of a gas through a packed bed is very complex, with
considerable local fluctuations due to the random nature of the
packing. Simplifying assumptions must therefore be made about the
nature of the bed and it iIs necessary to distinguish between the
important mechanisms and those which can be neglected. The bed .
be described by a continuum model or by a cell model >*

5.2.1 Continuum Model
Continuum models are the more comon, as shown in the review

papers of Proment9 10 .

and Ray Packed beds are made up of discrete
particles, but these are generally small compared with the reactor
volume. The continuum model therefore considers the bed to be
statistically homogeneous in each phase and the variables are

assumed to vary smoothly along the length. This concept is discussed
more fully by Beek and allows the bed to be described by a set of
differential mass, momentum and energy balances. These form partial
differential equations for transient operation and ordinary differential
eqguations iIn the steady state. Analytical solutions are generally not

possi.ble for the reactor equations due to their non-linearity and so

approximation methods must be employed.
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3.2.2 Cell Model

In this model, the bed is represented by a series of stirred
tanks or cells. Each cell contains the volume of a single particle
and its associated void space, “llie model was proposed by beans and
Lapidus56 and has since been used by several author557_60. The cell
model equations are simpler than those of the continuum model as
only algebraic equations are required for the steady state and
ordinary differential equations for transient operation. However,
Valstar”4 has shown that a large number of cells are required to
obtain a good representation and the computing time becomes excessive.
Eoemer and Durban"” found that the solution of the cell model tends
towards that of the continuum model as the number of cells increases
and. Levenspiel and Bischoff~l and Feick”2 have shown that the cell
model is, in fact, a particular case of the continuum model. Thus
the cell model will only be considered insofar as it is used by

Gavalasllj in his simulation of a regeneratively cooled reactor

systenm.

This work is concerned only with adiabatic beds and so a one-
dimensional model can be used. Plug fxow will be assumed. In
tubular reactors, which have radial temperature gradients and
relatively few particles across the diameter, there may be significant
deviations from plug flow 5 Adiabatic reactors, however, normally
have a large number of particles across the diameter and so the radial
variation of velocity is small. The plug flow model also assumes
that axial dispersion is negligible. This has been shown to be the
case unless the bed length is small”~4,” and Jefferson”, in
experimental work, found that the effect was too small to measure.
The axial diffusion of heat has also been shown to be negligible
o 68

compared with the transfer due to the bulk flow”1~
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3.3 Reactor Models

The reaction occurs on the catalyst surface, most of which is
inside the porous pellets. Hence diffusion of mass and heat between
the two phases and within the pellets may he important. Three
possible models can be formulated, depending on which diffusional

processes are considered.

5.5.1 Pellet Model

This model includes the effects of both interphase and intra-
particle diffusion of mass and heat and is discussed in-the review
papers of Froment7 and Rayl0. Individual catalyst pellets are
considered in a fluid continuum and the temperature and concentration
profiles within a pellet are calculated at each integration step.
Separate heat and mass balances are required for each phase and these
are coupled by the pellet surface boundary condition. [large computing
times are required to solve the model®*y ™ as the pellet equations
must be iterated at each step to satisfy the boundary conditions.
Hence much work has been done to simplify the model. McGreavy and
Cresswell™ have shown that the main resistance to heat transfer is
between the pellet and the bulk gas, rather than, within the pellet.
Thus the temperature profile within the pellet can often be assumed
isothermal. The reaction rate, and hence the concentration, within
the pellet may be related to that at the surface, or the _f.luid
conditions, by means of an effectiveness factor. Relatively simple
correlations for effectiveness factors have been obtained for .iso-
thermal pellets. However, for non-isothermal pellets, the evaluation

of the effectiveness factor may involve as much effort as solving the

original equafrons70

The solution of the pellet model requires effective transport

properties within the pellet to be evaluated. Satterfield71 reviews



experimental work .in this field and proposes correlations. However,
there is some uncertainty in the predicted values even with detailed
information on the catalyst structure. This information is not
available for the catalyst used in the dehydrogenation of ethyl-

benzene and hence accurate values cannot be predicted.

5.5.2 Film~resistan.ce Model

The film-resistance model assumes that intraparticle diffusion
can be neglected, 1.e. the effectiveness factor is unity, but it
includes the effect of interphase processes. It has been considered

J9 " 69

by Liu and Aorundson and Feick and Quon

Separate heat and mass
balances for each phase are again required, but the solution is much
quicker than the pellet model as iteration across the pellet is not
required. The only transport properties reqtiired are the mterphase

heat and mass transfer coefficients and correlations for these are

well established™ .

3."3.5 Pseudo-homogeneous Model

All resistances to heat and mass transfer between the phases and
within the catalyst are assumed to be negligible. The temperature or
concentration at a given point can then be described by a single value
and separate mass and heat balances are not required. As the diffusion,
processes are neglected, no transport properties are required. Several
authors™ ™>747? 75 have BhOvm that this model can give different results
from a heterogeneous model with an exothermic reaction. |In particular5
it shows high parametric sensitivity as it cannot account for
diffusion control. Nevertheless, it is widely used76_79, especially

in transient studies, because of its simplicity and ease of solution.



5.3.4 Selection of Model

Peick and Quon69 compared all three models and. observed
significant differences in results when diffusion processes were
important. Under these conditions, a pellet model is required.
A simpler model can only be used when soma or all of the diffusion,
processes can be ignored. Hie effect of the various processes
must be determined for the particular reaction being studied; in
this work, the dehydrogenation of ethylbenzene.

The intraparticle temperature effects can be assessed from the
simple analysis of Prater%P. The temperature, Tp, at any point

within a particle 1is

where Cp is the concentration at the same point. The maximum
temperature difference within the pellet can then be obtained by

setting Cp to zero.

3-2)

Typical values for these parameters are given in Table "j.1. The
effective diffusivity is calculated by the procedure given by
Satterfield using quoted catalyst properties for a water-gas reaction

Bl

catalyst and a gas phase diffusivity given by PerrySP. The

effective thermal conductivity is a typical refractory metal oxide

value85.

The maximum inlet concentration is used and gives a
. . 69
temperature difference of ~0.38<C. Peick and Quon = suggest that

the intraparticle temperature gradient in negligible if

< 0.001 (3.3)
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d - 0.J451 £ 10"; m23~1
AH - 124,900 kJ “kmol-1

ke - 1.7507 ¥

og - 1.531 x 10 “kmol m ~
Ts - 903<K

e - 0*4

Ps - 1750 kg in"3

Ry 1234 m2m"5

h - 252.2 W m™M2 <K~1

k© - 0.1155 <*s ~

Table 3.1; Data used In estimation of diffusion effects

At 630=C, the above value gives

MSSS I _ 0,0004 (5*4)
-

arid hence the pellet can be assumed to be isothermal.
The effect of intraparticle mass diffusion can be determined
from the criterion of Weisz”. This states that the diffusion effects

can be neglected if

o= % T < 1 (3-5)
SvVs

mhere r is the reaction rate (kmol s kg cat ). This depends on the

kinetics used, which are summarised in Appendix 1. With the parameter
39

values in Table 3.1, the reaction rates at 630=G of Carra and Form

Wenner and Bybdallg, Sheel and Crowe17 and Eckert et al33

give as
3.5, 0.37, 0.12 and 0.084 respectively. Thus intraparticle diffusion
is unlikely tc be significant although it may affect results using

A
Carra- and Poim % 0 kinetics. However, even then, it is doubtful,

whether the largo computing® times required for the solution of a pellet
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mode], are justified. There is some uncertainty in the value of the
effective diffusivity, and hence in <, and this would have to he

used in the solution of a pellet model or the evaluation of an
effectiveness factor. The results of such a model would therefore
also be uncertain and the use of a pellet model will not be considered.
Any error introduced by ignoring intraparticle effects will reduce the
bed size required for a specified conversion, and this will be shown

later to represent the Tworst case®™ for the cyclic reactor system.

69
To assess the effect of the film resistance, Feick and Quon

suggest that if

< 0.001 (3-6)

and

cC - CC
< 0.001 G.7:

then the film resistance is negligible. These criteria can be solved
at the inlet conditions without solving the film resistan.ce model.

The heat absorbed by the reaction per unit time, per unit volume is

H - @ -¢e) PB AH T (3-8)
This must also be the amount of heat transferred from the fluid to
the catalyst, and hence

H = Syh(T~Ts) (3-9)

Equating 3.8 arid >9 gives

T-Ts (1 -e) PB AHr
T Sv hTE (3-10)
Similar consideration of the mass transfer leads to
c-C = 0.-e) Br (3.11)
Cg ®vV ~g CS

Equations 3.10 and 3.11 must be solved simultaneously by an iterative
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technique as the reaction rate is a non-linear function of both
temperature and concentration. At 630<C, the reaction rate of Carra

and Forni39 gives

0.0052 (3.12)

and

th
11

0.056 (3.13)

using the data in Table 3*1* The heat and mass transfer coefficients
are evaluated using j-factor correlations8'*38<. The criteria of
equations 3*6 and 3*7 are still not satisfied if any of the other
reaction rates discussed in Chapter 2 are used. A film resistance
model therefore appears to be required. However, this will be compared
with a pseudo-homogeneous model because the latter is simpler and is

often used.

3.3.5 Stability

The stability of chemical reactors and the problems of multiple
steady states and parametric sensitivity have been extensively
studied™™ "ilx However, these phenomena are only observed with exo-
thermic reactions and stability is not a problem with an endothermic

reaction87 B8 such as that considered in this research.

3.4 Regenerator Models

The temperature effects within the catalyst were shown to be
insignificant in the reactor. Intraparticle temperature gradients
will be reduced if no reaction occurs, and thus the pellets can also
be assumed isothermal in the regenerator. It is desirable to use the
same type of model for both the reactor and the regenerator. Hence a
film resistance, and a pseudo-homogeneous, regenerator model will be

compared.



48

3*5 Model Equations
The model equations are derived with the following assumptions:
(a) ldeal gas behaviour:- This should be satisfactory as the

system operates at high temperature and low pressure.

(b) Perfect mixing at the reactor entrance:-- The mixing zone
will be highly turbulent and so good mixing can be expected. However,
if good mixing is not obtained it would not be feasible to allow for

this in the model.

(c) Ho entrance effects:- It is assumed that fully developed
flow is established immediately at the entrance to the bed. It would

again be difficult to include these effects in the model.

(d) Constant physical properties:- The equations will be
written with constant properties. This is a common assumption as
it greatly reduces the computing time and. should be valid if temperature
variations are not large. However, the validity of this assumption

will be assessed.

IT the pressure drop is included, it is calculated for all models

from the Ergun89 equation

J),
P

where P is in bars.

3.5-1 Transient Film Besistance Model
\

dc..
i
dt

and for the solid phase are
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dc S
81 VED; _ ?C_ c + BS_ a, .r. i \53-1/)
dt (i_e)ep 1 si” ep AN 1,00
dT S h
2 = —r— - (dT-T) - T AH. r. -1
dt 0T E S T-T)- " . r (3-13)
S JIE> JJo J
i-i ~o “
where rj is the rate of the J I"reaction (kmol s kg cat ) and a1 3
is the stoichiometric coefficient of the i1™1 component in the
reaction (negative for reactants and positive for products).
Initial Conditions:
€, = Cgi = 0
T="1.@) at a~0and i -0 (3*19)
Ts = t2(2)
Boundary Conditions:
_ —_ *
%i = C0 at a=0and t>0 (3*20)
T=T
0
The regenerator heat "balances axe
J| = -1 |JI1_Vv L _ (t-t) (3.21)
e iz ePC e
g PS
6T9 d_

2 T — T-T 3-22
it f‘?&ﬁi& p CP ( s> ( )
Initial Conditions:

T =1,
at z > 0and t ~ 0 (3«23)
Ts =14
Boundary Condition:
ita-0and t>0 (3.24)

0]

The parameters with a bar are particular to the regenerator and

need not have the same value as the corresponding reactor parameters.
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3»5«2 Transient Pseudo-Hormogcneous Modo L
Ignoring the effect of the interstitial fluid., the pseudo-

homogeneous reactor is described by

6cC. Ac. / '\
i = - H + (ix) Ps 7_.a. ..r. 5.25
At' e 6z ('e ) ] L] ] vs )
A N PE2Cpg AT 1 T E—g* d’\
Sqr -~ . A LoAbL b
A& 6"e)pscps Az pCs [ N
Initial conditions:
c. =0
at a”~0Oand t =0 Q..27)
T=F (2
Boundary Conditions:
°r 7 ‘10
T _t at z=0and t >0 (3*20)
0
The regenerator beat balance is
AT " 0 pg JdE AT (7. 0075,
H - _ AN
it = V(J }pchS 47 u w
Initial Condition:
T =120 at z 5-0 and t = 0 (5*30)
Boundary Condition:
T=T at =0 and t> 0 (3.24)

3 Steady State Reactor Models
The steady state reactor models are obtained by omitting the

time derivatives from the transient models in the previous sections,

3.50.1 Film Besi.sta.rice Model

The heat and mass balances for the fluid phase are

dc, S. k
dz " u v(%’ —~Csi ) (3.31)
8'ZI' - J. .V L L§I’_i|’/) (y 7oN
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and for the solid phase are

i 7% " sk ¢ & -y 3331
vV g 0

T = T- T AH. r. (3-34)
B SV h. a J 6

Boundary Conditions:

¢t = %10

T-T,

at s = 0 (3*35)

,2 Pseudo-homogeneous Model

This is described by

dci _ (1-e) Ps
az u 1,0 J (3.36)
J
gi a<e) qu+ \
i - AH _r 3.37
dz u pJC - Jj J ¢ )
s ps a

with the boundary conditions 3»35*

$.ilks,4 Diluted _Catalyst Models

It may be desirable to dilute the catalyst by the addition of
inert material in order to increase the heat capacity of the bed and
allow longer periods in the cyclic reactor system. This inert material
is assumed to be particles of catalyst support with the same physical
properties as the catalyst. Dilution of the catalyst does not affect
steady state reactors end hence it can be ignored in the steady state
models, There need be no distinction between catalyst and inert
material in the transient regenerator and so the effect of dilution
is accounted for, in the models previously described, by the increased
bed size.

A distinction must, however, be made in the transient reactor

models between the catalyst and the inert material. Assuming that the



catalyst and inert material are uniformly mixed, the heat balance on

the inert material is

dT S h
TT A TR I~}
with the initial condition

Tf = £p(z} at z »0 and t = 0 (3*%39)
The fluid phase heat balance is

Am Am @L-y)S h YS h
= - - - — ... aT-T7)-—Jr~- (T -1TT) (3.40)
it-—————- e te epg pg 8 epgLvsS 1
and that on the catalyst is equation 3*18,,
The concentration changes much more rapidly than the temperature
and the mass transfer between the fluid and the inert material can

be assumed to be in equilibrium. The mass balance on the fluid

phase (equation 3*15) then becomes

Ac. : 6¢C. 1-y) S k
A = i A * -C . 3.41
it e 6z e ( 1 sx) ( )

and that on the solid phase (equation 3*1?) becomes

6c . @l-y)S k @ -y) Po
J2i = —L,vE (. -C )+t - S. 7 a. r. (3.42)
6t (1~-e)ep 1 sl ep & 1 J

The use of a separate heat balance for the inert material may
bo avoided if its temperature is assumed to be the same as that of
the fluid. The fluid phase heat balance is then
arnetv; (,.*.) (J.43)

m -
6z e 0 S
pS X

=.a
e
PS

«
6t
and that on the solid is

AT @-Y)S h /, v\
—a = T mf— (T-T)-C=°) 1Al r (3.44)
4t <pa = ps J

The mass balances are again.equation 3*4" and 3*42*



A uniform mixture of catalyst and inert material is allowed for
in the transient pseudo-homogeneous reactor model simply by reducing
the rate constants by a factor which corresponds to the inert fraction
of the bed. This represents the use of a greater amount of lower
activity catalyst. A separate heat balance for the inert material
cannot be used as this would negate the pseudo-homogeneous nature of
the model. Hence only the Kkinetic data, and not the model, need be
altered. This approach could be used to represent lower activity
catalyst in the film resistance model but it would not correspond to
the addition of inert material as the interphase transfer occurs
over a larger catalyst volume.

It will be difficult in practice to obtain a uniform mixture 01
catalyst and inert material* The effect of introducing the inert as
a single plug within the bed will be investigated. This requires no
modification of the transient reactor equations as the rate constants

are simply set to aero in the inert plug.
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CHAPTER 4

SOLUTION OP MODELS

4.1 Introduction

The reactor and regenerator models described in the previous
chapter consist of partial or ordinary differential equations.
Analytical solutions are not possible for the reactor models due to
the non-linear reaction term and approximate numerical solutions musb
he used. Analytical solutions may he obtained for the linear
regenerator equations®*”, hut different solutions are required for
different initial hed temperature profiles. Hence, numerical
solutions are used throughout. This also allows relatively simple
coupling of the transient reactor and regenerator models in the model
of the cyclic reactor systenm.
Reviews of approximation methods in the Iiterature6’54’91
consider only second order differential equations ana there js
little guidance on methods suitable for the first order equations
used in this work. A number of methods will, therefore, be studiea,
and their results compared, in order to determine the most suibable
one for these equations. The criteria used in this investigation
are the following.

(a) Accuracy and stability

(b) Computation time

(c) Computer storage

and (d) Ease of implementation.

An accurate solution, which closely approximates the true
solution of the differential equations, 1is clearly required. A quick
solution is also desirable, especially for the transient models, and
a compromise may he required if there is a conflict between these

criteria. The computer used in this work is an IBM 11J0 with a hardware



floating-point unit and 16K of core storage. An ICL 1906a was also

available. The IBM 1130 is a relatively slow machine by today"s
standards and so the computing time must be minimised. The computer
storage required should not be a problem with the models considered,

as a marching technique through time will be used and, thus, previous
time levels may be overwritten. Ease of implementation is the least
important criterion and this will only be applied to methods oi similar
accuracy and solution time.

The lack of analytical solutions makes i1t difficult to assess the
accuracy of the approximate solutions of the reactor equations. These
are affected by the integration step size and some assessment may be
made by observing how step size variation affects the solutions91
This approach will be used with the steady state models. However,
approximation methods used to solve the transient regenerator models
may be assessed by comparison with the analytical solutions. Methods
which accurately represent the regenerator need not necessarily give
accurate solutions of the transient reactor equations, bat it seems
likely that they will. Certainly, methods which do not accurately
represent the linear regenerator equations will not do so for the non-
linear reactor ones. Suitable approximation methods can then be
compared on the basis of computing time and the other criteria given
above.

Tv/o reactions are considered in the investigation; the dehydro-
genation of ethylbenzene (equation 2.1) and also the first o.edei,
exothermic oxidation of carbon monoxide in an excess of air:

0 + - 0?2 ——> co2 “.1)

This is the reaction considered by Gavalas11 in his study of a
regeneratively cooled reactor. The data used for the dehydrogenation

reaction is given in Table 41> which the catalyst properties are



P
SR
TIN
AH1

AHg

AHN

CEB(

k1

l

0.00811 m

1.7 bar

14.0

630<C

124881 kJ kmol

101640 kJ kmol
-65090 kJ kmol

1532 7 10~ knol m -

3.032 x 10%exp(-23050/T)
kmol s’ kg cataTys{

1: Bata for the Dehydrogenation Reaction used in

c - 2.399 kJ kg"1<C1
PS
- 5.475 x 10 4 kg 11
PO
c - 1.047 kJ kg 11
ps
"3 - 1.750 kg 1"
, - 0.4
e’ep
SV - 1240 m2m~5
kg - 0.1182 ms 1
h - 2523 W 2<C1
u - 0.6197 m s*1
r1 - k1@EB "™ PSTpl/Kp>
r EB ST
a 0.06 bar
P 8.05
Table 4.
Chapters 4 and 6.
1.080 kJ kg-1<C-1
Pg
S 0.4906 x 10“3 kg 1™
0.837 kJ kg“1<c"1
ps
1.0kg 1 1
e,e 0.4
Zp
1000 mn~>
kg 0.0436 ms
h 50.24 Wnf2 <=~
Zs/a 2.5 s
TIN 450 <C
All _280515 kJ kmol "t
Co 1.692 x 10 kmolra_3
kl 7.8 x 107 exp(- f-~<</T) kmol 3
" k1°1
Table JUzZ-

Da for the Oxidation Reaction used in Chapter 4



those quoted by manufacturers”™0 ™2 and the surface/volume ratio by

Satterfield71; the heat and mass transfer coefficients are

calculated from j-factor correlation ; and the heat of reacti.on

and gas specific heat from Sheel and Crowe17 and Kobe93 respectively.

The remaining data are either typical values, or calculated from

the other data. Tne feed to the reactor contains only ethylbenzene

and steam. Table 4*2 shows the data for the oxidation reaction.

The values of Gavala.sll are given together with heat and ma,ss transfer

coefficients quoted by Thornton7” and a typical surface/volume ratio.
In order to simplify the solutions and reduce the computing time,

the change in volume during the reaction is ignored and the physical

properties and pressure are assumed constant.

42 Coordinate System

The transient models described in the previous chapter are
presented in Bulerian coordinates, in which the fluid passing a
fixed point in the bed is considered. The equations can also be
presented in Lagrangian coordinates, in which an element of fluid
is followed through the bed. The two forms of equations are discussed
by Arnes*” and Fox”. The equations are transformed from Eulerian to

Lagrangian coordinates by the substitution

where ~/u is the time taken by the fluid to oravsl the length e*
The film resistance reactor model (equations 5*15 ~ 3e20) then

becomes:
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6C S k p
J— J— - *
66 - % i %)t g N A5 T (475)
6T S,, h .
3 =_ Vv _____ a_T1) _ z AH. r (4-6)
60 t!"ps S - _pS d- J J
Initial Conditions:
ci = f~z)
c . = 10 ; , Vv
S1 at e>0 and 9=0 (4*7)
T = 22
Ts = r4(a)
Boundary Conditions:
c  — Q
n at z=0 and 0>0 (4*®)
T = T,

The film resistance regenerator model (equations 3.21 - 3"24)

becomes
w . _Jij2L (t_t) (4.9
v "8 ps :
6T S .
_GB - T;I_,\YWF; G —\T/ ) ;\4.10)

Initial Conditions:

- N at s >0 and 0=0 (4*170
5 = f,(2)
Boundary Condition:

T o= T, at z=0 and 0>0 (4*12)

The pseudo-homogeneous reactor model (equations 3-25 - 3*20) in
Lagrangian coordinates is

6c,

6d - CI)ZéE-)"g;_ al.,o.r’1 (4*13)
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IT= _%£«$-—-—— 4T _ L y AH.r. (4.14)
40 0-~Cp; 6, ps j JO
Initial Conditions:
c. = T7(2)
1 -

at z~ 0 and 0=0 (4*15)
T - f8(2)

Boundary Conditions:

8- N

at z=0 and G>0 (4*8)

C.
1

-]

T =T
0

and the regenerator (equations 3«9> 5«50 and 3.24) is
*1 = UAvs .. 1S (4.16)
60 s1—e%P C 6z
s ps
Initial Condition:

T = fg(2) at k ~ 0 and 0=0 (Gl

Boundary Condition:

m o at z=0 and 9> 0 (4*12)
0

Trie Lagrangian fonas of the equations are simpler than the
Eulerian forms as certain time derivatives have been eliminated.
However, the initial conditions for the reactor models are more
complex as 6~ 0 is not the same as t =0. For example, 1if the
concentration of reactant, say, is zero at t = 0, the concentration
at the outlet at 0= 0 is the value after the first residence time.
Fox95 states that "The two forms of differential equation are formally
equivalent, hut this may not be true for the truncated finite-
difference equivalents of these equations.”™ Thus, when comparing
finite difference solutions, both forms of the equations will be

considered.
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4*3 Approximation Methods

4.3.1 Method of characteristics

The method of characteristics™4,” 1is generally the most accurate
method for hyperbolic partial differential equations97 such as the
Eulerian forms of the transient models. The characteristic
directions (ag) of the system are first evaluated, along which the
partial differential equations become ordinary differential ones.
These equations are then solved along the characteristic directions
at the intersections of pairs of characteristics. Approximate
solutions are normally required to solve these ordinary differential
equations although they are an exact representation of the partial
differential ones.

The evaluation of the characteristic directions and the equations
to he solved along them is shown in Appendix 2 for the film resis fen.ce
reactor model. The fluid equations (3.15 and 3*16) reduce to equations

4.3 and 4.4 along the characteristic

dg

dt |

and the solid is represented by equations 3.17 and 3* "8 along the

characteristic

£6 = 0 (4-19)

with the initial and boundary conditions 3*19 ana 3*20.

These characteristics are shown in Figure 4.1 on a t vs z domain.
The fluid characteristic represents the flow through the bed and
covers the time interval i.e. the residence time. Thus, these
equations are the same as the Lagrangian lorm of the model, in which
an element of fluid is followed along the bud. The effect of the

transformation (equation 4-2) is to make the fluid characteristic



Figure 4*1;

Figure 4.2:

2 » *

Characteristic Directions for the Transient
Film Resistance Reactor Model.

Effect of the Transformation to Lagrangian
Co-ordinates on the Transient Film Resistance

Model Characteristics.
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horizontal on a 0vs z domain and thereby give a rectangular grid
(Figure 4.2). This is also true for the regenerator equations (3-21
and 3.22.) and hence the method of characteristics for the transient
film resistance model will not be considered separately from the
Lagrangian form of the model.

The transient pseudo-homogeneous reactor model gives separate
characteristics for the heat and mass balances. The mass balance
(equation 3*25) reduces to equation 4*13 along the characteristic 4*19

and the heat balance (equation 3*26) is

. (1-e)p
[T = ——- £ AH. r. (4.20)
dz llpg Cpg 5 J J

along the characteristic

C N
dz P dos (4.21)

dt 11 P cpé

The initial and boundary conditions are equations 3*27 and 3*28.
represents the passage of a 7thermal wave®

1
through the bed, with a residence time of

t = (1"eH <cPsz (4.22)
up C
g Pg

The characteristics are shown in Figure 4*3 at the entrance of the bed
The slope of the characteristic representing the heat balance 1is more
than 2000 times that representing the mass balance using the data in
either Table 4.1 or 4.2. This therefore requires the use of a large
time step or a small length step for the method ixsed to solve the
ordinary differential equations along the characteristics. A large
time step causes a large truncation error and a small length step
requires excessive computing times. Thus, this method will not be

considered for the transient pseudo-homogeneous reactor model.
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Figure 4*3: Characteristic Directions for the Transient
Pseudo-Homogeneous Reactor Model.
A
t (n,n+1)
,(m-1,n ,(®,n ,(mt1,n
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5f \, (m,n-1)
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Figure 4 .4:

Section of Finite Difference Grid.
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The method of characteristics for the pseudo-homogeneous

regenerator (equation 3.29) gives the analytical solution

d? = 0 (4*23)

i.e. the temperature is constant, along the single characteristic

dz _ U PS.(4.24)

dt  (1-e)Pg C o

with the initial and boundary conditions 3*30 a”d 3*24«

4»3«2 Finite Difference Approximations

Finite difference approximations97 are used to reduce differential
equations to algebraic ones. For ordinary differential equations, the
differences are replaced by finite differences along a line. For
partial differential equations, the domain is covered by a rectangular
grid and the differentials are replaced by finite differences between
the grid intersections. The method for ordinary differential equations
is therefore a simple case of that for partial differential ones and
will not be discussed separately. A section of grid is shown in
Figure 4*4 where m refers to the length direction and n refers to
the time direction.

The forward difference approximation is

MSTUl = Tmin "TIILT{m~ (4 ,25)
dt At
and
dT(m,n) _ T(m+l,n) - T(m,n) (4 .26)
dz Az

This leads to explicit schemes in which no iteration is required,
even for non-linear equations. The backward difference approximation
is

da*f(m,n) _ T(m,n) - T(m,n-1) “4 .27
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and
dT(m,n) _ T(in,n) - T(m~1,n) (4.28)
da Az
Both the forward and backward difference approximations are single

step formulae, that is, only a single grid increment is considered.

The usual central difference approximation is

M on ) - Tmm-H) -.£, () (4-29)
dat = - 2At

which is a two-step formula and gives problems at the boundaries.

To overcome this, a trapezoidal formula is used. This is

dr(m,n~-1-) i dT(m,n) dT(n,n-1)i = T(m.nlrjfaSll) (4.30)
dt 2 dt dt At

an dT(m~2,n) = T(m,n). - T(m-1,,n) (4.51)
dz Az

These are single step formulae and have been shown98 to have the

same truncation error as the two-step formula.

The use of this central difference approximation foxlpartial
differential equations allows the possibility of each derivative
being approximated about a different point. The time and length
derivatives in equations 4-30 and 4*31 are taken about the points
(m,n-;j) and (m-|]-,n) respectively. If both derivatives are
represented by central difference approximations, it might be
better to take them both about the point (m;;, n-"g). This would
apply regardless of whether or not both derivatives appear in the
same equation. A similar situation arises if a backward or a
forward difference approximation is used in combination with a
central difference one. |If the same point is used, the equations

become more complex and equations 4*30 and 4«31 become

dT(ia4,n4) _ T(m,n) - T(m,n~1) +T(in~1,n) T(mrla]~l) (axo0)
dt 2At

d
o dT(m~»>n-fr) _  Tfnun) - T(m—l,n),,—EATZ(m?n—l) - . ) (4 .33)



The results obtained using these forms of approximation will be
compared with those from the simpler forms previously described.

The uoe of backward and/or central difference approximations
for the reactor equations gives a set of non-linear algebraic
equations and iterative solutions are required. Three iterative
techniques were compared for this purpose and these are

(@) Simple repeated substitution

(b) Modified secant method99

(c) A combination of the Newton and steepest descent methods
given by Powell
All these techniques gave identical results with appropriate
tolerances on the residual errors. However, to obtain the same
accuracy, the repeated substitution method was considerably faster
than the other, more sophisticated, technigiies. For a typical
calculation in which it required 12 minutes computing time, the
modified secant method required 32 minutes and Powell 31 " method
required 77 minutes. Convergence is always obtained in very few
substitutions because the initial guess (the value from the previous
step) is close to the required value. The repeated substitution

method is therefore used in these iterative solutions.

4.3-3 Method of Lines

The method of Iines94 replaces partial differential equations
by differential-difference ones by means of a backward or trapezoidal
central difference approximation for the length derivative. These
equations are then solved by the 4th order Eunge—Kutta—GiII101 technique
or by an Euler (equation 4 .25)-Trapezoidal (equation 4 .30) predictor-
corrector method. Neither a forward nor a two-step central difference
approximation can be used, as they require the value at (m+l,n) to

evaluate that at (m,n).
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Using a backward difference approximation, these differential-
difference equations are the same as the equations for the cell model
described in Chapter 3. The cell model used by Gavalas11 A2 is a
differential-difference representation of the transient pseudo-

homogeneous model, equations 3.24 - 3*30%

4c3.4 Methods for Steady State Models
The steady state reactor models (equations 3*31 ““3*37) are solved
by the use of finite difference approximations or the 4th order Runge-

Kutta-GiII101 technique.

4.4 Stability

Instability of approximation methods arises when the errors
involved in the approximations, or rounding errors, accumulate in
successive integration steps. In this case, the solution obtained
will not represent that of the differential equations, and it is

desirable to eliminate methods which may be unstable.

4.4.1 Transient Models

There are no analytical methods of determining the stability of
approximation methods when applied to non-linear equationsloz. The
stability depends on the integration step sizes103 and the simplest
method of investigating this is to observe the effect of step size
variation on the approximate solutions.

The stability of linear finite difference schemes can be

9 97. The method is

established by the Fourier series method
illustrated in Appendix 3 and the stability of the various linear
schemes is summarised in Table 4*3* A finite difference scheme 1is

called 3table* only if it is so for all step sizes. A Tonditionally

stable ”scheme may be stable or unstable depending on the values of the
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coefficients and step sizes. All the explicit forward difference
schemes are at least conditionally stable for the regenerator
equations hut, when the reaction term was included, they were all
found to he unstable. All gﬁe linear schemes involving only back-
ward and/or central difference approximations were also shown to be
stable. These schemes were also found to be stable when the
reaction term was included and, with the conditionally stable
schemes, no unstable conditions were observed with different step
sizes.

Using the method of lines for the Eulerian reactor models,
very small step sizes were found necessary to ensure stability
and large computing times were required. No instability was
observed for the Lagrangian forms with the Runge-Kutta-Gill technique
even with large step sizes. However, small step sizes were again
required for stability using the predictor-corrector method.

The comparison of approximation methods for transient models
will, therefore, only consider backward and/or central difference

approximations and the method of lines for the Lagrangian models

using the Runge-Kutta-Gill technique.

4.4.2 Steady State Models

The stability of the steady state reactor model solutions was
investigated by observing the effect of step size variation, and
this is shown in Table 4*4* instability was observed for any of
the methods used. The Runge-Kutta-Gill technique applied to the
pseudo-homogeneous model was found to be the most stable to changing
step size. The conversion, to five significant figures, was constant
if more than 50 length steps were used. This technique is not
suitable for the film resistance model as the solid phase equations

must he iterated at each Runge-Kutta evaluation. Only finite
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difference approximations were used for this Model, of which the
central difference approximation was the least sensitive to changing

step size.

4.5 Initial Conditions for Transient Reactor.Models

The initial concentrations of reactants and products in the
Eulerian reactor models are zero. Hence the reactor can be considered
to initially contain only inert fluid, to which the reactant is added
at t = 0. To allow for the flow of reactant during the first
residence time, it would appear that the time step should not
initially exceed the residence time, regardless of its subsequent
value. This was tested by the use of time steps less than, equal to,
and greater than the reactor residence time. However, the difference
between the results obtained in each case was negligible unless the
time step was several times greater than the residence time, when the
truncation errors became significant.

For the Lagrangian models, the initial concentrations along the
reactor are those set up as the reactant moves through the bea. To
obtain this, the number of time steps during the first residence time
must be equal to the number of length steps and it would, therefore,
be more convenient if the concentrations could be assumed initially
Zero. This possibility was tested by comparing two extreme cases;
the first, in which the concentrations were zero, and the second, m
which the concentrations were the maximum isothermal steady state
values. Differences between results obtained for these cases were
negligible after only a few time steps as was the effect of initial
step sizes less than, equal to, or greater than the residence time.

The initial reactor concentx dation will, therexore, be assumed

zero for all models and the initial conditions will not oe considered

in determining the time step size.
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4.6 Comparison of Transient Sol.uti.ons

The results obtained using the various approximation methods
mere compared for both the regenerator and the reactor models. The
following observations were made for both the film resistance and the

pseudo-homogeneous models.

(@) The results were not significantly affected by the choice

of coordinate system.

(b) The results obtained using a backward or central difference
approximation, or the Runge-Kutta-Gill technique, for the time
derivative were not significantly different provided the approximation
used for the length derivative was the same in each case. Thus, the
terms Dackward difference solution Zand Tentral difference solution!

will refer to the approximation used for the length derivative.

(c) The results were insensitive to time step size provided it
was not too large. A time step of up to 1 second was found to be

satisfactory.

(d) When a central difference approximation was used, no
significant differences were observed between the results using the
equations taken about the same point (e.g. equations 4«32 and 4*33)
and those taken about different points within the step (equations 4*30

and 4.51).

(e) The computing time required was found to depend largely on

the number of grid points used at each step.

The solution time required for the pseudo-homogeneous model was
about 1.25 times that required for the film resistance model if the

same solution method was used for each.
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4.6.1 Film Resistance Model
Analytical solutions of the Lagrangian. regenerator equations
have been compared by Priceand breakthrough curves tabulated.

He gives the solution of Schumann105 as

uJ

Y m 4 A-
| (4-34)
where p = Toutlet -Ts,initial (4<35)
Tinlet - Ts,initial
S huZz
y = — (4 .36)
P C
g Pg
s he
X=JL _ (4 .37)
Ps ps

and Ty is a modified Bessel function of the first kind.

Price also compared these solutions with a central difference
approximate solution and obtained good agreement. lleggs showed
that these approximate results agreed well with experimental
observations, when experimental, conditions corresponded to the
assumptions of the model.

Significant differences were observed between the approximate
results obtained using a backward or central difference approximation
for the length derivative. The length step size also had a
significant effect. Breakthrough curves obtained from these
solutions are shown, with the analytical solution, in Figures 4*5
and 4.6. The central difference solutions give a good representation
of the analytical solution if not less than 100 length steps are
used. The backward difference solutions all cross the analytical
solution and, even if 1000 length steps are used, these are not a3
good as the central difference solutions using 100 steps.

The central difference solution of the reactor equations were

also insensitive to step size if at least 100 steps were used. This
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solution is compared with backward difference solutions for the
exothermic and endothermic reactions in Figures 4-7 and 4.8 respect-
ively. The temperature profile in each case was initially uniform

at unity and the profiles shown are those observed after a given time
interval. They are not steady state profiles. The figures show that
the backward difference solution approaches, but does not reach, the
central difference one as the number of length steps increases. The
maximum number of steps was limited to 50 by the computer storage

available.

4.6.2 Pseudo-homogeneous Model

The analytical solution of the regenerator equation is obtained
90

by the method of characteristics or by a Laplace transform . The
response to a step change of the inlet temperature from to Tq 1is
given by

T=T for 0 <t < Za

(4-38)
f=T gor t > Va.
ujo C
where a (4%59)
0 S

Thus the step change passes unaltered through the bed and the outlet
temperature also shows a step change. This would be expected in a
homogeneous plug flow system but in a heterogeneous system, which
this model represents, an S-shaped breakthrough curve is observed106
The profiles obtained at a given time after a step change,
using a backward and a central difference approximation for the
length derivative, are compared with the analytical solution in
Figure 4.9. The approximate solutions all show S-shaped profiles

which become steeper as the number of length steps increases* The

central difference solution is insensitive to length step size if



Dimensionless Temperature

Pigore 4.9:

Dimensionless Length

Pseudo-Homogeneous Regenerator Model -
Temperature Profiles after a Step Change.
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at least 200 steps are used, and this is a better representation

than the backward difference solution using 1000 steps. When these

very large numbers of length steps are used, the solution becomes

more sensitive to the time step size. However, a large reduction in

time step size is necessary to obtain a significantly closer approach

to the analytical solution and the computing time becomes prohibitive.
It is of interest to compare the above analytical solution with

that of the cell model given by Gavalasl. The cell model regenerator

equation at the mﬁ&lcell is given by

T (4-40)

dt Az (Tm m—l)

and for the same step change, the solution is

(4.41)

It can be shown that this gives an S-shaped profile occurring over
the same number of cells regardless of the size cf Az. Thus it
will only tend to the true solution (equation 4*38) as the number of
cells over which the change occurs becomes negligible compared with
the total number used. This confirms the observations of Roemer and
Durbin57, who found that the solution of the cell model tends towards
that of the continuum model as the number of cells increases and of
Vaistar54, who found that a large number of cells were required to
give a good representation. The solutions of equation 4<4® obtained
using approximation methods were identical to the analytical solution
(equation 4-41), again showing that the choice of approximation used
for the time derivative has no significant effect.

The film resistance regenerator model has been shown to predict
the expected S--shaped breakthrough curves if a realistic interphase
heat transfer coefficient is used. |If the heat transfer coefficient

is allowed to become very large, the solutions tend towards the
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approximate pseudo-homogeneous solutions. However, very small step
sizes are again required to approximate the analytical solution.
Thus the unrealistic pseudo-homogeneous solution is due to the
assumption of an infinite interphase heat transfer coefficient.

As the pseudo-homogeneous model is based on this assumption this
must throw doubt on its validity.

When the endothermic reaction was included, the central
difference solution was again insensitive to length step size
above 100 steps. This is compared with the backward difference
solution in Figure 4*1® which again approaches it as the number of
length steps increases. Both solutions show greater sensitivity to
length step size with the exothermic reaction (Figure 4*"1'0* At
the temperature peak, the central difference solution shows a
decrease in temperature with increasing number of steps whilst the
backward difference solution shows an increase. However, the former
is the less sensitive to step size variation.

The film resistance reactor model solutions also tended towards
the pseudo-homogeneous solutions if the interphase transfer
coefficients were allowed to become very large.

It 1s clear from Figure 4*11 that the use of a backward
difference solution with few length steps may hide temperature
runaway when it should be predicted by the model. This was found
to be the case in the situation considered by Gavalasll. He used
only 50 length steps on such a model and obtained stable reactor
operation. However, if the number of length steps is increased or
a central difference solution is used, temperature runaway is
observed. Under similar conditions the film resistance model does
not predict runaway. Thus a seemingly correct solution is obtained

because the numerical inaccuracy does not give the true solution.
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4.7 Comparison of Steady State Solutions

Typical steady state reactor results obtained using the various
approximation methods are shown in Table 4*4* These are for the
dehydrogenation reaction using the data in Table 4*1» The central
difference and Runge-Kutta-Gill solutions of the pseudo-homogeneous
model are almost identical and, from the consideration of stability
to step size variation, these would seem to be the most correct. The
other two finite difference solutions are on either side of this. The
central difference solution of the film resistance model is also
between the other two and so would seem to be th« best solution
although it requires the greatest computing® time.

The two models give slightly different results but the solution
of the film resistance model tends towards that of the pseudo-
homogeneous model as the heat and mass transfer coefficients increase,
i.e. as the solid phase temperature and concentration tend towards

those of the gas phase.

4*8 Discussion and Conclusions

The analytical solution of the transient pseudo-homogeneous
regenerator model does not represent the physical situation, due to
the assumption of no resistance to interphase heat transfer. It is
therefore unlikely that the transient reactor model is valid.
Approximate results may appear to give a good representation, but
this is likely to be due to differences between these and the true
analytical solution. The transient film resistance model can
represent the regenerator adequately depending on the solution method
employed. This model is therefore more likely to represent the
transient reactor. As the computing time required for the pseudo-

homogeneous model 1is greater, there is no advantage in its use for
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transient situations, except in that it is easier to program.
Hence, the film resistance model will he used in all transient
studies.

The difference between the two steady state reactor models is
due only to the effect of the interpha.se resistance. The assumption
of no interphase resistance was shown to be invalid in transient
situations, but it seems acceptable in the steady state reactor
models, as the conversions given by the two models differ by only
about 1%. It therefore appears that either model may be used in
the steady state.

The transient results are not affected by the choice of
approximation used for the time derivative. In order to minimize
computing time, a backward difference approximation is desirable.
The approximation used for the length derivative has a significant
effect on the results. The central difference solution is always
better than the backward difference one and 100 length steps are
sufficient. The method of lines, which uses a backward diflerence
approximation, 1is therefore not satisfactory. The solutions are
insensitive to time step size providing it does not become too large.
A time step of 1 second is used as the maximum satisfactory value.
The choice of coordinate system does not affect the transient results
but the Lagrangian equations are simpler and quicker to solve.
Similarly, it is not worthwhile to take the finite difference
approximations about the same point.

Gavalasll 12, in his study of a regeneratively cooled reactor,
used a pseudo-homogeneous cell model. Both the pseudo-homogeneous
model and the cell model have been sho\«i to be unsatisfactory. It
has also been shown that the operating conditions in his report11
predict temperature runaway, but this is hidden by inaccuracies in

his numerical solution.



The model used in this work for transient studies is, therefore,
the film resistance model. This will be solved by the use of back-
ward and central difference approximations for the time and length
derivatives respectively. This finite difference representation is
shown in Appendix 4» Both steady state models are considered. The
pseudo-homogeneous model will be solved, by the Runge-Kutta-Gill
technique, and the film resistance model by means of a central

difference approximation.



CHAPTER 5

THE CYCLIC REACTOR SYSTEM

The principle of the cyclic reactor system was outlined in
Chapter 1 hut, 1in order to design a practical system, the
constraints of the given process must be considered. The system
is therefore discussed with reference to the dehydrogenation of
ethylbenzene to styrene. This is an endcthermic reaction and hence,
to approximate the optimum temperature profile, a close approach to

saturation is desired in the regenerator.

5¢1 Development of a Practical System

A simple reactor system based on the principles discussed in
Chapter 1 is shown in Figure 5.°\, where the two beds are identical
and the inlet ethylbenzene and steam, temperatures to the system are
fixed. Bed A operates as the reactor and bed B as the regenerator.
The temperature level in the reactor falls during the period because
the reaction is endothermic. Bed B, which wa3 the reactor in the
previous period, 1is heated by the steam entering the system through
the 4-way valve. After leaving bed B, the steam mixes with the
ethylbenzene feed and passes to the reactor. Tne reactor products
leave the system by the 4~way valve. At the end of the period, the
valve is rotated through 90<which reverses the flows through the
beds. The flows into and out of the system do not change. The
steam now heats bed A and bed B is the reactor. Cyclic steady state
operation of the system is achieved when conditions at a given time
during the cycle are the same in successive cycles.

The temperature variation of the steam leaving the regenerator
causes a corresponding variation of the reactor feed temperature.

However, the regenerator outlet temperature rises during the period

87
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as the bed heats up and the effect on the reactor feed temperature
may partially offset the fall in temperature caused by the reaction.
The conversion from the reactor falls during the period due to the
falling temperature and the overall conversion of the system is
therefore taken as the average over a period.

This simple system usefully illustrates the cyclic operation
but it does not take into account the constraints on temperature
levels which were discussed in Chapter 2. Temperatures of up to
660 T are used'® towards the end of the catalyst life to counteract
reduced activity, but 650=C is quoted by catalyst manufacturers'30 as
a more acceptable maximum temperature. This gives the maximum
catalyst performance with an acceptable level of by-product formation.
In a steady state reactor, the minimum feed temperature is determined
by the acceptable level of conversion. The reaction heat for the
cyclic reactor is supplied by the heat stored in the bed and so the
effect of the feed temperature on conversion is less significant.
However, it is undesirable to have a large temperature difference
between the reactor feed and the catalyst at the bed entrance as
thermal shock may damage the catalyst. Hence, 1if the bed approaches
saturation, the feed temperature should be close to that of the re-
generating steam. This cannot be the case throughout the period,
because the feed temperature changes, and a layer of inert material
at the front of the bed could be used to lessen the temperature
fluctuation of the catalyst.

The temperature of the catalyst in the regenerator approaches
the steam temperature because of the high interphase heat transfer.
Similarly, the temperature of the reaction mixture tends towards
that of the catalyst in the reactor. Thus, the regenerating steam
temperature cannot exceed 6[0<C and consequently the temperature of

the steam mixing with the ethylbenzene is below this value. The



ethylbenzene feed temperature cannot be greater than 540 <C without
pyrolysis occurring21 and it was shown in Chapter 2 that this requires
a diluent steam temperature of about 740<C to produce a reactor feed
temperature of G'$<). A superheater is therefore required between
the regenerator and the entrance of the ethylbenzene feed to raise
the temperature of the steam. This now allows the above temperature
constraints to be satisfied.

Figure 5*2 shows the revised system, including the superheater.
Bed A is again the reactor, and the valve directing the steam feed
and the reactor products operates as before. The additional 4-way
valve directs the steam leaving the regenerator to the superheater,
and the ethylbenzene/steam mixture to the reactor. The flow through
the superheater is always in the same direction and both valves are

switched simultaneously at the end of each period.

The reactor system described above considers the same steam flow
through both the reactor and the regenerator. However, heat balances
over the two beds show that the diluent steam flow is not sufficient
for the regenerator. Considering only the dehydrogenation reaction
and using the nomenclature in Figure 5*2, where the temperatures shown
are average values over the period of t* seconds, the enthalpy change

of the catalyst in the reactor for an average conversion, X, IS

H = FEB zZ AllItf ““ (FEBMWEB + FSTMM¥STMACpg"TIN “*OQUTA/F
where STH is the diluent steam flow and the change in volume with the
reaction is ignored. The specific heats of steam and ethylbenzene are
very close and are assumed equal. The variation with temperature is

neglected. This must also be the enthalpy change of the bed during

the regenerator period and hence
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where F@?M is the regenerating steam flow. Equating 5.1 and 5.2
gives
N FEB x An _ (FEBMWEB * FSTMMWS# ~ <tin ““TOInP

in our AsrayPsaM Gpg fstmmwstm (5.3)
A typical temperature drop across a single bed steady state reactor
is 5()"(3’1 . The cyclic reactor will not approach steady state and a
drop of 25<C in average temperature is assumed. Then, with a steam/
ethylbenzene ratio of 15 and a conversion of 60%, equal regenerating
and diluent steam flows give a drop in average temperature of 90<C
across the regenerator. |If the reactor temperature drop is 50<C,
that across the regenerator is still 55<G To obtain the optimum
isothermal reactor profile, saturation must be approached in the
regenerator and hence the fluctuation in i*egenerator outlet temp-
erature will be approximately twice the drop in average temperature
because the inlet temperature is constant. This fluctuation will
adversely affect the reactor conversion and will infringe the reactor
feed constraints. Thus the temperature drop across the regenerator
must be reduced and equation 5*3 shows that this can only be done by
increasing PgI%Tas the reaction heat term is greater than that
involving the reactor temperature difference. An increase in diluent
steam would have a smaller effect but, as this is lost j.rom the
system with the products, it is more economic to use the same diluent
steam flow and recycle the excess steam around the regenerator as
shown in Figure 5*3*

The operation of this system is similar to that described in
Figure 5,2, when operating counter-currently with valve 2 open and
valve 3 closed. Valve 1 controls the split of the recycle steam.

The diluent steam is superheated and mixed with the ethylbenzene feed,
whilst the recycle fraction is mixed with ms up steam at a suitable

temperature. For co-current operation, val is closed and valve 3
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open and the direction of the regenerating 3team flow is thereby-
reversed. The temperature of the steam entering the regenerator is
no longer constant as it is affected by the varying outlet temp-
erature. An isothermal profile along the regenerator at the end of
the period is now impossible and temperatures above the maximum may
be produced with a constant make-up steam temperature. However, the
temperature variation will be damped to some extent by the pipework
and the addition of make-up steam and the magnitude of this variation
is difficult to predict at this stage.

The system shown in Figure 5*3 is a practical one for the de-
hydrogenation of ethylbenzene as it allows the temperature constraints
to be met. This is the system which will be referred to in the

remainder of this work.

5.2 Operation and Control of the System

Cyclic reactor systems have been proposed for homogeneous
reactionswhere the regenerative operation is used to provide
the high reaction temperatures required. The only published work on
the use of such a system for a heterogeneous reaction is that of

*
1132 who considers an exothermic oxidation reaction with air

Gavalas
as the regenerative cooling medium as well as the oxidising agent.
Shortcomings in his model and numerical analysis were shown in
Chapter 4, but it is worthwhile to consider how he proposes to
operate the system which is shown in Figure 5*4*

1112 controls the regenerator inlet temperature, by

Gavalas
varying the amount of recycled air, in order to impose an optimum
temperature profile within the bed at the end of the regenerator

period. He also proposes controlling the reactor inlet temperature,

by venting heated air and/or the addition of cold air, to optimise
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the reactor performance. Hence the flows in the system vary with
time to produce the desired temperatures. This may he acceptable
in a system with a low cost regenerating fluid hut, in the de-
hydrogenation of ethylbenzene, the steam cost is a major operating
cost and so it must be used efficiently. The diluent steam flow
should be constant at the most economic value because any excess
is lost from the system in the reactor products. A time-varying
recycle flow is then not possible without venting some steam from
the recycle and it therefore seems more practical to use constant
flows throughout each period.

With constant flows, control of the inlet temperatures must
be achieved by manipulation of the heat inputs to the system.
However, the response of superheaters is slow and it is unlikely
that satisfactory control could be achieved over periods which are

i 1 12
expected to be, at most, a few minutes. Gavalas -+

only proposes
controlling valves and these give an almost instantaneous response.
Another difficulty is that the exact control procedure, including
the effects of the response lag, must be known in advance. If
the heat input to the system is changed from one period to the next,
cyclic steady state will not be achieved. Thus the system must
be allowed to reach cyclic steady state before the effect of a
change can he observed and further control action applied. The
time required to achieve satisfactory performance could then be
large due to the thermal inertia of the system.

Hence, direct control of the inlet temperatures is not
practical with this system. A more suitable operating policy seems
to be constant heat inputs to the system and allowing the temp-

eratures to vary. Large temperature fluctuations were shown

previously to be undesirable but their magnitude can he reduced
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by a suitable recycle steam flow. A compromise must be reached as
the flow must be minimised to reduce operating costs. The heat
capacity of the system also helps to reduce these fluctuations and

their effect on the inlet temperaturesmay not be excessive.

When the flow is reversed between periods, the reactor contents
flow back into the recycle but the reactor steam take-off acts as a
purge and prevents a build up of reaction gases. Some of the
hydrocarbons removed from the recycle with the reactor steam de-
compose in the superheater but the steam prevents appreciable
carbon deposits being formed. The remaining hydrocarbons again
enter the reactor. However, this decomposition represents a loss
of ethylbenzene from the system. To minimj.se this loss it will be
ensured that the period time is not less than 100 reactor residence
times. Per mechanical reasons a.lso, the period should be as long
as possible and a reasonable minimum value of one minute will be
assumed.

The optimum cycle time depends on the transient response of the
reactor. The temperature, and hence conversion, fall during the
period and. the flows are reversed when the conversion reaches the
minimum acceptable value. The determination of what constitutes an
acceptable conversion is one of the objects of this research and
will be established later. If the required cycle time is too short,
it may be lengthened by increasing the heat capacity of the bed by
the addition of inert material. This allows more heat to be stored
in the bed during the regenerator period and slows the rate of temp-
erature fall in the reactor. Additional heat capacity also occurs
in the walls of the reactor. Hie effect of this may be small in a

commercial reactor but, in a pilot scale reactor, the wall heat
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capacity may be of the same order of magnitude as that of the hed.
This effect is considered in detail in Appendix 5*

In the discussion of the dehydrogenation reaction in Chapter 2,
it was concluded that the reactor pressure should he as low as
possible. The higher initial pressure required by multibed steady
state reactors causes a reduction in the efficiency. The cyclic
reactor system uses only a single reacting bed at any time and so
the pressure need be no higher than in a single bed steady state
reactor. The pressure of the steam entering the regenerator must
be at a higher pressure to allow for the additional pressure drop.
This has the advantage that any leakage at the valves will be of
steam into the reaction gases rather than the reverse. The use of
a mechanical compressor in the recycle may be avoided by introducing
the make-up steam at a higher pressure through a thermal compressor
(an ejector).

The diluent steam/ethylbenzene ratio required by an externally
heated tubular steady state reactor may be as low as 6 whilst that
required by an adiabatic one is 12-2014. This is because the feed
does not supply the heat of reaction. The reaction heat in the
cyclic reactor system is largely supplied by the heat stored in the
bed during the regenerator period. Thus it may also be possible to

operate this system at a low steam/ethylbenzene ratio.

5.3 Model of the System

The cyclic reactor system is modelled by the computer program
CH3SC. A description of the program and a discussion of the
computational aspects is given in Appendix 6. The present discussion
is concerned with the assumptions and limitations of the model as
these determine hoi"; closely it will predict the behaviour of a

physical system.
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The program combines the Lagrangian. form of the transient
reactor and regenerator models pi“esented in Chapter 4? with constant
heat inputs to the system. The film resistance model (equations 4.3 -
4.12) is used throughout and the method of solution is described in
Appendix 4* The cyclic steady state performance will be studied and
this is obtained when the conversion and the normalised outlet
temperatures from both beds at the end of successive cycles vary by
less than Ax10'5. This represents a difference of approximately
0.05=C in the actual outlet temperatures. The model will start from
isothermal conditions in each bed and run until cyclic steady state
is achieved. The number of cycles required to reach this will be
less than in a physical system because the thermal inertia of the
pipework and superheaters cannot be considered. Nevertheless, the
relative number of cycles required for different conditions and
assumptions will reflect the relationships in a physical system.

At cyclic steady state, the operation of one bed is the same as
that of the other in the previous, and the following, period provided
that the two beds are identical. Thus, only a single bed need be
considered, operating alternately as a reactor and as a regenerator
in successive periods. This halves the required computing time, but
the regenerator outlet temperature at each time step must now be
stored in order to calculate the reactor inlet temperature during the
next period. There will be some delay before a temperature change at
the regenerator outlet is seen by the inlet temperatures due to the
residence time of the pipework. Some allowance is made for this by
introducing™ a delay of one time step (1 second).

The conversion from the reactor varies over the period and,
therefore, this -is integrated by Simpson®s Rule to obtain an average

value. The varying inlet and outlet temperatures are similarly

averaged. The loss of reaction gases at flow reversals is ignored
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as the period is always greater than 100 reactor residence times.

The most serious limitation of the model lies in its inability
to allow for the heat capacity of the system, other than the two bed?,
and its effect on the transient response. However, the two possible
extremes of operation are modelled. In the first case, the
additional heat capacity of the system is neglected and the inlet
temperatures vary directly with the regenerator outlet temperature.
The other extreme is to assume that the system completely damps out
the temperature variation and hence the inlet temperatures are
constant during each period. Tie only interaction between the beds
is then the temperature profiles within them at the end of each
period. This reduced interaction will allow the cyclic steady state
to be achieved more quickly than if the inlet temperatures vary.

In the previous section it was concluded that it is not practical
to control the inlet temperatures during operation of the system.
However, the range over which they vary must be limited to ensure that
the temperature constraints are not infringed. This will be achieved
by the selection of suitable values for the diluent steam superheater
heat load and the temperature of the make-up steam. These are inter-
dependent and some means of ensuring that a change made in order to
Batisfy the constraints in one bed does not cause an infringement in

the other. Such a procedure will be described in the following section.

5*4 Prediction of System Parameters

A suitable norm bed size and operating conditions must be chosen
for use in predicting the parameters of the cyclic reactor system.
It is desirable that this norm is related to the performance of an
existing steady state reactor as direct comparisons can then be made.

It was concluded in Chapter 2 that the cyclic system should be compared
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with a multibed adiabatic steady state reactor, as this gives the
highest conversion of existing reactor types. A convenient choice
for the norm is therefore the use of the same volume of catalyst as
in a typical two-bed steady state reactor. Each bed in the cyclic
system is chen the same size a3 a single adiabatic bed. The norm
operating conditions are therefore taken as those which give a APO
steady state conversion from a single bed.
The overall conversion from a two-bed steady state reactor which

26 27. This will be

gives from the first bed is typically 50-60%
considered as the minimum conversion required from the cyclic reactor
system. The maximum attainable conversion is the isothermal steady
state value at the highest allowable temperature. These conversion
limits will be determined from steady state reactor studies and the
cyclic system parameters will be evaluated to give average conversions
in this range. The reactor conditions are fixed by the choice of the
norm and the parameters to be determined are

(€)) period time

Cb) regenerator steam flow

and (c) heat inputs to the system.

5.4«1 Period Time

The initial temperature profile in the cyclic reactor will he
almost isothermal i1f the regenerator approaches saturation. An
estimate of the allowable period time to give a specified conversion
can clearly be obtained from the transient reactor model assuming an
initially isothermal profile. This is given by the time elapsed when
the average conversion falls to the specified value. However, it is
possible to obtain an approximate value from steady state results,
which are easier and quicker to obtain. The heat removed by the

reaction per second is:
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n = feb ~ iHP (5.4)
where x . is the isothermal steady state conversion of the j
reaction. “lhe fall in bed temperature produced by this heat removal
is given by the bed heat capacity and the rate of temperature fall,

in <T sJi, is therefore

Fv 1 (x. AH.)
Tfall = B eee-d- (5-5)
CPS

Inspection of steady state conversions at various isothermal temp-
eratures will show~the fall in temperature (AT) which can be allowed

to give a desired average conversion. The period time, t*, is then

*k  cc (5-6)
Hie temperature fall in a transient reactor will not be unifoxmp
along the bed, but the isothermal temperatures used in the calculation
can be considered to be averaged along the length. Hie allowable
period time in the cyclic reactor will be reduced if the bed is not
initially isothermal, but the exact temperature profile cannot be
determined until the cyclic system is studied. Nevertheless, the

above procedure is simple and should give a useful first approximation.

5.4.2 Regenerator Steam Flow

The heat required for the reaction is stored in the bed during
the regenerator period. The period time is fixed by the reactor
requirements and the regenerating steam temperature is limited by
the constraints described earlier. Thus only the flow of the re-
generating steam can be independently varied to control the heat
input to the regenerator. It was shown in Chapter 1 that it is
desirable to approach saturation of the regenerator as this gives

the optimum, initial reactor temperature profile. However, for

<. CNidH
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economic reasons, it is also necessary to keep the steam flow to a
minimum. An approximate value for the time required to saturate the
bed for a given steam flow is obtained from the analytical solution
(equation 4*38) of the pseudo-homogeneous regenerator model (equation
3.29). 115 saturation time (tsat) is the time required for a step

change in inlet temperature to move through the bed and is

(1-e) PO Ct

sat UPC

S PS

where Z is the overall bed length. The velocity, u, is given by
F MW
Py A
and the steam flow required to just saturate the bed in a period of
t" seconds i1s therefore

(l-e) P C Az .
p = . --S Ps .. (3-9)
STM + 7T
f pg STM

It was shown in Chapter 4 that the pseudo-homogeneous model does
not predict the S-shaped breakthrough curves obtained in practice.
The true saturation time is therefore greater than that given by
equation 5*7* In addition, equation 5*7 does not include the effect
of the initial bed temperature profile, which affects the approach
to saturation. The calculated saturation time will therefore be
compared with the breakthrough curves obtained from the more rep-
resentative film resistance model (equations 3*21 and 3*22). If the
calculated value is not adequate, it is still desirable to make use
of equation 5.9, by the inclusion of. an. appropriate factor, as it

gives a simple means of determining the steam flow.
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5*4*5 Heat Inputs to the System

The heat inputs must he determined in order to calculate the
inlet tempera“tures to the reactor and the regenerator. Hence, they
are not required if the inlet temperatures are assumed constant,
and the following discussion is only concerned with varying inlet
temperatures. The nomenclature used is given in Figure 5*5 which
shows the flows during a single period for counter-current operation.
The following discussion would not, however, he affected if co-current
operation was considered. The superheater heat load and the make-up
steam temperature must he evaluated, but this is complicated by the
interactions of the system. The superheater heat load can be
determined explicitly if the regenerator outlet temperature is known,
but this is affected by the make-up steam temperature. Conversely,
the superheater affects the initial regenerator temperature profile,
which in turn affects the required values of both the make-up steam
temperature and the superheater heat load.

However, the amount of heat which must be put into the re-
generator can be estimated from the steady state reactor studies.
It was shown in Section 5-4*1 that the fall in averaged temperature
(AT) and the period time (t*.) can be found for a specified conversion.
Thus the heat input to the regenerator to restore the initial reactor
temperature level is

H - AZ(l-e) P C_ AT (5.10)

p

A heat balance on the regenerator over the period then gives

Az(l-e)p C AT
m - T - = ~2-£2_

out IN F C MW t

STM pg STM f

where TUU? and TEE are time averaged over the period. The superheater

heat load per second is given by a heat balance over the superheater

and the entrance of the ethylbenzene feed.
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HTIW (FEBM¥EB + FSTMMV/SM~Cpg TIN FEB MWEB <pgTEB

FSIMM¥STM <pg ""oiJT (5*12)
where again all temperatures are average values and the variation of
specific heat with composition and temperature is neglected.
Eliminating from equations ~.11 and 5*12 and setting equal
to Tin gives

Fc  AzZ(l~e)p C AT
““Vv W pA n" V +— f --—1 Sf3 (5-13)
XSTM

If the value of Fg&&icalculated from equation 5*9 is used,

equation 5*15 <an be further simplified to

iitin =febmweb CPg"TIN ™ teb) + fstmM¥stm cpgAT NN
T~ is a known constant value but some estimate for T~ must be
chosen. A suitable estimate might be the maximum allowable bed
temperature less half the averaged bed temperature difference, AT.
This gives a means of estimating the superheater heat load without
knowledge of the make-up steam temperature. The reactor conversion
is not directly included, but it is incorporated in the value of AT.

Clearly a similar procedure could be used to evaluate the make-

up steam temperature. However, both variables would then be expressed
in terms of average inlet temperatures, with no check on whether the
actual temperatures infringe the constraints. It is more suitable,
therefore, to estimate the make-up steam temperature using actual

temperatures. The value of TgM at a given time is

- FstuTiv o KFsty m Fstw) Vout /X
ST Foqy B “Fsm
where and TA" are the values at the same time. Equation 5*12

is also valid if the temperatures are the values at a set tinme,

rather than averaged. Equating this to 5-15 to eliminate Tﬂwq_gives
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STM

STM P,STM

(5.16)

This is the value of T~ which will produce T~ at the regenerator
inlet if, and only if, IHI*. is the correct value to produce T” at
the reactor inlet. Thus, if both Iﬂq and Tiﬂ:are specified as the
maximum value, the constraint on the maximum temperature must be
satisfied at the regenerator inlet if it is satisfied at the reactor
inlet
However, an iterative procedure is required to evaluate the
correct value of HT”~ to give T” at the reactor inlet, and equation
5.13 or 5*14 can be used to obtain an initial estimate. An
iterative procedure would also be required if equations 5* and
5.15 were used to estimate T™” as equations 5*11? 5*13 and 5«14
are only approximate relationships whilst equation 5*16 is exact.
Once the cyclic steady state performatice has been calculated using
estimates from equation 5*13 or 5*14 and equation 5*16, a better
estimate of HT”~rcan be evaluated from equation 5*12. A value for
I"oiTT can. be obtained by altering the calculated value by the difference
between the maximum observed, and the m.axi.nun allowed, inlet temp-
erature. Subsequent estimates of HT~t, if required, may be obtained
by interpolation and is obtained in each case from equation 5-16.
Unless a constant check is kept on the inlet temperatures, the
time at which the maximum values occur must be known in advance.
The regenerator outlet temperature rises during the period and so
the maximum inlet temperatures seem likely to occur at the end of the
period. These values will therefore be used to check that the

maximum temperature constraint is not infringed.
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The inlet temperatures to the reactor and regenerator at each
time step are calculated from equations 5*12 and 5*15 respectively,
using the regenerator outlet temperature from the previous time

step.
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CIIAPT3R 6

.~TEADY STATE STUDIES

The steady state models were first used to compare the various
sets of kinetics for the dehydrogenation of ethylbenzene which were
described in Chapter 2. The aim of the study is to determine which
set gives the best representation of a steady state reactor and
which will, therefore, be the most suitable for use in the cyclic
reactor system. The models were also used to establish the norm
conditions for the cyclic system described in the previous chapter

and to evaluate parameters for the system.

6.1 Comparison of Kinetics
The kinetic models presented in the literature are summarised
in Appendix 1 and the values of the rate constants at 6J50<C for

reactions 2.1 - 2.3 are given in Table 6.1.

Source Reaction 2.1 2.2 23>
*Mode 152 2.489 > 10"5 1.256 x 10 " 9.615 x 10°2
m\lenner and Dybdal19 1.541 x 10~5 - -
ISheel and Crowe 5.112 x 10"6 5,322 x 10*7 6.889 x 10~6
ADavidson and Shah 3.768 x 1046 1.765 x 10~7  8.470 x 10~7
"pet et al™ 1604 160.8 1655
"AEckert et al ~ 3.418 x 10 ~ 7.212 x 108 1.632 x 10

“Units are kmol s_ kg cat o
i M N i
“"hjnits are kmol s kg cat bar

Table 6.1: Pate constants for reactions 2.1-2,3 at 630<C

31

The values of Abet et al are several orders of magnitude greater

than all the others and are quite unrealistic. The data used in
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deriving their rate constants are not presented and so these cannot

19 give only the single rate constant

he checked. Wermer and Dybdal
for the dehydrogenation reaction in the presence of steam. Since
the efficiency is an important consideration, this single rate
expression is not sufficient. Hence, neither of these kinetics
will he considered further and the kinetics to he studied are those
of Model11”, Sheel and Crowel!, Davidson and Shalll8 and Eckert
et alThese will he abbreviated to M, SC, DS and E respectively.
In the discussion of Chapter® 2 it was concluded that M, SC and
DS have weaknesses in their derivations. DS give very high
efficiencies, typically greater than 9%/c> and are based on the rate
constants of Wenner and Dybdall™ for reactions 2.1-2.3, which were
derived for a catalyst which operates without steam. SC give low
efficiencies of about 85% and appear to have been derived from data
obtained at a single set of operating conditions, from a reactor
operating with sub-optimal performance. M gives efficiencies of
about 92% which are in the expected range and use the dehydi 3genation
reaction rate expression of Carra and Fomi’39 which seems the most
reliable. However, the rate constants for reactions 2.2 and 2-3 are
based to toome extent on Wenner and Dybdal*s19 values for catalyst
operating without steam, and the second order toluene producing
reaction is represented by a first order rate expression. Eckert
et al”™ do not present any of the data or techniques used in deriving
their kinetics and so no conclusions about their reliability can. be
drawn.
All the sets of kinetics are presented with pseudo-homogeneous
models and so this type of model is used in their comparison. The

model includes the variation of velocity and physical properties

along the reactor length. The results of Davidson and Shah” are
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reproduced exactly by the model, a3 are the conversions and temp-
eratures given by Sheel and Crowe17. However, unless the bulk
density of the catalyst is high (c. 4500 kg m_Z), the reactor size
quoted by the latter is significantly less than that predicted by
the model. Neither Modell’7‘0 nor Eckert et al” present sufficient
data to permit reproduction of their results. |Indeed, the latter
present no quantitative results which can be checked.

Each set of kinetics required a diffex"ent reactor size to
achieve a given conversion. Using the data in Table 4*1 with a
constant reactor diameter, the lengths required to give 40% conversion
in a single adiabatic bed are 0.20 m (M), 1.53 M (BS)> 1»&5 m (°C) and
5.05 m (E). To allow direct comparison between these sets of
kinetics, the above values are used as the norm and, as the pressure
d.rop would be different in each case, constant pressure is assumed.

It was concluded in Chapter 2 that the benzene and toluene
producing reactions are the main side-reactions. These are the only
ones considered by Modell 0 and Davidson and Shall10 found that, oat
of the seven side-reactions considered, only these two give
significant conversions. The effect of ignoring the ocher side-
reactions in SC and E is a change of approximately % and % respect-
ively in the convei 3ion to styrene. However, in the following
comparison, all the reactions in ea,ch are included.

In order to compare the sets of kinetics, the effect of varying
the following parameters on a single bed reactor is investigated.

(a) Reactor size

(b) Inlet temperature

(c) Reactor pressure

(d) Dilution steam flow,

for adiabatic operation, and also

(e) Temperature level for isothermal operation.
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The variation of conversion and efficiency with these parameters

is shown in Figures 6.1 - 6.5*

6.1. 1Reactor Size (Figure 6.1)

To vary the reactor size, the diameter is kept constant and the
length altered. The normalised lengths of unity represent the
lengths given ahove for 40% conversion. M, SC and E give similar
conversions except at short lengths hut US shows considerably greater
variation. It was concluded in Chapter 2 that the efficiency should
fall as the conversion increases and this is shown by all except DS,

which increases slightly. The efficiencies given by DS and E are

higher than would be expected.

6.1.2 Inlet Temperature (Figure 6.2)

In each case, the expected increase of conversion with inlet
temperature is observed and the change is found to be linear over
the range studied. DS and E again give high efficiencies which fall
as the temperature increases. In Chapter 2, it was concluded that
this fall was to be expected and it is also shown by SC. However, M

shows an increase in efficiency with temperature.

6.1.5 Reactor Pressure (Figure 6.3)

Signi.ficant differences are observed in the effect of pressure
on conversion for the various kinetics. A maximum conversion is
observed in each case although the pressure at which it occurs varies.
This is to be expected as the forward reaction rate of reaction 2.1
is proportional to pressure, whereas the reverse reaction rate is
proportional to the square of the pressure. Thus there must be a
pressure at which the net forward rate, and hence the conversion,

will be a maximum. The literature gives no guidance as to where this
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Effect of Inlet Temperature on Conversion and Efficiency
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maximum should occur but if it occurred at about 3 bars, as shown

by E and DS, then one might expect industrial reactors to operate

in this range. In practice, reactors operate at as low a pressure

as possible, normally 1.2 - 1.8 barsl3, and M shows the maximum
conversion within this range. Sheel and Cnmdél7 state that the
reactor which they modelled would give higher conversions at a
pressure of 1.4 bars rather than the value of 2.37 bars which was
used. It may be significant that they predict the maximum conversion
near this latter value, at which they fitted their rate constants.

SC, DS and E all show a rapid fall in conversion at low

3

pressures. It is suggested in the literature”” that the reaction
may be carried out under vacuum but this would seem unlikely it trie
low conversions predicted by these kinetics were obtained. It
therefore appears that M gives a more likely representation of the
variation of conversion with pressure than do the others. This is
supported by the fact that the rate expression used by M for the
dehydrogenation reaction was derived from results obtained over a
large pressure rangesg.

It was concluded in Chapter 2 that the efficiency should fall
as the pressure increases and this is observed in each case except
for the initial increase shown by DS. High efficiencies are again
shown by DS and E. The efficiency of SC falls rapidly with increasing
pressure and is only 82% at 3 bars. Opexd@tion of two bed reactors is
reported-~ to require an initial pressure in excess of 3 bars and to
give an efficiency in the region of JP/o* Thus the efficiency of SC

is too low, and so M also appears to give the most likely represent-

ation of the efficiency.

6.1.4 Dilution Steam Flow (Figure 6.4)

Increasing the steam flow increases the steam/ethylbenzene ratio

which should result in increased conversions and efficiencies”™0.
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The drastic variation of conversion shown by E is due to the

inclusion of terms containing the steam/&thylbenzene ratio in the

rate constants. This causes a much greater variation of reaction

rate than is observed with the other kinetics, none of which include

this ratio. M also shows the expected increase in conversion but

both SC and DS show maximum conversions at relatively low steam

flows. The partial pressure of the ethylbenzene is reduced as the

steam flow increases and, as shown in Figure 6.2, this causes a

fall in conversion. If the terms including the steam/ethylbenzene

ratio are omitted from the rate constants of E, the conversions

predicted show the same trend as SC and DS. This confirms that the

fall in conversion is due to the falling ethylbenzene partial pressure.
The high efficiencies of DS and E fall off after the expected

initial rise. SC shows the expected increase in efficiency but, at

low steam flows, it is less than 82%. The BASF tubular reactor

operates with a steam/ethylbenzene molar ratio of 6 and gives an

efficiency of over 90%”. Thus, even allowing for the higher temp-

erature, the values of SC are very low. The conversion and efficiency

given by M again, therefore, appear to be “best".

6.1.5 Isothermal Temperature Level (Figure 6.5)

As is to be expected, isothermal operation produces higher
conversions which cover a wider range than those given with adiabatic
operation. The conversions of SC and DS are much less sensitive to
temperature than those of M and E. If the reactor size is increased,
it is found that the conversion of SC shows a maximum of about 63%
and then falls if the size is further increased. This is due to the
falling efficiency which is only 74% at 650=C with a reactor size of
twice the norm. Thus SC can never predict the high (>70%) conversions

reported in the Iiteratureza”29 for some isothermal conditions. DS
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gives 52.5% conversion at 650<C which increases to 71% if the reactor
size is doubled. This again seems low compared with reported values
in the literature.

The efficiencies of DS and E are again high hut, with SC, show
the expected fall with increasing temperature. M again shows an
increase in efficiency with temperature. The conversion of reaction
2.2 increases with temperature whilst that of reaction 2.3 decreases
and it is this decrease which causes the higher efficiencies. The
reason for this is that the activation energy for reaction 2.3 is
considerably lower than those of the other reactions and so the
actual change with temperature is less. The increase in the rate
constant with temperature is clearly outweighed by the fall in the
ethylbenzene partial pressure and, as the increasing hydrogen partial
pressure is not included in the rate expression, the rate falls with

increasing temperature.

6.1.6 Discussion

The above comparison shows that M seems to give the best rep-
resentation of the dehydrogenation reaction although the side-reactions,
and hence the efficiency, show anomalous behaviour with varying temp-
erature. The variation of the conversions given by SC and DS with
pressure, steam flow and isothermal temperature level seem less likely
to represent an actual reactor. DS always predict excessively high
efficiencies and these do not show the expected response to variation
of reactor size, pressure or steam flow. The efficiency given by SC
falls rapidly as the conversion increases and hence high conversions
cannot be predicted. As there are also weaknesses in their
derivations, neither SC nor DS will be considered further.

The response of the conversion given by E to variation in
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pressure and steam flow does not seem satisfactory and the efficiency
is always high. The efficiency shows an unexpected fall with
increasing steam flow but this may be due to the rapidly increasing
conversion. Thus these kinetics do not seem to be suitable for
further use.

The variation of conversion shorn by I is, in each case, what
is to be expected from the discussion of Chapter 2. This is given

39 which was shown to be

by the rate expression of Carra and Fomi
likely to give a good representation. The efficiencies given by M
are in the expected range but show an anomalous increase with
increasing temperature. This is a serious defect as the cyclic
reactor system is expected to operate at higher temperatures and

any comparison of efficiencies would be invalid if these kinetics
were used. Thus some improvement in the rate expressions for the
side-reactions 1is required. Only the benzene and toluene producing
side-reactions will be considered as these have been shown to be the
only important ethylbenzene consuming ones. It would seem desirable

. 29
to base these on experimental results, and Bogdanova et al present

suitable tabulated data.

6.1.7 Derived Kinetics
The rate expressions for the side-reacticns are assumed to be

of the same type as that of the dehydrogenation reaction and are

r, (6.1)
(6.2)

Assuming that
(6.3)

and using equation 2.14 tor



thGn k2 PKB K - PSTPIA> (6.4)

“+PEB+ ST~ ‘sr 1 a+ PAg+ PRorp
*Bz
and kr K1 (1 PH PST ) (6.5)
ST PE'B Kp
Similarly
P
(= XTOL N ST (6.6)
sr I PEB Kp

Table 6.2 shows the composition of reactor products obtained
. 29
at various temperatures by Bogdanova et al and from these
Xeg, and xyﬁ[ can be obtained. SThe values must first be converted

to mol fractions.)
Reactor Products (weight %)

Temperature (0 Styrene Benzene Toluene
6J0 75-0 0.34 2.27
623 712.0 0.24 2.25
621 68.5 0.34 2.13
613 66.5 0.36 1.64
599 58.5 0.26 1.20
589 50.5 0.17 1.05
ngo 44 5 0.14 0.67

29
Table 6.2: Reactor product compositions given by Bogdanova et al _

The steam/ethylbenzene weight ratio was 2.6 and assuming a typical
reactor pressure of 1.4 bars, the partial pressures can be obtained.
kA is calculated from equation 2.16 and hence kg and k” can be
found from equations 6.5 and 6.6.

V2 and k5 were calculated at each temperature and are shown
plotted against inverse temperature in Figure 6.6. The lines shown

in the figure were "obtained by a least squares method and the rate

constants are given by:
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Figure 6.6: Rate Constants for Side-Reauctions
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kg = exp(6.1860 - 20336/t) 6.7)

exp(9. 1634 - 18820/T) (6.8)

When used with the dehydrogenation rate constant of Carra and Forni39

(equation 2.16), these values give high (c. 98%) efficiencies and so
they were increased sevenfold to obtain values in the expected range
of 89-92%. The values are then

k2 - exp(8.1319 - 20,336/T) (6.9)

k = exp(11.1093 <<18,820/t) (6.10)

The conversions obtained from these kinetics were not greatly
different from those given by M. The efficiencies are shown in
Figures 6.1-6.5 as the curves M1 and behave as expected in each
case. In Figures 6.3 and 6.4 the efficiency goes beyond the expected
range but 1is within it over the range of normal operating conditions.
The bed length required for a 40% conversion is 0.19 m compared with
0.20 m for M.

Thus these derived kinetics seem to give the "best* represent-
ation of reactor performance and will be used in all the following

work.

6.2 Pnysical Property Variation

In the comparison of kinetics the physical properties were
allowed to vary along the length of the bed although the pressure was
kept constant. The variation of physical properties is due to the
varying temperature along the bed and the increase in volume due to
the reaction. These will affect the velocity, density and specific
heat of the gas. The pressure, heat of reaction and the interphase
heat and mass transfer coefficients will also vary.

In the literature, the variation of parameters is usually

ignored as this simplifies the computation and reduces the computation
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time. Although it is often stated that the variation could he
included if desired, the effect of doing so is rarely considered.
Results obtained with variable and constant properties are therefore
compared, and the effect of temperature, pressure and volume change
with reaction on the physical properties are considered separately
and in the various combinations.

The differences in results obtained with variable and constant
properties are the same for both the film resistance and the pseudo-
homogeneous model. Thus results are only presented for the film
resistance model. These are shown in Table 6.3 in which the base
case is 40% conversion when all property variations are included.

The effect of ignoring the pressure drop is negligible as it
is only 0.004 bar and the conversion at constant pressure is 40*02%.

The conversion obtained when the volume change is ignored is
40.55/0, an increase of approximately 1%. The effect of evaluating
the physical properties at a constant (inlet) temperature is greater,
reducing the conversion by approximately 2%. However, these have
opposite effects and, if constant physical properties are used, the
conversion only changes by 1%.

The use of constant values reduces the computing time for one
calculation along the bed from 10.7 seconds to 5*3 seconds. This
saving in computing time may not be important for the steady state
models but, in the transient models, a 1% difference is acceptable
to achieve a halving of the computing time, because the results will

be used for comparison purposes only.

6.3 Cvclic Reactor Norm
It was concluded in Chapter 5 that the norm bed size for each
bed in the cyclic reactor system should be that of a typical single

bed adiabatic reactor. The model used in determining the norm is the
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Table 6,4; Data for Norm Conditions in Chapters 6, 7 and 8.
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film resistance model (equations 3.31-3*35) with constant physical
properties because this is the one used in the cyclic system. The
typical steady state performance is assumed as 40% conversion with
an inlet temperature of 630=C. The other data for the model are
given in Table 6.4 and the kinetics derived in Section 6.3 are
employed. The bed size required for 40% conversion is found to be
0.204 m and this norm, together with the data in Table 6.4* will be

used in all subsequent studies unless otherwise stated.

6.4 Cyclic Reactor Conversion Limits

It is hoped that the cyclic reactor will give higher conversions
than existing steady state reactors because of the inherent temperature
control. The minimum desired conversion is that given by a two-bed
steady state reactor using the same total volume of catalyst as the
cyclic reactor system. This steady sta,te reactor is therefore
modelled using the norm size for each bed and the data in Table 6.4*
A suitable value for the inlet pressure to the first bed must be
selected as this is higher than for a single bed reactor. A typical
report in the literature™"” gives this as 3*1 bar with an outlet
pressure of 2.3 bar for a first bed conversion of 40/0. There is a
pressure drop of 0.7 bar in the interstage heater and the inlet
pressure to the second bed is therefore 1.6 bar. The outlet pressure
from the second bed is not given and is assumed 00 be ibar . uheel
and Crowell reported that the commercial reactor which they studied
had a negligible pressure drop and this is supported by the model
results. The significant pressure drops quoted above must therefore
be due to the reactor configuration or the use of a small particle
size or a high mass velocity. Whatever their cause, it is assumed
that they occur across the beds and that the pressure varies linearly

with length.
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A two-bed model, using these pressures and the quoted inlet
temperatures (630<=C), gives an overall conversion of 60.8% with
an efficiency of 86.7%. The maximum conversion of the system is
obtained when the inlet temperatures are at the maximum permitted
value (650=C). If both inlet temperatures are increased to 650<C,
the conversion becomes 68.6% but the efficiency falls to 85.8%.
However, it is unlikely that the inlet temperature to the second bed
would be as high as 650<C as this would cause excessive pyrolysis in
the interstage heater, reducing both the conversion and the
efficiency. In the literature, the maximum conversion quo bed for
a two-bed reactor is 63% and in no case is the inlet temperature to
the second bed given as greater than 630=C. With inlet temperatures
of 650=C and 630=C for the first and second beds respectively, the
overall conversion is 63.9% with an efficiency of 85- l/o= This would
seem to be more realistic as the maximum conversion obtainable from
such a reactor.

The cyclic reactor system does not include any interstage
heating as only a single bed is reacting at any time. An inle0
temperature of 650<C can therefore be used and the inlet pressure
need be no higher than for a single steady state bed. Tne low
efficiency of the two-bed steady state reactor is largely due to
the high pressure in the first bed and hence the cyclic reactor
system should give an improved efficiency.

The maximum conversion of the cyclic system is the isothermal
steady state value. At a temperature of 650=C, this is 72.0% with
an efficiency of 88.5%. Thus the desired conversion from the cyclic

reactor system is in the range 64 - 72%.
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6.5 Estimation of Cyclic System Parameters
6.5.1 Period. Time

The rate of temperature fall in the reactor is given hy

F . (x. AH.
T = J° ¢ 23

5.5
fall Cps h ©-)

and, as shown in Chapter 5, this can he used to determine an initial
estimate for the period time of the cyclic reactor system. The
conversions and rate of temperature fall are given in Tahle 6.5 for

various isothermal reaction temperatures.

Isothermal Temperature (0C) Conversion (%) L Tfall..l S~1)

650 72.0 0.368
640 67.8 0.348
630 63.1 0.324
620 57-9 0.298

Tahle 6.5: Steady state conversion and rate of temperature
fall at various isothermal temperatures

If the cyclic reactoa: is initially at 650=C and only a slight
improvement over the two-hed steady state reactor conversion ox 64%
is sought, a 30=C temperature drop can he allowed. The actual
conversion will fall from "J2% to 57-9% giving an arithmetic mean ot
approximately 65%. The mean rate of temperature fall over this
range is 0-333<C s and, from equation 5,6, the allowable period

time (t") is therefore

tf = 233 - 90 seconds ®6.11)

A higher conversion can he obtained by allowing only a 20°C
temperature fall. The mean conversion and rate of fall are then
approximately 68% and O.346°C.sf1 respectively and the allowable
period is about 58 seconds. The minimum period time was chosen in

Chapter 5 as 60 seconds and thus 68% would appear to be the maximum
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attainable conversion. However, it must be remembered that the
kinetics used predict a much smaller bed size than the others
considered. Equation 5.5 shows that the rate of temperature fall
is inversely proportional to the bed size and so the predicted
period time is directly proportional to it. The r3.te of temperature
fall predicted by the kinetics of Sheel and Crowel7 or Davidson and
Shah"8 would be approximately 8 times less and, if the Kkinetics of
Eckert et al™">were used, the rate of fall would be reduced by a
factor of 15. These rates of temperature fall would allow a longer
period or, if the period was the same, a reduced temperature drop
and higher conversion,

Sheel and Crowe"17 specify the dimensions of the commercial
reactor, and the reactant flowrate, used in their simulation. Tne
rate constants of the kinetics derived in Section 6.3 must be
reduced by a factor of 0.28 to reproduce the quoted styrene
production with this reactor size and flowrate. Application of
this factor to the data in Table 6.4 predicts a bed. size approximately
3.6 times the norm to give a 40% conversion. Thus, in considering
the allowable period time and attainable conversion, the norm bed

size will always give predictions Ol the pessimistic side.

6.5.2 Eegenerator Steam Flow
It was shown in Chapter 5 that an approximation to the re-

generator steam flow required to saturate the bed is given by

(1-e) p C AZ

= s 5.9
pSTM 7 ﬁ ©-9)

tf pg STM
which is obtained from the analytical solution of the pseudo-
homogeneous regenerator model. Using the norm bed size and data in
Table 6.4, this gives steam flows of 46.73 kg h‘1 and 30.11 kg hzT ¥

for the periods of 50 and 90 s predicted in the previous section.
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6.5>3 Heat Inputs

An estimate for the superheater heat load can he obtained from

NTIN = FEBM,/EBGPg”TIN “TEb) + FSTI"PBTMGpg AT (5-14)
where the regenerator steam flow is that given by equation 5*9 and
AT 1is the fall in average bed temperature determined in Section
6.5.1* The observed values of AT for periods of 58 and 90 s were
20=C and 30=C respectively. If T" is 650<=C, the corresponding
superheater heat loads axe 0.3103 kW and 0.3571 kW.
The make-up steam temperature is given by
T Fory - F

- STM — STM STM
n

n N ~* . (febmweb + fstmmwstm” tih
fstm "IJ (FStm)2 mwstm

_MW_ T - HTIN~] (5*16)
EB EB EB
Pg

This cannot be estimated accurately at this stage as only approximate
values of HTie have been evaluated. However, using these values,
with Tin and Tin at 650=C, gives Tg5M as 764<C and 750=C for periods

of 58 and 90 s respectively.

6.5.4 Summary
The predicted values of period time, regenerator steam flow,
superheater heat load and make-up steam temperature for tho cyclic

reactor system are summarised in Table 6.6 below.

Average Kl
conversion o ) Estu h ) GO
68% 58 46.73 0.3103 764
65% 90 30.11 0.3571 750
Table 6.6: Parameters for the cyclic reactor system predicted

from steady state studies



CHAPTER 7

TRANSIENT SINGLE BED STUDIES

Transient reactor and regenerator models were developed in
Chapter 3 for use in the model of the cyclic reactor system.
However, it is desirable to investigate the performance of ea,ch
separately before considering the system as a whole. This will
help to understand their behaviour in the cyclic system and guides

the evaluation of the operational parameters.

71 Reactor Studier:

Figure 7.1 shows the variation of the reactor temperature profile
with time, for the norm bed size and data in Table 6.4. Trie feed and
initial bed temperatures are 650<C and the reactor proceeds to the
steady state. As would be expected, the temperature near the entrance
rapidly approaches steady state as most of the reaction occurs in
this region. The temperature minimum moves along the bed, but the
rate of temperature fall near the exit is considerably slower. Tins
causes a rising temperature profile near the exit, which enhances the
equilibrium and will be beneficial in the cyclic reactor system as
long as the steady state is not closely approached. Figure 7-2 shows
that the conversion also quickly approaches steady state near the
entrance but the fall near the exit is again much slower.

The variation of outlet temperature and conversion with time is
shown in Figure 7.3. This shows both the observed values at a given
time, and the average values which are integrated over the elapsed
time interval. The conversion approaches the steady state sooner
than the outlet temperature and thus the temperature gives a better
indication of when steady state is achieved. The slower fall of the

average values 1is expected but it is noteworthy as the cyclic system
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Figure 7.1:

Temperature Profiles in a Transient Reactor.
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Conversion

Figure 7.2:

Conversion Profiles

in a Transient Reactor.
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will be concerned with average values.

Figure 7*4 shows that the efficiency of the average conversion
increases with time. The increase is due to the falling conversion and
the change is only a single per cent over the time required to achieve

steady state.

7.1.1 Cyclic Reactor Period Time

The average conversion shown .in Figure 7*3 c*1 ho used to check
the period times predicted from the steady state results in Section 6.5.
These are 90 and 53 seconds for arithmetic mean conversions of 65% and
68% respectively. The times elapsed when the average conversion falls
to these values are obtained from Figure 7*3 as approximately 100 and
60 seconds. The steady state calculations, therefore, appear to predict
conservative periods, especially at the higher value. This is probably
due to the greater deviation of the temperature profile from the iso-
thermal one assumed. The higher outlet temperature in the transient
reactor produces a higher conversion than the assumption of a uniform
average profi3.e. However, the steady state predictions are simple to
obtain and thus are a useful means of obtaining a first approximation
for the period time.

In both the steady state and transient studies it is assumed that
the initial profile is isothermal at the maximum temperature. The
conversion of the cyclic system will be reduced if this is not the
case and these predicted periods are therefore the maximum values

for the specified conversions.

I «Iz? Affect of Initial Temperature Profile
The reactor conversion depends on the initial bed temperature
profile which, in the cyclic system, is determined by the regenerator

operation. The effect of various initial isothermal bed temperatures
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on the average conversion is shown in Table 7*1* The feed temperature
in each case is 650=C and so the reactor is tending towards the same
steady state. The difference in conversion for the various initial
temperatures is, therefore, less as steady state is approached. A
reduction in initial bed temperature causes a significant lowex Tng of
conversion and hence it is clearly desirable to operate the regenerator

at the maximum allowable temperature.

7.1.3 Effect of Feed Temperature

The effect of varying the feed temperature on the average
conversion is shown in Table 7-2 for an initial bed temperature of
650=C. The reactor is now tending towards different steady states in
each case and so the differences increase with time. A comparison
of Tables 7.1 and 7.2 shows that, at the period times of less than
100 seconds predicted above, the effect of a change in feed temperature
is considerably less than that of a similar change in the initial
temperature. The variation of the cyclic reactor feed temperature
caused by the varying regenerator outlet temperature is therefore
unlikely to seriously affect the performance. The effect of the
variation produced in the regenerator inlet temperature will be greatex

as this determines the final regenerator (initial reactor) profile.

114, Effegt of Dilyent, Stean Flow

It was suggested in Chapter 5 that it may be possible to operate
the cyclic reactor with a low steam/ethylbenzene ratio as the reaction
heat .is largely supplied by the heat stored during the regenerator
period. Figure 7.5 shows that the actual (not average) conversion is
not greatly affected by the steam/ethylbenzene ratio until steady state

is approached unless it is very low. Steady state is achieved more

quickly with a high steam/ethylbenzene ratio. The corresponding average
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Initial Elapsed Time (S)

Temperature (<) 50 10C 200 300
650 68.71 65.16 58.85 55.03
640 64.56 61.33 56.19 53.19
630 60.12 57.49 53.51 51.34
620 55.50 53.56 50.86 49-49

Table 7*1s Average Conversion (/6) at Various Initial Isothermal
Bed Temperatures with the Inlet Temperature at 650<C.

Inlet Elapsed Time (S)
Temperature (0C) 50 100 200 500
650 68.71 65.16 58.85 55.03
640 68.45 64.52 57*38 52.99
630 68.21 63.90 55.94 50.96
620 67.98 63.32 54-54 48.98
610 67.77 62-77 53.19 47.04
Table 7.2: Average Conversion (%) at Various Reactor Inlet Temperatures

with the Initial Isothermal Bed Temperature at 650<C.
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Observed Conversion

Figure 7*5:

Molar Steam/Etbylbenzene Ratio

Effect of Diluent Steam Flow on the Observed
Conversion of a Transient Reactor.
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Average Conversion

Figure 7.6:

Molar Steam/Ethylbenzene Ratio

Effect of Diluent Steam Flow on the Average
Conversion of a Transient Reactor.
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Figure 7.7: Effect of Diluent Steam Flow on the Efficiency of
the Average Conversion of a Transient Reactor.



conversions axe shown in Figure 7.6. These show that the effect of
reducing the diluent steam flow on the performance of the cyclic
reactor system will he less than on that of the steady state reactor
shown in Figure 7*5* However, reducing the steam flow has an adverse
effect on the efficiency, as shown in Figure 7*7- Clearly, a very
low value is unacceptable but, if the molar steam/ethylbenzene ratio
is not less than 10, the efficiency is still greater than the value
of 8J3.7% determined for a two-bed steady state reactor in Chapter 6.
The efficiency is always less than for a single bed steady state
reactor as the conversion is much greater. It may therefore be more
economic to accept a lower conversion from the cyclic reactor in order

to save on the steam cost.

7.1.5 Effect of Bed Heat Capacity

In Chapter 6, it was observed that the heat capacity of the bed
has a significant effect on the allowable period time of the cyclic
reactor system. If necessary, the heat capacity can. be increased oy
mixing the catalyst with an inert material which is assumed to be
particles of catalyst support so that the physical properties are the
same. Additional heat capacity also occurs in the reactor wall and
the effect of this, in a pilot scale reactor, is considered in
Appendix 5*

Table 7.3 compares outlet temperatures and observed conversions
after various time intervals for an undiluted bed and one in which,
various amounts of inert material are added. The parameter y is the
amount of inert material added, expressed as a fraction of the catalys

volume. As suggested by equation 5*5)
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Undiluted Bed (y = 0)

t (B) 25 50 100 200 300
) 68.8% 65.28 58.00 48.67 46.81
£0Ut 647.8 644.4 633.6 604.6 585.9
y - 0.5
t (s) 37-5 75 150 300 450
X g% 68.69 65.14 57.86 48.54 46.78
604.8 -
tout () 647.8 644.4 633.7 585-3
y = 1.0
t (5) 50 100 200 400 600
x (%) 68.62 65.06 57.80 48 .47 46.76
633.8 . 584.9
ToUT 647.8 644.4 604.9
y - 1.5
t (s) 75 150 300 600 900
X (%) 68.54 64.99 57.73 48.40 46.75
] 605.1 584.5
tout () 647.8 644.4 633.8
Table 7.J: Effect of Uniformly Mixed Inert Material on the

Response of a Transient Reactor.
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inversely proportional to the bed heat capacity. The possibility ;.
ignoring the temperature difference between the fluid and inert

material by using equations 5»41 ~> 3-44 was discussed in Chapter 3.
This avoids the use of an additional heat balance on the inerc

material. The results obtained in this case do not differ significantly
from those in Table and hence the extra heat balance is not
necessary.

In practice it will be difficult to produce a unixorm mixture of
catalyst and inert material and it would therefore be simpler to
introduce the inert material in a single region as shown in Figure J.8.
This approximates two catalyst beds with interstage heating as the
inert material acts as a heat source and increases the temperature in
the second catalyst region before steady state is approached. Tms
effect is shown by the temperature profiles within the bed xn Figure,
7.9 for equal volumes of catalyst and inert material. |In the cyclic
reactor system, this inert region would operate as a regenerative
heat exchanger between the two catalyst regions. Clearly, the reactor
will operate as an undiluted bed if the inert region is at either end.
Thus there is an optimum position which gives the maximum conversion
during transient operation. This is found by trial and error uo be
when the inert region starts at about 0.15 of the distance along the
bed. This is the case shown in Figure 7-9 and clearly gives more
favourable temperature conditions than the undiluted bed shorn in
Figure 7ele

The effect of the inert region on the outlet temperature and the
observed conversion is shown in Figure 7=10 and comparea with a
uniformly diluted bed containing the same amount of inert material.
Mien the heat stored in the inert region reaches the reactor exit

it causes a considerable reduction in the rates of fall of temperature
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and. conversion, which then cxcGGd those for the uniform mixture until
steady state is approached. Although the conversion oxceeds that from
the uniform mixture after 180 seconds, the average conversion does not
do so until after JO0 seconds because of the initially higher conversion
from the uniformly mixGd bed. Thus, unless the period is greater than
300 seconds, a uniform mixture is preferable for the cyclic reactor.
However, it appears that a degree of longitudinal non-uniformity in
mixing will not seriously affect the conversion unless the period is
very short.

A region of inert material at the front of the catalyst bed could
be used to reduce the effect of any feed temperature variation in the

cyclic reactor and would lessen the effects of thermal shod.

7" Regenerator Studies

7.2.1 Steam Flow

It was suggested in Chapter 5 that the analytical solution of the
pseudo-homogeneous regenerator model can be used as a simple 1_of
determining the steam flow necessary to just saturate the bed. The

saturation time 1is

t = z 5.7
Gat up C
g PS

and the corresponding steam flow is

@-e)PR 4 AZ (5>9)
FSTM +_ C MW
tf pg STM

-1
The steady state results predicted steam flows of 46-73 and 30.11 kg h

for periods of 58 and 90 seconds. Using the more correct value for C*,
in Table 7.4, equation 5.9 gives flows of 48.86 and 29-35 kS h
respectively for the periods of 60 and 100 seconds predicted from the

transient reactor results in Section (. 1.1.
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The solution of equation 5*7 is compared with the film resistance
model breakthrough curves in Figure 7*11 where it is shown as the
broken vertical lines. The breakthrough curves are obtained for the
same step change in inlet temperature with an initially isothermal bed,
and using the additional data in Table 7-4 for the norm conditions.

The dimensionless temperature (f) in Figure 7*11 is defined by:

Toutlet” 4, initial @ -35)
Tinlet s,initial
Equation 5*7 predicts the positions of the breakthrough curves fairly
well as it intersects them close to the midpoint in each case. Howevei,
it gives no indication of the spread of the curves and, in this CooC,

the approach to saturation is not close.

CP — 2.232 kJ kg-10cf1
g

Py - 4.040 x 10"4 kg 1°1

h “¢ 615.57 W nf2<Cfl

Table 7>4: Regenerator Rata for the Norm Conditions

The breakthrough curves obtained from the regenerator in the
cyclic reactor system will be affected by the initial temperature
profile within the bed. This will be the final reactor profile and
will not be isothermal. The initial profile is not considered in the
pseudo-homogeneous model analytical solution. Figure 7*12 compares
the breakthrough curve from an initially isothermal bed with ones Ixom
a bed in which the initial profile was that in a steady state reactor;
i.e. the t = « curve in Figure 7.1. The dimensionless temperature
defined by equation 4-35 is again used, where T~ initial is the minimum

initial solid temperature. The breakthrough curves are shown for co-

current flows of reaction and regenerating gases and also for counter-
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current flow, when the initial reactor profile was reversed, at t = 0.
The counter-current case shows a minimum as the reactor profile moves
out of the bed and then tends towards the initially isothermal curve.
The co-current case shows higher temperatures along the breakthrough
curve and the dimensionless temperature at t = t~”™ 1is 0.]6 compared
with 0.52 for the initially isothermal bed.

The reactor in the cyclic system will not reach steady state and.
the final temperature profile will be similar to that for t - 80s in
Figure 7.1. This will clearly give a closer approach to saturation at
t = tsaf than an initially isothermal regenerator profile and it may

also be closer than that given by the steady state reactor profile

considered above.

7.2.2 Effect of Bed Heat Capacity

The addition of inert material to increase the bed heat capacity
is seen by the regenerator simply as an. increase in bed size. As shown
by equations 5*7 and 5*9, the speed of response is again Invx..—ly
proportional to the bed size and, to achieve the same performance, a

corresponding increase in steam flow or period time is required.

7.3 Cyclic Reactor System Heat Inputs

The superheater heat load and make-up steam temperature were
calculated in Section 6.5.3 using equation 5.14 which considers re-
generator steam flows calculated from egxiation 5-9- These were only
approximate values as fairly gross assumptions were made regarding the
average inlet temperatures to each bed. It is therefore not worthwhile
re-evaluating these as the only parameter in equation 5-14 which has

been re-assessed is C . and the change in this is only 7-50*
r



7.4 Summary of Predicted Parameters for the Cyclic Reactor System

The period times allowed to achieve 67% and 6Q% average con-
versions and the corresponding saturation steam flows calculated from
equation 5-9 are shown in Table 7*5* The assumptions in the estimates
for superheater heat load and make-up steam temperature make it not

worthwhile to re—estimate them at this point.

Table 7.5: Parameters for cyclic reactor system
predicted from transient studies.
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CYCLIC EEACTOR SYSTEM STUDIES

8.1 Introduction

It wap shown .in Chapter 5 that the inlet temperatures to hoth
beds in the cyclic reactor system will vary with time due to the
changing regenerator outlet temperature. This variation will be
damped to some extent by the additional heat capacity of the system
other than the two beds, but the model cannot allow for this effect.
However, the two extreme situations will be studied. Firstly, it
will be assumed that the temperature variation is completely damped
out by the system, so that the inlet temperatures to the beds -~e
constant during each period. Secondly, the inlet temperatures to
the beds will be assumed to vary directly with the regenerator outlet
temperature and the damping of the system will be ignored. A delay
of 1 second is then introdixced between the regenerator outlet and
the bed inlets to allow for the residence time in the pipework.

Although the effect on the reactor performance of the addition&l
system heat capacity cannot be assessed accurately, an indication Ox
its effect may be obtained by introducing a layer of inert material
at the front of the reacting bed. This will also indicate which of
the two extreme situations gives the better representation of a

physical system.

A~ Frallminary Studios

The system is first studied with constant inlet temperatures to
the two beds during each period. This minimizes tne interactions
within the system which gives a quicker solution and an easiex under-

standing of the system behaviour. The system operates counter—eurrently



using the parameters in Figure 8.1, which were shown in the previous
chapter to predict an average conversion of 68%.

Cyclic steady state operation is assumed when the reactor
conversion and the normalised outlet temperatures fidm both beds vaiy
by less than 0.5 x 10 1at the ends of successive cycles. This is
achieved after 3 cycles starting from isothermal beds at 650 <C and the
conversion and temperature profiles at the end of each cycle are shown
in Figure 8.2. Few cycles are required because saturation is closely
approached in the regenerator. Figure 8.2 shows that the parameters
chosen to check for cyclic steady state are suitable because they
show significant changes at successive cycles before the cyclic steady
state is achieved. The outlet parameters are also convenient para-
meters to measure in a physical system.

The reactor temperature and conversion profiles during the p”riou.
at cyclic steady state are shown in Figures 8.3 and 8.4, and. the
variation of the outlet temperature and conversion is shown iIn
Figure 8.5. The behaviour of these is as expected from the transient
reactor studies in Chapter 7 because of the close approach to
saturation in the regenerator for these conditions.

The regenerator temperature profiles during the period at cyclic
steady state (Figure 8.6) show this close approach to saturation.

Hie final reactor profile is almost entirely moved out of the regenerator
and most of the bed reaches the inlet temperature by the end of the
period. The final outlet temperature is 644*7<C. Figure 8./ shows

the variation of the regenerator outlet temperature during the period

and this reflects the shape of the initial bed temperature profile.

The rising outlet temperature for most of the period might suggest an
inefficient use of the heat in the steam flow. However, the steam

leaving the regenerator is either passed to the reactor or recycled
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around the regenerator and so the heat is not lost from the system.

8.2.1 Assessment of Predicted Parameters

The parameters of the system were predicted in Chapters 6 and J
for average conversions of 68% and 65% and the values are giVen in
Tables 6.6 and 7.5. The parameters used in the above study, and
shown in Figure 8.1, are those predicted for an average conversion of
68% from the transient reactor studies. The steady state study
predictions for this conversion are not appreciably different, ihe
average conversion at cyclic steady state using these predicted values
is 67.7% and the efficiency is 88.8%.

The period times predicted by the transient and steady £ ate
studies for an average conversion of 65% a,re 100 s and 90 s respect-
ively. Using the corresponding regenerator steam flows, the cyclic
reactor system gives cyclic steady state conversions of 64.5% with a
100 s period and 650% with a 90 s period. In each case, saturation
of the bed is again closely approached during the regenerator period.

Thus, the simple method of predicting the cyclic system period
time using only steady state reactor results, which was described in
Chapter 5, gives a good approximation of the system performance when
saturation is closely approached in the regenerator.

A close approach to saturation in the regenerator is observed
with each of the above period times using the predicted steam flows
from the analytical solution of the pseudo-homogeneous regenerator
model. For the 60 s period, the dimensionless outlet temperature,

as defined by »

r = . W ilfl (4.55)
m_ » P - - -
inlet s,initial

is 0.85 at the end of the period. For the 90 s and 100 s periods,

the values are 0.79 and 0.77 respectively. In Chapter 7, the value
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was only 0.52 for an initially isothermal bed, or a maximum of 0.76

if the rcactor reached the steady state, when the steam flow wa&
calculated for a 90 s period. Thus, as suggested in Chapter 7, the
initial regenerator temperature profile in the cyclic reactor system
causes a much closer approach to saturation than expected from the
breakthrough curve f3m an initially isothermal bed. The actual
approach is well predicted by the assumption of an initial temperature
profile from a steady state reactor with co-current flows (Figure f.12).
However, to minimise compression costs in the recycle, it may be
desirable to reduce the steam flow. Hence, the exfecL ol varying the
flow, and the approach to saturation, on the system performance will
be studied further.

With constant bed inlet temperatures, the superheater heat load
and the make-up steam temperature can be accurately evaluated iiom
equation 5.13 or 5.14 and equation 5*1" because all the terms are
known and the use of the average bed temperature drop has been shown
to give good estimates of the period time. For the 60 s period above,
these are 0.31 kW and 7M4<C. The value of the estimates when the
inlet temperatures vary with the regenerator outlet temperature will

be assessed in Section 8.4-

8.2.2 Co-current Operation

Clearly, if saturation is closely approached in the regenerator,
there will be little difference between the performance obtained using
co-current or counter-current operation. For the 60 s period
considered above, co-current operation gives 67.3% at cyclic steady
state, which is achieved after only two cycles. This is slightly
below the value of 67.7% given by counter-current operation because
the lower final regenerator outlet temperature becomes the reactor

outlet temperature, which is then less favourable for the equilibrium.



Figure 8.8 shows the bed temperature profiles during the regenerator
period. The outlet temperature at the end of the period is lower
than with counter-current operation because it is affected by the
trough in the final reactor temperature profile.

Greater differences in the performance from the two modes of
operation can be expected when saturation is not approached, and this

will be studied later.

8.2.3 Efficiency
The efficiency of the average conversion varied little in all the

above studies and it was always within the range 88.6 - 89.0%.

8.2.4 Comparison with Steady State Conversion

It was shown in Chapter 6 that the maximum conversion which might
be reasonably expected from a two-bed steady state reactor, using tne
same total catalyst volume as the cyclic system, is about 64% with an
efficiency of 85.7%. Tne above values for the cyclic system of 67.7%
conversion and 88.8% efficiency are clearly a significant improve-
ment. It may, therefore, be possible to operate the cyclic system
with more economic conditions (e.g. lower steam flows) and still

obtain better performance than from a steady state adiabatic reactor.

8.3 Effect of Parameter Variation

The standard conditions for these studies are those in Figure 8. 1
which give an average conversion of 67.7%. When a particular para-
meter is varied, the others are kept constant at these conditions
unless otherwise stated. The cyclic steady state performance 1is

considered in each case.

0<3.1 Variation of Regenerator Steam, Flow
Figure 8.9 chows the effect of different regenerator steam flows

on the average conversion, and on the final regenerator outlet temperature
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at the end of the period, for both counter-current and co-current
operation. The final regenerator outlet temperature indicates the
closeness of the approach to saturation. With boLh modes of
operation, the conversion increases with the steam flow, but the rate
of increase falls off as saturation is approached. Complete
saturation is achieved when the flow is approximately 1.5 times the
standard value. As expected from Figures 8.6 and 8.0, a small
reduction in steam flow from the standard value has a greater effect
on the conversion with co-current operation than with counter-current
operation as the final outlet temperature is lower*. For example, a
20% reduction in steam flow would give final regenerator profiles
similar to the t = 48 s curves in Figures 8.6 and 8.8.

The counter-current conversion falls drastically when the re-
generator steam flow is less than half the standard value, which was
calculated to saturate the bed, because the tempera.ture trough at the
end of the reactor period is not removed from the bed. "This causeo a
lower catalyst temperature at the reactor inlet, which cools the feed
and prevents a significant amount of reaction occurring in this legion.
The effective catalyst bed size is thus reduced. With co-currej.it
operation, the initial catalyst temperature near the inlet is always
at 650<C.

However, these low steam flows are not of interest because a
close approach to saturation in the regenerator is desired. It
therefore appears that counter-current operation is preferable. The
standard regenerator steam flow gives a suitably close approach to
saturation, but reductions of 1066 and 2.0h only reduce the average
conversion from 67«1% to 67*4% and 6/.0% respectively. Thus, although
the standard value is used in these studies, a lower value may bo

acceptable in practice.
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8.3.2 Variation of Period Time

The effect on the average conversion of varying the period time
is shown in Figure 8.10. This shows the curve for a constant re-
generator steam flow a.t the standard value and also that obtained when

the steam flow is recalculated from equation 5«9 at each period uime:

@1 -e)p C AZ
\— B JEB——— (5.9

bf °pgM¥STM

1~ =

In hoth cases, the expected fall in conversion with increasing period
time is observed because of the increasing fall in reactor temperature.
At periods longer than the standard (60 s), the constant steam How
gives higher conversions because complete saturation of the regenerator
occurs. However, equation 5*9 shows that this flow is twice the re-
calculated value for a 120 s period, and three times that for a 180 s
period. Thus, above the calculated period it is necessary to relate
the regenerator steam flow to the period time in order to avoid ait
uneconomically high value. A reduction in period cannot be considered
with the norm bed size as it is already the minimum value chosen in
Chapter 5 However, this is considered in the next section for a

larger bed.

8.3.3 Effect of Bed Heat Capacity

It was shown in Chapters 6 and 7 that longer period times, or
higher average conversions, may be obtained by increasing the heat
capacity of the bed. This may be done by the addition of inert material
but, as the kinetics used in this work predict a very small bed size,
it is likely in practice that the catalyst bed may be larger than the
norm with a correspondingly lower activity per unit volume. It was
shown in Chapter 6 that the performance of the commercial reactor

studied by Sheel and Crowel” could only be reproduced by these Kkinetics
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if the rate constants were reduced by a factor of 0.20. Using the norm
reactor data in Table 6.4, these reduced rate constants predict a bed
length of 0.726 m for a 40% steady state conversion, compared with the
norm length of 0.204 m, using the same reactor diameter.

Figure 8.11 shows the variation of cyclic reactor average conversion
with period time for 0.726 m beds using the standard regenerator steam
flow. A period of 228 s gives the same 67.7% conversion as the standard
conditions using counter-current operation and a 69*0/0 conversion is
obtained with a 60 s period. If the regenerator steam flow is increased
to the saturation flow for this bed size, the conversion is 70.8 for
the 60 s period but it is unlikely that the almost fourfold increase in
flow will make this economically worthwhile. This period time infringe®
the constraint that the period should not be less than 100 reactor
residence times (i.e. 114 s) which was set in Chapter j. however, it
is used in order to allow a direct comparison with the norm bed size.

Figure 8.11 shows again the superiority of counter-current over
co-current operation. The co-current conversion falls as the period
is reduced because the temperature trough in the final reactor profile
is not then moved out of the bed during the regenerator period. A 1lall-
in conversion at low period times might also be expected with countei
current operation as saturation of the regenerator is no longer closely
approached. For example, with a 60 s period, the standard regenerator
steam flow is just over \ of the saturation flow given by equation 5*9
for this bed size. However, the temperature drop in the reactor is
reduced as the reaction heat is now supplied by a greater heat capacity
than in the standard case and this produces higher conversions. This
effect is shown in Figure 8.12, which compares the initial and final
reactor temperature profiles for a 60 s and 228 s period time, tne

latter corresponding to the standard case. The smaller tet/peiature
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drop maintains high reactor outlet temperatures., which favour the
equilibrium, and the average reactor temperature over the period is
also higher.

The use of a shorter period is, therefore, desirable with counter-
current operation, even if the regenerator steam flow is not coxrespond
ingly increased. Thus the procedure for estimating the period time,
described in Chapter 5, gives a maximum value which can be used to

determine a minimum regenerator steam flow.

8.5.4 Variation of Constant Reactor and Refenera”r~n3~"lI

Temperatures

The variation of the inlet temperatures caused by the varying
regenerator outlet temperature will be considered later. This study
is concerned with the effect of different constant values. The effect
on the average conversion of varying the inlet temperature to each bed,
whilst that to the other bed is constant at 650 Cs is shown in
Figure 8.15. As expected from the transient reactor studies in
Chapter 7, the inlet temperature to the regenerator has a fax greater
effect as it determines the initial reactor temperature profile and
should therefore be at the maximum value. Figure 8.12 also suggests
that, when considering the effect .of the varying regenerator outlet
temperature, the temperature variation produced at the reactor inleo
is likely to be insignificant compared to that at the regenerator

inlet.

8."5,5 Variation of Diluent Steam Flow

The diluent steam flow to the reactor represents a major operating
cost as this is the steam consumption of the system. It was suggested
in Chapter 5 that this may be reduced because the reaction heat is

largely supplied by the heat stored in the bed during the regenerator
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period and this i3 clearly desirable from an economic point oj. Vview.
Figure 8.14 shows the fall in conversion and efficiency with steam/
ethylbenzene ratio, which is to be expected from the transient reactoi”
studies in Chapter 7* it also shews the steam required pex kg of
styrene produced, which varies linearly over the range. A considerable
saving in steam consumption could be achieved with only a comparatively
small reduction in the average conversion, but the drop in efficiency
is more important as it represents a loss of ethylbenzene from the
system. For example, a 50% reduction in the steam requirement from

the standard value produces a 5% drop in average conversion to 64.4/5
but an 8% drop in efficiency to less than 82%. Thus, the diluent

steam flow must be considered as a major variable in any economic

analysis or optimisation of the system.

8.4 Varying Reactor and Regenerator Inlet Temperatures

The inlet tempera.tures to both the reactor ana. regenerator will
vary during the period due to the changing regenerator outlet temp
erature. In the previous studies, it was assumed that the additional
heat capacity of the system damps out the temperature variation before
it affects the inlet temperatures and constant values were assumed.
The effect of assuming no additional heat capacity in the system is
now studied and the inlet temperatures are allowed to vary directly
with the regenerator outlet temperature.

Estimates for the superheater heat load and the make-up steam
temperature were obtained in Chapter 6. These are 0.")= k-Wand 704 C,
for the minimum period of 60 s and, due to the assumptions made
concerning the average bed inlet temperatures over the period, they are
only approximate. It was suggested in Chapter 5 that the maximum re-

generator outlet temperature is likely to be observed at the end of the
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period "because of the rising temperature of the hod. The maximum

bed inlet temperatures are thus also likely to be observed at the end
of the period and, to obtain a high conversion, they should be the
maximum allowed value of 650=C at this time. If these values are
more than 0,2<=C different from 650=C at the end of the period, new
estimates for the superheater heat load and the make-up steam temp-
erature are evaluated in order to force them to 650%". The procedure
for accomplishing this is outlined in Chapter 5 and described lor the
program CHJSC in Appendix 6. The inlet temperatures to the beds will
then be below 650 <C except at the end of the periods and, hence, the
conversion will be less than in the previous studies, when they were
constant at 650 <C.

The standard conditions for this study are those used in the
previous sections and shown in Figure 8.1, except that the inlet
temperatures now vary, so that direct comparisons of peifoimanoe --
be made. The performance of the system is again studied when it

operates at cyclic steady state.

0 /7.1 QyvFErrourr™nt Operation

The system was run to cyclic steady state from initially iso.
thermal beds using the values of superheater heat load and make.up
steam temperature predicted in Chapter 6. At cyclic steady state,
the inlet temperatures to the reactor and regenerator at the ends of
the periods were 643<C and 64rc respectively, which are below the
desired value of 650=C. Two re-evaluations of the superheater heat
load and make-up steam temperature were required to satisfy this
temperature constraint and the final values were 0.525 kW and 754<C.
Cyclic steady state operation was achieved after 19 cycles.

As expected, the average conversion at cyclic steady state (62.9%)



180

is less than the constant inlet temperature value of 6/.7</0 and the
efficiency is therefore slightly higher at 8.1/ compared with 80.8%.
This lower conversion is caused by the lower initial, reactor (final
regenerator) temperature profile. Figure 8.15 shows the development
of this profile during the regenerator period. The falling temp-
erature along the bed is inevitable because the inlet temperature
increases with the outlet temperature, but it is always higher as the
heat added in the make-up steam is constant.

The temperature and conversion profiles in the reactor during
the period are shown in Figures 8.16 and 8.17 and the variation of
outlet temperature and conversion with time is shown in Figure 8.,8.
The shape of the curves in these figures are not greatly difxerent
from those in Figures 8.J - 8.5 for constant inlet temperatures
although the actual values are lower.

The variation of the inlet temperatures to the beds during each
period is determined by that of the regenerator outlet temperature and
these are shown in Figure 8.19. These reflect the shape of the final
reactor temperature profile and hence the initial reactor profile is
similar to the final one although it is damped by the heat input and
passage through the bed. The inlet temperature to the reactor varies
less than that to the regenerator because of the damping produced by
the greater heat input required to heat the ethylbenzene feed.

The superheater heat load and the make-up steam temperature were
calculated to produce inlet temperatures of 650=C at the end of the
period.. However, the regenerator outlet temperature at the start of
the period is higher than at the end and hence the inlet temperatures
are initially greater than 650=C. Nevertheless, the inlet temperatures
quickly fall, and are only above 650=C for about the first 2 seconds
of the period. 1In a practical system, this extreme variation at the

start of the period would certainly be damped out and it will therefore
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be ignored. Figure 8.19 also shows that the procedure for evaluating
the make-up steam temperature (equation 5*16) described in Chapter 5
is correct, as both inlet temperatures reach 650<C at the end of the
period when the superheater heat load is the correct value to give
650=C at the reactor inlet.

Temperatures above 650=C were observed in earlier cycles before
the cyclic steady state was achieved because of the initial assumption
of isothermal beds at 650=C. This was overcome by starting with the
beds at 630<C and this gave a more rapid attainment of cyclic steady

state, which was then achieved after 15 cycles.

8.4.2 Co-current Operation

Using the same initial parameters as in the previous section, co-
current operation gave a higher cyclic steady state conversion of 64.7%
when the inlet temperatures to the beds at the end of the period were
both 650<=C. The superheater heat load and the make-up steam temp-
erature were both slightly lower at 0.220 kW and 747 <C because le”s heat
was removed from the reactor in the product gases. 16 cycles were
required to achieve cyclic steady state operation.

The regenerator outlet temperature, and hence the inlet temperatures
to the beds, varies much less over the period than in the counter-
current case and these are shown in Figure 8.20. These then produce a
higher initial reactor temperature profile and an increased conversion.
Figure 8.21 shows the regenerator temperature profiles daring the
period. The regenerator outlet temperature is not affected by the
trough until near the end of the period and the minimum temperature is
increased by its passage through the bed. The outlet temperature does
not, therefore, show the extreme fluctuation observed with counter-
current operation (Figure 8.19)e The average regenerator outlet

temperature is 626.4<C compared with 620.0=C for counter-current

operation.
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Thus the increased conversion with co-current operation is due
to damping of the temperature fluctuations within the bed. This
suggests that the effect of the additional heat capacity of the system,
which is ignored in this study, will also cause an. increase in conversion

by reducing the variation of the inlet temperatures to the beds.

8.4.3 Variation of Regenerator Steam Flow

The effect on the average conversion of varying the regenerator
steam flow is shown, in Figure 8.22 for counter-current and co-current
operation, with a period time of 60 s in each case. As in the study
with constant bed inlet temperatures (Figure 8.9) the conversion falls
with steam flow below the standard value. The difference in behaviour
above the standard steam flow is due to the differing extents to which
the final reactor profile is moved back into the regenerator by the
variation in the inlet temperature. The final regenerator (initial
reactor) temperature profiles at various regenerator steam flows are
shown in Figures 8.23 and 8.24 for counter-current and co-current
operation.

At low flows, the maximum inlet temperatures to the beds may not
be observed at the ends of the periods. Thus the reactor inlet temp-
erature is checked through the period and the maximum value is forced

to 650=C whenever it occurs.

8.5 Assessment of the Effect of the System. ITeat Capacity

It was noted in Section 8.4.2 that co-current operation gives
higher conversions than counter-current operation, when the additional
heat capacity of the system is ignored, because the bed damps the
variation in the regenerator outlet temperature. This effect causes a

higher initial reactor temperature profile and the conversion is 64.7%
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Figure 8.25; Counter-current Final Regenerator Temperature Profiles
with Varying Inlet Temperatures.

H.ff.io 8.24: Co-current Final Regenerator Temperature Profiles with
Varying Inlet Temperatures.
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compared with the counter-current value of 62.9%* In practice, the
heat capacity of the system as a whole is likely to be considerably
larger than that of the beds and hence the damping- effect will be
correspondingly greater.

The addition of a layer of inert material at the front of the
reactor can give some indication of the magnitude of the system
damping. Temperatures above 650=C are allowed in the inert material,
but not at the inlet to the catalyst region during the reactor period
or within the catalyst at the end of the regenerator period.

Using the standard steam flow and norm catalyst bed siae, the
addition of 25% of the catalyst volume of inert material at the front
of the reactor gives average conversions of 64-5% and 65.6% respectively
for counter-current and co-current operation. If the volume of the
inert material is increased to be equal to the catalyst volume, these
conversions become 66.5% and 66.2%, which are approaching the values of
67.7% and 67.3% given with constant bed inlet temperatures at 6S0<C.

Figure 8.25 shows the counter-current regenerator temperature
profiles for equal volumes of catalyst and inert. The temperature
trough in the catalyst at the end of the reactor period is moved into
the inert material during the regenerator period and the temperature
at the end of the period is above 645<C throughout the catalyst. The
temperature profiles during the reactor period, in Figure 8.26, show
that the variation of the inlet temperature is reduced by the presence
of the inert material. The temperature profile in the inert material
is not moved far along the bed because the flow of the reactor feed is
considerably less than the regenerator steam flow. The corresponding
temperature profiles for co-current operation are shown in Figures 8.27
and 0.28. These again show less variation of the inlet temperatures

to the catalyst beds but the initial reactor temperature profile in the
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catalyst is less favourable than with counter-current operation.

If the equal volumes of catalyst and inert material are uniformly
mixed, the conversions for counter-current and co-current operation
are 65.9% and 65.y/0 respectively. These are lover than when the inert
is at the front of the bed, but are better than when no inert is
present, especially for counter-current operation. This is caused by
the reduced temperature fall during the reactor period which was
observed for a larger bed in Section 8.3.3. The variation of the
regenerator outlet temperature, and hence the bed inlet temperatures,
is therefore reduced. This suggests that the use of high activity
catalyst is undesirable in the cyclic reactor system because it gives
a small bed size.

These studies show that even the addition of a comparatively
small amount of heat capacity within the system has a considerable
effect on the system performance. Hence, the additional heat capacity
of a physical system cannot be ignored. This will be much greater
than that considered above, and so the approach to the conversion
given by the assumption of constant bed inlet temperatures will be
even closer. Thus this simpler model will give better predictions
of the performance of a physical system than one which ignores the

damx>ing effect of the system.

8.6 Discussion

It has been shown that the additional heat capacity of the cyclic
reactor system, other than that of the two beds, cannot be ignored.
Thus, the assumption of constant inlet temperatures to the reactor and
the regenerator gives a better representation of a physical system than
if they are assumed to vary directly with the regenerator outlet temp-

erature. This is fortunate as the former assumption allows quicker
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solutions because cyclic steady state operation is achieved in fewer
cycles. However, the heat capacity of the reactor walls is shown in
Appendix 5 to have little effect on the system performance.

Counter-current, rather than co—eurrent, operation is preferred
as it gives higher conversions over the range of practical operating
conditions.

The average conversion given by the cyclic system may be
significantly higher than the conversion from a steady state reactor
using the same total catalyst volume. A 67.7% average conversion is
obtained using the data in Figure 8.1 compared with a maximum conversion
of 64% from a two bed steady state adiabatic reactor. In all the
studies on the cyclic system, except when the diluent steam flow is
reduced, the efficiency is greater than 88.6% which is a significant
improvement on the steady state reactor value od 0j»7%«

The period time calculated from the steady state studies provides
a good prediction of the cyclic steady state conversion of the system
when saturation is closely approached in the regenerator. fne simple
method of estimating the regenerator steam flow to give tins approach
during the calculated period time is also found to be reliable. These
calculated periods represent the maximum values, as the conversion falls
significantly if the period i1s length* nd only a small increase m
conversion is gained if the regenerator steam flow is increased. A small
reduction in the regenerator steam flow may be worthwhile as this only
produces a slight drop in the conversion. A reduction in the period time
increases the loss of reactor products at flow reversals, but the reducer)
reactor temperature drop allows higher conversions. A similar effect is
achieved by increasing the heat capacity of the bed by the addition of
inert material. The diluent steam superheater heat load and the make-up

steam temperature may also be estimated with some confidcuce as only
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constant, rather than time-varying, bed inlet temperatures need be
considered.

The regenerator inlet temperature is shorn to be an important
parameter as this determines the catalyst temperature at the start
of the reactor period. It should be as high as possible and a
relatively small change significantly affects the system performance.
On the other hand, the reactor inlet temperature has little effect
on the conversion and i1t may therefore be worth using a lower temp-
erature in order to reduce the heat load on the diluent steam super-
heater.

The diluent steam flow to the reactor is a major economic
variable. Steam savings can only be made at the expense of a lower
conversion and efficiency, but the size of the savings are potentially
large. These savings cannot be made with steady state adiabatic
reactors as the diluent steam provides the heat of reaction and thus

a much greater reduction in conversion would occux»
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CHAPTER 9

GUIDELINES FOR OPTIMISATION

9«1 Introduction

The aim of optimising the cyclic reactor system studied in this
work is to produce styrene at the lowest possible cost. Figure 9-1
shows a system based on the reactor section of the How process
(Figure 2.j) which will be employed as the example for discussing the
guidelines for optimisation. The reactor products are used to
vapourise and preheat the ethylbenzene feed and also to preheat the
steam feed before it enters the make-up steam superheater. The reactor
outlet temperature, therefore, affects the heat loads on both the super-
heaters, and these cannot be accurately assessed if the heat exchangers
are omitted from the system. Thus, although the model of the cyclic
reactor system derived in this work is, in itself, not sufficient, it
forms the basis of any model for optimisation calculations.

The criterion for an optimisation is necessarily economic and
cost factors must be derived for the relevant parameters. The separation
costs in the distillation train are affected by the composition of the
reactor products, but these would be determined separately by a study
similar to that in Chapter 2. It was shown there that the separation
costs per kg styrene produced are reduced by a higher reactor conversion,

but are increased by a lower efficiency.

Q9«2 Optimisation Parameters

Values for all the parameters of the system must clearly be
defined, but many of them are fixed by the constraints of the system
and are not therefore variables for optimisation purposes. In order to
simplify an optimisation, it is desirable that values for as many para-

meters as possible are fixed.
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9.2.1 Pixecl Parameters

The cost of the styrene production would he related to a given
ethylbenzene feed and thus this feed must be fixed at a constant value.
The enthalpy of the ethylbenzene feed is also fixed and these are not
affected by any of the other parameters. The optimum ethylbenzene flow
per unit catalyst volume will normally be specified by the catalyst
manufacturers. Thus, the volume of catalyst is fixed by the specified
ethylbenzene feed.

It was shown in Chapter 8 that the regenerator inlet temperature
should be constant at the maximum value of 650<=C. This, therefore, fixes
the heat load on the make-up steam superheater for particular values of
the diluent and make-up steam flow rates and the reactor and regen-
erator outlet temperatures. |If an existing system is being optimised,
the bed size, and hence its heat capacity, is fixed. However, for
design purposes, the bed size must be included in the optimisation.

The reactor inlet pressure should be as low as possible end just
sufficient to overcome the pressure losses of the system. The dixference
in pressure drop caused by changing the bed size will be small and the
inlet>pressure can be fixed at a suitable value.

The reactor outlet temperature depends on the other system para-
meters but, as it cannot be independently varied, it is a fixed para-
meter for optimisation purposes. The damping effect of the system on
temperature variations was shown, in Chapter 8, to be large and hence
the reactor outlet temperature can be assumed constant at the average
value, for a particular set of operating conditions.

The operation of the preheat heat exchangers can also be considered

fixed, subject to the constraint that the ethylbenzene temperature must

not exceed 540<C, or pyrolysis will occur.
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9.2.2 Variable Parameters

The steam feed to the system is determined by the diluent steam
flow to the reactor. This is a major economic variable as the steam
raising cost and the superheater heat loads are approximately prop-
ortional to this flow. However, a reduction in this flow causes
significant reductions in conversion and efficiency. The maximum flow
is that which gives a molar steam/ethylbenzene ratio of about 20 at
the reactor entrance. The minimum value 1is zero.

The regenerator steam flow must be sufficient to produce an
acceptable approach to saturation during the period. A lower flow
than that required for complete saturation produces only a small
reduction in conversion, unless it is below about -®of the saturation
flow. These are therefore suitable constraints on this flow, but
their actual values depend on the period time and the bed heat capacity.
A reduction in the flow reduces the capital cost for the pipework and
also the recycle compression costs. If the compression is by means of
an ejector, this allows a lower pressure, and hence enthalpy, steam
feed to the system.

The heat load on the diluent steam superheater determines the
reactor inlet temperature, which was shown in Chapter 3 to have little
effect on the reactor performance. Thus, this temperature may be
below the maximum value in order to reduce the superheat cost. The
maximum temperature is 650=C and, from the studies in Chapter 8, a
reasonable minimum value would be 620=Co

The period time has a considerable effect on the conversion of
the reactor, which increases as the period is shortened. However, a
shorter period requires a greater regenerator steam flow to achieve
saturation and increases the ethylbenzene losses due to the flow

reversals. The minimum period was set in Chapter 5 aa 60 s or 100
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reactor residence times, whichever is the longer. There is no
constraint on the maximum period time, hut there is little point in
continuing i1f the reactor reaches the steady state.

Min increase in "bed heat capacity, for a constant overall catalyst
activity, has the same effect as a corresponding decrease in period
time. This would he achieved by the addition of inert material to
the bed. The minimum bed heat capacity is when no inert material is
present and the maximum is constrained by the increasing capital cost.

Thus, values for only five parameters have to be determined in
order to predict the optimum system performance. These are the
diluent and recycle steam flows, the reactor inlet temperature, the

period time and the fraction of inert material in the bed.

9¢3 The Objective junction

The objective function is an expression which relates the
performance and costs of the system and is either maximised or
minimised at the optimum conditions. An optimisation of the cyclic
reactor system aims to minimise the styrene cost or to maximise the
profit from the sale of the product. A suitable objective function

is therefore
OF = PI - PC 9.1)

where Pl is the income from the sale of the product and PC is the
product cost. This must be maximised to obtain the optimum perform-

ance.

The income for the system per unit time can be expressed as

Il =(1 Si +& 1 + 65 Hotjtreb
Gl Sy "4 4 J

where g" are cost factors. The first term represents the income from
the sale of styrene, toluene and benzene; the second is the value of

the off-gas as a fuel; and the third is the value of the useful
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enthalpy in the product gases, which may he used for the reboiler
heat in the distillation train110
The costs involved in the process were discussed in the previous

section and the product cost per unit time can be expressed as

PC = S6FEB + + g8HTIN + g9HV
+ S10 M. Peb + S11/ + + XTOLA
> :
+e az +e TFfstm ~ fstm 9.3)
fstm

where gg represents the fixed ethylbenzene cost; ¢g», the steam
raising cost; gg and g0, the superheat costs; g¢.,q, the ethylbenzene
losses, due to flow reversals and leakage; g~ and g”» “we separation
costs in the distillation train; and g7 and g~ are the capital
costs associated with the bed size and recycle steam flow.

Clearly, a major snag in estimating the product cost lies in the
difficulty of obtaining reliable and up to date economic data. This
is not available in the literature and operating costs will also vary

from plant to plant.

9*4 Optimisation Procedure

It was shown in Chapter 5 that the best operating policy for the
cyclic reactor is the use of constant heat inputs to the system. Thus,
the heat exchangers and superheaters in Figure 9*1 all operate in the
steady state and their performance need only be considered when the
reactor system has achieved cyclic steady state operation.

Initial values for the system parameters can be obtained by the
methods described in Chapter 5 and the reactor system is run to cyclic
steady state. lleat balances will give the superheater heat loads,
and the objective function can be evaluated. An optimisation procedure

must now estimate new values for te or all of the variable parameters
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of the system in order to recalculate the system performance and the
objective function.

The technique used to re-estimate the variable parameters
determines the efficiency of an optimisation as it is clearly
desirable to minimise the required number of evaluations of the system
performance. A detailed discussion of techniques for process optimis-
ation is given by Whiteheadlll. Gradient methods, which search for
the direction which gives the greatest change in the objective function,
are normally efficient. However, they usually require the evaluation
of the partial derivatives in terms of the independent variables and
analytical expressions do not exist for these. Direct search tech-
niques, which do not require these derivatives, are likely to be more
efficient for this system. The procedure 1is:

(1) Estimate initial parameters.

(2) Calculate system performance.

(3) Calculate objective function.

(4) Check constraints. |If violated, select new independent
variable(s) and repeat (2) and (3) until satisfied.

(5) Change independent variables by given amounts and repeat
steps (2) - (5) until the objective function is a maximum. |If the
value of the objective function decreases at any step, new estimates

for the variables are obtained from values at the previous step and

the procedure continued.

5¢5 Conclusions

Optimisation of the cyclic reactor system is not possible at
this time as the model derived in this work is not sufficiently
comprehensive and there is a lack of reliable data. If these were

available, the system could be optimised by maximising the difference
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between the income from product sales and the cost of its manufacture.
Only five variables are considered as variables for an optimis-
ation. These are the diluent and regenerator steam, flows, the reactor

inlet temperature, the period time and the inert fraction of the bed.
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CHAPTER 10

SUMMAHRY OF COHCT/UDIONS

Adiabatic or multitubular steady state reactors do not give the
optimum temperature profiles for heterogeneous, catalytic, gas phase,
reactions, especially if the reaction is equilibrium controlled. A
novel reactor system is proposed, which utilises the inherent
characteristics of the thermal regenerator to control the longitudinal
reactor temperature profile. Adiabatic beds are employed and hence
undesirable radial temperature gradients are avoided. One of the
thermal periods in the thermal regenerator is replaced by a chemical
reaction and each of the two beds in the system operates alternately
as reactor and regenerator in successive periods of operation. The
inherent control of the reactor temperature profile should enable
higher conversions to be obtained than those from steady state reactors.

Elis cyclic reactor system is investigated using the endothermic,
reversible dehydrogenation of ethylbenzene to styrene in the presence
of steam as an example. The reaction is commercially important and
the steam is a suitable heat transfer fluid for use in the regenerator.
The styrene manufacturing process often operates with low (c. 40%)
conversion reactors and, hence, a large ethylbenzene recycle to the
reactor is required. If the reactor conversion is increased to 60%,

a 20% reduction in reactor steam consumption is obtained and the re-
boiler and condenser requirements in the distillation train may be
reduced by as much as 25%* The use of the proposed cyclic reactor
system in this process should, therefore, produce considerable utility
cost savings. Tne time-varying reactor product composition can. be
easily damped by the use of a suitable holding vessel before the
distillation train. The variation of the reactor outlet temperature

with time will be damped by the thermal inertia of the system.



Kinetic rate expressions presented in the literature for the de-
hydrogenation of ethylbenzene and the associated side-reactions are
compared. Hone of these can be considered entirely satisfactory as
they do not show the expected response to variation of reactor para-
meters. The rate expression for the dehydrogenation reaction given
by Carra and Forni39, and used by Modell32 appears to be the most
theoretically sound and gives the best predictions of the conversion.
However, it predicts very small reactor sizes compared with all other
kinetics. Hone of the proposed rate expressions adequately describe
the side-reactions, and more representative expressions are therefore
derived from the experimental data of Bogdanova et al29 for the two
main side-reactions.

Models for the reactor and regenerator are presented. Pseudo-
homogeneous models do not represent the physical situation in transient
operation, although they may be satisfactory in the steady state. A
film-resistance model, which includes the interphase diffusion effects,
accurately represents the regenerator and should be adequate for the
reactor. Intraparticle diffusion is unlikely to be important for the
dehydrogenation reaction.

Approximate numerical solutions are required for the reactor model
because of the non-linear reaction terms and various solution methods
are compared. The most suitable method, which gives an accurate solution
and minimises computing requirements, 1is to solve the Lagrangian
equations by the use of backward and central difference approximations
for the time and length derivatives respectively. Both the model and

! JZ, who presents the only

the solution method used by Gavalas1
published work on a cyclic reactor system, axe shown to be unsatisfactory,
but the errors caused by the use of large integration step sizes hide

some of the faults of the model.
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A practical cyclic reactor system for the dehydrogenation of
ethylbenzene is described. In order to satisfy the temperature con-
straints of the reaction, a diluent steam superheater is required
between the regenerator and the reactor inlet. The regenerator steam
flow must be greater than that to the reactor to achieve a close
approach to saturation during the regenerator period. For economic
reasons, the excess steam is recycled around the regenerator. This
approach to saturation is desired in order to approximate the optimum
reactor temperature profile for the endothermic reaction considered.

The most suitable operating policy is shown to be the use of
constant heat inputs and flows during each pex"iod and to allow the
temperatures within the system to vary. Gavalas11 Jz'proposes
controlling the flows in his regeneratively cooled reactor system in
order to produce the desired, time-varying, temperatures at the
entrance to each bed. However, he ignores the damping effect of the
system on temperature variations and it is shown that, in a practical
system, this will be large. [In the system proposed for the dehydrogen-
ation of ethylbenzene, this effect seems likely to damp out the variation
of the regenerator outlet temperature so that the bed inlet temperatures
can be assumed constant during each period.

Counter-current, rather than co-currant, operation is preferred

as this gives higher conversions over the range of practical operating

conditions.

The effect of the system parameters on the performance is studied
and is summarised below;
(a) The average conversion increases as the period time is reduced and
approaches the isothermal steady state value as the period tends
to zero. The adiabatic steady state conversion will be obtained

if the period becomes very long.
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(b) An increase in bed heat capacity has the same effect a3 a reduction
in period time. The heat capacity of a commercial reactor is likely to
be greater than that of the norm size used in this work. Thus this

norm represents the “worst casel.

(c) The average conversion increases with the regenerator steam flow,
but the rate of inci“ease falls off as saturation of the bed during the
regenerator period is approached. Below approximately ~ of the flow

required to produce complete saturation, the conversion falls rapidly

with counter-current operation.

(d) Both bed inlet temperatures must be as high as possible to obtain
the maximum conversion, but the effect of a reduction in the i,actor
inlet temperature is negligible compared with a corresponding reduction

in that to the regenerator.

(e) The conversion and efficiency both fall as the diluent steam flow
to the reactor is reduced and the effect becomes greater at low flows.
However, the effect is less than in a steady state adiabatic reactor

as the steam does not provide the reaction heat.

In the design of a cyclic reactor system, the parameters for the
reacting bed (e.g. temperature, pressure, flowrates) can be determined
from studies of existing reactors. The regenerating steam temperature
is also fixed by the required reaction temperature. A simple procedure
for estimating the remaining parameters of the system is described.
These parameters axe the period time, the regenerator steam flow, the
heat load on the diluent steam superheater and the temperature of the
make-uj) steam. The proposed procedure makes use of steady state reactor
results and the analytical solution of the pneudo-liomogeneous regenerator
model together with heat balances within the system. Thus, the para-
meters can be estimated without solving the cyclic model and they are

found to give good predictions of the cyclic system performance for a
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given "bed size.

The predicted parameters may not give the optimum performance of
the system and guidelines for an optimisation are presented. The
pex"iod time for a given bed size, the regenerator steam flow, and the
reactor inlet temperature must be considered in an optimisation, but
the major variable is likely to be the diluent steam flow as this
determines the steam requirement of the system. However, in the
absence of suitable costing data, the proposed design procedure seems

to predict reasonable operating conditions.

10.1 Suggestions for Further Work

Shortcomings have been shown to exist in all the published
kinetics for the dehydrogenation of ethylbenzene and there is, therefore,
a need for more reliable Kkinetic data. It is desirable that this data,
should be obtained for a commercially available catalyst which could
then be used in experimental work.

An economic optimisation of the cyclic reactor system for the
dehydrogenation of ethylbenzene would be valuable as this would
determine the main cost variables and enable a further assessment of
the proposed design procedure to be made. However, it is necessary
for up to date costing data to be made available for this to be more
than an academic study.

In order to assess the conclusions of this work, an experimental
study of the system is clearly required. This would indicate the
validity of the assumptions made and show if a more detailed model of
the system heat capacity is necessary.

Only an endothermic reaction has been considered in this® work,
but the proposed cyclic system could also be used for an exothermic
rcaction, f®Esej rastucx : < & as the ci  traints on such a

system, e.g. control of the hot-spot temperature, axe different. The
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11’12, who considered such a system, must be

conclusions of Gavalas
in some doubt owing to the shortcomings in his model and solution
method and his assumption of no additional heat capacity in the

system.



APPENDIX 1  Summary of Kinetic Models for the Dehydroflenation
of Ethylbongene

The various reactions which are proposed in the dehydrogenation
of ethylbenzene are given in Table Al1.1. As well as the dehydrogen-
ation reaction (reaction 1), all authors consider the benzene and
toluene producing reactions (reactions 2 and j). However, there
are differences in the choices of further side-reactions considered
by different authors.

Table Al.2 shows the rate expressions quoted for the various
reactions. The subscript on the rate refers to the reaction number
in Table A1.1. The rate constants proposed by various authors are
given in Table A1.3 which also shows which reactions are considered
by each author. The subscript on the rate constant refers to the
reaction number in Table Al1.1, and the number of the rate expression

in Table Al1.2 with which 1t is used is also given.



Reaction No.

1 c6H5C2H5 — C6H5C2H3 + H2
2 C6H5C2H5 - > C6H6 + C2H4
3 c6h5c2ii5 + H2 — > c6h5ch5 4 ch4
4 2°2E4 + IT2° — >co + 2H2
5 chd +h2o - >co0 +p?2
6 CcoO + HO — > CO- + H
o 2.
7 c2h4d c2h2 + 112
8 C2H2 — > 2C + Il
9 C + 2H20 - =>C02 + 2H
10 Cll4 — >C + 2112
1 CgH CgH~ + 1611?20 8C02 h 21Hg

Table Al1.1:  Reactions Proposed in the Behydrogenation
of Ethylbenzene.



Kate Expression

No.
la rl <<k1°PEB  PHPS!IAp)
2a r2 <<k2 PEB
Ja r3 " k3 PEBPH
iR"™ ¢
1b — (PLR" % pSt/Ke)
a + PEB +APST
_ PKB
2b 0=K .\ oo oosr
3 - - k. PR
a + Pjrg Ppcgi
3c r3 = kj PEB PII
® Pgg ~PPgT
X
4 r4 = k4 PSTM (pC2H ~
Sa r5 = k5 PSTM PCH4
6 ré6 <<k6 t3 PSTM PCO
5D r5 - kb p#
7 ky Pp T
1 1 =24
8 rg " kQ PC2H2
9 rg - k9MpSTMA
10 r10 " k10 PCH4
u ril = k11 PEB

Table A1, 1: Rato Expressions for Reactions in d
Dehydrogenation of Ethylbensene.



Bate Expression
No.

la

1b

2b

3b

la

2a

3a

5a

la
2a
3a
5b

la

2a

Wanner and Dybdal ™

Wofey-- ¢ #2410
Mode1132

k = 3.032 x 106 exp(-23050/T)

K9 = 2.424 Z 10" exp(~25566/T)

KA = 0.1796 exp (-10971/T)

k2
KA
KA
k5

k6

kil
kg
KA
KA
k6

k8

kq

kO

Sheel and Crowei‘7

exp(8.1033 - 10925/T)/3600
exp(13.2392 - 25000/T)
exp(0.2961 - 11000/T)

exp(-0.0724 - 12500/T)
exp(-2.9344 - 7900/t)

exp(21.2402 - 8850/T)

Davidson and Shah18

exp(~6.16 - 5717/T)
exp(12«8 - 25600/T)
exp(~1.8 - 11000/T)
exp(-3.36 - 7900/T)
exp(3.80 - 8850/T)

2.15 x 1011 exp(-38000/T)/T

1.18 x 109 exp (-3095=A")/T
1.11 x 10" exp(-3400=A)

Abet et al”

5%33 x 1= exp(-9402/T)
1.425 x 107 exp(-10287/T)
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Rate Expression
No.

3a

10

la

2a

3a

1b
2b

3c

Table Al. ;

k" = 2.30 x 107 exp(~C613/t)

k10 = 3-97 x 10V] exp(-12724/T)

Eckert et al33

k = exp(-3.6118-15128.9/t - 0.0345xSRw - 8.7126/SB")
x 101325

k2 = exp(-3.2823-18722.5/T - 0.0323* SRy - 9.220/SRy)
x 101325

kn = exp(-9.3195 -20090.4/T +0.0325 xSRy - 11.6172/SBy)

x 1013252
k = exp(-3.8475 - 19111 «7/T - <%0076 x SI™ 7-5281/SB")

x 101325

Derived Kinetics (Chapter 6)

k1 = 3.032 x 106 exp(-23050/T)
kN = exp(8.132 - 20336/T)
k? = exp(11.109 - 18820/T)

Rate Constants for the Reactions in Table Al.l
and the Rate Expressions in Table Al.2.



APPENDIX 2: Method of Characteristics for the Trang.iont Film.Ttor.;!Istance
Reactor Model

The method, of characteristics™™ is suitable for hyperbolic
partial differential equations such as the Eulerian form of the model
given in equations 3*15 ““3*18. The characteristic directions Qjrp
along which the partial differential equations become ordinary
differential ones, are first determined. The equationsto be solved
along these characteristics are then derived.

The heat balances for the model are

S, h
at u AT \ 5.16)
=— 0-T) (
At e Az engVS
Als Sy AH (3.10)
.- T-T) g YAy, :
At '(,T el Psts CIOS S J J

The differentials can also be expressed as

ar = Ayt ﬁ—T dz (A2.1)
Z

aT = 6Ts dt  “Ts dz (A2.2)
At Az

and these four equations, in matrix form, are

. AT S h
1 o 0 0 At epc - Tg)
8 Pg
s h
AT v L X AH.
0 0 1 0 . a-71)
Az NS ps Cps 3 O
gt dz 0 0 ATg dT
At
0 0 dt dz Ag dT
Az

(A2.3)

The characteristic equation iIs obtained by setting to zero the

determinant of the 4 x 4 matrix. “Phis gives
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2 u
dz™ - dt dz ¥ 0 (A2.4)

and hence
/dz\2 u dz Q
ME® -~ e dt (A2.5)

The characteristic directions are the solutions of this equation,

which are

dz u

it o (4.18)
and

dz

qt 0 (4.19)

i1
iImes™ shows that the equations to he solved along the character-
Istics are obtained by replacing columns in the 4 x 4 matrix by the
right hand column vector in equation A2.3 and equating the determinant

of the matrix to zero. Replacing the first column gives

v u
(T-T. 0 0
ep Ebg S
v , - 0 (A2.6
T1regTer T -T) | AH. T 0 1 0 (A2.6)
K 3 SPE \Y i J ]
dT dz O 0
dT 0 dt ds
end hence
? S h u
dz E’EACPS ST - TS) + dT dz e - 0 (A2.7)

Along the characteristic o dz is zero and, hence, equation A2.7 only
1

dz

has meaning along at Rearranging this gives:
S h
dT
v, -t -T) (A2.0)
dz ungPS S

Replacing the last column in the matrix by the column vector gives:
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S h
u v o
ep 0
[b PS
S h ;
.. AH_ r.
0 0 W||l;s|bs—(T—V “I’pS 0 0
=0 (A2.9)
dt dz O dT
0 0 dt dT
which Becomes
S h qT
_ - & u- J.(E] -*) =0
LTATECDS T-T) Z:-[IZ-)S Ij AH;I’:] it e< dt (a{ a')
(A2.10)

This is meaningless along %Ej as all terms are zero and only applies

substituting for gf:by equation 4«19»
i1

dT S, h

r \Y
_ - (T-T) - AH. . (A2.11)
dt (e Cps( ) Pc R

A similar procedure is carried out for the mass balances and, as
the coefficients with the derivatives are identical to those in the
heat balances, the characteristic directions are the same. It is

clear that the mass balances along the characteristics are

doX S k
qt *” U m(,. .Cc .) (A2.12)
dz
, and
dt I
chjE S k P>
I Ci-Vi> + i" (A2.13)

along the characteristic gﬁ
1
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APPENDIX 3: Fourier Series Method for the Stability of the
Regenerator Eqizationn
This method of investigating the stability of finite difference
approximations for linear partial differential equations is described
95 K97

and Smit The stability criterion is established by

by Fox
examining the propagation of a line of errors which are represented
by a finite Fourier series. Using the finite difference nomenclature

of Chapter 4> the error (¢) at the point (m,n) 1Is

E(m,n)\ _ eibz eat _ eibaAz gn (A3. 1

where 1 = v/-1 and a and b are constants. Then, to avoid an increasing

error with time, It Is necessary that

for all real values of b.

A3e1 Pseudo-homogeneous Hodel

The pseudo-homogeneous regenerator model 1is

M ) U fir jog 4T 0_2 )

X S ps

Forward difference approximations for both derivatives give

T(m,n+1) - T(m,n) - -Q(T(m+1,n) - T(m,n)) (A3«3)
Atup C ,
where Q - 7\'Z~§E—- eS)p'SP Eps- (A3»4)

Replacing the temperatures by the errors at each point gives
eibmAz £ (n+1) _ eibmAz ¥n _ 4£ ﬁib(m+l)Az AN eIbmAz Erﬁ

(A3.5)
;g i by e~DUJ |1
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5-1 ~0(elbAz- 1) (A3.6)

and hence

5

1 - QCelbAz - 1) (A3.7)

This finite difference scheme will therefore he stable if

0 < QCelbAz - 1) < 2 (A3.8)
The left hand inequality is always satisfied as Q is positive and

gibAz Js grea-ter than 1. However, the right hand inequality satisfies

equation A3.2 only if
(elbAz~ 1) < | (A3*9)

and hence the scheme may he unstable i1f the error is large. If the
size of the error is fixed, the stability depends on Q and therefore
on the step sizes. This scheme is therefore conditionally stable as

it is not stable for all values.

Using a backward difference for both derivatives, the scheme is

T(m,n) - T(m,n-1) = -Q,(T(m,n) - T(m-1,n)) (A3.10)

and hence
eibmAz el _ eibmAz (n-1) _ _Q(éibmAz {n_ eib(m—I)Az ‘nB (A3.119

This gives ? = (A3.1?)

[ ) ——
E 4 5 - e XbAZ)
This satisfies equation A3.2 as Q and (1 - e always positive

and this scheme is therefore stable for all values.

A3.2 Film Resistance ModejL

This model contains two variables,.T and TS, and there will be
errors associated with each. These errors will be of the same form

and hence the error associated with T is

gln,ny - A eMONAZ YN (A3.13)
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and that associated with TS is

» /1 0\ 1bmAz ,n
s(m,n) = Be 5 (A3. 14)

A3.2,1 Lay.&/?ian Equations

The Lagrangian regenerator representation is

S
6T
S T - Za- @ -T 4.9
7 ur g S (4.9)
g Pg
6T S h _ ( )
cc 4.10
7T v "sops (T-V
The forward difference approximation for equation 4*9 is
T(m+1,n) - T(m,n) = -QI(T(m,n) - T (m,n)) (A3.15)
Az S h
where Q1 = ™ —— Z-——- (A3.16)
C
upS Pg
Replacing the temperatures by the errors gives
pe1O(tDAZ An _ po iDMAZ - o _Q—l,/(AeibmAz £N _ gelbmAz ?n}
(A3-17)
and hence = = -[rm———-———-——- (A3.18)
B eXbAZ 14+Q1
The forward difference approximation for equation 4 .10 gives
T (m,n+l) - Tﬁ(m,n) = Q2(T(m,n) - To(m,n)) (A3.19)
A0S h
vihere Q2 = (A3.20)
Vv "s ps
Hence
?2(nt) _ ?n = m nj (A3.21)
m4d A =J .- L+ s
B 02 g (A3.22)

Equating 3.18 and 3.22,
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5= 1 . S2fe”-g..-.IL U; 23)

and this scheme is stable if
,,0/ IbAz A\

o4 < 2 (A3.24)
51 + (e -1

All the terms are positive and hence the left hand inequality is
satisfied. The right hand inequality may, or may not, be satisfied
depending on the size of the error and the values of Q1 and Q2. This
is therefore conditionally stable.

IT backward difference approximations are used for both
derivatives, then

f- - (A3.25)
1+ Q2(1-e~ )

QL +(1-e”1bAK)

which i1s always stable as all the terms are positive.

A3.2.2 Bulerian Equations

Tne analysis of the stability of the finite difference forms of the
Eulerian equations is more complex as the equation for ~ is quadratic.

Using forward difference approximations,

w @®(elbAZ - 1) (AJ.26)
"2

where Q = Q2 + Q3 + QL(ell:Az - 1) (A3.2?)
Ql « (A3.2B)

At S h
02 - - - (A3.29)

BP C
S pg

At S h
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Hence for stability,

(A3.31)

The square root term must be greater than Q, and hence the left hand
inequality will be violated if it iIs subtracted from Q as all terms
are positive. The right hand inequality could be satisfied with
suitable coefficient and step size values and a small error. This
scheme is therefore conditionally stable, but it is found to be always
unstable with typical coefficient values.

The use of backward difference approximations gives

2+Q +,/77? - 4@Q,I(1-e 1d2IH)
where Q = Q2 + 03 + Q1 (1-e"11)Az)

This is always stable i1f the square root term is positive. This
can be shown to be the case if Q2 is greater than Q3> which equations

A3.29 and A3.30 show i1s always true.
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APPENDIX 4: Solution of the Transient Film Resistance Model

It was concluded in Chapter 4 that the Lagrangian form of the
model should be employed and solved by the use of backward and central
difference approximations for the time and length derivatives

respectively.

A4 .1 Reactor Ecyuations
Consider first the fluid phase mass balance

GCi.
Az (4-3)

The finite difference representation is

ci n)~c.(m-1,n) S k

Az oy CHmn) +ci(m-1,n)  cgp(m.n

c-(m1n)  (m.D)

which can be rearranged as

c (mn) = Al c,(n-1,n) + A2 cgfma)r + Cq-(m-1,n) (M.2)
Az S k,
vV o
where Al 2a (M. 3)
As S k
1+ v T
2u
Az S k
y™g
and A2 —20 (M.4)
. Az S k
1
2u

Similarly, the fluid phase heat balance,

i Uﬁ': "C%S (- TS (4-4)
becomes
T(m,n) = A T(m-1,n) +B2 T (m,n) + T (m-1,n) (A4-5)
1 _ Sv h
where B1 2up8 CPS .6)
Az SV h

1 +
2upy Cog



As %/ h

and 1 = 2up C
b “pg
Az S h

1 h2up"G=~
P pg
The solid phase mass balance is

6Csr _
60 e

and the finite difference representation is

Ce:-(mn) ~ c_..(m,n-1) S k )
St A D S (1—ej%h ci(m,n) - cg.(m,n)
+ P
ep N| ak’j,n‘(m,n)

Substituting for c*(m,n) from M.2 and rearranging gives
Csi (m»n) = 01 ogf(m,n-l) + C2 ca.(m-1,n) + 03 c. (m-1,n)

-FC% IU a. .rg(mm)

where C1

AGS Kk
1+ a _A2)

p
ASSV k
A0S Kk

_ v
C3=MAC1 TI"-eTe
P

A9a .
xnd C4 =01
P

Similarly the solid phase heat balance

6TA S h .
PR TTA‘JVJTSOpS ST -T) - Erp; Z%AH.J ry
becomes

T (m,n) = D1 To(m,n-1) + D2 T (m-1,n) + M>T(m-1,n)

b4 1 AH. r.(ra,n)
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(A4-T7)

(4-5)

(A4-3)

(M-9)

(M-10)

(A4.12)

(M4.13)

(4.6)

(A4.14)
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where 3 = --—--TF&“Fr-——---—- (M* 15)
1+7 - 1-132)
\(ll-e';pscps §
A6 S h
J2 - B2 D1 (M. 16)
S P3
A0S h
13 =m bi (1.e); -- CM.17)
Vv "'s ps
3 - Dl - (M* 18)
psS

The solid phase equations must be solved simultaneously by an
iterative procedure as the rate term is a non-linear function of both
temperature and concentration. In order to reduce the amount of
computation at each iteration, equations 14-9 and AM-.14 are written

as

C X(m,n) C5+C4 1 a rJ(m,n) (M-19)

;
D5 - D4 | AHg rp(n,n) (M«20)
;

TB(m,n)

where C5 and H5 contain the terms from previous integration steps and
are evaluated before the equations are iterated. Equations M* 19 and
A4.20 are solved by repeated substitution as this method was found to
give the quickest solution. It is convenient to normalise the
temperature and concentration as this gives residuals of comparable
magnitude when the convergence of the iteration is tested. The
temperature is divided by a reference value, which may be the inlet
temperature, and the concentration by the inlet ethylbenzene concen-
tration. The normalised styrene concentration then represents the
conversion.

Tne coefficients 04 and 14 n<wbecome

AG PO
C4 = CL ~ (A4.21)

p ukBo



When the solid, phase temperature and concentration have been
evaluated, these can be substituted into equations M-.2 and A4*5

to give the fluid values.

A4.2 Begenerator Equation:

Following the above procedure, the regenerator equations

AT
- (4-9)
S (4.10)
become
g?(m,n) = E1 T(m-1,n) + E2 (Ts(m.n) + TS(m—l,ﬂ)) (M.23)

where the coefficients are identical to those given above for the
corresponding reactor heat balances except that the barred parameters
are vised. These equations are explicit if equation AM-.24 is solved
befoi*e A4.23* 1In order to be consistent with the reactor equations,

the temperatures are again normalised.

M 3 Subroutine mi SC

The above equations are solved for the cyclic reactor system
model program in the subroutine 1M11SC which i1s listed in Appendix 7*
The subroutine is first called with the argument IMIT set to 1 in order
to calculate the coefficients Al - F3« During the reactor period, it
is called with IENT - 2 and the reactor equations are solved for each
point along the bed. Similarly, with IENT = 3, "the regenerator

equations are solved along the bed.
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EFFECT OF WALL HEAT CAPACITY IN A PILOT SCALE REACTOR

Experimental reactors are necessarily smaller than those used
in commercial processes. The heat capacity of the reactor wall will
therefore have a much greater effect on the transient response. The
norm Led size and conditions defined in Chapter 6 are those for a
pilot scale reactor to be used in experimental work which will complement
this research. The actual size is not important in a computer model as
the wall effects are ignored and the small catalyst bed may be con-
sidered as part of a larger one.

The heat losses from such a reactor are minimised by the use of a
layer of insulating material around the outside of the wall, but this
does not remove the effect of the wall heat capacity. However, it is
proposed to reduce this effect by a layer of ceramic paper between the
catalyst and the inside reactor wall, which reduces the heat transfer
between them. A section of the wall and insulation is shown in
Figure A5.1.

The heat capacity of the insulation is ignored as it is only about
1/2000 of that of the wall, and the radial thermal conductivity of the

wall is assumed to be infinite. The heat balance on the wall is then

(A5-1)

where T 1is the wall temperature and ATq iIs the temperature difference
between the wall and the surroundings. Uj and U are the overall heat
transfer coefficients on the inside and outside of the wall respect-
ively ad. Ul 1s given by

I (A5.2)



Figure

I

External
Insulation

Reactor Wall

Internal
Insulation

Catalyst Bed

A5.1: Section of Reactor Wall Showing External and

Internal Insulation.

) = 3.2 mm

W

P, = 7.817 kg r 1
pr = 0.4605 kj kg"1<T

Ky = 2077 W11

71 = 2.0 mm

kg = 0.0685 W m™1<C-1
*z, = 0.089m

Up = 0.685 Wm 21
AT, = 600<.

Table A5.1:

Parameters Used in Study of Wall Effect.

231
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To simplify the solution, adiabatic boundary conditions, where no

heat flows past the end of the wall, are assumed. These are

AT

h, = 0 atz=0andz-~Zfort>0 (A5<3)

and the initial condition is

T = f(z) at z> 0 for t=0 (A5»4)

Ignoring the thickness of the internal insulation and any radial

temperature gradient, the fluid phase heat balance is

Am S h
éﬁ _ - Vv -TY)y" —0-T) ]
T e Az quga(ﬁ g Rep CS PS w;

A.r (A5.5)

and the solid phase heat balance is equation 3.18 as before.

In order to use a similar solution procedure as described in
Appendix 4 for the fluid and solid phase equations, an explicit
finite difference formula is used for equation A5.1* A forward

difference approximation (equation 4-25) <s use<® f<r time

derivative and the second order length derivative is approximated by

lw(m+l,n) - 2Tw(m,n) + ~(m-1.n) (@5.0
Az As?

In order to obtain a stable solution, the time step size must not

be greater than 0.25 s.

A5.1 Wall Effect in a Transient Regenerator

Using the data in Table A5.1, with the norm bed size and data in
Tables 6.4 and 7.4, the effect of the wall heat capacity on the re-
generator breakthrough curve is shown in Figure A5*2. This shows the
response to a step change in the inlet temperature at t = 0, with an
initially isothermal bed and wall. With no internal insulation, the
response is slower than when the wall effect is ignored because of the

additional heat capacity in the wall. However, when a 2 cm layer of
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internal insulation is used, the breakthrough curve follows that for
no wall effects until saturation is approached. This is due to the
low rate of heat transfer to the wall until the temperature difference
between them is large. The actual approach to saturation is very slow
because of the resistance to the heat transfer and the decreasing
temperature difference.

The conduction of heat along the wall .is found to have little
effect on the breakthrough curves. If the conduction iIs ignored,
the difference in the time required to roach any point on the .curve
is changed by less than 1%. A larger time step can then be used and
quicker solutions obtained. The effect of the heat loss through the
wall is also found to be negligible, except when saturation is very

closely approached.

A5.2 Wall Effect in a Transient Eeactor

The effect of the wall on the reactor conversion iIs shown in
Figure AMJJ and .is as expected from the regenerator study. The
response is slower with no internal insulation but a 2 mm layer of
internal insulation brings the response close to that with no wall
effects after short time intervals. The approach to the steady state

is again very slow with the internal insulation and the effect of

conduction in the wall is negligible.

A5.3 Vail Effect in a Cyclic Reactor System

The wall heat capacity has little effect on the average conversion
from a cyclic reactor system. The regenerator study shows that a less
close approach to saturation is achieved during the regenerator period
which gives a lower initial reactor temperature profile and has an

adverse effect on the conversion. However, this is partially offset
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by the reduced rate of temperature fall during the reactor period.
The average conversion, therefore, only falls from the value of
67.7%, obtained when the wall effects were neglected, to 67.4/6 with
no internal insulation or 67.5% with a 2 mm insulating layer.
The wall has a significant effect on the number of cycles required
to reach cyclic steady state operation. This increases from 3 to 5,

with no internal insulation, and to 11 with a 2 mm layer.

A5.4 Conclusions

The heat capacity of the wall for a single transient bed, whether
a reactor or a heat exchanger, may have a significent effect on
performance as the response of the bed is slower. The introduction of
a layer of insulation on the inside of the wall reduces this effect
considerably as long as the steady state is not approached. Near the
steady state, this insulation will cause greater differences in
performance. In the cases studied, the conduction along the wall,
and the heat loss, are negligible.

However, in a cyclic reactor system, the wall effect is negligible
as the effects in alternate periods oppose each other. This need not,
therefore, be considered when interpreting experimental results,

although the heat capacity of the rest of the system cannot be ignored.
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APPENDIX 6:  Description of the Cyclic Reactor Model Program - CHI5C

The cyclic reactor system described in Chapter 5 is modelled by
the computer program CIIJSC, which is written in FORTRAN IV and
requires 16 K of core storage. A listing of the program is given
in Appendix 7 and this contains a large number of comments to
describe i1ts operation. A simple flowsheet, showing the main
structure of the program, is given in Figure A6,1 and the more
detailed structure of the reactor period calculations is shown in
Figure A6.2. The structure of the regenerator period is similar
to that of the reactor period except that it may not be interrupted

as 1ts calculation, is relatively quick.



represents
computation

represents
decision

Figure A6.1: Flowsheet for the Program CIIJSC.



represents
decision

Figure KG.2%  Flowsheet for Reactor Period of Program CIFRJSC.
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Ae6.1 Data Input

The data set for the program is as follows, assuming card input,

and the format is F10.0 or 110.

Card 1 - Title Card - reproduced on printout.

Card 2
DIAM - Eeactor internal diameter (iu)
VA - Eeactor length (m)

CPS - Bed specific heat (J kg~1 <X

BS - Particle density (kg m

E - Void fraction

PDLAM - Particle diameter (m)

SV - Surface area of catalyst per unit bed volume (m%n‘%
Card 5

PIO  — Ethylbenzene feed (kg h %)

FSTM - Diluent steam flow (kg h '

YIN - Beference temperature (<X

P - Eeactor pressure (bar)

EK - Inert fraction of bed

HTIN - Superheater heat load (W)
Card 4

TF - Period time (S)

DT = Time step (S)
ESTEP - Number of length steps
TOL - Tolerance on errors for repeated substitution routine

LIMIT - Maximum number of iterations allowed for repeated
substitution and Newton-Baphson calculations.
KSW -)

) Print parameters — defined, on program, listing
I1SW -)



RIT

RFSTM
HOC

STRT

Regenerator inlet temperature if constant
Otherwise maximum value (<X)

Regenerator steam flow (kg h 1)

Maximum number of cycles permitted.

Position of inert region for subroutine TM4SC

A6.2 Output

The input data iIs reproduced on the printout together with the

following variables.
A - Reactor cross-sectional area (mg)
AKG - Mass transfer coefficient (ms"l)
CEB - Ethylbenzene concentration in reactor feed (k mol m ™)
CSTM - Steam concentration in reactor feed (k mol m %)
SR - Molar steam/ethylbenzene ratio in reactor feed
AVMW - Average molecular weight of reactor feed (kgkmol )
VISC - Viscosity (Nsm
DZ - Length step size ().
The following variables are printed for the reactor and the
regenerator. .
Reactor  Regenerator
ere RCPG - Gas specific heat (Jj kg ~X
RG RRG - Gas density (kgm J)
U RU - Superficial velocity (ms D)
G REGG - Mass velocity (kgm "s )
RE RRE - Reynold"s numbex "based on particle diameter
H RII - Interphase heat transfer coefficient Cﬂé‘Q‘?
RTM RRTM - Residence time (S)
DP RDP - Pressure drop across the bed (bar).
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The output during and/or at the end of each cycle may give the
average temperatures, conversions and efficiencies, together with
temperature and concentration profiles for both phases, depending
on the print parameter values. Several print options are available
in order to give only the desired amount of output. Pinal values
for the last two cycles are always printed if the maximum number of
cycles is exceeded and a warning that cyclic steady state has not
been achieved is also printed.

A sample output is given in Table AS,"I.

A6.3 Use of the Program

The reactor and regenerator equations are solved in the sub-
routine TM1SC for each time step. The solution of these equations
IS described in Appendix 4* ® ie reactor and regenerator periods
are calculated alternately, until cyclic steady state is achieved or
until the maximum number of cycles specified iIs exceeded depending on
which occurs sooner.

The program assumes constant heat inputs to the system and
either constant or varying inlet temperatures to each bed may be
considered. Constant inlet temperatures are assumed if the super-
heater heat load is specified as zero in the input data. The inlet
temperature of the reactor is then YIN and for the regenerator, HIT.
In this case, when cyclic steady state is reached, or the maximum
number of cyclies is exceeded, the execution finishes and the next
data set is read. If the superheater heat load (HTIN) is specified,
the inlet temperatures are calculated at each time step. The maximum
temperature of the system is then checked and, if it is more than 0.2 C
from the maximum specified value (YIN), a new value of 1ITIN is

evaluated at the end of the execution and the whole calculation is
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repeated. This process is repeated if the maximum observed temperature
iIs still not satisfactory.

For varying inlet temperatures, the make-up steam temperature 1is
calculated assuming that the desired regenerator inlet temperature is
RIT when the reactor inlet temperature is YIN. In order to estimate
an initial value of HTIN using the average bed temperature drop (AT)
as described in Chapter 5 the value of HTIN in the input data iIs set
at - AT.

The saturation steam flow iIs calculated from equation 5*9 if
the value of RFSTM is specified as zero. If some multiple or fraction
of this value is desired, this is obtained by setting RFSTM to the
negative value of the appropriate factor. Operation of the system is
normally counter-current. Co-current operation is obtained by
specifying NOC as negative.

IT an inert fraction of the bed is specified when using the sub-
routine TM1SC, 1t is assumed to be uniformly mixed and the temperature
and concentrations in the inert material are the same as the fluid
phase values. This is the model described by equations 2*41 - 3*44
with equations 3*19 and 3.20. In order to consider a separate,
uniformly mixed, inert phase heat balance or an inert region in the
bed, the subroutine TM1SC must be replaced by TM3SC or TM4SC respect-
ively. The wall heat capacity, described in Appendix 1s modelled
in subroutine TM5SC, which replaces TM1SC.

The program may be controlled, to some extent, during execution
by the use of console switches. A particular switch is checked by
calling the subroutine DATSW(M,N), where M is the number of the switch
(0-15) and N 1s returned as 1 if the switch is on (raised) or 2 if it
is off. The switches used, and their action on the programme, 1S

given in Table- AC.2. The other system routine called is SECON(T) which



returns T as the time of day and is used to calculate the execution

time.

The error messages printed by the program are self-explanatory

except for error 100. This error arises when a satisfactory value

of H1TN has not been estimated by the third (and final) evaluation,.

Switch No.

0

10

Table A6.2:

Action

When raised, the program is interrupted and the curren
values are written to a file.

When raised, 1t causes the current execution to be
abandoned and the next data set read.

When raised, it causes the temperatures and concen-
trations to be printed at each time step.

When raised, it prevents subsequent re-evaluations

of the superheater heat load.

IT switch i1s off at the start of the execution, it
proceeds using the values stored in the file when
switch 0 was raised. If raised, execution starts from

initial conditions.

Effect of Console Switches on the Program CHJSC.



A6.4  Details of Ancillary Calculations

A6.4.1 /worare? temperatures and conversions

The average conversions and inlet and outlet temperatures are
integrated over the elapsed time interval by Simpson3 Rule?® . |If

AOUT Nie Mtlet temperature and N is the number of time steps, then

ATT
TAVE = 3t To + *T1 + 2T2 + 4T5 + ... + 2Tm_2 + 4T} 1 + TN}

(6.1
where t" .is the elapsed time. N must be an even integer and this is
checked by the program. A running total of the appropriate multiples
of the outlet temperature is incremented at each time step and is

finally divided by ?which is é‘l . A similar procedure is used to

average the conversions and varying inlet temperatures.

A6.4.2 _Feat balance equations

The enthalpies of the various streams for which the temperatures
are required are quartic functions of temperature. The temperature is

*

therefore obtained from the enthalpy by a Newton-Raphson technique109

A6.4.5 Estimation of IHTN

An initial estimate of HTj”™ is obtained from equatioii 5*13 as
described in Chapter 5 If this value is not satisfactory, as discussed
in A6.J, a new estimate is calculated from equation 5*12. The re-
generator outlet temperature for equation 5*12 is the observed average
value iIn the last cycle calculated, less the difference between the
observed and specified (YIN) maximum temperatures. The average
reactor inlet temperature used i1s YIN less half the difference between
YIN and the calculated value from the last cycle. A third estimate,
if required, 1is obtained by linear interpolation between the previous

values using the maximum temperatures observed with each. The inter-



polation produces the value which will give a maximum temperature of

TIN.

This interpolation was found to give a good estimate for HT-"-

unless one of the previous estimates was very poor.

A6.5 Flags used in CII5C

A number of flags are set by the program to indicate internally

the action to be taken at various points. These are as follows:

1ERR

JEER

ICURR

IEXIT
IKEG

ICALC

KENT

NSTRT

NEND

Error flag. This is set to the error number if an error is
detected. If no error, IERR = 1.

Normally 1. Set to 2 if intermediate printout required after
an odd number of steps and causes a warning to be printed
that the averaged values (evaluated by Simpson®s Rule) are
incorrect.

Set to 1 for counter-current operation, or 2 for co-current
operation.

Initially 1. Set to zero when cyclic steady state achieved.
Set to 1 for constant inlet temperatures, or 2 for varying
inlet temperatures.

HTjjy only re-evaluated if ICALC = 2.

Number of evaluations of HTjjj.

Indicates the start of the catalyst region if a la.yer of inert
material i1s at the entrance of the reactor.

Indicates the end of the catalyst region if a layer of inert

material is at the exit of the reactor.
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APPENDIX 7:  liatinp; of the ProflTam CIP3SC
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Vo NS/(13, 1*1,33 ,EX| \ VII °| 31 IT—IU - .I-SI_J RTM -1 *-IEX 1T,
>KISU, VIl I , G, NREI 1,1 -"" IT- 1CALI ->»>HTN(CI1) , ™M ( 13 <« | -I*2) »HTIN, Y1

1G2

1G5

1GO
195

CAL .. TMISCO-,Y,XS—YS——l, IEFR>
T

PCPRDfTI- N CI 3 PY

IP* (HENT - iJ IOsS- 105, 1G2
PC1UMT « *1

ur ;'rpc3, o0r;* Hi-nt -ht in
CO TO c¢ 105 1453 - | REG

CONTINUE

CHECK PGR EPROP
IPrTERR — 13 1G0-195,ISO
IJRI TP i. +-100 13 1PPR
GO TO GOO
CONTINUE
CGLL. TIME OF DAY

CGLL SEPON(TIM13

START OP CYELP

DO 500 M *“ NIJYCL.NOC
| F CP1—NOP++13 2 1G, 20 1- PP5
IP <KSU - &3 218, ;03, 203
KSU - KSIJ - 2
GO TO 22G

(|«512 — 23 207,207+20G
il (KSLJ - 23 212,200, 220
KSU 1
GO TO 212
IF (KSU - 1» 220.2 12.220
GO, TO PPG.P 1=, JmRR
irpgl 1 (P, - 10 «i
r U JT I'NUI
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230

233

-4

741

NNRD
~Nem
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290

300

3 12

3lc

ii: aCtoI tFU|a

DO 300 kount - LSTRT ,ntinr

KNT i '’ KDLINT id
TRUg L
ggjt_lh'lzoe ;gl\l— timi

NRECT" & RRP—CI
:Kclr ite 215n IrMJ \3}
>'63LI y"tml cHK

EﬁhL |ﬁtie'T

IRY
xé Vst S 1HRRE

AN IV TOLIT VTR KOUN

tions

M<H i >h >1i >K M<

rinRyegEy BY RRuRiNRMWIEEY rine

Moggh

> thenci

ALLOW 1031 ,m + ireratrons AT FIRST TIMS

*4-4

oM 7 24922
BTt - o
CALC ILATE REACTOR

GO TO CcC270.245)
READ FROM FILE

IF CMODCKNTL1 - IR
IF  CKNT13 250 1

REAb 2*nRES 12 y

RN - g

J
EALL I s:; CD, ENTV . FSTM-

Ve,  BYN
AVERAGE INLi” TEMPERATURE
27.2-253

IF CKNTl
VIR VL
Ga TO 2

VIR 4 JInh'V

CHECK MA< MM MLeT TEMPERA

ggwﬁﬁﬁ ﬁ';C o 0, _2CA 2

<NSTRT
IFTERME DIATE PR INTOUT
CALL OLITSCCX,V i.VS-23
CALCULATE A ONG seo

O e
%N%S} Xlg(l)JUNNIT)

J I KOUNT/2
D ' comew e

CHECK FOR EIFROR RETURN FROM
IFCIERR—1® 300- 00- 90

UR ITE c:r:, mOI') ret 1)
CALL iiiin;c c: e -

GO TO ano
COMT | NUE

IMLET IEMPEROTURE
1 REG
IF ARRAV EXHAUSTED

CPETM-ENTH-L M IT,

IF NOT

250

»| - 1« 101)

S Cqn 159 | HTI NV 3>

FI>ED

IERR>

MEANS OF :IrPsON"S RILE

FURE

TEMPERATURE CALCULATED USING

1H2
15

CHECK FOR CVCL IC sSTr.AD %{Q}&(*

3¥§:°.318

320_320, 3 1&

I F (:M—lg,sle-31, 31

IE  ChiFts CDI Vr|1]1 TOLN

IF CABs rRTM-VCNENL) TOLN

| F oABsc? — XC1-N1J TOLN

P VN

RTM - V GVIEND)

G s;Cc1.N1

GO TO 3

fexir W

1f Clsy — 2y 325. 325-

1su n 2

IF OksU - -4 332-33S»
REACTOFf* PRIIITOIJ1

| Wk ZA: HOCh IZ3

IF CKSU-4> 332

CALL OU :I'C cX

T - ‘TOUT

TE IR

CONTINUE

REVERSn L

REVERSE PROFILE3 I1-OR COUN IE

R CUR RENT

1H1T.A*FI ON'
S

GO TO C3r=0.3r. - ICURR
KOUN1 - NSTEP/
DO 362 | m2-1 :0UI IT
j - m > —
Ve TV
V(J% «
B - F3(1)

(1) R L)
VS5 CJ) -
rvciu >», V «a %
GO TO 3L

Rf,.r,r PATOP CALi
*-| Hil, 4 A1 <K Tl A dsl

rviti: Sald
vciz> Vr"r Vrn
vr; * 1| :
NI'l <T N J
Till IT AVAL® N B §
HK'LL'

OPERAT ION
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3i?1f)
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334
336
300

390
335
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NN
e
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AAD
NNN
OAN

440
500

520

600

G 10
620

630

(3 <K SU — ) EARY Pl Stewr-

[o] rrl. S -,

RJre i _Jion.-:)

CONTim.It

DO 4»sn KOUMT - 1-NTIMG

CALCULftrr: inlet tfmperature iF required
ao to c3rin , 3ao>, rrfg

|F CKQIIJNT — |14 3U2.30 1-302?
13 S rkvcii Xk vim

go to 3f«e
(@] - VCN11 H YIN
CALL. NRTSCfD RErdIYRFi-CPSTM- CPSTM, LIMIT, IEXIT>

Y stn “ la”YiN
AVERAGE INI.ET TEMPERATURE T <
» KOIINT — 1
(J) 3£4,. 04-3B6
IR ycn
GO TO seA
E « CT — CcJ/2VAZ2 13 #<2
» YIR = J5XYC 1)

YIR
CONTINUE
INTERMEDIATE PRI KTOLT

CALL OUTSCCX-Y- XS-YS-31

CnLCULDTE ALONG BED

CALL TM1SCCX,Y ,XS.YS,3,IERRS5

STORE OUTLET TEMPERATURES - UPITE TO PILE IF
I F AQVIOD CKOIUNT - IRY 11395 -390 -333

'i(JRITE<2 EIRECIt_‘L RY

OLINT 4 1 — K=>KIRY
RYCI1 - Ye«<N11
AVERAGE OUTLET TEMPERATURE USING SIMPSON'S RULE
-l - _I(KOIJNT - (KOUNT/2)»K2 -+ 11
TOUT < OUT =+ J>KV«MI 1

CONTINUE

LIRITE (2' NRFEC 11 RY
YN 1 - Y N11

REGENERATOR PRINTOUT
>t 2 HHHMHSKSKHHEHEHA- HEd\HEe

ARRAY FULL

IFE CKSLI — 4> 4057406,404
IF CIEXIT - 1> 405 -40G - 190
CALI J'1SCCX-Y-XS. YS--41
LIRI TE «3 - :-003 ¢
CONTINUE
REVERSF. REGT. NERATED PROf-ILE (D JU ER CLJRRENT OPERATI ON 1
t AN F-i LT PPOE<. <s|aKKXadfeH:=>:-f.y >INVasH<>K>K

GO TO (410,4201 - ICURR
TE! «-' 2

,kounr
s —

v
o
N
=
312
Q-‘ = N'77)
BoRrT

W< <mW<<
nn
0o
—k

<
YS (11 -
S J > «

CONTINUE
CHECK FOR EXIT
HHHSKELM HFeHH2E

HH HHEHeH
IF CIEXIT - 11 42-2-426- 1*50
GO TO c5%0—424 52U-42:4-5205 - KSU
KSU ~
CONTINUE-;
INITIAL ISE FOR NEXT CYCLH
KHOHOKH. H K aHHHOK-KHHOKHSHdHSK
IF_CM - HOC) 43 JO0-500
LSTRT — 1
TOUT «, Y, (NEND1
READ 2 lBl
Y C1l1 .
ys;C17? %
440 ,3- 1.3

CONTINUE
URITEC3-4004 &
CALCULATE |Ib STEAM AND HEAT INPUT XL B STYRENE
4KEMSKA: >kl

J: i H:A ,-k--V.note kh<m>fin | KH<4: K- te XtHe
G « FIB % fIl . R + CONVC 11 + cOHRV(''11
HT - HiI C(Tj ITSCC? 73 -O-Cl E9>
*f " FlT I#r ENTSC CT- CPS rMI - ENISU<773 .0O-CPSTiil 1
T “ CONVC 11 Ac Ft.B A< 1Q4.
HT « HT T
SR -~ FSTi'l = 1B. X T
URITE (3. 3011 SR-HT
EXE CLIT | ON TIME
HHHHPAAOK 4
CALL SECONCTI
EXTF1 - <T TM =+ T - TIflL1a X goO
| F CEXTr:L‘L 54>2—554 .554
EXTII w 14<11] . Tl

URITG C3-300 51EXT‘F|'

HCAT » OAD CAL.CULATIOMS
HH. - >kHeHS ' H *-K 'evasHHH HeHH HWHT

GO TO CBOO- GOO1. 1CALC

CHECK FUR riAX IMUM TEMPERA TURE

Jd N 20 1 «<2-TRT-|IEND

T XlCMEflnf i 1>5j 610-G20-G20
c

Y 1C)\F M
CONI INLE

CHECK IF VUL in; OF HTIN LIAS SATISFACTORY
CSTil """« i"fl, ['Ic TEfi-CLei*1l h: R|-ij" IN> B°0-0n0O0*63°
ol )

T «'N> :tyIld, L NTH
URITEC3- :ui ‘.1
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0nne
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0000

ape

0

Sf5D

o _to cr>

goF'to

f||.. 70-fs05. PlxNr

IISTIMATIr 7N VALLIE OF HTIN
GGO HTNCnN « HTIN
o - rvikl= 1.05 s vin
TF Vil - AlI3SCVI N-TF > » . O
HT IN - t.NTSC <TE*r.N Il 1> - CSTM - rSTMSKUNTSC CTOUT-B -CPJITM)
1 cox<cCHTN<J:i- HTli1>5 1.c isG'3-GG3
HTIN « HTNf 1) r HTNc 1) — HTINJ/Z.P
HTI | >4 HTIN
KsUJ <«
Go TD GOO
- 1
IHT=RPOLATF: FOR 3RD VPLUI' OF HIIN
}\.TSGN « I—!STUN(I wa CHTN t3).HTN C1) iMC]I 0-V 10>)/C Y1l C2)-YKT1))
I's LI -~ Jsu
i CK S Li Si G80,700 ,700
MRIte C3, :n0 a m
l\/IE H
HeXtr c3 - *rznt,htin
EOUNT «
GO TO (800 J-r:.j ,, | RFG

o

oo

8o

FUNCTI ON

HTCSC cG, RE-CFG-VISC, T.Ei

HEAT TRANSFER COEFFICIENT FOR STYRENE REACT ION BY J-FACTOR
S .

CORRELAT

HCON « C-

**0-i iG6 ie:

TCSC &
RF TU
END

REHL FUN
MmSS TOnN

ION - HANDLEV HND HFGG
o 10961*2\'\fIOE S-Hi-T=' GO . 7 ¢ SGE7 ON\VOE- 7HT>KC~0 . 1500 GOO7 1F- 9 —+T>x<

->G31.~ 6270 .S2
O. 2'V-DICRGh:G/E/ CCPGAV | SC/THCON 53kC2 . 0X3 .0 >/RE~-O . 33S

CTION HTCSC CU,RE RG-VISC.CSTM, CT. T,E)
NSFER COEFFICIENT FOR STVRENE REBCTION UV J-FACTOP

CORRELAT 1Ot | - HANI>L EV AND HEGGS .

P « 0.304;3A0 .30-18*7 .0Q27E-!; XK <T/2 —33&‘-I -S

MTCSE - O.2"SMICT/E/CSTIV OV 1SC/RG ) C>.0X3 .0>/RE**© . 335
REEURN

FUNCT | UN
PRESSURE

PRDSC CP7.. J- E-PD Ifill, VISC. RG1
DROP ALONG ELEMENT DZ OF LENGTH CALCULATED BY THE ERGUN

EQUATION.

<« i.e
| s . 0
wC 'CJ
TURN

«*

moTe 0
Z'n;gm—-

FUNCTION

-s * n*>ioci O f3/Pi)inn/E/e/e
k Cl pi-« >xp di
HI.Ja>cc,z>KVISC»>1 7 5 HI.I>FRQ)

FVISCCT)

VISCOSITY OF STEAM OS O FUNCTION OF TEMPERATURE'

EV.I SC C.
RETUR
END

FUNCTION
FQUIL IPP

17e5a00 19E- 0 SwT>KcO . 309 70 G-43E-7 + T>*0 . GB*S 1 1642E--12) ) >l.*IB G2

EQXSCCT,P,SR-VIN>
HIM Cn\ IVr i#ZS1 ON Ofe fs**HVI.OFN7FNF TO STYRENE fiT A GIVEN

TEMPERATURE PRESSURE AND STt-AMxEEJ I1:il"fl1O.

PK*1.0 +rvpyp CLm. 12-J 53G0 .r.l/v TNXT)
ECIXSE «C—-SR+SQRT CSRX".SR+d .0 h=-PKk«1 .O+CR D>>>/2 .0 xRK.

RETURN
END

s UEBBRO ILJT1INE NRTsr (T-ENTV -Fl.OU-CcP 1-CP2 -L.IMIT, -IERR

NEUTON- RAPhis ON 1sOL.UT 1 OChi FOR HCAT UAI-ANC. Es

DIMENS ION CP 1C-1>-CP? »-<l)
FI1 CA 13-C-D) ~ ii 4 I'>KCIB  -- Tv--C C -+ T»«D > 5

FORMA TCXX 10 X in £1H * > m o - FAILURE IN TEMPERATURE CALCULAT
>KN --10r IN : 1 X22/,, ' It MPERATU:-E «' . E1-1. txi

EnN THY - ENTY 4 FL.O01) * ENTSC &7 - CP 1>

Do s o 1-1-c1M 1T

0 . < .M n v 4 t SC qt i rqy f cn . ;ic2) ,r:p? c¢c3) -c.P2<ai)
oo LS SRS LS 28 et °F

T - T - o

CONTINUE

M:rte )3 1110 15

irr-p ]

R| THPH

eiln

2/\



254

FUNCTION ENTCC(T,fi5

C

c rUNCTION TO CftL.CULftTE IEMTH ftl.PV FOR CH3SC

C
DIMENSION Af4)

C
prTURM " T * tfl<n + s-2. + T «,cn/3. H T*S<4)-4.)))
end
SUBROUT rNE OUTSCC X, V ,XS-VS* IENT)

C

C PRINTOUT SUBROUTINE FOR CH3sC n

tr CTOR r-JMfiL OUTPLL i CCH3sC)

r 2 . REfICTOR INTERMEDIfITE OUTPUT

r- 3 . ml:cr:itn ppitor 2ntermed xftte output

C 4 .. REGENERATOR I|I-IHHL OUTPUT

C DIMENS ION X<3 * 102 >* XS C3, 102 >, VC_10 >VSr 102) -COric3 EFF G35
rll[ll o LT = A | pp.f*ild-Y IM. *rio) - s’ D.NI,LDUMCA4),r<T<rOL"NLI M11
M<Di'In < |4) HTINME* JTIME, KOUN T. TMU, | C.U, NREC, IREG-IE ER- IDU I, LONVC3) ' VIR

=K NSTRT* MCND
A700 1 FOPMIFITC/ 5X, «*TIME ¢ FG. 1.fiX.'' MEAN OUTLET TLVMPERATURE =+ ' *' F9 .3)

FOQrHSt CX_ - PFQfTMERfITOR/\ 11X. ' MEON OUTLET TEIIPER-MURE . .", F9.33
3un3 rormcitc X . % ieon rheet temperature -Fs . .»)
-4 | i IX K1 ._10F . [
gﬂ%i—% EgRWH—'FC/ 5X,OT§IE «'l,LFg? 1-6X. Mc.fIN OUTLET ILMPERATURE .-t S WL
K _O0X, ' MEAN _CONVI RSION - - - SF9.5) . e tt-moc-d_ -ri idc
3006 FHRMRI C 5X."CYCLE NO.*, 13 X - 12 CIH-O =-'<= MEftN AQJI1LE 1 1EMPE.Rn fURE
>k é .ax, ' in-iidM converS|on . é ”
3003 FCIRMftT 2 X- 1 i) il INRIIJI"t CONVER ION .. *F3ez-UX
> EFFICIENCY ..., 3F9. 5)
g
C CHECK IF PRINTOUT REQUIRED
6 SHWJKILOM-Kee H: fa -M=KK
KNT1 < KOUNT — 1
GO TO C10-1-1 - rO>- TENT
1 1F QVODCKMT | . iTIME1) 3,2,3
P IFCKSUI-1)3.5
3 Cftl.L DftTI'IUC3 -i =
GO TO (5, 20H) ., i
5 IF CclIs - 23 12-12, ¢
6 JSLI -~ 2
GO T |
13 VIR - VIR 4 2.0=kvClI)
12 JOoLJd - ISU
14 L 1 «~ CN1 - 1)/1
TIME - KNT1 XK T -4 0.00000s
I1F c7su - 2) le - 16, ia
1G NRC -
GO TO 19
1© NRC 3
1s CONTI HUE
c
c TELIPERftTURE PROF ILES
C S X SRR SRR OX K SICKIK
C
DO 20 I«l 11
J (1 - 1) #L1 4 1
UKS CI) #-14 *=Y TN
20 L.AKSC T+ 1 n ~ YSC.'I 4CYIN
B « CTOUT CNEND))>t'YIN 3.0 / KH1 L
C CHECK ' 11t NT* F-OR MODE OF OPERATION
Cc M :H'>4<>K><<H t >KM< s of >K><">f. 14:>4<>4'>4:'f; >K>K> K > K H @ -K
GO TO CloO, IHO. ¢0,40), |ENT
C
C RE GCNE Rft "70R PE.IN TOUT
Cc SKM .45V w1 oK>*<>4 vk >1s>K>+i>K
C

30 LIRITE «3-301T1)TIME, 8
GO TO 45

UR I TE C3, ?OOZ)B

J

IF (JSU — 3) 50,155,155
RESIR] 3

GO TO 155

CONVERSXON ftND PFE ICIENC |
Xu HGCH = G < BHYORS< SH H

as
50

ano

O k O.O
o DOrllo 1«1

CUNCI > cx:nt|v01)4<<:|,N1))A3 .O/KNT1
L10 n - E o C?NC)
ERE ety T cou ft
EFF c |
20 57F C)Oi fvlL ,P.SR, VIN)
REftCT PR JNTOUT
sm K > SKHXCM-K* 1" -* - 7 Ka<
1F CIENT-2 l40- 130, 130
t30 URITEC3, 3605)TIfic-B. aCcoNCl), - 1, 3)
GO TO 1 o ]
140 URITE *>- %0 c.>-i, fji- ccoNc i), J®1 3)
DO 145 I-i-
I<15 CONV CIl) * mon <I)
30 URITEf3, 30fl. ift- CEFFCI), 1«1, 3
J RT
.55 GO TO 0170 1.,0) . I REG
iGO H IR — VCJ)) * VIN X 3.0~ KMT1
URITE C3, 3n T3 It
70 Go TO ci150. 190, 190,200),JSU
90 URITE C3 - 300-||UKC
Go To _cii<, 110) -3 sy
'0'8 URI1~C ?8or|£ il 1 . MI. LO . XS GsT, I <, 1-1,H1.L1), J-1. NRC)
ii0 GO 0) IENT
o v Tea
TOUT
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fiuBROUTIHE TMISC<X V .XS,Y S 1EMT, | ERR>
TRONSI EMT FI1LII RF?SISBTfiNCE I\/DDEL .
LnrpRH(llrlN [} - baci .uord riffe-rknce
—_— '|" th Er iri il dieeerence
EQUf>r ToNS3 SOI-VE1l) OV REPEATEV SIJEISTITUTICJf! 1IN RSNS
EX'I ERNAL FXT.SC - 1SC
diM tiston x< .|E > . xs¢c3,102«*vci0:2>. vs c1*l-1
noni-ion rk fp.ee’>1 .i— vin.diif oc3)fﬁ«4_. e.1>4, uks f22 >»Nu cps
wdt - Trit.. ,.i.i mi _flio" VT, u-H-gpi .-rm..ru 1-1 RCPG-rrg
100 1 FORIIhVC/ 42.x, - - - SUBKOUTIMt: TM1SC - - . /4/X. 1PC1H-) >

GO TO (10,20-30, 1(3,26) , |ENT

EVRI_UATE CONSTONTS

255

nnnnonnnnnn

nnnnno

10 BRI'I;_E (3 1 0Q 1)
«
o2 *DZ>kSV>KOKG/2 O/U=>*<D
Al«< 1.0-O.V)/ Ci.O0OH-A2)
02“02/C 1.0-4-02 >
P2 «DZ*<SS>KH/»? - O/IJ/R O/C PG
Bl«C1l.ti-B2J/ Cl 0-402
B2-02/C |I.
C3*PTMSVi
1 1.r
C2 ~C 3Mc3H-A2
C3 «C 1=KC3 A1
C =C 1xDTHRSXE/C. El <D
D3«DTH<SV«'H/C |. O- IF" /R S/C PS«D
ni»|l ,0/C 1.0+D3«f 1.0-027? 5
D2 - D 1X(1)3=i:B2
D3-D 1 i'B1
D'3 - D1KDT /i PS/V TN*D
E2"DZ*<SV*R H/2 O/R U/R RG/R CPG
E1"C1.0 2)/ Cl.0HEZ2)
E2 ~E2/ C1.O
1-3mDT»'SVHIRH. 'C |. O-E > PS/CPS
Fl-1 .0/C 1.0+F3*C 1.0-E2) )
F2-r 1wp3>M:E2
F3 “F 1*F3»<E 1
RETURN
REMCTOR CAI_CULRTI ONS
20 DO )25 25 I-2.N 1
b: D 14SC ) +1)2*YS cJl > mT>34VCI)
UKSsC) - YsSC
DO 22 K- 1-3
Bck) -C | Cl'-1) 4 C2AXS CK,J) C3*X cK, J>
“2 CPiLL* RSNMC dJl;:Vc 1) UKSC5), -4, L )MIT* TOIL - | ERR, FX3S.C- ER 1SC)
VSCIl) - UKStIix
YCI) «B 1«ti'» 1) +0 2%CYS Cl) +YS CJ) )
DO 23 K -I-3
XS (KL 1) = UKS cK41m
23 x » N i*m<Ci -.ri A2*cxs ck, n 4 xs cK,J))
lr cleﬁlr—l) 0—2:g
23 CONTI NIJE
26 RETURN
REGENERBTOR CAI.CULWT IONS
30 DOI33 "2 ,N1
J o«
YS CI) «F1 >4Si 1) 4F;: 4AVS C) ) 4F3*Y CJ)
YC 1) »E1*<YCJ) 4E2 4 YSCI ) +YS Q) )
35 CONTINUE
RETUR
TN
SUBPOUTT NE RSNSCCX>Y, M-LIMIT +TOG* | ERR, FUNCT-ERISC)
REPEATED SUESSTITIJ If111 METHO [ SOLWVI'Id B SI OF NONL INEAR EQU*:\ 1i)NS
x — 1141 nni.. GUESS ONI« SOILLUTION VECTOR
Y — LIORK 'l 1G  rHi=*] ni- rtl-zE N
N — NILL. T=FR rlIF .|.|UO 10Ir
LIMIT - MAXIMUM NUMBER Of- ITERATIONS N r.r .. C.
TOI. — UfFrR EAWHl" Of1 SUM Of- EfSOLU TE VOGUES OE REaTl DUAI—»
lc: RIIQEPR— BE?»J(—TOI ITOERROR CODE
g |\‘ i IPF NUMBER OF ITERATIONS EXCEEDED
— fiLEI]»UuOE CO! TOI<T | fii! Li SUCUESSIVE EVALUATIONS
- REE | DUAL I NCREO3ES OT 5 SUCCESSIVE EVOLUAT ION
FUNCT |IH THE USER ML.'FPL 1ED P1=ROUTI NE TO CALUULAl1 b THE I-UNCTIONSs
E R lic fPSE«°USERESU°PLIED SUBROUTINE TO DETERMINE RCTION IF AN ERROR
is DETECTED
DI MEMS ZOH XC23 , YC2J
RES 1 1.0E30
| ERi: « 1
NCON * O
NINC >»
LOOP « SI
Cx .L. FU TCX.,.Y, N)
LOOP LOOP
IF (LOOP LI1f11T) 3-3 -2
2 TE - 2
CO TO 1
3 COLL FUNCT(Y#X n)
RT.'.2 - n.
DO '1 | *1-N
PE'-;.* - f ES2 * AOS (XCl) - YCIl))
n_cri si it *G
3 NCLH1 & t<CON 4 1
IF «NCON- ‘,) B, B, 50
50
0
G NINC mrnc 4 1
IFCNINC-3)3-0,. GO
(30 IERR_« I
GO TO 10O
y NCON = 0O
NThC « f)
IF CRES2- Aroi2 >ii- 11-H
0 REG1 - Ri s
g s l«<1.jl
S yecli > - xCl)
r,o

to
10 EOEL ERlSCCIERP 1.O0P- RESJ1. Rf B2
11 RETURN

E11D
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D.
100B FORMATC
C

SUBROUT INE I R1SC<IERR-LOOP,RES 1,RES2-X,V»N)
ERRa R HAHPL TNG ROUT I hE FOR RSNSc
DIMENS ION X<« 1K V C1' . .
loo i:cirmar <. lcite, in <lh>k), " eR1lsc - ma>=lmum numbep op iterat ions t
>kei"Df;l ', ir\c i h ki )
ini -OR HTC/'/IIIIX UH 1HXO , '‘RIf'C —_ RESIDUAL CONSTANT *, K)Z__)
io;: T ihh<.) , ' fr isc v ipurl duverges ' |
103 ( URILMT v hi U |IAT t TERiirf OH HO . 11_3X7 PI :S1
0 e-eir.y//. “X- ,;-;0X, *V'-c/E20 5. E3i1.>
. IERR
1
2
4
3 IJRITL C3. 1n2) .
4 URITE c3, 103 >LOOP,RES cx< i) ,ycn -i-1.
S FI URN
EN
SUBROLUT INE EX3Sc cX, V, N5
HEAT AND _MCiSS BALA E EQUATIONS FOR STYRENE, TOLUENE AND BENZENE
REACTIOHr | OR_THE PR OUT INE RSNSC .
EQUATIONS O— THIi: FORM X( 1+U > Y tl) - FCX(D)
P I MENS t ON XCZL YC23 . RC33
COMMON RK . 'LCT, VIN, DH(3) *A(3) ,B-C, D
CALIL. R3B3C CXC 13, XC:?) , R, RK. P-CEB.CT, VIN3
VvV C -
DO - -3
Y<1> - Y U) - D'KDH < | »-kP Cl)
2 YCIH-1) « ACI H  r3kRCl)
RETURN
END

SUBROUTIME R3BSC Cr-XSP, RK,P,CEB-CT.YIN)

EVALUATION OF REACTION RATES USING DERIVED
REACTION | ED « STY Uv
Ft": «  &NZ £~ L/\H—I
ru 4 H2 - TOL CH4
,RC3)

D 1MENS ION X (3)
ATA 1E triv

GO TO cC1-2) IENT

1 IENT -~ 2

Lil" ITEC 3,

1- - 3.0

2 CONTINUE

tnnn )
3 1t: =33 3EG

T-YwWYIN
C«<CEP.>=f "CT
-R.: j *O' = rJ EXP <—(-36819 .52 =+ 54.05JKT)
-1 e fj o
Rc 2) » F1e 1049.£239 - D **  CXEB
>kEXP C16, 1 v<)sw i M
|-c2) - ry °b Ir-tsso i.??
S) <« PC— i . 4/T 4 S.16340U 0 4) *XEO>W
RETURN

END

«R3DSC) *

)

KINETICS

11.9872/'T) ) s

— X C)) *CXC 1)-X C 3)

)CXC_l)— chI) YRS
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A7<2  Subroutine TMREC

This subroutine replaces misc In cnssc 1T a uniformly mixed
inert fraction of the bed i1s to be represented by a separate heat
balance. The temperatures of the inert along the bed are in the

array YW(l).

SUBROUTINE TM3SCCX,Y ,XS.YS,IENT,IERR)

8 TRANSIENT FILM RESISTANCE _MODEL. .

c LAGRANGI| AN Tll 11 — BACKLMRD _ DIl11isf-ERENCE

C _— I-IN QTF-1 — CENtkAIl. 3 FF'-RENCC

C EOUAT IONS SOLVED SV REPEATEJ] SUB3TITLI I ION IN KsSI-13C

8 Wifdic UNIFORM DILUTION OF CATALYST

C THE DILUENT T3 CONSIDERED BY A SEPARATE HEAT BALANCE

C INERT FRACTION IN BED 13 GIVEN BY 'RK’

C
EXTERHAL. FX 3C, FH 1SC
DIMENSION X< 102) ,XsC3, 102) ,Y<102), YSi 102 ) , YUIE 1 ?_' _
COMMON RI<-P-CER-CT.VIN.DM(33.1ID<33,C4, D- DO- S<SS-— 1 -CP3, R Vv
>KJ)T, TOL _LIMIT, AKG-DZ-U.H-CPS-E ,RU.RH, HCFJG- ERG , FI-H-F3 IM, R= IM, A,
MeHTIME - I T I ME KOIINT. I SU, KSU- HREC

100 1 FORMAT 32X. fIOBROUTIHE TM3GC —_ UNIFORM DILUTION .-
/77X - 42C 1H- 1>
MPERATURES ' /+ (1X, F10.d. 1IO

1002 FORMATO( IHERT T
IEli-jS FORMATC//1BX, ' FRP

GO TO CIlOo, 20, 30, 1,40 3,1 ENT

READ VALUES G~ YUuCI) IF PROGRAM HAS BEEH RESTARTED
READC 1- NREO CvyuUCl), I «1, 101)

EVALUATE CONSTANTS

F11.3%\A3
HER! ATERIAL .. ,F-0.49)

000 00 0

XDI1L 1 1-0 -RK
UR I TE OQ6- 10i 13 3RK
L1 » NI1X11
IiTWSV#HXC1 O0- E) XRS
G1 - . Cl . O-t-
02 <« A G1
A2 « D2MBYVHAEGX2 .0XU = XDIL 1
Al « ci.o—A""'"/ CIL.3+A2)
A2 - A2X<i.li-tt
04 « DZ>*SV«H. B/U/F%/CPG
D 1 .0/f1.¢( +R4>r|c — rkng:
B1 » D x C1.0-1
B - B x £4 ZEAGA
e§ - D =X A4i-RK
B4 » D > B4 <:mr»il i
C3 - DT«GVx:ul' _ei 0—E) xe 'emD 11
Cl « 1.0XC1.U+C3*C 1.0—A2))
C3 « C3 > C1
C2 — t3>A2
c3 " C.=kAl
C4 « C1»T FKRE’»XEXCEID >k XDrL 1
D1 * 1.0XcC1. 11t 1.r!mm i »>
112 %~ dI e ri A< B4
D3 « D1 x A * B1
D4 - DI n > or5
=5 * Bl A_*. B3
DG « 1 > DT /CPS/YIN

E2 -DM/M"SV2ANH X2 .0 XPUXI? RGXFCPG
E2

]
FS-DTm3 RH-+'CI. z—ESXPSgC)PS

FE i 1.0, 1 o o3 1.0 -E
F2 mE 1XT ‘02
F3 ~F 1M E 1
RETUR'I
C
& REACTOR c¢al CUILAT I ONS
IF GKOIJNT — 1) 210,201,210
DO o2 I-1, M1
YUCI) <« YSC1)
I:_)I_szf-i’s I«21,NI
D « J)1>KY3Ci) - D2-KYsScJ) * D3 KCJj -mD 1C1) D5«YU(J
UKSr13 “ " YsS; 13
DO 2i I:>»i, .
OCK3 - Cl-+xX OS |) C2~AX'3 CK, T3 -i- C3H<X(K, J)
Ul .3 K41> x'dcl-;, i)
ChLIl. ESlie-scU :sCl)-UKSC5) .4, L [MIT, TOL, TEPR, FX33C, ER13Cn
- C13
\Y/Sdr:)l) - Lpflie.'.(J) f R2'i'YU ( Ig % B3.nYU<J) * BAX<i;YSCI) . YS
YUCL) - r.lssyucl G2HsY ClI
DO 22I Koo 1)
XS Ck - - ui<s *-
xck,l)) 14- ..J3 H4- A2h<CX3 K, 1) w* XS <K, J]))
23 ir cil:rp— 33 & 23-
coif: Tfullf
24 1E <KfIUH F — Nr 1IIE3 s 3 24 24
I K‘':U - 4) 23,2 ~
DO 2G I *1, 11
A = Cl—)rdJ) - 1
LIE3 CI 3 YUCI3 « VIN
US)TE .3, 1002) QAJK3 CO- |- 1- 11)
RETURN

REGE NERATOR CALCULAT I OH3

30 |;I>_o 33 |-2|N1
¥s 1 3 E1wYS ( | 3*F7A*YS CJ ) —+F 3x<Y
V(1) «E I*YC J34E2 Vr3Cl) Wsa )
CONT | HUE

RETURN

STORF: VAt.UFs ir intgtprupte.d
IU?ITE i 1' NR.'T: 3CYU ml ¢ - |« 1* "I P

I'ETU I*i!
I:MD

oo
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bed. or at either end of it and replaces TM1SC in CHJSC.

3

Subroutine TW-SC
This subroutine represents an inert region within the catalyst

Hie inert

region iIs represented by the reactor equations from which the reaction

term is omitted.

0000 000000

o0

000

000

k

20

205

10

22

23

SUBROUTINE TM4SC CX,V. XS ,VS* IENT, IE-IRR)

TRANSIENT FILM RESISTANCE MODEL
LAGI 'i*NG JRN - T1 fIH B ACKtLATRD DIFFR RENCE
ENTRAt- DI Fr ERENCE

CE
EQUATIONS SOLVED BY REPEATED ' GUBSTITUTION IM RSNSC

REACTOR HAC A REGION OF INERT MATERIAL. UITHIN THE BED

INERT FRACTION IS GIVI-N BV 'RE
POSITION OF START OF INERT REGION IS GIVEN BY 'D-4 AT FIRST ENTRY

EXTERMHAL FX3SC, ER1SC

D1MENS ION X<3- 102 -, XS (3, 1023,Y(1025, Y¥YS<1021

D-i, UKSC22) . N1, CPS, RS, E, SV,

COMMO RK,P—CER—CT,VIN,DHCS).BCSEJ—C'A, 1.,

=DT, TOL. ,1.1. MIT.- Al M. DZ, U, H, CPG- RG, RU, RH-I-'CPG - RRG . 11LJMC ) - i DUMCR) ,,

HDUIrit 1<>3) , Ne IT:T, I1EIID
FORMAT C . UBROUTINE TMA43C - INERT REGION, IN BED

83>-48S (iH /1 - RACrl1ON_OF IIED MADE UI OF INERT rlmri RTAI

K. .M -0. 4//IOX.'I INERT REGIIIN STARTS AT Y .. * FR.4
FORMATC//10X, IO U Hw?2,"' T™M4SC :

«EFTMALES 2 1081'\/“0? 1IlE :T FRACTION LESS THAN OHE LI N
FORMATC 1 OX, 1Gr 1k, 7 MkASC

*<TOR IOCIHHO) INERT REGION EXTENDS BEVOhID REAC
GO TO (10,20,30,10,28),1ENT

EVALLIATE COISTANTS

URITE (3, 1001)RK , DA
IFCRK - . -FLOATCN1—1)5 13, 13- 1-
URITEC3,1002)

R <«
RETURN
NEND 1 “ D-4*N1 -« 1
NSTR\ « NEMD 1 -
NEND2 - RK*N1 - I‘lEND‘
NSTR2 - MEND2 -
IF(NEND1 - 1) 05 - 1-40, If
NSTRT - NEND2
1IFcNEND1 — N1s I-'ﬁg 1&) Iq
IEINEND2 - HI) y 5 S
UP I TE C3, JOO0O3)
1 ERP —B
RE TURN
HE."ND ~ NEMD 1
A2 «DZ*S Vh-iik Gs"2. . O™IJ
ni-C 1.0-1123 t \. G4A2)
A2-A7?/( 1.0,\920\20
a - “dii*Sv*-h - Us\\s r X-cpg
B1l- Cl1.0—B2) Cl.O—MTg)
B2 -D.'Vcl. d-e{'2>»
c3 «DT « Al\ii  fJ3.0-R~ ~
C1«1.072 C1.0 <C3icCl.0.A2))
C2%C1<C3' A2
C3-C 1=C:< A1l
cca CciDt *.r y\-~"cr b
D3 - JiTH'S\/—fH" Cl.0 E)xpS/c PS
D1" 1.G.Cii .ilmdi:;, ki 17 0- B2J)
D2-D 1=>=D *0O 2
D3'SD1HD3 Ij 1
D< » DUDT/CP S/Y 111
E2 «DZNMS.VS'RIIN2 . GW U/R RGMRCPG
El-él,Q | <-Cl.O-if-2i
E2-E2/( 1.0J1 2=
F3“ DThSV>»PII. 1.0-E) /RS/CPS
F1s1.0-fl .rn-A-3at; | .0O—E2) )
F2 ~F 1**FSti G2
F3 1F 1IHC2HE 1
RETLIRH

REAQCTO ¥ CALCIJLATICNS
CONTIHUE
1F f.NiI'NDI
132 1TE (3,
| ERf: ™ t;
RETDKN
FIRST CATALYST REGION
23
-
12YG
D]

1

J

g 205,240,2 10

1-2 ,NEND1
(1) +D2 YS (J) +D3 5<vyCT)
I-—_YSC| >
L
« i ida , 1) 4 C2*XS <K, J5 )
; 1i m Xs o<, |
rr:i.ifs_p_-lf'ljis«l).t.n.SCE) ,4 LIMIT, TOL, | ERR, FX3SC
< L m, J
BIH-YC.J) -+ 02* Cl) YS CJ5)
<« 1, :
X) « LIES (K+ 11
pi | »>xX<K - -T)

> <«

RR- 1)23, 23, 20
HUIF

SCU‘U
AE!

"o
37 0VNQ

C3*:XCK,

e

oL

nonv e
-
N?
N

Q
A

XxxXg<xocm
_|T| -

A2xE>=SCK, |)

Q

.

—Hu

0=
Qmn

REG ION
1-NSTR1, METID2
=D (|P- L2 '«YS

it:

z
m
byl
=

3
B
=153

[
[

<«

<<G
Q¥
0

uC) )
Y'sS(J3)

<K-J
i<k o, |
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250

o7
23

o

30

rfti om
z+€,250,2s

C2=xXS <K*

)

c:3>kxck, j )

1w
i. j M- UKSCS5) -+a. |, THIAT . TOL = | ERR, FX3SC, ER

I5 r. H1 Yy o3 ™M 02«<YSCI'j w VSCJI>J
K- 1

"VS * T>+F2"VS CJ >-+-F3 >KV CJ

L H <2« (X SEK- 1?7 = XS <K.J7)Y

t's C1>+YS CJ>>

second cnta lvs i

if cm stp - mij

DO 271 I-NSTR2,M1

jra - j

d-dl ,t]O->EIJ—t~D2:kvn

i'k*s‘.i m Vs <| *

ﬂ)o K «1,

D<K> > r:Iﬁ(SC}(- r

ui-rs r k -hi*. SK

CALI 1" N31 cui :s

Vs ci? U UKsSCi11

vC

do - .

Xs <lk<. T> M:Scl<-mj >

x«|< i i - i Mix %K
F>iferr~13 r.zr -2

CONTIMI If,

RETURN

REGENI-RHTOR CRLCULRTIONS

DO 35 I1*2 .NI

Jm 1- 1

VS tl i«F |

VC 15 1 L> .=«.!

comt Inlil:

RETURN

EfID

J
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A7 .4 Sill)routine TWjCC
This subroutine includes the effect of the reactor (or regenerator)
wall as described in Appendix 5? &iid replaces TM1SC in CHJSC. The

following additional, parameters are specified in DATA statements.

ZW  — Wall thickness (m)
RW - Wall density (kg m
CPW - Wall specific heat (J kg <K

AKW - Wall thermal conductivity (to <X )

Zl - Thickness of .internal insulation (m)

AKI - Thermal conductivity of internal insulation (to*chl)

Z0 - Thickness of external insulation (n)

MO - Thermal conductivity of external insulation (Wm <K )

DTO - Temperature drop between external insulation and surroundings
(o)

HO - Convective heat transfer coefficient to surroundings (to‘9 C’K_j)

The wall temperatures along the length of the bed are in the
array YW(l).

This subroutine only operates counter-currently as the wall

temperature profile is reversed after each period.

SUBROUTINE TM5ECCx,v,><S.YS, ICNT- 1ERR [
< TRENEYMT, FILM RESISTANCE . MODEL Bock LIvrD b T E) 1 T
k Lr.llIVTH - CfH’ EHL IIIFFFI'tMCt
[e] EQUATIONS SOLVED DY REPEftfl-I> SUBSTITUTION IN RSNSC
c AANyiVAPCAnsU . ATIIirMRTAPI/~fcnNA~ASE COnSTJdERED ON BOTH THE |INSIDE
C Hoiiy i mem NuD the rju |!;v|m Cjrs- thef,,ulp‘lt}k T
g HFREHNRC &5’K||5L5 ISR Ar® Y NMrhE Proa. re NE T
Cc HEBT CfIPBCI rv OF rHE IHSUL-PIT ICHEL IS NEGLtCIEU
(e}
rivril- 'in |tr'-* <3 .in?i vc 102) vs< |m’?2N vijc 103)
COMMﬁ-{\I P.CM Cf> YIN* DH m3 »i < 15 . t2g>.NI .CPS . RS- E. SV
=KD"l I.. 1t1IT UK. - U, - I-(0> = .|>.J RH RCPf*if KG FkE B»F-rIL Kf .. f M* fit*
*<h t rl\/l’u—)tlrln |oM||rJ}/ i-» k u| rlle:c vr.
PATH |I lk], i-u, (<n,1711. [l 6 -4 *3- r./
POTM ., KU,V Ing/70 o 002 - .oesb4,u.ovv3- O.U68]4—>f,r.)0.$

DHTO HU/G. 305/
1001 FORMOTCT :~2X, "' . -. SUHROUTINE TU3SC —_ UoL.C HEOT CAPACITY'

g FOP”MOTC ' 1-I>11I IT')}/P *ROT RK til ><-10K211 . >7 , b #H_iftx 'O KI*
118%53 FGKiioTr § U % oX. » hij; - iha. oku Clix, ci ~Nlo X, hki
1] X, "r0'—10x ifIKQ S x. 'DTO' ifi.1.5.53
C GO TO C10,20- 30- 10- O 3- | EMT
f EVOLUOTT CONSTONTS
[
URITrCc 3- 1001) .
U I TI. i , iOn:fo Au . A* CPII-fitk U- z
L1 T N1'10 . -
HU 1.0O"cl .ri.ii + rT.-oii 1
Lo Lo/ 30 ity (M2,
23 d?t ! n<. >r I—Il i khij- Y i- t'U'i rru> ~K't.i/ci 'u
= an p 71 @KLI iU LN
oa M :?.)Sij(r—+0;‘4.—|,m.:ii‘+HU*:])!(J iw >or-u % Zu+;:U>/Riixcpi.vyih
| <& 1.0 63 NERATIS
os = Li/H'« ;v im | > ii/ii
nl — Li.H imej = rj-froh >
H “oomge' 11. 11 1



ono

°n

12
13

14
iG

202
205
231

22
220
23
230
235

2
240

NNN
wNo

Ww
RO

&3 « h=M'Hij.er si.i.'PT; pa
BZ » JZ3k A4l il e, 'l I/ 2.0
t.Ms c3.1HEHI'4| !, 3
fj 1 - D =M «1.0-02-0 53
fa2 - D wm 112
t&3 « d r.S
3 NT'KC.VH«AKG/'( 1. 1B3—€"
cl - 1.1i'f 1.0 e C3x%Cl.a-«2J )
Cc3 C3 XK c1
c2 - C >K D2
Cc3 - C3 < I
c4a - CIH-:DT*hRS"E/CEB
D4 - Dfi“*VkkH=(1.B-m/RS/CPS
D1 e 1.&85z 1. N -+ DA'KC1.0-HZ2) )
D2 - D1 X D4 x B2
D3 « D1 M I#A > r!'J
D4 <& Pl M D4 N 13
D5 > D1 K DT Clor./ VIN
HU 1.0 /(1.0/RH -+-KI/fIKI)
H3 DT+'% OX<t V- 1=>=31111- SKRSfZ2W0 4+~ ZUM<ZU> -'RUNCPU
H2 E)l‘ IKUN RL :pllQ)c r)
H4 -4-dt* ce: WOjkDTO/O . KR<<* L] 4 2U-+2U1 "RU"CPUU I'N
fa1 1.0 - H3 2 . n>KH.?
E3 PZ+:HU/P |R|I‘1'l> '‘RCPG
E2 d2H'.;;vkph /RIJ 1<R(/RCPG/2 (@]
D 1.0 C1.144 241;3J
rol D X Cl.0-E2-E3)
E D 4 F2
r"§ B 4 E3
- T H Sv MRH/(lO 3/RS~MCPS
F1 1.0 cC1.0 F4=>*C1.0-E2 5
F2 F1 < F4 M E2
F2 »> F1 m F4 >»>< F1
F4 11 K F*4
TF f IENT - 4> 12
ir uJ 4 2
DO 13 i, T
Y U - YSCD
GO TO 1G
Ril-lDCx - NREC) CrvuU C
RETURN
REPCTOR CALCULTftT
IF CKOtINT — 1) 2I
CN1-1)
DO 202 1-2-J
I< 1 -
D YUCI)
Jcn - YU CIlO
YUCK)
DO 231 3 » 2-N1
N1+ 4 —
YU CK) YUCK-1)
YUC25 » YuUOa)
YU CN 14-25 YUON 1
DO 23 | =m*N1
J J—1
J1 I?—l
D DI>«YgqCl) 4 D2«YS CT) + D3KYCJ) £ D4-«CYUCI 1)4YU(I) J
1IJKSC 1) <'%\:(LS‘?(’3I)
B CK) ” . 14; X' =>Clw | C2>XSrK-J) C34XCK, J)
UKG K 1) - Xs&K~n
CriL.L RSIISCCUKSC1 T UKS (5) »4»LIMIT, TOL.. | ERR. FX3SC ,ER1SC)
YS <13 UKS < 1
Y (1) Blir'cJd) - B23kCYS <I5+YS (J)J -+ f334CYtJtJI1l ) +YUCIj)
YU CD Glx'YuU Q 1 -+ Ci2=>k(YbK | +:?) YUC1jJ 4 G3xsYCJ5 — G4
130 22 Kr. 1, 3
XS Civ. T3 « UKS K-+
XCK, | « 1>XCK 3 + A2»:CXS (K» 11 4+ XS (K-J3))
1FC 1 ERR- 1323* 23, ;’20
1S 1
TO 2-40
CONTINUE
CAL | FATSUC3. | >
GO TO &X240.235) -1
CONTI HUG
iIrCKOIIJNT — NTIMG) 26*24,24
IF »KSU - 4) 240.29*29
HO 25 I- 1. 10
J <«  Ixt 1 s
UKS%I 1 VY IN
URITL"f3- 10025 3Ci), I™1. 10)
RE TURN
IE OQVODr KONNT . ITU -IE) J29*27*29
IF CKSIJ — 13 29,240,29
RETURN
REGENERRBPTOR COLGLULOT I ONS
IF CKOUNT - 13 31.31 .33
J * <NI- 1 2
DO 32 12,3
K - N1 4 2 1
D - YUC 1)
YU Ig - YUCK)
YU K « D
Do 320 _3 . .li1
™ hi ] T
YUCK3 - YUOK-13
‘IJDO I_Zl'HJ:_L
Ysciad3 - 11. SC{) 4 F2*=yS <J3 4 F3 cJJ 4 ':4X<CYI'JVI+AL) -+ YLJCI >>
Y CD « E 1y cJ + E2=KCySci) 4-yscr3 -m =3>kcyu =i yu cd )
YUCI3 » H1+VJCl4 1w H2 >mCYUC [ +10>+Y1JC13 3 -+ H3H-YC | b H4

CONT | NUE
GO TO 230

STORE VALUES IF |NTSRRLP
LIRr TE C I' NRLi; ) CruU Cl)

Rf- TURN
r;rld
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Cp
De

Dp
DS

E(m,n)

P

Fs T-1

HTjij-

g -

NOMENCLATURE

Constant
Stoichiometric coefficient

2
Cross-sectional area of bed (m“)
Constant - in Appendix 3

Constant

Adsorption coefficient (bar )
Constant

Concentration (kmol m )
Specific heat (J kg T D
Effective diffusivity (ms )
Particle diameter (m)

Kinetics of Davidson and Shall 18
Void fraction

Kinetics of Eckert et al 3
Error at point (m,n)
Dimensionless Temperature
Ethylbenzene feed (kmol s )
S'team flow (ton=1 S 1)

Cost factors

Interphase heat transfer coefficient (Wm "<C
Enthalpy ()

Di.luent steam superheater heat load (w)
Make-up steam superheater heat load (W)

Modified Bessel function of the first kind

)

Effective catalyst thermal conductivity Oﬂa'_LK }

- o !
Interphase mass transfer coefficient (ms )
Thermal conductivity of insulation material

Hate constant of the jll'reaction

Wi =X )
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iag - Thermal conductivity of reactor wall (VmAJkK':B

Kp - Equilibrium constant (bar)

m - lumber of length steps

M - Kinetics of Modell1”2

M1 - Derived kinetics

MW - Molecular weight (kg kmol )

n,N - Number of time steps

OF - Objective function

ph - Partial pressure (bar)

P - Total pressure (bar)

PC - Product cost

Pl - Product income

8@?55 - Constants

r - Reaction rate (kmol sflI kg catalyst_ﬂ)

R - Radius of the bed (m)

SC - Kinetics of Sheel and Crowel’

SR - Molar steam/ethylbenzene ratio

S - Catalyst surface area/unit bed volume (nﬂn )

t - Time (5)

T - Temperature (<X

tf - Period time (S)

Tf 4+ - Rate of temperature fall (<C é_]) *

tha® ~ Saturation time of the bed (s)

u - Velocity (n s V\C

U.-. - Overall heat transfer coefficient between fluid and wall
(Wuf2 =C1)

U - Overall heat transfer coefficient between wall and surroundings

(Vta2°c_1)
X - Conversion

X - ldmensionless time



Zj_

z
0

Superscript - M1 parameters with a bar, erg.

Equilibrium conversion
Dimensionless length
Length (m)

Total bed length (m)

-~ Thickness of internal insulation (m)

Thickness of external insulation (m)

regenerating bed.

Subscripts

Bz - Benzene

EB ~ Ethylbenzene
8 - Gas phase

H - Hydrogen

ST
STM
TO1

Component number
Inert material
Inlet value
Reaction number
Inlet condition
Outlet value
Pellet

Solid (catalyst) phase
Styrene

Steam

Toluene

Wall

u,

refer to the
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AH
At
AT
AT hax
AT
Az

A9

Inverse adsorption coefficient of ethylbenzene (bar)
Relative adsorption coefficient of styrene/ethylbenzene
Inert fraction of bed

Heat of reaction (j kmol ¥)

Time step size (S)

Average steady state reactor bed temperature difference (
Maximum pellet temperature difference (<C)

Temperature difference between wall and surroundings (<0
Length step size ()

Lagrangian time step size (S)

Lagrangian time (S)

Viscosity (ism_z)
Stability criterion parameter
Density (kg m ™)

Factor defined by equation 3.5



10.
11.

12.
15.

14.

15.
16.

17.
18.
19.
20.
21.
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