Autothermal Reforming of Bio-oil Model Compounds

Tande Lifita Nguve

Submitted in accordance with the requirements for the degree of
Doctor of Philosophy

TheUniversity of Leeds
School of Chemical and Process Engineering

February 2018



The candidate confirmsahthe work submitted is h@avn, except where work which

has formed part of jointhauthored publications has been included. The contribution

of the candidate and the other authors to this work has been explicitly indicated below.
The candidate confirms that appropriate credit has been given within the thesis where

reference has been made to the work of others.

Tande, L. N. and Dupont, V (2016) Autothermal reforming of palm empty fruit
bunch bio-oil: thermodynamic modelling. AIMS Energy, 4 (1). pp. 6892. ISSN
23338326

This publication is baseentirely on the work contained in Chapter 4 of this
thesis The Candidate was principal researcher and author. Fhatbor contributed
with comments and edits on the whole paper

Dupont, V., Yun, H. A. H., White, R. & Tande, L. N. High methane conversion
efficiency by low temperature steam reforming ofbio-feedstock. REGATEC
2017, 4th International Conference on renewable Energy gas Technology,-22
May 2017 2017 Pacengo (Verona), Italy5-28.
This publication contains some results presented in Chapter 5 of this thesis.

The Candidate was a-@uthor only.

This copy has been supplied on the understanding that it is copyright material and that

no quotation from the thesis may be pul#gdtwithout proper acknowledgement

The right of Tande Lifita Nguveto be identified as Author of this work has been
asserted byim in accordance with the Copyrighesigns and Patents Act 1988.

© 2018The University of Leeds anflande Lifita Nguve



Acknowledgements

| would like to express migeartfeltgratitude anagppreciatiorto my supervisor Dr
Valerie Dupont. This work was made possible thanks to her invaluable support,
guidance and motivation and also her willingness to always make tihs¢eto and

discuss my ideas.

| want to thank all my friends and colleagwéso contributed in omway or the other
in helping mecomplete this mject; especially Dr Oluwafen®moniyi, Dr Gurav
Nahar,Dr Zaheer Abbas, Dr Hafizah YuBy Zainab Ibrahim Adig, Erik Resendiz,
Oliver Grasham, and Robert BlooBpecial thanks to Sergio Ramirez for all the extra

help and trainingne providedfor XRD analysis andatalyst preparation.

| want to also acknowledge the help and support provided ligt¢haiciansand staff
of SCAPE and LEMAS; especlgl Dr Adrian Cunliffe, Carine Alvarez, Stuart

Micklethwaite and Dr Zabeada Aslam

Finally and most importantlyny deepest gratitude goesit to my entire family;
especiallymy mother, Ms Clara Mbua, my father Dr Amos Ngongi, and my
brothers Makuna, Dibussi, Fayeofori and Elilkdy love to my wife Enangafor
accepting tacome over to live with me in Englan@ndto my lovely children Mosima

and Mojoko



Abstract

The potential of hydrogen and syngas production bgthetmal reforming (ATR) of
bio-oil was examined by performing thermodynamic equilibrium, process modelling
and experi ment al-c osntpuodui nedss.6 Moydpeidadl ag@drd iyo f o
studied either individually or as mixtures in order to understamd Vrious
phenomena and factors controlling and influencing the ATR process. Thermodynamic
equilibrium analysis of ATR was performed on a moisture free (mpliobtained

from the fast pyrolysis of palm empty fruit bunch (PEFB), a significant agriediltur
waste of the palm oil industry. Feed stream conditions of ATR are characterised by
the molar steam feed to the molar carbon feed ratio (S/C), and the oxygen equivalence
ratio 0 (feed fueloxygen ratio divided by combustiestoichiometric fueloxygen

ratio). The bicoil was modelled as a mixture of acetic acid, phenol, levoglucosan,
palmitic acid and furfural. The maximum hydrogen yield obtained was abou®4 2

of the dry bieoil at (S/C) of 1 and increased to abouwit&o at S/C = 4. Equilibrium
studies also revealed that carbon (in the form of graphite) can only exist in equilibrium
at S/C = 1 and oxygen equivalence ratic< 0.3. The design and simulation of a
process involving the production of pure #lom solid, wet PEFB was carried out.
Sensitivity analysis revealed thatnaximum S/C = 3 is recommended for any optimal
design using ATR for hydrogen productiobDependiy on the actual process
configuration,hydrogen efficiencies (ratio of the lower heating value of hydrogen
produced on the lower heating value of the input fuel) obtained varied4f8éfito

57% while overall process efficiencies (total energy output fromegss divided by

total energy input to process) ranged from 45 to 66%periments of ATR of acetic

acid conducted at conditions of S&C1 1 3 and air equivalence rate(feedair-fuel

ratio divided by combustieatoichiometric fuelir ratio) of 0.34 1 0.37 were
performed using two conAlehta-@aADbOI)N.i ckeet
acid conversions > 90% were obtained compared to an equilibrium value of 100%,
with Hz production als@tabout 90% of the expected equilibrium value. The ATR of
acetic acid, utanone, furfural, reresol and their mixture was also examined in a
packed bed reactor using powder rhodamalumina( 6 R h éadalysts prepared-n
hous. High fuel conversions were obtained with values of 98, 98, 95, 81 and 90 %
for acetic acid, butanone, furfural, reresol and their mixture respectively, thus

close to the equilibrium value of 100%. Compared teANithe RRAI catalyst
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showed excelldrresistance to coke formation with only &8%6 coke deposit formed

per mass of catalyst compared to t% for the nickel catalyst for acetic acid ATR
experiments performed under similar conditions. ATR experiments were also carried
out using a formulad PEFB bieoil surrogateas feed Rh-Al catalystperformed

slightly better tharthe ceria dope®hCeAl catalystwith a bicoil conversion of 84

and 87 % at S/ C ratio = 2.2, o = 0.318 :
to 83 and 85% for the ceria doped Rh8lecatalyst. However, kproduction was

slightly higher on the RhCAI catalyst with a H yield of &out 83% of the
equilibrium value compared to 80% obtained for theARIcatalyst. Finally, ATR
experiments were carried out using two rhodium monoliths, with and without ceria on
alumina washcoaWM arrdMdb&C nascodRierite
strudure). Acetic acid conversion varied only slightly from 91 to 92% as the S/C ratio
was increased from 1 to 3 for theNRmonolith. The ceria doped RE® monolith on

the other hand showed initial lower conversions but improved from 85% to 95%, as
the S/C mahr ratio was varied from 1 to 3. The hydrogen yield obtained for both
monoliths of 6.2 and 6.&t% for R-M and RGM respectively was well short of the

equilibrium value of 7.2vt% of the acetic acid feed.
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Chapter 1 Introduction

1.1 Biomass and sustainability

The last two decades have witnessed growing concerns over the continued use of
fossil fuels ashe world primary energy resource. Significant amount of research and
published literature clearly points to the fact that the development of alternative
energy sources is a sound sustainable solution and benefits the environment
(Demirbas, 2011, Chattanathan et al., 20@#)e major issue associated with the use

of fossil fuels is the emission of greenhouse gases and the role they play in global
warming (Naik et al., 201Q)These greenhouse gastxjether with other pollutant
gases, are produced during the combustion of fossil fuels and incluge&OCGand

NOx (Ni et al., 2006) Biomass, which can be defined generally as any biological
material obtained from a living or recently living organism (plant or animal) or simply
as all orgaic material that stems from plants (including trees and crops), algae and
animal manure, is being considered as an alternative to fossil fuel since it is abundant
and can be readily accessed and processed sustgidabiirbas, 2001a)rhough the
combustion of biomass/biofuel generates,(00O's considered a carbon nesutral
process since the G@eleased during combusties the same C{absorbed by plants

when synthesising carbohydrates during photosynthesis. Some fossh@€3ions

may occur when acquiring and handling biomass such as during soil conditioning via
synthetic fertilisers and biomass transport and stosdgttpeconventional vehicles and
refrigeration. One other major drawback with the use of fossil fuel is the fact that it is
a finite source of energy and existing world reserves are known to be depleting very
fast due to increase in world demaf@hattanathan et al., 2012, Wu et al., 2008)
According to the June 2016 BP Statistical review of world energy, fossil fuels
(petroleum, coal and natural gas) account for more than 86 % of commercially traded
fuels which coresponds to 11,306 MTOE (Million Ton Oil Equivalent). Meanwhile,
modern renewables only account for about 3% of commercially traded fuels; with
22% of this derived from biofuels (ethanol and biodiesel) and the rest from solar,
wind, geothermal and biomag¢BPp.l.c 2016) Direct combustion of traditional
biomass still accounts for 9% (abo,183 MTOE based on 2016 estimates) of world



primary energy supply representing 65% of world renewable energy consumption
(Lauri et al., 2014, REN21, 2015)

Some easos accounting for the low share of biomass as a primary source afyener
areits low energy content (when fresh and wet), bulkiness, and the low efficiency
associatedwith direct combustion processes. The net energy available from
combusted biomass can range frabout 8 MJ/kg for green wood0 MJ/kg for dry

plant matter,a 55 MJ/kg for biemethane(Demirbas, 2001a)Typical electrical,
thermal and mechanical efficiencies for biomass comhugtiocesses range from 20

T 40 % (Demirbas, 2001a, Ni et al., 2006, Doherty et al., 20B§)using different
technologies based on physical, chemical, thermal or biological methods, it is possible
to convert biomss into heat energy, electricity, solid fuels, liquid fuels -dalp
biodiesel and ethanol) and gas fu@@hang et al., 2011)These different biomass
conversion technologies all have their advantages and disadvantages.

Chemcal industries rely on fossil feedstock not only for fuel production but also for
the production of chemicals, plastics, fertilisers etc. Unlike other alternative sources
of energy like wind, solar and tidal energy, biomass presents a better optioritdue to
complex organic nature which can serve as feedstock, either directly or indirectly after
processing, for the production of multiple #hased chemical produdf€zernik and
Bridgwater, 2004a, Kamm et al., 2006)

1.2 Types of biomass/biofuel

Biomass has been used by humans as a souecey (heating) for many centuries.
According to Ni et al., 2006, biomass can be divided into four categories:

a) Energy crops: which include herbaceous energy crops, woody energy crops,
industrial crops, agricultural crops and aquatic crops.

b) Agricutural residues and waste: crop waste and animal waste.

c) Forestry waste and residues: mill wood waste, logging residues, trees and shrub
residues.

d) Industrial and municipal wastes: municipal solid waste, sewage sludge and industry
waste.

More than 80%f biomass resource is obtained from the forestry industry and is used

directly as fuelwood or converted to charcoal or black oil Esgerel.1).
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Figure 1.1 Primary energy supply of biomass resources globally in ZBIBA,
2016)

However, the share of biogas and liquid biofuels has witnessed average annual growth
rates leading to an increase of 11.2% and 15.6% respectively to their 2000 values
(Bart et al., 2010) This increase in production can be associated to favourable
government legislation, tax incentvand even governmenttmidies For example

in May 2003, the European Union (EU) outlined the Biofuels Directive (EU Directive
2003/30/EC). This directive required member states to increase the use of biofuels to
a minimum of 2% of total liquid fuel consumption by 2005 and 1% by 201(Di

Lucia and Kronsell, 2010Yhe EU Biofuel directive was followed by the Energy Tax
Directive 2003/96/EC which laid out the frame work for the taxation of energy
products and provided the much welcomed tax relief needed to achieve thedarget
the Biofuel DirectivgBart et al., 2010)The EU reinforced its commitment to incsea

the share ofbiofuels in transportation bymposing obligatory targets for their
consumption in the 2009 directive, 2009/28/EC, which also set a quota of at least 10%
biofuels in the total gasoline and diesel consumed by PBR8gstad, 2016, Pacesila

et al., 2016)

Different process technologies exist for the conversion of biomass into useful
products. As shown iRigurel.2, biomass conversion processes can be divided into
four main categories: Thermochemical, biological, chemical and physical
conversions. All these processes combine to form a wide range of different products

collectively referred to as et biofuels or biematerials (biechemicals).
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Figure 1.2 Biomass conversion procesgtiik et al., 2010)

Bio-oil (which is an example of a biofuel) is obtainednfrdiomass through a
thermochemical process called pyrolysis (ségure 1.2). Hydrogen can then be

produced from this bioil either byreforming or partial oxidation.



1.3 Hydrogen Production

1.3.1 Global production

Hydrogen has been gaining ground aspromising alternative to reduce global
dependence on fossil fugkalinci et al., 2009) This is due to the fact that hydrogen

is seen as a clean and abundant source of energy whose production, especially from
renewable sources, can guarantee energy sufficiency for years to come. Hydrogen is
an energy carriegind, just like electricity, it has to be produced before it can be used.
With an energy density of 122 kg, hydrogen has the highest energy density of all
fuels(Hou et al., 2009a)As a comparison, 9.5 kg of hydrogen is sufficient to replace

25 kg of gasolingdParthasarathy and Narayanan, 20I#)is advantage in energy
density is somewhat overturned by the very low density of hydrogen causing it to
occupy four times more volume than gasoline with the same e(idaipt, 2008)

Unlike natural gas and coal, free hydrogen gas does not occur significantly in nature
and is mostly found in an oxidised statevater and in reduced form in hydrocarbons

and organic molecule&lobal hydrogen production isurrently estimated at.2 EJ

per year(about 667 billion rifyear), of which bout 96% of is from fossil fuels with
natural gas alone accounting for 48% of hydrogen production as shéwgune1.3
(Voldsund et al., 2016)

Electrolysis
4%

Figure 1.3 Shares of production sources of hydro@¢aldsund et al., 2016)

1.3.2 Hydrogen from biomass
Hydrogen can be produced from biomass either directly or indirectly, via chemical
intermediates, by thermochemical ordsimemical (biological) processinBiological

processing requigevery specific biomass feedstocks, usually starch or sugar
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derivatives, which are converted to simpler molecules and finally upgraded to
hydrogen using either gasification or reformiiNpaik et al., 201Q)Thermochemical
processingn the other hand, allows for a wide range of biomass feedstock to be
processed, producing an even more extensive range of products. Thermochemical
conversion processes tend to be fast, cost effective and have higher oveieticdic
when compared to biological conversion procegBesthasarathy and Narayanan,
2014) This work focuses on thermochemical conversion processes. Two main
thermochemical processing routes exist for the production hydrogen from biomass.
The first route proceeds by biomass fjeation to syngas followed by direct
reforming of the gaseous mixture produced. Alternatively, the biomass undergoes
pyrolysis which is then followed by reforming of the pyrolysis vapour or liquid
pyrolysis oil depending on the type of pyrolysis methogleyed. Hydrogen yield

from biomass thermochemical processing ranges typically from 12 wi%®f the
biomass feedan dry basisdepending on the actual process ugaemirbas, 2001b)
Biomass gasification is usually carried out at temperatures rabgingeen600

1000 °Cwith steam or air producing a predominantly gaseous stream with small
guantities of char and agBalat, 2009, Dmi r b a k ., The2gén@ral }equation for

biomass gasification is given in Eq. 1.1.

Biomass+HO (or Ai r ) HO, bONDCHs, C8By, tar, char, ash 1.1

Conceptually, any gasifier can be dividedifitur main reaction zonéBalat, 2009,

De mi r b akdrying Zbie2()p tol00 °Q, pyrolysis zone Z00 7 500 °C),
combustion or oxidation zon@@01 1000°C) and reduction zone8Q01 1000°C).

In the drying zone, moisture is liberated from the biomass without causing arey furth
decomposition. Biomass decomposition is initiated in the pyrolysis zone during which
volatiles such as water and acetic acid together with gases like CQa@®Dlight
hydrocarbons are released accompanied by the formation of tar. In the presence of ai
or pure oxygen, a combustion zone exist in which all the oxygen present reacts with
combustiblecompounds to form C£and HO. Finally, a series of gas phase chemical
reactions take place in the absence pinQvhat is termed the reduction zone leading

to the formation of CO, C& H>, H.O. The actual composition of the gas obtained
from the gasifier depends on the prevailing feed conditions especially on the amount

of air, oxygen or steam used as givei ablel.1. Steam gasification yields a syngas



with the highest heating value mainly due to its highh €bhtent and negligible N
content. Apart from the different gasification conditions presente@ainie 1.1,
biomass poperties such as surface area, size, moisture content, volatile matter and
carbon content also affect the gasifier syngas composition. Pure hydrogen can be
obtained by first sending the gasifier output gas into a water gas shift reactor followed
by a hyaogen purification unit (see Chapter 2).

Table 1.1 Comparison between gasification processes using either air, oxygen or
steam(Parthasarathy and Narayanan, 2014)

Air gasification  Oxygen gasification Steam gasification

Product heatig value, MJ/Nm 47 6 1071 15 1571 20

Products CO, H, CO, H, HC, Hz, CO, CQ,
Water, CQ, CO CHg, light HC, tar
HC, Tar, N

Average product gas compositic Hz1 15%, H21 40%, H21 40%,
COi 20%, COi 40%, COi 25%,
CHal 2%, COx1 20%, CHa1 8%,
COzi 15%, H2CO =1 COzi 25%,
N21 48%, N2: 2%,
H2:CO = 0.75 H2CO =1

Reactor temperature, °C 90071 1100 10007 1400 70071 1200

Cost Cheap Costly Medium

HC: Hydrocarbon
Hydrogen production from biomass by pyrolysis will be reviewed and presented i

detail in Chapter Zl'able1.2 summarises the advantages and limitations of producing
hydrogen from biomasgDemirbas, 2006)

Table 1.2 Main advantages aruitations of biomass to hydrogéBemirbas,
2006)

Advantages
Use of biomass reduces gémissions
Crop residues conversion increases the value of agricultural outp!
Replacing fossil fuels with sustainable biomass fuel
Costs of getting rid of mmicipal solid wastes
Limitations
Seasonal availability and high costs of handling
Non-total solid conversion (char formation) and tars production
Process limitations: corrosion, pressure resistance and hydrogen

Eventual the feasibility of pratting hydrogen from biomass is ultimately controlled

by the cost of the final hydrogen product.

1.4 Uses of hydrogen

Using hydrogen as a fuel is still at an early stage of technological development and so

most of the hydrogen produced globally is still usedfeedstock for some well
7



established chemical and petrochemical process@816, édmost 50% of hydrogen
produced (330 billion /) was used for the production of ammonia, 37% was
consumed by refineries, 6.5 % was used for methanol synthesis and th@ngma
6.5% was used to manufacture other chemidddsund et al., 2016)Global
hydrogen production has witnessed steady growth over the last decade. This increase
in production has been driven by a need to satisfy the growing demands of the major
hydrogen consumerbor example inease demand for agrochemicals and ammonia
fertilisers to meet the food needs of a growing world populatioa;increasing
demand for refining heavier and higher sulphur content crude oil to meet up with strict
environment regulationsandfinally increase use of hydrogen as a transportation fuel
(Levin and Chahine, 2010, Arregi et al., 2016, Behera et al., 2013)

1.4.1 Ammonia production

As mentioned previously, about 50% of hydrogen produced is used for the s/nthes
of ammoniaAmmonia is produced industrially by the HaliBwsch procesduring
which hydrogen reacts with nitrogen at high pressures (2600 bar) and high
temperatures (400500 °C) in the presence of iron promoted catal{Bémabe and
Nishibayashi, 2013)About 180 million metric tonne (MMT) oammonia was
produced in 2014 most of which was used to produce fertilisigher as salts,

solutions or anhydrous solig&ellings and Parmenter, 2016)

1.4.2 Petroleum industry

The second major consumer of hydrogen is the petroleum refinery industry where it
used mainly for hydrotreating and hydrocracking processes. During hydrocracking,
high molecular heavy gas oils are converted into light distillatels asdkerosene,
diesel and naphtha by using hydrogen to initiate cracking (carddoon scissions)

and hydrogenation reactions. The aim is to produce refined fuels with smaller
molecules and higher H/C ratiRamachandran, 1998)ong et al. (2011)dentified
hydrocracking as the prime consumer of hydrogen in a refinery, acugtortabout

84% of total hydrogen consumption. Hydrotreating processing on the other hand
involves the removal of undesirable components froifierdint petroleum fractions

by selectively reacting them with hydrogen. These undesirable components included
but not limited to sulphur, nitrogen, olefins and aromatics. Light petroleum fractions

such as naphtha undergo hydrotreating as drpagment masure to reduce their



sulphur content before moving into catalytic reforming units to avoid catalyst
poisoning. While heavier fractions ranging from jet fuel to heavy vacuum gas oils are
usually hydrotreated to meet strict product quality specificati@ngia, 2008) Other
hydrogen consuming processes that can exist in a refinery include lubricant plants,
isomerkation process, and petrochemical processes that are integrated with the

refinery hydrogen networ{Rabiei, 2012)

1.4.3 Petrochemical industry

More than 10% of hydrogen produced globally is usdteeidirectly or indirectly in
synthesis of several important bulk (commodity) chemicals. Most of this hydrogen is
used for the synthesis of methanol. The hydrogen for methanol synthesis is obtained
as part of the syngas produced after methane steam nefponicoal gasification.

The hydrogen and carbon monoxide in the syngas are reacted over a catalyst at high

temperatures and pressures to from methane according to Eq. 1.2.

CO +2h § CH:OH ( obb=-91kJ/mol) 1.2

Figure 1.4 shows the fraction of global methanol consumption by product and

industry.

Methanol consumption

Formaldehyde
{30 %)

DMT
(2%)

MTBE/TAME
(19 %)

Figure 1.4 Methanol consuming industri€ali et al., 2015)

Most of the methanol produced is used by the petrochemical industry in the production
of formaldehyde, methyl tertiary butyl ether (MTBE), aromatics, ethylene, dimethyl
ether (DME), acetic acid and other chemicals such as butyraldebwtianediol,
tetrahydrofuran, hexamethylene and cyclohexatieet al., 2015, Ramachandran,

1998) Methanol is also used in the transportation industry either directly by blending



with gasoline are indirectly as a reactant in the production of bioqieéedzFortes
et al., 2016)

1.4.4 Other uses

Hydrogen is widely used in the food industry in the hydrogenation of fats and oils to
produce margarine and butter. Hydrogenation of oils is carried out in the presence of
a metal catalyst and leads to the reduction of the double bonds in ateshtiatty

acids to single saturated bonds by the reaatitin hydrogen gag¢TarrageTrani et

al., 2006) Hydrogenation leads to an incredseelting point and enhanced resistance

to oxidation thus improving the shdeife of the final productKing et al., 2001)

In the metallurgical industry, hydrogen is used to reduce metals to their oxides. It is
also used as a@. scavenger during heat treatments such as annealing and furnace
brazing to form wate(Ramachandran, 1998 the Sherritt Gordon Process, it is
used as a reducing agent to precipitate nickel from nickel sulphate solution in the
presence of ammonigRamachandran, 1988Hydrogen also finds very useful

applications in the electronics and glass making industries.

1.4.5 Fuel cell

Coupled to the é6traditional &6 demands for
energy carrier in small staradone fuel cell units. Hydrogemé! cells are units which

convert the chemical energy of hydrogen directly into electrical and thermal energy.

A fuel cell consists of a pair of electrodes and an electrolyte like a regular battery.
However, a fuel cell is fundamentally different from &tégy in that the species
consumed during the electrochemical reactions have to be continuously replenished
(Ellis et al., 2001, Williams, 20110One major advantage of fuel cells is that they
produce water and heat as the oblyproducts Figure 1.5 illustrates the basic

components of a fuel cell.
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Figure 1.5 Schematic representation of a single fuel G&G Technical Services
Inc, 2004)

In a fuel cell, a fuel such as hydrogen enters the anode amibxidant (usually air)

is supplied to the cathode. The anode and cathode are both separated by a selectively
conductive electrolyte. At the anode, the fuel is oxidized, producing electrons which
travel through the external circuit to the cathode whkey cause the oxidant to
reducedEllis et al., 2001)Conduction through the electrolyte can occur either from

the anode to ¢hode or from the cathode to anode depending he el ectr ol
composition and this constitutes the fundamental difference amongst different fuel
cells typeqLarminie and Diks, 2003, Williams, 2011)

There are five main types of hydrogen fuel cells divided into two main categories:
low-temperature fuel cells and higgmperature fuel cells. The letemperature fuel

cells are the polymer electrolyte fuel cell (PEFC) als¢tedalhe proton exchange
membrane fuel cell (PEMFC), the alkaline fuel cell (AFC), and the phosphoric acid
fuel cell (PAFC). The higltemperature fuel cells are the molten carbonate fuel cell
(MCFC) and the sulphur oxide fuel cell (SOFChese fuel cellslhoperate under
different conditions with the higtemperature ones showing more flexibility in
feedstock and catalyst requirements. Meanwhile, thetéomperature ones are easy

to manage with better efficiencies but at the same time require expenalystsaind

have a very low tolerance to impurities such as Tdble 1.3 provides a summary of

some properties and differences existing amongst the various types of fuel cells.
Overall, fuel cells show higher effencies and better flexibility when compared to

conventional internal combustion engines and power generators.

11



Table 1.3 Summary properties of the different types of fuel cell§Larminie and
Dicks, 2003, EG&G Technical Services Inc, 2004)

FC PEMFC AFC PAFC MCFC SOFC
Electrolyte Hydrated Mobilized or Immobilised Immobilised Ceramics
Polymeric lon immobilised liquid HzPO, in | liquid molten
Exchange KOH in asbestos | SiC. carbonate in
Membranes. matrix. LIAIO,
Electrodes Carbon Transition Carbon Nickel and Perovskiteand
metals Nickel Oxide perovskite / metal
cermet
Catalyst Platinum Platinum Platinum Electrode Electrode Material
Material
Operating 4071 80 65°Ci 220 205 650 60071 1000
Temp,°C
Charge H* OH H* COs (0}
Carrier
Efficiency 53-58% 60% 32-38% 4547% 3543%
External Yes Yes Yes No, for some| No, for some fuels|
reformer fuels and cell designs
use
External Yes, plus Yes, plus Yes No No
shift purification to purification
conversion remove CO traces | to remove CO&
COo2
Prime cell Carbon Carbon Graphite Stainless Ceramic
components | Based based based Based
Product Process Gas 1 Process Gas + Process Gas + Internal Internal
heat Liquid Cooling Electrolyte Electrolyte Reforming + Reforming +
management | Medium Circulation Circulation Process Gas Process Gas
Power, kw 17 250 107 100 507 1000 17 1000 1713
Application Combined heat and| Military and Distributed Electric utility, Electric utility
power (CHP), space generation (DG) | large distriluted | & large scale DG
transportation generation

1.4.6 Combustion

Apart from its use in fuel cells, hydrogen can be combusted directly in some internal
combustion engines known as hydrogen internal combustion engines (HICE). These
engines work almost similly to sparkeeignited gasoline enging§&upta and Pant,
2008) Hydrogends suitability for transpo
properties such as wide flammaubility limit ran{? to 75% by volume), high flame
velocity, a high octane number (130), and no toxicity or oformaing potential
(Balat, 2010) One major concern with HICE is premature ignition and knock which

is usually caused by hot spots in the combustion chamber as a result af bydrd s
lower ignition energy, wider flammability range, and shorter qué@cipta and Pant,
2008)

1.5 Research scope

This project covers the production of &hd syngas from a renewable sm®) bicoll,
obtained after the fast pyrolysis of a biomass wasich apalm empty fruit bunch

(PEFB), which is a byproduct of the palm oil industry. Specifically, it covers the
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autothermal reforming (ATR) of bioil by considering various bioil modd
compounds, using both powder/particulate catalystswi28 NiO/Al2Os, 15 wt%
NiO/CaO/ AbOs, 1 wt% R h /AlbOs and 1wt% Rhi 3 wt% C e /Al2Os) and low
pressure drop monolithic catalystswi% R h /AkOs and a Wwt% Rhi3wt% Ce/ 9
Al203). Initial ATR experiments are performed on single {aitd model compounds
selected to represent some of the main chemical structures found in PE®&iBi.bio
acetic acid (carboxylic acids)-tutanol (alcohols), furfural (furans) and-eresol
(phenolics). A more complex bioil surrogate, consisting of formaldehyde,
acetaldehyde, -Butanone, acetic acid, water, furfural, creosol, phenol, guaiacol,
catechol, palmitic acidndlevoglucosan, is formulated to achieve similar composition
and properties tdhat of the PEFB bieoil and also tested in ATR experiments.
Thermodynamic equilibrium analgswascarried out using NASA Lewis Research
Centredbs CEA (Chemical Equilibrium with
influence of the main process factors on the ATR ofdii@nd most importantly to
determine if hydrogen or syngas production is determined by the actual chemical
composition of the bimil or its molar elemental composition. The thermodynamic
analysis is also used to determine the major reactions contriboitiyATR process

and explore how this affects the choice of catalyst. A detailed mechanistic and kinetic
study is out of the scope of this project. A process flowsheet design and steady state
process simulation is carried out using the Aspen Plus softwaexpiore the
feasibility of producing pure Hfrom PEFBby way of pyrolysis of the aseceived

wet biomass and autothermal reforming of the pyrolysisoBidrhis design includes
measures to bolster overall process efficiency such heat integration arndexhenat

and power generation, and caps off with a sensitivity analysis to determine the effect

of different procesfactorson the process efficiency.

1.5.1 Aim

A survey of existing literature reveals that most studies on biofuel autothermal
reforming have beelimited to bicethanol and bignethanol as feedstocks. There
exists a knowledge gap on experimental and process feasibility studies involving
autothermal reforming of bioil for the production of hydrogen. The aim of this
research project is to bridghis knowledge gap by providing experimental and

process modelling evidence to support the claim that palm empty fruit bunch (PEFB)
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derived bieoil stands as a viable alternate feedstocks for the production of hydrogen

by autothermal reforming.

1.5.2 Objectives
To accomplish the aim mentioned above, the project was set out to achieve the
following objectives:

1. Perform thermodynamic equilibrium analysis to determine the influence of the
main process factors affecting the ATR of a moisture freeobiasing a
mixture of bicoil model compounds. Also, determine if the equilibrium
syngas composition is influenced by either the actual chemical composition of
the bicoil mixture or its molar elemental composition.

2. Based on thermodynamic equilibrium results, propose @iogamechanism
detailing the individual contributions, to product gas composition, of the main
reactions taking place during bodl ATR; and by so doing determine how this
can affect the eventual choice of catalyst.

3. Formulate, prepare and characterisebi@-oil surrogate with similar
composition and properties to an actual PEFB derivesiii@nd used this
bio-oil surrogate in process design and experimental studies.

4. Carry out a detailed design and simulation of a process converting fresh PEFB
to pure H using the Aspen Plus software. Perform a process optimisation to
improve the overall process efficiency by including, in the design, elements of
an efficient heat integration network and a combined heat and power
generation unit.

5. Perform ATR experiment®n a bench scale packed bed reactor using
individual bicoil model compounds and a few powder catalysts. This
experiments should provide insights into the variation in feed conversion, H
yield, product distribution and coke formation when differentdiianodel
compounds and catalysts are used. Also, compare the performance of two
commercially available Ni based catalysts to a prepared rhodium (Rh) based
catalyst.

6. Study the ATR of the formulated bl surrogate in a packed bed reactor and
determine thenfluence of varying feed conditions and catalyst on thgiéld

and product distribution. The experiments should compare the performance of

14



two Rh based catalyst: a monometallic catalyst and a cerium (Ce) promoted
catalyst.

. Carry out the ATR of the btoil surrogate and a bioil model compound
(acetic acid) in a monolithic reactor and determine how similar/or dissimilar
the results obtained compare to those from the packed bed reactor

experiments.
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Chapter 2 Literature Review

2.1 Biomass Pyrolysis : Case of PalrBmpty Fruit Bunch (PEFB)

2.1.1 Introduction

Due to its complex organic nature, biomass can serve as feedstock, either directly or
indirectly after processing, for the production of multiple-based chemicals and
energy productéCzernik and Bridgwater, 2004b, Kamm et al., 20@pmass can

be valorised by pyrolysis to produce {@ which is a dark brown, polar, higiensity

and viscous omic liquid containing a complex mixture of oxygenated compounds
such as sugars, carboxylic acids, phenols, esters, ketones, aldehydes and benzenoids
(Jacobson et al., 2013, Mantilla et al., 2014, Czernik et &7)20

Many different biomass materials have been investigated as potential sources of bio
oil and other pyrolysis bproducts. One such biomass is palm empty fruit bunch
(PEFB) which is obtained after oil extraction at palm oil mills. The oil palm ingustr
alone is estimated to generated annually over 200 million metric tonnes (MMT) of
solid biomass residue most of which is used either as manure or as a cheap source of
renewable energiPirker et al., 2016, Aghamoimmadi et al., 2016, Ooi et al., 2017)

As an estimate, for every tonié palm oil produced from a fresh fruit bun@FB),
approximately 1dnneof PEFB 0.7 bnneof palm fibres, 0.3dnneof palm kernels

and 0.3 onneof pdm shells are generatd@hang, 2014)These different biomass
residues are obtained at various stages of the palm oil production process. Figure 2.1
showsa flow diagram for the production of crude palm oil and kernel oil and
approximate biomass residues formed assuming 1000 kg of fresh fruit bunch as
starting feed.
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Figure 2.1 Schematic flow diagramof palm oil and kernel extraction showing
approximate range of mass outputs from 1000 kg of FFB (Reproduced from
(Obibuzor et al., 2012

Pyrolysis is the thermal decomposition of biomass in the absence of oxygen at
temperatures ranging from 400 °C to 6@0(Bridgwater, 2012) The result of this
decomposition is the production of mostly vapours, aerosols and soli(Atitarlah

and Gerhauser, 2008 iomass composition influences the yield and composition of
bio-oil obtained after pyrolysis. The proximate analysis of PEFB given in Table 2.1

reveals that the voldé matter in PEFB accounts for about 70 to 80 wt% and this
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transl ates directly to how much O6o0organi ¢
oil yield (Abnisa et al., 2013)

Table 2.1: Propertis of PEFB fibre¢Chang, 2014)

Properties Values
Moisture (%) 2.4014.28
Proximate analysis (%
Volatile matter 70.0383.86
Fixed carbon 8.97-18.30
Ash 1.30:13.65
Ultimate analysis (%
C 43.8054.76
H 4.37-7.42
o¢ 38.2947.76
N 0.251.21
S 0.0351.10
Chemical composition (%
Cellulose 23.7-65.0
Hemicellulose 20.5833.52
Lignin 14.1-30.45
Extractive 3.21-3.7

a Weight percent on a dry basis.
b Weight percent on a dry and &sbe basis.
c By difference

The actual yield and composition of the Joib is determined by the fraction of
cellulose, hemicellulose and lignin contemttihe biomass and the pyrolysis process
conditions. Bieoil can be produced by fast or flash pyrolysis, slow pyrolysis and

solvolysis of solid biomass feedstogkahak et al., 2012)

2.1.2 Types of pyrolysis

2.1.2.1 Fastpyrolysis

The main process parameters usedlistinguish between the different pyrolysis
methods are temperature, rate of biomass heating and vapour residence time. Low
temperatures and long vapour residence times favour the produciicolad residue
(charcoal. Meanwhile, moderate and high temperatures coupled with short or long
residence times tend to favour conversion to-oandensable gas or liquid depending

on the actual values uséBridgwater, 2012) Typical conditions required for fast
pyrolysis are a dry feedstock (< 10% moisture), small particle size (< 3 mm), short
residence times (0.5 2 s), moderate temperatures (400600 <), and rapid
guenching of pyrolysis vapour@sahak et al., 2012)The major components of
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biomass (cellulose, hemicellulose and lignin) degrade at different rates and by way of
different mechanisms when sabjed to thermal treatment. Once decomposed, these
components form primary productsome of which undergo secondary gas phase
reactions, whose yields depend on timeveéd and reigning temperature and this is
followed by cooling and collectionBridgwater, 1999) Many studies have been
carried out to understand the thermochemical conversion of biomass b with

authors focusing on process parameters such dsgatenent of biomass, particle size

of feedstock, reaction tempéuee, reactor type, choice of catalyst and reaction time.
Depending on the actual process conditions and the presence or absence of catalyst,
bio-oil yield from PEFB fast pyrolysis can range from-BD wt% of the solid
feedstock, with nomondensable gaseand solid char formed as -woducts
(Abdullah and Gerhauser, 2008, Sulaiman and Abdullah, 2011, Vasiliou et al., 2013,
Auta et al., 2014)In a study carried out byantilla et al. (2014) PEFB pyrolysis
experiments were conducted in a fixeeld reactor at temperatures ranging between
4607 600 °C, gas residence time1180 s and particle size < 0.5 mm, as well a$ 0.5

1.4 mm. The maximum yield of bioll of 48.4 wt% was obtained at a temperature

540 °C, gas residence time of 31 s and patrticle size < 0.5 mm. Their study concluded
that tenperature was the most significant parameter, of the three considered, in
determining the bimil yield. Abdullah et al. (2010bjtudied the fast pyrolysis of

PEFB using a fluidised bed system for which the reactor temperature was varied from
400 to 600 °C, the residence time between D.I82 s, and patrticle size diameters

(with corresponding ash contem)e r e < 150 ¢ ii2 508 .¢4mM® (%)., 4 61
250300 em (6. 71BG0%) ceaand 4388 %) . The-wgll obt ai
yields at a pyrolysis temperature of 450 °C, retention time of 1.02 s and for the particle
size355/ 500 em wit h t he THe somewhat highadh contenhdf e n t
PEFB (rich in potassium) particularly reduces the yield irdilioesulting in the need

for pretreatment options before pyrolysAbdullah and Gerhauser (2008gre able

to demonstrate that by washing PEFB feedstock with distilled water before pyrolysis,
the yield in bieoil (organic phase) obtained rose to 61.3 wt% which was significantly
higher than that the 34.7 wt% obtained for the unwashed PEFB.

2.1.2.2 Slow pyrolysis
Slow pyrolysis, also referred to as carbonization, has been used by mankind for
thousands of years to produce charcoal. It involves the use of moderate heating rates
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with long residence times to produce char with yields ranging frofin 240 % (Libra

et al., 2014, Kirubakaran et al., 200®9)nlike most traditional processes where the
gas and vapour produced are not recovered, industiegses use a closed kiln fired
using recovered pyrolysis gadgsbra et al., 2014)The slow heating rate and long
vapour residence time causes secondary cracking of primary products leading to an
increasd yield of char which is considered the maimqguct (Jahirul et al., 2012)
However slow pyrolysis can be used as a means to produce both char and recoverable
bio-oil. In such cases, low heating rates| ¥ K/min, coupled with temperatures
ranging between 400500 °C and residence times of abolit 30 minutes are used
(Bridgwater, 2003, Goyal et al., 200&xperimental studies involving the slow
pyrolysis of various biomass feedstocks have so far focused on determining the
influence of heating rate, temperature, residence time and use rérapurge gas

such as nitrogen on the char,Hoiband gas yieldBeis et al. (2002performed slow
pyrolysis experiments in a fixed bed reactor using safflower seeds to determine
influence of pyrtysis temperature, heating rate, particle size and purge gas flow rate
on the pyrolysis product yields and chemical composition. They obtained a maximum
bio-oil yield of 44% for a reactor temperature of 500 °C, particle size range of 0.425

i 1.25 mm, heatig rate of 5 °C/min, and Mlow rate of 100 crifmin. Their results
showed that increasing the temperature and heating rate leads to an overall reduction
in the char yield; and reducing the particle size to 1.25 mm resulted in an increase in
bio-oil yield at 500 °Cat a constant heating rate of 5 °C/min. In another sttpr

et al. (2009a)performed slow pyrolysis of PEFB in a pilot scale kiln with a heating
rate of 5 °C/min. The PEFB fibres were dried and heated to 600°C for a total duration
of 2 hours. Pyrolysis product yield obtained was 24.8% char, 62.3% of condensates
and 12.% gas. Producing bioil by slow pyrolysis presents some tough challenges

as thelong residence time results in extended secondary gas phase reactions which
ultimately affect bieoil yield and quality. Also, the long residence time and low heat
transfer inpose the need for extra energy inflathirul et al., 2012)

2.1.2.3 Solvolysis

Solvolysis, or hydrothermal liquefaction, is the use of highly pressurised solvent
(usually at pressures critical pressure of solvent) such as water, methanol, ethanol
or mixture of water and organic solvent to causedbeomposition of biomass to

yield bio-oil at mild temperatures, usually below 400 (€hang, 2014, Akhtar and
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Amin, 2011) Typical solvolysis temperatures range from 300400 °C with
correspondig pressures of 50200 bar depending on the solvent used, and residence
times from 10 to 60 minute&Xiu and Shahbazi, 2012A few studies have been
carried out to determine the influence of different solvents and catalysts on the
production of bieoil by solvolysis of PEFBAkhtar et al. (201Q)studied the alkaline
catalysed liquefaction of PEFB in a batch reactor operating under mild conditions of
270 °Cand 20 bars for 20 minutes. They investigated the effect of different catalysts
such as NaOH, KOH and KOs on PEFB solvolysis with water as solvent. The
highest bieoil yield of about 67 wt% was obtained with,®Oz catalyst with a
concentration of 1 M.

Table 2.2 summarises the main differences betwthe three pyrolysis methods.

Table 2.2 Comparing the different biomass pyrolysis meth@tls and Shahbazi,
2012, Bridgvater, 2003)

Process Temperature, °C/ Residence  Product distribution (wt. %) Comments
Pressure, bar time, s Bio-oil Char Gas
Fast 45071 500/ 1 107 20 5075 12-20 1330  High bic-oil yield
(high heating rate) with poor fuel
properties. Low
capitalcost
Slow 400/ 1 (low 57 30min 30 35 35 Poor bicoil yield
heating rate) and slow process
Solvolysis 3007 400/50i 200 175 2060 1535 1525  Better quality bie

oil obtained with
high heating value

2.1.3 Fast pyrolysis process
In the last two decades,lot of research and process developments have focused on
understanding and optimising the fast pyrolysis process. Unlike the more traditional
slow pyrolysis (carbonisatiorgrocessfast pyrolysis is an advanced process which
has to be carefully contr@d to give high yields of liqui@Bridgwater et al., 1999,
Abdullah et al., 2010b)A typical fast pyrolysis pross begins with feed preparation
which involves drying and grinding, foNved successively by the pyrolysis reaction,
solid char separation and liquid bad collection. According t@ridgwater (2003)to
obtain bieoil yields of up to 75% on a dry feed baglse fast pyrolysis process must
have the following essential features:

- very high heating and heat transfer rates at the reaction interface, which

usually require a finely ground biomass feed,
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- carefully controlled pyrolysis reaction temperature of aro668 °C and
vapour phase temperature of 4060 °C,
- short vapour residence timégpically less than 2 s,

- rapid cooling of the pyrolysis vapours to give the-biloproduct.

2.1.3.1 Feed preparation

Biomass feedstock drying and milling are two very importantrireat operations

that greatly influence the final quality and yield of4oib obtained in a fast pyrolysis
process.

Drying reduces the moisture content of the biomass and this has a concomitant effect
in lowering the final moisture content of the 4wih produced. Water is produced
during fast pyrolysis and in order to maintain-bibmoisture at an acceptable level
(below 25 %), biomass moisture needs to be below 13a¥tirul et al., 2012t is
however recommended that biomass should be dried to less than 10 % for fast
pyrolysis (Bridgwater ¢ al., 1999) This is because bofry biomass still produces
bio-oil with a moisture content of 12 15 % (Ringer et al., 2006)High moisture
content reduces thealorific value of bieoil and also poses problems affecting-bio

oil stability, viscosity, pH, corrosiveness, and other liquid prope(Besigwater et

al., 1999) Drying also helps to improve heat transfer during pyrolysis as any moisture
in the feed becomes heat sink and competes directly with the heat available for
pyrolysis(Ringer et al., 2006)

Biomass grinding is also a crucial feed preparation step as a zantdle size is
necessary in order to satisfy the heat transfer requirements needed to ensure rapid
pyrolysis reactions during fast pyrolygiahirul et al., 2012)An average patrticle size

of 2 mm is recommended, especially for processes using fluidised bed reactors, for an
efficient fast pyrolysis procesflsahak et al., 2012, Bridgwater, 19998his is because
biomass has a very poor thermal conductivity (0.1 W/mK along the grain, 0.05 W/mK
cross grain) and the use of sisilted particles facilite gassolid heat transfer
thereby fulfilling the requirements for rapid heating and high liquid yi@dsigwater

et al., 1999) The use of a small particle size telp overcome the insulating effect

of the char formed during pyrolysihich hinders the i@ atwhichheat is transferred
inside surrounded particléRinger et al., 2006)Several studiesaveshown that an
increase in particle size reduces thedioyield during fast pyrolysi§Abdullah et al.,

2010b, Ruengvilairat et al., 2012)his decrease in bioil yield can be atthuted to
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poor heat transfer and significant increaseracking and secondary reactid&gott

and Piskorz, 1984 Apart from facilitating rapid heat transfer and pyrolysis reaction
particle size reduction also enhances solid (char) separation and collection of the bio
oil (Bridgwater, 2012)

2.1.3.2 Pyrolysis reactions
The actual pyrolysis of the dried and ground biomass takes place in a suitable reactor
where the following steps occ(Babu, 2008)
a) Heat transfer from a heat source, leading to an increase in temperature of the
biomass inside the reactor.
b) Initiation of pyrolysis reactions, leading to the release of volatiles and the
formation of char.
c) Release of volatiles, resulting in heat transfer between the hot volatiles and
cooler biomass particles.
d) Condensation of some of the volatiles in the cooler parts dé#uto produce
char.
e) Autocatalytic secondary pyrolysis reactionsedio gas/solid and solid/solid
interactions.
Heat transfer plays a very important role in determining the success of a fast pyrolysis
process. Heat transfer occurs in a pyrolysis reactor in two steps. Firstly, from the heat
source to the reactor heat triemmsmedium which could be the solid wall in ablative
reactors or gas in entrained flow reactors. Secondly, from the heat transfer medium to
the biomasgBridgwater et al., 1999Heat transfer occurs by means of conduction,
convection or radiation depending thre reactor design and mobile phases involved.
Different reactor designs have been proposed which meet the heat transfer
requirements needed for a fast pyrolysis process. These reactors can be grouped into
the following categories: fluidised bed, trandpdrbed, circulating fluid bed, ablative
(vortex and rotating blade), rotating cone and vacuum reg@aorger et al., 2006)
Figure 2.2 shows two conceptual fagtglysis processes, one integrated with a fluid
bed reactor and the other with a rotatory cone reactor. A detailed description of these
different reactors types can be foundindgwater and Peacocke (20Gf))dRinger
et al. (2006)
In the reactor, the heat transferred to the surface of the biomass particles is then
conducted inside the particle causing an initedease of moisture present in the
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particle. This is followed by the pygyrolysis and rain pyrolysis reactiongBabu,
2008) The prepyrolysis stage is characterised by the release of volatiles such as
acetc acid which flow out of the particles through pores and participate in the heat
transfer process.

BIOMASS
(a) Heat for drying < Gas
Cool &
collect
Cyclone
Reactor
Char
Heat for BIO-OIL
pyrolysis
Fluidising ga.sY Gas recycle
R |
Char
(b) combustor
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Pyrolysis gases
and vapours
Sawdust feed

Sand
T |

Fr / =
/ Rotating
C
7 Rl \/ Sand
& char
SHE Reactor | l

Biomass

Hot sand Ash condenser -

Vapours

Air Bio-oil
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Figure 2.2 Fast pyrolysis process. a) Process using a fluid bed reactor. b) Process
with a rotating cae reactor(Bridgwater et al., 1999, Bridgwater, 2012)

The major components of biomass, i.e. cellulose, hemicelluloses, and lignin, all

undergo thermal degradation with varying reaction mechanisms artbnesates.

The complexity of biomass pyrolysis is further compounded by the fact that these

components and their products interact with each other during the pfikeesst al.,

2016) Figure 2.3 shows the building blocks for cellulose, hemicellulose and.ligni

The rate of decomposition of each component depends on factors such as reactor type,

temperature, particle size and heating rate; with hemicellulose decomposing first

followed closely by cellulose and finally ligniiBabu, 2008) The main reactions

taking place during pyrolysis include dehydration, depolymerisation, isomerization,

aromatisation, decarboxylation, and cirag (Kan et al., 2016)

Hemicellulose is the name given to a group of macromolecules formed by the

polymerisation of monosaccharides such as glucose, mannose, arabinose, xylose, and
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galactose. It is the second most abundant component of biomass after cefidlose a
decomposes between 200 and 300 °C. Hemicellulose decomposition begins with
scission of less stable bonds at 200 °C leading to the formation watemétbBanol,

and formic acid.

& 2 Ri1=0CHiouH
Rz =0CHz eu H
3

a
g o
d}\ 4-0mG
|
—xf\ — Xy — 1 —
Ac

Figure 2.3 Chemical stuctures of biomass constituents. (A) lignin unit; (B) Cellulose
unit; (C) Partial structure of xylan (hemicellulose); (Bgrtial structure of
glucomannan (Xyl: xylopyranose;@mG: 40-methylglucuronic acid, Man:
mannopyranose, Glu: glucopyranose, Gallagapyranose, Ac: acetyl).
(Collard and Blin, 2014)

The fragmentations of acetyl substituesfitdemicellulose structureshich represent

more than 1@vt% of its massalso occurs at about 200 °C and leads to theymtoon

of acetic acidCollard and Blin, 2014)It has been suggested that most of the acetic
acid liberated from wood during pyrolysis is attributed to deacetylation of the
hemicellulose (Mohan et al.,, 2006) Heating up to 300°C causes rapid
depolymerisation of hemicelluloseading to the formation of anhydrosugars such as
levoglucosan, levomannosan, and levogalactosan. Some of these pyran structures are
converted to more stable furan rings, leading to the formation of compounds such as
5-hydroxymethylfurfural, 8methylfurfural and furfuraCollard and Blin, 2014)

Cellulose is a macromolecule made up of over 5000 glucose units. The thermal
degradation of cellulose, like hemicellulose, occurs within a narrow temperature range
of 240 and 80 °C. Cellulose pyrolysis is known to give risenorevolatiles andess

char tran hemicellulose. Among the different biomass components, cellulose
pyrolysis has been studied extensively. Several mechanisms and kinetic models have
been proposed to exjathe decomposition of cellulose and the reactions leading to
the formation of the different products. One such model is the Waterahanism

which is widely accepted as a simplified representation of cellulose pyrolysis (Figure
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2.4). A similar mechanim has been proposed hin et al. (2009)n which the onset
of cellulose decomposition is characterised by the formation oligosaccharides with
lower moleculaunits and further heating results in further bond breaking until only

the anhydremonosaccharide, levoglucosan remains (Figure 2.5).
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Figure 2.4 Waterloemechanism of primary decomposition of cellul¢Radleinet
al., 1991)

The levoglucosan formed can undergo dehydration and isomerisation reactions to
form other anhydrosugars such dsvoglucosenone, and Zahhydreb-D-

glucofuranos€Figure 2.5)
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Figure 2.5 Cellulose pyrolysis. a) Product yields).Proposed Mechanisr{Lin et
al., 2009)

These anhydrosugars can react further by dehydration, fragmentation and retroaldol
condensation reactions to form compounds such as furfural, hydroxyreatiuyél,
hydroxyacetone, glycolaldehyde and glyceraldehydeb&@amonoxide and carbon
dioxide are formed from decarbonylation and decarboxylation readliomt al.,

2009)
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Lignin on the other hand decomposes between 250 and®&0lhfs decomposition
temperature range is wider than that for hemicellulose and cellulose making lignin to
have an apparent thermal stability during pyroly&ian et al., 2016, Bridgwater,
1999) Lignin is a thre-dimensional, highly branched, polyphenolic substance with
no exact structure consisting &f aad iTr
Amet hoxyo s ub s t(Mohanetald20@smigahlignin decompasision

starts at about 250 °C with theeate of volatiles formed from the breakup of alkyl
side chains, e.g. propyl side chains, and methoxy substituents on aromatic rings
(Collard and Blin, 2014)Depending on the actual location of the hydroxyl group on
the lateral propyl chains, @ bond fragmentation may lead to the formation of
formaldehyde, CO and CGQLiu et al., 2008) Increasing the temperature to 400 °C
causes the release of other compounds such as@thanol, acetdéhyde, acetone,

and acetic acid; together with substituted phenolic compounds su¢bras)cresol,
guaiacol and syringdCollard and Blin, 2014)

As the major biomass components decompose as described aboue palgoyclic
aromatic residue, called char, is formed as a result of increased reticulation and
thermal stability caused by ongoing intra/inteolecular rearrangement reactions
(Pastorova et al., 1994, Collardadt, 2012) Benzene structures appear at about 300
°C from dehydrated pyran rings obtained from hemicellulose and cellulose
decomposition. These benzene structures, together with the phenolic structures
obtained from lignin decomposition become more cosdd and crosses linked as
temperature is increased to 500 °C accompanied by the release of more water and
other norcondensable gases such as €0, CQ and CH (McGrath et al., 2003,

Shen et al., 2010, Collard @mlin, 2014) On a dry basis, the char production from

the pyrolysis of cellulose, hemicellulose and lignin is estimated to belbt% ,

207 30wt% and 30i 50 wt% respectivelyHosoya et al., 2007, Qu et,a011)

2.1.3.3 Char removal

Char is catalytically active and is responsible for promoting pyrolysis vapour cracking
reactions(Jahirul et al., 2012)Its presence in bioil has been shown to accelerate
ageing and aggravate instability issu@idgwater, 2003) Ideally, char can be
separated from the hot vapours leaving the pyrolysis reactor by using a cyclone. This
however has a serious limitation as cyclones are known to be ineffective in recovering

fine particles (below -8 microns) which esntually end up in the bioil (Ringer et
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al., 2006) Other char separation methods have been developed and tested with each
having varying degrees of success. Omehsmethod is the use of a modified bag
house filter to separate char form the pyrolysis vapour by hot gas filtration. This
technique is able to produce a high quality-tilowith very little residual char but
comes with a loss of 11015% of the initialiquid yield as a result of vapour cracking
caused by char accumulation on the surface of the (eahill et al., 1997, Ringer

et al., 2006) There are also problems with the sticky nature of fine char and
disengagement of the filter cake from the fil{@&ridgwater, 2003) Alternative
techniques such as -bed vapour filtration and rotary particle separation have been
proposed but also show some limitations due to the complex interaction between char
and pyrolytic liquid which results in a gltke phasethat rapidly blocks the filter
(Jahird et al., 2012)

2.1.3.4 Bio-oil recovery

Pyrolysis vapour product is quite unstable and usually requires rapid quenching in
order to preserve the future bddl components which may otherwise crack to
permanent gases or polymerise to form dfiRinger et al., 2006)The vapour is
actually not just a gas mixture but a combination of true vapour, micron sized droplets
and polar molecule@Bridgwater et al., 1999Pyrolysis vapors form aerosols upon
cooling thereby complicating the liquid collection processes. Column and venturi
scrubbers have both been used fordildecovery and have proved very effective for
large scale processing. Quenching is achieved in such scrubbersingy either
previously collected bimil or an immiscible organic solvent. However, some of the
bio-oil remains as aerosols and additional collection can be achieved using

electrostatic precipitato®eryoga et al., 2014)

2.1.3.5 Bio-oil composition

The bicoil recovered after fast pyrolysis is a dark brown mixture with a moisture
content usually between 1535 wt% comprising hundreds of organic compdsn

such as acids, alcohols, ketones, aldehydes, phenols, sugars, furans, alkenes, nitrogen
compounds and miscellaneous oxygenétes et al., 2016)Solid char and metals

from ash may also be present{oib The actual composition of bioil depends on

the bionass feedstock used and the entire pyrolysis process employed as described

above i.e. drying, particle size, reactor type, heat transfer rate, pyrolysis temperature,
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vapour residence time and bad recovery method. Table 2.3 summarises the PEFB

bio-oil composition as reported by several authors.

Table 2.3 Summary of PEFB bioil composition obtained in literature

(Sulaiman and  (Kim et (Abdullah (Sukiran (Pimenidou (Khor et
Abdullah, al., 2013) etal, etal, and Dupont, al., 2009a)
2011) 2010b) 2009) 2012)
Pyrolysis temperature (°C) 480 500 600
Reactor Fluidised Fluidised Fluidised Kiln
Moisture 7.9 0 7.90 18.74 24.30 5.2
Proximate analysis (%)
Volatile matter 84.3
Fixed carbon 11.3
Ash 0.65 2.43 0.1
Solids
Ultimate analysis (%)
C 69.35 58.65 69.35 49.80 45.23 68.26
H 9.61 7.02 9.61 7.98 6.53 8.02
O 20.02 30.14 20.02 40.29 47.03 21.57
N 0.74 2.74 0.74 1.93 8.5x10° 2.02
S <0.1 0.0611 0.03
H/C molar ratio 1.436 1.92 1.41
O/C molar ratio 0.39 0.61 0.24
HHV (MJ kg?) 36.06 24.9 36.06 2141 19.8 31.44
LHV (MJ kgl 18.4
TAN KOH (mg kg?) 110 76 102.9
pH 3 3.6

2.1.3.6 Bio-oil uses and upgrade

Bio-oil can be used directly as fuel in combined heat and power applisar it can

serve as a source for the extraction of selected chen(Riager et al., 2006)For

heat and power generation, ot can be burned directly inldiired burners or in
medium and slow conventional diesel engiGdshirul et al., 2012)So far, a few
chemicals with potential industrial and economic applications have shown
recoverable potential from bioil. Thesencludes polyphenols for producing resins,
levoglucosan, hydroxyhcetaldefide, fertilisers, wood preservatives, and range of
flavourings and essences for the food indu@Bgyal et al., 2008, Bridgwater et al.,
1999)

Bio-oil can be upgraded via chemical and catalytic means to a product closer to
conventional hydrocarbon fuels. The aim is to achieve full deoxygenation and at the
same time increase its hewivalue and reduce its viscosity. This can be done by
either hydrotreating or catalytic vapour cracking over zeo(ithak et al., 2012)

Both techniques however do not have wide industrial applicatiotodimncerns with
catalyst stability and the high costs invol(@itidgwater and Peacocke, 2000)

A lot of focus recently has been on the thermochemical processingoi tooH, or

syngas; and eventual synthesis of transportation fuels and other hydrocarbons from
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the syngas produced using Fischer Tropsch synttidigul et al., 2012, Bridgwater,
2012)

2.2 Hydrogen production by thermochemical processes

2.2.1 Hydrogen production from fossil fuels

2.2.1.1 Steam Reforming

2.2.1.1.1 Steam reforming process
Steam reforming (SR) is a process widely established in the chemical and

petrochemical industries. It involves the conversion of hydrocarbons with steam into
a mixture of hydrogen and car KSalmetalono x i c
2011) The general steam reforming reaction for a hydrocarbon is given in Eq. 2.1.

CoHm+ nHO Y OH@n +%m)H; 2.1

This reaction is endothermic and usually requires a lot of external heat. Steam
reforming is therefore an energy intensive process with reformers designed to
optimize heat exchaegalongside huge capital investments for heat recovery units
(Dybkjaer, 1995h) The main hydrocarbon feedstocks used are natural gas and
naphtha. Industrially, steam reforming of methane is carried out at pressure$ of 1.4

4.0 MPa and temperatures in the range of 17900 °C(Jonga et al., 2009Desjite

high pressures being therthmamically unfavourable to the reaction, their wide
spread use allow for more economic and compact plants. The mixture of methane and
steam is first preheated and then passed over a catalyst bed (in the reformer) where it
converts to carbon monoxide and hydrogen (Eq. Z&& reformer exit stream is
typically composed of hydrogen, carbon monoxide, carbon dioxide, steam and
methaneTo obtain essentially pure hydrogen, the product stream from the reformer

has its CO shifted in water gas shift reactors where the reaction given by Eq. 2.2 takes
place. Shiftngs of ten carri ed out in two stag
temperatured CO shift) whanhkrclogadmixtug i n b
is sent to a pressure swing adsorption (PSA) unit where the off gasses (unreacted CO
and CH, CG; and 15-20% of the total H) are recycled ta furnace for burning in

order to supply the reformer with heat (see Figurg Zypically, the molar steam to

carbon ratio (S/C) used is about 3 but can be varied over a wide range depending on
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the desiredcompositionfor the product gasgsutz et al., 2003)The WGS reaction
is usually carried out in the presence of a copper catalyst at low temperaturés (210
330 °C) to ensure completeroversion of carbon monoxid€hoi and Stenger, 2003,
Li et al., 2000) The relatively low temperatures are required for the WGS reaction to

proceed to the right since it is an exothermic reaction.

CHis+H0% CO+3H  Hy,=206kI/mol 2.2
CO + HOf CO2+Hs o H,ye=-41 kd/mol 2.3
co2 H2
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Figure 2.6 Steamreforming of methané&e Jong et al., 2009)

Steam reforming can be carried out in several different types of reactors with the main
types being adiabatic preformers, tubular or primary steam reformers, and various
types of heat exchange reforméissbergPetersen et al., 2011)

Apart from the Eq. 2.2 and 2.3, other side reactions take place during steam reforming
including methanation, dry reforming, Boudouard reaction and various equilibrium
controlled carbon gasification reactio(®u and Froment, 1989 his reactions ar

listed in Table 2.4.

2.2.1.1.2 Steam reforming catalysts
Catalysis plays a very important role in steam reforming. Even though the choice of

catalyst depends on operating conditions and feedstock, some catalysts have been
identified to be generally very suitabiickel has been identified as the most suitable
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metal for steam reforming of hydrocarbons and it is mostly supported on refractory
alumina, AbOs, ceramic magnesium aluminate, Mg®@k, cerium oxide, CeQ, and
zirconium oxide, ZrQ(Ming et al., 2002)Other noble metals, especially group VIII
transition metals, have been shown to exhibit very good catalytic agthasberg
Petersen et al., 2011) has been demonstrated by several authors that Ru and Rh are
the most active steam reforming catalyst, with Ir, Pt, Pd antdiey less active
(RostrupNielsen, 1993, Jones et al., 200Byen though Rh and Ru have the highest
activity for steam reforming, nickelupported catalysts are still widely used because
of their low cosf(Liu et al., 2009)

The choice of metal support is known to affect the steam reforming process as some
of them participate in the reaction mechanisms involved espedmlthe rate
determining steps. In one studyang and Gorte (2002parried out steam reforming

of various hydrocarbon fuels andndenstrated that using 1wt% Pd/ceria gave higher
H2 selectivity and C@CO ratio than 1wt% Pd/ADs. They concluded that ceria plays

an important role in the steam reforming process.
2.2.1.2 Partial Oxidation

2.2.1.2.1 Partial oxidation reactions
Steam reforming remains thpreferred process for the production of synthesis gas

from methane and other hydrocarbons but there is a growing interest in alternative
methods such as partial oxidation (POX) and autothermal reforming (&Td¢&hes

et al., 1995, Melchiori et al., 2014The interest in these alternative processes is
because SR provides2/@0O ratios too high for the Fischi@iropsch process and
methanol synthesig\sencios et al., 2012nd also because SR is a very capital and
energyintensive process in which superheated steam, higher than stoichiometric
value, is used to avoid carbon depasitiMelchiori et al., 2014) POX involves the
reaction of a hydrocarbon feedstock with oxygen to yield a mixture of carbon dioxide,

carbon monoxide and water. The POX of methane is shown in Eq. 2.4.

CHi+%0O2f CO+2H  H=-22.6 kd/mol 24

The POX reaction is slightly exothermic and, as a result, rather hard to control
especially in largescale reactor@sencios et al., 2012T his can lead to the formation

of hot spots and zones of instability which can reduce catalyst performance by causing
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catalyst sintering andupport degradatiofDedov et al., 2015)pPartial oxidatio can

be catalytic or nomatalytic. The noftatalytic partial oxidation occurs at high
temperatures (normally ranging between 800 and 950 °C) to achieve hydrocarbon
conversion. During noatalytic partial oxidation, soot is always formed and can be
remowed in a separate soot scrubber system downstream to the partial oxidation
reactor(AasbergPetersen et al., 2001dp catalytic partial oxidation, the reactants

are premixed and all chemical conversion takes place in a catalytic reactor. Eq. 2.7
represents an ideal reaction and, in practice, it is somewhat itoledssavoid further
oxidation of CO andH> (AasbergPeterseret al., 2001h)

Table 2.4 Summary of reactions occurring during methane partial oxidation

Name Reaction SN
Oxidation CHs+ 20, - CO; + 2H,0 1
Partial Oxidation CHs+%0, - CO+2H 2
Partial Oxiddion CHs+ O - CO+2H 3
Water Gas Shift CO+HO D CO:+ H> 4
Steam Reforming CHs+ HO D CO +2H 5
CO; (dry) Reforming CHs+CO, D 2CO +2H 6
CO Reduction CO+H D C+HO 7
Methane Decomposition CHs D C+2H 8
Boudouard Reaction 2COD Co,+C 9
CO Oxidation CO+%0, D CO, 10
Hydrogen Oxidation H,+ %0, D H,O 11

As shown inTable2.4, there are at least 10 other reactions that play an important role

in the partial oxidation fomethane and so the resulting product composition is
determined by the thermodynamics of all possible spé€Emger et al., 2008alt has

been proposed thattalytic POX of methane occurs via two possible mechanisms
which are the direct route and the indirect route. In the direct mechanism, methane
decomposes to elemental carbon and hydrogen and adsorbs on the catalyst surface.
The adsorbed carbon reactsiwixygen on the catalyst surface to form CO which

then desorbs together with.Hh the indirect mechanism, partial oxidation of methane
occurs by means of a sequence of reactions consisting of total combustion of some of

the methane (during which all oxgng in consumed) followed by steam reforming and

COhL6drydé reforming of the remaining met:
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reaction (Bharadwaj and Schmidt, 1995, Heitnes et al., 19%%)r the indirect
mechanismadsorbed carbon (from methane) reacts with adsorbed oxygen to form

CO and this further reacts with more oxygen to form @dich then desorbs.J D is
formed when adsorbed O0HO6 is first oxidis
adsor be dduceHO. TheoesuttingCeand HO desorb and then-adsorbed

in another region of the catalyst bed where reforming reactions takg(laidt and
Shekhawat, 2011b)

CHy(g)
+

. HC H
“1{‘ n| (n
2 AT

(c) J

(a) (b)
Y
+n0,(g)

Direct mechanism Indirect mechanism

C ) H,0 o,

@ e - @
+nCHy(g)
co Steam reforming /\ CO; reforming
CHy H0 CHy CO,
(e) | | i i
(® I ! / ) /

COo(g)

CO(g) + 3Hy(g) 2C0(g) + 2H,(g)

Figure 2.7: Diagram compang the direct and indirect mechanism for the CPOX of
methangSmith and Shekhawat, 2011b)

The reaction mechanisms for the catalytic POX of higher hydrocarbons and
oxygenates are more complex than those described above for methane due to the

numerous side reactions that can occur including those from cracking intermediates.

2.2.1.2.2 Partial oxidation catalysts

The most widely used catalysts for POX are transition metals like Ni, Co, Cu and Fe.
Noble metals like Pt, Pd, Rh, Ru and Ir can also be usethisus limited by their

high cost(Larimi and Alavi, 2012)Different catalysts have been used in th&XRD
hydrocarbons especially methane with nickel based catalysts being the most common
(Silva et al., 2009, Enger et al., 2009a, Enger et al., 2009h)study carried out by
Heitnes et al. (1995)n the POX methane using 5 wt% Ni monolith and 5 wt% Pd
monolith as catalyst, it was demonstrated thainNpregnated monolith possessed
better catalytic properties than Pd with agélectivity of 93 compared to 87 for the
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Pd catalyst. The different catalysts used have been shown to favour either the direct
mechanism or the indirect mechanism during POX elkample Tavazzi et al. (2007)
carried out the partial oxidation of GHand GHs o n 2 w t-AOs.RTingy U
obtained a syngas with about a 1% variation in composition for each component as
predictedby equilibrium and proposed an indirect mechanism model to explain their

results.
2.2.1.3 Autothermal Reforming

2.2.1.3.1 Autothermal reforming overview
Autothermal reforming (ATR) is the process of using steam and oxygen to convert a

fuel into a mixture of Hand CO. ATR is therefore a process combining both POX
and SRreactions(Martin and Woérner, 2011 Autothermal reactors are designed to
couple the edothermic SR reaction with the exothermic POX reaction so as to obtain
thermoneutral (adiabatic) or slightly exothermic syst&wlios et al., 200Q)Apart

from SR and POX reactions, autothermal systems also harbour reactions for coke
formation, coke gasificatioWVGS, methanation and most of the other side reactions
mentioned inTable 2.4(Martin and Wdrner, 2011)The overall reaction occurring

during he autothermal reforming of a hydrocarbon is given in reaction Eq. 2.5.

CiHn+aQ+bHO Y & d#CO + eCQ+ fCHa 25

The coefficients c, d, e, and f depend on the amount of oxygen and steam (a and b)
and also on the extent of side reactions like methanation, coke gasific&iiEfg),
Boudouard reaction and decomposition.
There exist two types of autothermal reforming systems which have been studied so
far. The first one has just a catalyst bed in which both partial oxidation and steam
reforming reactions occur simultaneously. The secgstés is designed to have two
separate sections, in the first section -gatalytic partial oxidation occurs using a
burner and steam reforming reactions takes place in the cataly&dtextli Nezhada
et al., 2009) Autothermal reforming systems based on the former are mastiyl
for fuel cell applications while the latter is ideal for gas to liquid applicatidakedi
Nezhada et al., 2009)
Irrespective of the type of catalyst bed (fixed or a fluidized bed) used, product gas
(syngas) composition is determined by the thermodynamic equilibriurne agxib
temperature, which in turn is determined by the adiabatic heat balRos&up
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Nielsen et al. 2002b) The synthesis gas produced can have mofC® ratios
ranging from 1.5 to 3.5, depending on the feedstock used, suitable for synthetic fuel
synthesigDybkjaer, 1995a)Another sigificant advantage of ATR over SR is that it

can be stopped and started very rap{tiglladay et al., 2009)

In order to maximize byield while reducing the competition between ATR reactions
and unwanted side reactions, ATR reformers are operated at high temperatures (800
to 1200°C), and downstream WGS reaction is edroutat lower temperatures (<350

°C) (Nahar and Dupont, 2013)

Table 2.5: Comparison of reforming technologies

Technology Advantages Disadvantages
Steam reforming - Most extensive industrial - Highest air emissions
experience

Oxygen not required
Lowest process temperature
Best H/CO ratio for H

production
Autothermal reforming - Lower process temperature tha - Limited commercial
POX experience
Low methane slip - Requires air or oxygen
Partial oxidatio - Decreased desulfurization - Low H2/CO ratio
requirement - Very high processing
Low methane slip temperatures

Soot formation/handling
adds process complexity

In order for autothermal reforming to become a veslablished industrial process

for heavy fuel eforming, key issues such as mixing enhancement of reactants and
development of durable catalyst resistant to carbon deposition, need to be resolved
(Yoon et al., 2008)Table 2.5 compares the different reforming technologies.

2.2.1.3.2 Autothermal reforming catalysts
Catalysts used for ATR have to mdet same requirements as those used for SR and

POX such as: be active and selective for major reactions involved in both @SR
the POX reaction sequenceand be robust and able to withstand the high
temperatures needed for optimal yield without significant loss in activitHaynes

and Shekhawat, 2011)ost of the work carried out on ATR has been done with the
same catalysts used for SR and catalytic PApébe et al. (20033tudied the ATR

of methane and propane using several catalgstsisting of 2vt% metal supported

on alumina. They obtained an order of activity of Rh > Pd > Ni > Pt > Co which is
similar to that reported for SR reactions i.e. Rh, Ru > Ni Bt > Re > CqJones
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et al., 2008) The lower performance of the Ni catalyst compared to Pd during ATR

was attributed to its preferential oxidaiby the @ present in the input gas mixture.

2.2.2 Hydrogen production from oxygenates and bieoil

2.2.2.1 Steam reforming of oxygenates

Even though bideedstocks can be easily obtained, their utilization as a source of
industrial hydrogen is greatly limited due tioeir high oxygen content, complex
nature, low heating value and degradation during stqfbgee et al., 2012, Garcia

et al., 2000) Before SR can be carried out, most solid-fieledstocks have to be
converted fist to a volatile state suitable to the catalytic reforming reactions (methane,
bioethanol, biodiesel or bioil) before feeding to a reforming unit. Eq. 2.6 and 2.7

represent the steam reforming of-e@dstocks.

CHrO+(NTK)HO Y nCO +i 202K + m 26
CoHmOk + 2nT k) H:O Y p+®n + m/2i K)/2 H, 2.7

The complete SR reaction, Eqg. 2.7, occurs when HEgis2combned with Eq. 2.3
(WGSreaction). It is noteworthy that, given its mild exothermicity, the WGS reaction
is favoured at temperatures well below those used for SR. It is therefore usual to find
significant amount of CO in the reformer product stream. Theugtatistribution is

also influenced by methanation (reverse of Eq. 2.2) and thermal decomposition
reaction (Eq. 2.8). Methanation reduces the amount of hydrogen produced (it is
favoured at low temperature and high pressure) while thermal decomposition is

responsible for coke formation (it is favoured by high temperature and low pressure).

CHnOcY  @EyO, + gases + coke 2.8

In practice, high temperatures are used to breakdown the hydrocarbon to £4ndCO

H2; and a low temperature reactor is used to shift the product stream to the desired
CO/H; ratio (Czernik et al., 2007)

Among oxygenated fuels, ethanol has received a lot of attention as a feedstock for
hydrogen production via SR owing to its availability as a renewable fuel. A lot of
ongoing research emphasias been on catalyst development and on its application
as a source of hydrogen for mobile fuel cells. The complete equation for the SR of

ethanol (including WGS) is given in Eq. 2.9.
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C:HsOH + 3RO Y 24066 2.9

Liguras et al. (2003)nvestigated the catalytic performance of different loadings of
noble metals (Rh, Ru, Pt, Pd) supported ai©4AIMgO and TiQ on the SR of ethanol

at a temperature mge of 600 850 °C. Their results show that for the same metal
loading, the selectivity towardscibr oducti on was in the ord
Ethylene and acetaldehyde are two undesirablerbgiucts formed during ethanol SR

as a result of dehydration and dehydrogenation reactions respedtigeiras et al.
(2003)reported very minute quantities of these two in their work with noble metal
catalyst especially when the SR temperature was higher than 750 °C. Ni has been
shown to be very active in promoting ethanol SR with high ethanol conversions
obtained at temperatures as low as 450 °C. However, this is accompanied by
significant quantities of ethylene especially if an acidic support such@s idlused.

This results in rapid carbon accumulation on the catalyst leading to loss of activity
and stratural disintegratiorfFatsikostas, 2004, Comas et al., 20@4yetail review

of ethanol SR can be found in the work publishieét al. (2007)

Methanol has been identified as potential sourcexédHnabile fuel cell applications

with substantial amount of research focused on catalyst development. The reaction for

the complete SR of methanol is given in Eq. 2.10.

CH3OH(Q) +HO( g) 2¥CGQH 2.10

Methanol SR is also endothermic but unlike other fuels, optimgidit is achieved

at temperatures below 300 “Takezawa and lwasa (199%rformed SR of methanol

at 220 °C using Cu, Ni, Rh, Pd, and Pt supported over MgéDsL &lcbO3, MOy,

Cr20s, HfO, NOs, A1,03, Si0y, and ZnO. The Gbased catalysts and Pd/ZnO gave
high H selectivities when compateo the other supported catalysts. Results from
several other studies confirm that Cu based catalyst are the most active for methanol
SR and that the activity of these catalysts greatly depend on dispersion of Cu and the
nature of the support usédapavasiliou, 2004, Shen, 2002)

Other oxygenates that have received attention as poteotiates for H include
glycerol and butanol. A regw published byNahar and Dupont (2014kovers
existing literature on the steam reforming of -béedstocks including ethanol,

glycerol, butanol, biail, biodiesel.
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2.2.2.1.1 Steam reforming of bic-oil and model compounds
Unlike methane and other fossil fuels, the use ofdi® as feedstock to produce

hydrogen (orsyngasgas) presents some tough challengesabse of their very
heterogeneous composition and thermal instab{isgia and Lemonidou, 2007)

The main challenge is the formation of coke due to dehydration and polymerisation
reactions which can be mitigated by using excess steamgilbmdendng and
appropriate catalys(Rennard et al., 2010)Due to the enormous variability in
chemical composition that exists among-bits produced from different biomass
sourcegHou et al., 2009h)most experimental and equilibrium studies have focused
on using modetompounds to simulate bml feedstock SR, POX, and ATR.

Among these model compounds, acetic acid has received the most atfeesende

et al. (2015performed thermodynamic and experimental studies on SR of acetic acid
and he results obtained suggests the existence of two possible mechanisms. In one
route, acetic acid is converted into adsorbed acetate specigSQCH) followed by
decomposition into acetyl species (§€HD*). The CHCO* formed latter decomposes

into CHx*and %, giving rise to reforming products and adsorbed carbon (see Figure
2.8). The other route involves the conversion of acetic acid to acetonan@@ater

at temperatures between 327 and 600 °C.

-H*

CH,COO*
3

-OH*

+ CH;COOH

| CO,+ C3;H4O + H,O I

CO,(2)
CO(2)

Hy(2)

Figure 2.8 Proposed reaction mechanism for acetic acid$sende et al., 2015)

The same catalysts used for the SR of methane, hydrocarbons and oxygenates
mentionedpreviously have been used for the SR of Hoib and bicoil model
compoundsBasagiannis an®erykios (2007aperformed a series of acetic acid SR
experiments to determine the activity of different metals (Pt, Pd, Rh, Ru and Ni) and
supports (AlOs, LaOs/Al203, MgO/Al03 and Ce@Al20O3) and the influence of

40



parameters such dke reaction tempeture. Their results show that the Ni based
catalysts have the best activity and highest selectivity toward hydrogen production at
temperatures > 600 °C. The order of catalyst activity obtained was : 17%Q&Al

0.5% Rh/AO3 > 1% Ru/AbOz > 1% Pd/AbOs > 1% Pt/AbOs. They determined that

the amount of carbon deposited on each catalyst at 750 °C was inversely related to
catalytic activity with the most over the poor Pd{®d catalyst and the least over the
very active Ni/AbOs catalyst. With the knowlege that Ni based catalyst are very
active in the SR of biwil model compounds, some researchers have focused on
determining the influence of Ni metal loading and the effect of support on the SR
activity. Wang et al. (20143elected phenol, acetic acid and hydroxyacetone as bio
oil model compounds in their the SR experiments using different loadings of Ni/nano
Al>Os3 catalyst. They btained phenol, acetic acid and hydreagktone conversions

up to 84.2%, 98.2% and 98.7% at 700 °C and S/C = 2 with corresponglinglds

of 69%, 87% and 97.2% respectively. Their results also show that acetic acid and
hydroxylacetone conversions amh yield increased for catalysts with higher Ni
loadings GarciaGarcia et al. (2015g)erformed SR experimentwith cresol as a
model bieoil compound by using Ni based catalyst supported on both conventional
and unconvent iAbQsaJAOs vlipimecsant, zircagn Yand, CeO
Al20s, LapOs-Al203) . At AIed anddlvine $and supported catalysics not
generate any gaseous reforming products. All six tested catalyst produae800

AC with total yield strongly dependent
Al,03> CeQ-Al03> -Al,03> LapOs-Al 03 > olivine sand. This order in hydreg
selectivity change when catalysts initially used at 600 °C were reused at 800 °C. The
new order in terms of decrease inpgtoduction was Ce£Al>03> -A1>03 > olivine

sand > LaOs-Al0s > -AlOs. The improvement in the performance of the reused
olivine sand supported catalyst at 800 °C was attributed to recrystallization causing
an improvement in metal dispersion at high temperatures. They also noted that the use
of ceria as a support modifier promoted coke gasification and reduced catalytic
deactivaion through coking. Other compounds such as cresol, acetone and ethylene
glycol have also been used as modeldi@ompoundgVagia and Lemonidou, 2007,

Xie et al., 2011)

Some researchers have however focusepeoiorming SR experiments using actual

bio-oil or its aqueous fractiofBasagiannis and Verykios, 2007b, Remon et al., 2014,
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Zin et al., 2012)Wang et al. (198) performed SR experiments using both whole and
agueous fraction of poplar bml with commercial and research catalysts. Their
screening experiments on process parameters such as temperature, molar steam to
carbon ratio, gas hourly space velocity, aesidence time revealed that temperature
had the most significant effect orp bield and product distribution. They reported
that SR of bieoil was rendered difficult due tosifpoor vaporisation causing the
residual solid to block the feeding line and tieactor. This meant that a spray system
had to be used to inject the bd or its aqueous fractions into the reactor to avoid
char formation prior to the actual $Baction For the bieoil aqueous fraction, they
were able to obtain conversions of @pli00 % for SR experiments performed with
excess superheatsttam(850 °C and S/C ratios greater than 20).

Catalyst coking and deactivation is a major concern when performing SR-oit.bio
Several studies have been carried in a bid to completely etarinéie formation or
prolong catalyst life during bioil SR. Garcia et al. (2000performed SR of the
agueous fraction of poplar bal on various Ni supported catalyst in an attempt to
reduce coke formation arektend catalyst life. They implemented two strategies in
order to achieve this goals. The first approach was to facilitate partial oxidation and
other coke removal reactions by enhancing steam adsorption on the catalyst surface;
this was achieved by usingagnesium and lanthanum as promoters. The second
strategy was to slow down the surface reactions leading to the formation of the coke
precursors due to cracking, deoxygenation, and daligdrof adsorbed intermediates

by using cobalt and chromium as addis. Their strategy proved successful as the
prepared catalysts, Ni/Mg®l-03;, Ni/MgO-La,0Os3-Al203, Ni-Co/MgO-LaxOs-

Al203, and NiCr/MgO-Lax0s-Al203, all gave better Hyields with improved coke
resistance when compared to a reference BDAlcatalyst for SR experiments
performed at 825 °C and an S/C ratio of 4041 et al. (2008)on the other hand,
proposed a method of reducing catalyst coking and deactivation by performing bio
oil SR experiments in a two gfa fixed bed reactor using dolomite and Ni/MgO
catalyst. They investigated the influence of temperature, S/C ratio and spacty veloci
on gas product yield arslectivity of gaseous carbon prodienhd H. While the first

stage required high temperatures860 °C) and high S/C (>12) to completely gasify
the bicoil, the second stage with the Ni catalyst had very little coke formation and

required a S/C ratio of 2 or more and a reaction temperature of 800 °C to effectively
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convert any CH present to Bl Noble metals such as Rh and Ru have been
demonstrated to have excellent activity as catalysts feoib®R accompanied by a
high resistance to coke induced deactivation. TableoBtéined from Tranet al.,
(2012 shows a summary of catalysts and opagationditions used for the SR of bio

oil found in literature. It is clear from the table that nickel is the most extensively used
catalyst with temperatures ranging from 600000 °C and typical steam to carbon
(S/C) ratios between 2 and 10.

Table 2.6: Catalysts and operating conditions used for SR of btoils found in
literature (Trane et al., 2012)

Type of oil Meta Content Support Temp. S/C GciHSV? Yy Bed Stability
| [wit%] [°C] [mole/mole]  [hY] [%St] type b [h]
Ag. poplar Ni 15 Al;O3 8251 875 571 11 62,300 87 Fixed 0.5
126,000
Ag. pine Ni¢ 80071 850 779 77071 89 Fluid 920
1000
Hemicellose  Ni¢ 850 7114.1 8007 77 Fluid 25
1000
Glycerin Ni¢ 850 21127 1400 74 Fluid -
Grease Ni¢ 60071 850 2.715 9501 82 Fluid 16
1100
Hardwood Ni¢ 850 5.8 80 Fluid 16
Hardwood Nid 850 5.8 - 90 Fluid 4
Saw dust Ni 20 Dolomite 6007 800 27 10 1.5 (W) 74 Fluid 5
Ag. Saw dust  Ni 20 Dolomite 800 6.5 1.5 (W) 74 Fluid 5
Ag. Beech Nid 30011000 8.2 30071 600 90 Fixed 5
wood
Ag. Pine Ni 28.5 Ca/MgAl 650 7.6 54001 - Fluid 2
wood 800
Saw dust Ni 7.2 MgO 700-900 17 16 1.5 (W) 80 Fixed?
Saw dust Ni 15 2-Al,03 3501 550 6.1 12,000 50 Fixed
Saw dust Ni 15 CNT 35071 550 27 6.1 12,000 92.5 Fixed 6
Beech wood Pt 1 CeysZros0, 7001 780 2.57 10 0.67 2.5 70 Monolit
h
Beech wood Rh 1 CeysZrps0, 70071 780 2.57 10 52 Monolit
h
Ag. Beech Ru 5 MgAI,O4 55071 800 7.2 3000 60 Fixed > 45
wood 17000
Beech wood Pt 1 Al,O3 860 10.8 3090 40 Fixed
Beech wood Rh 1 Al,O3 860 10.8 3090 60 Fixed
Beech wood Pt 1 CezZrg 7407 860 10.8 3090 70 Fixed >9
Beech wood Rh 1 CezZrQy 860 10.8 3090 75 Fixed
Model oil 19 Ni 7.2 MgO 4501 850 17 10 0.8 (W) 85 Fixed 8
Model oil 20 Ni 7.2 MgO 45071 850 17 10 0.8 (W) 85 Fixed 10
Ag. rice hull Ni 51 12 CeOi ZrO 4501 800 3.21 5.8 - 70 Fixed 0.5

a (W) indicates that the SV is WHSV (weight hourly space velocityotal mass flow rate divided by catalyst mass).

b Time for the conversion or YH2 to decrease 10% from its initial value. >X indicates that data in the article are skiown for
hours, but the

conversion have not decreased 10%.

¢ C1ENK from SudChemie.

d NREL catalyst.

e 2stage reactor with a guard bed.

f Autothermal conditions.

g Consisting of equal amounts of methanol, ethanol, acetic acid, and acetone on a weight basis.

h Consisting of equal amounts of furfural, phenol, catechol, antesol on a weightdsis.
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2.2.2.2 Partial-oxidation of oxygenates

POX of oxygenates and other Hiedstocks (such as biodiesel and-tid is a
growing area of research but much work still remains to be done. The general POX
reaction of oxygenated biofuels is represented by Edl arid can be slightly
exothermic or endothermic (depending on the n/m ratio of the fuel). The presence of
oxygen in the reactor feed can also lead to the complete oxidation (COX) of some of

the input fuel. The COX reaction is represented by Eq. 2.12 wiary exothermic.

CoHmOx + (/21 k/2) O2Y n CO /2¥Hz ( m 211
CoHmOc + (N + mai kj2) 02V n €40(my2) H0 212

Most studies carried out on tROX of oxygenates have centred on alcohols such as
ethanol, methanol and glycerol with focus on catalyst activity, selectivity to syngas
production and resistance to coke formation and deactivdtigaras et al. (2004)
examined the POX of ethanol using 8% loadings of Ni/LaOs supported over
cordierite monoliths, mullite ceramic foams, zirca@d umi na cer admi ¢ f o
Al2Os3 pellets as catalysts. All the catalysts examined proved to be very active with
ethanol conversions > 99 % reached for all experiments carried out 4C6&ed
hourly space velocity of 5250 H, selectivities up to 95% were obtained with the
Ni/La20Os washcoated on the cordierite monolith even after continuous operation for
70 hours. They also reported trace amounts #14CCoHe and acetaldehyde in
experiments performed with this catalyst. Other metal such as Cu, Zn, Pd, and Au
have been identified to promote POX of some oxyger{@ast al., 2008, Schuyten

et al., 2009, Fixman et al., 2007, Rodrigues et aD92®Balge et al. (2005tudied

the POX of ethanol usingh, RkCe, Pt, Pd, and RRu supported on ceramic foams.
They concluded that ethanol adsorbs as an ethoxide specie on the Rh catalysts
followed by complete decomposition to carbon, hydrogen and oxygen. These
adsorbed species then undergo surface readigesher with previously adsorbed
oxygen to produce £ CO, CQ and CH. The RRCe catalyst was most active,
attaining over 95 % ethanol conversion and 80 %skHlectivity (close to the
equilibrium value of 82 %) at a ba¢&ce temperature of 810 °C anfidratio of 0.7.

The order of catalyst activity in syngas production (hydrogen selectivity) was
established to be RRe > RliRu > Rh > Pd > Pt. One reason accounting for the poor

performance of the Pd and Pt catalysts was that adsorbed ethoxides species te
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undergo dehydrogenatido form acetaldehyde on both surfaces thereby reducing

syngas formation.

2.2.2.2.1 Partial oxidation of bio-oil and model compound
Not very many studies have been carried out involving the POX dafibio produce

hydrogen or synga# one study carried out lWarda et al. (2009synthesis gas was
produce by noftatalytic POX of bieoil derived from poplar wood. The temperature
was varied from 625 to 850 °C and oxygen to carbon molar ratio (O/C) from 0.7 to
1.6. They reported high yields of CO ranging between 50% and 70% (of the
stoichiometric maximum possible frothe biceoil). Hydrogen yields were much
lower, about 25% of the maximum possible, with-bibcarbon to gas conversion
between 85% and 95%ennard et al. (20)®n the other hand carried out POX of
pine bicoil (stabilised with 1@vt% methanol) using Ri€e monoliths. They obtained

a biooil conversion ofabout 97% of the theoieal maximum at a reactor frofdce
temperature of 650 °C, C/O ratio of 0.71 and ggace hourly space velocity (methane
equivalent) of about 14000thCoke build up was a major issue at lowf&ed flow

(low O/C ratio) as it impaired reactor operation resulting to very low conversions.

2.2.2.3 Autothermal reforming of oxygenates
The overall eaction occurring during the autothermal reformifgoxygenated

hydrocarbos is given in Eq. 2.13

CoHmOk+aQx+aHO Y 2¢ #CO + eCQ+ fCH4 2.13
Autothermal reforming of oxygenates has been suggested as a means to sustainably
produce hydrogen from renewable biomass resources; especially as some of these
compoundspresent attractive reforming properties, such as low boiling point, low
processing temperature, and minimal amounts of catalyst contamiHaytses and
Shekhawat, 2011)Methanol, ethanol and glycerol have all been suggested as
potential fuels for hydrogen production by ATR as an adtive to the energy
intensive steam reformin@Murcia-Mascaros et al., 2001, Liu and Lin, 2012, Fierro
et al., 2003, Rennard et al., 2009jost methanol ATR experiments have been
reported with different variationsf active and cost effective chased catalysts
combined with promoters such as Zn, Cr, Ce an(¥dng et al., 2013)The activity
of these catalysts rely greatly on metal dispersion and reducibility of surface Cu
(Haynes and Shekhawat, 201Chang et al. (2010hvestigated the influence of the
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amount of AbOs, CeQ and ZrQ on CuO/ZnO supported catalysts used for the ATR

of methanol. They found out that all three metaides promoted CuO and ZnO
dispersions. However, high loading of28k lowered the reducibility of the catalyst,

due to the strong interaction between@d and CuO, thereby reducing the ATR
activity of the prepared catalyst. They recommended a maximp@? Wlading of 10

wt% in order to ensure the stability and the mechanical strength of the catalyst. On
the other hand, their results showed that £fe€@eased the reducibility of the catalyst

but at the same time reduced its ability to promote reformirgjioas. Finally, ZrQ

was found to improve the reducibility of the catalyst, and promoted the ATR reactions.
Other studies on the ATR of methanol can be found in existing liter@®atel and

Pant, 2007, Agrell etl., 2003)

The ATR of ethanol has been studied and proposezh@&sxcellent alternative to
produce hydrogen for staradone fuel cells for use in cafgoun et al., 2008)Fierro

et al. (2003)examined the ATR of ethanol over various Ni based catalysts for S/C
ratio of 0.8 and @C ratio of 0.34. In homogenous studies (i.e. no catalyst present),
they were able obtain ethanol conversiasshigh as 95% at 700 °C witomplete
oxygen conversion obtained above 550 °C. Product selectivity was rather constant for
temperatures higher than 500 °C with average values of 30, 50 and 18 % @® H
andCzH4 respectively. Using a 28t% Ni/Al 2053 catalyst, the selectivity for £1CO,

COz ard CH, obtained were 80, 55, 30 and 12 % respectively. They also showed that
H2> and CO selectivities increased while that ofs@Hd CQ decreased with noC
compounds produced as temperature was increased to 800 °C. Tests with bimetallic
catalysts reveatk that the addition of Cr, Zn and Fe decreasepkbduction at
temperatures lower than 750 °C. While above this temperature the order of catalyst
activity becomes NiZn > Nii Fe > Ni Cr > Ni > Nii Cu. Other authors have focused

on the use of noble metals eatalysts for ethanol ATR witalge et al. (2005)
proposng the following order of activity, Rh > Pd > Pt. The addition of Ce to Rh
based catalysts has been shown to increasseléctivity and catalysts stability
(Deluga et al., 2004, Salge et al., 2005)

2.2.2.3.1 Autothermal r eforming of bio-oil and model compounds
Very few experimental studies have been carried out on the ATR of whets! loio

bio-oil fractions. The main challenge with using 4oib as a feed for hydrogen
production as mentioned earlier, is tleeking takirg place on thdot reactor walls
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and catalyst surface. The presence of oxygen during ATR is an added advantage as it
can be used to simultaneously bwfi any coke formed on the catalyst or reactor
walls. Rennard et al. (201®howed in their study that the presence of watging

ATR helped to increase conversion and hydrogen yield under the same conditions
used for POXCzernik and French (2014erformed the AR of oak, poplar, pine

and ligninfree oak bieoils using a noble metal catalyst (0.5% Pi#2d). For ATR
experiments carried out at 850 °C and space velocity of 200@hky reported
conversions of 70, 89, 86, and 89 % for the oak, poplar, and pinegyaimdfree oak
bio-oils respectively with corresponding bields of 8.5, 11.0, 10.8nd 3.0 g/100 g

of bio-oil feed Most of the unconverted carbon was a result of incomplete volatility
which caused about 11 30 % of the initial bieoil to form carbon dposits in the
evaporatotherebyaffecting overall product yield.

2.3 Mechanisms of carbon (coke) formation

The risk of carbon formation is of great concern during the reforming of fuels since it
can deactivate the catalyst and lead to a decrease in refaffiagigncy and process
stability (Yoon d al., 2008) Carbon formation can occur in three different forms:
pyrolytic coke (collective description of various kinds of carbonaceous deposit),
whiskers, and gum. Pyrolytic coke and whiskers occur mainly at high temperatures
while gum formation is @roblem at low temperaturéRostrupNielsen et al., 2002b,
Trane et al.,, 2012)Eq. 2.14 to 2.21 represent the different chemical reactions
responsible for coke formation during SR, POX and ATR. CO reduction, Boudouard
reaction, thermal decomposition and gurmfation are all catalytic reactions and so
depend on the type of catalyst ug&dane et al., 2012, Alstrup et al., 1998b, Trimm,
1999) Pyrolytic coke formation is a necatalytic process and dependn the
feedstock used and operating parameters such as feedstock mixing and reactor

temperatur€Yoon et al., 2009)
CO reduction:

CO+Hf Cs+HO 2.14
Boudouard reaction:

2C0Of GCs+2CO 2.15
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Thermal decomposition:

CHsf Cs+2H 2.16

CoHm# NCs+ my2 Hz 217

CoHmO£ (N1 K)Cs + my2 Hz + kCO 218
Pyrolytic coke:

CoHm Y olefinsY coke 2.19

CaHmOk Y CxHyO; + gases + coke 2.20
Gum:

CHmY (9N gum 2.21

Many studies have been carried tmtunderstandhe carbon formatiormechanism
during methane reforming. These studies have mostly focused on the identification of
carbon type and morphology, nucleation and growth mechanisms, the influence of
reaction conditions and catalyst structure, agameter modifications to reduce
carbon formation(Chen et al., 2007)As mentionedin previous sections,hé
mechanism for steam reforming of hydrocarbons proceeds via dissociative adsorption
on the catalyst surfag@rimm, 1999) Eq. 2.22i 2.26 show the step®if methane
steam reforming on nickel catalyst. It begins with the separation and chemisorption
of CHz and H species on active sites on the catalyst surface (Eq. 2.22). At sufficiently
high temperatures, GHs subsequently dehydrogenated stepwise to yirfaitm
adsorbed C and H speci@sstrup et al. 1998b) Adsorbed H atoms can then react to
form hydrogen gas while adsorbed C reacts with adsorbed O to form carbon monoxide
(Eq.2.25 and 226 respectively).

CHs+ 2*% CHs* + H* 2.22
CHs+ (57 x)* £ CHy* + (47 x)H* 2.23
H2O + 3*f O* + 2H* 2.24
2H* § Ho+2* 2.25
C*+0O*f CO+2* 2.26
* is for an adsorption (active) site on the catalyst surface

1Q0 4
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A similar sequence of reactionarcbe used to describe steam reforming of higher
hydrocarbons but their adsorption on the catalyst surface is féstan et al., 2009)

The adsorption of carbon on catalyst is faster for higher hydrocarbons and it is found
in practice that this results in an increased rate of carbon accumulation atatiistc
surface and so coking therefore becomes more prono(fcean, 1999) All in all,

the rate limiting step for methane SR is the dissociation of the hydrocarbon molecule
(Eq. 2.22). Meanwhile for olefins anghraffing the rate limiting step is the diffusion

of carbon into the nickel crystaince their dissociation is very fg&ostrupNielsen

et al., 2002h)

According toTrimm (1997) the monoatomic carbon formed on the catalyst sarfa
referred to as € is very reactive and can be easily gasified by reactions such as that
given in Eq. 2.26 to form carbon monoxide. However, if an excesgisff@med or
gasification is slow, then it can polymerize to form the less reactwehith may
accumulate orhie catalyst surface (resulting in encapsulation) or may dissolve in the

nickel crystal Figure2.9).

2H, CH, gasification with CQy, H;O or H,
IS
|
| 2 5 9
6
4H + C~ ¥ CB — encapsulation
» * 3 L]

N

4 8 Ni;,C

dissolution
10

v

dissolved carbon

l
i1l

whisker formation
Figure 2.9 The proposed mechanism of steam reforming (Trimrh,2997)

The dissolved carbon migrates through the nickel crystal and accumulates at the
interface with the catalyst support leading to the formation of whiskers.

Evidence gathered so far indicates that there might not be a unique mechanism for the
deposiion of carbon since the resulting structure (morphology) depends on
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parameters such as type of hydrocarbon, type of catalyst used, catalyst particle size,
and reforming temperatu(RostrupNielsen et al., 2002bWhisker carbon, as shown

in Figure 2.10is characterised by long filamentous nanofibres (graphene tubes) which
tend to be very destructive they are formed on the metal/support inter{desberg
Petersen et al., 2011\Vhiskers leave most of the catalyst surface free to catalyse
reactons but their continued growth leads to catalyst disintegration and increase
pressure drop in the systegffirane et al., 2012) Nucleation of carbon atoms and
eventual growth to form whiskers occur faster on the more active step sites of nickel

reflected by the kinetics shown in equation (2.24).

— 00 o 2.27
Where

Cw is the concentration of carbon atoms,

ke is the rate constant for the growth of the whisker

t is the time , andis the induction time needed for nucleation to begin

Figure 2.10Electron microscopy images of whisker carbon (A), encapsulating carbon
gum (B) and pyrolytic carbon on the M@@ls support(C) of a Ni/MgALOa
reforming catalyst¢Sehested, 2006)

Ideally, to should be infinitely long since after nucleation, the carbon growth rate
becomes constafRostrupNielsen et al., 2002bYhe only way fot, to be infinitely

long is to work under conditions in which carbon formation is not thermodynamically
possible. This is indicated by tharbon limit of the given hydrocarbon feedstock and
depends on the process temperature, steam/ceatboand oxygen/carbon ratio (for
autothermal reforming). For a given feedstock and at given temperature, carbon will
be formed below a given steam/cambmtio given by A on Figur@.11 This
steam/carbon raticeduceswith increasingemperatureand can be pushed towards
the thermodynamic limit B by using promoters like alkali metal.
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The carbon limit can be pushed further to C by the use of noblesnagtdlsulphur
passivatior(Alstrup et al., 1998a)

More critical conditions

~

C B AA
C - affinity in No C - affinity
equilibrated gas in actual gas

Figure 2.11 Carbon Limits: A' no affinity for actual gas; A real carbon limit; B
principle of equilibrated gas; C sulphur passivation, noble m@&ksup et al.,
1998a)

For higher hydroadons it is recommended to operate in conditions where the carbon

l imit shows no affinity for carbon for ma
are irreversible and the presence of paraffins, aromatics and oxygenates further
complicates the pross.

Sulphur and alkali reduce the risk of carbon formation by completely or partially
blocking the most active (step) sites of Ni catalyst thereby preventing carbon
nucleation from occurring. This reduces the activity of the catalyst and can cause other
undesirable effects like sinterin@lrane et al., 2012)This decrease in catalytic
activity (turnove frequency) has to beeighedwith the cost of carbon formation
during theentirereforming operation.

Carbon growth is not energetically favourable before the carbon island (formed by
nucleation) exceeds a critical size. Therefore working with smallel particle size

can delay the growth phase. The minimum carbon island needed to initiate complete
growth has been estimated Dgnsity Functional Theory (DFTalculations to be 25

A° and it is recommended to work with metal particles sizes less thakf 50
diameter to minimise whisker formatigRostrupNielsen et al., 2002b)t has been
shown thafor catalyst with small nickel crystals, about 7 nm, the temperature for the
onset of whisker carbon formation is approximately 100°C higher than that for that

large crystals (about 100 nrfRostrupNielsen et al., 2002b)
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As explained earlier, pyrolytic coke formation is non catalytic and depends on the
feedstock and process conditions. Longer chgilrdtarbons are more susceptible to
thermal cracking than methane and this leads to the formation of ethylene which has
been demonstrated to be a major coke initigfoon et al., 2009, Yoon et al., 2008)
Yoon et al. (209) studied the effects of ethylene on carbon formation during the
autothermal reforming of diesel and found that ethylene was produced in the absence
of catalyst. They established that reasingS/C ratio and/or oxygen/carbon ratio
reduced the amount of coke formed by favouring the effective decomposition of
ethylene on the catalyst (oxidation) and also by favouring the forward directions of
the WGS and coke remowgasificationreaction(Eg. 2.28)

C+2H0% CO+2H 2.28
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Chapter 3 Materials and Methods

3.1 Introduction

This chapter presents a succinct description of the materials and methods used in the
course of this research project. Thnelude details of the experimental rig, gas
analysis equipment, some properties of the model compounds used and also
characterisation data of both supplied and prepared catalysts. Chapter 4 and 5 contain
complete descriptions of the modelling method aggplising the CEA equilibrium
software and Aspen plus process simulator softwaoéh used toperform

thermodynamic equilibrium analysis and process simulation respectively.

3.2 Experimental rig

The schematic and a picture of the packed bed reactor setupirfexet rig) used

for ATR experiments are shown kigure 3.1 and Figure 3.2 respectively. The rig
consists of a down flow 316 stainless steel tube reactor with 10 mmahtkameter
placed inside an electric tube furnace (Elite Thermal Systems TSV10/20/85 or
TSV12/38/120) to provide external heating.

Fuel syringe Water syringe

\ 4

,,,,,,,,, Syringe pump  Micro GC

Mass flow 03
controller ) — o
—{OE30 Vaporiser

To Vent

. Pico logger - »-[ETT) PC using
=z Galaxie software
H =
B o000
Temperature Condenser

controller To vent

Thermécouple

Condensate
collector

Figure 3.1 Schematic diagram of experimental rig
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Syringe pumps

Pico
logger

Evaporator

Heating
tape
controller

Heating
tape

Reactor

Micro GC

Mass flow |
controllers &

| Thermocouple | | Condenser|

Moisture trap
Temperature Condensate
controller trap Cordensate tap

Figure 3.2 Picture of reactor setup and auxiliary equipment
The stainless steel reactor inlet is connected through a mixing cross connector to pipes
leading from the fuel (bideedstock) vaporiser, water vaporiser andigpst. Water
and liquid biefeedstock are fed separately into the reactor by means of programmable
syringe pumps supplied by New Era Pump System Inc (moddl@08). Depending
on the experiment, theoNH. or air flows are controlled separately using MKS mass
flow controllers which employ thermal sensors for flow measurement together with a
fast acting proportioning valve. A pidogger console is used to monitor the
temperature readings from various thermocouples placed at different points on the rig
notablythe two vaporisers and the bottom of the reactor. A heating tape is used to
maintain the fuel, steam and gas temperature in the tubbing leading from the
vaporisers to the reactor. A stainless steel condenser isousaal down hot product
gas leaving theeactor. This is achieved by using a 30 vol. % ethylene glycol/water
mixture flowing counter clockwise from a chiller (Fisher Scientific 3016S) s&& at

°C. A tap is connected to the condenser trap to facilitate condeasatgaland the
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cooled producgasis directed to flow to a silica gel moisture trap by means of a two
way valve. The glass indicating moisture trap supplied by Agilent Technologies
(model 51829411) is filled with orange silica gel pellets from Sigma Aldrich. An on
line micro gas chroatograph(GC) is attached at the end of the rig and used for gas

analyses.

3.3 Micro GC

Dry product gas leaving the rig by way of the moisture trap was analysed using a
micro gas chromatograph (Micro GC) supplied by Varian Instruments, UK (model
CP 4900). Thenicro GC is equipped with two thermal conductivity detectors (TCD)
and two columns which are a Molecular Sieve 5A plot column and Pora Plot Q
column. The Molecular sieve 5A plot column (column 1) is 10 m long and is used for
the analysis of permanent gasegh as hydrogen, oxygen, nitrogen, methane, and
carbon monoxide. The Pora Plot Q column (column 2) is used to detect carbon
dioxide, methane, ethane, ethene, propane and propene. Both columns were tuned on
argon as carrier gas. The micro GC is also ditteith two precolumns both
responsible for preventing unwanted condensate or moisture from entering the
principal columns. For proper functioning, column 1 was operated with a backflush
of 13 s in order to prevent GAmoisture and higher hydrocarbonsnir getting inside

and blocking the pores of the molecular sieve. The total run time for gas analysis was

about 3 minutes making it faster thather conventional gas analysnethods.

\ \ S
Running. Dont oY l Ri

Figure 3.3 Micro GC Vaiant CP 4900
The Galaxie data acquisition software provided by the manufacturer was used to
configure and operate the micro GC. The GC inlet sample line was maintained at 45°C

with a sampling time | asting 2006stha The
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pressure of 100 kPa during analysis. An external standard method was used to
calibrate the instrument by using different gas mixtures with known compositions.
The different calibration plots used for gas identification and quantification are given
in AppendixB. After each experiment, the columns were conditioned byirigeto

180°C and maintained #tis temperature overnight to get rid of any moisture which

might have entered them.

3.4 Catalyst and catalyst preparation

3.4.1 Nickel catalysts

Two commercial gade nickel catalysts, 18t% NiO/Al>Oz3 and 15wt% NiO/CaO
Al203, henceforth termed NAl and NiCaAl respectively, were obtained as pellets
of 11 and 16 mm diameter respectively from Twigg Scientific & Technical Ltd (UK).
The catalysts were crushed anelveid to obtain a particle size of 0.355 mm before

being used for reforming experiments.

(@) (b)

Figure34Cat al yst pell ets aAldO cvtNiGRA0:. (l))at al vy
0 NCa Al 6wt% NiQ/6aCAIO3

3.4.2 Prepared Catalyst

Alwt%Rh/AbOsc at al yst (hend&ébdodr ahdRhie3wde d 6 Rh
Ce/AkOscat al yst (hencefl@nt hwetr er rhehdusetbiph @e a

t he author by wet i mpregnat i oAO:palets used

(1/8") obtained from Alfa Aesar were crushed and sieved to a particle size ranging

from 0.3551 1 mm and used as support for catalyst preparation. Depending on which
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catalyst was being prepared, a known amount of rhodiin nitrate hydrate,
(Rh(NGs)3.xH20 with ~36% rhodium), supplied by Sigraddrich and cerium (lll)

nitrate hydrate, (Ce(N£k).xH20 with x = 67), supplied by Alfa Aesar was dissolved

in 50 ml of deionised wat-Al10ssupportavas3hén0 ml
added to the salt solution and the resulting slurry was slowly stirred using a magnetic
stir bar on a hotplate stimanaintained at 60 °C until most of the water was
evaporated. I n a t-plgOswasusedwith®.p883 goftRh salt , 3
for the 1 wt% Rh catalyst. Similar quantities where used for the RiCatalyst with

the only difference being the @ition of 0.279 g of Ce salt.

(d)

©

C)
(b)

Figure 35Pr epared <catal yst at -AlyGswith anlageraget age s
grain size of 6 7AROs D®Baml salbspluticdl (¢) Balidy o f
recoveredfom dri ed sl +Ad By .= (CdivodRniRBv@% 1
Ce/Al0:. (eAl @ Rh Cwatto®h AbQ@s 1

The partly wet solid obtained after heating on the hot plate was then dried overnight
in a muffle furnace at 105°C (Lenton Thermal Design, LA/B&/250). Using the

same muffle furnace, thdried solid wagalcined at 550C for 4 hours.

3.4.3 Monolithic catalysts

Two honeycomb monoliths,-Rl (1wt% Rh/A-Al20swashcoat on cordierite hd RG

M (1 wt% Rh - 3 wt% C e JAlaOs washcoat on cordierite ), prowed by Twigg
Scientific & Technical Ltd (UK) were used for acetic acid ATR experiments (Chapter
7). The monoliths were 42 mm long and featured a cell density of 400 cpsi (cells per

square inch), corresponding to square channel@afim sides and 62 celper cnf.
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Typical wall and washcoat thicknesses range fr@h Z 0 On. Assuming a typical
washscoat loading on the cordierite monolith of 15 ¥&i, 1975)and, based on a
bulk density for the 400 cpsi cordierite monolith of 320 kg igHayes and
Kolaczkowski, 1997)the mass of Rh in betmonolithswas estimatedbe 4.3 mg,
compared to the 2 mg of Rh for the prepared powder catalyst$o(Rh/Al>Os3,
1wt%Rh-3wt%Ce/AlOs).

*\'s-rsw'
\G\\IM;o;
| —
Figure 3.6 Monoliths used for ATR experimentswi R h /AkOsz washcoa

monolith on the right (RVl), 1 wt% Rh- 3 wt% C e JAl2a03 washcoat monolith
on the left (RGM).

3.5 Bio-oil model compounds

Several bieoil model compounds were used as feedstock either individually or in a
mixture for various experiments performed in tharse of this studyTable3.1 lists

the various compounds used and their physical properties.

Table 3.1 Some physical properties and supplier information of theobhimodel

compounds

Compound Molecular  Boiling Density Purity Water solubility Supplier
formula point (K)  (glcm?) (%)

Acetic acid C,H40O; 391 1.049 99 Very soluble SigmaAldrich
m-cresol C;HgO 284 1.034 99 2.35g/100 ml @ 20 °C SigmaAldrich
Formaldehyde CH,O 254 1.09 37 Very soluble Santa Cruz Bio. Inc.
Acetaldehyde C,H,O 293.2 0.785 99.5 Very soluble SigmaAldrich
2-butanone CsHgO 353 0.805 99.9 Soluble SigmaAldrich
Furfural CsH402 434.7 1.16 99 Soluble SigmaAldrich
Phenol CeHsO 454.7 1.071 >98 849/1000 ml @ 20 °C Merck Chemicals Ltd
Crecsol CgH100- 492.5 1.092 >98 Alfa Aesar
Guaiacol C;HsO, 478 1.129 >08 23.3 g/1000 ml @ 25 °C Cayman Chemical Co.
Catechol CeHsO2 518.5 1.37 99 451 g/1000 ml @ 20 °C  Alfa Aesar
Palmitic acid Ci6H320; 624 0.852 98 5x10%1000 ml @ 20 °C Fisher Scientific
Levoglucosan CeH100s 657 1.69 99 Very soluble Carbosynth Ltd
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These compounds were selected so as to represent the various chemical families found
in typical bicoil (acids, ketones, sugars and furans) formeuhfpyrolysis of the three

main components of biomasseg section 2.1.3.2

3.5.1 Bio-oil surrogate formulation

Several authors agree that by grouping-dilocompounds into chemical maero
families, the modellingf bio-oil reactions and other processes beceaselBranca

et al., 2003, Ba et al., 2004)his makes it possible for the bail to be considered as

a simple mixture of few groups of compounds insteati®hundreds of compounds

it actually containsAccording to(GarciaPerez et al., 20076he understanding of this
chemtal families characterised Iparaneters such as boiling point and molar mass
distribution could provide a realistic description of -bib behaviour. The thermal
degradation of the individual chemical macro families present in theibi® given

by the Eqg. 3.1 3.5(GarciaPerez et al., 2007)

— B 4 — 3.1

EEm— 32
— 0A@GD— p | 33
B a p 34
a — 35

Where— is the instantaneous vaporisation rate;is the mass fraction of component

j; & , the mass fraction of volatiles from componert j;the preexponential factor
corresponding to thihermal degradation of componeri@j; the activation energy for
the thermal degradation of componeri,jis the reaction ordeg , the mass of solid
residue. The values far , 0 , ‘O, and¢, are obtained by curve fittinderivative
thermogravimetrfDTG) data using a leasgjuare regression analysis.

Using the above methodology presentethe workby GarciaPerez et al. (2007)he
thermogravimetric analysis (TGA) data of a palm empty fruit bunch (PEFB)ibio
from aprevious study byimenidou and Dupont (201®)as analysed. Firstly, the
TGA curve was transformea ta DTG curve from which the possible number of

macro chemical families was identified based on its shapdé-{ges3.7).
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Figure 3.7 TGA curve and correspondiigTG curve from PEFB bimil
(Pimenidou and Dupont, 2012)

Curve fitting was performed with MS Excel by using fudver function to minimise

the sum of the difference between the squares of the actual DTG values and those
predicted by the model. Initial values for the model were obtained by selecting
approximate valuef, 0 , &£, andd which were then w@ed by the solver function

to meet the minimisation criteria. Two constrains were included in the solver function
(Eq 3.6 and 3.7).

Ba p 3.6

0,0 ™ 3.7
The fitted values obtained far, O, and¢ do not have any real physical meaning

(GarciaPerez et al., 2007)

3.5.2 Bio-oil surrogate preparation

A Bio-oil surrogate was prepared by accurately measuring and mixirdjftéent

model compounds selected to represent the identified chemical -faatii@s in

PEFB bicoil. 500 g of bieoil surrogate was taken as the basis for calculating the
various quantities of individual bioil model compounds needed in the mixtureglas

on their previously determined mass fractions. The surrogate was prepared by
successively adding the different compounds into a 600 mL beaker placed on a
hotplate stirrer with a magnetic stir bar set for mild stirring. The entire mixing process
was perbrmed in a fume cupboard while wearing appropr@gesonal protection
equipment PPB. Distilled water was the first component added to the empty beaker
after which the remaining components were added based on their water solubility

from the highest to #hleast soluble.
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Table 3.2 Composition of bieoil surrogate prepared on a 500 g basis

Mass In 500 g Purity Density volume Additional Liquids Solids

fraction  solution (Wt%)  (g/ml) (ml) H20 (ml) (ml) (9)
Formaldehyde 0.083 41.48 50 1.09 76.12  41.48 76.12
Acetaldehyde 0.008 3.77 99.5 0.785 4.83 0.02 4.83
2-butanone 0.008 3.77 99.9 0.805 4.69 0.004 4.69
Acetic acid 0.075 37.71 99 1.049 36.31 0.38 36.31
Water 0.238 119.09 100 1 7637 O 76.37
Furfural 0.136 67.88 99 1.16 59.11  0.69 59.11
creosol 0.030 15.09 99 1.092 1395 0.15 13.95
Phenol 0.008 3.77 100 1.071 3.52 0 3.77
Guaiacol 0.121 60.34 100 1.129 5345 0 60.34
Catechol 0.249 124.45 100 1.37 90.84 O 124.45
Palmitic acid  0.008 3.77 100 0.8 4.43 0 3.77
Levoglucosan 0.038 18.86 100 1.69 11.16 0 18.86
Total 500 42.73 27139 211.19

* Methanol contained in the 37% formalin solution was considered as formaldehyde

Formaldehyde and acetaldehyde were added last due to their very higltigslat

This ensured that they dispersed in the final volume and stayed in solisine3.2

shows the amounts of each {awib model compound plus water added to form the
surrogate. With only water in the beakéhe hotplate was turned and the
temperature increased to 40 °C. This was followed by the successive addition of acetic
acid, 2butanone, furfural, levoglucosan, catechol, phenol, guaiacol, creosol and
palmitic acid. The resulting mixture was stirred L hour then transferred into a 600

ml sample bottle with a screw cap where it was stirred rapidly for 6 hours. The hotplate
heat was then turn off and the mixture allowed to cool down to room temperature after
which acetaldehyde and formaldehyde (swggplas formalin) were both poured
rapidly into the sample bottled and sealed. The surrogate, still in the sealed sample
bottle, was left on the hotplate in low stirring mode for 12 hours. The result was a
homogenous mixture containiogly very little speck of undissolved solids as seen

in Figure3.8.

Figure 3.8 Prepared biail surrogate
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3.6 Solid Characterisation

3.6.1 Surface properties by N adsorption/desorption

Nitrogen gas adsorption/desorption isotherm was used to determine the surface area,
the pore volume, and the pore size distribution of fresh and used catalysts. A
Quantachrome Nova 2200e instruméng(re3.9) was useddr the analysis. Catalyst
samples were degassed at 120°C under vacuum for 3 hours to remove any moisture
or contaminants such as €0r oils present before exposure to nitrogen vapour (the
adsorbate) at 77 KSmall amounts of nitrogen are admitted stepwige the
evacuated chamber holding the solid sample and the partial pressure of the adsorbed
gas determined using pressure sensors in the instrument. A plot of amount of adsorbed
gas against its relative pressure is known as the adsorption isotherm.

The sirface area of the solid sample is calculated by first determining the amount of
adsorbate molecules needed to form a monolayer cover over the adsorbate surface and
then multiplying this by the cross sectional area of the adsorbate. This is all achieved

by applying the BrunaueEmmettTeller (BET) equation which is written as

= I = __ 3.8

T i
T = mm QI - T

Whencewis the quantity of adsorbed gas (could be esped as a volume); is the

guantity of adsorbed gas forming the monolaygriandn are the saturation and
equilibrium pressures of the adsorbed gas at the given adsorption temperatase; and

is the BET constant and relates to energy.

Figure 3.9 BET analysis equipment
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A plot of against — yields a straight line whose gradient and intercept values

are used to determime anddfrom Eq. 3.8.
The surface aa of the adsorbent (expressed as specific surface area), S, is then

calculated using the following equation:

Y 39

INEg.390i s t he Av o g aidthechssectiomahdrea of the adsorbate
(N2 in this case) and it corresponds to the area occupied by one adsorbate molecule in
the monolayer is the molar volume of the adsorbate and m is the mass of atisorb
used for the analysis.

BET method provides a spiistic but reliable approach in determining surface area.

It however makes some important assumptions such as

- The existence of a homogeneous surface.

- No lateral interactions between adsorbed molecules.

- Uppermost layer is in equilibrium with vapounase.

- Heat of adsorption is associated with the formation of the first layer while the heat
of condensation applies to the formation of subsequent layers.

- At saturation pressure, the number of layers becomes infinite.

3.6.2 X-Ray Powder Diffraction (XRD)

XRD is a technique used for phase identification of crystalline materials. This
technique relies on Xay diffraction which involves the constructive interference of
monochromatic Xays with a crystalline sample. The electrons present in atoms of
the crystdine sample interact and scatter the incident radiation. This scattering (or
diffraction) forms a circular pattern if the electrons (consequently the atoms) are

arranged in a regular structure (crystal lattice). The occurrence of constructive

interferencend a di ffraction pattern is goverr
E_  CQOEI 3.10
Il n Eq. 3.10, n is any integer, & is the

di ffracti ng the ihcdeneangle. Giffnadtiondoccurs when théor X-

ray has a similar order of magnitude as d for most crystals.
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Figure 3.10 X-ray diffraction equipment
A Brucker D8 Advance diffractometdfigure3.10) was used for XRD analysis. Like
all other diffractometers, it works by generatinga¢ radiation from a cathode ray
tube which is then filtered to produce monochromatic radiatioen collimated
(concentratedand directed towards the sample and the resulting pattern detected.
This diffractometer uses Cu as anode material (target material) to generate Cu K
radi ati on A)and Gu Kiradlatlod(6® = 1A) Bhicld areBpassed
through a nickel filter. The crushed catalyst samples were placed in the sample holder
and scanned at 2d angles ranging fvaom 20
interference occurs when Braggb6s | aw i
converts the signal to a count which subsequently yields a corresponding peak. The
Hi ghscore Plus Xo0oPert software was wused

3.6.3 Scanning Electon Microscopy i Energy Dispersive Xray (SEM-
EDX)

The morphology of used and fresh catalyst were examined using a Hitachi SU8230
high performance cold field emission scanning electron microscopy-8EME). The

scanning electron microscope produces imafessample by scanning the surface

with a focused beam of electrons. These electrons interact the atoms in the sample
generating signal s containing data whi
topography. The Hitachi SU823(Figure 3.11) was equipped with an Oxford
Instruments Aztec Energy Dispersivery (EDX) system with 8&hn? X-Max SDD

detector.
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Figure 3.11 Cold field emission scanning electron microscopyattit SU8230

EDX systemwas used for elemental analysis and chemical characterization of the
sample. This provided information on carbon deposition and dispersion of the active
metals Ni, Rh and Ce on fresh and used catalyst surface. Sample preparaist@cons
of placing a small amountf ground catalyst on stickgarbon pads attached to

stainlesssteel studs followed by coating with a 10 mm layer of iridium.

3.6.4 Transmission electron microscopy (TEM)

Transmission electron microscopy (TEM) imaging was perfdrroa the fresh
prepared catalyst using an FEI Titan3 Themis 300 equipped with an FEPSdper
detector EDX system and a Gatan OneView 4K CMOS digital carkegare€3.12).

TEM allowed detailed imaging of the prepd 1wt% Rh/Al,Oz and 1wt% RK3 wt%
Ce/AlLOs catalystmaking it possible to estimate the particle size and distribution of
active metal particles on both catalysts. During TEM analysis, a beam of accelerated
electrons is transmitted through a specimefom an image which is magnified and

focused on an imaging device.

=y

Figure 3.12 TEM equipment on the left. Holey carbon film on Cu grid on the left

Catalyst samples were crushed and a very small andigpersed in ethanol placed

in a 10 ml glass vial. The vial was then placed in an ultrasonic agitation bath for 5 to
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10 minutes. Using disposable pipettes, small amounts of the suspension were
transferred to a Cu grid covered with a holey carbon film ¢hcéebon films on 400
mesh copper grid from Agar Scientific) and allowed to dry overnight at room

temperature.

3.6.5 Elemental (CHNS) Analysis

The amount of carbon deposited on used catalyst was determined using a Thermo
Scientific Flash 2000 Elemental Analyz@figure 3.13). A similar analysis was
carried out on the bioil surrogate to establish its elemental composition. The
equipment is designed to determine the carbon, hydrogen, nitrogen and sulphur
(CHNS) content wan present in a solid or liquid sample. Crushed solid samples were
placed in small tin capsules and their mass adjusted to range betivddnr8g. In

the case of the bioil surrogate, only about 3 mg of sample was used. The tin capsule
was then folded t® a sphere to exclude any trapped air. Two tin capsules were
prepared for each catalyst sample analysed. The folded tin capsules were placed inside
an autesampler from where they were dropped into an oxidation reactor maintained
at about 1000 °C. CHNS alysis was performed in batches of about 10 to 15 catalyst
samples and also included about 3 mg of oatmeal (Oatmeal Organic Analytical
Standard obtained from Elemental Microanalysis Ltd) used as standard for quality

control.

Figure 3.13 CHNS equipment, Thermo Scientific Flash 2000

The tin capsule ignites in the reactor in the presence of excess oxygen producing a
very hot flame of about 1800 °C capable of converting the desired elements into their
combustilke form (CQ, H20, NG, and SQ). Helium is used as a carrier gas and

entrains the combustion products from the reactor into a GC column where they are

separated and detected using a thermal conductivity detector. The detected amount is
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guantified based opreviously established calibration curves. The amount of oxygen

present in the bioil surrogate was calculated by the difference in mass.

3.7 Liquid Characterisation

3.7.1 Density

The densies for the mixture of four model compounds (acetic acidhuganol,
furfural and mcresol) and the bioil surrogate were determined by accurately
weighing out different volumes in a 10 mL measuring cylinder placed on an analytical
balance with accuracy of £0.00001. The density equation was applied for each volume

and coresponding mass and the average of four values taken as the correct value.

3.7.2 Total Organic Carbon (TOC)

The total organic carbon (TOC) content of the condensate recovered after each
experiment was determined by differential method using a HadgelL#. 550
TOC/TIC analyserKigure 3.14). The differential method was preferred to the-non
purgeable organic carbon (NPOC) method as the amount of anticipated TIC (Total
Inorganic Carbon) was very small and the presencelafiloorganic compounds in

the liquid condensate most likely. In the differential method, the Total Carbon (TC)
and the Inorganic Carbon (IC) are measured separately while the TOC is obtained by
subtracting the IC from the TC. For most analyses, 10 mipkss were prepared as
1:10 dilution of the initial condensate using deionised water. In cases were the
condensate vgcoloured due to contamination byreacted feed, 1:100 dilutions

were preferred.

e "’4'——

Figure 3.14 TOC analyser

The TOC analysis is performed by injecting about-200° | aliquot of the diluted

sample intotheanal yser ds reactor where it reac
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solution. Inorganic carbon such as Ca@@esent in the sample reacts with this acid
and is released from solution as £4Dd transferred to the detec which in this case

is a nondispersive infrared (NDIR) detector, to be measured. This corresponds to the
TIC of the sample when corrected by the dilution factor uUSethe of the remaining
sample is then injected to a heated reactor at 800 °C whehe @larbon present in

the sample (TOC and TIC) combusts completely in the presence of puaedG
platinumrhodium catalyst to produce G@nd HO gas. The kD produced together

with any other contaminant gas is removed by a moisture trap while thpas€es

on to the NDIRdetectorfor measurement and the value obtained corresponds to the
TC of the sample. TOC is then obtained by difference between the TC and TIC

previously obtained.

3.7.3 Calorific Value

A Parr Instruments 6200 isoperibol oxygen bombroaeter Figure3.15) was used

to determine the calorific value of the fd surrogate. About 0.3 g of the bal
surrogate was placed in a previously weighed crucible and covered with 0.06 g of
transparent adlseve tape (Sellotape®) which served as a spike to ensure ignition. The
crucible was then mounted on a holder just below a fuse wire and then place inside a
metallic bomb. The whole assembly was pressurised to 3 bar with pure oxygen and
then placed in a blket containing D L of deionised water located inside the

instrument.

Figure 3.15Bomb calorimeter

Upon ignition, the rise in temperature from the burning fuel caused an increase in
temperatureof the surrounding water which was measured by a high precision
thermistor. The highest temperature achieved is recorder and used to calculated the
gross calorific value of the bioil surrogate. A total of three measurements were
performed and the average valiged.
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3.7.4 Flash Point

The flash point of the bioil surrogate was determined using a Setaflash Series 3 Plus
Closed Cup Flash Model 330@0Figure3.16). A 2 ml liquid sample was loaded into

the sample cup holdet an initial temperature of 22.1 °C. The test jet was lit and the
shutter manually open to allow the flame to dip into the vapour above the liquid
sample. The instrument made an audible beep each time the flame had to be place
over the sample. Thiswasemgt ed until the instrument d

and the corresponding flash point temperature.

Figure 3.16 Flash point equipment
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Chapter 4 Thermodynamic Equilibrium Studies

All the results and discussionsthis chapterhavebeenpublishedn an article
found inthe AIMS energy journaR016, issue {Tande and Dupont, 2016)

4.1 Introduction and bio-oil composition generation

Due to the enormous variability in chemical composition that exists amorgl®io
produced from different biomass sour¢elou et al., 2009a)most thermodynamic
equilibrium studies have focused on using model compounds to simulatél bio
feedstock in SR, POX, and ATR studies. Among these nuathepounds, acetic acid
has received the most attentigesende et al., 2015, Wang et al., 2014, Latifi et al.,
2014) Other compounds such as cresol, acetone and ethylene glycol have also been
used(Vagia and Lemonidou, 2008b, Garetarcia et al., 2015b, Wu and Liu, 2010a)
Even when the same biomass feedstock is used, variatiopgrofysis process
parameters lead to different bidl compositions.

Using information fron existing literature, the moisture free (mf) elemental
compositions of some PEFB bails were determined. The results are summarized in
Table4.1. Mean elemental compositions were determined excluding the rizsults
Pimenidou ad Dupont (2012)lue to the low H/C ratio and high O/C ratio.

Table 4.1 Moisture free (mf) PEFB bioil elemental composition (mol fractions)

Author C H e} H/C o/C

Pimenidou and Dupont (2012) 0.4099 0.4137 0.1730 1.0092 0.420
Sukiran et al. (2009) 0.3575 0.5032 0.1274 1.4076 0.3565
Kim et al. (2013) 0.3506 0.5001 0.13%3 1.4262 0.3858
Abdullah et al. (2010a) 0.3780 0.5654 0.0531 1.4955 0.1406
Khor et al. (2009b) 0.3983 0.5173 0.0743 1.2988 0.1865
Sulaiman and Abdullah (2011) 0.3774 0.5659 0.0531 1.4995 0.1407
Mean Elemental composition  0.3724 0.5304 0.0886 1.4243 0.2381

The mean over five mf elemental composisobtained for PEFB bioil was G 3724
Ho.5304 Oo.0886 fOr which the nitrogen content was neglected. For this equilibrium
analysis, aetic acid, phenol, levoglucosan, palmitic acid and furfural were selected
as representative compounds since their presence in PEeB bas been repeatedly
detected in significant amounts via @45 semiquantitative analyse@Vantilla et

al., 2014, Zin et al., 2012, Sembiring et al., 20XB}her authors have performed

thermodynamic analysis of complex mixtures using mixtures of simpler compounds
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with the same molar elemental compositidfis.et al. (2015used mixtures of acetic

acid, levoglucosan, vanillin and furanone to perform the thermodynamic analysis of
pine bicoil agueous fraction steam reformirtgpanika et al. (20119n the other hand

used a mixture of glucose, vanillin-butyl-stearate, metbnine and trethyl
phosphate as representative compounds to simulate the partial oxidation of rape meal.
Table4.2 lists some physical properties of acetic acid, phenol, levoglucosan, palmitic

acid and furfural.

Table 4.2 Physical properties of model compounds found in PEFBbio

Properties Acetic  Phenol Levoglucosan Palmitic acid  Furfural
Molecular formula ?22:2402 CeHsO C6H100s Ci6H3202 CsH402
Heat of formatn (gasykJ/mol)  -433 -95 -730 -149.6
Heat of combustion (liquid) -874 -3058 (solid)  -2832 (solid) -9977 -2339
(kJ/mol)

Melting point (K) 289 314 455 336 237
Boiling point (K) 391 455 657 624 435
Flash point (K) 313 352 459 386 335
Density(@ 25°C)(g/cn?) 1.043  1.0545 @45°C 1.688 0.8527@62°C 1.155

Using the Solver functiom MS Excel, it was possible to generate five moisture free
PEFB bicoil mixtures with similar elemental composition by considering different

possible mixtures of the five repergative compounds mentioned above.

Table 4.3 Model PEFB bieoils obtained using different combinations of acetic acid,

phenol , |l evoglucosan, pal mi ti coilaci d
surrogatecomo si ti on #i 0. §3kdH@®4000s660 MpoOSi ti 0
BOS1 BOS2 BOS3 BOS4 BOS5

Name mol (%) mol (%) mol (%) mol (%) mol (%)

Acetic acid 12.2 23.2 0.0 0.3 0.0

Phenol 35.1 45.2 36.0 65.3 12.2

Levoglucosan 2.2 0.3 8.6 16.4 0.0

Palmitic acid 20.0 16.3 21.6 17.5 25.5

Furfural 30.5 15.0 33.8 0.5 62.2

TOTAL 100.0 100.0 100.0 100.0 100.0

C 0.3724 0.3724 0.3724 0.3724 0.3740

H 0.5390* 0.5390* 0.5372 0.5390* 0.5374*

o] 0.0886 0.0886 0.0904* 0.0886 0.0886

Maximum relative error* (%) 1.6 1.6 2 1.3 1.3

* Only the relative error (%) per element of a given mixture that yielded the maximum error is shown, .i.e. for
BOS1,2,4 and 5, error on H, for BOS3, error on O.
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The Solver function has been demonstrated by other authors to be a very versatile and
usefultool in performing chemical engineering calculatibima da Silva et al., 2009,

Lwin, 2000) The mf bicoil mixtures were numbered BOSL The relative error on

the elemental compoguin for the different mixtures was less than 2% when compared

to the mean elemental composition (Sable4.3).

4.2 Solution method of CEA

Chemical Equilibrium with Applications (CEA) software developed by the National
Aeronautics and Space Administration (NASA) was used to perform thermodynamic
equilibrium calculations. The software determines the equilibrium properties of a
reaction mixture by using the Gibbs frerergyminimisation method based on a
known pool of ractant and species, and user defined initial composition, temperature
and pressuréordon and McBride, 1994)

This method takes into consideration the fact that the total Gibbs free energy of a
reacting system reaches a minimum at equilibriumemwlvarying the mixture
composition at constant pressure and temperature.

For a given mixture with K number of species, the Gibbs free energy can be written
as:

'O B ‘¢ 41
Where"Ois the Gibbs free energy, is the chemical potential of speci€snde the
number of moles of speci&The condition of equilibrium is the minimisation &

In order to find th& that minimize the value 60 it is necesary that the values of

¢ satisfy certain constraints, one of which is the elemental mass balance given by

B ®& w T 4.2

O O T (j =1, é, M) 4.3
Whered are the number of gram atoms of elenjgueer gram mole of speciesnd
@ is the number of gram atoms of elemgint the reaction mixture.

Using Lagrangian multiplierSQcanbe written as

‘0 Q B KIS 4.4
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Where are Lagrangian multipliers afidhe Gibbs free energy per gram of reaction

mixture.Based on these equations, the condifor equilibrium can be expressed as:

'O B ¢£¢@O Y'B ¢taéd YB £da¢0 45

Wherew "Ois the standard Gibbs free energy of formatdrspecies, R is the
universal gas constaritjs the emperature in Kelving is the mole fraction of species

i, andP is the total pressure.

The thermodynamic state for which the equilibrium composition is determined has to
be specified by two tensive properties which, in principle, can be any combination
of: temperature (T), pressur®)( specific enthalpyh), specific entropy § and
specific volume \) . Il n CEA, the fitpd setting 1is
pressure processes, andthb po setting is used for con
(adiabatic) processes. To solve Egb, an iteration procedure is used with the
NewtonRaphson method applied to solve for corrections to the initial estimates for
composition, ni, Lagrangian multifeers, moles of gaseous species and (when
required) temperature, (IGordon and McBride, 1994)

All inputs into the CEA software were based on a mf-dlofeedstock with an
arbitrary carbon moles number of 1500 (bsleosen). This carbon moles nben was

used to calculate the amount of water and oxygen needed for ATR based on the
desired steam to carbon ratio (S/C) and amount of oxygen expresseaggiie
equivalence ratio, , as used to describe egpmbustion processes (actualt®fuel

molar ratio divided by stoichiometric combustiorr @ fuel molar ratio). All
temperatures were entered in Kelvin (K) and pressures in atmosphere (atm).
Thermodynamic simulation executed in CEA generates an output file containing all
the relevant thermodynamiproperties and an equilibrium composition in mole
fractions. To obtain the molar yields of equilibrium products, the mole fractions were
converted to moles using a carbon balance. The total number of moles at equilibrium

was determined using E4.6.
0 € OdGE ot 'Q+—é3 4.6

Where¢ is the number of initial (or input) moles of carbon in the feed, and in this
case is equal to the chosen carbon numbet580, | is the number of carbon
containing species at equilibrium, aidindx; are the carbomolesand mole fraction
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respectively of thehemicalspecieszonsideredOnce the total moles of equilibrium
species was determined, the equilibriumlidéet of each species present were

calculated using Eq 4.7.

€ ® 0¢& oo Qi 4.7
For each set of process condition considered, the overall performance was evaluated
using critical factors such as hydrogen yield ( in wt% of the mf feed), and the

percentage selectivitys() to CHs, CO and CQ(see equations 4i84.11).

™ pTT 4.8
Y p T 49
Y p Tl 410
Y pTT TT 411

4.3 Modelling the global reactions of mf bieoil ATR

It has been established in existing literature that several reactions are involved when
biofuels (or organic fuels in general) undergo reformimgoroduce H or syngas
(Czernik et al., 2007, Haynes and Shekhawat, 2011, Smith and Shekhawat, 2011a,
Nahar, 2010)In order to eventually optimise the ATR of {4, it is helpful to devise

a tool that can besed to predict the contribution of the fdifent participating
reactions.The CEA software determines equilibrium composition by applying
numerical techniques which are independent of the actual reaction mechanisms taking
place. To determine possible glbbeaction mechanisms, different sets of reactions
where proposed and then tested to see how well they could fit the equilibrium yields
obtained using CEA. Global reaction mechanism testing was performed algebraically
using the Solver function in MS ExceA mechanism was accepted as correct if
predicted equilibrium concentrations with the proposed mechanism were close to
actual equilibrium concentrations for all species with a relative percent error less than

or equal to 1%.
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As an example, suppose we posp a mechanism for ATR of bal for which only
three reactions, POX, SR, and WGS are assumed to occur. Then the following

reactions can be written for the ATR of BOS1:

3%g Oz U3 e Yoo My T ™ v d00 413
780 00060 O 414

Let the moles of BOSE( ) consumed by POX and SR reactiongbe and¢
respectively; and the moles of carbon moxide (CO) consumed by the WGS
reaction. The general material balance equation for a particular species can be written

as:
0L NOORE QI OBRES 6617 WADH BXOWO &6 & OARE &

Given that the calculations are performed for a system at equilibrium there is no
accumulation term and the other terms will depend on the particular chemical species

considered. Applying Eq 4.15 to our example, we can write the folloadgpgtions

to predict equilibrium concentration (in moles) of the chemical compounds involved:

¢ mxdt mxdt |1 416
€ ] 417
3 ™ebv mWuvdo 1 418
€ ] ] 419

The number of predicted chemical species has to be equal to the number of equations
in order for system to produce a unigadution. This system consisting of 4 equations

and 4 unknowns is entered in Excel such that

X CTHXCTP ] €

T T P & 4.20
T @ wu® v oop j E

P P T[ €

By substituting random values for , & handé into Eq. 4.20t is possible to
generate estimated equilibrium yields of CO,-@0Ad H corresponding to an input

moles of mf bieoil (.,e.&¢ R R and¢ ). These calculated values are then
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compared to the actual (desired) equilibrium concentratelnes and the error
between both sets of values determined. A solution is accepted if theferreash
species is below 1%, and the combined sum of errors is also below 5%.

Using the ATR equilibrium data generated by the CEA software, different
combinations of reactions shown Trable 4.4 were tested usig the methodology
described above. Any number of the reactions givehainle 4.4 can occur during

ATR of mf bio-oil. An acceptable mechanism should be able to account for all
chemical species present at equilibritand must contain equations which can
represent the following processes (reactions):diiadegradation(consumption)
oxygen consumption, steam consumption, carbon formation, methane formation,

carbon removal and methane removal.

Table 4.4: List of all reactions considered during {od ATR mechanism modelling

Name Abbreviation  Reaction
1 Partial oxidation POX CoHmOk+ (nk)/2 O, - nCO+m/2 H
2 Complete oxidation COX CrHmOk + (n+mM/4'k/2)0z - nCOz+ m/2 O
3 Steam reforming SR CnHmOk + (n-k) H20 - nCO + (2n+m2k)/2 H
4 Decomposition DEC CiHnOx - KkCO+m/i2H+ (nk) C
5 Water gas shift* WGS CO + HO 7+H2 CO
6 Boudouard reaction BO-RX 2CO - Cco. + C
7 Methanation 6Cs) MEN Ce + 2 - CHs
8 Carbon gasification 1 C-GSs1 Cs+ HHO - CO + hH
9 Carbon gasification 2 C-GS2 Ce + 0.5Q - CO
10 Methane steam reforming ME-SR CHs+HO - CO+3h
11  Carbon monoxide oxidation CO-OX CO+0.5Q - CO.
12 Hydrogen oxidation H-OX H2+05QG - H20

* The reverse of the water gas shift reactiod(i&S) was used in some cases

4.4 Results and discussions

4.4.1 Sensitivity analysis and product distribution

The influence of the mbio-oil chemical composition on hydrogen yield was
investigated. ATR was performed on the five mf-bibmixtures considered in this
study by varying S/C ratio and amount of oxygen. The amount of oxygen used during
ATR was expressed in terms of theygen equivalence ratio, , which in this case

was defined as actual oxygémel ratio (OFR) on the stoichiometrimombustion

oxygenfuel ratio.

4.21
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By substituting the mass oxygen and bi@il into Eq4.21 and simplifying to obtain
moles, the equivalence ratio can then be written as the ratio of actual moles of oxygen
the reaction mixture to the stoichiometric moles of oxygen needed for stoichiometric
combustion (complet@xidationCOX) of the bieoil feedstock. This is written

mathematically as

4.22

The oxygenequivalence ratio was preferred over the more traditiondd €tio (or

O/C ratio) because it highlights the relative amount of oxygen in the system and
indicates how far off the system is from complete oxidation (stoichiometric
combustion). By dividing the moles of oxygen needed for the stoichiometric partial
oxidationof the bicoil with that needed for its stoichiometric complete oxidation (see
Eq. 2.11 and Eq. 2.12) we can define the special value of equivalence ratio for

stoichiometric partial oxidation, (equation 23).

; _
! — 423

Where n, m, and k are the moles of carbon, hydrogen and oikygae mole (or one

60 mo | e of thé BoobIl) was equal to @1 for all five bicoil mixtures. Other
equivalence ratios used in this study were obtained by considering 50%, 150%, and
200% of this value. Therefore for a given S/C ratio, the equivalence ratio considered
were 0.15,0.31( ), 46, and 0.61corresponding to molarAL ratiosof 0.19,

0.38, 0.57, and 0.76).

For all five bicoil mixtures, equilibrium hydrogen yield and product concentrations
were the same for all ATR equilibrium conditions examined. The maximum standard
error obtained when ogparing mean hydrogen yields from all five {aitb mixtures

was 0.324, corresponding to a percent error of 3.1%. This was obtained for S/C ratio
=4 and 1 u(Figure 4.1). This implies thathydrogen yield ancquilibrium
product distribution is insensitive to exact 4oib composition. The minimal
variations in mean hydrogen yield observed were due to the sliffatence in

elemental composition among the aiib mixtures.
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Mean Hydrogen yield wt%

0.15 0.31 0.46 0.61 0.15 0.31 0.46 0.61 0.15 0.31 0.46 0.61 0.15 0.31 0.46 0.61

Equivalence ratiog Equivalence ratiof Equivalence ratio§ Equivalence ratiog
SIC=1 SIC=2 S/IC=3 SIC=4

Figure 4.1 Mean hydrogen vyield for all five bioil mixtures (BOS15) and standard
error fore (0.150.61) and S/C (4)

Theseresults imply hat he mf bicoil mixtures all undergo similar reactions when
subjected to the same oxidizing conditiazis et al. (2015palso found that chemical
equilibrium products from the SR of different mixtures of simulated aqueous fraction
of pine bicoil were the samelable4.5 showsthe correspondingnean equilibrium
temperatures and their standard deviations obtained during the ATR of the five bio
oil mixtures. The equilibrium temperatures are atexjual for similar conditions of
steam and oxygen with the maximum percent error of 1.6% obtain8d@for p and

@ 1 This provided further evidence that ATR proceeds with a similar
mechanism for all biwil mixtures and the equilibrium product composition depends

on the final equilibrium (exit) temperature.

Table 4.5 Mean temperatures (K) and standard deviations obtained during ATR of
the five bicoil mixtures (BOS15) considered in this study.

Equivalence ratio, S/C=1 SIC=2 S/IC=3 S/IC4
a 0.15 874+ 4 804 +4 755 +4 715+ 4
a 0.31 1204 + 19 1043 + 13 942 + 10 8717
a 0. 46 1963 + 19 1587 + 14 1370 + 11 1225+ 9
a 0.61 2521 +12 2079 + 13 1773+ 11 1566 + 9

At constant S/C ratio, increasing the amount of oxygen (equivalence ratio) causes the
exothermic oxidation reaction to cmme more favourable leading to an overall

increase in the temperature of the system. On the other hand, increasing S/C ratio at
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constant reduces the equilibrium temperature due to the high heat capacity of water
which absorbs some of the surroundingtheithout causing a temperature increase.
Figure4.2a shows the influence of the S/C ratio on the equilibrium hydrogen yield
during the ATR of BOS2. BOS2 was used to discuss all remaining results because its
composition is more realistic when compared to that ofdils found in published
literature. As expected, the amount of equilibrium hydrogen increased with increase
in S/C ratio. The maximum hydrogen yield obtained was about 12 wt% at S/C = 1 and
increasedd about 18vt% at S/C = 4. This was due primarily to increase in water gas
shift reaction whose equilibrium shifts to the right (towards forming more products)

as more steam is introduced in the system.
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Figure 4.2: Influence of S/C ratio and the equivalence ratio on the amount of
hydrogen produced during the ATR of BOS2. (a) Compéeteange 0.15
0.61, (b) Reduced scale (0.210.39)

For all S/C ratios, the maximum hydrogen yield was obtained at valueslote to

(0.31) that is, when the amount of oxygen in the system was close to that needed
for stoichiometric partiaoxidation. A closer lookKigure 4.2b) reveals that at low
S/C ratios (1 and 2), the maximum hydrogen vyields occurred at equivalence ratio
lower than ( 0.27) but attained this value at S/C = 4. s therefore an
important parameter that can be used to determine the amount of oxygen to use during

ATR in order to achieve maximum hydrogen yield.

4.4.2 Selectivity to carbon containing products

The influence of S/C ratio and amount of oxygen on thiecsivity to carbon
containing products is shown Figure 4.3. Overall, as more steam is added, the
product gas becomes increasingly rich inoC@n Figure4.3a, solid @rbon (in the

form of graphite), C CO, and CO are all present at the lowest equivalence ratio
considered in this study. The presence of carbon and methane is an indication of
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possible bieoil thermal decomposition and Boudouard reaction that will tdkeep
under oxidant deficient conditior{8/u and Liu, 2010a)As more oxygen is added,

carbon and Cllessentially become negligible and CO remains as the major product.
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Figure 4.3 Influence of S/C ratio and £C ratio on tke selectivity of carbon and
carbon containing products during the ATR of BOS2 at 1 atm. a) S/IC =1 b)
SIC=2c¢c)S/IC=3d)S/IC=4

The decrease in carbon and AfLHoncentrations observed between

@ VA 1 #® min Figure 4.3a is due to carbon gasification and methane steam
reforming respectively (reaction 8 and 10 ®able 4.4). Both reactions directly
contributein increasing the Hconcentration and CO selectivity. The high CO content
indicates that virtually no water gas shift reaction takes place under this process
condition. The decrease in @@oncentration that occurs between T@a nté# v

is due to the nerse water gas shift reaction which becofaeourableat high
temperatures (12041963 K). The slight increase in GObserved & us due

to the bieoil undergoing combustion (complete oxidation) producing @l HO.

The same trends as just exptairhold forFigure4.3b-d. The main difference being
that as the S/C ratio is increased to 2, 3, grilelwater gas shift reaction becomes

increasingly prominent, converting most of the CO in the system to CO
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4.4.3 Synthesis gas composition

Hydrogen or synthesis gas can be used as a primary feedstock in fuel cells or as feed
for downstream chemical synthesis. Depending on the end use of the synthesis gas
produced, the ATR process can be operated by choosing apmo@ia¢s for S/C

ratio and amount of oxygen { to give the desired synthesis gas composition based

on the downstream applicati¢Enger et al., 2008b)

4.4.3.1 Fuel cell feed

As described in section 1.4lsw-temperature fuecells such aPEMFC AFC, and
PAFCoperate at temperatures ranging betweeri 3748 K and use hydrogen as their
only fuel source with very little tolerance for CO (< 20ppm for PEMFC)
(Semelsberger et al., 2004, Pant and Gupta, 26@8)such fuel cells, the output gas
from an autothermal reformer will have to be purified and alh, @D and unreacted
feedstock removed to give an essentially pure hydretyeam. To reduce the cost of
the downstream purification, the ATR process will have to be operated under
conditions of maximum hydrogen yield for a given S/C ratio and amount of oxygen
(seeFigure4.2). Purificaton can then be achieved by using either a @l@sorbent,
pressure swing adsorption systems or catalytic preferential oxid&enelsberger

et al., 2004, Dejong et al., 2009he hightemperature fuel cel@MCFC and SOFC)

on the other hand casperate at much higher temperatures ranetgveen 923

1273 K and show more flexibility in feedstock and catalyst requirenf@/itéams,
2011)
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Figure4.4 Influence of S/C ratio ah (amount of oxygen) on the totalHt CO
obtained during ATR of BOS2 at 1 atm.

82



For these fuel cells, hydrogen competes with CO and evema€tdel source nking
the combined H+ CO from ATR an important parametdfigure 4.4 shows the
influence of and S/C ratio on total HCO yield. The maximum total K+ CO
reduces as the S/C ratio is increased from 1 to 4.hEmppens because the formation
of CHs becomedavourableat high S/C ratios and (Figure 4.3). In the
absence of methanation, the totaltHCO remains the same ( 0.33) dueto the
equal mole to moleatio between HHand CO as one mole of CO converted t@@
the water gas shift reaction gives one mole pfliespective of the S/C ratio chosen,

optimal yield for H + CO is obtained at equivalence ratio approximately equal to

4.4.3.2 Chemical synthesis feed
Synthesis gas is an important intermediate in the production of several important

chemicals such as methanol, dimethyl ether, ammonia and liquid($ee!ssection
1.4.3. These processes rely either on direct combination of reactantsabrefi
Tropsch (FT) chemistry and have different requirements in the amounts 6CH
and CQin synthesis gas. A key parameter for such processes is/@@ katio whose

variation for the ATR of PEFB is shown kigure4.5.

4

S/C ratio

0 2 4 6 8 10
H,/CO ratio

Figure4.5 Plot of S/C ratio versus#CO ratio at different values @f during ATR
of BOS2. Equilibrium simulation carried out at 1 atm. The maximufc@
ratio shown is 10.

Gasto-liquid (GTL) FischerTropsch processes for which only. ldnd CO are
reactants require a;H C O (Aasb2rgPetersen et al., 2011, Wilhelm et al., 2001a)
The synthesis gas in this case can be produced from aneaotatiieformer operating

with at different combinations &/C ratic and ;atS/C =1, rat S/C =
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2, p& U ;at S/IC = 3, pRd ;and at SIC =4, ¢8t (Figure
4.5). Synthesis of higher alcohols requirg €O = 1(RostrupNielsen et al., 2002a)
In this case ATR process can be operated at 8l16wC r a t J) and gquBvaléceO
ratio larger than the value required for stoichiometric partial oxidation, that is,

SO as to avoid any carbon formatidfigure 4.3a). H, CO and CQ are all
reagants in methanol, dimethyl ether and high temperature FiJabesch synthesis
(AasbergPetersen «l., 2001a)For such processes, the synthesis gas is made to have
the same stoichiometry as the final product with its composition expressed as shown
in Eq 4.2.

o — 4.24

M is called the module and is equal to 2 for methanol and dimethyl ether synthesis
(RostrupNielsen et al., 2002a, asbergPetersen et al., 2001&jor this study, the
maximum value of M was 0,@btained at for all S/C ratios examinedhis

implies thatfor a process using ATR, the required valudfoffor synthesis feedan

only be obtained either ddition of pure Hor removal of CQ

The explanations given in this section are simplified and meant to serve as a guide
only. The eventual choice in process parameters will depend on other important
factors like process scale and amount of product fe¢RostrupNielsen, 200Q)

4.4.4 Reaction mechanism

One advantage of using the Gibbs minimization energy is that a very largefpool o
chemical species is used to determine eventual equilibrium composition. The
alternative will be to assume the prevailing reactions under the given process
conditions and then use their equilibrium constants to determine equilibrium
concentrations. Thenrhitation of the latter is that fewer number of reactions and
potential products are considered, compared to the number of species used by the
Gibbs minimization method. Two main types of mechanisms were successful in
accounting for equilibrium species ointad by the CEA software in the ATR of PEFB
bio-oil.1't should be noted that the word 06mec
a system of dominant reactions accounting for equilibrium product distribution
irrespective of the actual prevailing elenamytreactionsThe results presented are
those obtained from using BOS2 as feedstock. Similar results were obtained for all
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five mf bio-oil mixtures considered in this study. All reactions in this section are

identified using the reaction nomenclature abbreviations listed ohable4.4.

4.4.4.1 Partial oxidation (POX) or direct mechanism

The reactions considered for this mechanism wereoibipartial oxidation (POX),
bio-oil steam reforming (SR), water gas shi#acton (WGS), Boudouard reaction
(BO-RX), methanation of carbon (MEN), carbon gasificatiornGE1 and 65GS2),
methane steam reforming (MER), hydrogen oxidation @©X) and carbon

monoxide oxidation (C&DX).
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Figure 4.6 Comparing actual equilibrium hydrogen yield with predicted yield using
POX based mechanismesults shown fon = 0.31 and 0.46

These reactions were used to fit equilibrium results obtained at SiC4=ahd

™ PA T #8 @Not all reactions listed above were involved at the same time for a
given process condition. With a relative error less than 0.1% onidodivmolar
production rates, it was impossible to distinguish between the mechpresinted
and the equil i br ioyyieldasshannifigaddd.) val ues
The contribution to hydrogen production byriiEpating reactions for the POX
mechanism is shown iRigure4.7. By way of this mechanism, hydrogen production
was primarily from POX, WGS and carbon gasification@GS1) reactions at

1@ pand from POX and SR reactions at @ ¢
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Figure 4.7 Percentage contribution to hydrogen production by participating
reactions for the POX mechanismhautothermal temperatures given in the
figure for each S/QG) @ pb) & @Temperature values (in K) for
the different process conditions examined are included above their
corresponding S/C ratios.

One interpretation of this mechanism is that under low oxygen content (),

the bicoil completely undergoes POX and more hydrogen is subsequently produced
by the water gas shift reaction with no significant contribution from SR. Further
production of hydrogen is achieved by the gasification of all solid carbon formed.
Meanwhile athe intermediatexygen equivalence ratio 18 ¢> ), POX and

SR were the only hydrogen producing reactions. For this mechanism, no significant
hydrogen consumption occurred as methanation of carbon (MEN) was virtually zero.
In the case of S/C = 1 and = 0.46, HOX and reverse WGR(WGS) reactions
where responsible for ZtonsumptionFigure 4.8 shows how the amount of steam
and oxygen influenced the b@l consuming reactions.Complete bieoil
consumption was assured only by POX at @ pWhile POX and some SR were

both involved in bieoil consumptionat 18 @
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Figure 4.8 Influence of S/C ratio and oxygen on By consuming reactions

Table 4.6 gives a summary of the different reactions that dominate in the POX
mechanism at various temperature ranges. This table provides valuable information
for the eventual choice of catalyst. For ATR carried out at temperatures below 1100
K, the catalyst shoulde very selective to POX and WGS. High temperatures typical
of low S/C ratios and high oxygen content | ) shouldalwaysbe avoided

since it can lead to catalyst degradation.

Table 4.6 Summary othe POX mechanisnfor differenttemperature rangeOnly
reactions which contribute to equilibrium proxis are included

Temperature range

T<1100K 1200<T< 1600 K T>1800K
Steam content S/C >2 2<S/IC<4 S/IC<2
Oxygen content 1
Reaction condition Catalytic Catalytic and Homogenous
homogenous
Reacions POX, WGS, BO POX, SR, GGS2 POX, SR, RWGS,
RX, MEN, GGS1 CO-OX H-OX, CO-OX
Based on this mechanism, it can be said that at , actualSR reactios are

minimal and the choice of catalyst should be based on the prevailing POX, WGS and
C-GS1 reactions.

4.4.4.2 Complete oxidation (COX) or indirect mechanism
Another mechanism was validated for which complete oxidation (COX) was the
dominant oxygeftonsuming reaction. There was a near perfect agreement between
the predicted hydrogen concentration aetlal equilibrium hydrogen yieldrigure
4.9).
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Figure 4.9 Plots of predicted hydrogen and actual equilibrium hydrogen showing
near match with maximum relative errof 0.1% for the COX based
mechanismResults shown fon = 0.31 and 0.46

The reactions considered for this mechanism wereoiithermal decomposition

(DEC), bicoil complete oxidation (COX), bioil steam reforming (SR), WGS,
reverse water gas shiR{WGS), methane steam reforming (MIR), methanation of
carbon (MEN), carbon gasification{GS1 and 65S2), and hydrogen oxidation{H
OX), as shown irrigure4.10.
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Figure 4.10 Percentage contribution to hydrogen production by participating
reactions for the COX based mechanisnaatothermal temperatures/gn in
the figure for each S/@) 0 =0.31 b)u = 0.46 Temperature values (in K)
for the different process conditions examined are included above their
corresponding S/C ratios.
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At @ p hydrogen production stemmed from DEC, SR, WGS ai@i3X1. As
expected more hydrogen was producedffiWVGS as the S/C ratio was increased from
1to 4. A similar trend was observed at @& @xcept for the fact that there was no
C-GS1 reaction. Carbon formed at the higher equivalence ratio is removed via
reaction with oxygen (€5S2).

For this mechanismpio-oil was consumed almost in the same proportion among
COX, SR and DEC reactions independently of the amount of oxygen, as illustrated in
Figure4.11.
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Figure 4.11 Influence of S/C ratio and oxygen on B) consuming reactions

This mechanism relies on gas phase decomposition and combustion which occur
significantly at all ATR conditions examinedable 4.7 gives a summar of the
different reactions that dominate in the COX based mechanism at various temperature

ranges.

Table 4.7 Summary othe COX mechanisnfor differenttemperature rangeOnly
reactions which contribute suilibrium products are included

Temperature range

T <1100 K 1200 < T <1600 K T>1800K
Steam content SIC >2 2<S/C>3 S/IC<2
Oxygen content 1
Reaction condition Catalytic and Catalytic and Homogenous
homogenous homogenous
Reactions COX, DEC, SR, COX, DEC, SR, COX, DEC, SR,
WGS, GGS1, C-GSs1 R-WGS, GGS2,
H-OX
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A suitable cathyst for this mechanism will have to be very selective for COX, DEC,
SR and GGS1, as well as offering high thermal stability, although at higlall
reactions are expected to become homogeneous-cétalytic) due to high

autothermal temperatures.

4.4.4.3 Comments on mechanisms

The POX(direct)and COX(indirect)mechanisms discussed above highlight the fact
that there may be several routes leading to the formation of the desiestiKLO
productsduring ATR Such schemes are typical for systems where seneaetion
equilibria occur simultaneous(§Enger et al., 2008a}-or the POX mechanism to be
realistic it has to be completely catalytic and an appropriate€lobicatalyst can lead

to the suppression of undesirable side reactions and products like carbon (coke). The
COX based mechanism relies on homogenous oxidation and decomposition. Thermal
decomposition accounts for about 30% of thedi@onsumption anthis can prove
challenging to manag due to excessive carbaepositionon reactor walls and
catalyst and can be difficult to completely eliminate by gasification (depending on
type of carbon formed). In addition, it might be necessary to operate undéran

of in order to compensate for heat loss and feed preheating (sensible heat)
(Kumar et al., 1996)

4.5 Conclusion

This work demonstrates that ATR is in theory a viable profmesthe production of
hydrogenrich syngas from bimil. Using mf bicoil mixtures with different
compositions, it was established that hydrogen yield and concentration of other
equilibrium products were insensitive to actual chemical composition. Thar mol
elemental composition proved to be the determining factor for equilibrium hydrogen
and syngas yield. The possibility of generating syngas with differerand CO
compositions ¥ varying the S/C ratio and tlegjuivalence ratio makes ATR of bio

oil a viable option for applications like fuel cells and chemical synthesis. Mechanisms
were proposed to account for equilibrium product yields.difect (or POX)
mechanism was proposed in which Was produced from POX, SR and WGS
reactions Results obtainedof this mechanisnshow thatATR can be viewed as

partial oxidation combined with WGS instead of the more traditional notion of
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exothermic oxidation coupled with endothermic SR. Another mechanism validated
was thendirect (orCOX) mechanism in which thermal cemposition accounted for
about 30% of bieoil consumption with hydrogen production assured biy-oil
decomposition, steam reforming, water gas shift and carbon gasification reactions.
The equilibrium calculations performed in this study do not takedatsideration

the kinetic aspects of the reactions involved and could prove unrealistic in real ATR
reactors. The proposed mechanisms can only occur when equilibrium is attained for
example working at low space velocities and high catalytic activity.ré&uuork

should therefore focus on kinetic studies and the influence of other process parameters

like pressure and space velocity.
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Chapter 5 Process Design and Simulation

5.1 Introduction

This chapter focuses on the use of palm empty fruit bunch (PEFB) as a source of
hydrogen by means of a process design and simulation using the Aspen Plus software.
PEFB biomass is produced as a mairmpbyduct in the oil palm industry. The Low

bulk density of PEFB necessitates-gite processingand pyrolysis provides a
convenient ad efficient way for longerm storage and distribution.

Several authors have proposed Aspen Plus simulation models for biomass pyrolysis
and gasification to produce hydrogen rich syn@gasarheim et al. (2015jeveloped
fluidised-bed based models for pine and forest residue ysisolising Aspen Plus. An
overall process efficiency of 69.3% was determined for pine residue pyrolysis, which
was higher than the 55.8% obtained for the forest residigrd et al. (2014)
developed a computational fluid dynamics model using Aspen plus to analyse and
optimise the pyrolysis process of four types of biomass: shredded green piast

chips, wood and birch. They obtained a maximumdiigield of 58% for shredded
green wasteDoherty et al. (2013performed an Aspen plus simulation of biomass
gasification featuring a steam blown dual fluidised bed. The influence of key factors
such as gasification temperature, biomass moisture, steam to bioit@sairao
biomass ratio and steam temperature on syngas composition were investigated. Their
study established that biomass moisture is the most important factor influencing the
efficiency of the proces3.he process design proposed in this chapterdesliPEFB
biomass pyrolysis to produce bad, followed by ATR of this bieoil to obtain syngas
whichis then shifted and separated to give puselrfluence of process factors such

as S/C ratio and amount of air on hydrogen yield and syngas composiion a
investigated. An optimised heat exchange network including a combined heat power

generation unit is proposed using pinch analysis.

5.2 Process Design

5.2.1 Process Description
Figure 5.1 shows a simplified process diagrdor the production of syngas and
eventual upgrading to hydrogen using fresh PEFB biomass as feedstock for a

hydrogen production plant. The overall process consists of four main stages: pre
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processing, pyrolysis, autothermal reforming (ATR) and purificatieresh (wet)
PEFB obtained from a nedy oil palm processing plant is chopped from an initial
size of 400 mm to 15 mm. The chopped feedstock then has its moisture reduced from
40% to 10 % in a dryer before undergoing further size reduction in a rabkam an

average of 2 3 mm particle size suitable for pyrolygBridgwater, 2012)

Fresh
PEFB

Chopping > Drying > Milling »  Fast pyrolysis
v
4— Combustion < Solid and Gas
A\ 4
CO-Shift < Bio-oil ATR

!
|

Purification

Figure 5.1 Generalised process flow diagram for hydrogen production from PEFB
biomass

Fast pyrolysis takes place in a fixed bed reactor at 500 °C and yields a solid char and
volatile organics which are further separated using cyclones. Upon cooling, the
volatile stream separates into a condensable liquidaibi@nd a norcondensable

gas (NCG) stream. The bal produced can be stored and transported out of site or
reformed on site, here proposed, to obtain syngas or pure hydrogen. The choice of
reforming technology greatly influences the profitability and sustainability of the
entire process. The process model proposed uses an autothermal reformer operated
adiabatically at 3 bar (for the base case) with steam, air arallt@is input streams.

The main ractions and accompanying side reactions taking place in the reformer are
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listed in Table 2.4 and Table 4.4. The reformate is cooled to 250 °C and sent to a
carbon monoxide (CO) shift reactor where most of the CO reacts with water and
converts to C@and H via the WGS reaction. Upon cooling, the resulting stream
containing mostly W Hz, CO;, CO and water vapour moves into a hydrogen
purification unit.

For this study, the possibility of using a high pressure water scrubber (HPWS) and a
more traditional presure swing adsorption (PSA) unit for hydrogen purification was
investigatedCozma et al. (2014)roposed an Aspen Plus based HPWS modehéor
removal of CQfrom biogas. Their model, which uses a pressurised water scrubber/air
stripper system with the possibility of water regeneration and recirculation, initially
designed for biogas/Cttleanrup is adopted and optimised in this study fadrogen
purification.

5.2.2 Process design in Aspen

Assumptions made for this process design and all ensuing analyses include:

- Steady state process

- No heat losses across pipes, reactors and other related process equipment (unless
otherwise stated)

- Negligible pressure drop during solid/fluid transport throughout the process

- Char (biochar) contains only carbon

- Biomass contains only C, H and O.

Aspen Plus® has been used by many researchers to perform simulation of various
chemical, petrochemical and enengpcessegVisconti et al., 2014, Martin et al.,
2016) Aspen Plus uses unit operation blocks to model specific process operations and
also supports usatefined Fortran codes which can be used to modify the prepe

of existing blockgDoherty et al., 2010, Dufout al., 2012) One advantage of using

this software is that it allows the user to define-otonventional fuels like coal and
biomass in terms of their ultimate and proximate analysis and it also has an extensive
built in physical poperties database that can be used to perform simulation
calculationdMavukwana et al., 2013)

5.2.2.1 Thermodynamic property methods
The PengRobinsm equation of state with Bostdvathias modification (PABM)

was the global thermodynamic property method selected for this simulation. This
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method is particularly applicable to high temperature and pressug@aessing,
chemical and petrochemical preasegDoherty et al., 2013, Halvorsen et al., 2015)

This property method is comparable to the SeRedlichKwong equation of state,
which other authors have used to sinldiofuel and coal thermochemical
conversion processéMartin et al., 2016, Halvorsen et al., 2015, Preciado et al.,
2012) The steam table property method (STEAM) was used to calculate the
thermodynamic propées of water when this was used on either the hot side or cold
side of shell and tube heat exchangers. The ELECNRTL property method was used
to specify the water scrubber while the IDEAL property method was used for the water
pump around (WPA) recoverynii and air stripper (both units are used for processes
using HPWS). A full description of the equations and merits of these thermodynamic
property methods is beyond the scope of this work.

PEFB biomass and ash (obtained after pyrolysis) were defineghasnventional

solids and the HCOALGEN and DCOALIGT models were used to calculate enthalpy,
density and other thermodynamic properties based on the ultimate and proximate
analysesvalues The HCOALGEN is a coal enthalpy model and the correlation
method ued to determine the heat of combustion, heat of formation and heat capacity
are listed n Table 5.1. Several authors have applied these correlation methods,
especially the Boie correlation, to biomass and otherdrogabon fuelgBates and
Ghoniem, 2013, Annamalai et al., 1987)

For this simulation, the Kirov correlation was used to calculate the heat capacity of
PEFB biomass. This correlation takes into account the iboerst mas fractions as
defined by theproximate analysis and treats the heat capacity as a weighted sum of
the heat capacities of moisture, ash, fixed carbon, and primary and secondary volatile
matter (Aspen Plus V8.8 manual). This is written mathenibtiaa

0p, B 005

Where

0 is the heat capacity,

i is the component index,
] Is the constituent index (1 = moisture, 2 = fixed carbon (FC), 3 = primary volatile
matter, 4 = secondary volatile matter, 5 = ash),

U is the mass fraction of th# ponstituent on a dry basis,

£ (id the number of constituents.
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Secondary volatile matter is defined as any volatile matter up to 10% on a dry, ash

free basis with the remaining volatile matter being prinf@wyarheim et al., 2015)

Table 5.1 HCOALGEN correlations used to calculate thermodynamic properties of
PEFB biomass

Property Calculation method Component attributes

Heat capacity Kirov correlation Proximate analysis

Heat of combustion  Boie correlation Ultimate anl proximate analysis
Heat of formation Heatof-combustiorbased correlation  Ultimate analysis

The heat capacity, , is temperature dependent and this dependency for each

component is calculated using the following equation:

O0r Wr WRY O Y ®F"Y

Where®is a parameter or elemeifds the component indexnd (s the constituent
index(Onarheimet al., 2015)

The Boie correlation is given by:

wQ O0fFp OLVLR OOEF LR WGLR PTT @

where® - @ are parameters arnid j is the mass fraction of element X in component
i (X=C, H, S, O, N).The default Aspen parameters used for the Kirov and Boie

correlations are given in Appendix A.

5.2.2.2 Biomass Specification
PEFB biomass has no universal composition since this depends on the actual palm
variety, geographical region, and age of pl@ntar et al., 2011)

Table 5.2 Ultimate and proximate analysis of PEFB used for Aspen Plus simulation

Ultimate analysis
Carbon 51.7
Hydrogen 5.9
Nitrogen 0
Chlorine 0
Sulphur 0
Oxygen 42.4
Proximate analysis
Moisture 40.0
Fixed Carba (FC)* 13.3
Volatile Matter (VM)* | 83.4
Ash* 3.3

* Value reported on dry basis
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The proximate analysis and ultimate analysis of PEFB showahie5.2, and used

for this simulation, are asswa based on average values obtained from published data
(Chang, 2014, Abdullah and Gerhauser, 2008, Abdullah et al., 2011, Khor et al.,
2009a) In Aspen plus, ultimate analysis and proximate analysis values (&xglud

moisture content) are entered on dry basis only.

5.2.2.3 Bio-oil surrogate
Using the method described in section 3.5.1, six melemical families were

identified from the DTG curve presented in Figure 3.7. The experimental DTG results
together with the fitteé model and constituting families are showifrigure5.2 which

has been reported in the-aathored workDupont et al. (2017)

2.5E-4

« Experiment
—model
—Family 1
—Family 2
—Family 3
—Family 4
—Family 5
—Family 6

1.0E-4

DTG rate of mass loss (mg/s)

50 150 250 350 450 550
T(AC)

Figure 5.2 PEFB bicoil DTG and fitted model comprising six maechemical
families(Dupont et al., 2017)

Table 5.3 presents the boiling temperature range, fitted coefficients, calculated mass

fractions and compounds selected to represent the six +olagnoical familiesdentified

in the PEFB bieoil.
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Table 5.3 Summary of results obtained from DTG model and representative

compounds
Family BP range, A E n Mass Representative BP, K Mass
K (peak) fraction (model) compound fraction
(model) (surrogate)
1 30071 360 1x1CP 51 2 0.1 Formaldehyde 254 0.083
300
(300) Acetaldelyde 293.2 0.008
2-butanone 353 0.008
2 3001 500 3x1C 69.3 35 0.3 Water 373 0.238
(340) o
Acetic acid 391 0.075
3 3407 520 1x1C0 52 15 0.15 Furfural 434.7 0.136
(430)
Phenol 4547 0.008
4 3801 540 1x1C0 68 1 0.15 Creosol 492.5 0.030
(480) .
Guaiacol 478 0.121
5 46071 800 7x10 100 4 0.25 Catechol 518.5 0.249
(560)
6 5007 700 2x10 101 1 0.05 Palmitic acid 624 0.008
610
(610) Levoglucosan 657 0.038

A comparison of some properties of the formulated surrogateibamd thatof the

actual PEFB biail is given inTable5.4. It can be seen that the ki surrogate has

some similar properties to the actual PEFBdilaotably the H/C and O/C ratios.

Table 5.4 Properties of PEFB bioil and surrogate

(Pimenidou and Bio-oil
Dupont, 2012) surrogate

Moisture 24.30 25
Proximate analysis (%)

Volatile matter 84.3

Fixed carbon 11.3

Ash 2.43

Solids
Ultimate analysis (%)
C 45.23 49.2
H 6.53 6.5
(0] 47.03 443
N 8.5x10° 0
S 0.0611 0
H/C molar ratio 1.7 1.6
O/C molar ratio 0.8 0.7
HHV (MJ kg?) 19.8 17.9
LHV (MJ kg 18.4 166
Density, kg/nd 1421
Flash point, °C 72

5.2.2.4 Stream specification and flowsheet development

The Aspen Plus solids template with metric units was used to develop this simulation.
In addition to gas and ligd streams, this template supports a wide range of unit
operation models for solids processing such as crushers and cyclones. An extensive

component list was generated and included hydrogen, CQ,@H, all the bicoil
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model compounds listed imable 5.3, carbon, biomass and ash. Once the
thermodynamic property models were selected as described in se&idri, the
flowsheet was created with the global stream dasso MIXNCPSD (Mixed Stream

+ Nonconventional Solid with Particle Size Distribution). This stream class includes
three sukstream classes: MIXED, CISOLID, and NCPSD. MIXED components
include all liquid and gas components which take part in chemicall@quih and/or

phase equilibrium calculations. The char formed during pyrolysis was defined as a
CISOLID (conventional inert solid) stream while PEFB biomass was specified as an
NCPSD (norconventional inert solid) stream. Both char and PEFB biomass do not
participate in chemical equilibrium and/or phase equilibrium calculatidsaful,

2012)

A flowsheet vas then develagin the simulation environment using various default
blocks available in Asperigure5.3 andFigure5.4 are complete flow diagrams of

two process desigrearried out in Aspen. The difference between both designs is that
Figure53i s t he representation of the so ca:
system is used to separate and recover all tiprddlucedat alout 97 mobb purity).
WhileFigure54o0n t he ot her hand, is a represent
a PSA unit is used to recover a significant amourguséH> (above 75% based on

the operating pressure).

The next section provides details of the main Aspen blocks and specifications used in
the process design and simulation. The base case scenario presented considers a plant
processing 5000 kg/h of fresh PEFB (40% moisture).
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5.2.2.5 Unit operations

Crushing and Milling (Block IDT CRUSHER and BMILL)

Size reduction of the fresh PEFB/BIOMASY) is achieved using two blocks specified

by a local particle size distribution (PSD) and a mechanical efficiency of Babe5.5

and Table 5.6 show the specified lower and upper limits for the PSD for the crushe
(CRUSHER and ball mill BMILL ). Lack of published data on PEFB grinding
characteristics limited the accuracy of the grinding energy required by these operations.
However, the Hardgrove Grindability Index (HGI) selected for PEFB was 22 based on
availableinformation for other biomass feedsto¢keryoga et al., 2014, Williams et al.,
2015)

Table 5.5 Particle size distribution specified for Crusher (mm)

Interval  Lower Upper Weight

limit (mm)  limit (mm) fraction
1 0.001 0.005 0.1
2 0.005 0.01 0.2
3 0.01 0.015 0.2
4 0.015 0.02 0.2
5 0.02 0.025 0.1
6 0.025 0.03 0.1
7 0.03 0.035 0.1

Table 5.6 Particle size distributiospecified for Ball Mill (mm)

Interval  Lower Upper Weight

limit (mm) limit (mm)  fraction
1 0.001 0.002 0.2
2 0.002 0.003 0.2
3 0.003 0.004 0.2
4 0.004 0.005 0.2
5 0.005 0.006 0.2

Drying (Block ID 7 DRYER and SEP4)

Drying is achieved using a combtiem of an adiabatic RStoic reactoDRYER)
operating at 1 bar and a tvphase flash separat@KEP-4) also operating at 1 bar. Even
though biomass drying is not a chemical reaction, the RStoic reactor in Aspen converts
a portion the nonconventional biorsgeed to water via the following equatiBegum

etal., 2013)
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Bi omass(wet )0. 0555084H 5.1

Aspen Plus treats all nonconventional components as if they have a molecular weight of
1.0. This equation implies that 1 mole of PEFB reacts to form 0.0555084 mole of wate
A calculation block controls the extent of water formation and uses the value of the initial
moisture content of the PEFB biomass as specified by its proximate analysis and the final
moisture content of the dried PEFB, which in this case is set attbOajculate the
conversion of the RStoic reactor. The equation used in the calculation block to calculate

the feed conversion is given as

#/1 . 6 5.2

Where( ¢ / )s.the initial moisture of the fresh PEFB biomass (40%)(amd/ $ &9

the final moisture content of the dried product (10%).

The RStoic reactor does noeed heat to simulate water reraf) nonetheless, a heat
source, hot ains included in this process simulation for completeness and to facilitate
energy balance calculations.

The resulting water vapour and warm air are separated from the driediRPBRRB o
phase flash separator, SBEPoperated adiabatically at 1 bar. After drying, the crushed

biomass flow rate reduces to 3333.3 kigihthe base case

Pyrolysis (Block IDi PYROLYSE)

PEFB pyrolysis is simulated by an Aspen Plus RYield read®RCLYSE). The

RYield reactor allows the conversion of the rammventional stream (PEFB biomass) to
conventional products. The yield of conventional products using this reactor was set
using a calculator block and the product distribution is givaraliie5.7. The pyrolysis

yield of the solid, liquid and gaseous phases are based on average values obtained from
existing literature(Onarheim et al., 2015, Abdullah et al., 201@ylaiman and
Abdullah, 2011, Zhang et al., 2013)
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Table 5.7 Pyrolysis yield at 500 °C and 1 bar for 10% moisture PEFB (3333.3 kg/h)

Phase Yield (wt %)

Solid (Char and Ash) 15

Liquid (Bio-oil) 70

Gas 12

Ash 3

Component Mass Fraction Component Mass Fraction
Acetic acid 0.046 Levoglucosan 0.023
Formaldehyde 0.051 Palmitic acid 0.005
Acetaldehyde 0.005 Ha 0.006
2-butanol 0.005 CHs 0.003
Furfural 0.083 co 0.061
Phenol 0.005 Co 0.051
Creosol 0.018 C (char) 0.12
Guaiacol 0.074 Ash 0.03
Catechol 0.152 H20 0.24

Phase Separation (BLOCK ID SOLIDSP1, SSEP2 and SEPL)

Hot pyrolysis vapour/solid mixture passes through two solid separators to recover the
solid (char and ash) before condensatod eventual separation into noendensable
gases (NCG) and bioil. This twostage solid separation ensures almost complete
removal of char. The first separat&@LIDSPJ) is modelled as a cyclone operating with

a 90% solid recovery while the second @pes as an Electrostatic Solid Separator (ESP),
(S-SEP2. The vapour leaving the ESR/AP-1) has a char concentration of less than
1%. In reality, systems attaining such high efficiencies in char recovery are difficult to
design leaving some char to caliéen the bieoil produced. NCG and bioil separation
occurs in a twestep process involving cooling to 30 °@X1 andC1) followed by two

phase flash separation in t8&P-1 block.

Reforming (BLOCK IDi REFORMER)

The recovered bioil (BIOOIL -1) is pumpé to 3 bar preheatedo 120 °Cand sent to

an adiabatically operated reform&EFORMER) together with superheated steam and
compressed air. All heat exchangers are set to operate with a minimum temperature of
approach of 20 °C. Autothermal reforming wsisulated using the Aspen RGibbs
reactor operating at 3 bar for the base case. The RGibbs reactor calculates the equilibrium
composition by using the Gibbs minimisation method. This method determines

equilibrium product composition without knowing the partar chemical reactions
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involved by minimising the Gibbs free energy of a fixed reacting system (see Chapter

4). The amount of oxygen (in air) and steam needed for ATR were determined using
separate calculator blocks (see Appendix A). The air equivaterecé i o (&) var i
0.23 to 0.36 (Eqg. 6.3) while the molar steam to carbon (S/C) ratio was varied from 1 to

3 (mol steam input/mol carbon in bodl). Air used for ATR is preheated to 150 °C
(RAIR-3) while the steam enters the reformer at 500 REIZ0-5). The equilibrium
temperature attained in the reactor ranged between 600 and 900 °C depending on the S/C
ratio and @.

Water Gas Shift (BLOCK ID' SHIFT)

The reformate is cooled to 250 °C and then sent to-gl@fdreactor SHIFT ), modelled

as an isothenal RGibbs reactor, operating at 3 bar and 250 °C, where more hydrogen is
formed via the WGS reaction. A list of possible products from the shift reactor was
created and comprised of CO, £®h, H.0, N> and CH. CH; was set as an inert gas
and the tempature approach to equilibrium was set at 0 °C. CO conversion in the shift

reactor reached 95%.

H> Recovery (BLOCK IDi SCRUBBER, STRIPPER, PSA)

Hydrogen rich syngas from the shift reactor is cooled down and moves to either an
HPWS system or a PSA unit wieehydrogen recovery occurs. Based on these two
hydrogen separation technologies we define two processes; the pyrolysis and
autot her mal reforming process with hydro
and the pyrolysis and autothermal reforming proeé#s hydrogen separation by PSA
(6PAPS pr oc e sgdzqvery bi bothepootessesedepéhds mostly on the
operating pressure. The HPWS hydrogen purification system consists of a scrubber
column SCRUBBER having between 10 to 15 equilibrium stageshwiressurised
scrubbing water entering above the top stage and feed gas at the bottom stage at the same
pressure (10 bar for the base case). Water is condensed out from the cooled product gas
|l eaving the shift react orObarrCOMR2handsendt dr y o
to the scrubber. Gdsi qui d i nteractions and Henryos
the ELECNRTL property methodCozma et al. (2013yalidaed the use of this
thermodynamic model in their simulation of biogas upgrading using a HPWS. A design
block calculates the amount of scrubbing water needed to achieve a ts®ganobo

hydrogen purity for the output stream. Spent water from the scrubblagn enters a

flash separatoiSEP-3) where its pressure is reduced, inducing desorption of the soluble
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gases before moving into a stripper colu@mRIPPER) where the water is regenerated
using air and recycled as WPA. To avoid gas and impurity bpiid the HPWS system
some of the water leaving the stripper is purged while a corresponding amount of make
up fresh water (FWF) is added at the top of the scrubber.

Alternatively, a PSA unit is used to purify the syngas leaving the shift reactor. The hot
syngas is cooled down to 40 °C to condense and remove any water before being
compressed to 10 bar (for the bassé. The compressed gas is cooled down to 30 °C
and all moisture removed using a phase separ@ki?-8) before it enters the PSA unit.

The pesace of water iknown to negatively affect the functioning of a PSA (kiartin

et al., 2016) Typical PSA hydrogen recovecan range from 50 to about 85%artin

et al., 2016, Sarkar and Kumar, 20109r this simulation, the PSA unit is implemented
using a splitter blockRSA) which separates the incoming syngas into two streams
compising of pure hydrogen (during adsorption) andgdées (during desorption and
purging). Depending on pressure, hydrogen recoveries of 75%, 85% and 90% are
achieved for PSA units operating at 10, 20 and 30 bar respectively. To improve the
hydrogen yieldor the base case simulation, reforming and shift reactions occur at 3 bar

but the hydrogen separation is carried out at 10 bar.

Combustion (BLOCK IDi COMBUST)

Char and ash obtained after pyrolysis and solid separation, together with NCG are all
burned ina combustor to deliver heat energy across the plant. For this simulation, an
isothermal RStoic reactotCOMBUST) is used to generate combustion products.
Combustion air CAIR-1) is preheatedo 250 °Cwith flue gas before being fed to the
combustor. A dagn block computes the amount of excess air needed for complete and
efficient charand NGCcombustion. Excess air was varied between 20 to 70% in order
to adjust the combustor enthalpy and temperature and provide the energy required for
biomass pyrolysigheat steam HHEAT). Further energy recovery was achieved by
cooling the flue gagproduced The recovered heat was used mainly to preheat air for
feedstock drying or generate steam for electricity production in the case where a
combined heat power systemsuased.

Combined Heatand Power (CHP)(not included inbasic simulations shown figure

5.3 andFigure5.4)

Combined heaandpower (or cegeneration) is the simultaneous generation of heat and
power achieved by using waste heat from steam for procesimdn@nd/or for space
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(district) heating. The generation of heat and power using steam as the working fluid is
based on the steam turbine (Rankine) cycle. This cycle consists essentially of four main
components: boiler, turbine, condenser and recycle péigpre5.5 shows the basic
configuration of an ideal steam turbine CHP plant. Fuel combustion takes place in the
boiler where the hot flue gas is used to generated superheated steam. The boiler is
designed to rae the pressure of the steam produced to a desired value. The high pressure
superheated steam is then expanded through a turbine connected to an electric generator
to generate electricity. The exit low pressure steam from the turbine is used for process
heating and then cooled in the condenser to obtain water which is pumped back to the

boiler.

HP-STEAM

BOILER

TURBINE

COND
FUMP

I LP-WATER { : }

Figure 5.5 Simplified flow diagram of a steam turbine CHP plant-{b® pressure, HP
high pressure, CONIBondenser

The mechanical work generated by the turbine depends on how much reduction in steam
pressure can be attained. Ideal turbine inlet conditions for viable power generation are
42 bar/400°C or 63 bar/4809(COGENEurope and INESENE, March 2001)Based

on the pressure of the outlet steam, steam turbines can be classified -psebacke
turbines (BPT) or condensing extraction turbines (CET).

BPTs are designed for steam to exit as a saturated or superheated vapour at a pressure
higher than atmospheric and with enough heat to satisfy process requirements. Such
turbines are ideal for plants whose primary aim is to produce heat not electricity. The
main advantages of a BPT are that it has a simple configuration, relatively inepensiv
and requires less cooling water. Its main disadvantage is that it is not flexible and
designed to function properly on a specific thermal load and steam property (temperature
and pressure). In a CET, steam expands in a first stage similar to BPT téneseahe

steam is extracted (passedt) and used for process heating. The remaining steam is

simultaneously expanded and cooled in an integrated condenser and exits at a pressure
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well below atmospheric. Steam expansion to condensation and below vacsunesen

that a CET delivers more power than the BPT. The condenser temperature, which can be
water or air cooled, determines the turbine exit steam pressure. CET are suitable for
processswith lower heato-power ratio, 2 10 (kW/kW), compared to BPT whidre
suitable for processes with hdgatpower ratios ranging from 4 to YBEE). The main
advantage of CET is that they produce more electricity compared to BPT as steam is
expanded down to eaum. Another advantage is thélexibility andability to regulate

their thernal and electricity loads based on the changing needs of the p(&tdss

CHPP, 2015)CETs are more complex and expensive to design and install and can have
lower efficiencies as most of the waste heat removed during ceetitem is not at
temperatures suitable for process or district use. Depending on the type of turbine used
as part of CHP unit, the prefixes BT and CT are used to distinguish processes using a
BPT or CET respectively. For exampl®AWS-BT is short for pyroysis and
autothermal reforming process with hydrogen separation by HPWS using;aaB&®T
PAPSCT is short for pyrolysis and autothermal reforming process with hydrogen
separation by PSA using CET.

5.2.2.6 CO2emission (environmental impact)

Most of the hydrogeproduced industrially is obtained from fossil fuels mainly natural
gas, coal and other petroleum liquid products with natural gas (methane) SR alone
contributing about 50%Ewan and Allen, 2005)To estimate the COsavings and
environmental impact advantage gained by using PEFB biomass as a source of hydrogen,
a complete fecycle assessment (LCA) needs to be performed and the results compared
to that of the more tradition fossil fuel based processes. A full LCA is beyond the scope
of this work. Instead a simpler approach is adopted in which the effect on the
environment ofproducing an equivalent amount of hydrogen by SR of natural gas
(methane) as fuel is considered. It is also assumed that any net electrical power or heat
generated by the PEFB based processes could have been produced by one using methane
as energy sourcend an equivalence is determined based on current energy conversion
efficiencies. The C®emission savings therefore corresponds to that eliminated by
substituting a fossil fuel, natural gas in this case, with biomass as feedstock for hydrogen
production.

The net CQ emission for the PEFB biomass based processes is considered to be very

low, almost zero. This overly simplified calculation of £€avings assumes that no
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fossil fuel or input is used for biomass planting, harvesting and storage i.e. all CO
released by the plant is reabsorbed during subsequent regrowth of the oil palm plant
(Larson et al., 2001)rhe total greenhouse gas emissions (mostly) @©m a process

will depend on its size and configuration (extent of heat integration). A complete LCA
takes into account the source, storage and transportation facilities needed to make the
natural gas avable onsite for processing.

Several authors have published data on the €fissions associated with hydrogen
production by steam reforming of natural gas (methaBpath and Mann (2000)
performed a LCA for a 1.5 million N#fday (5600 kg/h) capacity natural gas SR plant.
They determined the total greenhouse gas emissions (GHG), expressed-in CO
equivalent, associated with plant operations and electricity generation to be 9.17 kg
COy/kg Hz. Ewan and Allen (2005n their assessment of various routes to hydrogen
production based their calculation on aZ@mission of 55 kg C&GJ of natural gas fuel
energy. This value corresponds to 10.08 kg/K@ Hy; assuming 0.66 MJ of Hs
produced per MJ of natural g&Spath and Mann, 2000%ranovskii et al. (2007)
evaluated the impact on GHG emissions by replacing fossil fuels with renewable energy
for hydrogen and electricity production. Their study was based on.ae@3sion of

75.7 g CQ/MJ Hy. This mrresponds to 9.15 kg G®g Hz. In light of the aforementioned
studies, a C®@emission from a methane SR plant was taken to be 9.5 kg/kgfof this

study. The C@ emissions for net electricity generation/consumption by a process is
taken as 149.9 @O/ MJ for a thermal plant operating at 40 % efficiei@yanovskii

et al., 2007) Heat exported as steam is assumed to be generated by a natural gas fired
boiler operating at 75% efficiency. Natural gas LHMaken as 47.13 MJ/kg and the
amount of CQemitted during combustion is obtained from the balanced equation using
the stoichiometric ratio 2.74 kg GOkg CHs. This corresponds to a G@mission of

58.3 gCO/MJ of natural gasswan and Allen (2005)sed a reference G@mission of

55 gCO/MJ of natural gasiitheir assessment of various routes of hydrogen production.

5.2.3 Equations
The air equivalence ratio, @&, is calcul a

- 5.3

Where AFRcwalis the air o fuel ratio considered and Akkkis the stoichiometric air to

fuel ratio for complete combustion.
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Hydrogen yield

@ S pTITT 5.4

Water Conversion

@ pTITT 55

Water efficiency

- — pPNW 5.6

Biomassto-bio-oil conversion efficiency

- ——— PTT 57

The hydrogen(thermal) efficiency, — , was determined by comparing the LHV of
hydrogen produced to the LHV of both biomass (BM) anddilidBO) as feed. The
LHV of biomasss assumed to be 11 MJ/kQuaak et al., 1999Meanwhile that for ta
bio-oil generated by the simulation was similar to the formulate@ibgurrogate whose
LHV was dertermined using bomb calorimetry to be 16.6 MJ/kgT{ab&e5.4)

- —— — PTT 5.8

8

- — — PTT 59

The mechanical worgroduced by a turbine is calculated as

7 a — - 5.10

Overall process efficiency; , is calculated using the following equation

- . P 511
0 €10 ® O 5.12
O €10 O O 5.13
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Where

- Hydrogen efficiency calculated using biomass (PEFB) as input fuel
- Hydrogen efficiency calculatedsing bicoil as input fuel

a is the mass flow of the hydrogen gas product, kg/h;

a is the mass flow of PEFB, kg/h;

a is the mass flow of water, kg/h;

LHV is the lower heating value (foraHbio-oil or biomass), k\Wwh/kg;
& is the steam flow into the turbine, kg/h;

7 is the isentropic work generated by a turbine, kW,

Y is the specific steam consumption of the turbine, kgkkW

— is the isentropic efficiency of the turbine;

U €10 correspond to the net power/electricity generated or demanded by the
process (MW). This term appears only once in the equation; either as a numarator,
in case of net (positive) work or power generation or as a denominatohin the case
of net (negative) electricity consumption by the process;
O €10 correspond to the net &teproduced or required by the process (MW).
This term appears only once in the equation; either as a numetatohin case of ne
(positive) heat produced or as a denominaior, hin the case of net (negative) heat
required by the process;
w is the total mechanical work generated by the process, MW;
Ois the electrical energy needed to power all electrical equiphait,
"O is the residual heat recovered from cooling the dryer exit stream, MW;
"O is the required process heat obtained by adding heat demand for heater H1 and H1,
MW (Figure 5.3 and Figure 54)
The thermal efficiency of the process dege greatly on the pyrolysis and reforming
steps. The choice of pyrolysis products makes any inference on the thermal efficiency of
this process design very subjective. Care was taken to consider the available literature
on PEFB pyrolysis in order to dewgl a model representing a typical fixed bed reactor
pyrolysis yield.
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5.3 Results and Discussion

5.3.1 Influence of Steam and Air flow

5.3.1.1 Hydrogen yield

Figure5.6 shows the effect of increasing the S/C ratio on the hydrgiga (Eq. 5.4)

on both the PAWS and PAPS processes for the base case simulation. The equivalence

ratio for this plots correspond to the amount of oxygen required for stoichiometric partial

oxidation of bieoil (determined according to the POX equation, Bdll) and is
Under

cal cul at ed

to be & = 0.

25.

t hi

S co

convert all the carbon (C) in the biofuel to CO without hydrogen (H) oxidation and no

side reactiongKrumpelt et al., 2002)As expected, increasing the S/C ratio resulted in

an increase in hydrogen vyield.
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and B recovery is carried out at 10 bar a) PAWS process b) PAPS process.
Temperature values are included as data labels in plots.

This increase in hydrogen is due to two factors. liyirthe presence of more water

molecules with increasing S/C ratio compounded with the slight reduction in the
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equilibrium temperature (from about 690 °C to 640 °C) promotes the WGS reaction in
the reformer. The second effect is similar to the first boticin the shift reactor where

the presence of more water molecules pushes the WGS equilibrium to the right forming
more B and CQ. Figure5.6 also shows that water conversion reduces form an initial
value of 70%at S/C = 1, to about 20% at S/C =3.
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Figure 5.7 Influence of S/C ratio on water conversion efficiencgat= 0. 25. For
case, ATR and shifting occur at 1 bar andrétovery is carried out at Iar a)
PAWS process b) PAPS process.

The initial benefit of having more water in the system almost ceases at S/C ratios greater
than 2.5. This effect is emphasised furthdfigure5.7 which shows a decrease iater
efficiency (Eqg. 5.6) and an almost levellinf of the actual amount of water reacted as

S/C ratio increases from 2.2 to 3. In a typical isothermal steam reforming processes, high
S/C ratios help prevent the formation of catalytic c@artin et al., 2015)This is not
necessarily the case for an adiabatic ATR processes as the high steam content lowers the
equilibrium temperature and might instead have the undesirable effect of promoting coke

formation reactiowhile deactivating coke gasification reactions. Working at very high
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S/C ratios also makes a process more energy intensive and increases the cost of the H
or syngas produced. Based Bigure 5.6 and Figure 5.7, the maximum S/C ratio to
consider when operating an efficient ATR process should at or below 3. Moreover, above
this value, an external fuel source will surely be required to generate the excess steam
leading to a me complex heat exchange network and larger downstream separation
equipment. The water conversion and water efficiency shovwmgure 5.6 andFigure

5.7 are almost the saamthis is because under the equilibrium conditions considesed, H
gas formation has a very high selectivity compared to other H containing products such
as CH and CGHe. This might not necessarily be the case for a real life kioeten

process.

5.3.1.2 Dry gas composition (reformate)

One advantage of ATR is the variability in product gas composition achieved by
changing process variables suchease qui val ence rati o @&, S/ C
(Holladay et al., 209). Figure 5.8 shows the nitrogetiree dry gas reformate product
obtained by varying the S/ C ratio from 1
in the previous section, increasing the S/C ratio increasesqthielH. This also has a
concomitant effect on CQvhile the amounts of CO and GkHvhen thermodynamically

possible) decrease.
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Figure 5.8 Syngas yield on a dry nitrogdree basis for PAWS and PAPS processes. For
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It is also discernible frorfrigure5.8 that for the same S/C ratio, the ¥eld decreases

as the amount of oxygen (ATR ai foxywenpr ess
present in the reactor feed (fuel and air) is lower than that required to convert all C in the
fuel to CO (& < Qyield Wil he lowet than the posaildeanaximum.h e n
Thekyi el d peaks at & = 0. 28 ptodesspthewsteds S/
decreasing as more>Qair) is added to the reformer due to increase oxidation of fuel to

COz and HO.
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Figure 5.9 Effect of S/C ratio and equivalence ratio on syngas compositioe®sqx as
H2/CO. For the base cas&TR and shifting occur at 1 bar and Kecovery is
carried outat 10 bdror ATR process using air anc
0.36

As seenon Figure5.9 different syngas composition (expressed as tHE€® ratio) can
be obtained depending on t hnind8dnLof airartdi o a
water considered for this simulation/HCO r ati o varied from 2
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from 1.5 to 4 (at & = 0.36) after reform
can be used either directly or after upgrading as fereslyftthesising chemicals such as
methanol, dimethyl ether (DME), ammonia and other liquid fuels. Such chemical
syntheses are achieved either by direct combination or by Fischer TeypslcasisAs

already discussed in Chapter 4 (section 4.4.3.2), diffeteemicals have different feed
requirements with MICO = 2 for Gado-Liquid Fischer Tropsch processes anddO =

1 for higher alcohol synthes¢RostrupNielsen et al., 2002c, AasbeRgtersen et al.,

2011, Wilkelm et al., 2001b)The maximum value of M (module) obtained for this
simul ation was 0. 5 4hefsymgas ostaired ia thi stmulationdwillS / C
require an addition of pure-Ho meet the feed requirement for synthesising methanol

and dimetyl ether.

5.3.1.3 Hydrogen (thermal) efficiency

One parameter used to evaluate reforming processes is the hydrogen (thermal) efficiency
(Eq. 5.8 and 5.9¥Figure5.10 shows the effect of varying steam and oxygen (aithen
hydrogen efficiency using PEFB biomass and-diloas starting fuels for the PAWS
process. Overall, the hydrogen efficiency increases with increase in S/C ratio. This
increase is expected as more hydrogen is produced via the WGS and steam reforming
reactions. Varying the equivalence ratio has both a positive and negative effect on the
hydrogen efficiency. In all, increasirg, f r om s ay leadstwarnincreaseo f 0
hydrogen efficiency dk)pafter whichnanyfiatier imeasminv a |l u
& resul ts i n dr o pamdsthe aptinhuypn equicatprca ratie dcEurricgi e n ¢
for a given S/C ratio and corresponds to both maximum hydrogen efficiency and
hydrogen yi el gtredudeh & mora $teare is &dded; gang DB to

0.27 as the S/C ratio increases from 1 t@B&ing an adiabatic process, a minimum
amount of energy is required to get the reforming reactions going. This energy comes
from the partial oxidation of btoil, which is favoured as more oxygen is adtiedhe

reformer. The reformer eventually gets to the point (beympplwhere the addition of

oxygen favours the production of @@nd HO over CO and E(Martin and Worner,

2011) A maximum hydrogen efficiency of 82 % and 57% is obtained for a process using
PEFB bicoil and biomass respectively as primary feedstockhjamirogen production

(Eq. 5.8 and Eq. 5.9 respectivelyhese hydrogen efficiencies are for the high hydrogen

producing PAWS process, consequently the values will be lower for a PAPS process.
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Figure 5.10 Hydrogen efficiency for different equivalence ratios and S/C ratios for the
PAWS processes. For the base c#8ER and shifting occur at 1 bar and H
recovery is carried out at 10 b@) Using bieoil (LHV 16.6 MJ/kg) as starting
material (Eq. 5.8) (b) king Wet PEFB (40% moisture, LHV 11 MJ/kg) as

starting material (Eq. 5.9).
Considering the 75% Hecovery for bases case PAPS process, the hydrogen efficiency

will reduce to 62% (Eq. 5.8) and 43% (Eq. 5.9) with respect to usirgilémd biomass

as input fuel. In both caseshé hydrogen efficiency calculated using PEFB biomass as
input fuel is quite low because the LHV of char and NGC obtained during pyrolysis are
not included in the calculation since these two products do not directly contribuée to th
amount of hydrogen producedartin andWérner, 2011 obtained maximum hydrogen
efficiencies of 85.6% and 84.6far their simulation of an ATR process using biodiesel

and bioethanol respectively as fuel.
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5.3.2 Process efficiency
The overall process efficiency determined for a process with a heat integrated network
designed using pinch analysis. Pinch analysis has been demonstrated to enhance heat
integration by reducing the energy requirement (cold and hot utilities) of a p(Be&ss
et al., 2010) The following steps are implemented @glined in the pinch analysis
methodology presented li§emp (2007)
- Perform mass and energy balance.
- Extract stream data and calculate heat loads and heat capacities.
- Plot hot and cold composite curves addtermine the minimum utility
requirements.
- Draw network grid diagram to achieve maximum energy recovery.
- Redesign network grid and identify the heat exchanger network that achieves the
optimal heat integration from both operational and economic poineaf v
Once the pinch analysis was compietehe energy required by other process
operations/equipment was determined and the overall process efficiency was then

calculated using Eq. 5.11.

5.3.2.1 Mass Balance and Energy balance

The base case examined for this datian is a 5000 kg/h PEFB biomass capacity plant
with 40% initial moisture. The mass balances for PAWS and PAPS process are shown
in Figureb.11andFigure5.12respectivly. Pretreatment and combustion occur at 1 bar

while ATR and shifting are carried out at 3 bar and hydrogen separation at 10 bar.
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Figure 5.11 Mass balance for a 5000 kg/h biomass PAWS process planiaimiibst allhydrogen
recovered a7 moboH,r i ch product gas at 10 bar
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Figure 5.12 Mass balance for 5000 kg/h biomass PAPS process plant with 7bréedvered
aspuregasatlObarCs/ = 2.2, & = 0.28
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Figure 5.14 Energy balance based on LHV for 5000 kgitnass PAPS process plant
with75% Hr ecovered as pure gas. S/ C = 2.
Figure5.13 andFigure5.14 summarise the energy balance based on LHV for the base
case. The total heat loss and recoverable heat for the PAPS process is significantly larger

than that for the PAWS process as 25 % of hydrogen produced in burncomthastor.
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5.3.2.2 Composite Curves and Grand Composite Curves

Aspen Energy Analyzer software was used to perform the next steps in the pinch analysis
processTable5.8 shows a list of all streams (hot and cold) usedte pinch analysis.

To facilitate heat recovery and generate electricity, the hot air stream used for biomass
drying in the norheatintegrated simulatio(Figure5.3 andFigure5.4) is replaced with

water which becomes superheated as it cools other hot streams. Stream data was
extracted directly from Aspen. This was done by the direct heating/cooling of streams
from their source temperatures(To the required targetrtgerature (i) and noting their

change in enthalpy. No other external thermodynamic property library was consulted to
determine heat capacities of the process streams considered. fames stere divided

in order to take phase change into account anacittéte identification of the pinch.

Table 5.8 List of all hot and cold streams considered in Pinch Analysis

Source (T), Target Heat Capacity, Heat load, Mass flow,

Stream Name Type °C (Ty, °C CP, kw/°C MW kg/h

1 VAP-1 Hot 500 200 1.517 0.455 2792.4
2 LIQVAP-1  Hot 200 30 4.600 0.782 2792.4
3 REF Hot 692 250 4.319 1.909 8987.8
4 SHIFT-1 Hot 250 94 4.128 0.644 8987.8
5 SHIFT-2 Hot 94 30 25.359 1.623 8987.8
6 FLUE-1 Hot 1100 115 3.800 3.743 11829.5
7 BIOOIL Cold 30 120 3.278 0.295 2366.5
8 RH201 Cold 20 133.5 4.150 0.471 2954.7
9 RH20-2 Cold 133.5 133.6 17750 1.775 2954.7
10 RH20-3 Cold 133.6 500 1.711 0.627 2954.7
11 RAIR Cold 139 150 1.038 0.135 3666.6
12 CAIR Cold 20 250 3.087 0.71 10862.7
13 DH20-1 Cold 20 250.4 6.506 1.499 5400
14 DH20-2 Cold 250.4 250.5 25690 2.569 5400
15 DH20-3 Cold 250.5 400 4.167 0.623 5400

6* FLUE-1 Hot 1100 115 6.521 6.423 19694.4
13* DH20-1 Cold 20 250.4 14.215 2.273 8192
14+ DH20-2 Cold 250.4 250.5 38970 3.897 8192
15*% DH20-3 Cold 250.5 400 4.298 0.946 8192
16* OFFGAS  Cold 30 150 2.700 0.324 6740.3
17+ FR-COMP  Cold 30 167 3.526 0.483 7070.4

* These streams correspond to values used for the PSA simulation

For this simulation the minimum approach temperatg®{) was set at a global value

of 20 °C. The hot and cold composite curves together with values for minimum heating

and cooling utilities are shown Fgure5.15. The hot and cold composite curves are
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constructd by adding the corresponding enthalpy changes of hot and cold process
streams for a given temperature inter{&lemp, 2005) The pinch, which represents the
region of closest approach between both curves, occurs at a hot stream temperature of 94
°C and cold stream temperature of 74 °C for the base case examined. The pinch divides
the system into two distinct regiortbe region above the pinch act as a heat sink while

the region below the pinch acts like a cold sink. For minimum utilities (heating/cooling
duties), the only admissible heat transfer above the pinch should be heat flowing in from
the hot utility (no coohg). Below the pinch the opposite is twigh the only admissible

heat transfer is from heat flowing out to the cold utility (no heatfdgmp, 2005) No

heat is allowed to flow across the pinch.
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Figure 5.15Hot and cold composite curves for base case simulation. (a) PAWS process.
(b) PAPS process.

124



Table 5.9 Aspen Energy Analyzer summary

Property Value (PAWS) Value (PAPS)
P Tin 20 20

Hot pinch, °C 94 94
Cold pinch, °C 74 74
Heating, kW 455 23
Cooling, kW 1031 939
Recoverable Heat 8125 11380
kw

Minimum for 20 24
MER

Tableb5.9 listsa summary of the information generated by Aspen Energy AealfFor
this simulation, the total recoverable heat is 8124 kW for the PAWS process and 11380
kW for the PAPS process with a total heating duty of 455 kW and 23 kW respectively.
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Figure 5.16 Grand compos# curve. (a) PAWS processes. (b) PAPS processes
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The recoverable energy mentioneadrable5.9 excludes the energy used for pyrolysis
obtaineddirectlyfrom combustor coolingzigure5.16 shows the grand composite curves

for both the PAWS and PAPS processes. The
threshold scenario requiring a negligible amount of hot utility, 23 kW compared to 938

kW of cold utility. The grand composite curvegreuseful in analysing how to place

utilities.

5.3.2.3 Network Grid and Process Flowsheet

According to Linnhoff and Flower (1978)grid diagrams present a convenient and
helpful way to represent heat exchanger networks. In drawing a grid diagram, process
streams are represented as horizontal lines with hains¢rdrawn at the top of the grid
flowing from left to right while cold streams are drawn at the bottom flowing from right

to left. Heat exchange between hot and cold streams is represented by two circles with a
vertical line connecting both streams (Begure5.17). Kemp (2007)ists the advantages

of using a grid diagram in designing a heat exchange network as:

- They are much easier to draw and heat exchangetsecplaced in any order without
redrawing the stream system

- They represent the countercurrent nature of heat exchangers making it easy to check
for stream match feasibility

- The pinch can be shown on a grid diagram

To achieve a design fulfilling the mmum utilities requirement, the heat exchange
network is designed by matching streams away from the pinch: above the pinch, hot
streams are brought down to the pinch temperature only by exchanging heat with cold
streams; below the pinch, cold streams amudit to the pinch temperature by heat
exchange with the hot streams. For streams adjacent to the pinchiyasstaken to

ensure thatpT. iS not violated. To achieve this the following two constrains are
respected for any stream matches near the pinch:

Above the pinch

CPotO &P
Below the pinch
CPhot O Cad

Where CRotis the heat capacity of the hot stream ang.&the heat apacity of the cold

stream.
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Figure 5.17 shows a proposed heat exchange netvgpik diagramthat satisfies the
minimum heating and cooling requirement (maximum energy recovery) for the PAWS
process. For this netwlothe rules ensuring minimal use of utilities are all obeyed i.e.

- No heat transfer across the pinch;

- No cold utilities above the pinch;

- No hot utilities below the pinch.

In designing this network, no forbidden stream matches or layout/safety tressric
where considered. To have a more feasible network design, the entire plant was divided
in two O0zones?&6. Zone 1 comprised of biom
Zone 2 included bimil recovery, ATR and hydrogen recovery. Streams matalees

then performed to keep the corresponding streams within their zones. For example, flue
gas from the combustor is used principally for drying andhgiing combustion air

while the reformate and shifted streams are used thgatand vaporise stearsed for
reforming. Figure 5.18 and Figure 5.19 show proposed grid diagrams with feasible

stream matches for the PAWS and PAPS respectively.

Table 5.10 Performance of proposed heat exchange network for PAWS and PAPS

processes

Property PAWS PAPS
Value % Target  Value % Target

Heating, kW 714 157 532 2304
Cooling, kW 1290 125 1448 154
Recoverable 8125 100 11380 100
Heat, kW
Number of Units 21 105 22 92
HX Area, n? 1319 105 1602 97

FromTable5.10, it is clear that the hot and cold duties for the Be#siblenetworks are

higher than the required minimumargetsleaving room forfurther improvemers.
However, the stream matches employed for both process present a realistic layout which
can be put in place in an actual plant and circumvent the need for a very complex and

probably expensive heat exchange network.

127



128

Figure 5.17 Grid diagram for PAWS process satisfying the minimum heating and cooling targets
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Figure 5.18 Proposed @d diagram representation for a feasible heat integradti¥process
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Figure 5.19 Proposed @d diagram representation for feasible heat integrated PAPS process



131

aH20-21 |

RH20-21

i

WEBIOMAS1

CRUSHER

@@ SOLDSP1 —

|

COMBUST

[stFrz] [strr2z ]

‘-JSHIFM
@ SHIFT HXS _>q |:|SH'FF'32

’7@ SPLIT-

[ re-Rc |

Meamz |

H3
[ OH202 | g [ OH203 |
DH20-4 RO DH20-3 OH20-2

Figure 5.20 Proposed flowsheet for a heat im&igd PAWS process

CAIR-2

Ey
STRIPPER

ST-AR |

RE-HZ0



i

WBIOWAS1

[FLue=2
132
HX10
N ey g FLUE:2
COMBUST

I oFF.GASa |

OFF-GASZ

Figure 5.21 Proposed flowsheet for a heat integrated PAPS process



Figure5.20 and Figure 5.21 show the heat integrated flowsheet for PAWS and PAPS
process. It cannot be claimed that these flowsheets represent an optinnaticigeated

design but they provide an excellent basis from which to carry out a-vpildet
optimisation. This plantvide optimisaton will primarily depend on the capital and
operational costs entailed with adding more heat exchangers to the network and splitting
streams to achieve maximum heat recovery. The final plant design will also depend on

the cost of utilities, controllabilitgonstrains and plant safety.

5.3.2.4 Energy requirement calculations

Grinding energy demand

The electrical energy demand for milling increases with decreasing particle size and also
depends on the moisture content of the feedstock and the type ofScfikll and
Harwood, 1994) Several authors have used different methodologies to determine the
energy required for biomass comminutiéteryoga et al(2014)proposed a correlated
value of 10kWh/t to estimate the chopping and grinding energy requirement for wet
PEFB. This gives a total power consumption of 85 kWh; 50 kwWh for chopping and an
additional 35 kWh for grinding dried PEFB biomass (for ingatriass flowing at 5000

kag/h with initial moisture of 40 %)Spliethoff and Hein (1998)erformed milling tests

on straw, Miscanthus, and wood using 100 kg/h output cutting and a hammer mills. They
were able to establish that the grinding energy requirement to obfain&dmm particle

size varied between 0.8 and 2% of the biomass calorific value for the cutting mill and
below 0.5% for the hammer mill. Assuming a hammer mill is used to grind the 10 %
moisture PEFB to 3 mm (LHV=18MJ/kg), the energy required will be M0&g (25
kwh/t) corresponding to 83.33kWh.

The manufacturer, Azeus Machinery Co Ltd advertisessad per hour (t/h) PEFB
shredder with a power rating of 37 kW (7.4kWh/t, using 5 t) andl &R capacity fibre
hammer mill with a power rating of 9%k (22.5 kWhl/t, using 4 t). This giga combined
power requirement of 127 kW needed to chop 5000 kg/h incoming PEFB at 40%
moisture and mill the 10 % moisture dried resiieengzhou, 2016)

Mindful of these different values, the total power requirement for crushing and milling
the 5000 kg/lwet PEFB biomass is taken as 120 kW.

Drying energy requirement
Biomass drying is an important operation in the production of pyrolysis oils as the final

water content of the later is determined in part by the initial moisture content of the
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biomasgOnarheim et al., 2015, Bridgwater et al., 1999)e energy demand for drying
is determined directly from the ergy required to vaporise a given fraction of water in
the fresh PEFB at a set temperature and pressure (101 °C, 1 bar in this case). The moisture

remaining in the dried PEFB in kg/h, is given by:

0 '0"06 @O 0’06 Qi &WDOO O Qi 5.14

Whereo 0"0dis the moisture left in dried PEFB (kg/l))o & oigthe moisture fraction
in the dried PEFB and ‘GD6 s the biomass dry matter.
By substituting the following values
0 008 o T NQEXYdry matter, 60% of PEFB biomass feed)
®0 0 Qid
We obtain
0 006 0 oFQIN
Dried PEFB =0 ‘O"06+ 0 ‘0700
=333.3 kg/h
Evaporated water = 1666.7 kg/h
The minimum energy required for drying is the sum of the evaporation load and the
energy required to heat up the solid. For simplicity, heat losses occurring at various stages
of the drying process are calculatechgsercentage of the evaporation load.
Consider the following properties of PEFB biomass and water:
Specific heat capacity for dried PEFB (10% moisture) = 1.5 kJ/k@Ppont et al.,
2014, Nyakuma et al., 2014)
Specific enthalpy of water at 25 °C and vapour at 101 °C are 104.92 and 2677.84 kJ/kg
respectively.
Drying energy = sensible heat (dry PEFB) + Change in enthalpy obeatad water
Ol O @We'@iI "o @c— Wpd — PTPG LI PO e WX ML p Td ¢—

TQQOETT

pP® O W
For an indirect steam heated dryer working at 70% efficiency (steam energy to moisture
evaporation), the total dryer duty will be 1.86 MW. This value corresponds to a specific
drying duty demand of 4.0 MJ per kg of evaporated wa&earheim et al. (2015)sed
a specific drying duty of 4.9 MJ/kg for a 30 MW LHV bwl plant using pine as

feedstock with initial moisire of 50% reduced to 8%. The 30% dryer energy losses are
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distributed as follows: 10% dryer body heat loss, 10% steam distribution heat loss and

10% for all other energy losses for example energy needed to power auxiliary equipment.

Pyrolysis energy requément

The energy needed to carry out pyrolysis (heat of pyrolysis) for the base case is calculated
to be 2219 kJ/kg. This is obtained for a dry biomass fed into the reactor at 101 °C flowing
at 3333.33 kg/h and a pyrolysis reactor rate of enthalpy chdetgemined by Aspen

Plus to be 2.055 MW. The air flow to the combustor is adjusted so that the combustor

rate of enthalpy change is sufficient to satisfy the pyrolysis heating requirement.

Fluid moving energy

Power required to pump an incompressibleitiga given by

0 — pTT 5.15

Where
w Ois the pressure differential across the pump,N/m
wis thevolumetric flow rate, rfis

—is thepump efficiency, %.

The isentropic worlof compression for a gas is given by

5 Ov4a— —  p 5.16

Where

0 and0 are the initial (suction) and final (dischargeggsures, N/f

U is the initial specific volume of the gas®ky

& is the mass flow rate, kg/s

= is the polytropic index defined as

0w QEéEi OMED

The operating parameters and power rating of pumps and compressors used for this
simulation are given omable5.11. Some of the pumps and compressors listéchlrie

5.11 are not included irFigure 5.20 and Figure 5.21 but their characteristics are

calculated based on the known stream flows and pressure differentials.
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Table 5.11 Operating parameters for pumps and compressad in simulation

Pumping Flow, m¥s Pressure Efficiency, Power,
change, bar % kw
PAWS
P1 8.21E04 2 90 0.182
P2 5.74E04 2 90 0.127
P3 6.94E02 9 90 69.44
P4(FWF)* 1.25E03 9 90 1.252
P5(DH20)* 1.31E03 39 90 5.676
PAPS
P1 8.21E04 2 90 0.182
P2 5.74E04 2 90 0.127
P3(DH20)* 2.10E03 39 90 9.113
Compression** Flow, m¥/s Pressure Mechanical
change, bar Efficiency, %
PAWS
COMP-1 0.860 2 85 130.580
COMP-2 1048 5 85 531.319
COMP-3(NCG)* 0.150 0.5 85 7.562
COMP-4(ST-AIR)* 2.346 0.5 85 118.627
COMP-5(CAIR)* 2.533 0.5 85 128.082
PAPS
COMP-1 0.860 2 85 130.580
COMP-2 0.791 5 85 401.422
COMP-3(NCG)* 0.150 0.5 85 7.562
COMP-3(CAIR)* 2.814 0.5 85 142.314

* Pump/compressor not included in flowsheet

** For all compressions, the isentropic work done is calculated usingn =1.4

Electrostatic Precipitator (ESP) power consumption

Several factors have to be cadeied when calculating the power requirements of an
ESP unit. ESPs in general do not have high operating cost but their capital costs are quite
high. An easy approximation for ESP power is to take 1 kWh per 18600tneated gas.

For the base case simudat, the ESP power consumption is taken as 4.8 kW (4842 m

of treated pyrolysis vapourPeryoga et al. (2014stimated the ESP pe@r consumption

as 9 kW for a process with treated gas flowing at 9878 kg/h.

5.3.2.5 Combined Heat Power unit
A combined heat power (CHP) system using steam turbine as a prime mover was
integrated in the process design. The fuel side of the boiler consists aintioeistor
(block COMBUST orfigure5.20 andFigure5.21) while the steam side consists of heat
exchanger HX9. In reality HX9 has three separate sections;E{¥X9-V, andEX9-S
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(not shown). Hot water leaving heat exchanger HX5 (stream DBB)2éhters the first
section, HX9E called the economiser where it is heated to just below its boiling point.
This then flows to the second section, HXZalled the vaporiser where thettwater is
completely vaporised to a saturated vapour. The saturated vapour then moves into the
third section, HX9S called the superheater where it is superheated to the desired
temperature, 400 °C in this case. The use of a either a backpressureigi@z(BST)

or a condensing extraction turbine (CET) as a means to generate electricity and the effect
on the heat load of the residual steam is analysed in the following sections. This
introduces two more variants for the type of processes examinedsiwaohk. The
traditional PAWS process become either a PAWS process usingl3®VE-BT) and

or a PAWS process using CEFAWS-CT). The PAPS process also becomes either a
PAPS process using BPPAPSBT) or a PAPS process using CEHAPS-CT).

5.3.2.5.1 Backpressure seam turbine (BST)
Superheated steam produced at 40 bar and 400 °C (stream-DHR®ent into a BST

operating at a given specific steam consumption (SSC) and exits as a saturated vapour at
3 bar and 133.5 °C. The turbine exhaust is then used to dryRESB biomass feed.

SSC is defined as the mass flow of steam required to produce a unit power output. For
this simulation, the mechanical efficiency of the BPT is set at 0.9 and the SSC is taken
to be equal to 6.9 kg/kWi (corresponding to an isentropicieiéncy of 0.9). The value

used for SSC is obtained using values generated by the Aspen Plus software. To reduce
the heating demand of the process, a design block is used to control the flow rate of the
input water (DH2G1) so that the heat exchanger H3Fdgure5.20 andFigure5.21is

no longer required.

PAWSBT process

For the base case, the work generated by the BPT operated within the PAWS
process] ,is obtained by substituting the following values into Eq. 5.10:

G T XPpOIQ

Y o @f0
- T80
Whence

© p&IE 7
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The turbine exhaust has a quality of 0.99 and can provide the M@5dduired for

drying in an indirect steam heated dryer (e.g. rotary steam tube dryer). Steam exits the
dryer as a saturated watepour mixture at 133.5 °C and 3 bar with a quality of 0.33.
This saturated steam can be cooled further to subcooled wéat@0 &C and 3 bar
generating an additional 1.02 MW of heat. This additional heat can be used to satisfy
other process heat requirements and district heating. The subcooled water is cooled
further in a condenser to about 30tten pumped to 40 band regcled as DH2CL.

PAPSBP process

For the base case, the work generated by the BPT operated within the PAPShHrocgess,

is obtained by substituting the following values into Eq. 5.10:
G X vPRQTQ

Y o @

- T

Whence

7 X0 XP— —— T
w PHE 7

For this process, the turbine exha(s33.5°C, 0.99 quaty) is sent to the dryer and
leaves as a saturated wat@pour mixture at 133.5 °C and 3 bar with a quality of 0.58.
Like for the PAWSBT, cooing this stream further to subcooled water at 120 °C and 3
bar yields 2.76 MW which can be used for process heating. The steam generated from
heat recovery for the PAPEP contains almost three times the energy required for
biomass drying. This creates theed for an alternative process design to better utilise

this excess energy.

5.3.2.5.2 Condensing extraction steam turbine (CET)
One way to better utilise the excess heat load of the BPT exit steam is to increase the

electrical output of the plant by using a conglag extraction turbine (CET). This turbine
works in two stages. Firstly, the superheated steam, DH2Qpands isentropically in

the turbine from 40 to 5 bar generating work. This is followed by extraction of some
steam for process heating (mostly dryinghile the remaining steam is expanded to a
saturated liquid/vapour mixture at 20 °C and 0.023 bar. The cold expanded steam is

cooled in a condenser and then pumimedO barand recycled as part of stream DH20
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1 (Figure5.20 and Figure 5.21). To determine the amount of steam extract needed to
satisfy the PEFB biomass drying requirement, the following calculations are performed:
Let

E , be the specific enthalpy (kdfkof extracted steam entering the dryer at 164.6 °C
and 5 bar.

E , be the specific enthalpy (kJ/kg) of hot water exiting the dryer at 120°C and 5 bar.
The calculations below are for a turbine working with an isentropic efficiency of 0.9 and
mechairtal efficiency of 0.9 corresponding to a SCC equal to 8.2 kg/kwh.

E ¢ x ) 8UQEQ btained from the steam table)

E L TTOFQ @btained from the steam table)

Substituting into the equation
i — OQ@TET

Where

i the steam flowing into the dryer, kg/h

( the drying enthalpy (1850 kW for the base case)

Gives

i ¢ wBUQTO

PAWSCT

The combined work generated by the CET operated within the PAWS pibcesss
obtained from theum of7 and7 (woke generated from steam expansion in stage 1
and 2 respectively of the CET). Using values obtained from Aspen, the following

calculations are performed:

For stage 1

G T XPOIQ
YR
LN

By applying 610, the work generated is
7 T X @®u— - T

vV PHE 7
For stage 2

a P X YOTQ TX)Yless steam as some is extracted to used for drying)
Y o uvg v
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LN

Whence

7 pXRR — T
o M&E 7

Therefore,

7 I oIA

PAPSCT

Applying the same equations and reasoning to the P&PSthe combined work

generated/ is obtained as follows:

For stage 1

a XL PRIQ

YUk

— T80

whence

7 X L ®p- - T80
Yol7

For stage 2

GO TO@ELITQY uvg v

— T80

whence

7 T ¢ @¢- 3 T8O
X WPE 7

Therefore

7 P P PTQW

By using a CET instead of aFg, the mechanical work generated increases by 33.5%
for the PAWSCT and 64.5% for the PARPST. Another advantage of using a CET is
that it reduces the need for an oversized dryer which will otherwise be needed to deal
with the excess steam flowing out thie BPT. Figure5.22 andFigure 5.23 show the
complete heat integrated PAVWET and PAWSCT processes. The PAWET process

as described uses one turbine (block BPT) wh#eRAWSCT process uses two turbines
(block CET1 and CET2). The corresponding stream results are listed on Table A.3, A.5
and A.6in Appendix A
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5.3.2.6 Overall process efficiency calculation

The overall process efficiency is calculated using Equation 5.11.

s z p T
a) Processes using BPT
PAWSBT
Considering the following values:
i ¢ OKE TE
, (6 oc@WE7HEC
7 T®pLT
The net heat for therocess is obtained by subtracting process heat required from CHP
residual heat (Eq. 5.13), i.e.
0  pdic ™ ¢ X
T wo 7
Where 0.127 MW is heat needed to satisfy the heating requirement of heaters H1 and
H2 (Figureb.22).
| v T TETQE
, (6 o8t £ 7 BE G
The total electrical energ9p is the sum of the crushing, milling, ESP, pumping and
compression power.
% TP ¢ TBITTT Ydo w ¢
PP P X7
The net power,0 in this casesd given by (Eq. 5.12)

0 ™ P UPP P X

T® T W

Substituting these values we obtain
- S5 enn

PP
PAPSBP
Considering the following values:
i ¢ mank e
7 Ty
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0 & o ™ cX
CHd w

% T™¢ MBIt Y wp 7
@ p 7

The net power,0 in this case is given by

0 TRYYTRP @

T X § W
8 8 8
- ———% — pTT
@b

a) Processes using CET
PAWSCT
0 ™ ¢ )
7 TGqp
% pPpPpXT
O TG PP P X
™® Wi w
8

- 8 8 8 pTm

v®Pb

PAPSCT

| ¢ TME JE

™ ¢ ¥ w

7 pHCT

% TRPQ7

0 PHC T TP @
TR T w

(o]

T @ob
The processes using CET (PAVZY and PAPSCT) have lower overall process

efficiencies and higher power outpit  than BPT based ones. This is mainly due to
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the fact that the exhaust hesaiving the CET turbine losses most of its thermal energy
during condensation as the steam expands to vacuum to produce more power. The
choice of using either a BPT or a CET as prime mover for a CHP process depends
mostly on the hedab-power ratio of the lant. Ideally, the turbine should be able to
meet the minimum electricity demand of the plant while also providing enough heat
to satisfy process heating requirements.

The CHP system put in place for PAVBI and PAWSCT process both fail to match

the eletrical load of the system. The PAWES process is able to export 0.893 MW

of heat for planiwide use or district use while PAWGST process requires 0.127 MW

of external heat. The slight increase in electrical output obtained by switching from a
BPT to a CH has to be weighed with the extra capital cost of the CET and the need
for an additional fuel source for heating. In any case, additional elgcstipply from

the grid is needed to run both processes and power all auxiliary plant equipment.

The CHP sgtem for PAPSBP and PAPSCT process both meet their electrical
demand. PAPSBP process generates an excess of 2.63 MW of thermal energy which
can be exported to neighbouring facilities or to a neighbouring process. The relatively
high process efficiencyfdhis process relies on the effective use of this energy which

in most cases cannot be guaranteed as it depends on locating the hydrogen production
plant next to another plant requiring low temperature heating (less than 120 °C ) for
example an oil palm ih In case such a scenario is not feasible then the R&PS
process presents a better option as the 0.808 MW of extra electricity can be used to
power all auxiliary plant equipment with some power possibly leftover to be sold to
the grid. A detail econoim and environmental analyses is needed in order to select
the best option among the different process configurations considered above.

5.4 Sensitivity analyses

5.4.1 Pressure

The effect of pressure on the overall process efficiency of the RBWST and
PAPSBT/CT processes was examined. The pressure change was only applied to the
reforming and hydrogen separation sections of the pkigtre 5.24 shows the
influence on overall process efficiency as pressure is changedtifie base case, 3

bar, to 10, 20 and 30 bar. In all, process efficiency increased with increase in pressure

for both the PAWSBT and PAPSBT processes mainly due to increase output of their
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CHP system. This increase in heat and power output is aclasveeht is recovered
from the cooling of reforming air and steam as they are compressed and pumped

respectively to higher pressures.
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45.0 |
0 5 10 15 20 25 30

Pressure, bar

Figure 5.24 Influence of pressure on overall process efficiency f80@0kg/h PEFB
plant operating at 3, 10, 20 and 30 bar.

The trend is somewhat different for PAVWCS and PAPSCT processes. The process
efficiency reduced for the PAWGST process as pressure was increased; while an
initial decrease in efficiency was followdny a slight increase as pressure was
increased for the PAWAT process. The decrease in process efficiency of PAWS
CT processes in mainly due to the reduction in hydrogen production in the reformer
and shift reactor as pressure is increased. The ingiadedse in efficiency of the
PAPSCT process as pressure increased from 3 to 10 bar is mainly due to the reduction
in hydrogen production. This decrease is noticeable because the PSA unit for both
cases operates at 10 bar. The concomitant increase irerefficas pressure is
increased to 20 and 30 bar is attributed to the improved performance of the PSA, 85%
and 90% hydrogen recovery respectively. An important remark for both PBWS

and PAPSCT processes is that unlike for the base case, at pressures traa or

equal to10 bar, there is no need for any external heating (H1 and H2). This completely
eliminates the need for a second fuel burner thereby reducing the complexity of the

plant.

5.4.2 Pyrolysis product distribution
For the base case, the biom&sdio-oil conversion efficiency based on LHV is
71.2% (for a 70 wt% yield in bioil and LHV of 11 and 16.6 MJ/kg for the wet
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biomass and bioil respectively) Demirbas (2001auggested that the conversion of
biomass to biail can have efficiencies up to 70%. This value for biortadsio-oil
conversion affects the hydrogen efficiency of the process (hydrgigda), the
thermal load/output and the electrical load/output. The effect of having different
pyrolysis yields on these factors was examined by setting five cases (including the
base case)lable5.12 shows the dferent scenarios examined for pyrolysis product
distribution presented as cases. The cases are labelled from 1 to 5 in increasing bio
oil (pyrolysis liquid) yield. Since the main objective of preforming PEFB biomass
pyrolysis is to obtain biwil for hydrogen production, Case 1 is considered a poor
yield while Case 5 is considered an excellent yield.

Table 5.12 Possible pyrolysis yields listed as cases

Pyrolysis yield Case 1 Case 2 Case 3 Case 4* Case 5
Liquid 50 55 60 70 75
Char 25 20 15 15 12
Gas 20 20 22 12 10
Ash 5 5 3 3 3

* Case 4 is the pyrolysis yield used for the base case

Figure5.25 shows the influence of the various pyrolysis yield studied on the process
efficiency. The process efficiency increases as we move from case 1 to 5. This
increase in efficiency coincides with the increase indiidgraction in the pyrolysis

product.
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Figure 5.25 Influence of pyolysis product yield on the overall process efficiency.
The five cases examined are labelled from 1 to 5 in increasinglyi|d.

PAWS-BT presents a somewhat different picture as case 1 has the highest efficiency.

This is mainly due to its very higthar yield which present a potential for maximum
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heat recovery and exportation. This high thermal energy is shown cledfigune
5.26 as net heat, Q, for PAWBT case 1 and has a value of 3.1 MW with the closest
value being that of case 2 with Q equal to 2.1 MW.
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Figure 5.26 Turbine work output, W, heat output, H and electrical input, E for the
various pyrolysis yield cases examined in this study. a) PAWS pescéss
PAPS processes. The numbers 1, 2, 3, 4, and 5 refer to the 5 pyrolysis cases
studied.

Put in perspective, this corresponds to a 33% decrease in heat corresponding to a 10
% increase in hydrogen thermal energy (6.5 to 7.1 MMgure5.26 also shows that

for the five PAWSBT cases studied, only case 1 has the potential to satisfy its internal
electrical load demand with the remaining cases requiring external power supply. All
PAWS-CT, PAPSBT and PAPSCT casestudied are able to satisfy their electrical
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load requirement but therocesses using CE(PAWS-CT and PAPSCT) require

external heating,0

5.4.3 Throughput (plant size)

The influence of biomass throughput on process efficiency was also examined. From
Figure5.27, it is evident that under similar process conditions, the process efficiency
is almostindependent of the plant size. Only a slight increase is process efficiency is
observed (less than 1 %) as the biomass feed is increased from 2500 to 20000 kg/h.
This is primarily due to the fact that the dominant terms in the process efficiency
equation(hydrogen thermal energy for the numerator and biomass LHV for the
denominator) are directly proportional to the feed flow with only a relative slight

increase in net heat output, Q and electrical input load, E.
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Figure 5.27 Influence of PEFB biomass throughput on process efficiency.

Based on the PEFB biomass input flow (kg/h), the specific turbine work, specific heat

output and specific electrical power input are determined respectively to be 0.12, 0.18

and0.24 kWh/kg of biomass for the PAAEST process, 0.170.03, and 0.24 kWh/kg

for the PAWSCT process, 0.2, 0.53, and 0.16 for kWh/kg for the RBFS$rocess

and finally 0.33;0.03 and 0.16 kWh/kg for the PARST process.

5.4.4 Oxygen from an Air Separation Uni (ASU)

Even though air can be used directly in ATR processes as a source for oxygen, the
presence of nitrogen reduces fuel conversion and increases the size and cost of the
reactor and other downstream equipment e.g. heat exchangers and separation columns

(Lange, 1997)Using pure oxygen or oxygen rich gas, greater than 90 vol%, obtained
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from an air separation unit (ASU) allows the process to deal with less volume of gas
to compress but this comes with an accompanying energy cost requlimigcrease

in overall process efficiency. Air separation processes can be classified as either
cryogenic or norcryogenic. The choice of an air separation process depends on the
oxygen flow requirements and the possibility of integration with the resheof
plant/process. Cryogenic air separation is a very mature technology achieving oxygen
purities as high as 99.5% and also most energy efficient for high flow oxygen demand
process usually greater than 500 tons of per day (TPD). Howevecrymyenic AY)

such as PSA or pressuiemperature swing adsorption technology (PTSA) are more
competitive for oxygen production of less than 300 TB&naszkiewicz et al., 201;4)
especially when an oggen purity of less than 95 % is not detrimental to the process.
The influence of using oxygen produced from ansit@ ASU on the process
efficiency was investigated for a 10,000 kg/h and 20,000 kg/h biomass throughput
process. The ATR oxygen demand fotlbprocesses is 1709 kg/h (41.0 ton per day
or O6TPD6) and 3418 kg/h (82 TPD) respect
to production from a midized ASU (less than 100 TPD), the energy cost of
producing oxygen by either a cryogenic or fwmyogenc process will be almost the
same with a slight advantage for renyogenic process. For further analysis, a stand
alone ASU with a power consumption of 500 kWh/tias assumed. The extra power
consumed by the ASU is calculated for each process and smldled value ofo
Katikaneni et al. (2014assumed a power consumption of 450 kWh/fd a 1000

kg/h hydrogen producing plant using a PSA based ASU for the POX of various
transportation fuels (heavy naphtha, kerosene, and diesel).

A comparison of the process efficiencies of air based processes with oxygen based
ones for the two PEFB biomass flows mentioned is presentédune5.28. There is

a clear decrease in overall process efficiency associated with the switch from air to
O2. This is mainly due to the increased power consumption associated with the ASU.
There is only a slight decrease in processes efficiency for the PBWIKST processes

as the additional power consumption by the ASU is countered by significant decrease

in power needed to compress the reduced gas volume within the process.
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Figure 5.28 Comparing the overall poess efficiencies for systems using air with
systems using oxygen. a) 10,000 kg/h PEFB plant b) 20,000 kg/h PEFB plant

For example, the process gas compression power demand reduces for the 20,000 kg/h
PAWS process from 4.1 MW for air based to 2.9 MWier PAWS with Q (reduces

by 1.2 MW). Meanwhile, the additional power consumption from the ASU is
determined to be 1.7 MWhe switch from air to @causes a significant drop in the
process efficiency of the PAFEST/CT processes. As mentioned earlier,abieantage

of this switch has to be weight more in terms of capital cost.

5.5 CO; emission savings

An estimate for the C®emissions savings associated with the four process
configurations examined in this study is showrrigure5.29. The figure shows the
results for 5,000 kg/h and 20,000 kg/h biomass throughputs. Theavidgs for the
BPT based processes (PAVBS and PAPSBT) are slightly higher than those for the
CET based ones. This difference becomes even ngmiécant as the biomass input
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is increased from 5000 kg/h to 20,000 kg/h with a corresponding drop of about 8%
and 19% respectively.
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Figure 5.29 CO; savings estimate for four plant configurations at tghqauts of
5,000kg/h and 20,000 kg/h

The higher C@savings associated with the BPT based process is due to the their net

heat export as steam. This assumes the availability of a nearby user for the exported

steam and it contributes 10% and 27% to the €4ving for the PAWSBT process

and PAPSBT process respectively.

5.6 Conclusion

The process design and simulation covered in this chapter has been able to address
some of the major challenges associated with the conversion of biomass (from an
agricultural wate such as palm empty fruit bunch) to hydrogen or syngas via pyrolysis
and reforming. This work was able to demonstrate how to modebibioased
processes from PEFB by using an appropriate mixture of compounds representing the
different macrechemical &milies. The final heat integrated processes examined are
able to use cogeneration (CHP) to increase their efficiency. With overall efficiencies
ranging from 45 to 65%, this makes them quite enticing, probably giving them a
competitive edge compared to $dsbased processes. To carry this work further a
detail study on equipment design and sizing needs to be carried out followed by a

thorough economic evaluation and full life cycle assessment of the entire process.
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Chapter 6 Autothermal Reforming Experiments in Packed Bed
Reactor

6.1 Introduction

Bench scale ATR experiments were performed in a packed bed reactor using a variety
of bio-feedstocks and catalysts in particle form (powder/broken down pellets). The
aim was to investigate the feasibility and accompanyingjesiges associated with

using different biefeedstocks for Hproduction in an ATR process. Influence of
factors such as feed composition, catalyst metal type (base or noble) and process
parameters such S/C molar ratio, air flow and temperature weezaatined.The
experiments performed are presented in three main sections of this chaGi& i.e.

6.4 and 6.5. Section6.3 covers ATR of acetic acid using two Ni based catalysts
prepared from broken down pellets. The performance of both catalysts was evaluated
based on feed conversion, product distributionyikld, sensitivity tosteam and feed

flow and resistance to coke formatiofhe next series of experiments covered in
section6.4 were performed in order to determine the influence afgusiifferent
chemical compoundgacetic acid,2-butanone, furfural and +oresol) and their
mixture as feedstock in the ATR process with a preparetémobtal (Rh) catalyst
powder Finally in sectior6.5, a more complex bioil surrogate was used as feextst

for Hz production and tested on two prepared Rh based catalysts.

6.2 Output analyses (elemental balances)

Nitrogen flowing into the reactor as part of air was used as an internal standard and
also functioned as an inert gas carrier. The actual molarifiawpl/s, of the dry gases
produced during the ATR experiments and measured by thiaeomicro GC were
determined by applying ao-Nbalance. Using the known value of nitrogen flowing into

the reactor (as part of aig), , and the measured nitrogen fraction in the dry gas
output,w , the total flowrate of dry product gas, , was calculated using the

following equation:
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The value o obtained above was used to determine the molar flow of all the
dry product gases, 3:HCO, CQ, CHs, and Q by substituting into the following
equation:

3 3 W 6.2

Whereg andw represent the molar flow and mole fraction (as measured by

the micro GCYyespectivelyof the particular dry product gas component.
The biofeedstock conversion to1CC; and G gases was determined by applying a
carbon balance with the final equation written as:

® pmmt 6.3(a)

Where® is the biefeedstock conversion, 9%, is the carbon coefficient in bio
feedstock(fuel) chemical formula, @nOk, and & is the biefeedstock flow
rate in mol/s. It will be shown that thes@nd G gases were never detected in the

reactor 6s pr od agnplifisdtequatiawasusdd bsdallosvé: o r e

1A p T 6.3(b)

Water conversion is an important parameter used in gauging the overall extent of
water consuming reactions (SR, WGS) during the ATR process. Water sionver
was determined by applying a hydrogen balance. The total hydrogen produced as
gaseous Hand hydrogen contained in organic gasest¢dCs) is attributed to both
hydrogen from the bideedstock and hydrogen from water. It is determined by
calculatingthe difference between the total hydrogen produced and the hydrogen
input from the converted fuel as shown in Eq 6.4. The value of water conversion so
calculated was compared and found to be on par with that obtained by closing the
balance on atomic O asgposed by other authofRennard et al., 2009)

L, A <de"r-paadnc Arar-"fhsty | "o fgndn- optdBal®y 6.4
1 R LT '

Substituting all known variables into Eq. 6.4 we obtain

L
"0 4 ¢ 1 |
L, T n r FTw -3 C3 - - 6.5(a)
1l

Which in the absence of.@nd G species in the gas products, simphfio:

& ° pTIT 6.5(b)
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Wheremis the atomic hydrogen coefficient in Eieedstock (fuel) chemical formula.

Oxygen conversion was calculated directly from known flows using thewfoi¢p

equation:
" €5, 0t Eo €60
AR I 1 6.5
€5 Qe
Whereé is the Q flow into the reactor (as part of air) aad is the Q flowing

outas measured by the GC.

Hydrogen yield was expressed either as a mass fraction of the input fuel (wt%), a mole
fraction of input fuel (mol/mol), or mole fraction per input carbon (mol/mol C)
according to Eq 6.7, 6.8 and 6.9 respedtyive

8

& , —2 pmm 6.6
w _ 6.7
(A _ 6.8

Whereb is the molar mass of the bfeedstock in g mol.

H: selectivity in the absence of @ndC; species in the product gases is given by:

A= L TL R 6.9

&Q e60E6QE00

The selectivity of the Cgases CO, Cfand CH was calculated uirsg the following

equations:

Y O — % oqm 6.10
Do Do, B
Do o, B

Y o —3%  sqmm 6.12
Do Bo. B

For the different bideedstocks used, the hourly space velocity was calculated both
asweight hourly space velocity (WHSV;thand gas hourly space velocity (GHSV,

h') using the following equations:
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WO Yw 6.13

00 Yw 6.14

The volumetric flow rates used in calating the GHSMWvasdetermined for all feed

(fuel, water and air) at standard conditions of 25 °C and 1 atm.

6.3 Autothermal reforming of acetic acid in apacked bed reactor using
Ni-A | 0 1 NiOWAL:O0 a n-@ a Ali wis1NiO/CaO/Al 2030
catalysts

Autotherma reforming of acetic acid was performed in a packed bed reactor using
Ni-Al and NrCaAl catalysts. Both catalysts were supplied by Twigg Scientific &
Technical Ltd (UK) as pellets of 11 and 16 mm diameter respectively. The catalysts
were crushed to obtaim particle size of 0.356 1 mmfor this experimental study.

The small catalyst size was used in order to minimise any mass transfer related
(diffusion) resistance. The possibility of having a pressure drop develop in the reactor
during experiments was gpelled as only about 1 g of catalyst was used. Also, a
leak/flow test was performed before each experiment to verify this claim. The ATR
experiments were design to test the activity of both catalysts and their suitability for
hydrogen production by evaliiag feed conversion, product distribution; {eld,
sensitivity to steam and feed flow and resistance to coke formation.

6.3.1 Experimental procedure
Details of the experimental rig set up and product gas analysis equipment are given in
Chapter 3. At the begning of every experiment, the chiller attached to the rig was
switched on and set t&® °C. All the pipes and connections leading from the
vaporisers to the moisture trap were rinsed with acetone to remove any trapped
condensates from previous experinger@rushed catalyst, about 1.0 g, was loaded
into a clean 316 stainless steel tube reactor with 10 mm internal diameter. The catalyst
was held in place between two 4 em quart
Fisher Scientific UK Ltd weighing 0.09 gach Blank experiments were performed
using sand (Sig) obtained from Sigm&ldrich, Germany, with a 50 70 mesh size.
The loaded reactor was then placed in tube furnace (Elite Thermal Systems
TSV10/20/85) and connected to the rest of the rig. Theevbet up was leak tested
under a N flow of 200 cn¥/min using a flowmeter, ADM1000, from Agilent
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Technologies. The absence of a leak was confirmed by measuring the sélove N

at various points of the rig especially at the reactor exit and at the dmelrabisture

trap. Once the chiller reached the set temperatw2 UE, the electric tube furnace

was switched on and set to the desired reaction temperature; which in this case ranged
between 500 and 650 °C. Due to heat loss occurring between theefamédhe
catalyst bed, the actual reaction temperature was controlled based on the readings of
the reactor bed thermocouple shown in Figure 3.1. In most cases, the furnace
temperature was higher than the reactor bed temperature by at least 10 °C. @ependin
on the experiment, the catalyst was either used in a fresh (oxidised}redpced

state using hydrogen as the reducing agent. When reduction was required, the reactor
bed was heated to 650 °C under continuop8aw after which the Mwas turned off

and a 5 vol% K (in N2) gas mixture was turned on with its flow set at 208/orin.

Catalyst reduction was monitored using thelioe micro GC and was deemed
complete when the recorded Hading increased to 5% up from an initial value of
about 3% at thetart of the process. Once the catalyst reduction was complete, the H
gas mixture was switched off and the system was flushed under high flonuafiN

no H was detected by the micro GC. While waiting to flush out any remainimg H

the process lineghe fuel and water vaporisers were turned on and set to 50 and 120
°C respectively. A heating tape set at 120 °C was also switched on to provide extra
heating between the vaporisers and the reactor entrance. With no nuateéied by

the micro GC andhie vaporisers heated to their set temperatures, tHwW was

turned off and the ATR experiment was started first by switching on the water syringe
pump, foll owed by the air mass fl ow cont
pump (acetic acid fothis part of the experimental work). The Micro GC used was
previously calibrated to detectzHNz, Oz, CO, CH, CQ,;, CHs (ethane), @Ha4
(ethene), @Hs (propane) and £Hs (propene). For most experiments the acetic acid
flow was set to 1.000 ml/h on tisgringe pump. This value was only changed when

the effect of flow rate (hourly space velocity) was investigated. The following
equation was used to convert the acetic acid volumetric flowjn ml/h to the

equivalent molar flowg , in mol/s:

€ W — mnnnEp — - " — — — 6.15
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Where
" is density (189kg/m® @ 25°C) andD is the molamass (0.060 kg/mol) of acetic
acid.

Substituting into Eq. 6.12 we obtain

£ Ty pmT —

Which corresponds to the following elemental flows (for acetic acid only;@):

0 wXgpm—
O pT pT —
0 oX¢pm—

The elemental flow rates were then used to determine and set the flows of the
remaining reactants i.e. air and steam based on the molar S/C ratio aaid the
equivalence ratio.

The different possible reactions takingagt during acetic ATR include
decomposition, partial oxidation, steam reforming, complete oxidation, water gas

shift, methanation and Boudouardecton and are given in Eq. 6.1®.25.

Decomposition

CoHaO2 Y 2C0O0. + 2 H 6.16

CoHaO2 Y LHCO 6.17
POX

CHiO, + O Y 26 QH 6.18

CoHiO2 + O Y 2C0:0 + 2 H 6.19
SR

CoH402 + 2H0 Y 2 +24€0 6.20
COX

CoH4O2 + 20O Y 2 G QHO0 6.21
WGS

CO+HOD CO, + H 6.22
Methanation

CO + 3B D CHs + HO 6.23
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Boudouard

2CO D COo, + C 6.24
The overall system of reactions taking place during acetic acid ATR is quite complex
and may even include gas phase ketonization resultihg ifotmation of acetone (Eq
6.25

2CH/O2, Y  £50 + HO + CQ 6.25
As mentioned in Chapter 5, the guivalence ratio is determined as a mole ratio

given by

6.26

The stoichiometric air required for acetic acid complete oxidation is calculated using

Eq. 6.2. This equation gives the stoichiometric @ ) which is converted to

stoichiometric air using Eq. 6.28.

€ oX @ & 3 6.27

Where air is assumed to be made up ob/@phmolar ratio of 3.76:1.

At the end of the ATR experiment, the acetic acid syringe pump was turned off and
this was immediately followed by switching off the air flowmeter and turning on pure
N2 set at 200 ciimin. After which the water syringe pump walso turned off. The
exhaust gas leaving the reactor (mosthy Was directed to the overhead extractor by
turninga 2-way valve(see Figure 3.1) so as to-pgiss the moisture trap. The furnace
was then switch off and allowed to cool down to room temperathile N> flushing

was performed overnight to get rid of any trapped vapours in the process line. The
chiller was turned off as soon as the reactor bed temperature reached below 50 °C.
The condensate trapped in the collector was removed and store@ mlathss vial

for TOC analysis. On the following day, the stainless steel reactor was dismounted
from the rig and used catalyst recovered and stored for elemental and electron
spectroscopic analyses. A freshly prepared clean reactor was mounted grfdhe ri

the next experiment while the unclean reactor was washed with soap and then rinsed

with acetone before it was used again.

6.3.2 Conversion
To determine the reaction conditions needed for optimum hydrogen production,
equilibrium calculations where performading the Aspen Plus® software.
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An adiabatic Gibbs reactor (RGibbs) was used with the amount of acetic acid, water
and air flowing into the reactor adjusted depending on the particular experiment of
interest. The RGibbs reactor calculates the equilibricomposition by using the
Gibbs minimisation method as already discussed in Chapter 4 and 5. The Peng
Robinson equation of state with Bostbtathias modification (PHBM) was selected

as thermodynamic property method due its applicability to high tempergas
processing, chemical and petrochemical procg§s@serty et al., 2013, Halvorsen et

al., 2015)

Table6.1 is an example othie flow values input to Aspen corresponding to an acetic

acid flow of 1.0 ml/h, S/C molar ratio of 2 and equivalence ratio of 0.35. The air flow

was varied from 0 (& = 0°7Fmol/scoraspandingtomu m \
> = 1. T h e v adirdlev whsoobtainecaly substitating the value for
€ into Eq 621 then substituting the value fér into Eq. 6.27 The

amount of steam input was determined based on the molar S/C ratio being examined

and the carboflow corresponding té

Table 6.1 Input values used for equilibrium analysis in Aspen flows used for all

reactants
Component Flow, mol/s  Flow, ml/h
Acetic acid 4.86 x 16  1.000
Water (3C =2) 1.94x 16  1.257

O2needed for COX* 9.72x 16  1557.4
Air needed for COX** 4.62 x 166 7412.0
*O, needed for COX (complete oxidation to £and HO) is calculated using Eq.28.

** Air is assumed to be made up of a®& molar ratio of 376:1

Figure6.1 shows the product gas distribution obtained using the input values listed in

Table6.1. Maxi mum hydrogen occurs at & = 0.3
570 °C; this value is used as the set point for experiments performed to determine the
effect of each selected catalyst on conversion, yield, selectivity and carbon formation.

Thevabe for o only varies when the S/ C rat
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Surface properties of the Ml and Ni-CaAl catalysts are listed ifable6.2. The N

CaAl catalyst has alightly larger (moderate) surface area compared to tRAlNi

catalyst whose surface area is vieny. The moderate surface area value for the Ni

CaAl catalyst can be attributed to its CaO content which has an initial high surface

area of its own and could also be a result of the formation of mix phases formed during

the support synthes{¥agia and Lemonidou, 2008a)

The conversion of acetic acid, water and oxygen obtained using both catalysts and a

blank run performed with sand are compared to equilibriumgare 6.2. The figure

contains averagealues obtained over two experiments using 1.0 g of either catalyst

or sand with acetic acid flow set a 1 ml/h, water flow at 1.257 ml/h (corresponding to

a S/C mole ratio of 2) and air flow set at 228min( & =.

0.

35)

Table 6.2 Surface properties of N\l and Ni-CaAl catalysts

Catalyst BET (m¥g) BJH surface area (nt/g)  Pore size (nm) Pore volume (cni/g)
Ni-Al (fresh) 4.251 4.485 1.372 0.012
Ni-Al (reduced) 3.756 4.125 1.255 0.011
Ni-CaAl (fresh) 24.239 19.39 0.738 0.052
Ni-CaAl (reduced) 31.652 32.145 1.215 0.061

The product gas exists the catalyst bed at thes peet

570°C measured by the reactor bed thermocouple.
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Figure 6.2 Conversion of acetic acid, water and oxygen usingANand NiCaAl
catalysts at S/C 2, reactor exit gas temperature of 570 °C and pressure of 1 bar.

The oxygen conversion on both catalysts reache&ol§liowing their suitability in
promoting oxidation reactions in spite of the relatively low reaction temperature used
(compared to conventional SR which is usually carried out at 650 @)l ddtalyst
however had a slightly lower acetic acid conversiérOb% compared to 93%
obtained for the NCaAl catalyst. A major consequence of this incomplete acetic acid
conversion is the corresponding low water conversion duedocedSR or WGS
catalytic activity. The blank experiment (Si€and) had less than 586 acetic acid
decomposed to{@ases (CO, Ce&and CH ) at 570 °C. The water conversion for this
experiment was negative suggesting that water was formed as a resujpaggtie
ketonization and combtien reactions (Eq 6.21 and 6)28 was not posble to detect
acetone formation with the dme micro GC used for this study. However,
condensate TOC analysis showed 78 % liquid carbon recovery indicating more than
10 % of the initial acetic acid is at least involved in either thermal decomposition or
ketonization reactiorBasagianrs and Verykios (2006hvestigated the influence of
temperature on the homogenous reaction of acetic acid in the presence of steam. They
reported the formation of acetone and-@Dtemperatures greater than 500 °C with
H2, CO and CHformed as a resultfahermal decomposition. Theigh acetic acid
conversion obtained goes on to confirm selectivity eANand NiCaAl catalysts in
promoting acetic acid ATR. In terms of stability, the experiments involvirgINi
catalyst were stopped after about 2 houe do carbon formation and increased

pressure drop in the reactor.
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6.3.3 Product distribution and H Yield

The product distribution obtained using-Ali and NiCaAl catalysts are shown in
Figure6.3. Both catalysts werested in reduced state and irraseived (fresh, Ni in

NiO form) state. It is common practice when performing SR experiments to reduce
Ni catalyst with H before their use. This is because it has been established that the Ni
metal (not the oxide) providdahe active site for reforming reactiqiigengaard et al.,

2002, RostrugNielsen, 1973)

The presence of oxygen in the reactor feed creates a strong oxidizing environment
leadingpossibly leading tethe oxidatiorof any previously reduced Ni on the catalyst
surface. This raises the question of whether or not to reduce the catalyst before

performing ATR experiments.
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Figure 6.3 Dry No-free product gas obtaideluring ATR of acetic acid flowing at 1
ml / h, s/ CcC = 2, = 0.353 (Air flow

and 1 bar. (a) Fresh Mil catalyst. (b) Reduced Ml catalyst. (c) Fresh Ni
CaAl catalyst. (d) Reduced XiaAl catalyst.

The only ATR prodct gases detected by the micro GC wezeGO, CH, and CQ,

thus allowing simplified expressions for the carbon conversion, water conversion,
hydrogen and carbon product:(Gases) selectivity to be used (ne & Cs species
contributions, i.e. Eq. 6.3]6.5(b), 6.10, and 6.1116.13 respectively). This confirms
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the high selectivity for equilibrium products of both catalysts by promoting reforming
reactions (SR and POX) over thermal decompositgure6.3 (a) and (b) show the
results obtained using fresh and reducedNiatalysts. Both graphs have a different
product distribution especially within the first 15 minutes vAtbure 6.3 (a) having

an 8 minute delay bewen the ofrset on H production and increase in CO, ¢ahd

CO production. Meanwhiléigure 6.3 (b) shows an almost concomitant rise in the
production of H, CO, CH and CQ after an initial delay of about 15 mitas into the
experiment.

The experiments with NCaAl catalysts showed a somewhat different trend. For
Figure6.3 (c) the spike in Hlwas followed immediately with an increase in CO and
CHs production followed by a5 minute delay before an increase in G&as
detectedFigure6.3 (d) presented a case similar to the former with the main difference
being a reduce time lap, about 4 minutes, between the increase @OHand Els
production and that of in GOThe main drawback observed for the Nicatalyst

was its high susceptibility to coking leading to significant pressure drop in the reactor
making it difficult to continue the experiment beyond 2 hours before requiring
shudown.

The use of fresh catalyst for SR, POXIakTR of biofeedstocks have been tested by
ot her authors. SR of ac e-AliOgcatalysti(sh called i ng 1
Oawuteducti ond process) h a 9y Gheng and Dupamto n s t r
(2013) The graphs shown iRigure 6.3 present quite a different picture to that
obtained during acetic acid SR confirming that the mechanism for ATR is quite
different form that observed during SR of acetic acid. The mechanism proposed by
Cheng and Dupont (2013uggests that acetic acid dissociates and adsorbs on the
catalyst surface then undergoes decarboxylation giving rise to an initial spike in CO
before subsequent surface reactions produgeC® and CH. Initial H, and CO
produced by surface reactionssorb and react further with surface NiO to produced
more reduced metal sites with® and CQ formed as products.

CHsCOOHgY ( CHGOW) 6.28
(CHsCOO)XY ( §sH CO 6.29
(CHg)sY & 3Hs 6.30
Cs+H.O Y CQ + H 6.31
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NiOg+ H2Y Ni O+ H 6.32

NiOg+ CO Y MNi + CO 6.33

The presence of oxygen in the feed changes the reaction sequence occurrang on th
catalyst surface during ATRNo detailed kinetic study has begmrformed to
determine the reaction kinetics/mechanism of ATR (or POX) of oxygenates on nickel
supported catalyst. Methane POX and ATR studies have revealed a mechanism in
which the initial steps involve the adsorptive dissociation o, @rd Q on the
catalyst surfacéLu et al., 1998h)A similar mechanism can be assumed in which the
gaseous acetic acid and @compose by CC, Ci O and Oi O bond cleavages on

the top catalyst layer leading to the adsorption 0,3, OH and O radicals.-Hs

formed by surface reactions and the d¢és released moves further down the bed
reacting initially with NiO according to E€.32. Only small concentrations ob,H

CO, andCHs were detected at the beginning of all the experiments showigume

6.3 with CO only appearing after the spike in production. This suggests that the
decarboxylation reaction is significantly impaired by tpresence of adsorbed
oxygen. As the reaction proceeds and the concentration of reduced Ni sites increase,
gaseous acetic acid and water dissociate and adsorb on these active reforming sites
releasing more fHand CO. High concentration of adsorbed C @ndtoms leads to

the formation and desorption of @OMeanwhile some of the adsorbed £H
recombines with H and desorbs as 4CHihe appearance of CO, ¢lnd CQ
therefore coincide with the increasesurfaceNi concentration and adsorbed C and

O atoms. Th late appearance of G@hdicates that it is formed from surface and
surface/gas phase reactions involving adsorbed C and O with gaseous CO. Diffusion
resistance of the gaseous feed and gaseous products through the catalyst bed is not
taken into accountni the preceding discussion. A detailed characterisation of all
reaction products formed 30 minutes into the ATR process and accurate transient
studies will help elucidate the actual reaction mechanism taking place.

The average dry product gas compositaoa hydrogen yield obtained using-Ali

and NiCaAl in both fresh (F) and reduced (R) states are showAgure 6.4. The
average is taken over several stable results for each g&aAllicatalyst appears to

be amore active ATR catalyst with average ptoduction reaching 94% and 90% of

the expected equilibrium value for the reduced (R)feesh(F) catalyst respectively;

compared to the 86% obtained for the fresh and reducéd déatalyst. The almost
165



similar results obtained for the fresh and reduced forms of both catalysts confirms that
the fresh <catalyst i s-r @ cewatciean 6b,y aac etth e

experiment to generate active Ni sites.
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Figure 6.4 Average nitrogesiree dry product gas composition obtained during ATR
of acetic acid flowing at 1 ml/h using Hl and NiCaAl catalyst in fresh (F)

and reduced (R) state. S/ C = 2, & = (
1 bar. Catalyst cokmeasured in mg/g(cat).h included as data label for each
catalyst tested.

The od@dwueti ondé continues until an equil |

and steady production of synthesis gas is achieved. This is confirmed by the presence
of both Ni ar NiO peaks in the XRD patterns of a sampleANcatalyst used in
fresh, NtAI(F), and reduced, NAI (R) states (se€igure6.5). The XRD results for
Ni-CaAl catalyst are not includelue to its large amorphopkasecontent Appendix

C). The presence of oxygen in the feed, however, does not cause significant oxidation
of the reduced catalyst as no NiO is detected in the usé@d(R}j catalyst shown in
Figure 6.5. This sugests that the oxygen in the feed is completely consumed by
reforming reactions and any NiO formed reacts almost immediately wigm¢HCO

(Eq 6.32 and 6.33).

The maximum Hyield obtained for the results shownkigure6.4 was 6.8 wt% for

the NiCaAl catalyst which is well short 13.4 wt%, the theoretical maximuryiedd
possible from the SR of acetic acMedrano et al. (2008ported a KHyield of 13.1

wt% for the steam reforming of acetic acid using gEripitated Ni/Al/Ca catalyst

in a fluidized bed reactor operated at 880and a S/C molar ratio of 5.58.
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Figure 6.5 XRD patterns of NiAl catalyst showing the fresh catalyst (FreshANi
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The better performance of the-SBBAI catalyst was expected as theiidd of CaO
to the AbOs support hinders the formation of the spinel compotA| 204, which
is known to impair the reducibility of NiO; while at the same time improving the same
property by forming CaADs (Cabelo et al., 2014, Lu et al., 1998a&nother reason
for the better performance of llaAl catalysts was its superior resistance to coke
formation; with only 13.9 and 11.6 mg/g(cat).h coke deposit detected compared to
25.7 and 54.0 mg/g(cat).h depositedtfuer NFAI catalyst in used fresh and reduced
states respectively (see data labels Figure 6.4). The fresh NiAl catalyst
experienced far | ess coking compared to
adive fresh catalyst had a better resistance to coke formation than the more active
reduced catalyst and this can be attributed to the presence of less active NiO sites on
the surface of the used fresh catalyst {Sgare6.5). Based on these observations, all
further reforming experiments were perfoc
The eventual success of an ideal ATR depends on the ability of the catalyst to promote
the exothermic oxidation reaction(skeeded to support the endothermic steam
reforming reaction. This ability was tested for the freskANand NiCaAl catalysts
by performing POX experiments (no steam) while maintaining the same reactor
temperature, acetic acid flow and air flow as discuabede. The dry MNfree product
gas obtained for both catalysts after 3 hours is showigure6.6. A similar trend in
product gas composition variation is witnessed for both catalysts with the only
167



significant dfference being the extra 7 minutes required by th& B\l catalyst to

record an increase inzlgas production.
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Figure 6.6 Dry No-free product gasbtained for POX of acetic acid flowing at 1 ml/h,
> = 0.353 (Air flow = 22 mlAaatalysty , 57 (
(b) Fresh NiCaAl catalyst.

Table6.3 provides a summary of the POX experiment resejp®rted inFigure6.6.
The NFAI catalyst had a poor acetic acid conversion of just 78% compared to 91%
obtained for the NCaAl catalyst.

Table 6.3 Result summarpf the POX of acetic acid on fresh-Wl and NiCaAl

catal ysts. Acetic acid fl ow, 1 ml/ h,
product gas at 570 °C
Catalyst Conversion, % H20 formation  Product distribution, mol% H,/CO  Carbon,
efficiency**, % mg/g(cat).h
HAc* O, Ha CcO CO, CH, POX ATR
Equilibrium 100 100 100 38 19 39 4 2.05 0 0
Ni-Al 78 97 61 35 14 44 7 2.50 50.1 25.7
Ni-CaAl 91 99 53 33 17 41 8 2.01 349 139
* Acetic acid

** Calculated by dividing the actual amount of water formed during the rempat by the amount of water predicted thermodynamic

equilibrium

The low acetic acid conversion for the-Aliresulted in significant coking measured

at 50.1 mg/g(cat).h (17 wt%n catalyst compared to 34.9 mg/g(cat).h (10 wt%) for
Ni-CaAL. However lhe N+AI catalyst had a betteraselectivity with higher HCO

ratio of 2.50 (se@able6.3). This implies that the NAI catalyst is more active in
promoting the WGS reaction. This catalyst is also more selefctivine complete
oxidation reaction as confirmed by the slightly higher concentration@atd CQ.
Meanwhile the NiCaAl catalyst is more active in promoting SR reaction and so
performs better under ATR condition resulting in its higher hydrogen yisith
catalysts perform better in ATR compared to POX as evidenced by the reduced coking
for the former (sedable6.3). The presence of steam during ATR helps to create a

stronger oxidizing/reforming environmenhieh proves beneficial for both catalysts.

168



6.3.4 S/C mole ratio
The influence of varying the S/C ratio on the ATR of acetic acid using fregfi Ni

and NiCaAl catalyst was investigated and the results showrFigure 6.7.
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Figure 6.7 Effect of S/C ratio on average syngas composition compared to
thermodynamic equilibrium values. Acetic acid flow, 1 ml/h with
corresponding & and temper33b70%) val u
and (0.374, 545 °C) for S/C ratio of 1, 2 and 3 respectively.

Based on previous equilibrium studies it is expected that as S/C ratio increases, the
amount of H and CQ produced should increase whileetamount of CO produced
reducessimultareously. This is mainly due to the shift of the WGS reaction towards
HrandCOQpr oduction as explained by Le Chat
for H,, CO and CQwas as expected for both catalysts.sQifbduction however
showed quite a differentend. For the NAI catalyst, the Chl concentration was
almost three time more than the equilibrium value expected for S/C = 1 and this
reduced significantly as the S/C ratio was increased to 2 and 3. T0aAllicatalyst

on the other hand showed an inceeesCH; production as the S/C ratio was increased
from 1 to 2. This was followed by a slight decrease at S/C = 3. Methanation is
therefore more severe with the-@aAl catalyst than with NAI. This confirms that
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the NiAl is more suitable to steam refotmH, than NiCaAl in the conditions tested
here. Increasing the S/C ratio from 1 to 3 apparently hasgniicanteffect on the
crystalline phases present on the used catalyst as shofsigure 6.8. Ni is the
principal Ni-containing phase detected with only a minute NiO peak detected for the
experiment carried out at S/C = 2. This confirms the earlier conclusion that most of
the NiO in the fresh catalyst is redudedNi during ATR.
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Figure 6.8 XRD patterns of NiAl catalyst for experiments performed using fresh
catalyst at S/C 1, 2 and 3 and 1 bar. Acetic acid flow, 1 ml/h, with
corresponding & and temperature val ue
and (0332, 545 AC). All unl aAnp@lbupmd. peaks

However, it should be expected that if f
used, then the concentration of surface NiO phase in the used catalyst will increase as
seen in the workpublished byMedrano et al. (2008)

6.3.5 Space Velocity

The effect of varying the space velocity on the performance of the ATR process using
fresh NiAI and Ni-CaAl catalyst was investigatetihe space velocity (expressed as
WHSV and GHSV) was investigated by varying acetic acid flow while keeping all

ot her parameters constant at °Clagd lob&r. cat a
WHSV was defined as the total mass of feed flowing intaehetor at 20 °C divided

by the mass of catalyst us@ely. 6.13) The GHSV was calculated by diving the total
volumetric flow rate of all feed entering the reactor by the volume of cai@yst

6.14) Volumetric flows for acetic acid, water and air weeteimined by substituting
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the known molar flow rates into the ideal gas equation at NTP (20 °C and 1 atm).
Figure6.9 shows the influence of space velocity oppdrity, He yield and conversion

of acetic acid, watr and oxygen.
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Figure 6.9 Influence space velocity onxhburity, He yield, and conversion of acetic
acid, water and oxygen. All fl ows at
reactor exit temperaturd 670 °C. (a) NiAl (b) Ni-CaAl

The NiCaAl catalyst performed betterah the NiAl for all space velocities
examined with a hydrogen yield average of Wtéo compared to 5.Wwt% for the

latter. Both catalysts have a similar and almost constant vali faurity with Ni-

CaAl having a higher acetic acid and water conversion. The lower water conversion
for the NFAI catalyst is an indication of its affinity to promote acetic acid oxidation
leading to lower Hyield and slightly higher Cg&selectivity asshown inFigure6.10.
Figure6.10 also shows the increase in catalyst coking, expressed in mg/g(cat).h, as

the space velocity is increased. The coking rate increaseddenawith acetic acid
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flow rate into the reactor for both catalysts. TheQ#Al showed better resistance to
coke formation with only about 1/3 of the value compared téINiatalyst for the

same space velocity.
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Figure 6.10 Effect of increasing WHSV (and GHSV), on CO, £@nd CH
selectivity and carbon formation. Al
corresponding to a reactor exit temperature of 570 °C. (&) Kb) Ni-CaAl

High flows caused rapid formati of coke on the NAI catalyst and the experiment
had to be stopped after 30 minutes due to pressure increase in the (Ratitorez

et al. (2011)yeported a similar problem when NiA8s catalyst was used for the ATR

of ethanol. Both NiAl and NiCaAl catalysts however showed a steady decrease in
the fraction of fuel carbon depos$drmedwith increase in space velocity implying
the possible existence of maximum or saturation value.

This could &so imply that the NICaAl catalyst in particular performs better at higher
feed flow. This can be due to the formation of hotspots in the catalyst bed which

promote coke gasification. Formation of hotpots can however have a negative effect
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on the catalysstability as it might lead to sintering and catalyst deactivaliguras

et al. (2004)obtained similar results for their work on the autothermal reforming
(which they referred to asnolasing NiadOyt i c p
supported over cordierite monoliths as catalyst. They reported a decrease in CO
selectivity accompanied by an increase CO selectivity as the space velocity was
increased from 3620 9055 h! at 600 °C, S/C ratio of 1.5 and/Q ratio 0f0.305.

They attributed this to the increase in catalyst bed temperature caused by the increase

in feed flow as more ethanol is combusted within the same catalyst volume. The
higher bed temperatures drive reforming reactions to completion and at thénsame t

favour the reverse WGS reaction.

6.3.6 Coke formation
Catalyst coking and deactivation pose a major problem during ATR-6¢bdstocks.

The overall low temperatures required for optimalprbduction (less than 600 °C)
hinder coke gasification reactionsetlby promoting carbon deposition on catalyst.

The influence of process parameters on the rate of coke formation have been discussed
individually in the preceding sectiorfsigure6.11 andFigure6.12 show respectively
pictures of the used Ml and NiCaAl catalystsaand their morphology as seen using
SEM. Both catalysts were used in their fresh (oxidised) $atATR experiments
performedvi t h a S/ C mol=®853r ati o of 2 and @&
P A - . » 3N SR

Figure 6.11 SEM images showing coking on{di catalyst. Acetic acid flow, 1 ml/h,
1 g of catalyst, S/ C = 2, & 4HAbd. 353 (
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Figure 6.12 SEM images of showing coking on-48iaAl catalyst. Acetic acid flow, 1
ml/h, 1 g of catalyst, S/ C =Candla =
bar.

For both catalysts, coking resulted in the formation of a carbonaceous mass
surrounding individual (or group of) catalyst particles. This carbon deposits consisted
of a dense filamentous network as revealed by the SEM images. Coking jera ma
problem when Ni based catalysts are used for reforming, especially at low
temperaturesMarquevich et al. (199%eported rapid coking when commercial Ni
catalysts was used in the SR of acetic acid at temperatures lower than 650 °C. One
possible explanatiosithat the Boudouard reaction (Eq. 6.24) and the direct formation
of carbon from hydrocarbon decomposition (cracking) are favoured below 700 °C
(Gutierrez et al., 2011Figure6.11(d) is a picture of used M catalyst in which a
lumpsof agglomerated coke particles measuring up to 5 mm can be identified. Coking
was largely observed to have occurred only at the top of the catalyst bed exposed to
the input feed. This ledn most cases, to clogging and massive pressure drop in the
reactor reducing the experimental duration in most cases to less than 2 hours for the
Ni-Al catalyst. In such cases, most of the catalyst particles found lower in the bed
were almost without anyo&e as seen oRigure6.11(d). Figure6.11(c) is an SEM
image of a used NAI catalyst surface void of any carbon filamenB&heng and
Dupont (2013yeported a similar rest for the integrated catalyst reduction and acetic
acid SR process forwhich s i mi | ar -Alf;catalyt wakiug@d. DheNi
CaAl catalyst on the other hand showed less coking and a better distribution of carbon
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deposit in the catalyst bed (seigure6.12(d)). The carbon depositerimned in most

cases were about the same size as the individual catalyst particles. No bed clogging
was witnessed when using this catalyst for all experiments performed, lasting up to
three hours.

6.3.7 Summary

Ni-Al and NiCaAl catalyst both showed excellentesgivity for reforming products
during acetic acid ATR experiments. The main drawback with th&l Matalyst was

its susceptibility for coking unlike the MiaAl catalyst which showeda higher
resistance to coke formation. This led to lower acetic aaidersion and hydrogen
yield for the NtAl catalyst. Experiments performed using fresh and reduced forms of
both catalyst resulted in a similar product gas composition for both catalyst. However,

the fresh NHAI catalyst formed less coke compared to theiced form.

6.4 Autothermal reforming of acetic acid, 2butanone, mcresol,
furfural and their mixture in a packed bed reactor using Rh-Al
01% RbBBAkatal yst

Autothermal reforming of acetic acid;Bitanone (methyl ethyl ketone), furfural; m
cresol and theimixture was examined in a packed bed reactor usinglRatalyst.

The aim was to test the performance of a noble metal catalyst in ATR experiments
using compounds with different chemical structures asfdedstock. These
compounds were selected as esmntativecompounds foundn bic-oils obtained

from biomass pyrolysis. Acetic acid aneb@tanone can be derived from cellulose
decomposition, furfural from hemicellulose (pentosane) decomposition amdsol

from the decomposition of lignin (phenolic3)o render results comparable amongst
the different biefeedstocks, a constant carbon molar flow was maintained for all
experiments. Acetic acid flowing at 1 ml/h was selected as the reference. This
correspondto a carbon molar flow d§.71x10° mol/s. The other biefeedstocks had

their flows adjusted using the Excel solver function to obtain the same carbon flow
value.Table 6.4 shows the flow values used for the different-fe@edstocks tested in

this study.
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Table 6.4 Experimental flows for bideedstocks

Component Density*, g/ml  Carbon flow, mol/s Flow, mi/h  Error, %
Acetic (HAc) 1.049 9.71 x 168 1.000 -
2-butanone 0.805 9.71 x 168 0.781 0
Furfural 1.16 9.69 x10° 0.578 0.25
M-cresol 1.03 9.69 x 168 0.523 0.25
Mixture 1.01 9.69 x 16° 0.702 0

* Density measuredt25 °C

6.4.1 Catalyst characterisation

6.4.1.1 Surface area and pore size determination by Nsorption

As mentioned in (Chapter 3), the two catalysts preplayaslet impregnation for this

research work were RAlI and RhCeAl. Even though the RhCGAI catalyst was used

only for experiments described in sectiérb, characterisation results for both

catalysts will be pr&entedhere as a means to facilitate result discussions. Some

physical

are listed inTable6.5.

properties

of

bot h

Table 6.5 Physical properties of prepared catalysts

Catalyst BET (m?%g) BJH surface area Pore size (nm) Pore volume
(m?/g) (cm*/g)

Rh-Al (fresh) 228.8 245.4 6.001 0.4386

Rh-Al (reduced) 229.3 244.4 6.056 0.7930

RhCeAl (fresh) 203.2 232.7 5.995 0.7576

RhCeAl (reduced) 215.3 258.1 6.008 0.7688

2-Al203 303.9 322.6 6.175 1.051

The | arge specific surface area

-AXOh i

GAdOssUppoR t S

bi

n

t e

content. The 25 to 35% drop in surface area of the prepared catalysts compared to the

alumina support can be attributed mostly toitaitr occurring during catalyst

preparation. This might not have been the case if a different method such as incipient

wetness was usepecchia et al. (201@repared a Wt% Rh/AI>Oz catalyst by

incipient wetness usgn 1

prepared catalyst showed minimal variation in properties with a surface area of 152

m?/g and pore volume of 0.45 éfg. The RhCeAl catalyst showed more loss in

+AlaDs spheres with surface area of 157/gn Their

surface area compared to the alumnsupportSrivastaa and Pant (2012)yrepared a

1%Rh/5%Ce@Al Oz catalystto use for the oxidative steam reforming of bioethanol.

They reported a BT surface area, pore volume and pore diameter of 20%g7 06

cm/g and 10.85 nm respectively. They attributed the lowease area to the higher

metal loading (Rh and Ce) and possible interactions betweep &elthe support
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which can lead to the blockage of smaller poFégure6.13 (a) and (c) show the N
adsorption/desorptionisotherm of the prepared Rk and RhCeAl catalysts
respectively. According to the IUPAC classification, the isotherms obtained can be
characterised as type IV with both exhibitingtife hysteresis.
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Figure 6.13 Surface property plots. (a) Nitrogen adsorption/desorption isotherm for Rh
Al. (b) Poresize distribution for R¥Al (c) Nitrogen adsorption/desorption
isotherm for RhCe&\l. (b) Poresize distribution for RhCGaAl

The Type IV isotherms shomultilayer covering and the hysteresis loops attest to the
presence of mesoporosity in both catalysts. The hysteresis is a result of capillary
condensation in mesopores which typically range franrs@ nm(Groen et al., 2003)

Pore size distribution, obtained using the BJH model is showigure6.13b and d

for RhrAl and RhCeAl catalysts respectively. It indicates a narrow distribution of
mostly mesopores rangirfgpom 2 to 14 nm and could either be ink bottle, trough

shaped or cylindrical pores judging from the hyster@disthman, 2012)

6.4.1.2 CFE-SEM

Figure6.14 showsSEM images of the RAlI and RhCeAl catalysts. Both surfaces
show quite a wuniform spongyaumnamsyppod.| ogy
Elemental dispersion, as determined EDX, for theARlAnd RhCeAl catalysts is
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shown inFigure6.15 andFigure6.16 respectively. It can be seen frdAgure6.15

that Rh is noguite uniformly distributed on the catalyst surfaaeamined

Figure 6.14 CFESEM images showing 5k and 50k magnification of catalysts
prepared by wet impregnation and calcined at 650 °C. (g)IRhatalyst. (b)
RhCeAl catalyst.

This might be attributed to the loweatal loading used (1%) and the very gentle
stirring maintained during the catalyst preparat®oh et al. (2008}alculated a 32%
di sper si on fAb®s catlystl ging Rihchemisorption studies. Rh
dispersion was howevslightly enhanced in the bimetallic Rh@¢ catalysts as seen
on Figure6.16.

Al Kal O Kal Rh Lal

T Tooum
100pm

100pm 100pm

Figure 6.15Elemental dispersion of the R catalyst prepared by wet impregnation
and calcined at 650 °C.
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Thepresnce of Ce ithe RhCeAl catdyst therefore increased the distribution of Rh

on the alumina support. The increase in Rh dispersion in the presence of Ce has been
reported by other autho(ki et al., 2009, De Rogatis et al., 2008)is observation is

also in agreement witthat made byVang and Lu (1998and Ocsachoque et al.
(2011)in which Ce promoted Ni/ADs catalyst showed increased metal dispersion

and smaller paitle (metal) size compared to the-promoted catalyst.

Al K series O K series Rh L series Ce L series

10um 10pm
T00m 10um C

Figure 6.16 Elemental dispersion of the Rh®é¢ catalyst prepared by wet
impregnation and calcined at 650 °C.

6.4.1.3 FEG-S/TEM
The size of the Rh patrticleeposited on the support for the prepared catalysts were

observed under TEM and shownHigure6.17.

20 nm

K-‘ >
s

Figure 6.17 TEM images of prepared catalyst$.RhAl catalyst b) RhCeAl
catalyst. Both catalyst prepared by wet impregnation followed by overnight
oven drying at 100 °C then calcination at 550 °C for 4 hours.
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The three different magnifications for the-Rhcatalyst show dark spots indicative

of the denser Rh patrticles with an approximate size ranging from 1 to 3 nm (see

Figure6.17a). It was more difficult to distinguish between Ce and Rh particles in the

RhCeAl catalyst. However, the metal particles détecby TEM had approximately

the same size as those obtained for théARtatalyst (sed-igure6.17b). This

suggests that the presence of the Cerium metal does not significantly affect the Rh

deposition mechanision the alumina support.

6.4.1.4 XRD

XRD plots for the prepared RAl and RhCeAl catalysts in fresh and reduced form

are shown irFigure6.18.  T-AleOs support is responsible for most of the observed

peaks with its

characteristic peaks

occC

67.4°. The low metal loading therefore made it difficult, for either the active metal or

its oxide, to be gnificantly detected by XRD on the reduced and fresh forms of the

prepared catalysts respectiveBfiveira et al. (2013xndDuarte et al. (2012)btained
similar XRD results for their prepared 1.5%Rh/@4 and 0.5%Rh/AIOs catalysts

respectiely. They attributed the lack of R8s peak detection to the low metal loading
and high di sA®@irx sFon
(2012) also reported that CeQpeaks were only detectable when their loading
exceeded &vt%. The presence of Ce®©n the fresh RhGAl catalyst can however

t hA20:d220) pealpirefavoua of iheeCeO f

be confirmed by
(111) and (200) peaks.
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Figure 6.18 XRD patterns of the-Al Oz support and prepared catalysts in fresh (F)

and reduced (R) form
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6.4.2 Experimental procedure

The overall procedure used for the ATR experiments for the differerfebastock

is similar to that described in secti6érB.1 The RRAI catalyst was not reduced with

H> prior to the ATR experiment and only 0.2g of catalyst was used. Each experiment
was performed for 3 hours. The elemental flow rates listd@ine 6.4 were used to

set the flows for the remaining reactants i.e. air and steam based on the molar S/C
ratio and the equivalence ratio.

As with the case for acetic acid, different possible reactions also take place during 2
butanone, furfural and +oresol ATR. The main reactions occurring are
decomposition, partial oxidation, steam reforming, complete oxidation, water gas

shift, methanation and Boudouard reaction.

6.4.3 Conversion

Aspen plus software was used to perform thermodynamic equilibrium analysis
leading to theeventual selection of optimal conditions neetlegherformthe ATR
experimentgor each biecompound used as feed. An Aspen adiabatic Gibbs reactor
(RGibbs) was used with the amount of-feedstock set to the values listedTiable

64 The air flow was varied from & = 0
determined based on the S/C molar ratio being examfigdre 6.19 shows the
equilibrium plots obtained for-Butanone, furfural, reresol and the mixture (see

Figure6.1 for the corresponding acetic acid plot).
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The overall variation in equilibrium composition is quite similar for the four bio
compounds and their mixture. Comggeonversion of feedstock occurs for all

values of & examined. THhempoupdisithatal & sel €
corresponding to maximumzHyield.

Table 6.6 Summary of optimal parameters used for theedéiit biecompounds used
as feedstock in the ATR experiments

Bio-feedstock  Water (ml/h)  Air (ml/min) Equi val enc Temperature, °C

Acetic acid 1.257 219 0.35 570
2-butanone 1.257 24.6 0.29 604
Furfural 1.257 15.6 0.25 620
m-cresol 1.257 23.7 0.31 622
Mixture 1.257 22.0 0.31 609

Table6.6 lists the feed flow values used to obtain optimapkbduction. The oxygen,
fuel and water conversions obtained using theARbatalyst for the different bio
compounds are shown Hrigure 6.20. The figure also contains equilibrium water

conversion values for comparison.
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80.0 | 609 | 610

60.0 L 590

T
a1
3
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Conversion, %

200 | 550

00 | 530

Acetic acid 2-butanone Furfural Cresol Mixture

®Oxygen =Bio-feed NH20O(Exp) =H20O(Equil) @ Temperature

Figure 6.20 Conversion of oxygen, biteedstock (bieeed) and wate(experiment
and equilibrium) using Rl catalyst at S/IC 2 and 1 bar. Reactor exit gas
temperatures are included as labels for eackfd@d. Equilibrium water
conversion (H20O(Equil)) is also included for comparisoneas v al ues us
given inTable6.6.

The results irFigure6.20 represent average values calculated for readings spanning

2 hours without any noticeable deactivation (total experiment duration was 3 hours).

Very high acetic acid and-Butanone conversions, 98%, were achieved accompanied

by complete oxygen consumption in both cases. Furfural conversion was 95% while

m-cresol conversion was down to 81% with oxygen conversions of 98 and 99 %
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respectively. The mixire had an average carbon conversion of 90% with O
conversion reaching over 99%Vater conversion was positive in all cases. This
confirms the catalystodés ability to pron
WGS and coke gasification. Compared to equum values, the highest water
conversion of 34% was achieved hyfural, which represents 86% of the equilibrium
value; while the lowest value of 3% was achieved during acetic acid ATR (55% of the
equilibrium value). Positive water conversions obtdifoe all fuels can be correlated

to suitability of the RPAI catalyst to promote the endothermic SR reaction. This
ability increases with reaction temperature as seehigure 6.20 (Gutierrez et al.,
2011) The low conversion of raresol led to the formation of a coloured polluted
condensatecontaining mostly the unreacted compoufithis raises the issue of
condensate disposal and/or possible recycling; which coulddéld overall increase

in complexity and cost for processes using heavycbmpounds as sources for
hydrogen(Wu and Liu, 2010h)
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Figure 6.21 Conversion of oxygen, bioompoundbio-feed) and water; and carbon
formed during blank ATR experiments using sand bed at S/C = 2, 1 bar and
570°C. @& values Uableeb are given in

To determine if the conversions obtained for thefbexls was entirely due to the-Rh

Al catalyst, blank experiments were performed using sand and the results are shown

in Figure6.21. The overall high @conversion for all four bideedstocks was an

indicator of the formation of neaquilibrium products which could not be detected
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by the online micro GC. However, thermal cracking amddation was more evident
for furfural and 2butanone and this was accompanied with significant water
production (water conversion €0%). The RPAI catalyst is therefore quite effective

in converting biecompounds to KHand G gases.

6.4.4 Product distribution and H. yield
The product distribution and hydrogen yield for the different feedstocks are shown in
Figure 6.22. Each biefeed was reacted under pfetermined conditions for
maximum hydrogen yield (see secti®d.3. As expected, each feedstock resulted in
a slightly different dry gas composition and hydrogen yield. This difference is down
to their unique molar elemental composition (i.e. C:H:0) vyielding different
coefficients (c, d, e, and f) in the general ATR equation (Eg. 2.13).
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Figure 6.22 Product distribution obtained for ATR of acetic acidpb@anone,
furfural, mcresol and their mixture a&70, 604, 620, 62, and 609 °C
respectively. S/C = 2 and 1 barz Ydeld in mol / mol ofbio-feed(Eq. 6.7)

The only ATR product gases detected by the micro GC wgr€@, CH, and CQ
confirming the high selectivity the RAl catalyst for reforming reactions (SR and
POX) over thermal crackin{Kaila et al., 2007)

Acetic acid ATR produced a dry gas composition aad/ield close to equilibrium
values. The low conversion of-omesol (81%) resulted in poor:Hield and a gas
composiion different from equilibrium. The bicompoundé mixture however
showed good results withoHield close to the equilibrium value. This suggests a

possiblesynergistic mechanism in which the different compounds in the mixture
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facilitate the decompositioand reforming of each other possibly via the release and
absorption of heats of reactions.

To account for possible heat loss occurring during an actual ATR process, ATR
experiments were performed %10 °C and S/C = 2 for all four compounds with a

constat air flow of 22 criimin o r r espondi ng t 0.268.3% andue s

0.29 for acetic acid, -Butanone, furfural and foresol respectively. This process

condition §70°C ) corresponds to that required for optimal acetic acid ATR and has
the lowest equilibrium temperature angst the other compounds examined as listed
on Table6.6. The assumption made here is that this will correspond to the minimal
temperature in groperly insulated\TR reactor with acceptable heat loss. Amongst

the three other biaompounds only -butanone showed a lower conversion and H

yield when ATR was performed at a lower temperature and air flowTgae6.7).

Furfural and rrcresol converted better to; @ases at the lower tempenaubut

achieved lower blyield.

Table 6.7 Comparison between the product distribution and conversion achieved
during ATR bicfeedstocks at their respective optimal conditions to acetic acid
conditions of 22 imin air and570°C.a= v a |

ues of

0.

35,

for acetic acid, 2butanone, furfural and +oresol respectively for experiments

at 570 C. Se@&able6.6f or t he ot her & values
Bio-feed T,°C  Conversion, % Product distribution, H, vyield, Carbon,
N, free mol% wit% mg/g(cat).h
Bio-feed H,O H, CO CO, CH,
to G
Acetic 570 98 3 48 6 43 3 6.6 55
2-butanone 605 98 19 54 10 30 6 13.0 6.3
570 94 18 51 8 33 9 11.0 5.9
Furfural 620 96 34 52 12 35 1 10.6 17.1
570 98 29 48 14 34 5 9.0 9.1
M-cresol 622 81 26 49 6 43 2 13.2 24.9
570 93 25 48 14 34 5 11.4 15.0
Mixture 608 86 21 52 12 35 2 10.6 15.3

The CH; selectivity increased during the lower temperature ATR fbutanone,

furfural and mcresol. or 2-butanone and furfural, increase in L£Belectivity

corresponded to a simultaneous decrease in CO selectivityi@ggre6.23). This can

be attributed to the methanation reactiohere CO is used as a-ceacant with H

to produce methane and water (Eq. 6.23). The increase in net water production results

in a lower water conversion value as giveable6.7. The low temperature ATR of

m-cresol produced a dry gas mir¢ with higher CO and lower G@electivity when
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compared to optimal conditions. This probably indicates the preference of thermal
decomposition reactions over reforming reactiorable 6.7 also shows that coke
formation reduced for-Butanone, furfural and +oresol with the lower temperature

ATR. The decrease in coke formation during the low temperature ATRafahone

andmcr esol occurs regardless of the | ower
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Figure 6.23 Selectivity to carbon gases obtained for ATR of acetic aemjtanone,
furfural, mcresol and their mixture #teir optimal temperaturesn d & Vv al U e
used are given imable6.6 for S/C = 2,1 bar. The selectivity obtained for the
low temperature570°C) ATR of 2butanone, furfural, and 1tresol is also
includedl see Table 6.7 for .the correspond

This suggests that the R catalyst is more active in promoting refarg and coke
gasification reactions at the lower temperat&e0(°C) than the respective optimal
temperature of 605 °C and 622 °C feb@anone and reresol. These result®nfirm

that optimal thermodynamic conditions might not correspond to optimdytata
conditions due to coke formation and deactivatigactions In some cases, a higher

air flow might be required to maintain a steady process over long durations with
minimal coking. The downside of this will be a decreasearyield as in the case& o
furfural, 2-butanone and raresolin Table6.7.

6.4.5 S/C ratio and space velocity
The influence of S/C molar ratio on the ATR of acatimd using RRAI was
investigated and the results showrFigure 6.24. It is assumed that similar results

will be obtained for the other three biompounds. S/C = 0 corresponds to POX
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conditions with the reactor exit gas having a temperatub@fC and is included
only for comparison wit S/C = 2 process. 2production increased with increase in
S/C up to 2 and then decreased at S/C = 3. As mentioned in se@&idnadding
steam favours the equilibrium shift of the WGS reaction towargsardl CO;
production. Rh/AIOs catalysts have been demonstrated to have incdea&eS
activity a temperatures ranging from 500 to 600(Roh et al., 2008)
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Figure 6.24 Effect of S/C ratio on average production of BO, CQ and CH (solid
lines) compared to thermodynamic equilibrium values (dashed lines) for acetic
acid ATR. Acetic acid flow of 1 ml/h
values of (0.353%70°C), (0.340, 610 °C), (0.35370°C) and (0.374, 545 °C)
for S/C ratio of 0, 1, 2 an8 respectively.

The effect of adding steam during ATR is highlighted by the difference in output
values obtained for S/C = 0 and S/C = 2. Theidld more than doubles meanwhile
carbon formation reduces from about 30 to 5 mg/g(cat).h. Adding more naiéne
reformer reduces the reaction and reformate temperature making it inghgasi
difficult for the catalyst to completely convert the acetic feedztardl CO/CQ. This
leads to increase coking and decreasesiprbiduction at S/C = 3.

The suitabilityof the RRAI catalyst to handle high bifeed flow was examined using
acetic acid and the result depictedHigure 6.25. H> production increased very
slightly as the space velocity (WHSV) increased from 10 toh40 This was
accompanied by a decrease in CO and @il an increase in C@roduction. This
change in dry gas composition can be attributed to a slight promotion of WGS reaction
due to better feed mixing as feed flow rate is increased into the reaotther
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increase of the WHSV to 80'thowever leads to a slight reduction ia pfoduction
with a concomitant decrease in €&hd CO production. A very high WHSV sligjt
diminishes the extent of the WGS reaction probably due to the formation of hot spots
onthe catalyst as a result of the exothermic oxidation and coke gasification reactions.
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Figure 6.25 Influence WHSV (and GHSV), on dry gas composition and coke
formation during acetic acid ATR at S/C = 2 awd 0.353 corres,|
a reactor exit temperature 870°C ,1 bar and 0.2 g of catalyst.

This is further confirmed by measuring the extent of coke formation with increase in
WHSV (seeFigure 6.25). Solid cabon deposited on the catalyst first increases as
WHSYV is increased from 10 to 40 nd then reduces with further increase of WHSV.
The lower catalytic coke at WHS80 h! confirms the possible existence of hot spots
and increased coke gasification reawti (see sectiof3.5for the results reported by
Liguras et al. (2003)

6.4.6 Coking and catalyst deactivation

Process factors influencing coke formation on theARbatalyst duringATR of the
different feed biecompound have been discussed in the preceding sections. Fhe Rh
Al catalyst performed better than the Ni catadgstamined in sectiof.3.
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Figure 6.26 SEM images of showing used & catalyst at S/C = 2 and 1 bar. (a)
Acetic acid (b) 2butanone (c) Furfural (d) #oresol (e) mixture

For the same reaction conditions (acetic acid flowing at 1ml/h, wateR%f inl/h
and air set at 22 cifmin), the total carbon deposited on the catalyst on a mass basis
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(mass of carbon/mass of catalyst) was 0.8 wt%, 3.8 wt% and 14.7wt% for experiments
performed using R, Ni-CaAl and NiAl catalysts respectively. The amouwit

coke deposited on the Dl catalyst increases if the reaction is allowed to proceed for

3 hours. Amongst the five bieeds tested on the R catalyst, acetic acid formed

the least carbon deposits (W&0) while mcresol formed the most (8\#t%). The

SEM images for the five biteedstocks (including the mixture) are showrrigure

6.26. Unlike the Ni based catalyst, no significant carbon filament structures could be
identified on the catalyst surface.

XRD analysis were performed on the used catalyst to verify if any significant change
occurred in catalyst structure during ATR ($égure6.27).
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Figure 6.27 XRD patterrs of the fresh RIAI catalyst and the used catalyst from the
ATR of acetic acid, 2butanone, furfural, reresol and their mixture &i70,
604, 620, 622, and 609 °C respectively. S/IC =2 and 1 bar.

The XRD patterns for the used catalysts are quite sinailtrat of the fresh catalyst.
However a slight i ncr e agleOs ¢ould be haticedc r y st
especially for the catalysts used for théWanone and furfural experiments. This

could be due to onset of phase transformation taking plabe support.(Duarte et

al., 2012)reported similar results for Rh/ADs catalysed used for steam methane
reforming.

6.4.7 Summary
High conversions of thbio-feed to G gases, greater than 90%, were obtained for
most of the bigfeedstak tested except faresol and the mixture. Only;@arbon

gases were detected confirming that the excellent performance of tAkdatalyst
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in forming equilibrium products. ATR experiments performed at temperatures lower
than the value predicted by thesdynamic equilibrium for optimal Hproduction

gave mixed results. For some compounds, the lower temperature experiments gave a
higher B yield than at the higher equilibrium predicted temperature. This suggests
that the RPAI catalyst could be more activia promoting reforming at the lower
temperatures and that actual optimal reaction conditions could be differerihfreen
predicted by equilibrium. The RAl catalyst also showed excellent resistance to coke
formation. Compared to standard Ni#®k catalyst, only 0.8wt% coke deposit was

formed on the RIAI catalyst compared to Wt% for the former.

6.5 Autothermal reforming of bio -oil surrogate mixture using Rh
Al wteoRh/AI2036 a n d-AR w®ERh-3wt% Ce/Al2030
catalyst in a packed bed reactor

Autothermalreforming experiments were extended to include the use of-ailbio
surrogate as feedstock fos pfoduction. The aim was to investigate how this complex
mixture of compounds will behave as feed to an autothermal reformer by comparing
it to results obtaied for single and simple mixture bieeds asliscussedn sections

6.3 and 6.4. The RRhAI and RhCeAl catalysts were used for this study. Their
preparation and chasgerisation have been discussed in Chapter 3 and séctidn

respectively.

6.5.1 Bio-oil surrogate mixture
The preparation of the bioil surrogate mixture is described in section 3.5.2. The
bio-oil composition ad properties are presented in Chapter 5 where it is produced

and used as part of the process simulation.

6.5.2 Experimental procedure

The bicoil surrogate flow was set by choosing a constant carbon flow of 1.5 x 10
mol/s. This value was then used to deternthree air and water flow based on the
desired S/C molar ratio and equivalence ratio respectively. The experimental set up
was similar to that described and used in sectio®iand6.4. For all experiments, 0.2

g of catalyst was weighed and placed in the reactor and heated in the tube furnace

under constant Nflow of 200 cn¥/min until the reaction temperature was achieved.
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6.5.3 Conversion

As with the other bideedstocksised in the previous sections of this chapter, Aspen

plus software was used to perform equilibrium analysis so as the determine optimal
conditions for ATR. The individual btoil component flow values listed ifable6.8

were entered as input into the Aspen software for S/C molar ratios of 2.2 and 3, while

& was varied fromThetoallud,o0raeach, ca®ad
stoichiometric complete oxidation of the Wd. Due its high water content, the

amount of oxygen input (air flow) required for bal ATR is determined on a

moisture free basis

Table 6.8 Bio-oil surrogate component flow values used in Aspen plus simulation

Component Flow, mol/s  C flow, mol/s
Formaldehyde 1.07x10° 1.18<10°
Acetaldehyde 6.97x1¢° 1.54x10
2-butanone 4.36x1C° 1.92x10
Acetic acid 4.88x107 1.08<10°

Water 5.14x10° 0.00

Furfural 5.49x10 3.02¢10°
Phenol 3.49x10° 2.30x10
creosol 8.71x10° 7.68<107
Guaiacol 2.53x107 1.95x1¢°
Catechol 8.80x10 5.8210°

Palmitic acid  8.71x10° 1.54x10
Levoglucosan 8.71x1¢® 5.76x10
Total 8.71x10¢° 1.51x10°

According to Eq. 2.12the moles of @required for stoichiometricombustion

0 , is given by

|= FEL Fop " - E 6.34
Where™O s the flow rate of the moisture free (m.f.) 4w in mol/s.

n, m and k are the coefficients for carbon, hydrogen, and oxygen mdleeular
formula of the bieoil.

The moisture free bioil composition is G3gHo.4500.17. Using the constant carbon
flow of 1.5 x 10° mol/s, the value ofO is determined to be 3.95 x "2Gnol/s
corresponding to an actual bid flow rate 1.291ml/h. Substituting known values

into Eq 6.3 gives an Q@flow of 1.60 x 1 mol/s which in turn corresponds to an air
flow of 7.63 x10 mol/s (32.6 crifmin).
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The equilibrium plot for S/C = 2.2 is shown kigure 6.28. The amount of water

flowing into the reactor was adjusted to account for theobimoisture in order to

achieve the desired S/C molar ratio.
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Figure 6.28 Thermodynamic equilibrium plots for glving syngas composition and
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temperature obtai
bio-oil surrogate (m.f.) ATR.
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similar trend to that obtained for single component and multicomponent mixtures

(Figure 6.1 and Figure 6.19 respectively).For SC = 3, maximum hydrogen
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Figure 6.29 Conversion of oxygen, bioil and water (experiment and equilibrium)
using RRAI and RhCeAl catalysts at 1 bar with reactor bed tenapares of
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Figure6.29 depicts the biail, oxygen and water conversion for the-Rhand RhCe

Al catalysts. The RIAI catalysts performed slightly better with a fd conversion

of 84 and 87 % at S/C ratio 2.2 and 3 compared to 83 and 85% for theARhCe
catalyst.Water conversion was almost similar for both catalysts reaching argavera
value of about 70 and 65 % of the equilibrium value for & of 2.2 and 3
respectivelyOne major reason accounting for the overall lowdila@onversion was

the formation of carbon deposits on the reactor wall. This is mainly betteisie-

oil fractions decompose and polymerise even under mild heating conditions and most
components have different vaporisation temperat{iRexhe et al., 2005)

The slim improvement iperformance of the RAIl catalyst over RhG&l could be

due to the difference in the Rh active sites on the catalyst surfacanCm the form

of ceria) has been reported to influence the form and state of the Rh particles in
promoted Rh catalysts byayouring the formation of stable R@ coordination
(Eriksson et al., 2007, Oliveira et al., 2013, Duarte et al., 2012¢ Rh/Ce (or ceria)
interaction could somehow be limiting the ability for Rh to cleav€ Gnd Q' H

bonds and transfer surface O in the oxidizing ATR environmatungot and
Yamaguchi (2004yeported a drop in methane SR activity as the amount of ceria
doping on Rh/AJOs catalyst was increased from 0 to 2%. The increase in feed
conversion associated with some ceria doped Rh catalyst ascebyprother authors

can be explained by the simultaneous increase in metal dispersion that usually ensues.
When there is no significant difference in metal dispersion between the doped and un
doped catalyst, the uioped Rh catalyst tends to have a highaivity. Eriksson et

al. (2007)associated the higher methane conversion and increased syngas selectivity
of Rh/CeQi ZrO. catalyst over Rh/Zrexo the higher metal dispersion of 59% on the

former compared to 28% for the latter.

6.5.4 Product distribution and selectivity

The product distribution and hydrogen yield obtained duringpBid TR using RR

Al and RhCeAl catalysts are shown irigure6.30. Hz production was slightly higher

on the RhC&l catalyst conpared to RKAIL. Hydrogen yield (expressed as mol
H>/mol C in feed) was about 80% of the equilibrium value for the different conditions
shown in the figure. This value is consistent with thediiaconversion shown in
Figure 6.29. No G or Cs gases were obtained confirming the high activity and

selectivity of both catalysts in forming equilibrium products. Other researchers have
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reported a similar behaviour for Rh based catalysts in SR, POX and ATR experiments.
Aupretre et al. (2002)btained only € gases (COCO, and CH) during the SR of
ethanol using 1%Rh/AD3 catalyst at the stoichiometric S/C ratio of 1.5, 700 °C and

1 atm . They obtained 0.5% ethane (dry gas mixture) when the reaction temperature

was reduced to 600 °C.
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Figure 6.30 Product distribution for bimil surrogate ATR using RAl and RhCe
Al catalysts at 1 bar and S/C molar ratio of 2.2 and 3 (S/C is written in
brackets next to catalyst name corresponding to a reaction temperature of
593 and 572C respectively)aa = 0. 318 and 0.391 for
respectively

Cavallaro et al. (2003etected acetaldehyde together withgases in the ATR of
ethanol at 650 °C only for O/C < 0.62 mol/mol with a 5% Rk0Alcatalyst. The
higher B selectivity of the RhCeAl catalyst is highlighted further imable6.9.
Table 6.9 Products selectivity and carbon formation for-bibsurrogate ATR at 1

bar and S/C miar ratio of 2.2 and 3 (corresponding to a reaction temperature

of 593 and 572 °C respectivelgp. = 0. 318 and 0.391 f ol
and 3 respectively.

Selectivity Carbon
Catalyst S/IC H2 CO CO2 CHa H2/CO CO2/CO (mg/g(cat).h)
Rh-Al 2.2 96.0 229 729 4.2 4.4 3.2 65.4
RhCeAl 2.2 96.9 218 748 34 4.9 34 54.2
Equilibrium 2.2 98.2 208 77.1 2.2 5.7 3.7 0.0
Rh-Al 3 96.8 188 77.8 3.4 55 4.1 71.6
RhCeAl 3 98.3 154 827 1.9 7.1 54 51.1
Equilibrium 3 98.6 140 842 1.8 8.8 6.0 0.0
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This increase in Hselectivity is accompanied faysimultaneous decrease in CO and
CHsand increase in CQelectivity. This all suggests that the presence of Ce (or ceria)
on the catalyst surface decreases its methanation activity while concurrently
increasing its WGS activity (Eq 6.24 and 6.23 regpelst). A similar result was
reported bySalge et al. (2005for their ATR experiments performed with ethanol
using Rh and RiCe catalysts supported on ceramic foaiitds increase activity
obtained from ceria addition is significant as metallic Rh has been demonstrated to
have a low WGS activitfAupretre et al., 2004)

6.5.5 Air flow

To increase the bioil conversion and possibly thexBlield, the amount of air used
during the ATR expement was increased to a value higher than that required for
maximum H production as predicted bhermodynamicequilibrium calculations.

For both catalysts, the increase in air flow was done by a factor of 1.1 (10%) and 1.15
(15%) of the optimal equilibim value The bicoil and water conversions together
with product distribution are presentedliable6.10. The bicoil surrogate conversion

increased with increase in air flow.

Table 6.10 Conversion and product distribution for ATR of fmo at S/C ratio of
2.2 and 3 for different air flows at 1 bar.

Conversion, % Dry gas composition, % H, yield,

S/C Catalyst & * Temp, °C  Bio-oil Water H; CO CO, CH4 H,co mol/molC
Rh-Al 0.318 593 83.7 204 503 114 36.2 21 4.42 0.93
0.3% 641 91.7 16.3 488 16.1 345 0.6 3.04 0.89

2.2 0.366 670 95.2 165 48.7 146 364 0.3 3.34 0.91
RhCeAl 0.318 593 825 20.1 51.6 105 36.2 1.6 4.90 0.98
0.35 641 91.8 200 509 117 365 0.8 4.34 0.98

0.366 670 94.5 20.5 516 11.7 36.6 0.1 4.43 1.03

Rh-Al 0.335 572 87.1 148 508 9.2 383 1.7 5.49 0.98
0.368 620 93.7 170 527 6.7 401 04 7.82 1.02

3 0.385 647 95.3 11.7 50,6 9.4 398 0.2 5.36 0.89
RhCeAl 0.335 572 84.9 146 521 74 396 09 7.07 1.00
0.368 620 93.4 155 514 6.5 412 09 7.89 1.00

0.385 647 89.4 16.3 533 7.7 388 0.2 6.94 1.00

* Equivalence ratio values calculated on moisture free basis
1 optimal equivalence ratio
210% increase ofmimal equivalence ratié 15% increase of optimal equivalence ratio

This increase in fuel conversion did not however always have the desirable effect of
increasing H yield. Except for &RhCeAl catalyst the H yield reduced as the air
flow was increasg by 10 and 15%. The additional oxygen in both cases reacted with
H> and CO to produce water and £@he higher C@composition and EHCO ratio

of experiments performed using Rh&kconfirm its slightly better water gas shift
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activity at the temperaturexamined. One clear advantage of using a high air flow is
that the increase bioil conversion means both less carbon deposition and lower

concentration of unconverted feed ends up in the condensate (less polluted
condensate).

6.5.6 Catalyst deactivation

Thoudh the long term stability of Rh based catalysts has been confirmed by several
authors, the performance of regeneratedARAnd RhCeAl catalystswas tested in

this study. After an initial experiment lasting for 3 hours, catalyst regeneration (coke
oxidation) was carriedutwith an air flow of 250 crfimin at 700 °C. The combustion
product gas (containing GOO, and N from air) was monitored with the dime

micro GC and regeneration was complete when the &@@centration reduced to
zero. The results psented inFigure 6.31 (a) and (b) clearly show that the fRh

catalyst drops in activity after undergoing two regeneration cycles (i.e. used for the
third time).
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Figure 6.31 Bio-oil and water conversion obtained for fresh catalysts and twice
regenerated catalyst. The numbers 1 and 3 indicate the number of times
(cycles)the catalyst is used. a) F&i catalyst at S/C = 2.2. b) RAl catalyst
S/C = 3. ¢) RhC&l catalyst at S/C = 2.2. d) Rh&al at S/C = 3. Reactions
conditions were maintained for optimag fleld at 592A C (& and0. 31 8)

572°C( & = fOr.S/& algr ratio of 2.2 and 3 respectividy S/C ratio
of 2.2 and 3 respectively.
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Rh-Al catalystdeactivatbn was even more severe fexperimentsarried out at S/C
molar ratio of 3. This wagrobablydue to the increase cokingcurringat the higher

S/C ratio. The increase in coking implied more time was needed for regeneration
probably leading to more pronnced loss of catalytic activity, as char oxidation
would have resulted in local exotherms and sintering. The R€atalyst on the
other hand showed no significant deactivation. The observed stability of theARhCe
can be associated to the ability a®Cions to occupy octahedral sites on the alumina
support thus obstructing the loss of surface area which occurs during thermal
treatment as Af cations transition from tetrahedral to octahedral §iDesnyanova

et al., 2002)

1800
1600 (@)

1400 -

A 1-ALO;
® L -ALO;

>440

1200

u)

1000 +
800 -

Intensity (a

600 4

»222

RhAI (2.2, 3)
400 A

200 + RhAI (2.2,1)

0 T T T T T T T T T T T T T T T
20 25 30 35 40 45 50 55 60 65 70 75 80 85 90 95 100
2d

(b)

Figure 6.32 XRD patterns of single used (fresh) and twice regeneratedll Rhd
RhCeAl catalyst. Reactions conditions were maintained for optimaliéld
at592( = = 0. 318) an dorFTnolarkafioof 22 ard 30 . 39 1)
respectively. The numbers written next to the catalyst name indicate the S/C
molar ratio and number of times the catalyst sample has been used.
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