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ABSTRACT

In the sorption enhanced steam methane reformings(8R) process, hydrogen fHan

be produced in concentration up to\@8. % (dry basis)n a single reactor packed with

a mixture ofreformingcatalyst and carbon dioxide (@&orbent. This is defined as pre
combustion capturing a0, and the high purity Hproduced can be used as a fuel for
electricity generation, syntes of ammonialerived fertilisers, or hydrotreatingf
naphtha and other heavy gasiailpetroleum refinery. A cyclic operation between the
production of H and regeneration of G@orbent is required, but the energy demand for
the sorbent regenerationhigh. A proposed method to decrease this energy demand is to
couple SESMR with chemical looping (CL), which naturally separates the nitroggn (N
from the syngas via tHaghly exothermic cyclic oxidation with air of a metallic material,
whichactsaste ref orming catalyst when reduced
The combination of SEEMR and CL makes the process energy efficient and eliminates
the needfor (i) high temperature as compared to the conventional steam methane
reforming (SMR) procss (typical temperature range is 78980°C), (ii) the water gas

shift (WGS) reactors downstream of the reformer, and (iii) external heating using the
natural gaduel in the reformerHowever the Kl generation of a high purity from one
reactor operatiorsiintermittent, as part of a cyclic operation, with the reactor alternately
operating in Fuel Reactor mode (FR), with fuel and steam feed or Air Reactor mode (AR),
with air feed. Adsorption of COshifts the equilibrium of reaction towards more H
producton and ultimately increases the efficiency of the process towargsoHuction.
Production of H, CHs conversion and overall efficiency of the process depend upon
many operating parameters. The effects of inlet temperature, reactor pressure, molar
steam to carbon ratio (S/C) in the feed, and gas mass velocity on48B®BEnNd the
sorption enhanced cheraidooping steam reforming (SELSR) of methane processes

is reported in this thesis.

The formulation of the SEELSR process model requires the modelling of packed bed
reactors. This mathematical modelling covers various individual modelsr(sdbls)
for, SMR, SESMR, OTM reduction and oxidation of reduced OTlWhe gPROMS

model builder 4.19is used to solve the model equatidinsthis work, an experimental



kinetics study and model MR process over 18 w% N i -@I40Ob)catalyst are
presentedor an aliabatic fixed bed reactor in the temperature range of7800C at 1
bar pressure. The modslvalidated by comparing the results with the experimetatd
obtained as part of this warkhe simulation resultsrein excellent agreement with the
experimental resultd he equilibriumresults are generated usi@gemicalEquilibrium
with Applications (CEA) software. The effect of various operating parameters
(temperature, pressure aBdC) onthe CHs and water conveion (%)is modelled and
compared with the equilibrium values. The mathematical model eEEE was
developedased orthe industrial operating conditions of temperature and pressure. The
873973 K wasfound to be the optimum range of temperature, undehitph pressure
(30 bar) conditions, for the production of Bf purity exceeding85%. The developed
model of SESMR was validated against the literature data.

The mathematical model of SEL.SR process was developed under adiabatic conditions.
This modelis the combination of reduction of catalyst followed by oxidation of the
reduced catalyst. The individual models of reduction and oxidation are developed by
using kinetic data available itne literature and later on validated widxperimental
results prposed inthe literature. The already developed model of ¥R process is
combined withthe OTMreduction model to mimic theynamicprocesccuring inthe

fuel reacton(FR) system. ThiFR is combined with air reactqAR) andthe combined
model is runfor 10 cycles.The sensitivity of the process is studied under the various
operating conditions of temperaty&731023 K), pressurg1-30 bar) molar S/C(2-6)
andmass flux of the gas pha@®s = 2-7 kg m? s1). In this work, the operating conditions
used for the production of Hepresent realistic industrial production conditionke
sensitivity analysis demonstrates that the developed model-6LSR process has the
flexibility to simulate a wide range of operating conditions of temperature,yree<sy/C
andGs.
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CHAPTER # 1
INTRODUCTION

This chapter deals with the importance of hydrof¢s) as the fuel of the future and the
scope of theesearchwork presented in the thesi®rocess of conventional steam
methaneaeforming(SMR)is most widely used for the production of ¢th an industrial
scale. The issues relatedttte conventional SMR process are discussed and objectives

of this research work are addressed in this chapter.
1.1Global warming

In the past few decades the climatehafearth is changing drastically. The changthie

orbit of earth, natural phenomena like change in the intensitgdidition fromthe sun
andthe emission of excessive greenhouse g&6¢4Gs)in the atmosphere are the key
factors effecting the climatgl]. The activities of hman have strongripact on the
emission of CQwhich is causing atrong effecion the climate ofearth In the recent
report of IPCC Fifth Assessment Report (AR%2], it is claimed that mission of
greenhouse gases into the atmosphere in last decade are the highest in the history. The
last 3 decades from 19812 are considered as the warmest decades faced by human
since 1850dHadley Centre of the U#{ 3] reporteddata regarding rise itmetemperature

of the earth from 1850 onwards. According to their dagrise inthetemperature from
18501910 was almost zero and later on a small increabetamperature was observed
from 19101940. The highest rise ithe temperature was observed from 1980 onwards.
The change in the lartdmperaturelue to global warming is shown gure 1.1

The linear trend of increase in temperature of the land shothéhaverage rise of 0.85

°C is observed over the period of 1880 to 201%: researchedefinedCO,; emissionas

the major cause dhe global warming and the increase in the amount of 843% put
negative impact on the temperature of the earth. The increase € @ot onlyffected

the temperaturen the earth but also it raised the level of sea and resulted in many extreme

weather events ithe past.
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Figure 11: Observed globally averaged combined land and ocean surface temperature anomaly

1850 2012(grey colour indicatean estimate of decadal mean uncertaimtyata)[ 3]

According tolPCC reporf2], the amount of C& CHs and nitrous oxide (pD) arethe

main contributor towards climate change. Between 1750 and abaast 40% of C®
emission remained in the atmosphere while rest is absorbed on dh@nlatants and

soil). Despitemany mitigation techniques adopted for £€mission, the amount of
greenhouse gases especially G€&keep on increasing. This increase in the amount of
thegreenhouse gases is more significant during the period of 2000 to 2010. The amount
of CCz in the atmosphere reached 49 + 4.5 G#@@'yr in 2010. The major contribution

of COr in the atmosphere is the burning of fossil fuethe thermal power plants and
heavy chemical industries such as petrochemical and fertilizzmtributel about 78%

of total GHG emissions from 1970 to 2010. This increase in the amount of GHGs in the

atmosphere is shown Figure 1.2.
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Figure 12: Theobserved concentration of GHG in the atmosphere. Data fronoies

(symbols) and direct atmospheric meamgnts (lines) are overlajd].

This rise intheamount of GHGsespecially CQ, is due tomany factors likgincrease in
the demand of electricity, deforestation and increase in the populatibewérid. The
economic indicators have predicted that in conyegrs the demand of electricity will
increase furtheras currently around 3.6 billiopopulation do nohave adequate supply
of electricity and around 1.6 billion people dothave any electricity. According to the
report of EIA[5], by 2030 the demand of electricity will increase by more than 75%.

The data published byl& [5] showed that in 2008 the electricity generated by waal
morethan the half power generated in entiu8i.e. 54% of total electricity production.
The electricity generated by natural geas12% which is expected to increase by 32%
until 2020. The other massive contribigtmwardstheelectricity generatiomwasnuclear
power (21%) and remainingasgenerated by oil (2%), hydropower (9%) and renewable

solar or wind (2%)

As the coal and natural gas is available in abundance, this makes the inglesttal
(thermal power plants and heavy chemical industries asigietrochemical and fertiliger

to run on these fuskratherthanany otheralternative. But the emission of GHGs and
their impact on global warming forced the companies to device a clean process of
electricity production. The carbon capture and gdolgequestration (CCS) is one
such key techniqeeThe CQ capture and storage (CCS) process consists of capturing of
CO, from the industrial fants and then transported to the storage location. This

3



technology has the provision of capturing arounti98%o of the CQ emitted from the
industrial plant but at the expense of large amount of energy. The CCS process needs
about 1640% more energy as compared to the plant which has noc@@uring
provision[6]. In 39 assessment report (AR3) of IPCC this phenomena is discussed and

comparison of both processes is showRigure 1.3 [6].
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Figure 13: The capturing and storagé CO, from power planf6]
1.2Alternative energy sources

The fast growing demand of energy in different sedtagput enormous burden on coal,
natural gas and oil. The main disadvantage of these fuels is their impact on the
environment and ultimately causing global warming. At the same time due to finite
souces of fossil fuels, researchers are working on alternative fuels to meet the demand
of the electricity.

Currently, the renewable resources of energy are supplyii@ % wor | dbés e
demand and in 1990 the total amount of energy produced by the réaeesturces was
around 2900 TWh (24% of tH®BAwopblrdbdaeagtobbal
Energy Outl ook 20100, the use of renewab
this period the rise in their eleiity share is predicted to be around 32% in 2[&5In

Al EA Worl d Ener Bltis(predidied thdk in thé futlré more energy
supply shares are expected from renewable sources especially from hydropower as shown
in Figure 1.4. It can be seen ithefigure that even a considerable increase in energy share

by renewdale sourcesstill no single or combine source can fulfil the demand of energy



requirementsThe electricity generated by all the renewable energy sources is mostly
used for the production of hydrogEgt(].
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Figure 14: Shares of energyources in world primary energy demand from 12865[9].
1.3Hydrogen asa feedstock

On a broader scalexldan be used either aseedstock/reactamtr as a fuel. As a reactant,
H> can be used in oil refineries to remove the sulphur contents from the hydrocarbons and

in fertilizer industries for the production of ammonia.

Theppducti on of ammonia via Hyber proacess
While on the other hand in USA about 40.3% of totalidHused for the production of
ammonia and 37.3% of totaloHs used in the oil refineries as a reactpljt The

worldwide captive users oftére listed inTable 1.1

Table 11: The worldwide consumption ofzth 2003[ 1]

Captive users — World total
Billion m3 Share (%)
Ammonia producers 273.7 61
Oll refineries 105.4 23
Methanol producers 40.5 9
Other 13.6 3
Merchantusers 16.1 4
Total 449.3 100




Since 1960, the population of the woldsdoubled but not the supply of food per capita.
The supply of food calories per capita increased from 2420 kcal/day to 2808 kcal/day
from 1958 to 199911]. The pace ohcrease irfiood production is very slow as compared

to the growth of population. As it is already mentioned thapldys a vital role in the
production of ammonia, which is the backbone of any fertilizer ind(i$#ly therefore,

the need of Hfor food supply will ke higher inthefuture.
1.4Hydrogen as a fuel

Increasing energy demands, depletion of fossil fuel reserves and podutieth make

H> an attractive alternative energy carrids.is widely considered as the fuel of the future
and it has the capability taél the generation of electricity without emitting harmful
pollutants[13]. H2 is the basic raw material for fertilizer industries especially for
ammonia productiofl4-16]. With the passage of time it may become general purpose
carrier ofenergy for electricity, power generation and in vehicles as a transportation fuel
[17, 18]. WhenH: is burnt, the only product is water vapour, without greenhouse gas or
any pollutantsuch asSQ, soot and particular matteesnitted in the environmeri.9,

20]. This makes K a very clean and efficient energy carrigrcan be produced from
renewable and nerenewable sources. At present, reforming of natural gas and
electrolysis processes are widely usedH. production[1, 21]. The B Economydata
showed tht in 2004 the production ofzbvas around 50 million tons and every year this
production is increasing by 10pa]. Currently, the maximum amouaot Hz is produced

from natural gas (48%) followed by petroleum (30%), coal (18%) and electrolysis process
(4%) as shown imable 1.2[1].

Tablel22Wor | d0s s:produdtie(d] of H

Sources of Hproduction Contribution [%0]
Natural gas 48
Hydrocarbons
Petroleum 30
Coal 18
Water electrolysis 4




H> is abundantly used as the raw fuel for fuel cells to generate electricity. Low
temperature fuel cells are very efficient and environmental friendly, and they have
increased the importance lgf because they continuously required the pure suppt of

and a [22]. Fuel cells are electrochemical devices and they can easily convert the
chemical energy of a gaseous or liquid reactant into useful electrical energy. It consists
of cathode, anode and an electrolyfe.typical schematic foa Proton Exchange
Membrane Fuel Cell (PEMFQ23] is shown inFigure 1.5. The fuel (B) is introduced

at the anode surface and oxidani)(iS introduced at the cathode surfacesplits at the
anode and formsvo positively charged protons. These protons move towards cathode
throughthe electrolyte and reaefth oxygen to form water. The completion of this circuit
generates the electricity having water as the only by prodlbetmost important ability

of the fuel cell is that it produces pollutifree energy. Europe has set a roadmap with

the target of LGW energy from fuel cells by 2(24§].
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Figure 15: Schematic diagram of hydrogen/oxygen fuel (23
1.4.1 Properties of Hydrogen fuel

Amongst all the alternative sources of fudi,is the most prominent fuel because of the
properties like inexhaustibility, cleanliness and convenienctorage These properties

have promotedH» as one of the best replacement for gasoline, naturahgesther fuels



[25]. The flexibility of Ho makes it more favourable fuel than the already available fuels.

It can be used foransportation, power generation and for heating.

Hydrogen gas is very light weiglit4 times lighter than girand t diffuses faster than
any other gass. mportant physical properties otldre listed inTable 1.3.

Table 13: Properties of hydrogei]

Property Value

Molecular weight 2.2 x 10% kg molt
Density of gas at 0 °C and 1 atm. 0.08987 kg mi
Density ofsolid at-259 °C 858 kg n?
Density of liquid at253 °C 708 kg m?

Melting temperature -259 °C

Boiling temperature at 1 atm. -253 °C

Critical temperature -240 °C

Critical pressure 12.8 atm

Critical density 31.2kg m?

Heat diffusion at259 °C 58kJ kg!

Heat of vaporization a53 °C 447 kJ kgt
Thermal conductivity at 25 °C 0.019 kJ mtste°C?
Viscosity at 25 °C 0.00892 centipoise
Heat capacity (§) of gas at 25 °C 14.3 kJ k¢t °C?
Heat capacity (g of liquid at-256 °C 8.1 kJ kgt °C*
Heat capacity (g} of soli at-259.8 °C 2.63 kJ kg °C?

Over a wide range of temperature and pressures lighly flammable. On reacting with
oxygen, itreleasesigh amount of energy. Unlike other fuels, fidel is not available on

the earth ira free form. The energy contents infHel are higher than any other fuel e.qg.

it has 3 times more energy contents as compared to gasoline (140.4 MJ/kgd8eBsus
MJ/kg). H2 has very low ignition energy (0.02 mJ) as compared to gasoline (0.24 mJ).

The canparison of different fuels is tabulatedTiable 14.



Table 14: Comparison of hydrogen with other fugl$

Stoichiom Flame Min. Auto
Fuel LHV HHV -etric Combustible Tem ignition | ignition
[MJ/kg] | [MJ/kg] | air/fuel range [%0] [OC]p' energy | Temp.
ratio [kq] [MJ] [°C]
Methane | 50.0 55.5 17.2 5-15 1914 0.30 | 540630
Propane | 45.6 50.3 15.6 2.1:9.5 1925 0.30 450
Octane 47.9 15.1 0.31 0.956.0 1980 0.26 415
Methanol | 18.0 22.7 6.5 6.7-36.0 1870 0.14 460
Hydrogen| 119.9 141.6 34.3 4.075.0 2207 | 0.017 585
Gasoline | 44.5 47.3 14.6 1.37.1 2307 0.29 | 260460
Diesel 42.5 44.8 14.5 0.65.5 2327 180320

There are many processesed for H production including fuel processingf
hydrocarbons (natural gas, gasoline and naphdnd) norreforming H production
techniques. In fuel processing techniqueséhtaininghydrocarbon fuelare converted
into Hz rich stream. These differerH> production techniques will be discussed in
Chapter 2.

1.5Project scope

The conventiongBMR process is the most widely used techniquédttgesroduction Over

50% of t Hxprodudiontothésfeom the SMR procesg6]. The SMRprocess

is very costly process and with the passage of time its efficiency decr€aseght R

et al.[27] estimated the capital cost tife SMRplant as 254.1 M$ having 341,448 kg/day

H2 output. Furnace tubes are very costly and due to extremely high temperature in the
reformer furnace, the tubes life period decredsma 114 to 2 yeas. Extremely high
temperatures (800000°C) in the convention@MR process cause aging of the reforme
tubes. The main reasons for damaging of the reformer tubes are; creep (inner side of the
tube), carburization, thermal shocks and accidental overheating. A tube start to crack at
2/39 portion from the outside of tube and propagates towards the inri@np@nce that

portion is damaged, cracks start to penetrate towtdnel®uter portion[28]. In the
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industry, the reformer tubes are normally designed to withstand for a period of about
100,000 h (11.4 years). High temperatures within the reformer tubes cause deterioration
of catalyst andt causstubechoking and increase the gasidence time within the tubes.

This choking causg overheating of the tubes and it leads to creep cavitation damage.
Owing to the severe operating conditions, reformer tubes are generally fabricated from
centrifugally cast creepesistant high carbon aesitic steel of ASTM A297 Grade HK

(25 Cr, 20 Ni and 0.4 C) or Grade HP (26 Cr, 35 Ni, 0.4 C). In some cases other high
temperature, heat resistant alloys may be used, in general with a composition derived
from the HP grade. Such materials have very higkt. Due to this problem of
overheating some tubes only withstand for 2years service life and have to be replaced
soon after that29].

The vital reason ahereformer tubes failure is overheatiagcatalyst tubes are designed
for a specific temperatumange If the operéing temperature increases over the design
temperature, a drastic decline in the life period of tubes is obsé&igede 1.6shows the

effect of temperature on the expected life of reformer tubes.

100 T
HK-40 alloy

~
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(¢ |

Average temperature in
excess of base temperature, °F
(8]
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Figure 16: Effect of exceeding the design temperature on the expected life-dDH#oy
reformer tube$30]

To avoid such problems in additido safety and environmental effect, companies have
to invest significance amounts in maintenance to prevent any incident defermer

failure. The cumulative costs to prevent the incidents are as much as $1(Q8ilJion
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In industrial SMR process, shift reactors are needed downstream of the reformer to

convert the undesired CO and £0 Hy. Later on, amine scrubbing or pressure swing

adsorpion (PSA) process is required to achieve the higher purity>¢$88. To address

the issue of global warming, researchers developed the concept of combining the

reforming process with igitu CQ separation. This process was named sorption

enhanced steam methane reforming-&@#R) proces$32-34]. The addition of sorbent

(COz acceptor) along with theatalyst promotes the performance of the reforming process

not only by shifting the reactions towards moreprbduction but also in terms of purity

of H2 (CO; free product), as well as suppressing equilibrium solid carbgrdguct and

permitting both lover temperatures of operations and steam demand.

In 2000,Lyon andCole [35] proposed an interesting concept ofploductionprocess.

As conventionalSMR process requirdsigh temperature and toavoid the issues caused

by theoverheating and material failuoé the reactor tubes, newprocessvas introduced

which was terme@so6 u n mistgagrde f or mi n g o

Gegeneratiorn f
oxide is utilized in the endotherm8MR reaction(Eq. 1.1). The schematic ad moving

t he

( USR)

(CLR). TheCLR process operates in alternative cycles betwisteam reformingand

or

c hemi

c a t.dheyheat generatedtdurittg oridatéon of metal

bed CLR process is shownhigure 1.7.
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Later on Lyon andCole proposed another interesting approach by combitiiadCLR
and SEESMR process[35]. This concept wagater named aghe sorption enhanced
chemical looping steam reformin§E-CLSR) processThese processes will be explained
in detail inChapter 2. Advantages of SEELSR on the convention&MR processsuch

as high purity of H(> 98 vol. %)and less energy requiremenotivated the researchers
to developa pilot plant configuration of Eproduction by using the CLR technig[85-

37]. Not a lot of workhas beedone in this field when it comes to mathematical modelling
of the SECLSR proces§37-39]. In this PhD work, the aim is to fulfil the gap in this field
and model the SEELSR processTo address this, theolfowing are the reseeh

objectives of this PhD work
1.6Research objectives

1) To investigate the performance of 8ESR process in a packed bed reactor, the
system is divided into subystems. These stdystems include théevelopment
of onedimensionamathematical model of SMR, SEMR, reduction of oxygen
transfer material (OTM) and+@xidation of reduced catalysh g°PROMS model
builder 4.1.6. Develop the thermodynamic data using chemical equilibrium with

application (CEA) software.

2) Conduct experim@al work in the laboratory of University of Leeds, Ut
develop the kinetic data for the conventional SMR procesausathis kinetic

data in the mathematical model of SMR process.

3) Validate SMR model against the experimentddta and study the effectfo
operating conditionsuch asemperature, pressure and S/C on the performance of

the process.
4) Developamodel of SESMR process by using the literature data for carbonation

kinetics[4(]. Investigate the performance of the-SER process while keeping

consideringhe high pressure (286 bar) industrial conditions ¢f2 production.

12



5) Developa mathematical model athe fuel reactor (coupling of SEMR and
reduction of OTM processes) to check the sensitivity of the process higtier
pressurg20-30 bar)and temperatur@73-1073 K)conditions.

6) Determire the optimumtemperature, pressure, S/C and gas masséogitiors

for FR system.

7) Developa mathematical model dhe air reactor (oxidation of reduced catalyst)

to investigate the performance of the-SESR process.

8) Simulake the SECLSR processfor 10 cycles to study the effect of various
operating conditionsuchastemperatur¢873-1073 K) pressurg1-30 bar) S/C
(1-6) and gas mass flow velocit@-7 kg m? s?), usingthe developed model of
SECLSR process.

To meet the goal oH> production through the SELSR process, research work is
divided into different sections of modelling, simulation and experimentatidChapter

2, the techniques used in literature flp production are discussed. The literature
regarding mathematical adelling, reaction kinetics and methodology adopted for
modelling work will be discussed iBhapter 3. It covers general equations across the
packed bed reactor and equations for specific models like; homogeneous and
heterogeneous models as wé&hapter 4 deals with the experimental and modelling
work of SMR process. gPROMS used tacarry outthe mathematical modelling work.
Complete description of the experimental rig and experiments performed on packed bed
reactor available in University dfeedsis dso discussed i€@hapter 4. Chapter 5deals

with the modelling work of SESMR process and its validation against the literature data
[40, 4]]. In Chapter 6, the mathematical model of SEL.SR process is illustrated. The
modelling of reduction of OTM and 4@&xidation of reduced catalyst is validaighinst

the experimental literature dafd2, 43]. The sensitivity of the process is studied by
varying various operatingonditions.Chapter 7 covers the conclusion of the work and

future recommendations.
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CHAPTER # 2
HYDROGEN PRODUCTION PROCESSES

Currently, the use of hydrogen{Hs dominant in chemical industries but the depletion
of fossil fuels and demand @ctricity has enhanced the importance efald one of the
promising future fuel. This chapter deals wilifferent techniques fahe production of

H>. The norreforming and reforming techniques used in literature for the production of
H> are reviewed. Gnventional steam methane reforming (SMB)mixed steam
reforming sorption enhanced steam methane reforming-§8IR) and sorption
enhanced chemical looping steam reforming-(3ESR) of methane processes are also

compared.

2.1Introduction

The production oH: is one of the fast growing industrial process in the recent past.
According to fAhydrogen ec ein20fdywas aeopnad 6& 0
million tons, equivalent to 170 million tons of petroleum. This production pisH
increasing with everyear at a rate of 10%/yept4]. As discussed in previous chapter
that the majorsources of K production are natural gas (48%) followed by petroleum
(30%) and coal (18%)45]. At present, 60% Kis consumed in ammonia production
process and remaining 40% is used in refinery, chemicals and petrochesutoad 46).
Hydrocarbons (natural gas and petroleum) are the major resofocH, production
(78%), other contributors are coal and water electrolysis48]. The contributions of

these resources towards ptoduction is shown ifigure 2.1

In this chapter the production of Hlom the conversion of hydrocarbons is only reviewed
and discussed. The techniques femprbduction from hydrocarbons can be classified on
the basis of thermodynamic point (endothermic versus exothermic), catasgus non
catalytic or by the use of oxidant (oxidative versus-ogitlative). The later class is
discussed in this chapter as most industrial processJfprddluction are based on this.
The production of Kby oxidative processes occurs in the presesfcoxidant such as

steam, air or C® The conversion of hydrocarbon te bin industrial scale (e.g. steam
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methane reforming [SMR], partial oxidation [POx] and atltermal reforming [ATR])
falls in this category. The oxidative process can be endothezrothermic or thermo
neutral depending upon the nature of the oxidant used. While on the other hand, non
oxidative processes do not need any oxidant to convert hydrocarbons feed stock into H
product stream. In these processes heat or energy is requivegbk the €H bond of
hydrocarbons and produced.Hhese processes are normally endothermic process such

as catalytic and thermal hydrocarbon decomposition procgdses

mCoal ®mFElectrolysis mNatura Gas ® Petroleum

Figure2l: Wor |l déds hydr ogedfter[g]r oducti on st

General clagBcation of oxidative technique fad> production from hydscarbon feed
stock is shown irFFigure 2.2 The most common oxidative processes that are used in
industries are SMR,®x and ATR. SMR s further classified into conventional SMR,
sorption enhance®MR and H-membrane reformingn the following section these

process are discussed in details.
2.2Conventional SMR process

The @nventional SMR process is one of the most established and widely used industrial
process for the production Bib. It accountsta bout 40% of the tot al
of Hz [49]. Depending upon the final treatment of the product, two different approaches
for SMR process are shown kiigure 2.3 (ab). In Figure 2.3 (a) the bock diagram of

the SMR processonsists of reformer, water gas sifiGS)reactors, C@absorber and

methanator while irFigure 2.3 (b) SMR is equipped with pressure swing adsorption
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(PSA). The catalysts used thereforming andVGSreactions are very sensitive towards
sulphurconterts. Sulphurcan easily poison the catalysts and effect the performance of
the systemThereforejn both cases feedstock is first passed through the desulfurization
unit (DSU) to remove thsulphur contents from the feed. Thmulphurcontents are
initially converted to S under the low temperature conditions (2200 °C) in the
presence of Gdo catalyst bed50Q]. Later, this HS is allowed to pass over the bed of
ZnO, at temperature rang@l0 390°C, to remove theulphurfrom the stream as shown

in Eq. 2.1

(3 7 o:B ( / P

Conventional SMR

-

Steam Methane Reforming

Sorption Enhanced SMR

H:-Membrane Reforming

P

Auto-thermal Reforming

Thermal POx

Hydrocarbons to
Hydrogen
Technologies

Partial Oxidation Catalytic POx

O»-Membrane POx

Combined Reforming

g | SIP (Methane) |
Steam-lron Process

[ SIP (Heavy Residual Oil) ]

Oxidative Processes

CO; Reforming of CH;

[ Thermal Plasma ]
Plasma Reforming

| Non-Thermal Plasma |

r »

Photocatalytic Conversion

e r

Figure 22: Generaklassification of oxidative process of hydrocarbons to hydrogen production
after[45]

After DSU, the feed stock (NG: Natural gas) is fed to the reformer depending upon the
carbon contents in the NG. In case when NG Higker carbon contents £€), a pre
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reformer unit is used to convert the higher hydrocarbons into lower hydrocarbof)s (CH
As higher hydrocarbons have higher tendency to react thaar@Han easily decompose

into carbon contents over the surfaceéhafcatalyst. The NG is mixed withigh pressure
steam (2.81Pa) and preheatet500°C before introducing into the tubestbéreformer

having Ni catalyst packed inside the tubes. The reformer tubes are externally heated,
where feed mixture is converted@® and H at 856900 °C according to the following

reaction;
# ( (/1 P of #/ V(' ¢t il c]

This reforming reaction is highly endothermic and favoured at low pressure conditions.
But as in most industrial applicationd; at downstreans required at high pressure
conditions (23.5 MPa), therefore, SMR reformer is operated at subfgh pressure
conditions. In reactio.2, the steam to carbon ratio (SIGgd in feed is 1.0 wihas the
stoichiometric ratio. In industrial process excess of steam (8/Q) & used to avoid the

carbon deposition or decomposition of NG on the surface of catalyst in the form of coke.

The product stream leaves the reformer tubes (~15 m long ad iside diameter) at
800-950°C. It is cooled down to 35TC and steam is generated here. The cooled product
steam is introduced into the WGS reactors. HEf@ reacts with steam according to the

following reaction;
#l (/1 P #/ (' Tt REFTI <)

Two WGS reactors are operated in series to enhance the conversion of CO as shown in
Figure 2.3 (ab). The high temperature water gas shift (WIGS) reactor operates
around340 360 °C and low temperature water gas shift (IMGS) reactor operates at
200300 °C. At the end of LTWGS reactar92% CO is converted toproduct. The

CO; from the product stream is separated ir@®@sorber. On industrial scale, the most
common absorbent usddr the removal of acid gas (GOis monoethanolamine. The
target of CQ absorbent is to reduce the €@mount to about 100 ppm. The residual
amount of CO and C£are removed in methanator wheref$froduced in the presence

of Ha.
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Figure 23: Schematic diagram ¢f, production by SMRa) SMR with CQremoval by CQ
absorption antt) SMR with a PSA unijtafter[45]

In Figure 2.3 (b) PSA technique is presented instead of &lé3orber. This is the modern
technique for the purification of Hrom the impurities like Ck CO and CQ@ The PSA

unit consists of multiple adsorption beds and operated at pressure around 2|0 atm

SMR process is a catalytic process, the selection of catalyst plays a vital role in the overall
performance and cost of the process. Ni afférdint other noble meta(®u, Rh, Ir etc.)

are considered as the promising metals for SMR catalysts. Under the operating conditions
of 500°C, 0.1 MPa and S/C of 4.0, the activity of metals for SMR is as fqlidjy

20 2E )O. EO0OO0A
There are many characteristics of metals which play decisive role in the selection of the
metal for the reforming process. These properties include; catalyst resistance to coke
formation, robustnesto withstand stress during stag conditions, thermal stability
against extreme temperature conditions and cost of the metal. Al{Héugietal is not
as active as many noble gases are but it is the widely used metal in SMR catalyst because
it can withstand high temperature conditions and not costly as many other noble metals

are. In industrial SMR procegbe Ni catalyst is supposed to permute reforming process
for a 5 year continuous operation before its replacertit With the increase in Ni
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metal loading, the active surface area of the catalyst also insrédtb®ugh there is an
optimum loading of Ni (120 wt %) beyond which there is no further effect of Ni loading
on the activity of the cataly§52].

The support on the metal provides a support to the catalyst to achieve a stable active
surface area. It also helps in preventaue formation and provides resistance to the
catalyst sintering. The most common supports used for SMR catalysksaagn-Al 205,

MgO, MgAI20s, SiG, ZrOy, and TiQ [53]. The reaction kinetics and mechanism of SMR

reactionswill be discussed in next chapter.
2.3Partial oxidation [POx]

Another commercial scale process for the productioH.ofia oxidative process ithe

POXx of hydrocarbong54-57]. In this processfuel and oxygen (or air) are mixed, in a
desired fraction, and fuel is comted to H and CO products. The POx process is highly
exahermicprocess in nature as the oxidation reactions released considerable amount of
heat. The POx process can be a catalytic reaction or-cetalytic reaction. The nen
catalyticPOx process igenerallycarried out ahigh temperatureange(11001500°C),

while on the other hand catalytic P@XPO)process is carried out in a lower temperature
range i.e. 60®00 °C. The presence of the catalyst in CPO process reduces the
temperature of the pecess but due to the exothermic reactions the formation of coke and
hot spots are always thefg8]. In CPO processlight hydrocarbon fuels are used as
feedstock unlike heavy residual oils (HROSs) in +oaalytic POx procedqd]. The CPO

reaction of CHis exothermic reaction in nature and it is given as;
#( ™/ O ¢ ( #/ Y(' ogEfII c8

In Figure 2.4, the thermodynamic results (generated on chemical equilibrium application
softwae) for molar fraction (Nfree) of product gases from CPO process are shown. The
2.0 molar ratio of carbon to oxygen (C/O) is used in feed. It can be seen that at temperature
higher than 800 °C, +and CO gases are the major product gases. Based onleghiaeg

values, the typical efficiencies of POx reactors, withy@sifuel, are 605%[54].
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Figure 24: Thermodynami@nalysis performed in this work for tkemposition of product

gases (Mfree) in POx process under the operating pressure of 1 bar and C/O of 2.0.

The most common catalysts used for CPOx process are Ni based@dadnetdlbased

(e.g., Rh Pt, Pd, Ir, Ruand Re) catalysts in the foraf pellets, monoliths, and foams
[59]. Ni catalyst has strong tendency towards coke formation and the cost of Rh is very
high as comparetb Ni catalyst.Dissanayake et al[60] studies the CPOx process by
using 25 wt. % Ni/AlOs catalyst. The researchers observed that if POx process is
performed above 700 °C, the selectivity of CO approaches Bigkman et al. [6]]
showed that Rh gives higher selectivity fora$ compared to Pt catalysts.

2.4Auto-thermal Reforming [ATR]

The ATR process is an oxgteam reforming process. It combines the oxidation and
reforming process to produ¢ rich stream. Iis a very oldtechnique oH> production

and was used in 1950 and 1960s for the productiok.oih ammonia plants. The
schematic diagram of th&TR process is shown iRigure 2.5[45]. The autethermal
reactor is divided into 3 partsh& combustion zone, thermal and catalytic zone. The feed
is introduced irthe combustion section where oxygen and hydrocarbon feedstock reacts
and combustion reaction proceeds. The resulting combustion reaction withs@étd

is given as;
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#( E/ o ¢ (/ #/ Y7 vpBf il )

In the thermal zone, above the surfacthetcatalyst, main reformin¢q. 2.2 andWGS

(Eq. 2.3 reactions occurred. The heat released during the combustion reaction provides
energy forthe endothermic reforming reaction. ATR process consumed less amount of
oxygen than POXx process (per unit ofgtoduced]50]. If the objective othereforming
process is to control the ratio o680 in synthesis gas and reduce the consumption of
oxygen, the combination of conventiol&@¥IR andATR process is used. In this process
product stream from primary reformer is fed to the d@h&ymal or secondary reformer
where combustion and reforming reaction enhances the conversion of fuel. The outlet
temperature in primary and secondary reformersasingm 750850 °C and 9561050
°Crespectively. TRprocess of primary and secondary reformer is being used in ammonia
production plants.
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Figure 25: Schematic diagram of autbermal reforme[45]

Although steam refoning process produces the highest concentratioH.abut the

reaction is highly endothermic and thus it is not suitable for more compact and mobile
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fuel cells. ATR process generates its own heat for steam reforming gi@2Zle3fie main

features of ATR &

a) Low energy requirement
b) Low specific consumption

c) High gas space velocii$3]
The comparison of all above discussed reforming technologies isifistadble 2.1

Table 21: Comparison of reforming technologifg-66]

Technology Advantages Disadvantages

1 Lower operating temperatul High CHs slippage ag
conditions than POx and ATR proce§ compared to ATR an

SMR 1 Does not requir®; POXx process

Produces high HCO ratio (~3:1)

which is beneficial for Hproduction.

1 This process has mosellphurtolerant|f It has very limited

than other reforming processes as industrial use
catalyst is required. 1 High temperature
POXx 1 Low slippage ofCH4 conditions caused so
formation
1 The ratio of H/CO is
low

f Lower process temperature a/f Requiresair or oxygen
ATR compared to POXx process

1 Minimum slippage ofCHs

Although, SMR process is well developed process on industrial scale but still there is
room for improvement. As far as the energy efficiency, gas separation padfitation

is concerned, SMR process can be improVée. high temperature conditions in reformer
caused malfunctioning of reformer tubes after a continuous operation of around 5 years.
In the following sections some new reforming techniques are disctsdsahdle the
problems of overheating the tubes, more production .odtHower temperature than

conventional SMR process.
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2.5Chemical looping reforming [CLR]

Commonly, the chemical looping term is used to describe the process of transporting
oxygen. This term has been used for the cyclic process in which oxygen transfer material
(OTM) is used for the conversion of fuel. The reduced metal is further oxidizdrto

the new cycle of chemical looping. The chemical looping process can be the combustion
or reforming process depending upon the purpose of the process. The summary of

chemical looping processes reported in literature is showalihe 2.2

Table 22: Summary of Chemical looping technologjég3]

Objective Prlfrl?sry Process Main features
, . In this process oxygen carri@C)
Chemical looping . .
Gas . reacts directly with the gaseous fu
combustion [CLC] .
(e.g. natural gas, refinery gas etc.
The gasification products come in
contact with theDC. Although in
Solid SyngasCLC this process the fuel introduced in
the gasifier is the gaseous fuel bu
Combustion the primary fuel is solid.
_ o TheOCreacts with the sali
_ In situ gasification - o
Solid . gasification products inside the
CLC [iG-CLC]
fuel-reactor.
Chemicallooping
Solid with oxygen TheOCreleased the gaseous
oli
uncoupling oxygen for the combustion procesg
(CLOUV)
Steam reforming | The heat for steam reforming is
Gas integrated with supplied by the combustion of
Hydrogen
_ CLC [SRCLC] gases.
production : _ _ :
G Chemicallooping | The main products in CLR areH
as
reforming [CLR] | and CO
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Chemical looping
hydrogen [CLH]
Gas or One step

In this process three reactors (fue
reactor, air reactor and steam

o reactor) are required to produde
decarbonisation

by the oxidation oOC with steam.
[OSD]

In this process, three reactors

Syngas chemical | (reducer, oxidiser and combustor

Solid looping [SCL] are required for the production of
H> from oxidation of steam
Like SCL process, this process als
Coal direct needs three reactors for the
Solid chemical looping | production of H and regeneration
[CDCL] of OC. Coal and Qare fed to the

reducer reactor.

In 1951Lewis et al.[68, 69] published an airt c | eyasificatiordof carbon metal oxides

in a fluidized power beda&CO pmduetign whichtwaso d u ¢
quite similar to the recent technology ©ELC processin their work they proposed the

idea of OC as a source of oxygen fahe combustion process. They used the
interconnected fluidized bed reactor scheme for the circulation of solids. Later in 1983,
Richter et al.[70] proposed the principle of CLC process. They used the interconnected
fluidized bed reactors having metal oxides@S in these eactors. Their work was
focused on enhancing the efficiency of power plants by using oxygen carriers in the
fluidized bed reactors. In 198%hida et al. [7]] first time u s ed thbamacalt er m
| ooping combustion (CLC)6 in an effort t«
system by graphic exergy analydikatanaka et al.[72] proposed a very unique method

known as MERIT (Mediator Recirculation Integrating Technology). In this method they
divided the process of combustion into two section; 1) metal oxidation by ai2)and
reduction of metal oxide by fuel at low temperatidi@ long the concept of CLC was no

more than just a paper work. Later in 2a103, the European Union (EU) started a
projecQapbtt@d e Project (CCP[yYhrThe & Brarmgemc
Advanced CQCapture Project ( GRACE) 6 was the
different metal oxides were tested and a plant having capacity of 10 kWth w@g&lrun
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75]. Later in 2005,Lyngfelt et al. [76], at Chalmers University of Technology
(CHALMERS), first time demonstrated a CLC process for a continggaes of 100
hours. They useNi particles in their run and used natural gas as fuel for the combustion
process. They achieved around 99.5% fuel conversion efficiency

Meanwhil e anot ¢tagture oECH inpcoabgoenbtu st Bon ( CCCC.
developed by using the concept@fC. The power generated through this project was
300 kWth[36, 77]. In 20062007,Adanez et al.[67, 78] used Cu particles for CLC

process and it was the first time whars process was run for a continuous 120 hours

Theresearchers used the technology of chemical looping for the productitn Dhis
concept was used for ti€ production in the late 19and early 28 century.The term
unmixed steam reforming (USR) was first introduced.yogn et al. in 1996 andKumar
etal.in 1999[35, 79, 8Q]. In this procesduel and air are not directly mixed but separately
passed over the surface of cataly@®|. First air is introduced on the surface of the
catalyst, and fuel is introduced after tHelte USR process uses OTM tansfer the heat
for endothermicSMR reaction (Eq. 2.2. During the reduction of OTM, metal is

regenerated and undergoes the cycle of reforming with the fuel gas and Hie8ih.

However, it wab®n digxlde captue jardwydroged production from
gaseousuel s ( CACHET) @rodess gowindrecatientiGrl. Ris project was
focused on reduction of GQluring power production and production o bly using
natural gas fuel82]. In this project the advanced SMR, chemical looping and sorption
enhanced water gas shift (S¥GS) technologies were used. For the production of
syngas, they used CLR3], steamreforming coupled with C®capture bychemicat
loopingcombustion (SRCLC) andone-stepdecarbonisation (OSD) athemicatlooping
hydrogen generation (CLH) techniqug6, 84]. The focus of this project (CACHET)

was to develop the CLR process for the production of syngas and studied the effect of
pressure on CLR process. They used Ni b&€dor the study of CLR and SRLC

processes.

The main difference in ewentional SMR and SRLC process is the heat requirement.

In SRCLC process no external heat is required for endothermic reforming reaction, the
CLC process is used to provide the required amount of heat for reforming reRgtién.

et al.[36, 85] proposedSR-CLC processThey used the circulating fluidized bed reactor

for this process. The schematic diagram of@QEC process is shown figure 2.6. To
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have more production ofand almost 100% capturing of gQhey integrated the SR
CLC unit withWGS andPSA units as shown iRigure 2.6. The gases leaving from the
PSA unit, can be used as fuetlme steam reactor or fuel reactor of the-8RC unit. S
no extra penalty on the efficiency of the process is eepe

CLR process follows the same principle as CLC process. The only difference in CLR and
CLC is the desired products. In CLR process instead of heat the objective is toohave H
and CO. During CLR process, the ratio of air to fuel is kept very low tid #ve complete
oxidation of fuel to CQand HO. In this process, unlike conventional SMR process, air
separating unit (ASU) is not required. The CLR was first proposédditysson et al. in
2001[86]. Rydén et al.[85] also proposed this process and they concluded that the CLR
process gives 5% more overall efficiency of the process as compared to conventional
SMR process. As high pressure conditions are required at the downstream of the CLR
process which timately caused the reduction of overall efficiency, but st higher

than the conventional SMR procelsCLR process, the reforming reactions are the main
reactions. So the most commonly used OC is thedsed OC. The reactions taking place

in the fuel reactor are dependent upon the ratio of air to fuel. As the objective of CLR is
to have H and CO as the main product instead o@@d water, so the ratio is adjusted

accordingly. The reactions taking place in the fuel reactor and air reactvemeas;
Fuel Reactor,
#( . E O # ¢ ( . E Y( cpBf I 1 <)

If air is supplied in excess then CO anglfhrther react with oxygen and releasedCO
and HO as;

#/ . E o# . E Y( TEF T &
( . E o (/[ . E Y( puET I I Ry
The reforming and WGS reactions are as;

#( (/1 ©O4# o ( Y( CCHf 11 &

# (/1 ©o# ( Y( od&f 11 P T
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Air Reactor;
The reduced catalyst is regenerated in air reactor as;

¢.E [/ Oc¢./E Y( T okt 11 P p

CO H:0O

<& Condenser

v

Reformer Gas

Depleted Air (N2
e eT i T Hz H20, CO, CO:, CH4
MeO HO
g = = WGS > Condenser —>
AR = FR/SR =
Me = =
<
T A A
PSA off-gas h
Air Hs, CO, CO2, CHy4 H:
PSA —

Fuel and steam

CHs and H:0

Figure 26: Schematic diagram of SBLC process. Herd;R: Fuel reactorSR: Steam
reforming reactorPSA: Pressure swing adsorption uM{GS: water gas shift reactor addR:
Air reactor[36]

As it can be seethat reduction reactiorEQ. 2.6) and reforming reactiore(Q. 2.9 are
endothermic in nature and heat required for these reactions is supplied by the oxidation

reaction Eq. 2.11) which is highly exothermic in nature.

One of the key parameter that hasMinpact on the overall performance of CLR process
is the selection of OC. The good OC should have high selectivity towards CO.and H
production, high resistance to attrition, good reactivity and high resistance to carbon

formation. InTable 2.3 the OC sed for CLR process are summarized.
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Table 23:

Oxygen carriers used in literature for CLR applications

Metal oxide [%] | Support material | Continuous plants Reference
NiO
5 CLR 500 W [87]
18 U-AlI203
CLR 900 W [88, 89
CLR 500 W [87]
21 2-Al203
CLR 900 W [88, 89
20 MgAI 204 CLR 500 W [87]
36 MgAI 204 [90]
60 MgAIl 204 CLR 500 W [9]]
40 NiAl 204+MgO CLR 140 kW [92]
35 SiO, [90]
40 ZrO,-MgO CLR 500 W [93]
CuO
43 MgAI 204 [90]
40 SiOz [90]
FexO3
32 MgAI204 [90]
40 MgAI204 [94]
39 SiO, [90]
Mn 203
47 Siop [90]
46 MgAI 204 [90]

Johansson et al[95] studied the CLR process while consideriwg different Ntbased

OC, NiO/NiAlI20s and NiOMgAI2O4, in a continuous process. They concluded that
NiO/MgAI 204 gives higher conversion of fuel (GHand has less tendency towards the
formation of carbon on the surface of the catalpstgo et al.[89] studied CLR process

by usingU-Al 03 anda-Al 03 OC. The reactivity oE+Al 205 during the reduction reaction

m o +AleOs ®h la all the ¢tases tabelated initalble t vy
2.3, Ni based OCs are found to be suitable for CLR process. It was obset\icdthsed

was found to be
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OCs have long lifetime and can be used for longer period of time without showing a

noticeable change in the reactivity.

Modelling of fuel and air reactors are studied by many researchers. Most of the modelling
work is focused on CLC process whitonsidering the interconnected fluidized bed
reactorsKolbitsch et al. [96] modelled the fluidized bed reactors to study the process of
CLC. In most of the literature work, CFD software is used to model the fluidized bed
reactors. In these cases, the modelling of fluidized bed reactor is divided into three fields;
1) Fluid dynamics, 2) Reaction scheme and 3) heat balance. The literature regarding
kinetic scheme and heat balance across the reforming process will be discuktad

in next chapter.

2.6SE-SMR process

As it is discussed in previous section that SMR process is responsible for about 40%
world-wide production of KL The SMR is highly endothermic process, and researchers
are moving towards CLR process to minimize énergy requirements and maximize the
conversion of fuel by utilizing the heat generated within the process. The production of
H2 is increasing by a rate of 10% with every passing year. The increase in the demand of
H2 has put a negative impact on tHenate by excessive emission of €@uring the
reforming process. This makes room for a new process, which may be more economical
and environmental friendly. Keeping this issue in mind, researchers developed a new
process known as 0 mnahanpetefoonng (EBEMR)NE epln cd e A
this process Cgfrom the SMR process is removed from the reaction zomedsprption
process As overall reforming process is endothermic and equilibrium limited. So the
complete conversion of GHtannot be achied in a single reactor under the normal
operating conditionsThe removal of C@from the product gases shifts the equilibrium

of Eq. 2.3towardsHz productionand enhances the conversion of fBglasubramanian

et al. [97] studied the process of G®@orption in the presence of CaO as.@0ceptor.

Thus, the presence of sorbent in the reactor causdsltbwing reaction in the reaction

zone,
#/ #A P #HA#] YU pxaEF T P ¢

The formation of carbonate not only removes the @@m the product stream, it also
enhances the production ob.Hrhis makes the sorption enhanced process a dynamic
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process in nature. So continuous regeneration of sorbent is also required for continuous
operation of the procedslayorga et al.[98] listed the potential advantages of-SEIR
process over SMR process as following;

1) The low temperature in the reactor makes the process more economical than SMR
process where expensive construction materials are required ttamilise high
temperature conditions.

2) The production of Kis much higher than the production in case of SMR process
under the same operating conditions. The amount of CO ang@@uct gases
is much lower in SESMR process as compared to SMR process.

3) There is no need oGS reactor in SESMR process and the depositions of
carbon on the surface of catalyst is almost negligible as compared to the

conventional SMR process.

The concept of sorption enhanced steam reforming is not new. In R868op [52]

proposed the process of hydrocarbon conversion in the presence of steambaisédCa
sorbent. Later in 1933Villiam [99] published a patent in which he discussed the process

of SMRin the presence of lime as sorbent. In 1968rin et al.[10( published a patent
dmethods for the production 126 . They used fluidized bed

reactions in the presence of-6ased sorbent.

In literature considerable work on SEMR is published while considering the fixed bed
reactor systenBalasubramanian et al.[16] used the reforming catalyst and-Gased

sr bent to st udydrogerifrem methane i@ a singlgelpproédsd i n  a
fixed bed reactor system. Typical conditions used were°6505 bar and S/C of 4 to
study the performance tiesorgion enhanced process. They studied the composition of
product gases at the outlet of reactor as a function of Tiheoutlet resultsvere divided

into three sections i.e. pleeakthrough perib (sorbent is fully active), breakthrough
period (sorbent @ching to its full capacity) and pelsteakthrough period (sorbent is no
more active and the only process taking place within the reactor in this period is reforming
process). In the prereakthrough period the composition of product gases on dry basis
was 94.7% H, 5.2% CH, and approximately 400 and 600 ppmv of C&and CO,
respectively. They compared the values with equilibrium results and a good agreement
was observed. In the breakthrough period the Capturing efficiency dropped and
ultimately in postbreakthrough period the G@apturing efficiency was zef@7]. At the
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end of the procss they concluded that by using-Based C@acceptor in the fixed bed
reactor system can save aboutZ8% energy as compared to conventional reforming
process. The only disadvantage in the proposed process was the high temperature

requirements in the regeration section.

To illustrate the process of sorption enhanced refornBatgsubramanian et al.used
the simplified schematic diagram of adiabatic fluidized bed reactors having reforming

catalyst and Ghased sorbent. The schematic diagram is showigimre 2.7.

Flue gas Air

Power T J’
95% + Ha ‘l‘

Feed (CHy) f \

Spent sorbent
Catalyst >
H-0 . Sorbent
Sorbent
T=725%C T=975°C g Fuel (CHy)
S pe?
Regenerate@orbent

Figure 27: Schematic diagram of singiep hydrogen production procg83]

In primary reformer, reforming and sorption reactions take place and saturated sorbent is
regenerated in regenerator reacidre ®mpressed air and fumsl used to regenerate the
sorbent for next cycle of sorption reforming proc&su et al.[10]] used the fixed bed
reactor system for the seam reformofgylycerol with in situ CQ capture process. The

fixed bed reactor had an internal diameter (ID) of 0.025 m and was 0lGdgmThey

used 5 g NbasedOC and 5g of Cabased sorbent for the experimental work. The
experimental work was run with and without sorbent to study the effect parky and

fuel conversion for a temperature range of-300°C.

In literature it is eported that Ghased sorbents ammbtassium promoted hydrotalcite

(K-HTC) sorbentsire extensively used as e&rceptor for sorption enhanced reforming
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process. The metal oxides of sodium and lithium are not very extensively used. The main

criteria used for the selection of sorbents are as follojiifg;

1) High adsorption capacity

2) Low cost

3) Stability of the sorbent during reforming and regeneration cycles
4) High kinetics and thermodynamic properties

Generally, sorbents are classified as natural sorbents and synthetic sortiabts.2rm

the classification of sorbents is presented.

Table 24: Classification of sorben{d02]

Adsorption capacity
Types Sorbent [gCO2/g sorbent
Calcium carbonate (CaGp 0.79
Dolomite (CaCQ@ x MgCOQs) 0.46
Natural Sorbents
Huntite (CaCQ x 3MgCQ) 0.25
Hydrotalcite, promoted

K>COs/Hydrotalcite 0.029
Lithium o-silicate (LuSiOs) 0.37

Synthetic - . ,
sorbents Lithium Zirconate (L3ZrOs) 0.29
Sodium Zirconate (N&rOz) 0.24

The natural sorbentsdlcium carbonate and dolomite) are not expensive as compared to
other sorbents and they are easily available. Calcium carbonate hasgbheagsorption
capacity and after a run of 45 cycles, this capacity drops from 0.79/gGQrbent to
0.316 gCQ/g sorbent.Ding et al. [103 used hydrotalcitdbased C®@ adsorbent in
adsorpibn based SMR proceshn this work they used Nbased catalyst in packed bed
reactor having internal diameter (ID) 12.4 mm and length 220 mm. The experiment was
run at 450°C, 445.7 kPa and S/C of 6.0. They showed the effect of operating conditions
like temperature, pressure, space velocity, particle diameter and Bs@onversion.

They found that optimum temperature, pressure and particle diameter iS@432A..5
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kPa and 0.1:D.25 mm respectively. Increasing space velocity and S/C decreases the
corversion ofCHs. Optimum valusfor thespace velocity and SAere found as 10.7-g

cat hmol™! and 30 respectively. They developed the mathematical model and validated
the model with experimental findings. The developed model was under the conditions of
norrisothermal, noradiabatic and neisobaric. They concluded that by using sorbent

along with catalysin packed bed reactor, Gldonversion enhancement was observed.

Fernandez et al.(2012 [40] developed a mathematical modelSESMR processn a

fixed bed reactor anstudied the effect of operating variables (catalyst to sorbent ratio,
space velocity, steam to carbon ratio, pressure and temperature) on the composition of
product gases. They use Ca/Cu looping process, CaO as sarfiesdl bed reactor to
investigatethe performance of the proceds was observed that for a fixed temperature
(923K), pressure (3.8IPa), S/C (5) andas mass flu3.5kg m?2s?), there is a decrease

in H2 purity from 92% to 85% and decreasedHs conversion from 85% to 60 % as the
catalyst to sorbent ratidecreasesom 0.3 to 0.1ThisH> purity is the maximum that can

be achieved by sorption enhanced reforming (SER) equilibrium under the operating
condition of the system. Under the same operating conditions, incregae mass fii
decreasesl, purity andCHs4 conversion. The lower thgas mass fluxthe higher will be

the residence time of fuel within the reactor and hence the higher will be the conversion
of fuel intoH>. 3.5kg m2 s! was selected as the optimgas mass fluif the system is
operated under the above said operating conditions. Increasi®jGheemperature of
thereactorand lowering the operating pressure has positive impadt parity. As high
temperature favouSHs conversion and motd: is produced but as the temperature goes
beyond the certain limit thil, purity starts decreasing. The reason behind this is that,
after the certain temperature the carbonation reaction becomes ineffective and sorbent
becomes saturated. So, more @€avesthe system along with Ayas. Similarly, as the
pressure of the system increases the volume will decrease for a constant temperature
accordingtoLeCh at el i er 0 sCHFonvension willina be fazourdble at high
pressure. Optimum conditions fi@mperature, pressure, S/C and catalyst to sorbent ratio
were 973K, 3.5 MPa, 6 and 0.3 respectively for maximum (~9%%s)urity andCHa
conversion (~90%)They studied the effect of S/C on the productiortf Pressure of

the system was kept constant3&t atm and the effect of S/C dih production was
observed by changing the temperature of the system. It was observed thids 836
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basis) can be produced at 63D in this case if S/@s as high as 5. Reducing S/C will

reduce théd> % and same is thease with increasing temperature.

OchoaFernandez et al.(2007) [104 compard the performance of different sorbents on

the yield ofH.. By using CaO asorbenthe process is weakly exothermic, while by using
LioZrOs the overall reaction is weakly endothermic. In order to enhance the conversion
of CHs and get the maximum net efignicy, S/C for each process was adjusted and
optimum operating temperature and pressure was derived. It was concluded from the
findings that CaO is the most favourabtgbentfrom thermodynamics point of view and

results is higheHz production as compadeo othersorbents

Hufton et al. [105 studied the SESMR process for the production of, By using
K2COs-treated HTC sorbent. They obtained 96% purity pdhtd CH conversion of 82%

in pre-breakthrough period where sorbent is active. Under the same operating conditions,
the equilibrium values for CHconversion and Hpurity in SMR are 28% and 53%
respectively. InFigure 2.8 the thermodynamic results of: ldoncentation (dry basis

mole fraction) with and without sorbent are shown. It can be seen that as the temperature
increases from 650°C to onwards, there is drop in the concentration of,.thiehéd
concentration of Hwith and without sorbent is same in the tenapere range of 750
850°C. So for the SEMR process with CaO as sorbent, the desired temperature range
is from 500650°C under the operating conditions of 1.0 bar and S/C of 3.0.

1.00

0.80

fraction]

‘ —&— With Ca0

==fll=-= Without Ca0D

Hydrogen concentration [Dry mole

400 500 600 700 800 900

Temperature [°C]

Figure 28: Equilibrium variation of H concentration (dry basis mole fraction) with temperature
at 1.0 bar, S/C of 3.0 and CaO/C ratio of [2.0g
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Koumpouras et al.(2007)[107] develogdthe mathematical model and investigktiee

effect of sorbent o&€H4 conversion in a fixed bed reformer. Three cases were considered
to observe the effect of sorbent. In the first casdoading of sorbent was done so it was
just like a simpleSMR process. In the second caserbent was used but its ability to
absorb CQwas set zero. So in this case it only acts as heat carrier. In the third case,
sorbent wasisedas heat carrier and G@cceptoras well. Aftertheinvestigation it was
found that maximun@€Has conversion along the axial direction of reactor was obtaimed i
third case.

In literature many mathematical models are developed fe8¥R processDing et al.
andXiu et al. [103 108 developed numerical models and validated those models against
the experimental work. In developing the model forS¥R process, the main section is
always the modelling of reaction scheme. The kinetic model for sorption pbiCe

active site of CaO Wibe discussed in next chapter.
2.7SE-CLSR process

The main disadvantage in SEVIR is the regeneration of sorbent as high temperature
conditions are required. Buthen SESMR is coupled with USR or CLR, the process of
thecalcium carbonat@CaCQ) regenerabn is better integrated. TI&O, sorbent adsorbs

COz to produce CaCg@in an exothermic reactiorE@. 2.12. This heat is utilized in the
reforming reaction as a chemical potential energy. During the air regeneration step,
CaCQ is decomposed int€@aOandCO; (Eqg. 2.13. This reaction requires the heat to
proceed andxidation of reduced cataly€tq. 2.11) provides that heat fahe calcination
reaction Eq. 2.13 to proceed in forward directiohe heat ofthe Ni oxidation is stored

in CaOand is used ithe reforming reactiof2?].

#AN# P Al # ¥( pXBPET T 1 o

As the CLR process is the cyclic process of reduction arukidation of OC. This
process daenot need any separation unit at the downstream of the process. To make the
process environmental friendly and reduce the amount efl€W®ing with the product
stream, the concept of SEMR was coupled with CLR proces$encethe process of SE

CLSR usedhe benefits of maximizing the production of&hd inherent removal of GO

There is no need of WGS reactor and separation units at the downstream of the process.
Rydén et al. [37] proposed this novel process for the productiofpby using three
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interconnected fluidized bed reactors (reforming reactor, calcinatactoreand air
reactor). The reformer reactor was operated at low temperature and hydrocarbons were
oxidized by the oxygen provided by tO€. In the reformer reactor, G@roduced during

the reforming reactionseq. 2.9 and 2.10 was inherently removed bthe sorption
reaction Eq.2.12. The carbonation reaction is highly exothermic reaction and released
large amount of heat)78.8 kJmolY), this heat is utilized in the endothermic reforming
reactions. So the overall reformer reactor operated underghadineutral conditions.
Theyobtained 95% + Hpurity in the reformer reactor. The spent£30rben{CaO) was

fed to calcination reactor. The saturated sorbent was regenerated by supplying the sweep
gas for the regeneration purposes. The heat requirdddaegeneration of the sorbent

(Eqg. 2.13 was provided by the heat of oxidation of D€ (Eq. 2.11). The oxidation of
reduceddC was performed in the air reactor. Rgdén et al. [37] proposed the fluidized

bed reactors, so th@C and sorbent moved between the interconnected reactors. The
oxidized OC (NiO) and regenerated sorbent (CaO) were moved from the calcination
reactor to the reformer reactor fitve next cycle ofSECLSR process. The detail of the
process is given in literatuf@9]. To examine the performance of tRE-CLSR process

in detail, they developed a process modeRspen Plus. The schematic diagram of the
developed model is shown kKigure 2.9 The connecting stam, product streams, feed

stream and blocks are explainedliable 2.5

Feed Ho
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.«—— Cyclone co

N2

Fuel Reactor i
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T

Air Reactor

-
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Figure 29: Schematic diagram of the process mode&SBCLSR[19]
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Three reactors and three cyclones were used to simulate the whole pr&@e<3L&R.

In all of these three reactors equilibrium is reached. Hence output composition is obtained
by minimizing Gibbs free energy for inlet reactatitsvas observed that process operated

at 580°C and 1 bar produced almost 99% ptite with 95% CQ cegpturing. CHa
conversion under these conditions was 97%. And af63ind 5 bar 98% puitd,, 93%

CO, capturing and 95%H4 conversion obtained. Overall the process is most suitable at
580°C and 1 bar. The blocks and assumptions are list€dbie 2.5[19].

Table 25: Summary of block components and product streams

Block Component Assumptions
Bl Fuelreactor Thermodynamic equilibrium is reache
Perfect separation between solids ar|
B2 Cyclone
gas
Calcination _ o
B3 Thermodynamic equilibrium is reache
reactor
Perfect separation between solids ar|
B4 Cyclone
gas
B5 Air reactor Thermodynamic equilibriurts reached
Perfect separation between solids ar|
B6 Cyclone
gas
Stream Type Function
1 Input stream Fuel (CHi, H20)
4 Output stream Product (H, impurities)
8 Output stream CO
10 Input stream Air
12 Output stream Oxygen depleted air @\
2,3,5,6,7,9,11 Material streams Connecting blocks
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Experimental results dRydén et al. (2012 showed that by varying temperature (500
700°C) in a fluidized bed reactor using Nigbas a catalyst, CaQd0g) as sorbent under
1 bar operating pressure, S¥€2, O/Cof 1 and CaO/®f 1.0, CH4 conversion increases
linearly. At 500°C, CH4 conversion was reported as ~95% and atTD@ was ~98%.
On the other handinderthesame operating conditiond, production efficiency initially
increases to a maximum value of 85% at BDPand then it drops to 80% at 73D. This
decrease ii> production efficiency is due to the saturation of2GOrbent and decrease
in its capacity to absorb GOANd it wasquite obvious from the data of G@apturing
efficiency. As the temperature increase from-%00 °C the CQ capturingefficiency
(%) decreases from 95% to 72%. Lower the capturing of, @Wer will be the purity of

H. at the outlet. Results are shownTiable 2.6;

The H production is very sensitive to temperature, as the temperature increases the
concentration oH: at the outlet starts decreasing. The optimum value of temperature
under these conditions was found to be 880 The similar effect was gkrved by

increasing the pressure to a new value of 5 bar and keeping all other operating parameters

constant.
Table 26: Effect of temperature on hydrogen production at 1Bgr
Temperature, °C 500 550 600 650 700
H» production
o 83.8 84.6 85 83.8 79.9
efficiency %
H> purity, % 97.6 96.8 96.1 93.8 83.1
CH,4 conversion, % 94.6 95.3 96.1 97.6 98.4
CO; capturing
. 94.6 93.8 92.3 81.5 72.3
efficiency, %
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Pimenidou et al.(2010)[39, 109 performed SECLSR process by using waste cooking

oil as fuelin a packed betkactor. They used 18 vito NiO supported ok+AI 03 (0.85

2mm size particlesand precalcined dolomite as GCacceptor. The experimental rig

they used for this work is shown kigure 2.10 MKS mass flow controllers were used

to control the flow of gases going into the packed bed rea8®B analyser and Varian

3380 gas chromatograpéas used to analyse the product gases. The detail of the
experimental work is given in literature. The expemt was run fo6 cycles at 600C

and at S/C of 4. It was observed that batter conversion of fuel obtained as compared to

the run without sorbent.
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Figure 210: Schematic diagram of tH&ECLSRexperimental setip[109

Kulkarni et al. [38] proposed the gasification technology for the production xodrl
sequestration ready GOT'he produced the high purity obMith almost zero emission

of COx.. The efficiency of the process was better than Ititegrated Gasification
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Combined Cycle (IGCC) process with conventional.G€parationin IGCC plant the

heat produced during gasification is used for steam generatibultamately this steam

is used for power generation in steam turbine. While on the hand, the product gases from
gasifier are passed through WGS reactor fpptdduction. H has more energy content

than syngas (CO+hland it used in gas turbine for powadectricity generation.

There is no work reported on mathematical modelling 6fC&5R process is literature.
The objective of this PhD work is to develop the mathematical model 6ILSR
process by using gPROMS model builder 4°1.0he kinetic datarequired for the
modelling of SECLSR is reported in literature and will be discussed in next chapter.

2.8Conclusion

The high temperature requiremgnemission of C@ high capital cost and high
regeneration temperature for sorbent in SMR, CLR andBBR praess respectively
motivated the researcher to devitee SE-CLSR process. In SELSR process, the
temperature for reforming process is 48 °C less than the conventional SMR process.
The concentration of CQOs less than 100 ppm at the end of the process and this results
in Hz purity > 95%. The literature survey of all thesggroduction processes is covered

in this chapter.The literature related to mathematical modelling of packed bed reactor is
discussedn next chapter.
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CHAPTER # 3

MATHEMATICAL MODELLING and
SIMULATION

This chaptedeals with the formulation of mathematical equations for the modelling of a
packed bed catalytic reactor. This modelling includes formulation of geagtaltions

of law of conservation of mass, energy and momentum. These general formulas are then
modified for different models depending upon the complexity of the system. The kinetic
models reported in literature for different reforming processes are asosted. At the

end of this chapter, the methodology adopted for mathematical modelling, in next
chapters, is also discussed.

3.1Introduction

In any chemical process the mathematical modelling of diffusion and reaction scheme is
considered as a very strotgpl to understand the chemistry and design of the system. In
order to understand the complete behaviour of the process, a detailed mathematical model
needs to be developed. In indiesmany detailed and rigorous models are being used
[110-112). The complexity of the modelling depends upon the resemblance of the
modelling with the real life process. In early days, more work was done on steady state
modelling as it does not involve complexities as comparedhéounsteady state
modelling. The unsteadstate process involved all the complexities related to physical
properties and chemical reactions occurring during the pr¢t&8s To cope with the
problems of unsteady complexities, computerized based modelling software were
developed for better representation of the industrial processes going on. This
advancement led teonsiderable increase in overall efficiency of the process and
reduction in manpowdi 14, 115. Elanshiae et al[115 adopted th&ystem approach

to solve the complex fixed bed catalytic reactor problems. In their modelling, they divided
the fixed bed reactor system infgub-systeméand solved these stdystems separately.
Every system has a boundary which isolates it from the surrounding environment. It can

exchange mass or energy with the surrounding depending upon the tigpsysitem. A
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system can be classified on the basis of thermodynamic principles, continuous process

and on the basis of phases involved in the process.
3.1.1 Classification of modelling systems

On the basis of thermodynamic principles, a system can be classiiedalaied, closed

and open system. Adisolated systeidis one of the simplest system, no mass or energy
transferred withthe environment/surrounding is considered in this case. An adiabatic
batch reactor is the simplest example of such system. While on thénatitkra system

in which energy is transferred across the boundary but no mass tramsfeown as
&losed systen A nonadiabatic reactor is a closed system process. There are some
systems in which both mass and energy transfer with the surroundirg cdoserved.
Such system are known é&pen systen@116. There are some continuous systems in
which state variables are considered as invariant with respect to sp&csahs. Sich
systems are known dsimped systei@ In adiscrete systefone or more state variables

are either varying along the axial or radial direction of the reactor. The plug flow reactor
is a good example of such sysfdihi7]. On the basis of phases involved a system can be
classified asa homogeneous or heterogeneous syétédnly one phase is involved in

homogeneous system while more than one phases are involved in heterogeneous systems.

Mathematical modelling of a heterogeneous system is considered to be more close to the
real industrial processes. In modelling of a hejen@ous unsteady state system, along
with reaction kinetics the diffusional processes are also considered. This makes the
process more complex and close to the real life system. The fixed bed catalyticiseactor

a good example of heterogeneous syqtehd].

The discovery of catalytic particles and later on their enormous application in chemical
industry prompt the researchers to work more in this field. Now in chemical industries
most of the catalytic processes are being carried out in fixed bed reactotgstCata
particles are packed in the tubes of fixed bed reactors and bulk fluid is allowed to pass
over the surface of these cataly3ise eactant particles first pass through the bulk fluid
and reach at the surface of solid particles, reactants penetoatgtifthe pores of particles

and form products. These produete then desoreéd and move out of the particles

towards bulk fluid.
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Due to complex physicathemical phenomena, the exact modelling of fixed bed reactors
is very complef119. Despite of very simple appearance of fixed bed reactor, its design,
operation and optimization is very complex because of compiéxailtiple reactions
taking place within its boundary. To describe accurately the process taking place within
a fixed bed reactoa very realistic model formulation is required which demonstrates the
real picture of the phenomena occurring in the readtbrs model is then validated
through experimental results and then implemented on industrial scale for practical
applicationd12(. Modelling of catalytic fixed bed reactor involves following aspects:

a) Catalytic reactions modelling
b) Modelling of thermodynamic equilibrium
c) Mass transfer and heat transfer between the bulk gas in fluid phase and in solid
phase
d) Intraparticles diffusion modelling
e) Modelling of all physical properties of gases and their linkage with rest of the
variables
f) Finally the combine modelling of fixed bed reactor and optimization of the
process
More complex the model more parameters estimati@guires to present the real picture
of the process. In modelling of reactor the most important thing is pellet modelling. One
of the most commonly used models for fixed bed reactor§ astinuum modek
According to this modeldifferential equations for fluid phase and solid phase are
developed and solved simultaneoy4dl21]. Beside continuum modéCell modebis also
used. In cell model the whole system is divided into small parts or cells and each cell is
modelled as a sgle unit. The whole system is modelled by integrating these single cells.
Due to wide application afontinuummodel in steady state simulation and optimization
of fixed bed reactors, they are commonly adopiée. @ntinuummaodel is classified into

2 cakgoriesd geudehomogeneous modehndo éterogeneous mod#il1g).

In pseudehomogeneous model there is no flpidrticle mass and heat transfer resistance.

So this type of model is used where thare not considerable changes observed in
effectiveness factor along the length of the reactor. While on the other hand
heterogeneous model considered the variation of effectiveness factor and in rate equations
of their model effectiveness factor is incorpodaf&2(. In Figure 3.1 a schematic

diagramfor the classification of continuum modelssown
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Continuum Models
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Figure 31: Classification of continuum modgl22

Pseudehomogeneous and heterogeneous models are further dividedoioten e
dimensional(1-D ) and6 t Adimensional(2-D ) rdodels. 1D models are very straight
forward and simple models. They only consider the concentration and temperature
variation along th axial direction and negligible gradient along the radial direction. While
on the other han@®-D models considered the variation along both axis i.e. axial as well

as radial.
3.2Building mathematical model

In building a mathematical model for gaslid re&tive system, variety of physical and
chemical relationships are considered. Law of conservation of mass and energy dictates
the ultimate form of the mathematical equations for mass and energy balance within the
boundaries of the system. The mathematiqab&ons representing the overall picture of

the system includes mass, energy and momentum balance equations. Mathematical model

also includes equations for diffusional mechanism and reaction kinetics.

The configuration of fixed bed catalytic reactor systrepresented in mathematical

equations form involves all the laws of mass and energy transfer from surrounding to
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system, system to surrounding and within the sysfidm. standard procedure used to

develop mathematical model of fixed bed catalytic reacdo be summarized as;

a) Configuration of the system and its dependency on the surrounding

b) Identification of the variables and parameters involved in the system.

c) Formulation of the mass, energydanomentum balance equations

d) Formulation of the diffusion @hreaction rate equations depending upon the type
of the system.

e) Defining the boundary and initial conditions of the process to solve the patrtial

differential equations involved in the system.

In the following subsections general equations for mass, gnangl momentum transport
are formulated and in later sectsooresulted equations are modified according to the
requirements of the system.

3.2.1 Mass balance across the reactor

Modelling of the catalytic packed bed reactor or any other reactor involvesetuion
rateequationsequations for th&ansfer of mass, heat and momentum. The mathematical
representation of these phenomena and other interlinked parameters gives the picture of

overall process happening within the boundary of the sygté&gh.

For the derivation of following equatieird et al. [123 124 is used as a reference
First step towardthe modellingof reactoris applying law of conservation of mass on a
volume element ahepacked bed reactor as showrfFigure 3.2
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Figure 32: Schematic of catalytic packed bed reactor

According tothelaw of conservation of mass of componéhd
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convective term is introduced because of the mass motion of the fluid. To represent the

law of conversation of mass in a mathematical form, let us conkigl€drtesian plane

o v
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T YU Ty IO OYAWU of
The combined mass flug aincludes molecular flux and convective flux as well. After

dividing the entire equation bgg@ (YU amd letting the size of elementapproactzero,
Eq. 3.2becomes,

T ;] H ;]

- - - ~ l e bR
= = =5 T © pltiofs i o

This is the equationfo c ont i nui t \EQ. B.8describgs the changedtBniass
concentration of the component O6A6 with
reactor. This change in mass concentration is dependent on convective and diffusional
transport of the fluid. The rate of formationordemp osi t i on of compon
the chemical reaction also effects the m

system of a fixed bed reacté@q. 3.3can be written in vector form as,
— ng O o8

As ¢ is combined mass flufmolecular flux and convective flugnd it can be written

as,

I E mO od
Now Eq. 3.4can be written as,

™ nmd n&E O
O oD

Similarly continuity equatn for molar flux is;
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It is very necessary to represent the equation of continuity in both molar and mass flux
form. In equation of continuity, when we are dealing with chemical reactions then molar
units are preferred over mass units. In case of diffusion equations alorepgwattion of
motions, mass units are preferred.

In aboveequatioree 2ags the rate of production of A in unit volunteg. 3.7can be written

as;
% ngt g g 2 oRy
(A) (B) ©)
Here;

A: Net Rate of addition by convection
B: Net Rate of addition by diffusion
C: Rate of productioor decompositiottoy reaction

This is the general form of continuity equation for packed bed catabaitor. Above
equation can be modified for any particular system to model the mass balance across that
systemln a system where only convective transport of the components are the dominant
or only transport medium, then term BHg. 3.8can be ignorednd vice versa.

In case of simple reforming process where ne @geeptor is used, reactionsitakplace

only on the surface of catalyst are considered. While on the other hand, when we have
CO» acceptor along with oxygen carrier (OC) in a fixed bed reformer then the reactions
occurring on the surface of the sorbent are also considered. Henegetbguation for

the productionor decompositiomf species will change accordingly.
3.2.2 Energy balanceacross the reactor

In a packed bed reactor heat transfer takes place through various transport mechanisms.
Due to the molecular motion in the fluicholecular energdtransport and due to the bulk
motion of the fluid &onvective enerdgytransport takes pte. Similarly when fluid
diffuses into each other the heat transport mechanism is kno@iffasion transpoi

In addition to this, energy transport due to radiation is knowdraiation energy
transpord[123 124]. According tothelaw of conservation oénergy on a small element

of unit volumeY@&/W(
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Rate of increase of energy inuait volumeYoY ¥ a is the summation akinetic energg
anddnternal energdof the fluid. The kinetic energy is associated with the movement of

fluid while internal energy is because of rotational or vibrational movement of the fluid
molecules. Then't er n al energy also includes Opot e
of the law of conservation of energy can be written as;

YAWYU— -mO N6 oP T
The Convective transpartas already mentioned is the transfer of energy by the bulk

motion of the fluid is the sum of kinetic energy and internal energy of the fluid through
the unit surface area. It is givern as

gm V6 OA 3 o o

In three directions the convective transport is written as

gN(") v O oD C

The volumetric flow rate across the surface elerge@pazpendicular tosaxis isee @ 3 &

The ate of heat transfer by molecular transport is givenfuierd $aw of hea
conductiom@ According to Fourigy kaw, therate of heat transfer per unit area is directly
proportional tahetemperature gradient across that unit element.

1 EA4
! AU op o
I n above equation 6k6é is known as ther ma

temperature and pressurenditions of the systemf temperature varies in all three

directiors, above equation can be written as
! E8 4 oPT
If fluid is moving with velocity v, then work done term is given as

ET { "HHA T MWl H1T 8l op v
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In the aboveequationeeats stress tensoEq. 3.15can be written as;

g g 8 oP ¢
Combine energy flux€] is the sum oEg. 3.12, 3.14 & 3.16So after combiningll these
equations;

"H gNo M1 B8 o X

Here;

M Tl B 5 I

M
Ve Tl Bl 5 b6
MTB (7

SoEq. 3.17can be written as;

"H gmc") P G > T (I o P

Now the combined flux across the unit volu@/WUis:
YWOA, A,y YDUA, A,y YWoA, A,y

Dividing by Y&(YUand allowing unit volume taero will give,

T B T
W N R
. ADA O KT 1 A&l A ngH 0P W

SoEq. 3.18 will become;

ngH 8 -m M 1 B 81 o8 T

Rate of work done on system by external force is negligible in case of packed bed reactor
S0 we can neglect that term. Afteraganging the law of conservation of energy we will

get;

NP w6 ngH o8 p
FO¢

Eqg. 3.21does not include the reaction and radiation term. As radiation, external field,
mechanical and electrical effects are of leggdrtant in reactor so these terms are often
neglected119. After adding heat effect of chemical reactiorEiq. 3.21, we will get;
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Or it can be written as

— M b ng -vO M 1 Bl y( O

= 8- M 1 & 18 y( © o8 o

To further simplify theEq. 3.23 enthalpy term is expanded by using standard equilibrium

thermodynamic$ormula;

A — Asa — Ao
) ) 1
A #R4a 6 4 — Ao o8 T

After integrating the above equation
(( #4 4 -D D o8 U

After putting all the values i&q. 3.23 the new equation is of the following form;

~ ~
U

— MO A6 ng-md m# 4 4 pb b | &1 n8
y( O
For constant pressure and no variation of ¢igyjaabove equation will become;

h . o .
?é/v# 4 nsnO# 4 ngl Y( O o8 ¢

For A6 number of components ar number of reactionghe above equatiocan be

written as;
M L B4 YO O ngE4
= ( og X
(A) (B) ©) (D)
Here;

A: Change of heat content with tint&, Convective flowC: Heat effect of the chemical

reaction &D: Heat transport by conduction.
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The Eq. 3.27is the general formulation of energy balance with assumption of constant
density and heat capacity, no radiation flog,energy flux by molecular difision, no

heat effects due to mechaniazglectrical and external field.

In later section the resulted general equation for energy balance will be modified for the

simple reforming and sorption processes.
3.2.3 Pressure drop across the fixed bed reactor

There ae various factorthat determine the energy lopsessure drapn the packed bed

reactor Out of those the most important factors are;

a) Fluid flow rate
b) Fluid viscosity and density
c) Orientation and compactness of packing
d) Size, shape and surface of solidgtjgdes
Reynolds[125 observed thgbressure drop in a packed column is the sum of two terms.

His formulation is given as
YO . . .
— A6 AnO o]

To consider the edict of viscosity of fluidEq. 3.28was later modified into a neferm
(Eqg. 3.29;

Yo oo . .
— AO AwmO o8 W

A

Ergunetal.[126pr oposed t hat Hg.8.€%re propdrtaoral t@iscaus 6 b 6

energy los8anddinetic energy lossrespectively as shown below;

. . P R
A ADZ—R oD T
. R

A A e o p

Hereagmandageare the factors of proportionalitBy putting these values ifq. 3.29we
will get;

v

YOo . p R . -~ P R

mO o® C
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This equation shows the effect of fractional void volume on the pressure drop of packed
bed column. To account the effect of paetisize, shape and surface area on the pressure

drop of packed columng&rgun et al. developed the modified equation as

yoC P R . [ _.p R .
,— ¢ B = {tO HJ 3 R— mO od o
0S06 i s tsurface arga®fdhe Solidgparticle i.e. surface of solid particles per unit

volume. It is given gs

A g oR T
SoEq. 3.33will become,

YoC ® PR . | ® p R .

— CLx = to v A R MmO

YOC X¢4p R . O [ p R

— X w © 7 x =M oF L
Where;

. . o

E Xxc1 n E T o @
After putting these values g. 3.35

YOC E p R . E p RrR .

Ak © x R MO o X

Through the method of least square the valuesi@d ¢ @ asvere found as

E pum N E p& U
Handleyetal.[1271der i ved di f f eor eangbd woake u e@ . 2d f D& 8
ford .0kSo the equation for presstoErgunvdlr op a

become,
YOC pum R . PpP&ULUp R .
: A R to A R Mo 0B

After further modification of above equation;

Yoc 1O p R o& & mO
A R P R
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Above equation can be wrigas,en in the for/

£ o8 T

YoC tO p R
, A R

Eq. 3.40gives the relation for calculation of pressure drop across the libd refactor

and it covers afthefactors affectng the loss of energy ihe packed bedeactor

Above equations for mass, energy and momentum transport can be used for any packed
bed catalyticreactor In the resulted equatiorEq. 3.8, 3.27 & 3.4) addition and
subtraction of any term depends upontipe of system we are dealing with. In case of
steady state process, all the time dependent terms will be zero.
The resulted transport equations can be solved for three different levels.

a) The macroscopic level

b) The microscopic level

c) The molecular level
The macroscopic level modelling deals with the transfer of mass, energy and momentum
when entities are introduced or removed from the system. In microscopic level, more
detail modelling is done to see the behaviour of fluid mixture during the transport to
from the system. The molecular level deals with the motion of molecules and
intermolecular forces. This type of modelling is used when system involves complex
molecules, chemically reacting system etc.
The summary of mass, energy and momentum tranequodtions used for modelling of
1-D heterogeneous packed bed reforming and sorption process are repoebld 8.1
All these equations are derived frdfg. 3.8, 3.27 and 3.40

3.2.4 Governing equations

In all mathematical modelling based literature, above equations are modified according
to the nature of the syste@ingh et al.[128 developed a mathematical modektéam
hydrocarbon reformerso check the performance of the side fired reformiére
developed mathematical model focusedtbe differential reformer tube sectioaf
length gz, filled with nickel (Ni) catalyst as shown ifigure 3.3 Only one tubeis

modelled as the representative of entire reformer. The uniform distribution of
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temperaturgpressure and axial diffusion of mass and energy was also assuthe in
work.

Halabi et al. [129 developed a mathematical model to investigate the performance of
autothermal reforming (ATR) process in a fixed bed reactor. In their work they assumed
the variation of mass, energy and momentum terms to be in one direction i.e. along the
axial directionof the reactor. The variation along the radial direction is neglected. The
process is assumed to be adiabatic in natMt@nnerat et al. [42] presented the
mathematical modelling of unsteady state oxidation of Ni gauze catalyst. In their
modelling they assumed adiabatic fixed bed reactor, no heat transfer due to radiation and
plug flow behaviour with no diffsional terms. In their work they modelled the system to

present the effect of amount of (M- in Ar) on the temperature of the reactor system.

Inlet process gas
|

L

L+ Outlet process gas

Figure 33: Schematic diagram of a reformer tyh2§g

As explained inChapter 2 that the addition of sorbent enhances the reforming
performance in terms ofyield (wt. % of fuel) and fuel conversion. It shifts the process

of conventional steam methane reforming (SMR) process beyond the equilibrium and
more conversion of feed, high yield og Hihd more pure His achievedFernandez et

al. [40, 130, 131] developed a mathematical model to illustrate the performance of the
adiabatic sorption enhanced ate methane reforming (S&MR) process. In their

modelling work, they introduced the rate equations fop @d3orption both in mass and
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energy balance equatiortsg. 3.8, 3.27 and 3.4@vere modified according to the plug
flow, 1-D heterogeneous and without axial dispersion procése kinetic and
equilibrium data reported biwigg (1989) and Froment (198@)as used to simulate the
process.

Zhou et al. used a universalickel oxide NiO) based catalyst and develope® blug

flow reactor model for reduction and chemical looping combug@i€) process under

the assumption of isothermal and isobaric prodéssreduction kinetics they used the
reported data ofliuta et al. and validated their modelling results with experimental data
reported in literatur@43, 137.

Ghouseet al. [133 focused on developing a mathematical model to investigate the
performance of reforming process. They us€&ld@mnamic heterogenesunodel of SMR
under the assumptions of no carbon deposition, ideal gas approximation and perfect
mixing of the species. The mathematical modelling equations for mass and energy
transfer in gas, solid and within the pelletsre considered in this workThe used

schematic diagram and multiscat@delling scheme is shown figure 3.4.

Natural gas +
Steam
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Figure 34: Schematic diagram of a reformer tube for a proposed multiscale modelling of SMR

[133

As shown inFigure 3.4, three phaseseremodelled to represent thel2variation in a

fixed bed reformer. Mathematical modaehsdeveloped for gas phase, catalyst phase and
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for the tube wall. The mass, energy and momentum balance equatimsonsidered
for both axial and radial dimension of the reactdre dynamic component mass balance

and energy balance equations used fontbdelling are tabulated ifiable 3.1

Adams et al.[134] presented a dynamie2 heterogeneous mathematical model of water
gas shift (WGS) reactor. They assumed a plug flow reactor system and &apli@@,
3.27 and 3.40for their experimental conditions and validated the developed model

against the experiméad findings.

Table 31: Summary of modelling equations used for simulation-bf 2eterogeneous SMR

procesg§133
Gas phase mass balance
F# hO# Ea n 0 "
TO U ? o8 p

Gas phase energy balance

T dmp  #p
T o .
hOmp #n 4 1 1
_H:J [e] [¢]
1 o8 ¢
Catalyst phase mass balance
L C$ AL T $ L O o8
v 7 9 %6 w0 On o
Catalyst phase energy balance
M# # # i L4
] p I O-F’4 # n $ 5 i 00 o8
571" TO TR TR M N !

The mostcommon mathematical models proposed in literature are either pseudo
homogeneous or heterogeneousdels To solve the system of packed bed reactor,
mostly reactor is divided into small sections and mathematical equations awfsolve

one section of thedu. This one section is assumed to represent the overall reactor. The
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heterogeneous models are preferred for more detail understanding of the process as it
involves various complexities and represents the real picture of the physical pfbeess.
summary © different models used in literature is presented Table 3.2. The
mathematical equations for mass and energy balances along with boundary conditions are
listed in this table. As we move frorMODEL 1 to MODEL 6, complexity of the
mathematical models ineasesMODEL 1- 4 are for1l-D system andMODEL 5-6 are

for 2-D systems.

The MODEL 1 was developed bBarkelew [135, and in this model axial and radial
dispersion is neglected. At the same time interphase and intraparticle gradients are also
neglected. Later orLiu et al. [13G developedMODEL 2. This model includes
interphase resistances but no intraparticle resistances. Latbegintroduced the term

of axial diffusion MODEL 4) to demonstrate the sensitivity tife temperature and
concentration profile to axial diffusioMicGreavy et al. [137] develgped the lumped

model under the assumption of isothermal catalyst pellet. Thisriddel MODEL 5)

was used to solve the packed bed catalytic reaEtick et al. [138 developed a
numerical technique to solve the complicate®® Znodel MODEL 6). They used

nonlinear partial differential equations and solved them by finite different methods
(FDM).

Table 32: Summary ofnodelling equations used in literature for one aiidll2eterogeneous

systemg139
Model # Mass and Energy balance Equations
MODEL1 P A,
= T3 c”# 2 o og8 v
1S M p A v 2° I1EA # 4 o
] wE T &k ¢
MODEL2 W Lid s e
™ owg LF X
H H 4> 4 8
0 5 o8
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MODEL 3 Rt T .
S R . o8
L) i) oo EA L b
o Tt Y "
MODEL 4 14 p T . e
w o w ‘77 P
-mz p -mz 4Z 42 a})
™ o0 T ! o6
MODEL 5 R W p p h pH . e
™ T o0 Bwowm 7 oo
Ta- M p 8p_ﬁ p 4 4 o
0 % 0 o010 o010 * t
MODEL 6 15 p h# T p p h pH
o0  ®W 0 OF OTFO
| # # od v
'S p h4" T p 8p_ h p® 4 4 %
o 0 W T o0 Bwom * o9

All the above equations reported in literature were developed by following mass and
energy conservative equations ikeq. 3.8 and 3.7.

In Chapter 4, the mathematical modelling of conventional SMR is presented. The
mathematical model is al heterogeneous fixed bed reactor under the assumption of
plug flow behaviour. It is assumed that system obeys the ideal gas behaviour and adiabatic
in nature. The vaation of concentration, temperature and other variables is only
considered in axial direction, all variation in radial directions are considered as negligible.
In Chapter 5, the mathematical model of SEMR is presented under the conditions of
adiabatic opration and plug flow in nature. In this model, £&@sorption on the surface

of CO, acceptor (CaO) is also consideredClmapter 6, the reduction of oxygen carrier
(OC) and oxidation of reduced nickel catalyst is modelled and coupled with already
develomd model of SESMR process. In this chapter, the fuel reactor (FR) and air reactor
(AR) models are run in a cyclic way to understand the performance of the sorption
enhanced chemical looping reforming (SESR) process. All models used mass,
energy, momenim balace and kinetic rate equationBhe mass and energy balance
equations for all above mentioned processes are derivedHmpn3.8 and 3.27are
presented iTable 3.3
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Table 33: Summary of mass and energy balaregsations used to simulateDlheterogeneous packed bed reactor

Mass and energy balance in the gas phashéoeforming process

T hO# . h#

r T T M R RS g
™ ~ h4 Lo h4
RM# ?{j Om# W EA 4 4 ] ﬁ

Mass andenergy balance in the solid phase

ErA #  #5 p RMm O

M # H EA 4 4 R M YO 5 2
R 0 p R

Mass balance for Ni oxidation and reduction

A 5 At 5

6 4 9 Ko '

Mass balance fazarbon

o 2
A O

Mass and energy balancetiresolid phase$ESMR];

ErA # #5 m O p m O

o® X

od Y

od w

o T

o® p

oD ¢

o® o

oD 1
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Table 34: SECLSR reaction scheme used in this work

Process Reaction Rate equation Ref.
/ ¢. BPc. EJ 2 AEp 8 1# # [42, 140
/ #oP# 2 AEp 8 1 # # [141]
Oxidation of Ni / CHPCH# > AEop 8 I # # (141
/ #I1Pcg# 2 E# # 14
S S P— [142
#( ¢. EPg. E ¢( +#/ 2 AE# # # p 8 [43 137
( E/P.E () 2 AE# # o 8 [43,132,
. 143145
Reduction of Oxygen
carrier < 2 2 . [43, 132
#/ . E/IP.E #/
2 AE# # # p 8 145
. , o 43, 88, 89
” CE/P.E —y [43, 88, 89,
( ¢ ( 2 AE# # # p 8 91,137
Steam methane | #( (/1 P# o( ) E b b p [131, 132
. — b b —
reforming p8 + m 146
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[131 132,

i P
Water gas shift | #/ (/7 #l ( 146
Overall steam p [129 131,
methane reforming # ¢ # T 144
Dry methane P [132 138
reforming # #1 cHl ¢ ( 144
Methan_e_ #( EP # ¢ ( [132 138
decomposition 144, 146
Carbon gasification
# P #
with steam ¢/ / ( [43, 132
Carbon gasification
# # PcC#
with CO, / < #! [132 149
COyadsorption |#A/  # P # A# [14;10ﬂ,41,
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3.3Reaction kinetics mechanism

One of the most important paramstéhat plays a vital role in the design and the
performance of the reactor i's the OKkinet
reactor depends upon the specific values used for the reaction kinetics and reaction rate
equations used in modelling the cem [148).

The reaction scheme proposed in this woduimmarizedn Table 3.4 The oxidation of

Ni based OGis very fast and highly exothermin nature[R1]. The amount of heat
released duringxidationmainly depends upon the concentration afil©N». Higher the

amount of Q, higher will be the amount of heat releasBue amount of carbon deposited

on the surface of catalyst during chemical looping reduction cycle is oxidized to CO and
CQOein the oxidation cycle [RR4]. The reduction reactions §HRg] of Ni based OC along

with SMR [Ro], WGS [Rug], overall reforming [Ri], dry reforming [R2], methane
decomposition [R], carbon gasification with steam {ff carbon gasification with CO

[R15] and CQ adsorption [Re] are the typical reactions includéd chemical looping
reduction. The reactions between gas components and the catalyst support are neglected

in this work due to the lack of data available in literafd#d.
3.3.1 Oxidation and reduction kinetics of Ni based OC [R-Rg]

In literature it has been shown that for chemical looping process NiO is an auspicious OC
[146. The wide use oNiO as an OQmakes it necessary to investigate the intrinsic
kinetics of its reduction and oxidation. Generally, kinetics of Ni oxidation and reduction
involves various chemical steps. Depending upon different reaction mechanism, different
solid state mode are reported in literature. The most abundantly used models are the
Geaction order modé(F), @eometrical contracting modglR), diffusion moded (D)
and@Avrami-Er of e 6 e v Gasdhown mFagdre 3.5[150-153. In Table 35,
different solidstate kinetic models are tabulated. The reaction order models (F) are
developed under the assumption of homogeneous reaction process. Most of the models
listed in table & are one parameter models, only th€ model and the random pore
model (RPM) contaistwo parameters. Many of the listed models are classical examples
of shrinking core model6&SCM) like R2 and R3. The model R2 is for two dimensional
and R3 is for three dimensional growth/shrinkpfed]. In diffusion models (D), transfer

of gases from or to the active metals is considered as rate determinifbc&le®n the
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other hand AE models involves the formation of nuclei. In addition to thedelsythe
ProuteTompkins (PT) model is an autocatalysis mftffl. The random pore model is
based on the pore growth phenomgtiy, 158).

(a) - ‘ - ‘
Unreacted zone Reacted zone

Activation of sites and formation Growth and further Overlapping of nuclei  Ingestion of nucleation
of nuclei (nucleation) formation of nuclei sites and continuation
of nuclei growth

Figure 35: Models applicable to Ni based oxygen carrier a) Reaction order Model; (b)
Geometrical contracting Model; (c) Diffusion Model and (d) Avrdmi o f e 6 e[¥59 Mo d e |

The changing grain size model (CGSM) involves the diffusion of gases from bulk of gases
to the surdice of solid and then diffusion into the pores of solids. Here reaction takes place
and formed product diffuses out in the similar manner as gases diffuse into the system
[159. In SCM a layer of product is formed outside the grain and with the pasfsiige

size of core reduces, as showrfigure 3.6. This model is used when the resistatace

gas diffusion within the unreacted particle is very Hije(. Oxidation and reduction
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reactiors of OC can be addressduly nucleation growth model. Most commorhge

modelis used for getting conversion vs time cufté4].

Low
conversion Ash

Unreacted H igh.
conyvearsion

core

Reaction
zone

Concentration of
solid reactant

|
0

Radial position

Figure 36: Scheme of shrinking core model (SCMB1]

Khawam et al. [162 discussed the solid state kinetic modelling. The mechanism used
for the verification of selected model comes from experimental results. Ideally,
experiments like Xay diffraction (XRD), scanning elecin are used to get the results
andareused in empical models listed iTable 3.5 Commonly to evaluate the kinetics
parameter for solid state reduction or oxidation prodéaacock and Sharpmethod is
used.Zhou et al. [155 explained this method by using literatudata The empiical
models reported in tab®5 were used against the experimertatato find out the best
suitable model for different solid state reactions. The method of Hancock and Sharp

works on the principle of nucleation model expressed as
I1T11p @ 1TTAITTO o® v

In above equatin 6 xifor solid conversiong aia constant that depends upon the
frequency of nuclei formation arid niSAvramiE r o f e 6 e v[168 xAdirear plotst

of In [i In (1-x)] vs. In(t) gives straighline and slope of the line gives the valueiui

For different kinetainod el s, t he value of n is differ

the range of models to be used for fittidgou et al.[155 used twenty solid state models
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in their work and fitted the experimental results on these models. Finallyjsticaht
approach was used to decide the ultimate model for different solid state catalygts. The

performed Akaike Information Criterion (AIC) and thedst in their statistical approach.

Table 35: The solid state kinetic modedsd their rate expressioftZ

Reaction model H l__:ol n
Three halves order [F1.5] p @7 0.91
Second order [F2] p @ 0.83
Third order [F3] p 9 0.70
[Zs{? order (PolanyVinger equation) 1 104
o o 07
e e ap o7
One dimensional diffusion [D1] pr¢ @ 0.62
two dimensional diffusion [D2] oF¥f 11p @ 0.57
Three dimensional diffusion [D3] op @Tcp @ p 0.54
Avrami-Er of ebev (n=1 p O 1
Avrami-Er of edev (n=0 ? p @ 1lp @ 0.5
Avrami-Er of ebev (n=1 g p @ 11p @7 1.5
Avrami-Er of ebev (n=2 ¢p @ 11p @7 2
Avrami-Er of edev (n=3 op @ 11p @7 3
Avrami-Er of edev (n=4 1p @ 11p @7 4
Random pore model [RPM] p Bp nip @7
ProutTompkins [PT] @p @

The reaction rate equations used for modelling oxidation of Ni catalyst and reduction of
Ni based oxygen carrier are reportedliable 3.4 The reduction of Ni based oxygen
carrier in the presence of GHoroduces higher amount ot lds compared to CO, CO

and RO. lliuta et al. [43] proposed 2 options of NiO reduction. In first route/option they

consdered direct formation of CQwvithout the formation of CO during reduction of NiO
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(Rs and R). In the second option they considered the formation of \@®CO (R and
Rs).

Normally, the reduction of Ni is a high temperature process and it may cause the

formation of carbon on the surface of the catalyst. To enhance the performance of the
catalyst and study the effect of carbon formation on the reforming process, rate equations
for carbon deposition (i) during the reforming process and carbon removalRR

during the oxidation process are also used in this work. The kinetic rate constants reported
for oxidation and reduction are calculated by using following temperature dependence

expression$43, 140-142;
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The kinetic parameter and the rate equations useddantidation and reduction process
are taken from literature and the developed models are validated against the literature
data. In SECLSR process, reduction and reforming process takes iplggagrallel. The

kinetics for reforming process is discussethia following section.
3.3.2 SMR and WGS reactions [R-R11]

The SMR reaction is highly endothermic and WGS reaction is exothermic in nature.
These reactions are catalysedMiybased catalyst. In a chemical looping process, Ni

reduction reactions are considered as more dominant in initial stages than reforming
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reactions. The reforming reactions become dominant as the NiO starts converting to Ni.
In 1955, first attempt to develajme reaction kineticéor SMR was published. This
publication consideredi catalyst supported on Kieselguhechalklike stong164]. Later

in 1964,Bodrov et al.[165, 166 reported reaction kinetics for SMR reacti&uy. 3.74

is the expression that was presented to describe the reaction rate of SMR. They studied
SMR kinetics on the surface of nickel fail ihe temperature range of 8900°C.

E D
2 D oy T

Intheabove equation 6ad6 and O0bOo LaterDenkdnetmp er &
al. [166 used Ni/AbOs catalyst (12% Ni) foiISMR process and determined kinetics in

the emperature range of 5880 °C. In 1989,Xu et al. [131, 167] proposed a kinetic

model, using a nickel catalyst supported on M@Al This kinetic reaction model is
considered as most promising and widely employed modéherliterature for the
simulation of SMRprocessHou et al.[168 later proposed model| which was similar
toXuetal,t o study t h e-AlkQ cataystjbatthat mddel was Kiti complex

as more parameters were required to simulate the process of SMR.

Elnashaieet al. compared the work d@odrov et al,, Denken et al.andXu et al. It was
concluded that different models have different dependency when it comes to partial
pressure othe steam. The kinetic reaction model has negative dependensigam
partial in Bodrov et al. work, positive inDenken et al. work and Xu et al. work
incorporated both negative and positive effed&#nashaie et al.[166 concluded that

the kinetic nodel presented byu et al. is more universal than the SMR kinetics proposed
by other researchers. In chapfeiXu et al. kinetic model is used to simulate the SMR

process.

There are two most important and widely used schemes for the reaction mechanism of
SMR process proposed u et al. In reactionéscheme dparallel formation of CO and
CO, takes placeAlthough,it too takes place in reactiaacheme bbut the mechanism
of formation is different. These two reaction schemes are based on few assumptions and

on the basis of these assumptions reaction rate equatio§®ficoupling withWGS
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reaction are developed. On the basis of following assumptiongdlbBon schemes are
developed and shown Figure 3.7and3.8[13]].

m +L + L
H 0|+ L =0 -1 v Hy = H -L = 2H - L

20-1L CHe |+ L 0-4
G
ner ¥ THy - L (1
“'ZHz - _‘B'I ] - ‘:—-2H2+
CHy - L +cH
17) 3 2
0, -L *gHz‘%’ ™ - 1 E%H” o -L
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J—
3
Ca,+L CoO+0-L=C0D, -L t9)
Figure 37: Reaction Schemg[13]]
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Figure 38: Reaction Scheme |L3]]
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a) Water reacts with the surface Bii metal, adsorbed oxygeand gaseousl
formation takes place.
a) Similarly methane reacts on the surface and dissociated into its radicals known as
chemisorbed radicals.
b) Or CHasreacts with adsorbe@. and form CO and C£in result.
By following these assumptions and reaction scheme II, following 13 reaction steps were
proposed that show the real picturdlareaction mechanism or scheme taking place in
the SMRandWGSreactions.

(/7 3 1 3 ( )

#( 3 # 3 ) )
#C 3 3 # 3 ( 3 ) ) )
#C 3 3 # 3 ( 3 ) 6
#( 3 / 3 # / 3 3 6
#/ 3 3 #(/3 ( 3 6)
#(/3 3 #/ 3 ( 3 28 BAR 6) )
#/ 3 | 3 # 3 3 28 BAR2 6)) )
#(/3 [ 3 # 3 ( 3 28 BAR ) 8
#1 3 #/ 3 8
# 3 # 3 8)
¢( 3 ( 3 3 8))

( 3 ( 3 8)))

On the basis of this mechanism and experimental estimation of pargrxetess al.

[131] proposed the rate equations &WIR. The rate equations{#R11) are listed ifTable

3.4. These rate equations are on the basis of three rate determining steps (R.D.S) shown
in steps (V1I), (VIII) and (IX) Where:

b
m p + D + b + b +E)_ og v

Her e§ 10K the adsorpti ond ciomnstthaentp aorft isgle cp
0i 0. Mor e det &habter 4.sThe [kineicsratan comstantsiused thie

reforming process are given liftg. 3.76, 3.77 and 3.78These rate equations and rate
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constants are used in the modelling work and results are validated against the

experimental outputs.

. . % CTITPTT

E EHA®92—4 PH X p T AQDT o% @
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These values for rate constants are reporteduiret al. [131] work. The reforming
reactions (B-Ri1) are equilibrium reactions. The expressions used for thetioa

equilibrium constants are presentedem 3.79, 3.80 and 3.81

+ A@Dc4—wcgﬂpr 0% w
+
TTTT
A®D4— 1810 @ o 1
+ + + o) p

The formation of C@during reforming reaction can promotes the dry reforming)(R
process. The kinetic rate expression and rate constant for dry reforming process is

presented in next section.
3.3.3 Dry reforming [R 17]

The dry refornng reaction (R») is one of the important reactiontimelooping reforming

as far as the production of energy and chemicals are concerned, mgastesearchers
did enormous work in developing the reaction kinetics for dry reforming reactiond. Initia
studies were focused more on Rh or mixed metal catalysts tHaeshBld catalys{d 69

171. Wei et al. [17 andWang et al.[173 proposed dry reforming kinetics on the
surface of Ni based catalyst. Commonly it is believed that the formatiGiofadical
(CHx, x = 0-3) and its reaction witlthe oxidant (from CQ dissociation) is one of the
slowest step during dry reforminghang et al. [174] used Ni/LaOs catalyst for dry
reforming am found that activation o€Hs radical (CHx, x=0-3) is theR.D.S,while in

case of Ni-Al>Os catalyst theR.D.Sis the reaction between oxidant atie surface

carbon speciesCH4 radicak). Bradford et al. [175 repoted reaction kinetics of dry
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reforming for various Ni based catalysts and found thatactivation of CH and its

reaction with oxidant is the slowest step.

In majority of dry reforming literatured_.angmuirHinshelwood type mechanism is
proposed as furanental mechanism fahe reacton rate equationdVang et al.[173

proposed the mechanism of €&hd CQ reaction on the surface of Ni/Al.Oz catalyst.

On the basis of their investigation, the reaction mechanism of dry reforming is given as;

#( 20#( )
#/1 20 #F[f ) )
#(CO#(C ( ) ))
#C0 #( ( ) 6
#Co#( ( 6
#CO# ( 6)
# #FOC#/ 2 6))
#10# | 6)))

¢ 1o/ ) 8
( (o 8

Wang et al.proposed a reaction rate equationfRepending upon the above mentioned
mechanism by using Langmtttinshelwad mechanism. According to their finding, rate
of reaction is first order with respect to partial pressure of, @Rd it is first order with
respect to partial pressure of €& low pressure and zero order at high presSive.
resulted rate equationlisted inTable 3.4 The adsorption coefficient of G@nd kinetic

rate constant for dry reforming is given as:

. . % Wwc T
E Er AOB— m nkdb—— of g
24 24
L TTT
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To find out the adsorption coefficient
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3.3.4 Methane decomposition [R]

The study of decomposition of carbon containing gases on the surface of mebasrhas
carried out for many yeafd.76¢. The formation of carbon on the surface of catalyst is
highly undesirable as it causes catalyst deactivation and foulthg afactor tubes. The
amount of carbon formed on the surfaceG#t is vastly dependent on the amount of
oxygen available. Normallyarbon is formed on the surface of catalyst at the end of the

reduction period when almostteére NiO reduced to Ni cataly§43, 94].

Snoeck et al.[176 proposed the mechanism to derive rate equatio for carbon
decomposition. Ifrigure 3.9all the possible mechanisms for methane decomposition are
shown.

CH ()

|

CH ,-I

CH .-l

CH2-|

— GH 4

¢4

Figure 39: The possible reaction pathways during methane decompddifiéh
The more detailed mechanism of methane cracking includes the following steps;

Surface reactions;

#( 0P #( 1 )
#(C 1 AP #(C 0 (] 28583972 ) )
#(C 1T AP # (0 (1 ) ) )
#C T AP w0 (] ) 6
#(C 1 0P # 1 (1 6
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¢( 1P ( <l 6)
Dissolution/Segregation;

# 0P # 5 6) )
Diffusion of carbon throughi;

# nP # h 6)))
Precipitation/Dissolution of carbon;

# 5P # ) 8
This mechanism of carbon formation on thedate of catalyst is well explainedfigure
3.10

Adsorbed isolated

carbon atom
Selvedge due to

segregation behaviour

Diffusion of carbon
through nickel — Ni-particle

Carbon filament %

Figure 310: Mechanism of carbon formation on the surface of catalyst during methane

decomposition/crackinplL76]

Snoeck et al[17q proposed the removal of first hydrogen atom fithen CH; molecule
with the formation of methyl group as the slowest stepR.B.S (R3). Theamount of
carbonformed dissolved iNi at the front side of the particlgjst below the selvedge
(Cnif as indicated irFigure 3.10. The @arbon keeps odiffusing in the rear end of the
particle (Guir). At the end of the mechanisigarbon deposited as precipitate (solithe
rate equatiordevelopedvia this mechanisns listed inTable 3.4 The kinetic rate
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constants, equilibrium constants and adsorptmefficientsfor CHs decompositionsre

given as following:
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3.3.5 Carbon gasification by steam and CQ[R14 & R 15

The gasification of carbon becomes prominent when the formation of carbon on the
surface of catalyst is dhe higher side. The gasification reactions releasand CO and
promote the conversion of GHby exposing more catalyst surface tbe reforming
reactionsSnoeck et al[177] proposed the mechanism for carbon gasification by steam
and CQ on the surface of Ni€K2O/CaAl 0.

Thenumber of experiments and analysis revealed that during cracking/decomposition of

CHa4, carbon formed on the surface of Ni catalyst via following steps;

a)Formation of carbon on the surface of Ni catalyst
b)Diffusion of carbon through the catalyst (Ni) part&le

c)The particles of Ni are lifted by the growing filament of carbon

The carbon gasification sequence is inverse of the carbon formation. It caused Ni particles
to settle down on the support again. The reaction mechanism of carbon gasification by
steam is dpendent on the partial pressurehafsteam. The rate equation fibwe carbon
gasification by steam (R is presented iffable 3.4 theR.D.Sfor this rate equation is

the reactiorof adsorbed carbon atom with adsorbed oxygen atom. The modelliatgof
equation for carbon gasification by steam is always accompanied bygathen
gasification by hydrogen. The reaction mechanism is given as;

# 5 1P # 1 )

( ¢Poc(l ) )
# 1 o( 1P #( 1 ol ) ) )
#( 1 ( 1P #(C 11 ) 6



#( 1P # (1 6
(/1 0P (/1 1 6)
(/7 1P 7 1 ( 6) )
#0011 0P w1 1 2858362 6)))
#/1 1P #/ 1 ) 8

The rate equation of carbon gasification by-@©also based on reaction of adsorbed
carbon atom with adsorbed oxygen atom. The reaction mechanism of carbon gasification

by CQ is presented as;

# 5 0P # )

#/1 cP#l 1/ 1 ) )
#0011 0P #1001 28583872 ) ) )
#/ O0P #/ ] ) 6

The kinetic rate parameters and equilibrium constant for carbon gasification by steam and
COz (Risand Rs) are given a§43];
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3.3.6 Carbonation kinetics [Rig]

In this study, CaO based sorbent is used to capturgf@@ed during theeforming
process. The details about the selection criteria, importance and classifications of sorbent

is given inChapter 2.

In past, many efforts were made to describe the kinetics eb@€drption on the surface
of CaO based sorbejtl, 147,178 179. Rodriguez et al.[18( propose the first order
carbonation reaction rate and developed the rate equationCipadsorptionon the

surface of CaO sorberR{g).

AN E 8 8 i 80
X h X
In aboveequationd X0 i S t he maxi mum @oopdisthevdume o f

fraction of CQ in equilibrium and it is given d478;

i t&ﬁ)cr)(pn,&(aii)célixT oo

3.4Summary of nominated kinetics

The kinetic rate equations reported in above sections are used in modellingCh&SBE
process. The mechanism proposedeso et al[14(Q is used 6r Ni oxidation (R);
the reaction mechanism oKeskitalo et al. [14]] is selectedor partial and complete
oxidation of the carbon (Rand R); the reaction mechanism &ubramaniam et al.
[142 is used for the oxidation of CO to G(R4); the kinetic mechanism dfuta et al.
[43] is used for the partial oxidation of GHRs and R), H> oxidation (R) and CO
oxidation (Ry); the reaction model proposed Xy et al.[131] for SMR and WGS process
(Ro-R11) is used; the model proposed Bgcerra et al.[18]] is selected for the dry
reforming (R2); for the kinetic mechanism of methane decomposition)(fhe model
proposed bysnoeck et al[17§ is used;Snoeck et al[177] is used for the kinetics of
carbon gasification by steam and £@:14 and Rs); and for the kinetics of carbonation
process (k) the mechanism proposed Bypdriguez et al.[18( is used. All the rate

equations are presentedTliable 3.4
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3.5Boundary conditions

In many papers, the boundary conditions are assumed without havdejaied
discussionDanckwerts et al. (1953) andVehner et al. (1956)were the pioneers who
discussed the boundary conditions actbespacked bed reactors. In their work, they
divided the packed bed reactor in three zod¢£ntry section;2) the middle section

where reactions take place; andi®exit section of the reactpt39.

Danckwerts et al. proposed the boundary conditions by neglectihg effect of
dispersion in ¥ and 3¢ section of the reactor i.e. at the entrance and the exit. The
boundary conditios proposed by Danckwerts are as;

#$-F#G# U n 080 W
T

O

Tt u , oPp T T

dl

Cauwenberghe (1966) used the concept of Danckwerts and presented the boundary
conditions for unsteady state processhia packed bed reactor. Later oAmundson
(1956) proposed the boundary conditions for heat transfdewthe conditions of nen
isothermal packed bed reactoThese conditions were used by many authfors
modelling of their processefAmundson derived these conditions on mass transfer

analogy basis without any proof.

~ ™ . .
wWA4 + — (4 U
i 0
=Y T , oP T ¢

In this work only 1-D variation of variables is considere®o boundary conditions along
the radial direction are not discussed.

In the next chapters, the boundary and initial conditions for different processes are

presented depending upon the conditions of the system.
3.6Mathematical modelling methodology

As discissed in previous chapter, SE.SR process consists of FR and AR cycles. To

develop the mathematical model of-SESR process, first individual models (SMR,-SE
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SMR, reduction of Ni catalyst and oxidation of reduced catalyst) are developed. The FR
comprise®f combine mathematical model of SMR,-SKIR and reduction of Ni catalyst

processes.

The methodology and mechanism used to develop the individual models is already
presented in above sections of this chapter. The hierarchy of mathematical modelling is
shown inFigure 3.11 Firstly, the 3D SMR model is developed. The modelling results
are validated against the experimental data. The details of experimental work performed
in laboratory and the SMR model is discusse@hapter 4. The mechanism used for the
reaction kinetics and governing equations is presented under 3.3.2 section. The
mathematical model developed in this chapter is validated against the experimental work
performed in the laboratory and against the equilibrium calculations performed by using
chemical equilibrium application (CEA) software. By coupling the mathematical model
of SMR with the modelling equations of @®orbent, the mathematical model of-SE
SMR is developed. The SEMR is developed on the basis of adiabatic andatbabatic
conditions. The developed model of -SEIR is validated against the experimental
results reported in the literature. More detaitto$ model is discussed @hapter 5.

The mathematical modelling of NiO reduction is developed under the assumption of plug
flow behaviour. The developed model includesRRs rate equations and it is validated
against the literature data. In the FR mp&&SMR and reduction models are combine
and solved simultaneously. On the other hand, AR model is developed by considering
oxidation rate equations {HR4) and it is also validated against the literature data. At the
end, both FR and AR models are con#bto run the mathematical model of-SESR

process in a cyclic way. The details of this model are discus<&ubipter 6.
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Steam methane reforming (SMR) Reduction of NiO Oxi1dation of Ni
Model Model Model

Model

1-D Heterogeneous Model
Model of SMR Validation

Validation

Model
Validation B

Sorption enhanced SMR
Model | S

Non-adiabatic Adiabatic Fuel reactor (FR)

Model Model Model

—
N e o —-— -,

Model Model Sorption enhanced chemical
Validation Validation looping steam reforming (SE-CLSR)

Model

Figure 311 Hierarchy of modelling methodologdopted for SECLSR process
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3.7Conclusion

The mathematical modelling of SEL.SR process comprisasombination of individual
models. These models are SMR model;SS#R model, reduction of OTM model and
oxidation of reduced catalyst model. The mathematicaletiag of a packed bed reactor

on gPROMS model builder requires the information of mass, energy and momentum
balance equations across the boundary of the packed bed reactor. The gdnmeesisze

and energy balance equations for both gas and solid prepeesented in this chapter
and later on modified for different types i@&actorsystens. The most vital part ithe
modelling of reactorsystem is the reaction kinetics for various chemical reactions
involved in thereactor A detail kinetic literature suey for various reaction systeis
discussed witltheir rate equations and the rate constalasta. This data will be used in

next chapters for modelling the SMR,-SIMR and eventually the SELSR process.
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CHAPTER #4
STEAM METHANE REFORMING

This chapter focuses on the catalytic steam methane refo®MB)process. A brief
introduction of SMR process followed the catalysts used fothe SMR process is
provided. The conventionalSMR process is the most widely used process for the

production of hydrogen (hl on industrial scale.

A detail description of the experimental rig available in University of LEEDS and
preliminary SMR experimentatiomperformed inthe laboratory are discussed.The
mathematicamodelling of a packeded catalyic reactor developed on gPROMS model
builder® is also presenteth this chapter.The mathematical model of SMR process is
validated by comparing the results with the experimental values. The chemical
equilibrium with applications (CEA) software was udedgenerate the equilibrium

results.

4.1 Steam methane reforming Introduction

All hydrocarbon fuels can be used as raw materials for the productidn[87]. Steam
reforming of hydrocarbons, gasification obal enzymatic decomposition of sugar,
conversion of glucose and alcohol are the few important procesdepafduction[26].

At presentalmost 90% of the worldwide: originatesrom thefossil fuels[13]. Natural
gas, naphthand coalare the most common feedstocks for the productiodpfout
currently natural gas is the major sourcélpproduction[103 182. Natural gas isdund

to be the most suitable source Ky production because of its low molecular weight and
high H/C ratio[183.

There are various options available tbe productionof Hz by using natural gas as
feedstockSteam reformingpartial oxidatiorand autethermal reforming are the primary
methods used for the productionkdf by using hydrocarbonsource[184]. During the
last world way Fischer et al. [185 developed a process of production of important

industrial chemicals by using synthesis gas. And the most attractive process for the

81



production of synthesis gas appaghto be partial oxidatiofiOx). POxof methan€CHa)
producedH, and carbon monoxide (CO) instead of carbon dioxide;J@ad waterPOx

reaction is exothermic reaction in natared is given gs

#( g/ P #/ q( Y( o &EET I %)

Carbon to oxygen rati@C/O) is very important in this case. High&rO gives more CO
instead of CQ@ and this is the major disadvantage RIDx process[186. Complete

oxidationof CHa is highly exothermic reactioand is given af53];
#( ¢/ P # c( / Y( PodE ET I ]

Amongst all the available processes steam methane reforming (SMR) is the most
established and commonly used process to prosiprogason a large scalgl82. Over
50% of t Hogrodudionlcaesfomthe SMRprocesg26]. While on the othe

hand POxprocess is considered to be the lowest fuel processing efficiency pib8gss

But POxprocess has the advantage of giving suitabl€@ ratio for production of liquid

fuel by Fischer TropsclprocessThe SMR process intake€Hs and steam as feed, in a
required ratio, and converts feed into mixtures of mixtures;pCid and CQ

Davy [187] was the first esearcher who observed a catalytic interaction between
hydrocarbons and the metals in 1817. He also observed the eftedplofirand carbon

on the performance dhe metal which may lead to prodigious difficulties duritige
reforming process.

In 1868 Tessieet al. [188 introduced the concept of steam reforming. Latet889

Mond et al.[52] claimed nicke[Ni) as a promising catalyst for steam reforming process.
Meanwhile Lang et al. [52] studied the homogeneouUSMR reaction. Initially,
experiments were performed by keeping steam to carbor{($@unity. They observed

that conversion o€Hs was very low even at very elevated temperature-(®@47 °C).
Moreover, the reaction was accompaniedlibgformation of coke.

Neumann et al. [189 were the first inthe history who studied the detail analysis of
catalytic SMR process and published their work in 1924. This breakthrough unlocked
new horizon and inspired many researchers to exphsefield. As a resultplentiful
patents published around 1930. In the samgtleeafirst industrial steam reformer was
commi ssioned by AStandard Oil of New Jer s
gas resources and they adopted this procehsinreforming industry foH> production.
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At the start, SMR process was studied at atmospheric pressure. In 1962, reformers
operating at 1atm using higher hydrocarbons as feed were installed bjpR190.

The conventionaBMR process is a multistep process: in first step endotheBiiR
reaction(Eq. 4.3 takes place in the refoen at high temperature (8a®O00 °C) and
mediumpressure (2@5 atm). The reforming reactionEg. 4.3 is highly endothermic

and it requires a large amount of heat to proceed. This heat is provided by feeding
supplemental natural gas to the furnesferme. Heating burners can be arranged in
different position within the reformer to facilitate the better heat flow. Feed &oH
steam) is fed to large number of tubes-400 tubes); these tubes are the integral part of
the reformer and high number of tubes favours better and efficient heat transfer to the
catalyst. The reformer tubes are normally up to 12 m long filled wifhl POz catalyst

[52.

In reformer higher pressure harms the conversi@@Hafto Ho. The effluent gas from the
reformer contains & unconverted Chl CO, CQ and unconverted steam. These effluent
gases are then fed to a water gas shift (WGS) reactor.

In the second step the exothermic WGS readtian 4.4 at lower temperature (26600

°C) and pressure (105 atm)takes plac¢52, 130, 191, 1927]. This reaction regulates the
amount of CO and QG produced during the process. A Schematic diagram of
conventional SMR process is shownHFigure 4.1 Beside these two reactions there is
another reaction known as glofaMR reaction Eq. 4.5. This reaction is necessary
because C®can be produced diedy from CHas. Although there are many other
reactions that can take place during reforming process but the most important three

reactions i.e. SMR, WGS and global SMR reactions are given below;

#( (/1 P # o( Y( ¢cTBHET | ®
# (1 P # ( Y( TEETI 18
#( ¢ (/ P # T( Y( pPOBET I ®

This twostep processf SMR enhances the hydrogen production by shiftingSiR
reaction(Eq. 4.3)in the forward direction ata high temperature followed bWGS
reaction(Eq. 4.4)at a lower temperatureThe overall SMR processs endothermic in
nature and requires additional heat to proc€amhventional steam methane reformer
consists of a furnace that contains tubes in it, with catalyst loaded in thesédspesd
up the rate of the reacti¢@?].
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The high temperature shifHTS) reactor, as shown iRigure 4.1, is loaded with iron
catalyst and operated at high temperature in the range e827°C. The unconverted

CO is then introduced in the low temperature gittS) reactor for further conversion

of CO into CQ. TheLTS reactor is operated at relatively low temperature {200°C)

and loaded with copper based catalyst. The shift reactep@aated into two reactors to
maintain the temperature inside the catalyst bed. The effluent gases from the process
undergo absorption process and@removed from the gasesthreabsorption column

using amines or other absorbeassCQ acceptof52].

Flue Gas
T 95%+ H, CO,
(Equilibrium
e (Rate is achieved) isachieved)
T’ HTS LTS
CH.‘ !x'j
H;O ”f‘.
/ .
A T=350°C T= 250°C
y
!/.
Fuel /r’
Cl_l‘ [ A— -
| T=850°C
Air

Reforming Shift CO; Removal

Figure 41: Schematic diagram conventional SR cesg§107

Extremely high temperature (8a®C0 °C) in the conventionalSMR process cause
aging ofthe reformer tubesThe mainrea®n for damaging otthe reformer tubes are;
creep (inner side of the tube), carburization, thermal shocks and accidental overheating.
A tube start to crack at 2fPortion from the outside of tube and propagates towards the
inner portion. Once that portion is damaged, cracks start to penetratelsooder
portion[28]. In theindustry, the eformer tubes are normally designedvithstand for a
period of about 100,000 h (11.4 years). High temperature within the reformer tubes cause
deterioration of catalyst and this damaging of catalyst in the tubesseadsdeng and
increase the gas residence time within the tubes. The chokirsg overheating of the
tubes and it leads to creep cavitation dam@yeng to the severe operating conditions,
reformer tube are generally fabricated frazentrifugally cast creepesistamhigh carbon
austeniticsted of ASTM A297 Grade HK (25 Cr, 20 Nind 0.4 C) or Grade HP (26 Cr,
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35 Ni, 0.4 C). In some cases otlhégh temperature, heat resistatibys may be used, in
general with a composition derived from the HP gr&ieh materials have very high
cost.Due tothis problemof overheatingsome tubes only withstand for 2years service
life and have to be replaced soon after [28].

At the same time all of the heat suppliedhtereformer is not entirely utilized, henttee
process becomes less efficient. The vital reason ofmefotubes failure is overheating

as catalyst tubes are designed for a specific temperatamge If the operating
temperature increases over the design temperature, a drastic decline in the life period of
tubes is observedrigure 1.6 shows the effect of temperature on the expected life of

reformer tubes.

To avoid such problems in addition to safety and environmental effect, companies have
to invest significance amounts in maintenance to prevent any incidend defermer

failure. The cumulative costs to prevent the incidents are as much as $10[[3ljon
4.2Steam reforming catalyst

Steam reforming process is greatly promotedth®y use of catalyst. Selection of the
catalyst for this process is dependent on the type of fuel used, as it is repdrdddein
4.1.

Table 41: Catalyst and supports used for different feed in steam reforming pf88e%31,
164, 193199

Feed Metal Support

Al 203, Zr0,, CeZrO,,Ce

Methane Ni, Rh, Mo, Pt,Ce, Zr, Co,Nb | 7 5 /)| 5, sio,

Cu, Pd, Cu/Zn/Al, CuexnO,

Cu-Cnr0O3 ZnO/AIZOSa AIZOS, ZrO,

Methanol

Ni, Rh, RhrCe, Co, CuO,

Ethanol CUNIK

MgO, A|203, SIOz, ZnO/A|203

There are many criteria that need to be considered while selecting the catalyst for

reforming process. Steam reforming process is a high temperature process and requires
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lot of heat to proceed. Therefore, catalyst needs to withstand a high temperature
conditions without losing its thermodynamic charactessticterms of fuel and steam

conversion. The catalyst should have a long lifetime and good resistance to attrition. An
environmental friendly and less costly catalyst is always attractive as compared to costly

catalysts.

One of the decisive parameter, other than reactivity, is economic cost of the catalyst metal.
The cost includes the cost of metal and manufacturing cobeafatalyst. Cobalt (Co)
and Ni are the most expensive metals used for catalyst, followed by coppéfi¢gOra.

4.2 shows the comparison of different metals used as catalyst for reforming process.

100 E ‘l_—.’/‘,_——t\‘l T
= Co (SC) LME: London
— A : metal exchange
10k Mi (LME)
=] = .ff,t———#———gﬂ_%.
= = Cu (LME)
= [
o 1L
0 =
@ = .ﬂ_,‘,_,nf*#'“ﬁx_
= B Fe (iron ore)
S 01k '
= T E .___.___.f,,.___. Fe (iron &
w = steel scrap)
o [
O 001 \/.—\
- Mn (metallurgic ore)
0.001 1 | 1 | 1 | 1

2004 2006 2008 2010 2012

Year
Figure 42: Average annual cost of materials used for cata[2&i§

Ni is expensive as compared to few otherilatée optionssuch as Mn, Fe and Chout

this is compensated by usiadower percentage of Ni ithe catalyst. Ni based catalyst

can withstand very high temperature (20000 °C) and exhibits good mechanical
strength. The use of alumina based supportiatgrial has been investigated extensively
in |literature. -Ai0sshosgood eactivityfarm nmadglomdragian U

[87].
The attrition characteristics dhe catalyst are very important as it determines the
reactivity ofthe catalyst without losing of fine particles. The cost of makeup solid, to

replace the loss fines, isghily dep@&dent on lifetime of the catalyst. éatalyst having

high attrition resistance is considered to have high lifetime, hence can sustain severe
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conditions for longer period of time. Lifetime of some of the catalysts is tabulated in
Table 4.2. Different catalysts have different advantages over one andihé&;widely

used as catalyst f@MR process on industrial scale due to its high reactivity with all fuel
gases, no agglomeration problem, low attrition rates and avoidance of carbon alepositi
[52,130.

Table 42: Lifetime of catalysts used foeforming process

Catalyst Lifetime [hr] Reference
NiO/Al ;05 40,000 [201]
NiO/NiAl ,04+ MgAI,O4 33,000 [202, 203
NiO/NiAl ;04 4500 [204
Ni OAlD; 100,000 [205
Cu OAIf0; 2400 [78]
Iron ore 1600 [206

4.3Experimentation

4.3.1 Equipment and materials

The schematic diagram of the-ggt used for the experimentation is showfigure 4.3

This unit is divided intadhree sections relevant to feed, reformer reactor and analysis
respectively. The feed section consists of gas cylinders far B51H2, and CO. MKS

mass flow controllers were used to control the flow of gases going into the reactor. The
N2 mass flow contrber had the capacity of 10,000 &min (STP), CH mass flow
controller had 50 cAimin (STP) and K mass flow controller had capacity of 500
cm®/min (STP). Programmable syringe pump (New Era Pump Systems) was used to
introduce a controlled amount of disill water in the reactor to achieve a given molar
steam to carboratio (S/C) in the reformer. The tubular reactor was made of quartz with
an inner diameter of 1.2 cm and the length of 49.5 cm, held inside an electrically heated
tube furnace (Elite Therm&lystems Ltd. TSV/12/50/300). The water entered into the top
portion of the reformer where it evaporated and mixed with the controlled amount of
gases. A known amount of catalyst (5.0 g) was placed in the middle partrehtter.

The catalyst used heies 18 wt . % N i-ADOs pravigged doyJohesdn o n
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Matthey PIc It was inthe pellet form and was originally crushéol an average particle

sizes of 12 mm, 185 mm, and 200vm to determine the size resulting in the absence of
pore diffusion limitation, with 200m used later in the kinetic studijhe volume of the
catalyst bed and bed ®eragdtd.n30 maekpecivelihe e d w.
particle density and themh conductivity of solid is 1870 kg tand 13.8 W it K™
respectively.The temperature inside the furnace was regulated by a Eurotherm 2416
temperature controlleChe temperature of catalyst in the reactor, which may be slightly
different from that of furnace {50 °C less)was monitored by &-type thermocouple
inserted at the centre of the catalyst bed. After the reaction, the product gases entered into
the spirhtube condenser. The temperature of the condenser was&éCtand ethylene

glycol was used as the cooling agent in the chiller (Fisher Scientific 3016S). Water
condensate was collected in the condensate collector. The analysers are very sensitive to
water vapours; a silica gel trap was used to capture any water vapours leaving with
product gases before entering into the analysers. The composition of outlet gases was
analysed by Advanced Optima gas analyser from ABB and results were recorded online
after every 5 seconds. The ABB analyser consisted of three analyser modules; Uras 14,
Caldos 15 and Magnos 106. The Uras 14 was capable of detectingcOHand CO

based on infrared adsorption principle. The Caldos was used foebksurement based

on thermé conductivity. When required, the concentration of ilas measured by
Magnos 106 analyser module. The uncertainties associated with the measurements were
within = 3% on gas volume based.

The typical experimental run involved the following stepsHalf an hour heating and
purging of the reactor with Nyas. Temperature of the catalyst bed was raised to reaction
temperature by using electrical furnace and simultaneously flushing the system with
continuous flow of N gas.2) After complete flushing of theystem and ensuring that

there was just Npresent in the gas lines, Now was switched to the mixture of:lgas

in N2 (5 vol. % H in Ny) for the reduction of the NiO catalyst, as the active phase of the
catalyst is reduced Ni, whereas NiO is not caitzdjity active for steam reforming or

WSG reactions. Reduction of the catalyst continued until thedticentration returned

to 5 vol. %, i.e. the initial concentratioB) Reduction was followed by flushing for an

hour with N> gas to remove all thezajas from the gas lined) The catalyst was then

ready for SMR process. Before switching on the flow of fuel gas, water flow was started.

Just after the introduction of water on the surfacthetatalyst, the flow of the fuel gas
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was switched on. Thigaction process was allowed to run for a longer period of time (~4
hr). Flow of the fuel gas and water was then turned off after obtaining steady state values
of the concentration of all the exit gasB}.The system was again set on flushing and
cooling.

— |

Mass flow controller Syringe pump

= =

ampma—— Thermocouple

e

Reactor

| __— Catalyst
Lé—.———.—."
Nof [CH4f | Ha < Electricafurnace
ABB Analyser
Condenser
. Silica Gel n
Condensate collector T'o vent

Figure 43: Experimental setip for steam reforming process
4.4Modelling methodology

MathematicalModelling plays an importantole in the development o& chemical
process. It helps in understanding the experimentally observed processes by testing their
models on welestablished software. Aonedimensional (1-D) heterogeneous
mathematical modelith axial dispersionof the SMR process accounting for mass
transfer inthe gas phase, mass transfertie solid phase, energy balance across the
reactorsystem and reaction kinetiags constructed. In this modehitas assumed that,
a) Operation is adiabatic in nature
b) Ideal gas law is applicable
c) Concentration anttmperature gradients along the radial directi@mmegligible.
So only 1-D variation h concentration and temperature i.ethieaxial direction
is considered.
d) Heterogeneous phase considered and no temperature gradient existed in the
catalyst particles

e) Porosity of the bed constant
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To reduce the complexity ithe modellingof the reaction kineticonly those reactions
which play a significant role inthe overall processvere considered. The chemical
reactions used ithe reactomodelling are R1, R2 and R3 and their rate equatiats
3) aregiven inAppendix A. These rate expressions are based on Langringhelwood
methodologyas described and employed Ky et al. [131]. Mathematical model is
composed of mass and energy balance equations bl gas and solid phas&he
mass, energy and momentum balance ggug are given by:

Mass and Bergy balance in thgas phase;

W  hO# EA s s ¢ ¥
" T Tm PR R B
g D onr 0 EA4 4 0 22
RMF T Y Y B
Mass and Emrgy balance in the solid phase;
ErA # #5 P RMm O k)
# H EA 4 4 y 2 N
M R —= R M R
TS P ( T
Pressure@lrop across the bed of reactor;
YOC pump R . PXU P R -
: A R to A R mo T

Boundary coditions;
At the reactor inleta =0):

# o # n 4 4 n 4 4y n 0 0
At the reactor outlefz = L):

H# H ig

= T owg T L

Initial conditions;

#  #y n 4 4 n 4 4y

The iates of the SMRreactions are highly dependent upon the temperature of the system
and concentration of the gases. The equilibrium constantthekehetic rate constast

in therate equationgl31] aregiven inAppendix A. The \alues forthe preexponential
factor and activation energy were obtained frahe experimend performed in the
laboratory (described in section 4.9)he rate of formation or consumption of each
component was obtained by combipireaction rate equations. The reaction ratethfor
species are given lippendix A.
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In mathematicamodelling many physical properties are used like thermal conductivity,
dispersion coefficient, mass transfer coefficient etc. The empirical correlaiseadsto
determinghese properties are listedlow.

Axial massdispersion coefficient is given §207] ,

$ 6 ™ @

& p B & TOA @
Effective thermal conductivity is giveny the following relation§20§,
}
T ™ v aad P ¢
]
= R PR 90

™ OROD T8I0 O w% 1n
Mass transfer coefficient is given[209,
Er E2A& yid i; P
RE;, ™ oLA® & @A U
Dimensionless numbers are given as,
m QA

ZAI— N mtp 2A pumnmn P 0
3,5\# N ™ 3Axnmnmmmguv R TWQ P X

Similarly, to determinethe heat transfer coeffent and its dimensional numbers,

following relations were used in the model formulati®@7, 209,

R _#

E B Y

Here,

E mopAgc N mMip 2A vn P w

E mppAdc N vm2A pnnn 8 T
_# ot

00 —— 8 p

In the reactor model linear and ntmear partial differential equations (IEB), algebraic
equations, and initial and boundary conditions are involved, and gPROMS model builder
4.1.0° was used to solve these equations. The sensitivity of the model was first checked
for discretization ranging from 10000 intervals and model was found independent of
discretization Finally, the laboratory reactor was axially discretized by 100 uniform
intervals for this paper and output results were reported after every one second. The first

order backward finite difference method (BFDM) of was used to solv@iies and
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algebraic equationssinginitial and boundary conditions as mentioned abdwe. malel
of the adiabatic packed bed reactor was assumed to follow thaeamnplug flow
behaviour. In gPROMS model builder 4.1.0 ® differential algebraic solver (DASOLV)
wasusedo solve the ordinary differential equation (ODEs). DASOLYV converts the PDEs

into ODESs, and @ order RungeKutta techniquavasused to solve the system.

In order to compare the modelling resultgh an independent modethe chemical
equilibriumandapplicatiors (CEA) software was used to generate the equilibrilata

[210, 217]. This software is based on minmation of Gibbs free energy (G212;
equation A15 ilppendix A. The thermodynamic analysis wd@ne by considering the

gas species involved in the reactant and product straaa@s$1s, H,, CO,COp, H20 and

N2. The calculations were performed on tiesis ofN2 balanceTo study the effect of
temperature, 1 bar and S/C of 3.0 was fixed. The thermatgnealculations were
allowed to run and outlet mole fraction data of product gases was collected for the
calculations. Similarly to study the pressure effect, temperature and S/C conditions were
fixed.

4.4.1 Preliminary Experiments

Prior to the design of expeiments for the derivation ofkinetic rate parameteys
preliminary experiments were performed to find out the sizhetatalyst required to
virtually eliminate the diffusion control limitations condition necessary to obtdérne
reactionkinetics In generalthe size otheparticle is reduced to such a size where there
are no diffusion effectsTo this aim, theWeiszPrater (WP) criterion was used to

determinghe required size of the partidl213 214, expresseas;

#t n T8 ¢

With;

y Ol A 2 & o
$#

If # << 1, then there are no internal diffusion limitations and ultimately no
concentration gradient exists withime catalysparticle In order o find outhow small

the size of particlshouldbe to avoid internal diffusiohmitations, theThiele Modulus

(" and the effectiveness factor)(need to be calculated. Thiestiveness factor is the
measure of how far the reactant diffuses into the pellet before reatheglhiele

modulus andhe effectiveness factors are related to each aikdollow:
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n onh Al DE p T8 U
The reactionratewill be diffusion limited ifthe Thiele Modulus X is very largei.e. if

L p.
A first set of the experimentsasperformed by considering the size of paet (d,) = 1.2
mm, to find out the size ahecatalyst for which e p. Data forCHs conversionXcHa)
was obtained and plotted agaipseudecontact time defined bW/Fcha,o, to determine
the rate othereaction forthis set of experiments. #ght (W) of the catalyst was kept
constant in dlof the experiments i.e. 5.0 g.
As expected tiwas observed that as the flow rate of feed increased, keeping all the other
parameters constant, conversion of &&técreasedue to the diminishing residence time
While keeping every parameter and operating conditions constar@pt the size of the
catalyst (¢ = 1.85 mm) for the second set of experimentigta forCHs conversion at
different W/Fcha,0 was obtainedAs the size of the particle redukat increasd the
contact area and hence the conversio@ldf increase. Figure 4.4 shows the effect of
particle sizeand pseudaontact timeon CHs conversionand results were compared with

equilibrium values as well.

0.8 4

0.6

0.4

—@—dp=1.2 mm

—f— dp = 1.85 mm

Fractioinal conversion of CH, (X¢y4)

==¢ == Equilibrium

0 30 60 90 120 150 180 210
W/F ¢4 (g.hr/mol)

Figure 44: Effect of particle size and pseudo contact time on the conversionadt@dnstant
molar S/C(3.12) and constant operating temperature (700 °C)

The slope of both CHconversion curves gives the rate of reaction of Gtha in mol
hr! kgcat?). Values for the Thiele modulus and the effectiveness factor for both sets of

experiments were used to determine the size of the catalyst required for the kinetic study.
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As the size of the catalyst reduced, the effectiveness factor approached unitiat€hlicu

values for the Thiele modulus and effectiveness factor are sholiabia 4.3.

Table 43: Calculated values for Thiele modulus and effectiveness factor

Diameter of catalyst [mm]

Effectiveness factor

Thiele modulus

1.85 0.37 6.90

1.2 0.52 4.48

0.2 0.92 1.15
Table4.3shows that a particle size of
di ffusion comhdCap=122 .e. E = 0. 92

4 5Results and discussion

4.5.1 Derivation of the kinetics ofthree SMR reactions

To ensure that the experiments were carried out in the region of intrinsic kinetics, the

0.

size of the catalyst particle was obtained in preliminary experiments. The experimental

conditions used for the generation of kinetic parameters are listeabia 4.4. More

detail about the feed volumetric flow rates is giveAppendix B.

Table 44: Experimental conditions

Catalyst 18 wt .-Al%s; Ni / U
Di ameter of c 200
Mass of catalyst [g] 2.0
_ SMR WGS
Reaction temperatuféC]
550 | 600 | 650 | 700 | 300 | 325 | 350 | 375

Pressure [atm] 1
Molar steam to carbon ratio 3.12

_ CH, H,0 N>
Feed mole fraction

0.075 0.234 0.691

Feed volumetric flow rate at CH, H.O N>
STP (cni/min) 10-28 0.0230.064 92-258

Typical curves of conversion of methane against pseudo contact time are shown in the

Figure 4.5 for a temperatures range between 550 °C and 700 °C. As expected for an
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endothermic process, increasing temperature and pseudo contact time has a positive effect
on the conversion of methane. Similarly, water gas shift (WGS) reaction is very sensitive
to temperature. Experiments were performed in the temperature range-8730C.

Figure 4.6 shows the variation of CO conversion with pseadatact time at diffemt

temperature while keeping constant $8¢and pressure (1 bar).
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Figure 45: Methane conversion @&4) vs pseudaontact time (W/Ewa,) for different

temperature (55@00 °C), constant pressure (1bar) &i@(3.12)
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Figure 46: Carbon monoxide conversion{® vs pseudaontact time (W/Eo ) for different

temperature (30875 °C), constant pressure (1bar) &1@(3.0)

Third order polynomial regressions were used to correlate the conversion oa@&H
conversion of CO with pseudo contact tirker a fixed temperature, pressure araar

S/C, the relationship between GEnd COconversionsvith pseudo contadime is given
as
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CHs andCOdisappearance rate can be olediby differentiating equatich26and4.27
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To estimate the kinetics parameters, a-lear least square analysis edson
minimization of the sum of the residual squares of the experimental reaction rates,
obtained from equatiod.28 and 4.29 and the predicted reaction rates, obtained from
equation A10 and Al4, was employed. After successive iterations, the estimated values
of the kinetic parameters were obtain&tjures 4.5 and Figure 4.6 shows the good

fitting of experimental data and regsion data.

Temperature dependency of the reaction rate constants is shbignr@4.7. The dope

of the graphk inFigure 4.7 gave the value dheactivation energiesvhile they-intercept
providedthe value ofpre-exponential factors of the kinetiate constanfThe \alues for

theactivation energies arute-exponential factorare listed inTable 4.5.

-6
-8 -
] A
10 a\\ \‘-“
\: B
o 12 1 N A
— \\\
— \.\
-14 4 \
S
@
-16 m ——0--ki
——m--3
-18 -
——ael2
20 ; : ; ;
0.001 0.00116 0.00132 0.00148 0.00164 0.0018
1T (K'Y

Figure 47: Temperature dependency of rate constants for reaction 1 (steam reforming), 2 (water

gas shift) an® (combined steam reforming and water gas shift)
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Table 45: Activation energies and pexponential factors for steam methane reforming process
via reactions 1 (SMR), 2 (WGS)-Al®OHnd 3 ( SMRK

Reaction paameters This work Xue and Froment[13]]
E:1 [kJ motY] 257.01 240.10
Ez [kJ mofY] 89.23 67.13
Es [kJ mofY] 236.70 243.90
Ko.1[mol bafgts?] 5.19 x10 1.17x10%
ko2[mol bar'g™s] 9.90x16 5.43x10%
Kos[mol baf®g* s7] 1.32x10° 2.83x10M

4.5.2 Model validation and sensitivity

In the following sections modelling results generated via gPROMS model buildét 4.1.0
are presented and model is validated against the experimental results, performed in

labomatory, and equilibrium outputs.

4.5.2.1 Dynamic behaviour of the packed bed reactor under

conventional SMR

The dynamic transient profiles of molar concentration of,G#, and CQ along the
length of the reactor are shown in Figure €)#or inlet temperature of 700 °C at S/C of

3. These results were generated with operating conditions tabuldtedle4.6.

Table 46: Operating conditiongparameters and average properties used in the reactor model

Bed voidage (] 0.4
Bed length [L] 0.03m
Density of catalyst’[ca] [215 1870 kg/ni
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Particle diameter 1.2 3k 10
Gas feed temperature [T] 700 °C
Catalyst temperature {JT 700 °C
Pressure [P] 1 bar
Bed heat capacity [3ed [103 850 J/(kg K)
Solid thermal conductivity_s] [129 13.8 W/(m K)
Gas thermal conductivity f] 0.56 W/(m K)
Molecular diffusivity [Dn] 1.6 x 10° m?/s
Steam tacarbon ratio [S/C] 3.0

Asthe overallSMRreactioni s endot her mbse+165k] nmob,therefeee ( gH
a drop in temperature of the reactor is expected during the conventional SMR process. In
Figure 4.8 (a), a dynamic profile of temperatuvariation along the axial direction of the
reactor under the operating conditions of 700 °C and 1 bar is presented. The drop in
temperature is about 50 K after a run of 50 s and is the result of an overall endothermic
reaction process. The temperature imitthe reactor reached its steady state conditions
after a run of t O 100 s. As the time pe
length of the reactor also increases. When the reforming process is allowed to run for 400
s, adrop of 55 °C is @erved at the end of the reactor. The variation of temperature with
time causes variation of the molar concentration of the product gases. As expeated, CH
concentration decreased along the axial direction of the reactor at all times during
transient behawur because of SMR reaction (REd. 4.8b). The feed temperature (700

°C) is suitable for the reforming process. Hence, less amount pfsGihtained at the

outlet of the reactor as higher conversion ofs@Hachieved at such a high temperature
condiions. The concentration of GHilong the axial direction of the reactor increases
with time. This can be explained by the variation of temperature along the axial direction
of the reactor. The molar concentration cfircreases along the axial direction of the

reactor Fig. 4.8c). Similarly the amount of C&s increasing along the axial direction of
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the reactor with the decrease in the amount of (). 4.8d). It can be seen that the

response of molar concentratiohthese product gases is time dependent.
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Figure 48: Dynamic profile of temperature profile and molar concentration of €k and
CQ;in an adiabatic packed bed reactor at 700 °C, 1 bar, S/C of 3.0 and 0.65skgnass flux
of the gas phase conditions

In an effort to study the performance of tB&R and WGS reactions during SMR
process, results are generated for different rate of reactioriagure 4.9 (a-c) the
variations of the reforming reaction rates at different locations of the reactor are

presented.

The physical properties and operating conditions used for this study are tabulatblin
4.6. It can be seen that the steam methane reforming re@tiprs the dominant reaction
at different locations within the reactor. At the very entrance of the reactor, the rate of

SMR is maximum (Fig4.9a) and decreases drastically along the axial direction of the
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reactor (Fig4.% and4.9c). It can be explaire by the temperature curve, as at the
upstream zone of the reactor, the temperature of the system is maximum and it causes a
large rate of SMR reaction (R1). The maximum rate of SMR at the upstream zone of the
reactor is 1.50 mol kys?. As the processsiadiabatic in nature (q = 0) it causes the
temperature of the system to drop from 700 °C (973.15 K) to 645.3 °C (918.15 K) along
the length of the reactor. This drop in temperature confirms the decrease in the rate of the
endothermic reaction. As tempereg at the entrance of the reactor is very high (~ 700

°C) and WGS shift reaction is not favourable at such a high temperature conditions. So,
the rate of exothermic WGS shift reaction (R2) is very low at the upstream zone of the

reactor and has maximumlua of 0.087 mol kg s*

As we move along the length of the reactor, the rate of reforming reaction goes down,
caused by the drop in available £téactant. The maximum rate of SMR in the middle

of reactor is and it is ~0.0214 mol'kg?. This rate of $IR is almost 70 times lower than

the initial rate of the r ef &igueid.AB(h),itcamact i
be seen that the rate of WGS reaction is on the negative side, indicating reverse reaction.
This is because of temperature loé system, as higher temperature is not favourable for

the WGS reaction. It can be seen that as the rate of SMR reaction decreases, the

conversion of Chlalso reduces.

At the end of reactor, the rate of SMR reaction is even lower. The maximum value of
SMR at the end of reactor is 0.011 mot’kg' i.e. almost 136 times lower than the value
obtained at the entrance of the reackmilarly the rate of WGS reaction is higher than

the previous value of the rate of WGS reaction as it can be sdeguire 4.9 (c). In

Figure 4.9(d), the steady state profile of reforming reaction rate and temperature profile
along the axial direction of the reactor is shown. The variation of temperature dictates the
variation of the reforming reaction rates. It can be seen d@hdhe entrance high
temperature promotes the reforming reaction, but as the temperature of the system drops
from 700 °C to 645 °C the SMR reaction rate also decreases. So the rate of SMR and

global SMR reactions are maximum at the reactor entrance dsecsaen in the figure

4.9d).

100



2 980 2.5E-02 100
= SMR Reactor upstream .
—_— WG5S ) Middle of the reactor (z =10.002 m)
_ ====== Global 5SMR Zone " 2.08-02
w16 (z=0.0012 m) 970 &
=l —_— — 9 =
=& A s
= — £ 15E02 =
- _J - € _ ] = -
£ 12 950 S : > % 102 I 0= ;
g g 2 T8 s : 5
= o ; 1.0E-02 g ] = 92 =
2 = S e e B =
o 08 a0 5 = et ‘ 5]
'-; c 50 100 150 200 E S 5.0E-03 o s
o Time [s] o] =j __________________ ---| 22 -
= 04 940 o
[ (a) 0.0E+00
A (b)
0 930 -5.0E-03 84
0 50 100 150 200 0 50 100 150 200
lime [s] Time [s]
1.E-02 3.4 980
i Reactor downstream zone (z= 0,003 m)
=h  1.6-02 ¥
< o .
— w
[=} = 9 —_
£ 5E£03 2 [ ™)
[ = €5 o
S 603 E 2% E
5 S 2= | 940 G
= 4E03 31 PEn E
: 2 length [m] -
4 100 " Reactor lengt y
',_5 2,603 'I'J_ll' 0 - actor length [m ‘,_—:
8 @[5 : 920 ~
0.6+00 fmezl _“S==a e )
(c) ’
-2E03 ! 900
0 50 100 150 200 .0 0.01 0.02 0.03
Time [s] Bed length [m]

Figure 49: Reaction rates at different location within an adiabatic packed bed reacjan(d
d) variation of reactions rate along the axial direction of reactor (under steadyosidittons)
at 700 °C, 1 bar, S/C of 3.0, 0.05 kg Bt mass flux of the gas phase conditions

45.2.2 Model validation

The modelling results first need to be validated before further analysing the sensitivity of
the SMR process. The model developed in gPROM&juke parameters and conditions
listed in Table 46 was validated by comparing the modelling results with our
experimental data. The-vhlue shows the percentage accuracy of the estimated
parameters, with respect to 95% confidence interval. Model panansatiesfy the 95%
confidence interval and weighted residual had the value (7.32) lesgtane (100.75),
which meant the model was a good fit to the experimental vadtig8hi square) is used

for goodness of fitThe fitting data of Clconcentration is shown ippendix C.

To validate the reactor model, two routes are adopted. In the first route, the modelling

results are compared with their experimental counterparts far from the equilibrium
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conditions. Later on, the model is validatadainst the results generated, by using

chemical equilibrium software, close to equilibrium conditions.
4.5.2.2.1CASE 1: Steadystate, away from equilibrium

In this section the experimental results generated undstahdystate conditions away

from theequilibrium are compared witthe equivalentnodelling results. The modelling
results need teatisfy both equilibrium and awdsom equilibrium conditions to be used

as a flexible model. In the following section carbon balance results are used to validate
the modé

a) Carbon balance and selectivity to carbon products

Therate equation fothe carbon formabn on the catalyst surface is nintluded in the
developednodel as the rate of formation of solid carbon is negligible as compared to the
other ratesThis is verified via he carbon balance across the reactor system for all the
experiments performed for model validat@mdshown inTable 4.7. The maximum gas
hourly space velocityGHSV) used inthe experimentationis 4.54 h! (equivalent to
pseudo cotact time of 73.1 g hr md) and this cause®i3%recovery ofthefeed carbon
in the form of product gases CO, €&hd CH, while only7% was unaccounted farhich
representshie largest percentage of carbon unaccountedThbrs ismost likely caused
by thepropagation of errorns each of the measured variables (feed rate af @htl vol
% of CO, CQ and CH).

Table47: Mol ar carbon bal ance for -BIpRcatalystper i me
Experiments were run over the duration of 4500 s, at 700 °C, 1 bar pressure and S/C of 3.0. The
experimental molar flow of carbon going in and carbon going out is compared with equilibrium

values under the same operating conditions.

GHSV C in outlet gases (mol3) Exp.
(in h') Feed C Exp. Cout
. Cout/Cin
[W/Fingh | (mols?Y) (mol s?)
» CHs Cco Co; (%)
mol]
1.62 Exp.: 2.2x16 Exp.: 1.38x16¢ | Exp.: 1.35x16
0.030 0.0295 98.30
[203.6] Mod: 1.8x10° Mod: 1.53 x1& | Mod: 1.38 x1&
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2.58 Exp.: 4.13x16¢ | Exp.: 2.00 x1¢ | Exp.: 2.32 x16¢
0.049 0.0472 96.33

[127.4] Mod: 5.1x106° Mod: 2.18 x16 | Mod: 2.18 x1¢

4.54 Exp.: 1.85x16¢ | Exp.: 2.55 x16 | Exp.: 3.60x16
0.086 0.0800 93.02

[73.1] Mod: 1.77x1¢ | Mod: 2.79 x1¢ | Mod: 3.39 x16

Selectivity (%) ofCHa increased with increasn GHSV. As with increase in GHSV, GH
conversion decreased and moresQtent in product gases. Mathematical model was
developed by ignoring the kinetics of carbon formation rate, so accordingdellimg

results all the carbon going in feed is equal to the carbon going in outlet gases. While on
other handin experimental resultshe amount of unaccounted carbon varied frbrm

7%, depending upon the value of GHSV. In caseld2 h’! GHSV, the amount of
unaccounted carbon is almost negligible for both experiment and modelling and hence
the selectivity of all the carbon gases is quite compardbie selectivity data for C

CO and CQunder the operating conditions @0 °C, 1 bar pressure and S/C @ B

case of experiment and modelling is showit able 4.8.

Table 48: Comparison of experimental and modelling values of selectivitylwdsed products
at 700 °C, 1 bar pressure and S/C of 3.0.

Gases Experimental values [%| Modelling values [%]
CHa 7.6 5.4

CO 47 49.8

CO, 45.5 44.8

Selectivity of hydrogertontaining products to +bbtained through experiments was in
good agreement with the value obtained through modelling work. For the range of GHSV
(1.624.54 h'), H, selectivity in case of experiments varied from 92767 %. In case of

modelling under the same operating conditions, it varied from®84£ %.

103



b) Conversion of CHs and H20

The comparisons of conversions obtairiezin experiments and predicted values are
shown inFigure 4.10(a-c). The experimental and predicted values for methane and water
conversion are compared at 70D, 1 bar and S/C of 3.0. Theedictedvalues are in
good agreementith the value®btained fronthe experimentsTo calculate the value of
CHjs conversiorthefollowing relation is used;

[ B

8 i -

p T &M

Where nens represents the apgoate methane molar flows, with subscripts i and o
standing for Oat react ohe selectibneot GHEWhigdl verg u t | ¢
important here as achieng the equilibrium conditioms not desirablelt can be seen that

for each GHSV conditiorhee reactor hesuccessfully attained steady state and is closely
reproduced by the model in the range of partiak Gdhversions (0.79.93), i.e. far from
theequilibrium.Underthe same conditions, equilibrium would have yielded methane and

steam conversions of 99.9% and 47% respectively.
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Figure 410: Comparison between measured and estimated®CHbO conversion at 700 °C, 1
bar and S/C of 3. (a) 1.62IGHSV (b) 2.58 H GSHV (c) 4.54 H GHSV
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c) Hydrogen Yield (wt. % of CH4) and Purity

Hydrogen yield (wt% of CHs) wascalculated by usingquation B:
( UEAA &
i T100KEADOOIIAID IADG GE
i T1AQOOA(EET T AOITIADG GE(
Figure 4.11 (ac) shows the variation of hydrogen purity and yeld (wt. % of CHa)
with time. Modelling resultsare compared withexperimental results and a good

p T ® p

agreemenis observed.
Together with Table 4.7 Figures 4.10 and 4.11 demonstrate the excellent agreement

between experimental and predicted values and provided validation for the model based

on three conditions away froamemical equilibrium.
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Figure 411: Comparison between measured and estimated valuespofity (%) and Hyield
(wt. %) at 700 °C, 1 bar and S/C 3. (a) 1.623HSV (b) 2.58 H GSHV (c) 4.54 H GHSV
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4.5.2.2.2CASE 2: At Equilibrium

The model 6s outputs at equilibrium condi
modelprovided by NASA to further its validationThe results generated on CEA are at
equilibrium conditions. The validation of model at equilibrium conditiwas performed

in the following conditions:

a) Effect of temperature

In the SMR process at equilibrium, temperature has a positive effect on pudtyiela

of H2 up to peak values corresponding to comp{&te conversion by steam reforming
followed by WGS. Beyond the temperature of peak yiel@ls conversion remains
maximum but revers&/GS decreases steadily the kKield and purity.Figure 4.12(a)
shows the effect of temperature©Hs andH->O conversion at constant pressure (1.5 bar)
and constant S/(3).

b) Effect of pressure

Pressure is one of the important operating paramet8MR process.CH4 reforming
procesgenerates a larger amount of prodmoles than the initial moles of reactant, thus,
according to | elo€presdure favoertheipeocess)as ihaoungerhces,
the rise in total molar concentratiddn other handWGSreaction isequimolarandthus

is not sensitive t@ressurechanges once equilibrium is reachefio the conversion of

CH, at a fixedtemperature goes down as the pressure of the system increases. Effect of
pressure on conversio@kls andH20), at constant temperature (680) andS/C (3), is
presented ifrigure 4.12(b).

c) Effect of molar S/C

TheS/C plays a very important role in overall performance of the system. Higher the S/C,
higher will be the overall conversion of the system. But as the S/C increases, more energy
is required to produce the requirad@unt of steam and it affects the overgderational

cost. Optimum S/C is required to traodf between overall performance and cost.
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Figure 412 Effect on CH and HO conversion of alemperature, b) pressure and d) molar S/C

Effect of S/C rati on conversioif€Hs andH20), at constant temperature (600 °C) and

constant presure (1 bar), is presentedrigure 4.12 (c).
4.5.3 Model outputs away from equilibrium

Having demonstrated the validity of the model at and away from equilibrium, the model
outputs are discussed in stealgte conditions away from equilibrium outside the range
of our experimental datarigure 4.13 (@) shows the decrease of ¢hind steam
conversions for the increasing values of GHSV. Gas hourly space velocity (GHSV) plays
a vital role in overall conversion of fuel and performance of the system. The higher the
GHSV, i.e. the shorter the contact time with the catalyst throughout the rélaetonver

will be the fuel conversion. Modelling results were checked for different GHSV and
results are presented kigure 4.13 (a-c). Selectivity to effluent gases was modelled
according to following equations;
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Thermal efficiency of reformer process is defined as;
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Where LHV is the relevant lower heating value.
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Figure 413: Effect of GHSV on a) conversion of methane and water, b) Selectivity to effluent
gaseqC-selectivity for CO, CHand CQ and Hselectivity for H) & c) H; yield and purity, at
700°C, 1 bar and S/0f 3.12

Figure 4.14 shows the variation of thermal efficiency of the reforming process with
temperature at different S/The hgher the S/C and temperatutieehigher is the thermal
efficiency of the process. Modelling results are compared with equilibrium results and it
was found that at temperature 790 and S/C of 3, equilibrium results for thermal
efficiency are eqal to nodelling results. At 700C and S/C of 3, thermal efficiency of

the process is found to be 89.11%. GHSV usedFiigure 4.14was 1.52 ht.
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4.6Conclusion

An experimental study was per f-AOoaalyst,ov er
to find out the reaction kinetics of the steam methane reforming process while keeping in
mind the condion of diffusion limitations and far from the equilibrium conditions. The
kinetic model proposed byu et al. is selected to fit the experimental data. A tioear

least square analysis based on minimization of the sum of the residual squares of the
experimental reaction rates and the predicted reaction rates is used to estimate the kinetic
parameters. The activation energies for SMR, WGS and global SMR reactions are
calculated as 257.01 kJ/mol, 89.23 kJ/mol and 236.7 kJ/mol respectively.

The SMR procesgerformance in terms of fuel conversion, selectivity of outlet gases, H
purity and yield (wt. % of Ckifed) is demonstrated in a fixed bed reformer usingba 1
heterogeneous reactor model. The modelling results are validated against the
experimental redts under the conditions of far from equilibrium. Later on, the modelling
results are compared with the equilibrium results and an excellent agreement is observed.
High temperature, lower pressure and high steam to carbon ratio gave the excellent
performarce of the system in terms of GEbnversion and purity of HResults presented

in this chapter gave the complete mathematical modelling of adiabatic fixed bed SMR
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reactor and this model will further be used for modelling sorption enhanced steam
methane f®rming (SESMR), chemical looping steam reforming ((SR) and sorption

enhanced chemical steam reforming{SESR) processes forzbroduction.
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CHAPTER #

SORPTI ON ENHANCED
METHANE REFORM

The objective of this chapter is to develbbmathematical model of sorption enhanced
steam methane reforming (SBMIR) process by using $8.% Ni QO3 HsA tatalyst

and calcium oxide (CaO) ascarbon dioxide©Oy) sorbent. A dynamic orgimensional

(1-D) heterogeneous model of packed bed reactor is develppadingof kinetic data
available in the literature [197. In this model, along with all the steam methane
reforming(SMR)reactions considered ithe previous chapter, adsorption of GOn the
surface of CaO is also considerédhe sensitivity of the developed model is studied under
various operating temperature, pressure, steam to carbon ratio (S/C) and gas mass flux
conditions. The mathematical model is also validated against ékperimental and

modellingdata reported in théterature [41, 197].

5.1Introduction

In any chemical industrial procesbge reactor is considered as the heart of the process.
In a catalytic reactor, reactions take place between raw materials on the sutfaee of
catalyst. Tis may result ilfmany desired and undesired produ@eswnstream othe
reactor an additional processnit is required to separate tbesired product from the
undesired onesSeparation processes are usually very costly and contribute towards

higherinvestmentandopektional costs of the overall procggsl .

Mayorga et al. [98] presented a concept of a reactor in which reaction and separation
took place at the same time in a single
the cost of the process, as no separate unit operation is requitibe s@paratiorof

product steams

Amongst all the contributsrof climate changeCO, is the most prominent one
accounting for 99 wt% of total air emissiofl0Z. Almost 75% of CQemission in the

atmosphere for the last 20 years is due to the burning of fossil [REE Due to
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increasing concern about the £@mission, attention has been given to manage CO

emissionfrom largeindustrial emitters, includingonventionaSMR process.

SE-SMR is the process that produces hydro@ds) and at the same time captures,CO
by adding a C@adsorbent along with the reforming cataliysthe reactor. This press
works on the principle othe hybrid reactor as presented Ijayorga et al. [98].
Williams et al. [99] issued a patent in which the procesSBfSMR was describefbr

the production oH. Brun et al. [218 showed thathe SEESMR process saves the overall
energy demand of theactorsystem and this process has the potential of saving up to
20-25% energy as compared to conventi@MR processThe SEESMR processas the
advantage gbromotingCHa4 conversionH: production and C&capturing efficiencyAs

the CQ captures the equilibrium of water gas shiftNVGS) reaction (Ro) is shifted
towards moreH> produdion at low temperatur€723-873 K) than conventionaBMR
process (1073300 K) [104, 10€. In this process no WGS reactor is required
downstream of the steam methane reforo@ike conventionalSMR processusedin
fertilizer production plant$219. The potential advantages of the-SEIR process are
not only improved efficiencyf reforming procesand elimination of th&/GS reactaor

it also helps to perform the reforming process at reduced temperature as compared to
conventional SMR procesg16]. Hence, higher ClHconversion and Hpurity can be
achieved at lower temperatui&/3973 K).

5.2 SE-SMR sorbent

The R yield depends upon the type of €&brbentused. The selection of GBorbent
depends upon its G@apturing capacity, its stability after muttycle operation and on
its adequate sorption/desorption kine{iz&(. Calcium oxide (CaO) is found to be the
bestsorbentat high temperaturesnd resulted in 99%> purity [104, 221]. CaOhasa

low cost and is considered as the most prominent sorbent for theo@ion under the
reforming conditions. CaOalso shows good C&® capturing capacity good
thermodynamics properties and goaedctionkinetics as compared to the other sorbents
such asSpanish dolomite, calcite and Ca&f@m acetateTheseare good sorbents and
they showrelatively very high capacity for C@adsorption[10]. CaO has adsorption
capacity of 0.79 ¢p2gcao, While its close competitor calcined dolomite (CaO.MgO) has
the adsgption capacity of 0.46 @2/ gsorvent But as far as the multi cycteperationsare

concerned, dolomite has improved performance as compared to th¢2€30OThe
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carbonation of CaO is favourable in a temperature range ef 800C under atmospheric
pressure. While, the regeneration of the carbonated sorbent is a high temperature process
and occurs at 850000 °C undr atmospheric pressuglamey J et al.[223 found that

after multicycleoperationghe reactivity of the CaO particles reduc&be main driving

force for this adsorption of Gn theactivesurfaceof sorbents the partial pressure of

CO, between the surface of sorbent and the reaction pAade OchoaFernandez et

al. [104 gave comparison between few most commonly used sorbent for capturing CO
and their finding is reported ifable 5.1 & 5.2 The kinetic properties of C&dsorption

onthe surface o€aO is already reported in 3.3.6 sectiofCobpter 3.

Table 51: Comparison of different sorberjts04]

Properties CaO LioZrOs KLiZrO3 Li4sSiOs NaZrOs;
Capacity G F F = F
Thermodynamics | G F F F F
Stability P G F G G
Kinetics G F/P F F G
Regeneration T | H M M M M

Where: Good ;F: Fair ; P:Poor ; H:High ; M: Medium

Table 52: Performance athe CO; sorbens [104]

CO, sorbent Operating conditions H- Yield [%]

K-doped L3ZrOs 848 K, 10 bar and S/IC =5 93%
N&aZrOs Same as above 90%
Li>ZrOs Same as above 89%
LisSiOs Same as above 82%
CaO Same as above 98%

CaO 848 K, 1 barand S/C =5 99.5%
Without sorbent 848 K, 10 bar and S/IC =5 62%
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OchoaFernandez et al.[104 compared the performance of different sorbents on the
basis ofH> yield. They observed that by using CaOsasbent the process is weakly
exothermic, while by using kZrOs the overall reaction is weakly endothermic. In order

to enhance the conversion ©Hs and get the maximum net efficiency, S/C for each
process was adjusted and optimum operating temperature and pressure was derived. It
was concluded from the findings th@aO is the most favourabléO, sorbentfrom
thermodynamics point of view and it favours high¢r productionduring SMR as
compared to other sorbents.

According toMolinder [225, CaO undergoes three different reactions. CaO is highly
hydroscopic and below 40Q it can undergoes CaO hydration reac(igg. 5.1). Then

this reaction proceed towards Ca(Q@Earbonation redon (Eq. 5.2.
#A1 (1 P #A ( Y( cp8ET T I P
# A ( #ooOP#HAI ( / Y( e EFII L8

It was realised byLyon et al. [39], that the heat requiretbr the step of sorbent
regeneration could be met by the exothermic step of unmixed steam refdySiRigr
chemical looping steam reformingCI(SR), which would reduce the temperature
differences between the oxidation and reduction phases of the process and tbarefore
be more energy efficient by limiting the irreversibility caused by these temperature
differences More detail about the differersiorbents used for th8ESMR process is

reported inChapter 2.
5.3Experimentation and materials

The mathematical model &ESMR process is validated by using experimental data
reported inthe literature[40, 41, 179. Lee et al.[41] performedSE-SMR experiments

in a stainless steel tularreactor (internal diameter 24 mm). They used Ni based catalyst
(1/ 866 cylindri c alsorbpn3 rmneih diaméted and3.6¢g). Tha nd C
tenperature of the system was recorded by installing two thermocouples, one at the top
and one at the middle sectiontbt packed bedeactor The temperature of the pask

bed within the reactor was controlled by two electrical heaters.

The reactor wasmitially heated at a rate of 8/min underthe atmospheric pressure
conditions by using 50% flow of Hup to 800°C. The reactor was kept under these
conditions for 12 hwrtill the entire catalyst was reduced. After the reductiorthef
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catalyst, the tmperature of the reactor was adjusted according to the reaction
temperature. Once that temperature was achiev&tPLC pump was used to supply
water in a fixed amount so thiieratio of HO/Hz was the same as the ratio of ®ICH..

The SESMR process wasnitiated by replacing the flow of Hvith CHs. Fernandez et

al. [40] used this experimental data build a model iITMATLAB and validated their
model. In this chapteresults ofLee et al.andFernandez et al.are used fomy model
validation To find out the optimum galitions for SESMR, furthersensitivity analysis

of thedeveloped model is carried out under the conditions of adiabatic process. The effect
of temperature, pressure, steam to carbon (&ti©) and gas madtux (Gs) is discussed

in thelater part of this chapter.
5.4Mathematical modelling of SE-SMR

The mathematal model of SMR is discussed @hapter 4, this chapter deals with the
modeling of the SEESMR process The mathematical model tie SESMR process is
anextension othe SMR model as the only difference between both models is the sorption
of COz on the surface of C{&sorbent A 1-D heterogeneous mathematical model of SE
SMR in an adiabatic packed bed reactor is developed on gPROMS udder4.1.0°.

Like the model of SMRit accounts for mass and energy transfer in Hutlgas and solid

phase In this model iwvasassumed that;
a) The flow pattern of gases the packed bed reactds plug flow in nature.

b) The temperature and concentration variaionly along theaxial direction of

reactorareconsidered.
c) The gas follows ideal behaviour.

d) There is noenergytransfer fromthe system tothe surrounding and fronthe
surrounding to the systeme.theprocesss considered to be adiabatic.

e) Only COris considered to be adsorbed on the surfatieesforbent.
f) The size othecatalyst and sorberd considered unifornmn the reactor.

g) Theporosity of the bed is constant.
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5.4.1 Governing equations

The SMR reactions, described i€hapter 4, are simultaneously run witthe CO
sorption reaction. As discussed @hapter 2 and 3that SMR reaction [R] is highly
endothermic in nature, so high temperature and low pressure favour this reawtiba.
other handWGSreaction [Ro] is exothermic and is favoured by low temperatureiand
thermodynamically insensitive fiyxessurevariations As the reforming reactions proceed
and CQ is generatd, the CaO based sorbenthemisorbedthe CO, gas.
Thermodynamically,He eliminationof CO» from the gas produdavours the formation
of moreH: by shifting the equilibrium of SMR reaction towards more conversi@af

The adsorption of C&on the surface of CaO sorbentiBighly exothermic reaction;
#AL # P # A Y( cugEF T 1 i)
The overall reaction in SEMR s slightly exothermic in nature as showrkip 5.4

#A 1 #( o( /P #AI T( Y( v @ETF T I vg

On the basis dheassumptions, reported above, the mathematical equations for mass and
energy balance within the reactor filled with sorbent and catalyst particles are listed in
Table 3.3 The equations used to find out the physical properties, involved in
mathematical equi@ns, are listed i€hapter 4. The mass balance equation forSER
process irapacked bed reactor is giver as

it hO# . . h#
R — —— M O p m O R$ﬁ

=) =Y Ld®

In the above equatiod,i & i gas $pecies (EHCO, CQ, Hz, H.O and N) and @6
is the ratio of the amount difie catalyst to the amount tifie sorbent filled inthe packed
bed reactor. The energy balance equations, batfeigas and solid phase, ftre SE
SMR process based on tladove mentioned assumptions are giveifable 3.3 (Eq.
3.58 & 3.64.

In literature many expressions have been reported to describe the carbonation kinetics of
theCaObased sorben{d0, 41, 179. Lee et al.[4]] performed experiments in a tubular
reactor, having inner diameter 22 mm and bed length is 290eaded with16.4 g Ni

based reforming catalyst and 83.6 g CaO based sorbent. Trasaghs of experiments

in the temperature range of 6560 °C, they determined carbonation conversion data.
The carbonation kinetic expression they reported is listGalme 3.4[R1g]. In this rate
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equation 0X06 is the carbonat i dchecabhaatoner s i
conversion is already discussedsection 3.3.6 Dedman et al. [22§ reported that the
carbonation rate of Ca@as zero order with respect to ¢@artial pressureBhatia et

al. [147) alsoproposedicarbonation rate expression which was independehepfirtial

pressure of C®

The effect ofcarbonation reaction (Eq. 5.3) rate const&std) on the performance of
SE-SMRis discussed in a later section of thischaptes@® i s t he ul ti mat
conversion of CaOLee et al.[41] performed TGA (thermogravimetricanalysis and
determine the maximum conversion dhe active CaO at different temperatar@ he
experimental data revealed thie conversion of CaO is very lowat a very high
temperatured50°C). It was observed thdity usinga large size of the pellet, there was

no sign ottheparticle deterioratiorven after many cycles carbonation and calcination.

Eq. 5.6 describes a temperature dependent expression to calculate tlmumax
conversion of CaO at any given temperature.

8 W@ T AG—B:—pX a wAMn )

4

The rate equations used tbereforming process aflested inAppendix A (A1-3). The
kinetic rate constants and equilibrium constants used in this model arsgotem 3.3.2

(Eq. 3.763.81). On the basis of reactions involved in-SKEIR, the rate of formation or

consumption of 6i 6 component is given as.
o 3 2 E # e n AT @A/ g

HereGHH i s t he ef f therteiavcetnijosns sjf.a boeliost of chi om
ofthec o mp o n e thdr ecic& iiom ¢&éj 6. | theeactarasl andgoositive n e ¢

for the products.Therate of formation or consumption of each componeatses listed
in Appendix A (A10-14).

The boundary conditions and initial conditionsdigethemathematical modihg of SE

SMR are as follow;
Boundary conditions;

At reactor inlet (z = 0):
# #y N 4 4 n 4 4y n 0 0

At reactor exit (z = L):
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Initial conditions;

# o #y n 4 4 n 4 45 n N T

At initial conditions, it is consided that no gas compondfHa, CO, CQ, H.O and H)

is presentwvithin the reactor so the concentratiorntlod gas species is considered zero at
the start i.e. at t = 0. But sdting the concentration dfl> zero,it makes the reforming
rate of reactiongfinite (denominator equals to zero). To avoid this, a very small initial

concentration (~16) of theH. is used in theeactormodel.

In the reactor model linear and ntmear partial differential equations (EB), algebraic
equations, and initial andoundary conditions are involved, and gPROMS was used to
solve these equations. The sensitivity of the model was first checked for discretization
ranging from 1601000 intervals and model was found independendisretization
Finally, the reactor was aally discretized by 100 uniform intervals for and output results
were reported after every one second. The first order backward finite difference method
(BFDM) was used to solve tiDESs usingnitial and boundary conditions as mentioned
above.The model 6the adiabatic packed bed reactor was assumed to follow the non
ideal plug flow behavior. In gPROMS differential algebraic solver (DASOW®$used

to solve the ordinary differential equation (ODEs). DASOLV converts the PDEs into
ODEs, and % order RungeKutta techniquavasused to solve the systeshequations

5.5 Results and discussion
5.5.1 Model validation

The developed mathematical model SESMR process is first validated against the
experimentahnd modellingdataof Lee et al. [41] andFernandez et al[40]. Later on,

the modelling results are compared withe equilibrium results generated by using
chemical equilibriunwith application (CEA) software. As mentionedsection 5.3the
experimental resultsf Lee et al. [41] andmodelling results oFernandezet al.[40] are

used for model validationThefollowing parameters; length dle reactor (L), particle

size (¢), bed porosity§) and variablesS/C, operating temperature, pressarglmass

flux (Gs) are adapted according to the values reported in the above mentioned literature.
In these work they used temperature range2@f K to 1023 K, pressure range between
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1.0 bar and35 bar S/C 3 to 7 and residence time between &41and 0.38s'. The

operating variablegsedfor this modelling work are listed ihable 5.3

Table 53: Operating conditions used thereactor model

Gas feed temperature,i]l 923K
Initial solid temperature, [T 923K
Total pressure, [P] 35bar
Steam to carbon ratio, [S/C] 5.0
Intel gas masfux, [G4] 3.5 kg n?s?
Maximum fractional carbation conversion of CaO, [y 0.4
Apparent density @f r e] 550 kgm3
Apparent density e Cac 1125kg m3
Apparent density oftwvomixeslo | i ds i n t e 1675kg m3
Diameter of particles, [l 0.01m
Reactor bed length, [L] 7m
Bed porosity, {b] 0.5

The modelling results are checked in terms of dry gas composititwe pfoduct gases
and temperature of the product gases leaving the reactor. Thatimgeconditions
mentioned inTable 5.3are used for this workkigure 5.1 shows the variation of gas
compositions with time. This figure is divided into three sections:bpeakthrough
period (t< 720s), breakthrough period (t = 720 to 15)0and post breakthrough period
(t ©1500s). In the prebreakthrough period, sorbent is active andigicabedalmost all
the CQ produced during SMR process.

B o/ P (B LM AOT GAMA A ORIAOAAT O

The adsorption of COfrom the product gases shifts the reforming reaction in forward
direction i.e. towards more production of.Hh the first section ofigure 5.3 H> mole
percent is 94% and Gnole percent is 0.1%. In this section sorbent is at its maximum
CO» capturing efficiency. After 720, she amount of Blin the product gases goes down
and the amount of CQs increasing. This is the start of breakthrough section. In this
section it is quite clear that COcapturing efficiency of CaO based sorbent begins to

diminish. The sorbent is approaching to the point of its maxisunmptioncapacity hence
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the amount bCO: in the producgases increases. From 150the sorbent is ndonger
active and the only processcurringwithin the packed bed reactorttse conventional
catalytic SMR procss. The process of SEVR is allowed to rurnuntil a steady state
processs achieved.

Pre-Breakthrough ’I.- Breakthrough »I‘ Post-Breakthrough "
4. ___________________________________ -
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Figure 51: Product gases compositiadry basis] at the outlet of reactorafieed temperature
of 923K, S/C of 5.0, 3%ar and gas madisix of 3.5 kgm? s, Dots represented literature

values[40] and solid lines are our modelling results under the same operating conditions.

The Figure 5.1shows an excellent agreement betweemtbdellingvalues reported in

the literature[40] and the values generated in this work. Under the same conditions,
equilibrium calculationswere alsoperformed on CEA for the present work the
following section he results generated via CEA software and gPROMS are compared in

terms of dry mole percentHs conversion (%) and Hurity (%).

In Figure 5.1, modelling outpug show the mole percent (dry basis) of £H>, CO and

CQO, as 4.8%, 93.6%, 0.3% and 1.3% respectively in thebprakthrough period. The
conversion ofCH4 and H> purity in this section is 86% and 93.6% respectively. These
values were compared with equililom values and a good agreement between modelling
and equilibrium results was observed. Under the same conditions, equilibrium values for
mole percent (dry basis) of GHH,, CO and CQ are 3.9%, 95.8%, 0% and 0.1%
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respectively. Thesquilibrium values forCHs conversion and Hpurity are 86% and
95.8% respectively. In the pelsteakthrough perigdhe sorbent is ndongeractive and

the modelpreictedsteady state mole percent (dry basis) ok, Gtp, CO and CQ after
1500s is 30.9%, 55.1%, 1.2%nd 128% respectively. In this section the conversion of
CHa is reduced from 86% to 31.2%. Under the same conditions, equilibrium values for
the mole percent (dry basis) of GGHH2, CO and CQare 20.8%, 62.8%, 2.7% and 13.6%

respectively concurrently Cl conversiordecreases fror86% to 44%.

The overall production offl2, conversion of Cklland CQ capturingefficiencyin SE

SMR process depends upon the reactions taking place within the system and the
adsorption characteristics thfe sorbent. As discussed section 5.1 overall SESMR is

slightly exothermic in nature. The adsorption of D the surface of sorbentasighly
exothermic reaction and it causes a gradual rise in the temperatureaeddter While

on other hangthe SMR process is endothermic in nature and it negasgyto proceed.

The predictedtemperature variation are compared witie modelling values of

Fernandez et al[40] and an excellent agreement was obserasdhown irFigure 5.2.
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Figure 52: Temperature profile of gas mixture leaving at the outlet of reactor at feed
temperature of 923K, S/C of 5.0, 35 bar and gas fhassf 3.5kg m? stunder adiabatic
conditions.Dots represented literature valyd§] and solid lines are our modelling results

under the same operating conditions.
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In the prebreakthrough pérd (t < 720s), arise in temperature is observed because of
the exothermic chensiorption process. In this section adsorption ob Onaximum as

the rate of carbonation reaction is high. The maximum temperature obtained in this
modelling work is954 K i.e. increase of 3d from the feedemperature, while a rise of

32K above the feed temperature is repotigdrernandez et al[40].

In the breakthrough perioda drop intemper&ure is observed, and after 1580the
temperature profile is constant. The minrmtemperature reached in this modelling work

Is 866 K i.e. drop of 5K and in literature the minimurateady statéemperature is
reportel as 868 K i.e. drop of 5&. As discussed that sorbent is not activéhi@post
breakthrough period and only SMR process is happening in this section, hence the overall
process is endothermic and temperature of the adiakeaitor goes down from 923 K

to 866K.

Fernandez et al.[40] also operated the SEMR on noradiabatic conditions and
reported their findings. For neadiabatic SESMR the energy balance equations are
modified andhetransfer of heat from wall tthe process gas is included. The modified

energy balance equation foon-adiabatiaeactoris given as;

™ L
N\#h ?C)EA44
M YO 5 2 p m Yo O
N T
E 4 4 — v o
3 P

In the above equatigrihe last term orthe right hand side is added for nadiabatic

reactorsystem. This term is included to accotortthe transfer of heat through the wall

ofther eact or when external heat /#ndrsgyt hies
transfer coefficienacrossthe wa | of the® rnesadther t eémper at uit
wall @ndsdéDhe inner di amevimedélidgresults dind the e a c

literaturemodelling results[40] under the same operating conditions for -adiebatic

process are comparedhigure 5.3and a good agreemestalsoobserved.

By analysing both adiabatic and nadiabatic process, it is observed that in phe
breakthrough period of adiabatic process, the temperature is higher than the temperature
in the noradiabatic process. This higher temperature results in mog@i©@Auction and

hence the carbonation rate is maximum. The higher carbonation rate rhakese t

breakthrough period shorter (700 s) in the adiabatic process as the sorbent reaches its total
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saturation point earlier than the nadiabatic process. Although the rise of temperature

is the same in both cases, the adiabatic process has shottesgitrough period’Q0

s) as compared to naadiabatic procesd200 s) This confirms that adiabatic process is
more favourable for alternative reaction conditions in theS®R process. Optimal
duration of prebreakthrough may be a compromise betweigh lyield and purity of
product, kinetics of adsorption, and wear and tear of flow switching controls. For instance,
in the industrial pressure swing adsorption (PSA) process, aftEs hfin the valves are
switched from adsorption to depressurization phf&27]. The duration of pre
breakthrough period of our adiabatic process (11.5 min), as shdgaiie 5.2, is quite
comparable to the industrial switching time from one phase of the process to other for the
closest industrial equivalent process (PSA). On this basis, the adiabatic process was
chosen for further calculations.
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Figure 53: Temperature profile of gas mixture leaving at the outlet of reactor at feed
temperature of 923K, S/C of 5.0, 35 bar and gas fhassf 3.5kg m? s* under noradiabatic
conditions.Dots represented literature valyd§] and solid lines are our model results under

the same operating oditions.

The reaction rate constant of CaQaf plays a major role in the kinetics of carbonation
reactions. The effect of carbonation reaction rate constant on the temperature profile of
the SESMR under the adiabatic conditionss studied byFernandez et al.[4(], their

modelling result@re usedereto validate thenodel In Figure 5.4, three rate constants
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are used and it is quite clear titta¢ temperature of the system is dependent on the value
of the Kearb (0.18, 0.35 and 0.7°%. For smaller value of do (0.18 sY), the pre
breakhrough period is longer (~15@0) than higher values otko, 0.7 s, (~500s). The
lower kcaovalue (0.18 8) suggests that sorbent is not highly reactive and the rate of CO
absorption is slow. While in case of higher value efok(0.7 s'), the rate of C®
absorption on the surface of sorbent is very fast and sassetied to its full absorption
capacitymuchearlier. To achieve the maximumzHpurity at low kao, very low G is
required. Therefore, longer operational period is required for the sorbent to reach at its
full saturation point. Hence, higher operational cost is required.higher value also
improves the carbonation rate. In these three different values ofnedidio rate
constarg, the final temperature ahe reactor system ihe same i.e. 86&. This is
because irthe postbreakthrough perigdhe sorbent isnactiveand the temperature of
the system is only controlled lyeconventionaSBMR process. The dted lines inFigure

5.4 are the literaturenodelling values and solid lines are the values generatexalr
modelling work A very good agreement between values proposed in literatureuand

modelling values is observed.
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Figure 54: Comparison of effect of carbonation rate constant on the temperature profile of gas
mixture leaving at the outlet of reactor at feed temperature oK932C of 5.0, 35 bar and gas
massflux of 3.5kg m? s* under noradiabatic conditiondDots represented literature values

[40] and solid lines are our results under the same operating conditions.
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5.5.2 Sensitivity analysis of the SESMR process

In this section optimum conditions for SEBMR process are evaluated by operating the
system under various conditions of temperadii3-1073 K), pressurg20-35 bar) S/C
(1-6) andgas masflux (2-7 kg m?s?). The outputs of modelling work are also compared
with equilibrium resultgeneratedisingCEA software

5.5.2.1 Effect of temperature

As discussed in previous sectiotige overall reforming proess is endothermand nonr
equimolar,andthusit is favourable at high temperature and low pressure. On the other
hand,thesorption process is highly exothermic and it releases lot of(18%t.6 kJ mol

ca0) during the process. The overall SR is slightly exothermi¢-55.6 kJ motcao)

in nature. The effect of temperature thie conversion of Chl Hz purity, CG capturing
efficiency and Hyield atatmospheripressure under equilibrium conditions is présdn

in Appendix D. From the equilibrium results it is concluded that maximum conversion
of CH4 (99%) is achieved at high temperature (BOD°C), S/C of 3 and barconditions

But at such @igh temperatureH> purity goes down to 76%because C@capturing
efficiency is almost zerdlhereforethere is a tradeff between conversion of GHind

H> purity. As the temperatuecreaseshe conversion d€Hs decreasebut at the same
time H purity increases as shownkigure D1 (a & b). FromFigureDl,in6 Appendi x
D4 it is observed that under the conditions obdr and S/C of 3.0 the optimum
temperature is 60650 °C. In this range of temperature, Ceébnversion; H purity and

COx capturing efficiency is 995%, 9497% and 780% respectively. As the
temperature goes higher, €€apturing efficiencydropshence the kpurity diminishes

as well This shows that th&ESMR is favourable at low temperature as higher
temperaturefavour de-carbonation reactiol®alasubramanian et al.[16] proposed that
capturing of CQabove 112X is not effective anthe Casorbent becomeasertat such

a high temperature

The industrial SMR process is carried out under high temperaturel(WrC) and
mediumthigh pressure (285 bar) conditions[52, 22§. While keeping in mind the
pressure requirements of industrial plants, calculations atGhi/ersionHz purity; CO,
capturing and klyield (wt. % of CHy) are done under high pressure dibions (2035
bar). The SESMR process is run under various temperatures-{a0QC0C) at S/C ratio
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of 3.0 and pressure as high ask&0. InFigure 5.5 (a-d) the effect of temperature on
CHs conversion, H purity, Hy yield (wt. % of CHis) and CQ capturing efficiency is
presentedModelling results are compared with equilibrium results.
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Figure 55: The effectof temperature on the a) GEonversion; b) Hpurity; c) H yield (wt %
of CH4) and d) CQcapturing efficiency at 3Bar, S/C of 3.0, CaO/C of 1.0 and mé#ssg of
3.5kgm?st

The maximuntCHs4 conversion achieved at 8@r and S/@f 3.0 is 706 at 973K. Under
these conditions the equilibrium conversiorGls is 73% as shown irfrigure 5.5 (a).
The higher conversion of Gt 973K results in higher blyield (wt. % of CHa) i.e. 2%
but lower CQ capturing efficiency and lower Apurity i.e. 56% and 83% respectively.
While ontheother hand, conversion 6fH; at 923K is slightly lower tharthe conversion
at temperature 97R i.e. 67% and equilibrium conversiah CHs at 923K and 30bar is
71%. But at this temperature and pressure conditionpitity and CQ capturing
efficiencyaccording tanodelling work is 826 and 6% respectively. Theatrease in H
purity at higher temperature (973K) is due to the release of moren@@@ product gases
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as compared to the amount of £lower temperature. As temperature is increased from
973K to 1050K the drop in H purity isobservedrom 83% to 7%. This confirms that
CaO based sorbent is not efficient at temperature higher thad @@@er the conditions

of 30bar and S/C of 3.0. The optimum tpenature range for SEMR at 30bar and S/C

of 3.0 is 87X to 973K. This range is used for furtherodelling results.

In Figure 5.6the dynamic profile of dry mole percent of &hd CQ at temperatureange
of 873973K is presented.
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Figure 56: Composition profile of and CQ on dry basis aemperature range 873973K,
30bar, S/C of 3.0 and gas mdks< of 3.5kgm? st

The activity ofthe sorbent is higher at lower temperature (873K and 923K) while as the
temperature increases beyond 823he activity of sorbent decreasesHgure 5.6it is

quite clear thathe pre-breakthrough period in case of 883and 923K aresmaller than

the prebreakthrough perioat 973 K. The higher activity of sorbent makes the lower
temperature system more preferable in cyclic process as less tiegeired for sorbent

to reach its maximum efficiency. The mole percent ofG@d H, in the pre
breakthrouglperiod for SESMR process having 9K as feed temperature is 26%nd
84.1% respectively. While othe other hand, in case of 9Z3the mole perent of CQ

and B is 0.3% and 87% respectively. Keeping in mind the activity of CaO based
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sorbent, 87323 K is the optimum range of temperature for-SMR under the
conditions of 3ar and S/C of 3.0.

In thepostbreakthrough perigdhe amount of Hlis higherat973K as compareto lower
temperaturs, as in this period onlythe SMR reaction is taking place and higher
temperature favours the SMR process. The effect of temperature on the reforming

reactions is illustrated iRigure 5.7.
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Figure 57: Rate of reaction profile fdBMR reaction aB0bar,S/C of 3.0and in temperature
range of873973K

The rate of reforming reaction is maximum at ¥78s compared to 878 and 923K.
The maximum valugof rate of reaction at 973, 9281d 873X are 0.043280.03910 and
0.02971mol kg s respectively.

The modelling results presented kigure 5.5, 5.6and 5.7 portray that 92X is the
optimum temperature in terms of @Eonversion, H purity, H yield (wt. % of CH),

CO, capturing efficiency and activity of sorbent the SEESMR process operating at 30

bar and S/C of 3.0. This temperature is favourable for SMR process as well and it is shown

in Figure 5.7.
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5.5.2.2 Effect of pressure

Temperature haspositive effect othereforming process as seertheprevious section

but according td.e Chaelier 6 s p rpressuare had negative effect thie reforming
process. Pressure has positive effecth@sorption process as absorption of @ the

surface of sorbent is favourableapressure higher thantdar[19]. Thermodynamics
analysis of CH conversion, H yield (wt. % of CH;), Hx purity and CQ capturing
efficiency at different presswsés presented iAppendix B. These equilibrium results

are reported at various pressure conditions and it is quite obvious from the results that
CO» capturing efficiency ofSEESMR process drops from 78% to 7% s pressure
increases from bar to 30bar. The conversion of GHjoes down from 95% to 71.06

as pressurancreasesrom 1 bar to 30bar. Although the equilibrium results suggest that
SE-SMR process should be opdinapressure range ofa bar, the systenis modelled

in this sectionaccording to the conditions @f typicalindustrial processt 20-35 bar

range In an industrial processhighly pressuised Hz is required downstrearaf the
reactorand itis not feasible to generateldtalower pressure and then use high pressure
compressors to pressurize it toeetthe downstreanpressurerequirements[229.
Furthermore, high pressures are also used in the industrial SMR process in order to reduce
the size of reactors, piping and storage tanks, thus saving on capital expenses and
occupied spaceThis is the reason why in thigork the performance of SEMR is

studied at elevated pressures.

In the previous sectiof923K was selected agnoptimum temperature. Sbhe pressure
effect is studiedhereat this constant temperature. It is observed that Wwétirtcrease in
pressurerbm 20 bar to 3®ar the conversion dZHs reduces from 73% to 65 whilst

H> purity and CQ capturing efficiencyreduce from 86o 83% andfrom 64 to 59%
respectively. The equilibrium resultskigure C2 (Appendix D) show that pressure has
a positive effect on CQ capture and Hpurity till 5 bar, but that as the pressure goes
beyond Soar, the production of Hldropsdown andheamount of unconvertedHs rises
Thisresulsin less pure Hat the outlet and less partial pressure ot @Gfakes the C®
capturedeclineas well.For CO; to adsorb orthe sorbent, the partial pressure of £60
the exit of the reactor needto be higher than the partial of €& equilibrium

The dynamidoehaviour of SESMR inthe packed bed reactor under changing pressure

arnd adiabatic conditions is reported Figure 5.8 (ad). The modelling results are
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analysed while considering equilibrium results as reference. It is quite obvious that such
high pressure can give maximum £é¢dnversion as 78% under the spétc operatng
conditions of 2Mar and S/C of 3.0. To mimic the industrial scale pge&bar pressure

is picked to study the effect of other operating variables on the performance of-the SE

SMR process in a packed bed reactor.

Under the conditions of 3@ar and23K, the equilibrium CQ capturing efficiency and
H2 purity are71 % and 9% respectively. Athesame operating conditions the modelling

work yields @% CQ; capturing efficiency and 84%:hburity.
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Figure 58: The effect ofpressure on the a) Gldonversion; b) Hpurity; c) H yield (wt. % of
CH,) and d) CQcapturing efficiency a8823 K, S/C of 3.0, CaO/C of 1.0 and mdlks of 3.5
kgm?s?

The captue of CO; varies with pressure because pressure has significant effect on the
rate of adsorption of C£bn the active site dhe CaO based sorbent. Figure 5.9the

effect of pressure on the carbonation rate is illustrated. Thefrasgbonation is higher

at 20baras compared to 35 bdrence more capteof CO; is expected at this pressure

as compared tthe higher pressures. The maximumues of carbonation rate for 2@r
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is 7.63«10% mol kg s and the maximum alue for the carbonation rate at B&r is
6.27x10% mol kg! s*. This suggests th#te carbonation rate is almost2 times higher
in case of 2Mar han 35bar. The prebreakhrough period at 20arand 35baris 600s
and 700s respectively. So the sorbent reaches its maximum aativith earlier at 20
bar than 3%ar.
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Figure 59: The effect of pressure on the rate of carbonation ak9&3C of 3.0, CaO/C of 1.0

and mass$lux of 3.5 kgm?s?

55.2.3 Effect of S/C

One of the parametgthat plays a major role in the performancehef SESMR process

is the amount of steam with respecittiie carbon going into theeactori.e. the molar
steam to carbon rati(5/C). The equilibrium results generated for different S/€5)1
under atmosphéar pressure conditions are presenteBig D3 (Appendix D). It is quite
clearfrom the results that higher Sf&ours thegroductionof Hz. The sensitivity of the
SE-SMR model is studied under the adiabatiaditions Modelling results are compared
with equilibrium results generatedingCEA. The high pressure conditions are used for
this sensitivity analysisSihe @mparison of modelling arefuilibriumresults in terms of
CHs conversion, H purity, Hy yield (wt. % d CHa) and CO;, capturing efficiency is

presented i able 54. The maximunCHs conversion achieved is at S6€3.0 i.e. 67%
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and under this conditionzburity is 84%6. InTable 5.4results are presented f8fCrange
of 1-3.

Table 54: Effect of S/C on the CkHconversion, Hyield (wt. % of CHy), H, purity and CQ
capturing efficiency at 92R, 30bar and gas madsix of 3.5kg m2s?

. . o
CH, C[cgz]verswn Ha y|eIgI5v‘\:]t. o of H. purity [%] CO: capture [%]
S/C
M E M E M E M E
1 32.4 34.4 125 17.4 58.2 67.6 28.9 34.0
2 51.7 56.2 20.1 28.3 74.7 83.5 46.1 55.8
3 67.5 71.4 26.2 36.1 84.1 90.8 60.8 71.0

* M: gPROMS rodelling values; E: CEA Equilibrium values

Tabulated results show that the higls¢€ is favourable for higher conversion of £H

The maximum conversion of Ghs achieved at S/Gf 3.0 and the same occurs with the
purity of Hp. In Figure 5.1Q dynamic profile of H> and CQ arepresented for various

S/C (26). It is quite clear from the results that more steam enhances the purityTdieH

H> purity increases from 74.7% to 97.5% as S/C increases from 2 to 6. The higher amount
of steam in the SISMR process enhances the selettiof H> and the less amount of

CO, delays the carbonation rate. As can be sedfigare 5.1Q the prebreakthrough
period is shorter at S/C of 2 as compared to higher S/C. THaga&through period for

S/C of 2 and 6 are 600 s and 1000 s respectiMtely.concluded from the results that
higher S/C is preferred for higher purity of,HCHs conversion and Hyield (wt. % of

CHgs), but it reduces the overall efficiency of the process, as more energy is required to
producehigheramount of steanmi23(. So there is always a tradff between the H

purity and the overbkfficiency of the process. While keeping this in mind, in industrial
processes the S/C of 3.0 is usually selected as the optimun 2aijie
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Figure 510: Dynamic profile of Hand CQ composition (dry basis) at the outlet of reactor for

various S/C under the adiabatic conditions, atl230 bar and 3.%g m?s? gas masflux

Fernandez et al.[40] modelled the SESMR process for a Ca/Cu looping system and
they studied the variation of temperature at the exit of the reactor for various S/C. They
proposed that temperature variation is almmegligible for different S/C and the only
difference they reported was the length oflpreakthrough periofll97. In Figure 5.11,

the dynamic profile of temperatureare presented for various S/C-@ and it is in
excellent agreement with the literatumedellingresults[197. In the initial stage, there

is a slight rise in the temperature, it is because of the exothermicity of tHEVIBE
process. The rise in temperature for all the S/C is about 20 K from the feed temperature.
As expected from thEigure 5.10Q the prebreakthrough perio longerin case of higher

S/C than foralower S/C.

The minimum temperature is reached in the jbosakthrough period when all the
sorbent is saturated. At this point only the conventional SMR process is taking place. In
all the cases, the minimum temperature achieved is 881 K i.e. drop of 42 K froradhe fe
temperatureFernandez et al.used the high pressure conditions (35 bar) and they
reported a minimum temperature of 868 K in pasakthrough period. This shows that
S/C has almost negligible effect on the overall temperature of the system.
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Figure 511 Dynamic profile of temperature at the exit of reactor for various S/C laai3®23
K feed temperature and &g m?s?! gas masflux

5.5.2.4 Effect of gas mass flufG4

The gas mass flux is another important operating variable that dictates the performance
of the reactor. The selection of gas mass flux is highly dependent upon the length of the

reactor and the scale of the process.

In this work, various gas mass flux abiions are used to study the effect on the
performance of the SEMR process. Ifrigure 5.12 the dynamic variation of GGand

H> composition (dry basis) profiles apeesentedor various mass flovilux. The lower

mass flux results in long@re-breakthrough period as the reactants stay longer within the
reactor and higher conversion of €I4 achieved. At mass flux of 2 kghs?, the
conversion of Chlis 71%. This value isery close to the equilibrium value of 71.4%
under the same operagirconditions. While as the gas mass flux increases, the CH
conversion decreases because reactants remain for a shorter time in the reactor as
compared to the lower gas mass flux. The variation in the performance of the process
makes it necessary to selact optimum gas mass flux for an optimum 4£dnversion.
Although lower mass flux results in higher €Eonversion and Hpurity, the pre
breakthrough period is longer as the sorbent requires more time to reach to full saturation.

The prebreakthrough period increases from 90 to 1200 s as the gas mass flux decreases

135



from 7 to 2 kg it s. Inthe conventional SMR processetaquilibrium concentration of

the product gases at the exit of the reactor reaches at the gas velocit of/s[237.

While the carbonation reaction is slower reaction as compared to SMR, longer residence
time or slow gas velocity are required to reach the equilibrium concentration of the
product gases at the outlet of the reactor. Considering that for industrial ®@Saitthing

time between adsorption and-pessurization is 205 minutes, thu8.5 kg m?s! mass

flux (gas velocity equivalent to 0.448 mis)selected as the optimum value for the SE
SMR process as it gives considerable time (11.5 min) for the sddesdct to its full
capacity without disturbing the cycle duration of the-@¥R process.This pre
breakthrough period (11.5 min) is then comparable with the industrial tira&5(hin)
required during PSA processdicating adequate flow switching coois are possible
without excessive wear and tear. At this gas mass fluxaBGhversion and Hpurity are

67.5% and 84.2% respectively, while the values are 71.4% and 90.8% respectively under

the equilibrium conditions.
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Figure 512 Dynamic profile of H and CQ composition (dry basis) at the outlet of reactor for

variousgas mass fluxinder the adiabatic conditions, at 330bar and S/C of 3.0
5.5.3 Comparison of SESMR and SMR processes

The outputs of SESMR model, obtained on gPROMS, favour high temperature, low

pressure, high S/C and low gas mass flux for a better performance of the system in terms
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of CHs conversion and Hpurity. To compare the performance of the SR system

with the conventional SMR process, optimum values obtained through sensitivity
analysis in previous sections are used. The equilibrium values tf&VBEand SMR
under various operating conditions aresented i\ppendix D.

In Figure 5.13 the effluent composition (dry basis) profilare presented for SEMR

and SMR under the operating conditions of 923 K, 30 bar, S/C 3.0 and gas mass flux of
3.5kg m?s?. The percentompositiors of H. and CQ at equilibrium under the same
operating conditionarealso presented in this figure. The modelling results show that the
composition of CQis almost zeraintil 700 s inthe case of SESMR process and after
~1500 s (~25 min) C&composition inthe SMR and SESMR process becomes equal to
each other. This indicates that the sorbent is active at the start and adsorption of CO
makes the profile of C&different than the C@profile in the SMR process. In case of

the SESMR modelthe composition of His 87% while in SMR model its value is almost
50%. Inthepostb r eakt hr ough peri od finerth®ncdbdth BE s ) t
SMR and SMR processes yield the same composition feraGOH.
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Figure 513: Effluent mole percent profile of +and CQ in SESMR and SMR process at 923
K, 30bar, S/C of 3.0 andasmassflux of 3.5kg m?s?
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The adsorption of C&on the active site of the sorbent is highly exothermic reaction and
it releases considerable amount of he357.6 kJ molcag). This heat is favourable for
reforming reactions. The excessive heat makes tH8NHE process more favourable than
conventional SMR process. The enhancement in conversion pfi@to CQ sorption

is calculated. The CHonversion enhancemantSESMR process showhke advantage

of using a sorbent within the system as shown kigure 5.14 The conversion

enhancemerftact or 6E (t)d6 is calculated as;

. 8 8
%0 8 p T P T

(Xcha)adis the conversion of B4 achieved in the presence of adsorbent (ad) aBah)4d

is the conversion of 4 achieved in the absence of adsorbent (nad). The value of E(t) >

0 indicates conversion enhancement because of the sorbent. The enhancement in CH
conversion decreases at the onset of the breakthrough period when the sorbemt begins
saturate. As can be seen, conversion enhancement is zero in theep&#itrough period.
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Figure 514: CH, conversion enhancement at 9330 bar, S/C of 3.0 and ma#lax of 3.5kg
m2s?t

The presence of sorbent with catalyst actually enhances the overall reaction rates by
shifting the temperature of the system and eliminating the negative effect of the reverse
reaction. The comparison of the temperature profile for bot#6 R and SMR is
presented irFigure 5.15
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Figure 515. Comparisorof temperature profiles generated at the exihepacked bed reactor
in SESMR and SMR processes under the operating conditions df 92B8bar, S/C of 3.0 and

gasmassflux of 3.5kg m?s?
5.6Conclusion

The onedimensional SESMR model developed on gPROMS model builder shows an
excellent agreement with the experimental data reported in the literature. The
mathematical model under both adiabatitd noradiabatic conditions behaves well
according to the literature data. Operating parameters, such as; temperature, pressure, S/C
and gas mass flux have strong influence on the performance of t8&BEprocess. The
optimum temperature obtained untie high pressure (30 bar) conditions is 923 K. This
temperature yields 67.5% GHonversion at S/C of 3.0 and 30 bar. The purity of H
achieved at the same conditions is 84.1%. While studying the effect of pressure at this
optimum temperature, it is observed that pressure higher than 5 bar has negative effect on
the conversion of CiHand H purity. The selection of optimum pressure fodustrial

scale is a tradeff between the couple @Hpurity, CH: conversion) and the couple
(downstream pressure requirements, plant size). The pressure as high as 30 bar is
considered asn optimum in this study as it fulfils the requirement of industria
constraints and gives a considerable purity 584.1%).It is concluded from the results

that higher S/C is preferred for higher purity of iEHs: conversion and Hyield (wt. %

139



of CHy), but it reduces the overall efficiency of the process, as mergeis required to
produce the required amount of steam. The S/C higher than 4 has no significamineffect
CHs conversion so the S/C of 3.0 is selected as the optimum vdalbe. selection of
optimum gas mass flux is done on the basis of operationaldiirttee process and-H
purity achieved at the outlet of reactor. The gas mass flux of 23g} imas onset of pre
breakthrough period at 1200 s while in case of gas mass flux of 7Kg, this period is

90 s. The gas mass flux of 3.5 kg?s is selected as the optimum value having-pre
breakthrough period 700 s and 67.5%a4@Binversion against equilibrium conversion of
71.4%. Furthermore, the comparison of-SHMR and SMRprocessshows the Chl
conversion enhancement due to the presence of thensorlike reactor. The adsorption
of CO, on the active surface of the sorbent is highly exothermic process and it releases
considerable amount of heaB%7.6 kJ molcag. This heat promotes the reforming
reactions and CH conversion above conventional SMR is achie @80% CH
conversion enhancementhe developed model of SEMR will be further modified for
sorption enhanced chemical looping steam reforming@8ER) process in the next

chapter.
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CHAPTER #

SORPTI ON ENHANCED CI
LOOPI NG STEAM ME"
REFORMI NG

The objective of this chapter is to develop the mathematical model of sorption enhanced
chemical loopingsteam methane reforming (®E.SR process by using 18t %

Ni O/,Q Asa catalyst and calcium oxide (CaO) ascarbon dioxide €Oy) sorbent.

This model is the combination of the sorption enhanced steam methane reforming (SE
SMR), reduction of the catalyst followed by the oxidation of the reduced catalyst models.
The individuaimodels of the reduction and oxidation are developed by using kinetic data
available in the literature and later on validated against #erimentalresults
published in the literature. The model of-SEIR process is combined with the reduction
model to tudy the process happening in the fuel reactor (FR). This FR model is combined
with the air reactor (AR) and complete model is run I0rcycles. At the end of the
chapter, a comparison is made between conventional steam methane reforming (SMR),
SESMR andSECLSR process in terms of @ebnversion, Hpurity, H yield (wt. % of

CHas) and CQ capturing efficiency.

6.1Introduction

Steam methane reforming (SMR) process is akrewn industrial process for hydrogen

(H2) production. The higher endothermicity of the process makes it to operate at high
temperature(800-1000 °C)and pressurg¢20-35 atm) conditions. In industrial SMR
process for K production, shift reactors are needed at the downstream to convert the
undesied CO and C®into desired H product. Later on, amine scrubbing or pressure
swing adsorption (PSA) process is required to achieve the higher purity pbéuct

[32]. Keeping in mind the issue of global warming, researchers developed the concept of
combining the reforming process withsitu CQ separation. This process was named as
sorption enhanced steam methane reforming{BR) proces$32-34]. As discussed in

Chapter 5, the addition of sorbent (CG&orben} along with the catalyst promotes the
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performance of the reforming process not only by shifting the proocessds more H
production but also in terms of purity ok KICO: free product) as well as suppressing
equilibrium solid carbon byproduct and permitting both lower temperatures of operations

and steam demand.

The R yield depends upon the type of €&brbentused. The selection of GBorbent

or acceptordepends upon its GQapturing capacity, its stability after muttycles of
operation and on its adequate sorption/desorption kirf@#. Calcium oxide (CaO) is
found to be the besibrbentof CO; and resulted in 99%l> purity [104, 221]. CaO is a
low cost sorbent and is considered as the most prominent sorbent for ils®rgton
under the reforming conditions. CaO shows good capacity of &{turing, good
thermodynamics propees and good kinetics as compared to the other sorbecitsas
Li>ZrOs, KLiZrOs, LisSiOs and NaZrOs. Spanish dolomite andafcite are good sorbent

as welland they show very high capacity for €@dsorption10]. CaO has adsorption
capacity of 0.79 g2 gcao, While its close competitor calcined dolomite (CaO.MgO) has
the adsorption capacity of 0.4& ¥ gsorvent But as far as the multi cycle tests are
concerned, dolomite has improved performance as compared to th¢2€30OThe
carbonation of CaO is favourable in a temperature range of7f800°C underthe
atmospheric pressure. While, the regeneration of the carbonated sorbent is a high

temperature process and occurs at 8800 °C under atmospheric pressure.

Blamey et al. [223 found that after mulicycles the reactivity of the CaO particles
reduces In previous studies, researchers concluded that addition of steam can enhance
the carbonation reaction. The steam first reacts with available CaO and formed
intermediate product i.e. Ca(OH) Later, this intermediate product undergoes
carbonation reactio[39, 225 233. The reaction mechanism is as follow;

#A1 (1 O#A ( Y( p I ET | 0P
# A ( #1 P #A#[| (I Y( OPEETI [0

The main driving force for this adsorption of €@n the active surface of the sorbent is

the partial pressure of Getween the surface of the sorbent and the reaction phase
[224].

In 2000,Lyon andCole proposed an interesting concept of ptoductionprocess. As
conventionalSMR requireshigh temperatur and to avoid the issues causedthy

overheating and material failyra newprocesswas introduced which was termed
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Ounmi®eé&odr loponregabandKumaretal.def inend xéd steam r e
(USR) and applied it specifically to a reactor configuration in packed bed by using
atlernativefeed flows[35, 234, 235. The USR process was defined as an ehrmal

cyclic steam reforming process for converting hydrocarbon fuel$dinpsoduct. In this
process fuel and air are not directly mixed but separately passed over the surface of the
catalys35]. First air is introduced on the surface of the catalysn it is discontinued,

and fuelwith steamis introduced after thagither together or consecutiveljjhe USR
process uses oxygen transfer material (OTM) to provede for the endothermic steam
methane reaction. During the reduction of OTM, metal is regenerated and undergoes the
cycle of reforming with the fuel gas and stefl@, 81]. Kumar et al. [22] compared the

USR and conventional SMR processsa®wn inTable 6.1

Table 61: Comparison of USR and SMR procesg23

Parameters Conventional SMR USR

Elevated temperature (94400 °C)

o _ _ Less costly(5-10 times)than
Cost causes decline in tubes life period, a co

conventional SMR
process

Heat transfer is not efficiefb0% of heaf o
Higher process efficiency>

Efficienc is used for préneating) lower process
y p 9 p 90%)

efficiency

At temperature about 600 °QCCH, | Reactions reached towar

conversion is less and it increases at a\ more equilibrium conditions

Equilibrium _ .
high temperature. So reaction doast | at lower temperature thg
reach to its completion. SMR process
Due to high L/D ratio more cataly
particles are required and this causes n _
Catalyst _ Effectiveness factor of th
_ pressure drop in the bed. Due to la o
effectiveness _ catalyst is high
particles most of the catalyst rema
unutilized.
_ Coke is either suppressed
Coke Chances of coke formation are alwg

cyclically burnt off under
oxidation of UMR

formation there
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Sulphur Accumulates as sulphates on catal Allegedly desorbs as S(

tolerance | (poisoning) under oxidation of UMR

The concept of unmixed combustion was studireti950and this gives rise to the term
chemical loopingcombustion (CLC) 71, 236, 237]. The terminology originally applied
to the reactor onfigurations with moving bed reactors. T6&C makes way for new
process chemical looping reforming (CLR)pcessThe CLR process too wogkon the
same chemical principlas thatof USR. The comparison of CLC and CLR process is
shown in theFigure 6.1[23§.

CO2, H20,

N2, Ar, (02) CO2, (H20) CO: N2, Ar, (02) H2, CO

W Cooling ;:>
i | MeO, | | MeO,
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Figure 61: Comparison of chemical looping combustion (Ca’and chemical looping
reforming (CLR,b) procesg§23§

The CLR process operates in alternative cycles betwéteam reforming and

Gegeneratiom f t h e c at.dheheatgeneratedtduritdy oridation of metal
oxide is utilized in the endothermic steam reforming reactiohe fuel reactor (FR),
reforming and reduction reactions take pla€q.(6.3-6.5 while in the air reactor (AR)
the regeneration of the catalyst takes place via oxidation readfign6.). Iron, nickel,
copper and manganese are the most prom@3ifg. The daracteristics of all these metal
oxides (FeOz, NiO, CuOandMn20s) were investigateth literatureon the basis of their

reactivity, regeneration ability and their ability to avoid carbon deposition. NiO was found
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thebest amongst all these aihdhows high selectivity towards, production. NiO does
not agglomerate after many cgslof oxidation and reductiolln,Oz shows some minor
signs of agglomeration, CuO does not show any structural change &€ 800 FeOs
shows a complete changeitsf structure at 900C. So the reactivity was in the order of
NiO/SiOz > CuO/SiQ > Mn203/SIO, > FeOs/SiO; [239. Ni is the most interesting
amongst all othe available OTMor reformingbecause of its strong catalytic properties
[24Q. The reaction scheme proposeddyymar et al.[22] in the fuel and the air reactor

Is given as

Fuel Reactor;

#( (/1 P # o( Y( CcTBHET I )
#/ (/1 P #l ( Y( TEETI ©8
. El -#( O -#] -( / . E¥Y( T&EET I oD
Air Reactor;

E g/ 0. EJ ¥( CTEFIT ] o

Later on Lyon andCole proposed another interesting approach by combitiiadCLR
andSE-SMR process. This concept wksgernamed ashe sorption enhanced chemical
looping steam reformingSECLSR) process. In this process, the carbonatemaction

(Eq. 6.7),

#AL # P # A Y( PXMEET I o

in the FRis usedto enhance the performancetbéreforming reactionandthe heat of

the catalyst oxidation was used fibre regeneration othe sorben{35, 37]. Rydén et al.

[19] used three interconnected fluidized bed reactor having NiO as OTM and CaQ@ as CO
sorbent The FR or reforming reactor was operating at low temperature.cbmsydered

the SMR reactions, reduction of OTMd. 6.3-6.5 and sorption of C®on the surface

of CaO Eg. 6.7) in the reforming reactor system. The overall reaction heat makes the
process thermaeutral in nature. In calcination reactor, they used steaegenerate the
sorbent (reverse reaction of carbonatigq, 6.7) and catalyst was +exidized €q. 6.6

in the AR. As the oxidation reaction is highly exothermic reaction so the AR operated at

much higher temperature as compared to FR.
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Rydénet al.[19] developed a process model of-SESR process on Aspen plughree
interconnected fluidized bed reactors and three cyclonesusedeto simulate the whole
process. The reactors were modelled on the basis of minimizing Gibbs free energy and it
was observed that the process operated at 580 °C and 1 bar produced almost 99% pure
H> with 95% CQ captue. Pimenidou et al.[39] proposed the packed bed reactor system

for Hz production from waste cooking oiln the experimental work, reactsystem
contained NiO (18vt. % NiO supported on ADs from Johnson Mattheygs OTM and

CaO as sorbentulkarni et al. [38] proposed the gasification technology for the
production of H and sequestration ready &@hey produced the high purity ok Mith

almost zero emission of COThe efficiency of th@rocess was better than the integrated

gasification combined cycle (IGCC) process with conventional $&paration.

The mathematical modelling of the €E.SR process in a packed bed is not reparted

the literature. To fill this gap, a ofdmensional mathematical model of the-SESR
process is developed and implemented in gPROMS model builde? thd the solution

of model equations in this work. The overall model is divided intersatlels ofthe FR

and AR, representing the reactor operating under fuel and steam feed, and the reactor
operating under air or £enriched air stream, respectively. This may apply to a single
reactor with alternating feed streams, or to several reactors operatastiggbred feeds,
similar to PSA reactors or regenerative heat exchangers. The modelling of reduction and
oxidation mechanisms is discussed first, followed by the overall modelling of the SE
CLSR process as shownhigure 6.2 The submodels (oxidation/SESMR/reductions)

are also validated against the experimental data reported in the litgrtudd, 241].

Before starting the modelling work, equilibrium results for-GESR under various
operating conditions of temperature, pressure, steam to carbon ratio (S/C), CaO/C and
NiO/C are generated usirafpemical equilibrium with application (CEA) software. The
thermodynamic results for SMR, SEMR and SECLSR processes are compared in
terms of CH conversion, Hyield, H; purity and CQ capturing efficiency.

The mathematical model of SEMR process is aady discussed i€@hapter 5. This

model is used in the FR along with the reduction mobet reactions and kinetic rate

equations used to model the process, shoviigare 6.2, are listed inrable 3.4
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Figure 62: Hierarchyof modelling methodology adopted for the-SESR process

6.2Thermodynamic analysis ofthe SE-CLSR process

Prior to the modelling of the SELSR process, sensitivity analysis under equilibrium
conditions is carried out to find out the optimum conditions lier SECLSR process
Andy et al.[242 performed the thermodynamic analysis using Aspen Plus and compared
SMR, SESMR and SECLSR processed he pressure range they used for the analysis
was 110 bar, while in the industrial processes farpgrbduction the pressure range used

is 20-35 bar. In this work, CEA is used to generate the equilibrium results. The effect of
temperature, pressure, S/C, CaO/C and NiO/C on @Hversion, H purity, H yield

and CQ capturing efficiency is studied und#re equilibrium conditions. To calculate

the conversion of Ck the purity of H, H yield (wt. % of CH) and CQ capturing

efficiency foll owing equations are used,
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6.2.1 Effect of pressure

Although low pressure favours both SMR and-SHR, to investigate the SELSR
process with respect to its application in industrial process, elevated pressBoeb@0)
conditions are usedh Figure 6.3 (a-d) effect of pressure on GHonversion, Hpurity,

H2 yield (wt. % of CH) and CQ capturing efficiency is shown. The effect of pressure is
studied in the pressure range eBQ bar. As it was predicted, higher pressure gives the
lower conversion of Ckbut still higher than the conversion achievecdase of SMR
and SESMR processes under the same operating conditions. The drop ao@Hrsion

in SECLSR process is from 98.4% to 79.5% as the pressure increases3®@tat. In

the range of 280 bar, drop in Ckconversion is 85.0% to 79.5%. Théeet of pressure

on H purity is shown inFigure 6.3 (b). It is clear that H purity increases as pressure
increases from-5 bar. The increase iniurity is 95.5% to 97.2% as pressure increases
from 1-5 bar. As pressure increases beyond 5 bar, the drop parity is observed. H
purity goes down to 92.7% at 30 bar. Under the same conditions, drappurity for
SMR and SESMR is 76.456.5% and 9.4-90.8% respectively. So the purity of ks
higher in case of SELSR process as compared to SMR andSBHER processedn
Figure 6.3 (c), the yield of R is lower in case of SELSR as compared to SEMR
process. The reduction of NiO in SEHSR processiields more carbon containing
products (CO and C{pthan H, hence lower yield of Kis achieved. On the other hand,
reduction process is not considered inSMR process. Hence, higher yield of &k
compared to SEELSR process is observdd.Figure 6.3 (d), CO; capturing efficiency
results show that higher pressure causes drop yc@@uring efficiency. In case of SE
CLSR, the drop in C&xcapturing efficiency is from 84.08% to 79.06% as pressure moves
from 1-30 bar. It can be seen that there is in@ea<CQ capturing efficiency as pressure
moves from 110 bar, as in this range the partial pressure of 8nigher than the
equilibrium partial pressure, hence the carbonation reaction shifts towards product side
[34].
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Figure 63: The effect of pressure on a) €ebnversion; b) Hpurity; c) H yield (wt. % of
CH,) and d) CQcapturing efficiency at 923 K, S/C of 3.0, CaO/C of 1.0 and NiO/C of 0.5

6.2.2 Effect of temperature

To study the effect of temperature GRl4 conversion, Hpurity, He yield (wt. % of CHa)

and CQ capturing efficiency for SMR, SEMR and SECLSR processs high pressure

(30 bar)condition is used. The increase in £tbnversion ifrom 224% to 86.1% as
temperaturevaries from 300°C to 800°C in the SEECLSR process. CHconversion in
SE-CLSR is higher than SMR dnfSESMR. H purity and CQ capturing efficiency
follow the same trendn Figure 6.4 (b), the maximum K purities achieved at 973 K are
93.9% and 91.0% in SELSR and SESMR process respectively. The temperature of the
system above 973 K causes a drop inpHrity as the carbonation reactiofq( 6.7)
deactivates at such a high temperature in favour of calcination, hence the drop in CO

capturing efficiency observed as showrdrigure 6.4(d). It is concluded that under high
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pressure (30 bar) condition, 9833 K temperature range is the optimum range for SE

CLSR process.
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Figure 64: The effect of temperature on the a) {dnversion; b) Hpurity; c) H yield (wt. %
of CH4) and d) CQcapturing efficiency at 30 bar, S/C of 3.0, CaO/C of 1.0 and NiO/C of 0.5

6.2.3 Effect of S/C

As in the reforming reactionssteam is required to convert the £idto Hz product.

Excess of steam favours the reforming reaction towards more productienAifitdugh

higher SC (>2)favours CH conversion and causes more formation obfis causes

increase irthe carbonatiorandhencepromotesH> purity. But higher steam requirement

has anegative impact on the overall operational cost of the prpagssergyis required

to produce large quantity of steam. So there is always adfatbetween the selection

of S/C and overall operational cost of the processa@industrial scaleS/C of 3.0 is

preferred for reforming reactionidnder the equilibrium condins thecomparison of the
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CHas conversiorandH> purity in SMR, SESMR and SECLSR processeat 923 K, 30
bar andS/Cof 3.0 ispresented iTable 62.

Table 62: Comparison of SMR, SEMR and SECLSR processes in terms of ¢ebnversion
and H purity under the operating conditions of 923 K, 30 bar and S/C of 3.0

Process CHa4 conversion [%)] H2 purity [%0]
SMR 34.2 56.5
SESMR 71.4 90.8
SECLSR 79.5 92.7

6.2.4 Effect of CaO/C and NiO/C

The effect of the amount of CaO based sorbent on the performanceQifSEprocess
Is shown inFigure 6.5 (a-c). The maximum increase in Gldonversion is observed at
CaO/C of 0.8 i.e. 80.5%. Further increase in amount of CaiDBjhas a negative effect
on CQ capturing efficiency. Similarly, the purity ofHand H yield (wt. %) increases
with CaO/C as shown ifigure 6.5 (b-c). The purity of H increases from 55.2% to
92.7% whereas the yieldcreasedrom 15.6% to 33.8% asd®/C increases from-D.
However, when Hlyield is calculated on the basis of £&lailable for steam reforming
(i.e. not counting Chlused in NiO reduction), thezHield varies from 17.8% to 38.6%
for SECLSR.So the CaO/C between 0180 is consideredsathe optimum ratio for SE
CLSR process under the conditions of 30 bar, 923 K and S/C of 3.0.

As the amount of NiO increases in the reactory €bhversion also increases as there is
more demand in NiO reductant. But this makes lessavhiilable for reforming reactions
hence lower yield of His achieved as shown igure 6.6 (b). The yield (wt. % of Chk)

of Hz drops from 36.1% to 31.7% as NiO/C increases frein 8light improvement in

H> purity is observed as more conversion ofs@thkes more Hand CQ, so carbonation
(Eqg. 6.7) shifts towards solid product. This results inwith higher purity. The purity of

H> increases from 90.8% to 95.2% as NiO/C increases frdn@.0This makes a trade
off between the yield of Hand CH convesion during SECLSR process. The NiO/C of
0.5 is picked as optimum ratio as it gives £&idnversion, C@capturing efficiency, ki
purity and H yield (wt. % of CH) as 79.46%, 79.06%, 92.74% and 33.8% respectively.
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The above thermodynamic analysis is carried out by keepingind the industrial
application of the SEELSR process. As already discussed, industrigbidduction via
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SMR is a mediunrhigh pressure process. Therefore, the optimum conditions for
temperature, pressure, S/C, CaO/C and NiO/C obtained through thermodynamic analysis
are 923973 K, 30 bar, 3.0, 1.0 and 0.5 respectively.

6.3Mathematical modelling

A 1-D heterogeneous mathematical model of @ESRin an adiabatic packed bed reactor
is developedisinggPROMSmodel builder 4.1%. This modelaccounts for mass and
energy transfer in both gas and solid phase. In this modelssumed that;

h) The flow patterrof gases irthepacked bed reacts plug flow in nature.

i) The temperatureand concentratiorvariatiors along the radial direction dahe

reactorarenegligible.

j) The active surface dhecatalyst and sorlnt facilitates the reforming reduction,

sorptionand oxidatiorreactions.
k) ldeal gas behaviour apetin thiswork.

[) There is no heat transfer fralmesystem tahesurrounding and from surrounding

to the system. The operati@adiabatic in nature.

m) The size ofthe catalyst and sorbermtre uniform and theporosity of the bed is

constant.
6.3.1 Governing equations

One of the most important parameterthe design and the performance of the reactor is
the kinetic mechanism. The overall behaviour of the reactor dependsthgcet of
reactions chosen topeesent the chemical procegvalues used for the pexponential
factor and activation energgnd thereaction rate equations used in modelling the reactor
[148. The reaction schemend the rate equations usedhis workaresummarizedn
Table 3.4 The oxidation oiNi basedoxygen carrie(OC) [R4] is very fast and highly
exothermidn nature The amount of heat released durxgdationmainly depends upon
the concentration of £n N.. Higher the amount of Dhigher will be the amount of heat
released.The amount of carbon deposited on the surface of catalyst during chemical
looping reduction cycle is oxidized to CO and J@the oxidation cycle [RR4]. The
reduction reactions of Ni based OG{Rg] along with the SMR [, WGS [Ruq], overall
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reforming [Ru4], dry reforming [R2], methane decomposition {f, carbon gasification

with steam [R4], carbon gasification with C£JR1s] and CQ adsorption [Rs] are the
typical reactions included in the chemical looping reduction. The reactions bepase

components and the catalyst support are neglected in this work due to the lack of data

available in the literaturgl49. The kinetic rate constants and the equilibrium constants

used in the rate equations are temperature dependent terms and their equations as given

in APPENDIX E. On the basis othe assumptions, reported above, the mathematical

equations for mass and engrgalance within the reactor filled witthe sorbent and

catalyst particles are listed able 6.3. The equations used tieterminethe physical

properties, involved ithe modellingarealready discussad Chapter 4(Eq. 4.114.21)

Table 63: Summary of mass and energy balance equations used to simDitetdrogeneous

packed bed reactor

Mass and energy lance in the gas phase

W  hO# EA 4 # g N#
R Tw of Y

# L On# hd EA 4 4 ha
RM7 Y Y

Mass andenergy balancein the solid phase

EA# #; p RM O m O p m

Mass balance fddi reduction

i 2 2 2 2 i
Ko S ' °© X6
Mass balance fazarbon

A

—a 2- -
@]

On the basis of reactionsinvolvetdh e r at e

is given as;
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f or mat i
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The boundary conditions and initial conditions dise solving the mass and energy
balance equatiorare as follovs;

Boundary conditions;

At reactor inlet (z=0

# #p n 4 4 N 4 44 N 0 0
# # N # #

At reactor outlet (z = L)

T ™

% "~ T xw ™ N w5 T

Initial conditions;

# #r N 4 4 N 4 45 n 8 n N #AO0AIm
& N Tt

As aninitial condition, it is considered that no gas componeptasentvithin the reactor

so the concentration of gas species is zero at the start i.e. at t = 0. But by putting the
concentration ofHz to zeromakes the rate ofeforming reactions(Re-R11) infinite
(denominator equals to zero). To avoid this, a very smaihimioncentration (~16) of

H is used in the model.

In the reactor model linear and ntmear partial differential equations (PDES), algebraic
equations, and initial and boundary conditions are involved, and gPROMS was used to
solve these equations. @lsensitivity of the model was first checked for discretization
ranging from 1601000 intervals and model was found independerthefnumber of
intervals Finally, the reactor was axially discretized by 100 uniform intervals for this
paper and output resslwere reported after every one second. The first order backward
finite difference method (BFDM) was used to solve the PDEs using initial and boundary
conditions as mentioned abovehe model of the packed bed reactor was assumed to
follow the nonideal gug flow behaviour. In gPROMS differential algebraic solver
(DASOLV) was usedo solve the ordinary differential equation (ODEs). DASOLV
converts the PDEs into ODESs, aritigtder RungeKutta technique was used to solve the

systemof equations
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6.4Results anddiscussion

The modelling results of SELSR process are divided into two parts. In the first part
individual models of reduction of NiO and oxidation of reduced Ni catalyst are validated.
Later, the models of FR (reduction and-SER model) and AR (oxidatn model) are
combined and cyclic process of SESR is studied.

6.4.1 Validation of NiO reduction under CH4 feed

The experimental data dliuta et al. [43] is used to validate the modelling of NiO
reduction process. They used a fixed Imeigro-reactor apparatus to investigate the
reductionand oxidation (redox) of the Ni catalysts having ADs as a support. The
loading of the catalyswas 0.1g powerwith particle diameter 148 m. An el ect
furnace (Hiden Catlab, Hiden Analytical Inc. Livonia, MI) was used around the fixed bed
micro-reactor to maintain the temperature ofris&ctor The brooksnass flow controllers
(MFC) were used to measure the flow rate of gases going into the reactor. They wsed CH
in Ar as the redcing gas for the OTM. Experiment was initiated with the supply of CH

to the reactor and Ar to the vent. After a pdriad 10 min feeds were switched off and
reactorwas purged for 2 min before starting the oxidation cycle. The m@actor was

of quartz material having 4nm internal diameterThey conducted the reduction
experiments in temperature range of 800 °C.The schemat of the fixed bed micro
reactor system ishownin Figure 6.7. The experimental conditions used for the model

validation are listed idppendix F.
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Figure 67: Schematic of the fixed banicro-reactor experimental set{3]
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In this section the experimental results relatethémole fraction of CH, Hz, CO, CQ
and HO are used to validate the modelling results. Laterttus experimental results

related to the conversion of OTM are used to validate the modelling results.

In Figure 6.8 the outlet mole fractions of product gases ahown. The length of
reduction period is 60 s. In experimental work the outlet compositions of the product
gases is delayed by 1@ s, hence the results presented in figure 6.9 are adjusted
accordingly. The delay in output results is because of thderex time of the gases
between the 3 way valve and gas analyser. The dots in the figure are the experimental
results and sdtilines are the modelling results generated on g°PROMS. These results are
generated at 800°C and 1bar. As discussed in the exgragahsection, 10% CHn Ar is

used aghereducing gas in this process. The results show that within no time (~6s) the
mole fraction of CH goes to 0.007 and 0.006 in modelling and experimental case
respectively. In this period entire Gk$ converted to CO, COH; and BO. The mole
fraction of HO is highest at the start as compared to other product gases. This is because
of reduction reaction 1 and R{ andRe). As the OTM reduced to Ni and formation of

H. takes place, this Hurtherreduced the NiO according Rs and HO is the dominant
product at the start of the reduction process. The maximum mole fractio® afithined

during modelling and experimental work is 0.083 and 0.080 respectively.

During the initial stage of the redimh process, the formation of G& dominant as
compared to the formation of CO. This confirms that @@mation takes place according

to Rs andRy7 at the same time. The formation CO Racauses increase in the amount of

CO at the outlet of the reactor but at the same time this CO takes part in the reduction of
NiO and formation of C®is observed. So in the initial stage of the reduction process
COz amount is higher than the amount of e mole fraction of klis the highest in

later part of the reduction process and it reaches 0.101 and 0.106 in model and experiment
respectively. The rise in the amount ofibl steep in both model and experiment. As the
amount of @ in OTM reduces, théormation of product gases also decreases and the

amount of CH at the outlet of the reactor increases.

157



0.12

0.08 -

0.06 -

0.04 -

Gas composition [dry mole fraction]

0.02 -

0.00 @
0.0 0.2 0.4 0.6 0.8

Time [min]

Figure 68: The distribution of gas products at the exit of reactor under the operating conditions
of 800°C, 1 bar and 10% CHn Ar as reducing gas. Dots are the experimental values and solid

lines are the modelling results.

The experimental and modelling results showRigure 6.8 are in excellent agreement.
Under the same operating conditions i.e. 800 °C, 1 bar and 108@ as reducing

gas, the fractional conversion of NiO to Ni is reported as 0.96 in the experimental wok of
lliuta et al. [43]. In Figure 6.9,the dynamic profile of NiO conversion is shovitncan

be seen that the conversion of NiO reaches to its maxivaiue very fastAfter 60 s the
conversion pf NiO achieved is 0.97 in modelling work which is in excellent with
experimental value of 0.96. At the conversion of NiO increases, the amount of Ni in the
reactor increases hence the value of NiO with respewiti@ amount of NiO decreases

as shown irFigure 6.9. In this figure the dynamic profile of carbon formation on the
surface of catalyst particle is also shown. The experimental value reported for carbon at
the end of the reduction process is 8% carlmal% Cota). The modelling results are

also in good agreement with experimental values. The formation of carbon is zero at the

start as more £is available for the formation of carbon containing product gases (CO
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and CQ). As the amount of ®in OTM decreases, the formation of carbon on the
catalysts surface increases. By analysing the formation of carbon, it is observed that when
the conversion of NiO exceeds 72% the accumulation of carbon on the surface of catalyst
starts.The modelling ancexperimental results shown Figure 6.9 are in excellent

agreement with each other

In the following section the results related to the rate of reduction readRetis) are
presented. As already discussed in the above section that the reductionseaetizery
fast and the formation of At initial stage promotes further reduction of the NiO and

more HO formation takes place.
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Figure 69: The dynamic profile of NiO conversion and carliormation under the operating
conditions of 800 °C, 1 bar and 10% £H Ar as reducing gas.

In Figure 6.10, the dynamic profile of the rate of reduction reactions at different location
of thereactor (entrance, middle and at the exit) is demonstratettheAgntrance of the
reactor the dominated reaction is Re. partial oxidation of CkH According to this
reaction main products are ldnd CQ. There is no formation of CO in this reaction. It
can be seen that rate of iRaction, oxidation of CO, is alrabnegligible here. The second
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most dominating reaction at the entrance of the reactariie.Bartial oxidation of CkH

to CO and H. As we move towards the middle of the reactgrNRO reduction with H,
starts dominating the process. In the middlehefreactor enough CO is already formed,
so Ry reaction is also taking part in reducing the OTM. At the exit of the reactor again R

is thedominant reaction and dictates the product compositidhe exit of the reactor.
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Figure 610: Dynamic profile of reaction rates of reduction reactions at the entrance, middle and
at the exit of the reactor at 800 °C, 1 bar and 10%i€Hr as reducing gas.

In Figure 6.11 the temperature profile at the exit of the reactor is shown. As shown in
Figure 6.10, the dominating reduction reaction at the exit of the reactog eng this
reaction is exothermic in nature hence it causes increase in the temperature of the reactor.
The R reaction is also an exothermic reaction and it also has a positive effect on the

temperature of the reactor. The maximum temperature of the reactor achieved is 1172.7
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K i.e. rise in temperature is 99.6 K. With the passage of timan& R reactiors are no
more the dominating reaction and &vertook these reactions (as showfigure 6.10),

hence a drop in the temperature of the reactor is observed.
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Figure 611 Temperature profile of theroduct gases at the exit of the reactor at feed
temperature 800 °C, 1 bar and 10%4@HAr as reducing gas.

The effect of temperature on the conversion of NiO is presentédyime 6.12. The
temperature range G73-1150K is used in this setivity analysis.The conversion of
NiO is less than 80%er a temperaturbelow 773 K. Thereforetemperaturdigherthan

773 Kis used as the starting point for this analysighe exit of the reactor, the maximum
conversion of NiO to Ni at 773 K is 80 It increases from 998% as temperature
increases from 873073 K. For temperature higher than 1073 K, there is no further

increase in the NiO to Ni conversion.

It is observed that at temperature 1073 K, 90% NiO conversion in achieved within first
21 srun at the exit of the reactor. The same value of NiO conversion is achieved at 873
K and 973 K in 29 s and 51 s respectively. This shows that higher temperature favours

the reduction reactions and it promotes the conversion of NiO.
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Figure 612 Dynamic profile of the fractional conversion of NiO to Ni in temperature range of
7731150 K using 10% ClHn Ar as reducing gas

It can be seen ifrigure 6.13 (a & b), the rate of partial oxidation of GHRs) and
reduction of NiO with H (Rs) increases with increase in temperature. The rate of partial
oxidation of CH (Rs) at 1073 K (0.347xI®mol kg' s1) is 10 times higher than the rate
at 773 K (0.03x18 mol kg s1). Similarly the rate of NiO reduction with, (Re) at 1073

K (0.429x10* mol kg s?) is around 4 times higher than the rate at 773 K (0.115x10

mol kgt s?).
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Figure 613: Effect of temperature on the rate of reduction reactionsgahp&b) R]
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Another importanparameter that effects the conversion of NiO to Ni is the amount of
CHain the inert gas. As CHs the reduaing gas in this modelling work aride percentage

of CHs in the feed effects the reduction rate amelconwersion of NiO.In Figure 6.14,
theeffect of CH concentration, in the feed gas, on the conversion of NiO is studied. The
amount of CHin Ar is varied from 520%at constant temperature (1073 K)cén been
seen that higher amount of Chh the feed gas promotes the conversion of NiO. The
conversion of NiO idow in case of 5%CHs in thefeed gas. The maximum conversion
achieved in this case is 93% as compared to 99% wherCr%s used irthefeed gas.

As the amount of Clrin feed gas increasescauses morsupply cost of Ckl Therefae,
thereis a tradeoff between the selection tiieamount of CH in thefeed andhe costof

the processThe optimum value of CHn thefeed gas is 1% as it give®98% conversion

of NiO at 1073 K

Fractional conversion of NiO [-]

0 10 20 30 40 50 60

Time [s]

Figure 614 The effect of CH concentration on the fractional conversion of NiO at the exit of

reactor under the operating temperature of 1073 K.

In Figure 6.15 (a-b) the effect of temperature and NiO conversion on the rate of reduction
reactions Rs andR7) at the ex of the reactoiis presented. As in previous results the
optimum temperature obtained for the reduction reactions is KG&ai3d the optimum
amount of CH in feed is 10%, so these conditions are ugeithis caselt can be seen

that with the increase ioonversion of NiO the rate of reduction reactioRs &nd R7)

also increases. So the rate of reduction reactions is dependent on the amount of both Ni

and NiO.As the conversion of NiO decreases to zero the rate of reduction of NiO with
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H> and CO also deerses to zero. ligure 6.15 (b) with the increase in the temperature

from 7731273 K, the reduction rates also increases.
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Figure 615: The effect of a) NiO conversion (at 800°C) and b) temperature (at 50% NiO

conversionpn the rate of reduction of NiO {Rnd R)

6.4.2 Validation of Ni oxidation under air and Oz enriched air feed

In the previous section modelling of NiO reduction by using: @sireducing agent is
discussed and it is observed that high temperature promotexitietion process. After
the reduction of NiQthere is need to rexidize the reduced catalyst fure chemical

looping process. In this section modelling of AR is executed.

To validate the mathematical modef the Ni oxidation the experimental work of
Monnerat et al.[24]] is used here. The schematic diagram of their experimental work is
shown inFigure 6.16. A fixed bed quartz reactor (ID &$mm and L = 230nm), having

Ni as catalyst (~210ng), was used. To control the flow diie inletgases masiow
controllers (Brooks Instrument B.V., Veenendaal, and Bronkhorst-Hegih B.V.,
Ruurlo, The Nethdands) were used. An electrical oven was used to heat up the reactor
and K-type thermocouples (Philips AG, Dietikon, Switzerland) were used to monitor the
temperature of the catalyst bed. Pressure gauges (Wika AG, Hitzkirch, Switzerland) were
used at theipstream and downstream of tieactorto monitor the pressure of the fixed

bed catalytic reactor. The effluesnnountof the product gases was measured by using a
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quadrupole mass spectrometer (MS) (type QMG 420, Balzers AG, Principality of
Liechtenstein)The catalyst bed was heated from room temperature t6@®@Y using

H> as feed gas. Later pH> was switched off and Ar was allowed to flush teactorand
temperature of the reactor was set to the desired temperature. The oxidation of catalyst
was peformed by supplying controlled amount of air into the fixed bed reft®HR41]].
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Figure 616: Schematic of the experimental sef@g]]

The experimental output in terms of temperature and mole fraction atf tBe outlet of
reactor is used fahevalidation of themodel In the following section the mathematical
modelling of oxidation process is discussé&tle experimental conditions used in this
model are listed IAPPENDIX G.

In Figure 6.17, the effect of temperature on the outlet mole fraction pis(presented.
Thedots are experimental values and solid linedtaenodelling resultsThe oxidation
of Ni process is run at 1.5 bar usi@® O in Ar as a feed ga3heoxidation process is
highly exothermic in nature so it is favourable at lower temperature. The prodle
fraction at theexit of the reactor shows the degree of oxidatidine amount of Q is
almost zerat the starin all cases and it increases with the passage of Emally, after
100s the outlet mole fraction of£s 0.08 in all temperature caséfe steady state mole

fraction of Q is achieved from 110 s to onwardis confirms the complete oxidation
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of Ni to NiO as the outlet mole fraction ok @ same as the inlet mole fraction of ®he

modelling resultst@ in excellent agreement with the experimental results.
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Figure 617: The effect of temperature on the mole fraction paCthe outlet of reactor under
the experimental conditions of 1.5 bar and 8%nCAr as oxidising gas.

As the Ni oxidation processs assumed to be an adiabatic proceksreforethe
temperature rise under the adiabatienditions ispresented inFigure 6.18. The
modelling results are compared with the experimental variation of temperature under the
conditions of 77X feed temperature, 1.bar and 10%0; in Ar as feed gas fothe
oxidation processAn initial rapid rise inthe temperature is observeuhd after 4% of
operationthe temperaturedecreasesThis is because initially all Ni is available for
oxidation process but as the conversion of Ni into NiO increases, the amounhdh®

exit also increases and temperature of the system goes @bevmaximumpredicted
temperature achievdatle modelling i823K i.e. rise of 5K from thefeed temperature.

The temperature dhe system goes to 776 after an operation of 188 It can be seen

that modelling results are in excellent agreement wigeemental values.

The model is further validated by varying the amount efil®©the feed gas. As ithe
oxidation process the vital parameter is the amountah @efeed, so the effect of O

concentration on the performancetbé oxidation process istudied. InFigure 6.19
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experimental (dots) and modelling results (solid lines) ofmOle fractiors at the exit of

thereactor for various concentration of 0 thefeed are shown
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Figure 618 The dynamic temperature profile under the operating conditions of 773 K feed
temperature, 1.5 bar and 8%i0 feed gas. Dots are the experimental values and solid lines are

our modelling results.
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Figure 619 Modelling and experimental response of the outlet mole fraction tdr@ifferent

concentration of @in feed gas under 773 K feed temperature and 1.5 bar.
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The amount of @in thefeed has positive effect on the rate okidation of Ni catalyst.
The higher amount of £in the feed (10%) causes the oxidation process to reach the
maximum value earlier than the lowemountof O, (4%). The modelling results are in

excellent agreement with the experimental results.

Thevalidated model of oxidation process is run at different temperatures to observe the
effect of temperature on the conversion of Ni to NiO. The feed used for this sensitivity
analysis is 21%0. in N2 (Air). In Figure 6.20 (a) the effect of temperature on Ni
conversions studied The maximum conversion of N99%)is achieved at 97K. The
highertemperaturgoromotes theate ofoxidation reaction as can be sdégure 6.20

(b). It can be seen that there is little difference in the final conversion of &lysaas the

temperature increases from 6933 K.

The higher amount of Oin feed promotes the oxidation reaction and hence the
conversion of Ni to NiO. To investigate the effect of €@ncentration on the rate of
oxidation reaction, temperature and eersion of Ni to NiO, a sensitivity analysis is

performed by varying the concentration ofi@feed from 521%.
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Figure 620: Effect of temperature on the fractional conversion of Ni catalyst and the rate of

oxidation reactiorunder the operating conditions of 1.5 bar and 219 @®; as feed gas.

In Figure 6.21 (a-d) the dynamic profile of the temperature, rate of oxidation reaction,
conversion of Ni to NiO and the maximum temperature achieved for different
concentration of @in the feed at the exit of the reactor is presented. As it was predicted

that higher concentration of2@n the feed promotes the rate of conversion of Ni to NiO.
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Figure 6.21 (a) shows that as th@ncentratiorof O; in feedincrease$rom 521% in N,

the conversion of Ni to NiO increases from3®% under the condition of 7K3as feed
temperatureThe maximum conversion of Ni (98%) is reached within 100 case of

21% Q in feed gasln Figure 6.21 (b) it can be seen that when tbencentratiorof O,

is higher in feed, the rate of oxidation is very high as well. The rate of oxidation process
is 5 times higher when th@ncentratiorof O in feed is 21% as compared to the rate
when theconcentratiorof Oz is 5% inthe feed. This higher amount of.Gn feed also
causes massive rise the temperature of the packed bed reactor. The maximum
temperature achieved in case of 5%, 10%, 15% and 2:li#%f€ed is 808 K, 8218 K,
835.7K and 8472 K respectively as shown iRigure 6.21 (d).The higher temperature

within the system promotes the rate of reaction hence the conversion of Ni to NiO.
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Figure 621 Effect of Q concentration in feed on a) the conversion of Ni; b) rate of oxidation
reaction; ¢) temperatudd the product gases at the outlet of reactor and d) the maximum
temperature achieved under the operating condition of 773 K, 1.5 bar and mas flux of &.4 kg m
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These results clearly dictate that amount pié&s a vital role to play in overall conversion
of Ni into NiO. In modelling SECLSR process 21% . in N2 is used as feed for the
oxidation cycle.

6.4.3 Modelling of the FR

As in the hierarchy of modelling methodolqgtyis explained thathe FRmodelis the
combination of SESMR and reduction process The mathematical model of SEMR
developed irchapter 5is used in this work along witthereduction model developed in
section 6.4.1The ghysical parameters and operating conditions used to rtieelERare
given inAPPENDIX H.

The feed inFRis steam, Cklard inert gas (N) at gas masfux of 3.5 kgm?s?. The
results developed in mathematical modelling are comparedthétbquilibrium results
and later orFR cycle will be combined withAR cycle in orderto model the entire SE

CLSR process.

In the packed bed reactor the initial amount of Ni is almost zero as it is availatble in
reactor in the form of NiOThereforeat the start the contribution of reforming reactions
towards the overall performance of the system is negligible. The dynamic prdfie of
temperature at the exit of reactor is showrrigure 6.2. The decrease is temperature

from 973 K to 920 K is varsharp. In this period the dominant reaction is the reduction

of NiO to Ni. As the reduction of NiO to Ni is highly endothermic in nature and process

is adiabatic in nature, so a sharp decrease in the temperature is observed. During the
reduction, the re@frming reaction is also taking place as reforming reaction requires Ni
surface to proceed. After the decrease in temperature from 973 K to 920 K, there is
gradual increase in the temperature of the process. Temperature increases from 920 K to
940 K, this ncrease in temperature is due to the carbonation reaction. As soon as CO
produced during the process, the sorbent starts working andds@rption enhances the
reforming reaction. The highly exothermic €&lsorption reaction causes increase in the
temperature of the packed bed reactor. As time reaches 600 s, a gradual drop in the
temperature is observed from 942 K to 900 K. This drop in temperature is the clear
indication that sorbent has reached to its maximum saturation. This period, from 600 s to
~1400 s, is known as breakthrough period (as discussed in chapter 5). After this

breakthrough period no more adsorption of.@D the surface of sorbent takes place,
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hence the only process after breakthrough period is conventional SMR process. The
period afer 1400 s is known as pesteakthrough period and a steady state profile of the

temperature is observed in this period.
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Figure 622 Temperature profile in the FR under the operating conditions of 30 bar, feed
temperature of 973 K, S/C of 3.0 and gas mass flux of 3.5%g'm

As discussed earlier that drop in temperaturihatinitial stageof the FR indicates the
domination ofreduction reactions. At this stage of the process entirgi€Hsed for the
reduction of NiO to NiTherefore theCH4 conversion is almost 100% at the start of the
process butwith time the drop in CH conversion is observed. During the pre
breakthrough peod (t < 600 s), the conversion o€CHs is 704% against the value of
694% and 28% CH; conversion in SESMR and SMR process respectively. Under the
same operating conditions of 9KJeed temperature, 3bar and S/C of 3.0, the purity of
H> obtained inFR, SESMR and SMR process is 85.8%, 82.5% an@%2.espectively.
This showsthatthe CQ capturing efficiency is higher iRR as compare to SEMR
processThe CQ capturing efficiency inhe FRand SESMR under the same operating
conditions is 68% and 3.6% respectively. The yiel@vt. % of CHs) of H is bit higher

in SESMR process as comparedtbe FRcycle of SECLSR process. This is because
H2 is used inthereduction & NiO to Ni in the FRwhile no R is used as a reducing gas
in the SEESMR processSo the Hyield (wt. % of CHy) is 273%, 27.6% and 14.1% in
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the FR SESMR and SMR process respectively. The comparison of these three
processes on the basis of £tbnversion, Hyield (wt. % of CH), Hz purity and CQ
capturingeffici ency ispresentedn Figure 6.23.
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Figure 623 Comparison of FR, SEMR and SMR process on the basis of,Cbhversion, H
yield (wt. % of CH), H purity and CQ capturing efficiency under the operating conditions of
973 K, 30 bar, S/C of 3.0 and gas mass flux of 3.5 kg

The higher pressure is not favourable for reforming process as discusbagter 4. So

higher the pressure of the system, lower wdlthe conversion of CH The effect of
pressure on the temperature profile, Cébnversion, H purity and CQ capturing
efficiency is presented iRigure 6.24 (a-d). The temperature profile in pleeakthrough

periad is almost same for athe pressure catitions. Although the duration of pre
breakthrough period is different for different pressure conditions. Irlpeakthrough

period the minimum temperature is reached when pressure is 5 bar. The minimum
temperature in case of 8ar and Har conditionss 900K and 85K r espect i vel y
why high pressure conditions are preferred for sorption process. The effect of pressure on
CHas conversion, H purity and CQ capturing efficiency is very significant. In pre
breakthrough period the conversion of 48197.2%, 89.8%, 78.4% and 70.8% fdv&r,

10 bar, 20bar and 3(bar respectively. The purity of Hs also maximum for lower
pressure caitions. The maximum purity of Hs achieved at Har i.e. 95.8% and CO
capturing efficiency at the same pressure i886The yield (wt. % of CHl) of Hz is also
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very high at lower pressure. Theeld (wt. % of CHy) of Hz at 5 bar, 10bar, 20 bar and
30 baris 38.2%, 35.1%, 30.4% and 26.8% respectively.

Figure 624: Effect of pressure on a) the temperature of the exit gases;dgadikrsion; c) ki
purity and d) CQcapturing efficiency under the operating conditions of 973 K, S/C of 3.0,
CaO/C of 1.0 and NiO/C of 0.5

These results suggdbat lower pressure conditions are favourable for better conversion
of CHs and for more pure #Hproduct But high pressure requirements at the downstream
process makes the high pressure conditions favourable for the industpiadddction.

In the following section the combine cycles of FR and AR are run to study the
performance of complete SELSR process. The sensitivity of the-8IESR is studied

under various operating conditions
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