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ABSTRACT

Post combustion CO; capture (PCC) has been considered as one of the near term solutions to
significantly reduce CO. emissions associated with fossil fuels combustions. To accelerate the
PCC incorporation into the energy market, various political, legal, economic and technical
challenges and uncertainties should be successfully tackled. In relation to such, this thesis
investigates methods to offer optimal incorporation of post-combustion CO; capture process

into natural gas fired combined cycle (NGCC) power plants.

The objectives of this thesis is to develop and use thermodynamic models to study various
process configurations, evaluate and quantify their benefits in terms of energy requirements
on the performance of the integrated PCC-NGCC power plants. A detailed rate-based model
of CO, absorption/stripping process using 30 wt. % monoethanolamine (MEA) as solvent was
developed in Aspen Plus® RateSep™. The developed rate-based model was successfully
validated in pilot scale using experimental data obtained from two pilot plants: (1) the
UKCCSRC/PACT CO: capture pilot plant, and (2) the pilot plant at the Laboratory of
Engineering Thermodynamicsin TU Kaiserslautern. The application and effectiveness of four
alternative process configurations were studied: two absorber intercooling processes, i.e. “in-
and-out” intercooling and “recycled intercooling”, and two stripper configurations: “ advanced

reboiled” stripper and “advanced flash” stripper.

In addition, optimal incorporation of alarge-scale PCC plant, including the CO, compression
unit, into a commercial-scale NGCC plant with a nominal power output of 650 MW, was
investigated. The performance viability of the integrated NGCC-PCC plant was assessed at
power plant full-load and part-load operations, to study the feasibility of the PCC operation at
power plants full-load and part-loads, and recognise key performance parameters require
careful consideration for a stable and efficient operation of the integrated plant at variable
loads. In addition, the performance of the NGCC, especially the low pressure steam turbine,

at various loads at times the power plant was integrated with the capture plant, and at times



the CO; capture plant was offline were investigated, and issues require careful considerations

when operating the power plant in case of non-capture operation were addressed.

This research also studied the relationship between the cost of CO. capture and the flue gas
CO; concentration ranging from 4 to 14 %. For each case, the specific regeneration and cooling
duties and total capital expenditure (CAPEX) and operational expenditures (OPEX) were
calculated and compared. Accordingly, the total annual cost of each plant (TOTEX) was
determined using the respective CAPEX and OPEX with taking into account an investment
period of 20 years and an interest rate of 10 %. Finally, for each case the cost of CO, captured

was estimated and compared.
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Chapter 1

Introduction & Research Objectives

This chapter provides an introduction to the research work presented in this thesis. It starts
with an overview and background of the global CO. emissions from fossil fuel combustion
and its future prospect. Three main technology options for CO. capture and storage are
introduced and their current development stagesin terms of commercialisation are eval uated.
Amine based post combustion CO;, capture is an important technological option for CO;
capture from power plant flue gases. The research challenges, the objectives and scope of

this research are outlined.

1.1. Global Energy Demand and Future Outlook

For all energy conversion systems, the primary goal is to provide energy services that
facilitate productivity and enhance quality of life (1). Therefore, a reliable, affordable,

secured, and sustained source of energy is avital aspect to future prosperity.

The need for and use of energy resources continue to rise to meet requirements of the
growing world population and expanding economies (2). The International Energy Outlook
projects that between 2010 to 2040 world energy consumption will increase by 56% (3). In
other words, total global energy use increases from 553 Exa-joules (EJ) in 2010 to 665 EJin
2020 and to 865 EJ in 2040 (3). Figure 1-1 shows the chronological and projected trend of
energy consumption from 1990 to 2040. Asit is obviousin Figure 1-1, most of the growth in
energy consumption occurs outside the Organization for Economic Cooperation and
Development (OECD) region, known as non-OECD countries, where the demand for energy
is driven by strong, long-term economic growth. Energy consumption in non-OECD

countries grows by 90%, whereas in OECD countries, the growth is 17% (3).
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Figure 1-1: World energy consumption trend from 1990 to 2040 in terms of Exa-joule (3)

To date, renewable energy and nuclear power are the world's fastest-growing energy
resources with an average growth rate of 2.5% per year (2,3). However, not all energy
resources are suitable for base-load electricity generation. Renewable energy such as solar
and wind are too intermittent and unpredictable to provide base-load electricity. Despite the
fact that nuclear power plants are able to provide base-load electricity, being in a post-
Fukushima world leads governments to be more cautious with their plans to expand their
nuclear capacity (2). These facts and growing concerns about energy security leave natural
gas and coa as the two main resources that could play significant roles in the near to mid-
term future of electricity generation. These two fuels have long been reliable resources for
base-load electricity generation and are expected to remain to supply approximately 80% of

world energy demand through 2040 with natural gas being the fastest-growing fossil fuel (2).

In 2005, the total share of fossil fuels excluding biomass, reached 81% with oil being the
main constituent (35%), followed by coal (25%) and natural gas (21%) (4). Although oil and
liquid fuelsin general hold the largest portion in energy supply, it is forecast that their share

will decline from 35% in 2005 to 28% in 2040 (3). Thisis mainly due to their abatement in



the electricity generation and building sectors. Figure 1-2 shows the chronological and

projected consumption trend of all energy sources over the time from 1990 to 2040 (3).
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Figure 1-2: World energy consumption trend based on fuel type in terms of Quadrillion BTU (3)

According to the International Energy Outlook 2013 published data (3), global consumption
of natural gas is projected to increase by 1.7% per year on average, from 320 billion cubic
meters in 2010 to 375 billion cubic metersin 2020 and 525 billion cubic metersin 2040. The
increase in natural gas resources, especially because of shale gas extraction, and
technological advances in drilling and extraction have contributed to this growth. Ancther
positive outcome of the outlined factorsis the price of natural gas has remained below the oil

price, which consequently supports the projected global increase in natural gas consumption.

Both eectricity generation and industrial sectors will be the main consumers of natural gas
by 2040 (2-4). These two sectors account for 77% of the total increase in global natural gas
consumption by 2040. It is projected that from 2010 to 2040, globa consumption of natural
gas for electricity generation will increase by nearly 80% (3). Figure 1-3 displays the

projected global natural gas consumption based on end-user sectors.
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Figure 1-3: Projected natural gas consumption by end-use sector in terms of trillion cubic feet (3)

Coal, on the other hand, continues to play an important role in the world energy market,
especialy in China and India. On average, coal global consumption is projected to increase
by 1.3% per year from 2010 to 2040. In general, coal and oil account for an equal share of
global energy consumption of nearly 29% in 2030. After 2030, due to a projected reduction
in China's use of coal in its industrial sector, the global share of coal consumption will

decline to 27% in 2040, compared to 28% of oil share at the same time (2-4).

1.1.1. Fossil Fuels and Electricity Generation

In 2004, over 40% of total primary energy resources, equivalent of 17,408 TWh, were used
to generate electricity. Since 1995, electricity generation has shown a steady average growth
of 2.8% per year, and on average a growth rate of 2.5~3.1% per year is expected until 2030

(3,5-6).

To date, coal owns the largest share of global electricity generation. However, its share will
decline from 40% in 2010 to 36% in 2040 whereas the share generated from natural gas will

increase. For natural gas, the trend will be from 22% in 2010 to 24% in 2040 (3,6). Figure 1-



4 shows the projected trend of global eectricity generation by energy resource type from

2010 to 2040.

By 2030, the demand for coal is expected to be more than doubled (2). At the same time, as
per the International Energy Agency estimation, nearly 4500 GW of new power plants will
be required with half of it in developing countries (3). Besides, since 1980, natural gas
electricity generation has been growing rapidly because of its innate superiorities to other
fossl fud in terms of fuel efficiency, environmental benefits, operating flexibility,

investment costs and short lead time (2).
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Figure 1-4: Projected global electricity generation in terms of Trillion kwWh (3)

Natural gas combined cycle power generation could prevail over any other type of fossil-fuel
power generation especially when the fuel cost is relatively low (2). Figure 1-5 shows the
average efficiency of electricity generation from fossil fuels (7). From an environmental
perspective, among fossil energy resources, excluding nuclear energy, natural gas has the
least emission rate per unit of energy consumed and is therefore favoured in mitigation

strategies.



50% -

45% -

—— Coal
40% A —a— Gas

—a— Oil

35% 1

Efficiency [%]

30% -

250/0 T T T T T T T T T T
1990 1992 1994 1996 1998 2000 2002 2004 2006 2008 2010

Figure 1-5: Efficiency of electricity production from fossil fuels (7)

1.1.2. Fossi| Fuels and Emissions

Fossil fuels emissions account for nearly 85% of the annual anthropogenic CO, emission (8).
In the context of climate change, it isimportant to distinguish between coa and natura gas
with respect to their CO, emission rates. Regardless of type and resource location, the carbon
content of coal is greater than that in natural gas; therefore it emits more CO; when it burns.
For power plants, CO, emissions from natural gas are roughly 40-65% lower than that of
coal (9-11). Combined cycle natural gas fired power plants have lower CO, emissions than

simple cycle plants due to their higher efficiency.

Reduction of CO, emissions requires fundamental changes in the way electricity is
generated. These changes include developing CO.-free sustainable energy sources (such as
renewabl es), switching to less carbon-intensive fuels (such as natural gas or biomass), and in
general being more efficient. However, as discussed earlier, fossil fuels are expected to
widely play a dominant role in the future of electricity generation, therefore, something must
be done to reduce or moderate the growth of their CO, emission. Hence, a switchover from
their traditional use to a greater uptake of advanced near zero emission technologies, such as

carbon capture and storage (CCS) will be inevitable.



Aligned with this urgency, traditional electricity generation by coal power plantsis expected
to be eventualy displaced with more advanced and highly efficient technologies such as
natural gas fired power plants equipped with CCS in order to reduce the growth of CO,

emissions (2,3,11).

1.2. Carbon Capture and Storage

In short, carbon capture and storage is the only pathway that can let the world continue to
enjoy the benefits of using fossil fuels while significantly reducing the emissions associated
with them. In other words, CCS is a bridging strategy to buy time for aternative energy

resources to fossi| energy to be developed (12).
1.2.1. What is Carbon Capture and Storage?

Carbon capture and storage, abbreviated as CCS, is a permanent or long-term isolation of the
CO; associated with the combustion of fossil fuels, and storage of it deep in suitable
geological reservoirs. Also, the captured CO, can be used in other processes such as

enhanced oil recovery (EOR), food and chemical process industries.

Considering the magnitude of CO, emissions from power generation and industrial sectors,
CCS is expected to play an important role. In the BLUE Map scenario proposed by the
International Energy Agency, it is projected that by the year 2050, a 50% reduction in CO;
emissions is to be achieved by the options illustrated in Figure 1-6, of which, CCS
technology is targeted to contribute 19% (13). This estimation is based on a least cost basis.
To achieve this goal it is necessary to construct 3400 fossi| fuelled power plants worldwide
with over 2000 of these being built in developing countries. This is an optimistic estimation
and existing constraints on public finances in many countries may result in either delay or

cancellation of anumber of major projects and as aresult the share of CCS be impacted (28).

Furthermore, for the power generation sector, the BLUE Map scenario anticipates that the

retrofit of existing power plants with CCS will be the key contributor in reducing CO;



emissions before 2030 (13). This highlights the importance of foreseeing the essential

provisions necessary for future implementation of CCS technologies for new fossil fue

power plantsto be built within the next 10 to 20 years.
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Figure 1-6: Key technologies for reducing CO. emissions under the BLUE Map Scenario (13)

1.2.2. Carbon Capture and Storage Technology Routes

There are three different technology routes to capture CO,, namely pre-combustion CO;

capture, post-combustion CO capture, and oxy-fuel combustion. Oxy-fuel combustion is a

general term used for technologies where nitrogen (N2) is excluded from the combustion

process (14-15). In the following paragraphs, each technology is briefly described, and

Figure 1-7 illustrates the basic principle of incorporating these CO, capture techniques to

power plants (15).

As mentioned earlier, CCS technologies typically involve three stages: capture, transport and

storage of CO,. After capture, the compressed CO. will be normally transported by pipeline

or ship to storage locations. The topics of transport and storage stages will not be discussed

in thisthesis.
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Figure 1-7: The three main processes to capture CO, from power plants (15)

1.2.2.1. Pre-Combustion CO, Capture

Pre-combustion CO, capture is employed in combination with an integrated gasification
combined cycle (IGCC) plant. Asthe name implies, the CO- is captured prior to combustion.
This technology is well suited for gas fired combined cycle power plants. In this process, the
fuel reacts with steam or a steam/oxygen mixture to produce a mixture rich in hydrogen (H>)
and CO,. For non-gaseous fuels, the Ho/CO. gas stream must be cleaned to remove species
such as ammonia or sulphur due to either environmental restrictions or that they pose a threat
to the plant operation (17). Usually, the CO, removal is performed by means of physical or
mixed-solvent-based systems, although membrane-based separation is a potential option.
The captured CO:; is then dried, compressed and stored, whilst the rich H, stream passes
through a gas turbine (or fuel cell, potentialy) to generate electricity (16). Pre-combustion

capture can achieve nominally 90% capture of CO..
1.2.2.2. Post-Combustion CO, Capture

In this method, the CO, is captured from the power plant exhaust gas (also called flue gas)

by using a solvent. The commercially available technology mainly uses an agqueous amine-



based solution, e.g. 30 wt. % monoethanolamine (MEA), as solvent, which reacts with the
CO; of the exhaust gas coming from the power generating plant and is then regenerated at a
higher temperature in a stripper, releasing the captured CO; as a pure gas stream suitable for

compression and storage (15).

For amine-based solvents, the exhaust gas must be pre-treated and cooled before entering
into the absorption section of the capture plant. Pre-treatment is to minimise acidic gas
concentrations (such as NO, and/or SO) in the exhaust gas in order to prevent their
irreversible reaction with solvents (18). Afterward, the exhaust gas enters to the absorption
section where it directly contacts with the solvent and reacts with it. The CO»-rich solvent is
then transferred to a regenerating unit where it is heated to drive off the CO.. Next, the lean
(CO- free) solvent recirculates to the absorber. The heat required for solvent regeneration is
high and has a significant impact on the overall thermal efficiency of the power generating
plant. The most efficient way to provide the heat required for solvent regeneration is by
extracting a portion of low pressure (LP) steam prior to the LP steam turbine (19-20).
Similar to pre-combustion CO. capture, this technology also can achieve nominally 90%

capture of CO,.

1.2.2.3. Oxy-Fuel Combustion

Oxy-fuel combustion refers to a power plant where the fuel (coal or natural gas) burns with
nearly pure oxygen, rather than air, and results in an exhaust stream containing primarily
CO.. The required oxygen is normally obtained from an air separation unit (ASU). In this
process, agreat portion of the exhaust gasin recycled to feed in the combustion process. The
leaving exhaust gas consists of mainly CO; and water with a trace of SO, and NO,. The
formation of NOx is very low in oxy-fuel consumption since there is a negligible amount of
nitrogen in the oxidant, and it thus forms only from the nitrogen in the fuel. The COz-rich
exhaust gas is compressed and chilled to separate out oxygen, nitrogen and other impurities,
and then sent for storage (14-16). The capture efficiency of Oxy-fuel combustion is

extremely high and it can achieve more than 90% capture of CO..
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1.2.3. CCS Technologies Evaluation

While there are a number of possible techniques to capture CO, from fossil power plants,
some of them are still in the development stage. The merits and chalenges of al these
technologies need to be evaluated and compared before selecting the best route to
incorporate in a power plant. The advantage of one route over another can be related to the
level of maturity, technology availability, the possibility to retrofit to existing power plants,
the operational experience and repetition in large and commercial scales, and finally the time
required for the implementation. Currently, the only immediately feasible CO, capture route
for power plants appear to be post combustion CO, carbon capture based on chemical

absorption.

Selecting the most suitable route for CO, capture also depends on the characteristics of the
COsy-rich streams which mainly depend on the type of power plant. In fact, the pressure and
the CO. content in the gas stream are important parameters in choosing the most appropriate
technology for CO, removal. Table 1-1 shows the classification of CO, capture routes based

on CO.-rich gas streams.

Table 1-1: CO; capture technology and CO, contents (21)

Technology Route COg-rich Gas stream Gas pressure (kPa)  CO; content (%)
Pre-combustion capture COy/H> (shift syngas) 1000-8000 20-40
Post-combustion capture CO2/N; (exhaust gas) ~ 100 3-15
Oxy-fuel combustion CO,/O; (exhaust gas) ~ 100 75-95

In the near-term future, it is likely that oxy-fuel combustion will be incorporated to a power
boiler with an integrated steam cycle. In such cases, some pilot and demonstration plants for
detailed testing of the system operability, and realizing the issues associated with its start-ups

and shut downs have to be commissioned (22).

If oxy-fuel combustion is going to be incorporated in gas turbines, the design of gas turbine

burners needs to be entirely revised in order to accommodate stoichiometric combustion
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(22). Existing gas turbines with to-date design cannot be used for the purpose of
stoichiometric combustion where pure oxygen supplied from an air separation unit with
more than 97 % purity would be used as an oxidising agent. Such gas turbines, are not a
matter of modifying existing equipment, but rather a complete new design to withstand
extremely high flame and the turbine inlet temperatures (22). There are various ideas about
recycling a portion of the exhaust gas in order to maintain turbine inlet temperatures within
an acceptable level. In this case, first it is necessary to demonstrate and eval uate the technical
and operational feasibility of gas turbines capable operating with CO. as the main working
fluid (22). If such gas turbines could be developed in a foreseeable future, this technology

will be attractive because of its simplicity. However, the likelihood of such eventsisunclear.

For pre-combustion capture, each component can be individualy regarded as a proven
technology. However, one may argue the maturity of hydrogen combustion (or hydrogen-
rich fuel) in gas turbines. Gasification systems represent an attractive option for coal power
plants since they make it possible to obtain syngas and electricity from coal. However, the
capital costs of the required equipment are relatively high. Although, there are currently few
IGCC pilot plants under operation, due to the complexity of the operation, the availability of

such systemsis yet to be guaranteed.

On the other hand, the incorporation of pre-combustion capture to natural gas combined
cycle power plants is not a mature technology. The main scope for further developmentsis
related to gas turbines with low NOx burners utilising fuels containing more than 50% vol.

hydrogen.

For coal to be integrated in a combined cycle power plant, it is necessary to be first gasified,
while thisis not the case for natura gas. Producing hydrogen from natural gas leads to aloss
of nearly 20-25% of the fuel heating value, whilst this loss could be eliminated by burning
natural gas in a gas turbine combined cycle power plant. Therefore, gasification of natural
gas for the purpose of CO. capture will appear to be associated with an even higher energy

penalty (heat loss for gasification and IGCC associated efficiency penalty). This is why
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gasification of coa to generate eectricity is a more feasible option. However, full-scale
implementation of IGCC plants with coal incorporated with CO, capture is only expected in

mid to long term timeframes.

Chemical absorption systems, on the contrary, are the best near term option for CO, capture
from power plants. Incorporating post-combustion CO, capture into power plants involves
relatively minor modifications in gas turbines and steam turbine cycles. From availability
and operability viewpoints, commercial operations of such systems are successfully
available, abeit at a smaller scale than required for power plants (23,24). Efficiency wise,
applying the current state-of-art absorption-based CO; capture process will bring about an 8-

12 %-point reduction in the overall power plant net efficiency (9).

In short, post-combustion CO. capture is the leading candidate for gas fired power plants.
Neither pre-combustion nor oxy-fuel combustion captures are currently suitable for gas
power plants. Hence, in this thesis, the main focus is dedicated on the incorporation of post-

combustion capture (PCC) into natural gas combined cycle power plants.
1.2.4. Current Status of Post-Combustion CO, Capture

Post-combustion capture based on chemical absorption is the most promising state-of-art
technology for CO., capture, with monoethanolamine (MEA) being the most widely used
solvent. This technology is already commercialised is various industries (25). Since the
1930s, it is utilised in food industries to capture CO, from ammonia plants (23). There are
also successful experiences and a good reputation of this technique in other industria

applications such as enhancing oil recovery (EOR) and upgrading natural gas (26).

To date, MEA is the most preferred solvent for power plant applications because of its
relatively high absorption capacity, fast reaction kinetics, and high CO, removal efficiencies
(14). Furthermore, it can be used with exhaust gases with low CO, concentrations (25). The
latter characteristic of MEA makes it the preferred candidate for natural gas combined cycle

power plants where the CO, concentration in the exhaust gases are considerably lower than
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that in the flue gas of a typical coa power plant. For MEA based post combustion CO-
capture, solvent regeneration is the main energy consumer of the plant. the main focus of
many research studies related to the incorporation of MEA base post combustion CO-
capture into power plants are currently focusing on innovative methods for efficient
integrations, e.g. flexible operation, and/or reduced energy requirement for solvent
regenerations, such as developing new solvents with lower energy requirement for
regeneration, lower temperature of regeneration, or introducing alternative configurations to
offer better energy balance. Furthermore, an optimum utilisation of heat from the power

cyclewill lead to lesser steam extraction and consequently lesser energy penalty (26).

1.3. ThesisObjectives

As discussed in the previous sections, post combustion CO; capture technology is one of the
most preferred options for CO, abatement from power plant exhaust gases despite the fact
that its commercial-scale implementation is yet to be realised. To acceerate the PCC
penetration into the energy market, various political, legal, economic and technica
challenges and uncertainties should be successfully tackled. In this regard, this thesis

attempts to address two key technical questions:

a. How to minimise the negative impact of PCC operations on the performance of the

power plantsin terms of energy consumption and flexibility of operation?

b. What are the methods/modifications to be implemented into the current state-of-art

PCC process to improve its performance?

This thesis focuses on the particular case of incorporating MEA based post combustion CO;
capture process (PCC) into a large-scale natura gas fired combined cycle (NGCC) power

plant, and accomplishes the following objectives:

1. Validate the PCC model developed in Aspen Plus® V.8.4 with data from two

different pilot plants,
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2. Propose optimum operating conditions for different packing materials for a standard
PCC process,

3. Evauate the performance viability of integrated PCC-NGCC at power plant part
load operations, and non-capture operations,

4. Propose and quantify the performance of innovative stripper configurations in terms
of total energy requirements for arange of lean solvent CO; loading,

5. Propose and quantity the performance of incorporating simple and advanced
absorber intercooling in terms of CO, absorption capacity and total energy
requirement for arange of lean solvent CO; loading,

6. Technical and economical evaluation of various exhaust gas CO, concentrations on

the PCC plant overall cost.

Objective 1 is satisfied by developing a CO, capture process in Aspen Plus® V.8.4 and
analysing its results with data from two pilot plants: The UK Carbon Capture and Storage
Research Centre/Pilot Scale Advanced Capture Technology (UKCCSRC/PACT) CO.
capture plant located at Sheffield, UK, and the MEA-based pilot plant at the University of

Kaiserdautern, located in Kaiserdautern, Germany.

Objective 2 is sdatisfied by assessing and evaluating the effect of various performance
parameters on the plant energy requirement based on the analysis of the results from

objective 1 for the UKCCSRC/PACT pilot plant.

Objective 3 is satisfied by ssimulating a large-scale PCC with CO, compression unit and
NGCC integrated plant in Aspen Plus® V.8.4 and evaluating the PCC plant and CO;
compression unit performance in terms of energy requirement at various power plant loads
varying from 100 % gas turbine (GT) load down to 60 % GT load. In addition, the variation

of the efficiency penalty with GT load is quantified.

Objective 4 is satisfied with simulating two advanced stripper configurations: advanced

reboiled and advanced flash stripper and quantifying the benefits of using these two
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alternative stripper configurations on the PCC plant energy requirements for a range of lean

solvent CO; loading.

Objective 5 is satisfying by evaluating the use of two absorber intercooling systems. simple
(in-and-out) intercooling, and advanced (recycled) intercooling. The benefits of using
absorber intercooling in terms of CO, absorption capacity, absorber packing requirement,

and the PCC plant overall energy requirements are eval uated.

Objective 6 is satisfied by techno-economic evolution of three large-scale PCC processes
designed for three different exhaust gases. exhaust gases of a large scale NGCC plant,
exhaust gases of a large-scale NGCC with exhaust gas recirculation (EGR) cycle, exhaust

gases of alarge scale coal power plant.

1.4. ThesisOutline

This thesis comprises ten chapters, including this chapter. Chapter 2 presents a critical
review of previous research conducted on the performance evaluation of post combustion
CO; capture and its incorporation into large-scale natural gas fired combined cycle power
plants with especia focus on performance challenges, energy requirements, and operational
impacts of such integration on the performance and flexibility of power plants. Chapter 3
presents the chemistry and kinetics of CO, reaction with monoethanolamine (MEA) and the
theory of the thermodynamics of the CO»-H-O-MEA system. Chapter 4 provides the details
of the CO, capture model development in Aspen Plus® V.8.4 and its validation using two
different pilot plant data. Chapter 5 summarises the investigation on finding optimum
operating condition for a MEA based CO, capture plant using two different packing
materials using the validated model developed in Chapter 4. Chapter 6 presents the optimal
design of alarge-scale CO, capture process for the application of natural gas fired combined
cycle power plant. This chapter also presents the effect of power plant load variations on the
CO; capture plant performance. Chapter 7 presents the benefits of using alternative stripper

configurations on the CO. capture plant energy performance. Chapter 8 presents the benefits
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of using two absorber intercooling systems on the CO, absorption capacity and the plant
overall energy requirement. Chapter 9 summarises the techno-economic evaluation of three
different exhaust gas CO, concentrations, and finally chapter 10 presents the summary of the

outcomes of this research as well as recommendations for future work.
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Chapter 2

Literature Review

CO:; capture and storage (CCS) technologies claim to be a long-term solution to reduce CO-
emissions of power generating plants. The widespread implementation of CCS greatly
depends on their ability to cope with complex power generation processes and meet the
flexibility required by electricity consumers. Along with pulverized coa (PC) power plants,
natural gas combined cycle power plant is a predominant option for both base-load
electricity generation in addition to their inherent use for peak-load generation. As appears
on the globa energy agenda, the most near-term solution to abate CO, from fossil power
plants is post-combustion capture via chemical absorption. This chapter provides a literature
review focusing on key features and challenges of incorporating post-combustion CO-

capturein natural gas combined cycle power plants.

2.1. Areas of Challenge

CO; capture based on chemical absorption/desorption using aqueous solution of amines as
solvent is one of the post-combustion methods for CO; capture that can be incorporated into
new gas fired power plants or retrofired as atail end solution to an existing one. This process
has been widely used in petrochemical processes as natural gas sweetening and ammonia
production plants (1-3). One of the advantages of this process is its ability to capture CO,
from exhaust gases with low CO- concentrations and partial pressures (4,5). This feature is
highly in favour of natural gas fired power plants where the exhaust gas CO, concentrations

are normally aslow as 3-5 %.

Figure 2-1 shows a standard flow diagram of this process. Typically, the process consists of

two columns: the absorber and desorber (stripper) columns. In the absorber column the CO,
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is absorbed by the solvent via fast reversible reactions, and in the stripper column the CO--
rich solvent is regenerated and recycled back to the absorber to continue CO, absorption.
Usually a cross heat exchanger is used to heat up the CO;-rich solvent prior entering the
absorber column using the heat available in the lean solvent exiting the stripper column.
Details of this process are described in Section 3.1. of Chapter 3. Typical targeted CO.
removal rate for CCS applications is around 90 % whilst with well-designed absorber

columns, CO, removal rates ranging from 70 % to 99 % are achievable (6).

Product Vapour
Treated Gas (CO,+ H,0)

Cooler

\

/ Stripper

Lean/rich cross
Flue Gas exchanger

— =

Rich solvent ';' 2 Lean solvent | Reboiler

Figure 2-1. the process flow diagram of standard CO- capture by absorption/desorption

CO; capture based on chemical absorption/desorption processes on its own presents a
number of technica and operational challenges beyond the scale-up if incorporated into
large scale natural gas fired power plants. Despite the fact that petrochemical industries have
been enjoying the deployment of this technology for decades; their integration into a power
plant is associated with considerable challenges. The first and foremost challenge is the high
amount of energy required by this process. In principle, the required energy is provided by
the power plant in forms of steam and electricity. A large amount of steam is needed for the
solvent regeneration process and is consumed at the reboiler, whilst the electricity is for
blowers, pumps and the compressor. Meeting these requirements leads to nearly 30 %
reduction in the net power output, 80 % increase in levelised cost of eectricity, and thusa 7-
10 %-point efficiency (energy) penalty (7-9).
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The energy required for solvent regeneration depends on various factors such as CO;
concentration in the exhaust gas, capture rate, solvent type and its regeneration temperature.
In addition, the energy required for compression depends on regeneration thermodynamic
conditions, i.e. temperature and pressure, as a higher regeneration pressure will lead to a
higher pressure at the top of the stripper and consequently less compression energy required.
To have an optimum integration of post combustion CO, capture process with power plant
with high capture efficiency and minimal efficiency penalty, technica chalenges and key
aspects need to be simultaneoudly looked at. Furthermore, this combination are expected to
integrate into the electricity generation mix, thus besides having high overall efficiency, the

requirements of that electricity generation mix should be met.

For this technology to be commercially and economically viable, its current high capital and
operating costs should be reduced. However, cost reductions must be done without
compromising the performance of the process. This is the target of many research studies
have been conducted around this topic. This can be achieved by choosing a competitive
solvent in terms of rate of reaction and energy for regeneration, and using novel process
configurations. In this regard, process modelling and simulation is a very useful tool to find

promising alternatives.

2.1.1. Energy for Solvent Regeneration

With regard to the CO; capture process based on chemical absorption/desorption, it has been
reported based on a number of studies that operating costs are more important than capital
costs; and, in terms of operating costs, the energy required for solvent regeneration is the
major consumer, followed by the energy required for CO, compression (10). On average,
two thirds of the total efficiency penalty due to the use of post combustion CO. capture
process in a power plant is because of reduced gross power output of the turbine generators

and the remaining third is due to auxiliary energy requirements (11).

As mentioned earlier, CO, capture is based on a reversible reaction between the CO, and

solvent. Regeneration heat depends on the heat capacity of the solvent, its CO, adsorption
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heat, and the latent heat of vaporisation of volatile components in the solvent (12). In

general, the total regeneration heat required in a CO, capture process can be determined by:

Qre¢ = Upes + Quap + Qsen (2-1)

Where, Qrec Stands for total regeneration heat, Qoesis the heat for CO, desorption, Quar IS
the latent heat of vaporization of volatile components in solvent, and Qsen is the sensible
heat required to increase the temperature of the solvent to the regeneration temperature. The

sensible heat is calculated by:

QSEN = Cp X AT (2‘2)

Where, Cp is the heat capacity of the solvent and AT is temperature difference between the
regeneration temperature and that of the CO,-rich solvent entering the stripper. According to
astudy, for a CO; capture process using monoethanolamine (MEA) as solvent, amost half of
the regeneration heat, e.g. 51 %, is consumed as the heat of desorption, followed by 26 % for
generating stripping steam and, 23 % as sensible heat to heat up the solvent (13). These data
imply reducing the sensible heat using different kind of heat integration is one of the
effective ways to reduce the regeneration energy requirements. Figure 2-2 illustrates the
breakdown of energy required in a typical MEA CO. capture plant with 85 % CO; capture

rate from coal fired flue gases (13).
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Breakdown of energy consumption in a MEA-based CO, capture unit
Awdliaries
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Figure 2-2. Breakdown of energy consumption in a MEA-based CO2 capture unit (top), breskdown of
regeneration energy in a MEA based CO; capture unit (bottom) (13)

Solvent heat capacity is a thermodynamic characteristic and for a given solvent this value is
constant. The temperature of COy-rich solvent prior to entering the stripper could be
increased by utilising heat from waste heat available in the process, such as hot lean solvent
leaving the stripper column, heat available in the flue gas coming from the power plant,
and/or by means of an electrical heater. One experimental study reported that utilizing heat
from flue gases contributes about 20-25 % of the total energy required for regeneration.

However, reducing the sensible heat means larger equipment (i.e. heat exchanger) and

therefore it is associated with a trade-off with increased capital cost (14).
2.1.2. Solvent for CO, Capture Process

It is shown in the literature there is a linear relationship between the steam requirement for
solvent regeneration and the efficiency penalty (8,15-17). According to Goto et al. (17), the
estimated gradient is around 2 %, i.e. if the energy required for solvent regeneration reduces
by 1 GJ per tonne of captured CO,, the overall efficiency will improve by 2 %. Hence, using

a chemical solvent having lesser regeneration energy would be highly advantageous.
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Another important factor is related to the thermodynamic condition of regeneration.
Temperature and pressure of regeneration are innate characteristics of the solvent (18).
Regeneration at higher pressure will decrease the compression energy at the cost of excess
steam energy provided for the reboiler. For MEA solvent, the ideal regeneration pressure is
around 180 kPa based on the solvent thermal degradation limitations. This is discussed in

detail in Section 5.4.3 of Chapter 5.

The industrial state-of-art solvent for CO, capture processes is an aqueous solution of 30 wit.
% MEA. MEA is an economic solvent compared to other amines with arelatively fast rate of
reaction with CO,. However, practical problems with this solvent includes its relatively high
energy requirement for regeneration, along with its susceptibility to degradation and
propensity to cause corrosion. Alternative solvents have been proposed. An ideal solvent
must require lower energy for regeneration with equivalent or better mass transfer rates with
CO;, and less degradation and corrosion risks than MEA (19). Kansai electric Power Inc. and
Mitsubishi Heavy Industries (20,21) have developed two agueous solvents (KS-1 and KS-2)
which have lower regeneration heat. The performance of KS-1 was tested in a pilot plant,
and the operating data confirmed the regeneration energy is aimost 20 % lesser than that of
MEA solvents. The regeneration energy of KS-2 is also lower than that of MEA though
dightly higher than that of KS-1. In addition, it has been reported that KS-1 has a lower
regeneration temperature of 110°C. It is likely however, that the KS series solvents have

higher initial costs than MEA.

Gibbins and Crane (22) studied application of KS-2 solvent in a coal power plant. Their
calculations showed that KS-2 consumes amost 30 % less steam than MEA solvent. The
efficiency penaty and net power output when using KS-2 as solvent were estimated to be
improved respectively by 5.2 %-points and 7 % than those for MEA solvent. Interestingly,
the study reported that the excess levelised cost of energy for KS-2 solvent was nearly 9 %

|lower than that for MEA solvent.
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Ammann and Boualou (18) assessed the performance of different agueous solvents:
containing MEA, methyldiethanolamine (MDEA) and a blend of MDEA and triethylene-
tetramine (TETA) in both natural gas and coal power plants. Their results showed the new
solvent based on the blend of MDEA and TETA represents the best solvent with least
efficiency penalty. Solvents based on MDEA, athough requiring lower energy for
regeneration, are less reactive with CO, than MEA-based solvents, and thus the size of the

installation (absorber column) will be bigger, implying higher capital cost.

Asaprimary amine, MEA has high absorption capacity and excellent reactivity (23). Despite
secondary and tertiary amines (e.g. TETA) possessing higher absorption capacity and less
energy requirement for regeneration, compared to MEA, they have a slower rate of reaction
with CO; (23). For post-combustion CO. capture, the amine solvents should have high CO,
absorption capacity, fast CO, absorption/desorption rate, high heat of CO, absorption, low
degradation, and low volatility (24). MEA is the solvent used for the studies conducted in
this thesis, as this is the anticipated solvent to be used in the first generation of commercial

CO; capture processes (25).
2.1.3. CO;, Capture Rate

CO; capture rate or CO, removal rate is an important parameter for incorporating a CO,
capture process into a power plant, asit directly affects the efficiency penalty and net power
output. Higher CO, capture rate is associated with higher efficiency penalty and therefore
more loss in the net power output. This is due to the fact that more energy is required at the
reboiler for solvent regeneration in addition to higher solvent recirculation rate to provide the

required driving force for CO, absorption (26).

From an environmental point of view, it is beneficial to have a higher removal rate asit leads
to more CO, abatement (15). CO; capture rate is not a fixed term and could be varied. A
typical 90 % capture rate is expected from post combustion CO. capture applications for
fossil power plants. However, for power plants with low base-load efficiency or high

electricity demand, it is worthwhile to adjust the capture rate to offer the best possible
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electricity generation profile. The U.S. National Energy Technology Laboratory (15)
conducted a study to evaluate the feasibility of varying the capture rates (30, 50, 70 and 90
%) and showed reducing the capture rate will improve the overal thermal efficiency and

hence the plant output. Thisvariation is shown in Figure 2-3.
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Figure 2-3. Variation of the CO, capture rate and its effect on the power plant efficiency and output

Sanpasertparnich et al. (27) showed that the relationship between CO, removal rate and
steam flow requirement is exponential. For instance, increasing the capture rate by 10 %,
from 70 % to 80 %, the steam flow rate will increase by about 2.6 %, whilst increasing the
capture rate from 80 % to 90 % increases the steam flow extraction by about 6.7 %. Their
evaluation concluded, regardless of extraction location, CO, removal rate ranging from 60 %

to 85 % will offer relatively low efficiency penaty per tonne of CO; capture.

Reducing capture rate during peak electricity demand facilitates power plant operators in
terms of better eectricity selling price and security of supply at the cost of reduced CO;
capture. Thus, this parameter must be optimised on a project-specific basis according to
power plant type, expected power plant partial operation, the pattern of electricity demand,
and load variations, CO, emission penalty cost, and electricity selling price. A 90 % CO.

removal rateis considered in the studies conducted in thisthesis.
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2.2. Novel & Moadified Process Configurations

Many studies are being conducted to find aternative processes or strategies to improve
efficiency of CO, capture based on chemical absorption/desorption processes. For instance,
various aternative process configurations have been proposed to reduce operational costsin
these processes (28-38). There are different approaches to conserve energy in
absorption/desorption processes, such as reducing the total heating or cooling loads,
improving temperature levels of provided coolants or heat sources, or a combination of both
(39). One practical method to reduce the energy requirements of such systems is application

of side coolers or heaters to absorption and desorption columns respectively (39,40).

Fundamental research has shown the benefit of reduced driving forcesin chemica processes.
In a chemical process, driving forces for heat transfer (temperature), mass transfer, and
chemical reaction (19,41) generally result in thermodynamic irreversibility, by which the
process consumes more energy than idedly required (31,41). However, a chemical process
with reasonable capital cost must have finite driving forces to expend some thermodynamic

availability (exergy) and consume more energy compared to an ideal process.

Although it is not possible to have a thermodynamically reversible process, however, by
proper design and operation it is possible to minimise the system exergy losses (31,42).
Reducing excess driving forces will induce energy savings to the process. As mentioned
earlier, CO, capture based on absorption/desorption is an important technological option for
CO; capture from power plant flue gases. Quantitative models based on up-to-date
reaisation of vapour-liquid equilibrium and mass transfer rate are useful toolsto develop and
evaluate optimal design of economic processes. Optimal absorber and stripper design is
critica in developing energy and cost efficient processes. For instance, optimising the
solvent regeneration process is a crucia step in lowering the operational cost as it accounts
for more than two thirds of energy consumed by the CO, capture process. In following

alternative process cognations to optimise absorption and stripping process are presented.
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2.2.1. Absorber Intercooling

CO; absorption using aqueous amines is usually associated with considerable amount of heat
release due to reactions between CO. and the solvent by which the absorber columnisled to
act as both a chemical reactor and a heat exchanger. This heat is usualy released in the
liquid phase and will raise the liquid temperature and causes further heat transfer to the gas
phase. Usually, the greater part of absorption and therefore the heat liberation occurs near the
bottom of the column where the gas stream contains the highest amount of CO, thus the
cool incoming gas absorbs heat from the rich solvent near the bottom of the column and
subsequently transfers this heat to the cool lean solvent near the top of the column. The
formation of a temperature bulge inside the absorber column is a result of the consecutive
heat transfers between liquid and gas streams in the column (43). The magnitude, location
and shape of the temperature bulge depend on the heat of reaction, the relative amount of

liquid to gas, and where in the absorber column the CO- is mainly absorbed (43).

Absorber intercooling is a common strategy to improve the CO, absorption process
especially when the heat of reactions involved cause an increase in the solvent temperature
affecting the vapour pressure of dissolved species (32). Intercoolers are often used in
absorbers to cool down flowing solvent that has been heated through the release of the heat
of absorption a column locations above the intercooler (30). Intercooling benefits the
absorption equilibria by reducing the temperature gradient between solvent and gas.
Improved equilibrium in the absorber column will subsequently reduce the amount of
solvent required for the same removal rate and thus may results in the reduction in energy
required for solvent regeneration (30). Intercooling if used appropriately will provide
internal conditions compatible with proper or required absorption process (44). According to
a study, when the temperature rise is higher than 17 °C, the absorber column requires
intercooling between stages to remove the heat of absorption to retain the operating
condition close to the initial conditions (44). However, the effectiveness of using an

intercooler is dependent on the location at which the highest temperature rise occurs.
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There have been few numbers of studies investigating optimum conditions to employ
intercoolers along the absorber columns or identifying process conditions at which
intercoolers will be most useful. In one study, Coggan and Bourne (45) experimentally
studied the absorption of ammonia into water and demonstrated that the optimal intercooler
location was at a column location in the absorber above an equilibrium ‘pinch’ resulting
from a temperature build-up, as long as the heat-carrying capacity (flow rate times specific
heat capacity) of the liquid exceeded that of the gas. Conversely, the optimal location was at
a column location below such a pinch for cases where the heat-carrying capacity of the gas
exceeded that of the liquid (30,45). Plaza (32) extensively studied the application of absorber
intercooling for 9 m MEA and 8 m piperazine (PZ) for a range of lean loadings and showed
that absorber intercooling is most effective at critical liquid-to-gas ratios, i.e. when the
temperature bulge without intercooling occurs in the middle of the column. Plaza (32) only
studied the effectiveness of absorber intercooling on the absorber column performance, and

the results presented by do not include benefitsin terms of regeneration energy requirements.

Sachde and Rochelle (46) studied the possible solvent capacity and mass transfer benefits of
using absorber intercooling for 90 % CO; capture with 8 m PZ for three different flue gas
resources with 4 to 27 % mole CO, concentrations. Their study concluded regardless of the
flue gas CO, concentration the absorber intercooling is most effective when is used at
intermediate or mid-loading range lean loadings, whilst at extreme loadings (either low or
high) results show negligible potential benefits from intercooling. In terms of CO;
concentration, their findings revealed that intercooling offers the greatest potential when
used for 4 % CO, concentration (equivalent of natural gas fired applications). Like Plaza’'s
(32) studies, Sachde and Rochelle (46) studies did not include the benefits in terms of
solvent regeneration energy requirements. In addition, there is no study of this kind to
evaluate the effectiveness of incorporating absorber intercooling when using an agueous

solution of 30 wt. % MEA (equivalent of 7 m MEA) as solvent.
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2.2.2. Advanced Stripper Configurations

In stripper columns, temperature differences are the dominant driving force. Thus, an
effective way to reduce this driving force is by reducing the temperature differences between
the rich solvent and the operating temperature (34). Schach et al. (34) studied the potential
benefits of replacing conventional strippers by inter-heated columns. They showed that in
conventional strippers there are considerably large thermal driving forces at several locations
resulting in excessive expenditure of exergy and thermal energy. Their analysis of the
stripper equilibrium and operating lines showed that equilibrium can be reached at only one

point in a conventional stripper and that is the top where the rich solvent enters the column.

The stripper operation is often determined by the rich-end pinch which leads to great driving
forces inside the column, by which more energy than required will be consumed at the lean-
end i.e. a the bottom of the column (19). Oyenekan (19) suggests that by providing a
condition to equally distribute driving forces from the rich-end to the lean-end, the reboiler
duty will be reduced. Therefore, to reduce the exergy losses of a stripper column and
improve its overall performance, more complexity has to be imposed on the process. One
method to increase the complexity of the system could be entering the rich solvent to the

stripper column via severa points.

Previoudly, a number of research studies have explored various alternative process
configurations and optimisation of CO, capture processes (31,34,36-38,40-42,47-52). One of
the best configurations proposed earlier with PZ will be evaluated in this thesis with MEA.
The potential for energy saving therefore exists and design and operation of energy efficient
amine based CO, capture will have a substantial effect on the overal plant energy

consumption and operating costs.

Complex configurations had previously been proposed to improve the energy efficiency of
stripping columns. For example, Leites et al. (31) proposed several complex configurations
that incorporate a combination of stripper column inter-heating and split-flow and a multi-

feed arrangement at varying temperature. The original idea of the rich solvent split flow was
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suggested and patented by Johnson and Eisenberg (53,54). They modified the stripping
process by splitting the rich solvent into two streams downstream of the absorber. One is
passed without further heating to the top of the stripper column while the other is passed to
an intermediate point in the stripper column after being pre-heated in the lean/rich cross heat
exchanger. Their suggested scheme however showed some energy deficiency where a
portion of the rich solvent enters the column top with no prior preheating. Preheating therich
solvent to a temperature close to the stripper operating temperature is crucia to avoid the
condensation of water vapour that would otherwise take place at the condenser, which causes

an increase in the energy requirement (42).

Van Wagener and Rochelle (55) evaluated the benefits of increasing process reversibility by
introducing more complexity to the system using multi-stage flash and inter-heated stripping.
They showed using the inter-heated configuration improves the performance of the stripper

column by approximately 8 % based on total equivalent work.

Furthermore, their study confirmed that increasing pressure will typically yield better
performance in terms of energy consumption due to more reversible operation. Madan (48)
showed stripper columns with various complex configurations perform better than a
conventional one. His results showed that an advanced flash stripper with rich solvent split
flow entering the column at different temperature levels offers the best performance. Later,
Lin et al. (47) developed advanced configurations incorporating thermal integration based on
excess regeneration heat and rich solvent split flow and studied the improvement brought by
these modifications for 8 m piperazine (PZ) and 9 m MEA. They showed that the proposed
configurations provide 10 % less equivalent work for 8 m PZ and 6 % for 9 m MEA when
compared to asimple stripper. However, in their study solvent rich loading and lean loading
were chosen arbitrary. So their results do not represent benefits for 90% CO, capture rate.
The advanced flash stripper proposed by Lin was performed as expected when tested with 5

mPZina0.1 MW pilot plant (56).
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Recent work in industry has shown interest in the development of more complex
configurations with higher efficiency. MHI examined more efficient heat recovery from the
stripper column and studied an interheated stripper column (57). The MHI configuration
attained a more reversible process in the stripper column by recycling a portion of the heat
available in the lean solvent back into the column. Previoudly, Barchas and Davis (58) aso
claimed substantial saving in steam requirement for solvent regeneration when the total rich
solvent is preheated to the stripper temperature before entering the column, with only a
minor increase in equipment costs. However, the temperature of rich solvent before and after

the proposed modification was not discl osed.

2.3. Thermal Integration

Newly built, i.e. greenfield, power plants can benefit greatly from the advantage of optimised
process integration measures to reduce the efficiency penaty associated with their
integration with post-combustion capture processes, athough retrofitted plants can enjoy this
option to the extent that their thermodynamic cycle allows. In addition to optimal supply of
heat and auxiliary power, an optimal integration includes utilisation of waste heat from

capture and compression units into the water/steam cycle of the power plant.

Pfaff et al. (59) suggested various thermal integration alternatives to optimise the waste heat
utilisation from capture process to a greenfield power plant. For example, preheating the
entire condensate by recovering the waste heat available at the stripper overhead condenser
or compressor intercoolers will slightly increase the overall efficiency. Likewise, recovering
the waste heat available in the intercoolers of compressor unit has a positive effect on plant
overall net efficiency (13,15,20-22,59,60). Another possible aternative is pre-heating of
combustion air with the stripper overhead condenser. Cousins et al. (23) studied severa
process configurations and they concluded that it is possible to reduce the energy required by

a capture plant but, normally, at the expense of increasing plant complexity.
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All options have to be compared based on their economic performance prior to their
implementation. However, the simplicity of the process and its flexibility and integrity at
part-load operations are vital to allow the power plant to adapt in variable electricity

generation mix.
2.3.1. Steam Turbine Integration

While a standalone steam generator can be used to supply the steam required for solvent
regeneration, to maximise efficiency, it is preferable to extract steam from the steam turbine.

The steam requirements vary by solvent and some design parameters.

Supplying the steam will fundamentally change the design and operational concept of the
steam turbine, by which the operation of base-load and off-design modes of the power plant
cycle will be influenced. Depending on solvent type, overall system efficiency and capture
rate, the extraction of steam isin the range of 40-50 % of the total flow (9,15,61). However,

if the regeneration energy of the solvent is very high, it may reach up to 79 % (62).

The topic of integrating the steam turbine and the capture plant is widely discussed in the
literature (12,26,27,59,60,63-67) reinforcing the notion that extracting steam from the steam
turbine has a significant impact. Not only the energy of the extracted steam for the use in the
stripper will result in the turbine to generate less eectricity, but aso it eventualy brings
considerable design implications on the low pressure part of the steam turbine especialy

after the extraction point.

This concept is further developed, and it became evident that the optimum route to extract
steam for stripping the solvent is from the crossover pipe that transports steam from the
intermediate pressure (IP) section of the steam turbine to the low pressure (LP) section
(12,26,27,59,60,63-67). Nevertheless, extraction within the LP section of the turbine prior to
its last expansion stage with the extraction pressure set as close as possible to that required in

the reboiler (considering intervening pressure drops) would be a good alternative. However,
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the latter option is dependent on the steam turbine inherent design and might not be suitable

for retrofit options.

Mimura et al. (20,21) studied the thermodynamic integration between a post-combustion
CO; capture and a natural gas fired power plant. They have shown that in order to lower the
power loss by steam extraction it is important to lower the extraction pressure and to
effectively utilise the heat available in the condensate returned from the capture plant into
the power cycle. These findings were later developed further by Gibbins and Crane (22),

mainly for coal based power plants.

In earlier studies performed by Alstom Power Inc. (62), the technical, economics and
feasibility of implementing CO. capture to an existing coal power plant were evaluated. For
an amine plant with 96 % capture rate, nearly 79 % of the total steam from the IP/LP
crossover pipe was extracted and expanded through a new back pressure steam turbine.
Hence, the exhaust steam from the new back-pressure LP turbine (at 450 kPa) provides the
heat required in the reboiler. The remaining 21 % of the IP steam is eventually expanded
through the existing L P turbine. Although the reported gross output reduction is about 28 %,
the investment cost required for additional back pressure steam turbine were realised to be
very high. Consequently, the levelised cost of energy and the unit cost of CO, removal were

uneconomic.

Later, Ramezan et al. (15) performed a follow-up study and evaluated the technical and
economic feasibility of integrating an amine process at various capture rates into a cod
power plant. Their studies showed that extraction steam at 320 kPa would result in the most
economical operation of the reboiler. The gross and net power output reductions were
calculated at 16 % and 30 %, respectively, at 90 % CO; capture rate. Their study supported
that steam extraction from the IP/LP crossover pipe offers a more attractive and economical
solution to integrate an amine process into a power plant with no necessity of an additional

back-pressure steam turbine.
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Some studies have pointed out that the optimum supply pressure (considering pressure drops
in piping and valves) is about 360 kPa withdrawing from the IP/LP crossover pipe between
intermediate (IP) and low pressure (LP) cylinders (61). Later, Pfaff et al. (59) analysed the
effect of steam pressure at the extraction point on the efficiency penalty associated with the
integration of a post-combustion CO, capture (MEA) into a Greenfield state-of-art coal
power plant. Their study showed that steam extraction at lower pressure (350 kPa vs. 550
kPa) will have a lesser efficiency pendty at the cost of inflexible behaviour at part-load
operation. They have concluded that the choice of the IP/LP crossover design pressure has a

great impact on the design efficiency.

Sanpasertparnich et al. (27) examined the effect of three steam extraction locations from the
IP/LP crossover pipe (i.e. 300, 450, and 900 kPa) for a coad power plant. Their results
showed that extraction at 300 kPa gives the lowest efficiency penalty despite requiring the
highest extracted steam flow rate. They concluded extraction of steam at lower pressure has
the advantage of decreasing the efficiency penalty. High flow steam extraction would cause
an operational problem especially for the downstream of the extraction point (i.e. LP
turbing), thus, extraction pressure selection must be in accordance with the maximum

alowable extraction flow rate.

Aroonwilas and Veawab (26) showed for a supercritical coal power plant coupled with post
combustion capture, the net power efficiency increased by 2 %-points (from 39 % to 41 %)
when a steam pressure of 200 kPa instead of 400 kPa is extracted for MEA regeneration.
Lenninberg et al. (67) quantified the energy penalty and the reduction in net power output
for three IP/LP crossover pressures, i.e. 390, 550, and 700 kPa. Their results showed that the
optimal design pressure in the IP/LP crossover depends on the amount of extracted steam
and the reboiler temperature. In general, for a high reboiler temperature of the capture
process, a power plant with a high design pressure in the IP/LP crossover is beneficia in
terms of power loss. Lenninberg et al. (67) concluded the process configuration, solvent type

and capture unit operation need to be in favour of existing power plant as it is difficult to
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design a power plant technically and economically suitable for a given capture plant.
Nevertheless, the optimal design pressure is a trade-off between the efficiency penalty and

the operational flexibility of the power plants.

It is worthwhile to mention that there are limitations to the amount of steam can be extracted
while maintaining reasonable turbine operation, as a certain amount of steam with an
adequate pressure level must flow through the turbine, first, to ensure proper angle alignment
of the flow within the turbine blades, and second, to keep the turbine blades cool. Hence, if a
significant amount of steam is extracted prior to LP section, it possibly results in sub-optimal
operation and consequently reduction in overal efficiency (15,68,69). This matter becomes
more critical while the turbine is operating at off-design conditions. At times, the turbine is
a part load operation, the steam turbine limitation will define the load operation of the

capture plant in order to maintain balanced operation.

However, the majority of these concerns can be eliminated if steam turbine manufacturers
design turbines considering this degree of steam extraction. Therefore, one may refer this as

an industrial research gap (68).

2.4. Flexible Operations

It is important to consider capture plant implementation in power plants from a flexible
operation point of view depending on electricity demand and price. Currently, the majority
of studies on coupling capture plants and power plants are dominated by analysing a single
design point at steady-state conditions. However, steady state models are not sufficient to
properly anayse the behaviour of the system under operation and/or optimise its
performance (70). Hence, it is important to consider and analyse flexible operation of post-
combustion integrated power plants with particular focus on their potentiad dynamic

performance at unsteady conditions.

In practice, flexible operations help electricity network operators to maintain the quality and

security of supply. The widespread use of carbon capture technologies in the power
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generation sector highlights the concern that flexible operation of power plants integrated
with CCSis as valuable and necessary as standalone plants. This implies that capture plants
should be developed to certain extents to be capable of withstanding wide operating ranges
of power cycle to which they are coupling. There are quite definite and predictable operating
ranges that power plant developers expect from a capture plant. Chamers et al. (70)
presented a number of flexible operations that all power plants routinely experience during

their lifecycle:

- Quick start-up/shutdown (e.g. fast cycling “FACY™)

- Quick change in output (load variation)

- Increase in maximum output (maximum continuous operation “MCR”)
- Decrease in minimum output

- Fuel switchover

- Bypass operation (at times steam turbine fails operating)

These operational scenarios are further elaborated in reference (70).

Electricity selling price generally varies depending on demand side response, e.g. electricity
price a nights is cheaper than that at peak time because of less demand. Besides,
implementing CCS plant will definitely result in an increase in the cost of electricity
generated. This add-up cost is more obvious at times the electricity selling prices are
inherently high. This fact gives rise to the idea to reduce the high electricity price at peak
times through the intrinsic flexibility in operation of a CCS-integrated power plant. Gibbins
and Crane (22) suggested the idea of a partial or complete shutdown of the capture plant at
peak times to reduce the electricity cost at the cost of reducing CO, avoidance. Gibbins and
Crane (22) defined in a CCS-integrated power plant what the flexibility in operation means

for power plant developers, such as:

- They can operate the plant without CCS at peak times (i.e. high demand thus high

electricity price),
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- Increase or decrease the net power output of the power plant by adjusting both the

power plant and the CCS plant operational modes.

These two options are economically feasible only if the electricity selling prices are high
enough to compensate the penalty cost of the emitting CO, which would be otherwise
captured. For example, Chalmers and Gibbins (71) estimated for a coa based power
generation mix only when electricity selling price is considered, that it could be
economically advantageous to bypass a post-combustion plant when the unit ($/MWh)
electricity price is at least two to three times higher than unit penalty cost of emitted CO,

($CO,) (71).

Being less carbon intensive, natural gas fired plants emit CO, at lower rate per MWh of
electricity generated. Hence, the CO, emission penalty cost associated with flexible
operations even a the extreme case of switching capture plant off would be likely be traded

off by the economic gain offered by the electricity selling prices.

In general, partial and entire bypass of the capture plant will have a great impact on the flow
rate of the steam extracted from the water/steam cycle of power plant. Therefore, it is

necessary to consider the impact of steam flow variation on water/steam cycle design.

Bypassing the capture plant with a clutched turbine would be extremely difficult. Assuming
the clutched turbine is kept in standby, it would require re-clutching the turbine to handle the
steam surplus. For the throttled LP turbine and floating IP/LP crossover pressure, no
operational problem is expected with admitting more steam unless the LP turbine is not sized

accordingly.

For a MEA-based amine process, the CO, capture rate is typically 90 % at which the highest
efficiency penalty occurs. By changing it to lower values, the steam required for solvent
regeneration will reduce, hence more steam will be available for power generation, thus
more net power output (and vice versa). As discussed in section 2.2.4, Ramezan et al. (15)

evaluated the effect of various CO; capture levels on the performance of a retrofitted coal
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power plant with a conventional MEA-based amine process. Their results showed that by
changing the CO. capture level from 90 % to 30 %, the net power output will increase by
approximately 30 %, and concluded that a 10 % reduction in CO- capture rate equates to
nearly an 11 % reduction in levelised cost of electricity and a 4 % reduction in the CO,

capture cost.

These results stress the importance and attractiveness of flexible operation for power plants
developers. Although results published by Ramezan et al. (15) properly demonstrated the
trend of change, the behaviour of the capture and the power plant are yet to be described. For
example, the operational limitations and the response time of the capture plant to cope with
the change in the steam flow entering the reboiler must be analysed. In addition, how CO-
capture rate varies during transient operation of the power plant, such as start-up, shut-down
and load changes, are unclear. These pseudo-steady state operations highly emphasize the

need and necessity for dynamic simulation of CCS-integrated power plants.

The bigger context of flexibility in operation is related to diurnal and seasonal variations in
electricity demand and pricing. Assuming that CO, capture systems operate continuously at
full-load and permanently consume a significant portion of power plants generation capacity
is indeed ignoring dynamic operations in response to definite load variations. Cohen et al.
(72) studied the effect of post-combustion plant on daily and yearly dectricity demand
fluctuations for a power grid in the U.S. Their studies showed flexible operation of the
capture plant will benefit the plant operators in terms of electricity selling price at peak time
and eliminate the need for building new eectricity generation capacity to compensate the

security in supply for capture plant deployment.

There are constraints that restrict flexible operations of post combustion plants. For instance,
increased thermal interdependency between capture plant and power plant to increase the
overal thermal efficiency will likely increase the complexity of the system and thus limit the
flexibility in operation. Finally, operational flexibility of a plant is a trade-off between its

overall performance (measured as overal efficiency) and associated complexity.
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2.5. Conclusions & Remarks

For natural gas fired power plant applications, CO, capture based on chemica
absorption/desorption using aqueous solution of 30 wt. % is the best near term option for
decarbonisation. The various operationa considerations for this process were discussed and
areas of challenge hindering the commercialisation of this technology were addressed. This
process has a major drawback of high heat requirement for solvent regeneration. In order to
address this issue, aternative process configurations and/or process modifications have been
introduced. Two promising alternative processes for absorber and stripper columns were
discussed, which are caled: advanced absorber intercooling (recycled intercooling),
advanced flash stripper and advanced reboiled stripper, and the research gap associated with
their future development were addressed. These alternative configurations improve the CO-
capture process overall efficiency. These benefits are associated with increase in the process

complexity.

Another challenge of incorporating CO. capture process into power plant cycle is related to
the steam supply by the power plant for the solvent regeneration process. Providing the
steam will fundamentally change the design and operational concept of the steam turbine, by
which the operation of base-load and off-design modes of the power plant cycle will be
influenced. This topic has been widely discussed in the literature. The optimum location to
extract the steam is from the crossover pipe that transport steam form the IP steam turbine to
the LP steam turbine section at the pressure around 300 to 400 kPa. Flexible operation is
another topic that has been widely discussed in the literature. In addition, another issue on
the incorporation of CO, capture processes into natural gas fired power plants in related to
the fact that the integration might cause limitation on the power plant flexible operation as
natural fired power plant are envisaged to be used for peak load operations in addition to
base load operations. A number of solutions were introduced to manage the power plant
flexible operation especially at peak times. These options with their impact were addressed

in this chapter. A good number of studies concluded that operational flexibility of aplantisa
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trade-off between its overal performance (measured as overal efficiency) and associated

complexity.
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Chapter 3

Modelling M ethodology

Models are indispensable tools for research and development. They play a crucial rolein the
creation and use of processes and help to increase our comprehension of them. A model
itself is a simplification of reality, and the effectiveness of a model lies on its ability to
capture enough details to be realistic. This chapter presents fundamental concepts,
cornerstones and details used to develop a thermodynamic model of the CO. capture process
using agueous solutions of monoethanolamine (MEA) as solvent. At first the process
description of the system is presented, then the chemistry and kinetics of CO; reaction with
aqueous MEA are defined, and finally the details of the thermodynamic framework used to
represent the CO»-H,O-MEA system are described. The importance of this chapter cannot be
overstated as the research discussed in this thesis is a contributor to tackle climate change by

decarbonising power plants flue gases.

3.1. Post-Combustion CO, Capturewith MEA

Among methods proposed to remove CO. from power plant flue gases, the CO;
absorption/stripping with a circulating chemical solvent is currently considered as the most
viable solution. This process can be placed at the tail end of existing or new fossil fuel based
power plants with minor modification within the power plants processes. Design of a CO,
absorption/stripping process using chemical solventsis a function of many variables such as
flue gas conditions, e.g. CO, concentration, temperature, pressure, other impurities present,
etc., solvent conditions, e.g. type and concentration, construction material, e.g. packing type
and column shape, and system configuration. Systems with near atmospheric pressure,
which is the interest of this thesis, require relatively active solvents with high absorption

capacity to react with CO.. Amines are commonly considered for such applications with
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MEA as the industry standard. Figure 3-1 shows the typicd set up for a CO;

absorption/stripping system using agueous MEA as circul ating solvent.

Product Vapour
Treated Gas (CO,+ H,0)

Cooler

\

/ Stripper

Lean/rich cross
Flue Gas exchanger

— =

Rich solvent ';' 2 Lean solvent | Reboiler

Figure 3-1. MEA based CO, absorption/stripping process

Before entering the absorber column, the flue gas should be free from SO, and NO: as these
constituents affect the absorption process by forming heat stable salt with MEA. The
recommended concentrations of SO- is below 10 part per million by volume (ppmv) (2).
Contrary to natural gas flue gases that are free from SO, coal fired flue gases contain SO,
the SO, removal is usually achieved by passing the flue gas through a flue gas
desulphurisation (FGD) unit. If NOy is present in the flue gas, it could be removed using

sel ective catalytic reduction (SCR) or selective nonanalytic reduction (SCNR).

In a natural gas-fired power plant, flue gas temperature at the gas turbine exhaust is around
100-120°C, and is required to be cooled before entering the absorber column. Cooling
typically is done by passing the flue gas through a direct contact cooling (DCC) unit whichis
a packed column where water is fed from the top and counter-currently contacted with the
flue gas that is fed at the bottom. The flue gas exits the DCC from the top and enters a
blower to be dightly pressurised to overcome the passage and packing pressure drop through

the absorber column.
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Typicaly, absorbers are packed columns. Packing provides sufficient surface area for CO-
and solvent to contact and react. Flue gas enters the absorber column below the packing
section and counter-currently contacts with the lean solvent that enters above the packing
section. CO; is absorbed into the aqueous MEA solvent through reversible chemica
reactions to form a rich solvent. In a MEA-based system, the absorber operates at a
temperature around 40 °C. Therefore, it is recommended that the flue gas and circulation
solvent temperatures at the absorber inlet be around 40 to 50 °C. Rich solvent leaves the
column at the bottom and treated gas discharges to atmosphere from the top. Before the
treated gas leaves the absorber column, it passes through a demister to retain carried over
liquid droplets, and then a washing section to further reduce amine losses. In a MEA-based
system, the solvent loading can be defined as the molar ratio of CO, to MEA in a unit of
agueous solution of the solvent. After leaving the absorber column, the rich solvent is
pumped through the cross heat exchanger before being fed to the stripper column. at the
cross heat exchanger, the rich solvent is heated by the hot lean solvent, coming from the
stripper column. Before proceeding to the absorber column, the lean solvent is further cooled

down to typically 40°C in atrim cooler.

The stripper column is also a packed column, and the rich solvent enters the stripper above
the packed section. The stripping steam is generated at the bottom of the column by partia
evaporation of the liquid solvent in the reboiler where the external heat is provided usually in
the form of steam. This heat reverses the chemical equilibrium between MEA and CO;, and
the released product vapour, i.e. CO, and water vapour, leaves the stripper at the top. The hot
lean solvent leaves the stripper column at the bottom and flows through the cross heat

exchanger and the trim cooler to enter the absorber column.

The product vapour released from the stripper enters an overhead condenser where its water
vapour is taken out before the remaining CO; is compressed in a multi-stage compression

unit up to a pressure of 120-150 bar, suitable to transport to suitable storage sites or use in
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enhanced oil recovery (EOR) applications. The condensed water is routed back to the

stripper column after being stabilised in the reflux drum.
3.1.1. MEA Solution Concentration

MEA isaprimary amine and a primary alcohol. Its melting point isat 10.3 °C and its boiling
point is a approximately 170°C (1). It is an economic solvent and it has long been the
industry standard for non-selective removal of acid gases such as CO. and HzS due to its low
cost per mole of amine, high heat of absorption, high absorption capacity, and high rates of

reaction (2,3). Low degradation resistance is a downside of this solvent (3).

Choosing an appropriate concentration of MEA solvent is usually made practicaly on the
basis of operating experience (4). Typical concentration of aqueous MEA is in the range of
15 to 30% wt. %. Early application of agueous MEA for CO, removal dates back to 1949
(5). During 1970-1980, Dow chemical and Union Carbide used a 30 wt. % agueous solution
of MEA to produce CO; for EOR applications (6, 7). In 1992, ABB Lummus Crest/Kerr
McGee used 20 wt. % agueous solution of MEA in a CO; removal process (8). Recently,
higher concentrations, e.g. up to 40 wt. %, have been proposed to improve the absorption
capacity. Increasing the solvent concentration will generaly result in reducing the
recirculating solvent flow rate and therefore the plant operational cost, however, higher
concentrations are associated with higher risk of corrosion and more corrosion inhibitors are
required (9). Unless otherwise stated, throughout this thesis an aqueous solution of 30 wt. %

MEA (or equivalent of 7 molar (m) MEA) is used as solvent.

3.2. Chemistry of CO2 Reaction with Aqueous M EA Solution

In aqueous solutions the extent of electrolyte dissociation is governed by chemical
equilibrium. Electrolytes that dissociate completely are referred to as strong electrolytes, and
electrolyte species that partially dissociate in aqueous solutions are referred to as weak
electrolytes. The compounds of interest in this thesis are characterised as weak e ectrolytes,

as CO; is aweak acid eectrolyte and MEA is a weak organic base electrolyte (10). These
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two weak electrolytes when reacting in agueous solutions partialy ionise, and/or partially

dissociate as described in Reactions 3-1 to 3-7.

When gaseous CO, absorbs into an agueous solution of MEA (denoted here as RNH,) and

reacts with it, the following reactions take place (11):

lonisation of water:

H,0 - OH™ + H* (3-1)

Dissociation of dissolved CO, through carbonic acid:

k K
CO, + H,0 —=222 ,HCO3 + H* (32
Bicarbonate formation:
k —_
CO, + OH- —— 2, HCO3 (3-3)

Dissociation of bicarbonate:

kncoz K3

HCO3 + H,0 COZ™ + H;0" (3-4)

Carbamate formation from M EA and CO, reaction:

kak_4K.
CO, + RNH, +B  ,RNH}COO™ +BH* (3-5)

Carbamate reversion to becarbonate (hydrolysis reaction):

K,
RNHCOO™ + H,0 ——— RNH, + HCO3; (3-6)

MEA protonation:
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n
krnH, Ko Ks

RNH, + H,0* RNHZ + H,0 37

RNH;COO~ and RNHZ are carbamate and protonated MEA, respectively. The base (B) in
Reaction 3-5 can be either RNH,, H,0, OH™, or a combination of bases present in the
system. Reactions 3-1 and 3-7 are normally considered to be instantaneous. The direct
reaction of CO, with water (Reaction 3-2) is a very slow reaction when compared with the

reaction involved in carbamate formation (Reaction 3-5).
3.2.1. Mechanism of CO; Reaction with Aqueous MEA

Reactions between CO. (being a weak acid gas) and MEA solution (being a weak base
solution), as presented in Reactions 3-5, have been usually described by using either a two-
step zwitterion mechanism suggested by Danckwerts (12), or a one-step termolecular
mechanism proposed by Crooks and Donnellan (13). In the following these mechanisms and

their differences are described.
3.2.1.1. Zwitterion M echanism

In this mechanism it is suggested that in the first step, CO, reacts reversibly with MEA and
forms an unstable zwitterion, as expressed by Reaction 3-8. The unstable zwitterion may
either reverse back to CO, and MEA, or becomes de-protonated by a base present in the

system to form carbamate in the second step as expressed by Reaction 3-9 (12,14,15):

kqk_
CO, + RNH, «————— RNH;C00~ (3-8)
kg k_
RNH}COO™ + B «———— BH* + RNHCOO"~ (3-9)

The combination of Reactions 3-8 and 3-9 will give Reaction 3-5.
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The zwitterion mechanism is mostly used to describe the reactions between CO, with a
primary (such as MEA) or secondary amines in both agueous and non-aqueous solutions

(12,15-17).
3.2.1.2. Termolecular M echanism

In this mechanism, it is assumed that the reaction between CO; and MEA is a single-step
reaction where the initial product is not a zwitterion and instead a loosely-bound encounter

complex astheintermediate, that can be represented as (16):

RNH, ...B + CO, & RNHCOO™ + BH* (3-10)

The loosaly-bound complex breaks up to form the origina reactant molecules, i.e. MEA,
CO;, and the base, although a small fraction of it reacts with a molecule of water or MEA to
produce ionic products. However, the production of bond and charge separation takes place
only in the second step. Crooks and Donnellan (14) stated that their proposed termlecular
mechanism may be regarded as a limiting case of the zwitterion mechanism when k_; >

ks[B].

3.2.2. Equilibrium Constants

Equilibrium constants govern the dissociation of weak electrolytes in an agueous solution,
and they are defining inputs to the vapour-liquid equilibra of the solution (11). The

equilibrium constant as a function of temperature is proposed by Austgen et al. (17) as:
Ca
In(K) = C, + -+ C3Ln(T) + C,T (3-11)

Table 3-1 presents the values of constants €, C,, C5, and C, for different reactions (17).
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Table 3-1. Temperature dependencies of the equilibrium constant (17)

Reaction Ci C2 Cs Cs Temperature Range
Reaction (3-1) 132.899 -13445.9 -22.4773 0.0 0-225°C
Reaction (3-2) 231.465 -12092.10 -36.7816 0.0 0-225°C
Reaction (3-4) 216.049 -12431.7 -35.4819 0.0 0-225°C
Reaction (3-6) 21211 -8189.38 0.0 -0.007484 0-50°C
Reaction (3-7) 2.8898 -3635.09 0.0 0.0 25-120°C

The thermodynamic framework used in the electrolyte Non Random Two liquid (e-NRTL)
model, i.e. the model used in Aspen plusfor al simulations carried out in this thesis and will
be presented in following sections, is based on two types of equilibria: chemical reaction
dissociation equilibria, and vapour-liquid phase equilibria for molecular species (17).
Molecular electrolytes react or dissociate in the liquid phase to produce ionic species to the
extent governed by chemical equilibria (17). The equation governing chemical equilibria

may be expressed as:

k=] Ja (3-12)
i

Where q; is the activity coefficient of speciesi. The following sections provide a thorough

description of the thermodynamic framework governing the CO»-H,O-MEA system.

3.3. Thermodynamic M odel

Design of a CO;, absorption-desorption system with agueous MEA solution requires
knowledge of the vapour-liquid equilibria (VLE) of the CO,-H,O-MEA system (17,18). To
properly model the CO, absorption/desorption process a rigorous thermodynamic model to
accurately interpolate and extrapolate experimenta vapour-liquid equilibria data of the CO»-
H,O-MEA system is required (17,18). An ideal thermodynamic model of CO,-H.O-MEA
should accurately represent the phase equilibria between the vapour and liquid phases, as

well as the chemical reaction equilibria existing within the liquid phase (19).

59



Because of difficulty in presenting activity coefficients in concentrated electrolyte solutions,
early VLE models for weak electrolytes were based on empirical models that lacked
representation of physical interactions (17). Empirical models are based on experimentally
fitted parameters, and since these models use less complex calculations than theoretical
models they do not properly estimate the composition of the liquid phase. These models
usually fail to predict conditions outside the range of the experimental data used for

parameter fitting (17).

One of the first widely used empirical models for amine solutions was proposed by Kent and
Eisenberg (20). This model presents H.S and CO, equilibrium partial pressures over aqueous
solutions of MEA and diethanolamine (DEA). The model assumes all activity coefficients
and vapour-phase fugacity coefficients are unity, and forces a fit between experimental data
and the model predicted values by employing apparent equilibrium constants in the
equations (17). This model is till used for CO. capture modelling. Deshmuck and Mather
(21) developed a more rigorous model to calculate the solubility of H>S and CO, in MEA
solutions. The model seems to be more accurate than the Kent-Eisenberg Model as it
estimates the activity and fugacity coefficients that are used in calculating the liquid phase
equilibrium constants and in the application of Henry’s law to the VLE. However, this model

is known to be complicated (17).

Gabrielsen et al. (22) used a simple approach to describe the VLE of CO. in single aqueous
solution of MEA, DEA and methyldiethanolamine (MDEA) by taking into account only one
chemical equilibrium reaction and assuming ideal gas and idea liquid properties. The model
uses four experimentally-regressed parameters to describe the partial pressure of CO; in the
relatively narrow range of conditions experienced in the CO, removal from power plants flue

gases across a relatively narrow temperature range.

Contrary to empirical models, semi-empirical models rely mainly on theoretica
assumptions. However, they also suggest parameter adjustment via experimental data.

Several semi-empirical excess Gibbs energy models and/or activity coefficient models have
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been developed that are suitable for agueous e ectrolyte systems with conditions typical of
industrial application (10). The application of Pitzer's excess Gibbs energy model (23) is
generally limited to single-solvent, agueous systems. For this model, the solute-solute binary
interaction parameters are as unknown function of solvent composition. To properly model
an agueous amine system, it is required to consider the amine-water systems as a mixed
solvent system of variable composition (24). One of the most accurate models was
developed by Austgen et al. (18) to represent VLE in H>S and CO- in an agueous amine
system. The model uses the eeNRTL model developed by Chen and Evans (25) to represent
activity coefficients in CO.-H,O-amine. This model has been successfully used to correlate
experimental VLE data for different types of amine solutions over a wide range of
applications and proved to produce highly accurate results (26). Activity coefficient models
and equation of state are the main semi-empirical models for electrolyte systems. Activity
coefficient models represent liquid phase properties and the equations of state describe the
vapour phase properties. These two models are usually combined to represent VLE in

electrolyte solutions.

3.4. Chemical Equilibria & Phase Equilibria

Figure 3-2 shows the chemical and phase equilibria in a closed loop of a weak electrolyte
system, of which the CO,-H,O-MEA system is an example. In a closed system at constant
pressure and temperature, phase equilibria governs the distribution of molecular species
between the liquid and vapour phase. In such systems ionic species are normally considered
as non-volatile and they will be present only in the liquid phase. Chemical equilibria govern
the distribution of an electrolyte in the liquid phase between the molecular and ionic forms.
Physical and chemica equilibria are highly coupled in such systems. Equality of chemical

potentialsis the fundamental criterion for phase and chemical equilibrium (27).
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MEA H,O CO, Vapour phase

MEA H,O Co,

Liquid phase

R1: CO; + Hy0 «—— HCO; + H*
R2: COz + OH™ «—— HCO3

R3:  HCO; «——CO5 +H'

R4: MEAH' < MEA + H*

RS MEACOO™ + Hy0 «—— MEA + HCO3

Figure 3-2. Schematic representation of chemical and phase equilibriain a closed loop of aweak
electrolyte system

According to Gibbs theory, phase equilibria are attainable when at the same temperature and
pressure the chemical potential of each speciesis the same in all phases (28). For a vapour-

liquid system at isothermal and isobaric conditions, the Phase equilibria can be expressed as:

= uj (3-13)

Where u? and p! are the chemical potential of species i in the vapour and liquid phase,

respectively. The chemical potential of speciesi present in phase a is defined by:

{ <aca> (3-14)
Ky = -
ani T,P,njii

Where G¢ isthe total Gibbs free energy of the speciesi in phase a, n; isthe number of moles
of speciesi, T isthe uniform temperature of the closed system, and P is the uniform pressure.
The subscript n;.; implies the number of moles of all species, except the i"" component, are

held constant.
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3.5. Rigorous Vapour-Liquid Equilibrium (VLE) Modds for the COx-HO-MEA

System

In theory, the vapour-liquid equilibria for the solvent species are expressed as (19,28):

vy (P - P;ﬂt)) 15

yipiP = x;; isatpisatexp< RT

Eq. 3-15 accurately describes the VLE of solvent molecules; however it fails for supercritical
components, i.e. components that are gaseous at normal conditions, as the saturation pressure
does not apply to them (21). An equivalent form of Eg. 3-15, based on Henry’s constant is

usually used to express vapour-liquid equilibria for the supercritical components as (10,19):

- H™ v (P — P34t
YidiP = xv; <#) exp( = BT = > (3-16)
Where,
Him _ Hi—s
In(— )= ) wigIn|— (3-17)
yi 3 yi—s
With:

xs(U;l)2/3

2/3

=—>° 7 3-18
Zs’ X! (vs*l) ( )

N

Where H{™ is the Henry’s constant of solute i in al solvent components, v;2,, is the partial
molar volume of solutei at infinite dilution in the solvent mixture at the system temperature
and saturation pressure of of the solvent mixture (P34%), y;° is the activity coefficient of
solute i at infinite dilution in the solvent, H;_ is Henry's constant of solute i in solvent s,
Y2, is the activity coefficient of solute i at infinite dilution in pure solvent s. wy is the

apparent volume fraction of solvent s.
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The partid molar volume of the supercritical component, e.g. CO,, at infinite dilution in
water was estimated by the correlation of Brelvi and O’ Connel (29). The general form of

Brelvi-O' Connel (BO) correlation can be expressed as (19,30):

vis = f@P0 v8%, v (3-19)
With:
vE0 = Vig + VT (k=1i,5s) (3-20)

Where v29 and vB9 are the characteristic volume of the supercritical component i and the
solvent s, respectively, vt is the saturated liquid volume of the solvent that can be
calculated using the Rachett model (31). vy, and v, are the correlation parameters for

component k.

The exponential term in Eq. 3-40, called the Poynting correction, can be neglected when
used for systems operating at low to moderate pressures (28,32), therefore the equivalent of

Eq. 3-16 for supercritical components (Henry components) can be expressed as (19):

m

) H]
YidiP = xy; Ve (3-21)

i
A rigorous VLE model of electrolyte systems requires accurate descriptions of fugacity

coefficients and activity coefficients in addition to Henry constants for Henry components.

To effectively describe the VLE, accurate values of fugacity coefficients and activity

coefficients in addition to Henry’ s constants for henry components are required.
3.5.1. Modelsfor Fugacity Coefficient

Fugacity coefficient can be calculated from PV T data using a cubic Equation of State (EoS)
available in the literature (28). Cubic equations of state usually have volume terms raised to

the first, second, and third power. Equations of state are suitable to be applied for liquid-
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vapour equilibria as only two phases are involved in the process. A genera form of available
cubic EoS can be expressed by a five-parameter formula (b, @,1, §, €) as (33):

RT OV —1n)

T S T S TS

(3-22)

The parameters are model dependant. They can be constant values (including zero) or a

function of temperature and/or composition.

The Redlich-Kwong (RK) equation of state (34), a modification of this model by Soave (35),
called the Redlich-Kwnog-Soave (RKYS) equation of state, and the Peng-Robinson Equation
of State (36), are the most commonly used equations to represent the non-ideal equilibrium
behaviour of gas-phase in CO,-H,O-MEA systems. The expression of the three mentioned

cubic equations of states are:

Redlich-Kwong (RK) EoS (34):

p= T a (3-23)
" V—-b TW2V(V +Db)
Redlich-Kwnog-Soave (RKS) EoS (35):
RT a(T)
= - 3-24
P=v=% V(V + b) (3-24)
Peng-Rabinson (PR) EoS (36):
RT T
p= R _ a(l) (3-25)

V—b VWV +b)+b(V—h)

Where the parameter a represents the strength of the attractive forces between molecules and

the parameter b is related to the molecule size. Vaues of these two parameters in terms of
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critica properties were determined by forcing the EoS to satisfy the condition of criticality

as (10):
272
a = 0427480 —= (3-26)
c
RT,
b = 0.086640 (3-27)

c

Spear et al. (37) showed the Redlich-Kwong equation of stateis areliable model to calculate
the vapour-liquid critical properties of binary mixtures. Chueh and Prausnitz (38,39) aso
confirmed that the Redlich-Kwong equation can be reliably predict both vapour and liquid
properties. Soave (35) used the Soave-Redlich-Kwong equation to calculate the vapour
pressures of a number of hydrocarbons and some binary systems and compared the results
with experimenta data. Soave’'s modification fitted the experimental (vapour-liquid) curve
well and it was able to predict the phase behaviour of mixtures in the critical region. Han et
al. (40) confirmed the Peng-Robinson equation of state was reliable for predicting vapour-
liquid equilibrium in hydrogen and nitrogen containing mixtures. Harstad et al. (41) also
showed that the Peng-Robinson equation of state could be used to determine afairly accurate
and computationally efficient correlation of high pressure fluid mixtures used in rocket

engines and gas turbines.

The Peng-Robinson and Redlich-Kwong-Soave equations of state are widely used in
industry and recommended for hydrocarbon processing applications such as petrochemical
processes, refinery, and gas processing. Results of the Peng-Robinson model are comparable
with those of the Redlich-Kwong-Soave equation of state. The Redlich-Kwong equation-of-
state is applicable to calculate vapour phase thermodynamic properties of systems at low to
moderate pressures (maximum pressure 10 bar) for which the vapour-phase non-ideality is

small (19).
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3.5.2. Modelsfor Activity Coefficient

The activity coefficient of a system can be determined if a model to calculate the system
excess Gibbs energy is available. Most of excess Gibbs energy models available for
electrolyte systems, such as CO»-H,O-MEA systems, usually are a combination of short-

range interaction and long-range electrostatic interactions as expressed below (42):

GE = GESR 4 GELR (3-28)

Where GESR and GELR are the short-range and the long-range contributions to the system

excess Gibbs energy.

Usually, the short-range interactions are represented by local composition models such as the
universal quasi-chemical (UNIQUAC) equation of Abraham and Prausnitz (43), or the non-
random two-liquid egquation of Renon and Prausnitz (44). Representation of long-range
electrostatic interactions in most models is based on a version of the equation originaly
proposed by Debye and Huckel (28). Guggenheim (45) extended the original Debye-Huckel
(DH) equation, and the extended equation was further improved by Pitzer (46,47) which is
known as the Pitzer-Debye-Huckel (PDH) equation. By taking the PDH equation into

consideration, Eq. 3-28 can be re-expressed as (48,49):

GE = GESR 4 GE.PDH (3-29)

The activity coefficient for any species, ionic or molecular, solute or solvent is derived from
the partial derivative of the excess Gibs energy with respect to mole number. Taking the

derivative of Eg. 3-29 in line with the definition of the activity coefficient provides:

Iny; = Inyf® + InyPPH (3-30)

Two widely used rigorous models for the excess Gibbs energy are the extended UNIQUAC

model (electrolyte-UNIQUAC model) and the eectrolyte-NRTL model (42). In following
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the eectrolyte-NRTL (e-NRTL) model will be further discussed as thisis the model used in

thisthesis.

3.5.2.1. Electrolyte Non-Random-Two-Liquid (eeNRTL) Mode

The electrolyte non-random, two liquid (e-NRTL) model was first proposed by Chen et al.
(49,50) to represent the excess Gibbs Energy of agueous electrolyte systems and later
extended by Mock et al. (51) for mixed solvent electrolyte systems. Chen and Song (52)
have generalised this model for mixed solvent systems using a segment interaction concept,
and Bollas et al. (53) refined this model by using a derivative of general expressions for

activity coefficient correlations.

The origina model proposed by Chen et al. (49,50) is based on two fundamental

assumptions about the liquid framework of eectrolye systems (51):

1- The local composition of cations around a central cation is zero, and the loca
composition of anions around a central anion is zero. This means repulsive forces
between ions of like charge are assumed to be extremely large (the like-ion repulsion
assumption).

2- The distribution of cations and anions around a central molecule is such that the net

local ionic charge is zero (the local electro-neutrality assumption).

The original e-NRTL model assumes the excess Gibbs energy is the sum of two expressions
(51): One expression is derived from the NRTL equation (44) to represent the loca
interaction contribution produced by all short-range and long-range interactions that occurs
between all neighbouring species. Another expression is the Pitzer-Debye-Huckel (PDH)
equation (46) which represents the long-range interaction contribution produced by the long-
range ion-ion electrostatic interactions beyond the immediate neighbourhood of acentra ion.
However, a refined and recent development of the e-NRTL model includes a third
expression, called the Born term (54), to represent the excess Gibbs energy for transfer from

infinite dilution in mixed-solvent to infinite dilution in aqueous phase. The reason for adding
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the third expression is that the reference stage chosen for ionic species in the context of a

mixed solvent electrolyte system isthe ideal dilute state in water only (17).

Austgen et al. (17) developed a rigorous VLE model based on the eNRTL model to
represent activity coefficients of al species, ionic and molecular, in acid-gas-MEA-H-0 and
acid gas-DEA-water systems. In this model both water and alkanolamine were regarded as
solvents, therefore the model treats the solution as a mixed-solvent system (water-
alkanolamine system). The model rigorously represents chemical equilibria and mass
balance and alows determining of all liquid-phase ionic and molecular species. The liquid-
phase activity coefficients are represented with the eeNRTL model (49,50), modified for
mixed solvents electrolyte solution (55) considering both short-range and long-range
interactions between al true species in the liquid phase. The vapour-phase fugacity
coefficients are represented using the Redlich-Kwong equation of state modified by Soave
(35). This model provides vital information such as interface VLE, bulk interface driving
forces, and true liquid species which makes it particularly suitable for kinetic studies and for
design and simulation based on rates of mass transfer rather than equilibrium (56). This
model is probably the most sophisticated and thermodynamically rigorous framework to
model agueous electrolyte systems, including agueous alkanolamine, e.g. MEA, for CO;
capture (56,57). This model is the Aspen Plus® recommended model for eectrolyte CO,-

H.O-MEA systems.

In the eeNRTL model for mixed solvent electrolyte systems, the excess Gibbs energy has

three contributions as follows (17,19,56):

Gex* — Gex*,PDH + Gex*,BORN + Gex*,LC (3_31)
And such that:
lnyex* — lny*PDH +1n y*BORN + lny*LC (3_32)

Where the superscript * denotes an unsymmetrical reference state.
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As mentioned earlier, the expression for the long-range interaction contribution in based on
the Pitzer-Debye-Huckel (PDH) formula (46). The PDH formula, normalised to mole

fraction of unity for solvent and zero for electrolytes, is expressed as (46):

. 1000\*/? /44,1
Gex'PDH — _RT (Z xi>( - ) ( v ")m(1 +pI2?) (3-33)
- S

i

Where x; is mole fraction of speciesi, M, is the molecular weight of the solvent, p is the
closest approach parameter, A, is Debye-Huckel parameter and I, is the ionic strength of

the mixture based on mole fraction. The Debye-Huckel parameter and the ionic strength are

expressed as (46):
1/2 2 \3/2
o= () oty
3/\ 1000 DKkT
1 2
I, = Ez X Zj (3-35)
i

Where, N, is Avogadro’s number, d is the mass density of solvent, e is electron charge, D is
the Dielectric constant of solvent, k is Boltzmann constant, T is temperature and z; is charge

number of ioni.

3.6. Conclusions & Remarks

This chapter provides areview of the chemistry and kinetics of CO; reactions with MEA and
the thermodynamic concept that have been applied to model the vapour-liquid equilibra of
the CO,-H,O-MEA system. Also in this chapter a brief review of relations between chemical
potential, activity and fugacity coefficient and excess Gibbs energy functions was provided.
The e-NRTL model to represent the excess Gibbs energy of aqueous electrolyte systems was
also introduced in this chapter. A review of the rigorous e-NRTL model developed by
Austgen et al. (17) to represent activity coefficients of all species, ionic and molecular, in

acid-gas-MEA-H,0 and acid gas-DEA-water systems was also provided. This model is the
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Aspen Plus® recommended model for electrolyte CO,-H,O-MEA systems which is the basis
of the CO. absorption/desorption process model developed and applied in this thesis. In this
version of the eNRTL model both water and akanolamine were regarded as solvents,
therefore the model treats the solution as a mixed-solvent system (water-alkanolamine
system). The model rigorously represents chemical equilibria and mass balance and allows
determining of all liquid-phase ionic and molecular species. The liquid-phase activity
coefficients represented with the eeNRTL model which are modified for mixed solvents
electrolyte solution by considering considering both short-range and long-range interactions
between all true species in the liquid phase. The vapour-phase fugacity coefficients are
represented using the Redlich-Kwong equation of state modified by Soave. This model
provides vital information such as interface VLE, bulk interface driving forces, and true
liquid species which makes it particularly suitable for kinetic studies and for design and
simulation based on rates of mass transfer rather than equilibrium. This model is probably
the most sophisticated and thermodynamically rigorous framework to model aqueous

electrolyte systems, including agueous akanolamine, e.g. MEA, for CO- capture.
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Chapter 4

CO2 Capture Mode Development & Validation

This chapter describes the development of a rate-based model of CO, absorption/desorption
process using 7m (30 wt. %) MEA as solvent in Aspen Plus® V.8.4, and presents validation
results of the model using experimental data reported from two different pilot plants. The
UK Carbon Capture and Storage Research Centre/Pilot Scale Advanced Capture Technology
(UKCCSRC/PACT) CO- capture plant located at Sheffield, UK, and the MEA-based pilot

plant at the University of Kaiserdautern, located in Kaiserdautern, Germany.

4.1. Modelling Appr oaches

There are two main approaches to describe mass transfer equations of a chemica based
absorption/desorption process: the equilibrium-based approach and the rate-based approach.

These two approaches are described below.
4.1.1. Equilibrium-based M odelling Approach

The traditional method to model and design a reactive absorption process has usually been
based on the stage equilibrium models (1). In this method, the packed column is divided into
a user-defined number of segments or theoretical stages. The equilibrium stage model
assumes that the vapour stream leaving a stage is in thermodynamic equilibrium with the
liquid stream leaving the same stage (1,2). This method is useful in carrying out preliminary
process simulations and has been widely used in various process simulation tools. However,
in reactive absorption processes thermodynamic equilibrium is rarely achieved and
separation takes place due to the mass transfer between vapour and liquid phases (2,3).
Deviation from equilibrium is usualy taken into account through the use of efficiencies,

such as Murphree efficiencies and stage efficiency called the HETP (height equivalent to a
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theoretical plate) (2,4). However, for a reactive absorption process this approach generally

fails since the absorption always take place in multi-component mixtures (1-4).

4.1.2. Rate-based Modelling Approach

The rate-based approach is a more complex and physically consistent approach to describe a
reactive absorption process (1,5,6). This approach aims to take into account the actual rates
of multi-component mass and heat transfer and chemical reactions (1). In rate-based models,
mass transfer at the liquid and vapour interface can be described using the two-film theory
(7) or the penetration/surface renewa model (8). Usually the use of the two-film theory is
advantageous since a broad range of correlations is available in the literature for numerous
types of processes. In the two-film theory, as shown in Figure 4-1, it is assumed that the
liquid and vapour phases both are comprised of thin film and bulk regions, and all of the
resistance to heat and mass transfer is concentrated in laminar thin films adjacent to the
phase interface, and that transfer occurs within these films by steady-state molecular
diffusion only. The liquid and vapour bulk regions are assumed to have a uniform
composition (1). The Maxwell-Stefan equations are used to describe the multi-component
diffusion in the films (1,9). The rate-based model aso requires additional considerations at
liquid and vapour interface and process hydrodynamics that includes correlations for hold-

up, pressure drop and interfacia area (10).

On the other hand, in the equilibrium-based approach, each theoretical stage is assumed to be
composed of a well-mixed liquid and vapour phases being in phase equilibrium with each
other. The latter assumption is basically an approximation as these two phases are never in

equilibriumin areal system. (4,11).

The rate-based modelling approach is rigorous and reliable and offers higher accuracy over
the commonly used equilibrium-based approach (4,11). Therefore, the Rate-based approach

was adapted in this thesisto model the CO, absorption and stripping processes.
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Figure 4-1. Schematic illustration of the two-film theory

4.2. Aspen Plus® RateSep™ M odelling Framework

In this thesis, the CO, absorption/desorption model and any modification of it are devel oped
in Aspen Plus® RateSep™. Aspen RateSep™ is an extension of Aspen RateFrac with rate-
based capahilities to rigorously simulate reactive multi-stage separation systems (12). In the
RateSep model, it is assumed that the separation is a result of mass transfer between
contacting phases and the equilibrium is only achieved at the vapour-liquid interface (12).
Aspen RateSep divides packed columns into a defined number of theoretical stages, and uses
the Maxwell-Stefan multi-component mass transfer eguation with the approximate solution
proposed by Alopaeus et al. (13) to describe mass transfer at the vapour-liquid interface. In
Aspen RateSep, Separate balance equations are considered for each distinct phase, and hesat
and mass transfer resistances are determined according to the two-film theory (4) with
respect to interfacial fluxes (12). Furthermore, Aspen RateSep allows film discretization for
the nonhomogeneous film layer which is a useful tool to develop an accurate concentration

profile in the film for fast reactions (12). Equations used in the film model include chemistry
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and thermodynamics of electrolyte systems and are combined with diffusion and reaction

rate kinetics.

The column hydrodynamics are represented with specific correlations for vapour-liquid
interfacial area, mass transfer coefficients, pressure drop, and liquid hold-up. Figure 4-2
shows a schematic illustration of CO, mass transfer across the vapour-liquid interface film.
As shown in Figure 4-2, the liquid film is discretised into multiple film segments to
accurately model the non-homogeneous film layer (12), film discretisation will be explained

in following sections.

interface

%A N
0" 0"
] | | -

Yeoz

liguid bulk

vapour bulk

Xcoz

Figure 4-2. schematic illustration of CO, mass transfer across the vapour-liquid interface film

4.2.1. Film Reactions

To properly model the CO, absorption process, reactions taking place in the film and their
effects on mass transfer are required to be taken into consideration. When reaction rates are
very dow it is possible to simplify the model by using either a single film segment, or
eliminate the film entirely (10). However, in many cases, it is required to differentiate
existing reaction regimes and their effect on physical mass transfer. The Hatta number H,,
which represents the ratio of the maximum possible rate of reaction rate to rate of mass

transfer (14), can be used as an indicator to evaluate the rate of reaction. For instance, low
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Hatta number indicates dow kinetics, and if the Hatta number is greater than 3, at near the
vapour-liquid interface, the flux of CO; is controlled by reaction kinetics and the diffusion of

untreated CO- is negligible (10). The Hatta number is expressed as:

Dco,k¢[AM]

H=—Fo
kco,

(4-1)

Where D, is the binary diffusion of CO; in the solvent, kf is the forward rate constant
controlling the absorption reaction, [AM] is the amine concentration and kzoz is the physical

mass transfer coefficient.

There is a simple approach to simply take into account reactions at the boundary layers by
employing a factor in models, called the enhancement factor (10). A more rigorous approach
is to discretise the boundary layer to represent the nonlinear concentration profile. Rates of
reactions will be affected by discretising the film. Discretisation if applied efficiently will
assure a proper representation of the phenomena taking place in the boundary layer without
unduly extending the computational time or reducing the accuracy of results. Discretisation
is crucial in CO, capture modelling as there are number of fast reactions taking place in the
system. Different boundary layer discretisation approaches have been suggested by various

authors (2,3,15-17). Film discretisation is used in this thesis.

Aspen RateSep™ provides a number of options for film discretisation. In the following these

options are described (18):
4.2.1.1. NoFilm

When this option is selected for a phase, the model assumes thereis no film resistance in that

phase and performs an equilibrium phase cal culation of the phase.
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4.2.1.2. Film

By selecting this option, the model performs diffusion resistance calculations and ignores

any reaction calculation for this film of that phase.
4.2.1.3. Filmrxn

In this case, the model uses the reaction condition factor to calculate compositions and
temperatures that will be used in the reaction rate evaluation. The reaction condition factor
varies between zero to one, where one is the bulk condition and zero is the interface

condition. Thisis an adjustable factor and can be specified by the user.
4.2.1.4. Discrexn

This is the most robust option that Aspen RateSep™ offers to represent reactions taking
place in the vapour-liquid interface film. By selecting this option, the film is discretised into
distinct segments and species concentrations in each discrete point are calculated to obtain a
reliable concentration profile across the film. This option requires the user to set the number
of discretisation points and the ratios of discretisation. The discretisation ratio is the ratio of
two adjacent film segments. In CO. absorption/stripping applications, discretisation of the
Interface film will provide a proper presentation of the enhancement effect of the carbamate

reaction in the absorption of CO; (10).
4.2.2. Flow Models

The flow model is a key input for a rate-based model. Aspen RateSep™ offers four flow
models to determine bulk properties that are required to calculate reaction kinetics and
energy and mass fluxes (18). Figure 4-3 shows the flow models available in Aspen

RateSep™ to determine bulk properties.
4.2.2.1. Mixed Flow M odel

This is the default flow model in Aspen RateSep™. In this model both vapour and liquid

phases are well-mixed. Within each phase, bulk properties are assumed to be the same as the
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outlet conditions of that phase when leaving the stage. This model is recommended for tray

contactors; however, it can also be used for packed columns (18).
4.2.2.2. Counter-Current Flow Model

This model can be used when vapour and liquid are counter-current. By using this model,
within each phase, bulk properties are calculated as an average of the inlet and outlet
properties. This model provides more accurate results for packing, but is more
computationally intensive. It is recommended for structured packing (10,18). This flow

model is adapted in this thesis for the absorber column simulations.
4.2.2.3. VPlug Flow M odel

In this model the liquid phase is assumed to be well-mixed and the vapour phase is plug
flow. In this model the liquid phase properties in each stage are assumed to be similar to
conditions at which the liquid phase leaves that stage, and the vapour phase properties are
calculated as described in the counter-current model. This model assumes the stage pressure
for each phase is their pressure when leaving that stage. This flow model is adapted in this

thesisfor the stripper column simulations.
4.2.2.4. VPlug-Payg Flow Model

Thisflow model is similar to the VPlug model except an average pressure of the phase at the
inlet and outlet of a stage, represented as Fy,4, is used for bulk properties calculations

instead of the outlet pressure.
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Figure 4-3. Flow model options available in Aspen Plus® RateSep™

4.3. CO, Capture M odel Development

The rate-based model of CO, absorption/desorption was developed within the Aspen Plus®
RateSep™ modelling framework. Figure 4-4 shows the developed Aspen flowsheet of this
model. The model was developed by implementing a thermodynamic framework to
accurately represent the CO.-H.O-MEA system, followed by proper description of kinetics

of CO; reaction with the MEA solution, and suitable transport properties affecting the heat

and mass transfer.
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Figure 4-4. Developed rate-based model of CO, absorption/desorption in Aspen RateSep

4.3.1. Thermodynamic Framewor k

The model used in Aspen RateSep for the thermodynamic propertiesis based on the work by
Zhang et al. (12). The model uses the asymmetric electrolyte Non-Random-Two-Liquid (e-
NRTL) activity coefficient model to account for the liquid phase non-idedity, and the
Redlich-Kwong (RK) equation of state for the vapour phase. The model has been validated
by Zhang et al. (12) against experimental data available in open literature. The absorber
model comprises both equilibrium and kinetic rate-based controlled reactions, while the
stripper model comprises equilibrium rate-based controlled reactions. In the absorber
column, the reactions that involve CO, were described with a kinetic model. The equilibrium
reactions describing the solution chemistry of CO. absorption with MEA, which are integral

components of the thermodynamic model, are expressed as (12):

2H,0 — H30* + OH" (4-2)
CO; + 2H,0 < HCO3 + H30* (4-3)
HCOs + H,0 < H30* + COs> (4-4)
MEAH* + H,0 < MEA + Hs0* (4-5)

MEACOO" + H;0 <> MEA + HCOs (4-6)
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The equilibrium constants (K) for reactions 4-2 to 4-6 are calculated from the reference state

Gibbsfree energy for each participating component (19,20)

—RTInK; = AG; 4-7)

Where, Risthe universal gas constant, T is the system temperature in Kelvin, and AG; isthe

reference state Gibbs energy change for reaction j.
4.3.2. Reaction Kinetics M odel

The formation of carbamate and bicarbonate are kinetically limited, and the forward and

reverse reactions are expressed as follows (21):

CO; + OH —»HCOs (4-8)
HCOs — CO, + OH (4-9)
MEA + CO, + H20 — MEACOO" + HzO* (4-10)
MEACOO" + H30" — MEA +CO2 + H,0 (4-11)

In Aspen plus, reaction rates for Reaction 4-8 to 4-11 are described by power law

expressions (12):

N
Efl 1
— 1,0 ] ij -
n = kjexp(— ¢ [T N 298.15]) I 1[(@)“ ' (412
i=

Where r; isthe rate of reaction for reaction j, k° is the pre-exponential factor, T is the system
temperature in Kelvin, n is the temperature factor, Ej is the activation energy, R is the
universal gas constant, C; is the concentration of species i, and a;; is the reaction order of

component i in reaction j. Table 4-1 summarises kinetic expressions of MEA carbamate and

bicarbonate reactions used in RateSep™ for absorber and stripper models (21).
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Table 4-1. Kinetic rate expressions of MEA carbamate and bicarbonate reactions used in RateSep absorber
and stripper model (21)

Related Reaction i inati
: e Reaction kinetics
species direction
HCOz Forward imol m 55.38 ( k]
Ta-n ( s ) =133 x107 ( - )e"p - [T 298. 15] eo,or™
R (mol K)
HCOs Reverse
7 _kmol = 6.63 x 10'° kmol ex 107 24 mol 5
@9\ 735 - m3s ) P T 298 15 #cos
mol K
MEACOO Forward kmol kmol 41.2 ( i ) 1 1
Ta—g) (—) =3.02 x 1014( 3 )EXP - mol [ ] AumEaco.
mes T 298.15 2
(mol I()
_ k
MEACOO Reverse fmol . (kmol 69. 05( IVt 1 1) awescoo-anor
(absorber)  7u-10) (—) =5.52x10 (mss ) exp\— [T " 298 15] a
R( ) ’ Hz0
mol K
_ k
MEACOO Reyerser kmol kmol 95 24 ( 4 ) 1 AmEACO0~ XHz0*
T97) = 6.56 x 1077 mol )
(stripper) T(4-10) = x m3s ) &P T 29815 a
R (mol K) e

4.3.3. Transport Property Models

In RateSep™, computable models are required to account for transport properties to solve

correlations of heat transfer, mass transfer, interfacia area, liquid holdup, pressure drop, €tc.

(12,20,21) Table 4-2 summarises the models with their literature references used in Aspen

RateSep™ for transport property calculations.

Table 4-2. Transport property models used in Aspen Plus for the CO2 capture model (12,20,21)

Property

M odel used

Mass transfer at vapour-liquid interface
Thermo-physical property model
Liquid density

Gas density

Liquid viscosity

Gas Viscosity

Thermal conductivity of the liquid
Surface tension of the liquid solution

Diffusivity of COz in H20 and MEA-H20 solutions

Two-film theory

Ying and Chen model

Clarke density model

Redlich-Kwong equation of state
Jones-Dole e ectrolyte correction model

Chapman—Enskog model with Wilke
approximation

Riedel electrolyte correction model
Onsager-Samaras model

Wilke-Chang diffusivity model
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4.4, CO, Capture Modd Validation

To validate the developed model, results of two pilot plant experiments were used: (1) the
UKCCSRC/PACT CO: pilot plant located at Sheffield, UK, and (2) the CO, capture pilot
plant at the Laboratory of Engineering Thermodynamic in TU Kaiserdautern, Germany (22).
In the following, results of the model and their comparisons with the respective experimental

data are described.
4.4.1. UKCCSRC/PACT CO; Pilot Plant M od€l

The design of the UKCCSRC/PACT CO- capture plant is based on the design of a standard
amine-based CO; capture plant. It consists of an absorber and stripper column in a closed
loop. The Plant uses an agueous solution of MEA with 30 wt. % as solvent and operates with
the flue gases provided by a 100 kW. micro gas turbine located at the plant. Figure 4-5
shows the process flow diagram (PFD) of the PACT pilot plant. The process description of
the plant is provided in Chapter 5. Table 4-3 summarises the UKCCSRC/PACT pilot plant

process design specifications.

L@

Figure 4-5. The UKCCSRC/PACT CO; capture pilot plant process flow diagram
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Table 4-3. The UKCCSRC design specifications

Parameter

Specification

Flue gas source

CO:2 concentration in the flue gas
Flue gas flow rate in the absorber
Flue gas temperature at the absorber inlet

Solvent type
Solvent flow rate

Turbec T100 micro gas turbine + CO2

Solvent temperature at the absorber inlet (°C)
Column packing in absorber, stripper, water washing sections

Materia of packing

Diameter of columns (absorber, stripper, water wash sections)

Height of packing

Absorber

Stripper

Water wash
Pressure in the absorber
Pressure in the stripper
Temperature of cooling water

feed from COz storage tank
5.5-9.9 mole %
400 Nm3h
~40°C
7 mole MEA aqueous solution
~ 400-1200 (kg/h)
40°C
Koch IMTP25 random packing
metal
0.30m

8m
8m
12m
Atmospheric pressure
120 — 300 kPa absolute
5-10°C

Table 4-4 provides a summary of the key features and sub-models used in Aspen to

develop the Pilot-scale CO. capture flow sheet in Aspen Plus® V8.4.

Table 4-4. Key design parameters and Aspen Sub-models used in developing UKCCSRC/PACT

CO; pilot plant model in Aspen PlusV.8.4

Parameter

Absorber column

Stripper column

Modelling approach

Number of theoretical
stages

Mass transfer coefficient
model

Interfacial area model
Liquid hold-up model

Flooding method (pressure
drop calculation model)

Heat transfer coefficient
model
Film resistance options

Liquid film discretisation

Flow mode

Rate-based approach
20

Onda et al. 1968 (24)

Ondacet al. 1968
Stichlmair et al. (25)
Stichlmair et al.

Chilton and Colburn (4)

“Film” for vapour phase,
“Discrxn” for Liquid phase

Discretisation points=5
Discretisation ratio of 5

VPlug

Rate-based approach
20

Ondaet al. 1968

Ondaet al. 1968
Stichlmair et al.

Stichlmair et al.

Chilton and Colburn

“Film” for vapour phase,

“Discrxn” for Liquid phase

Discretisation points=5
Discretisation ratio of 5

VPlug
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Experimental results presented in Table 4-5 were used to verify the accuracy and reliability

of the developed rate-based model. For these tests, the concentration of CO- in flue gas at the

absorber inlet was varied in steps from 5.5% to 9.9%. The plant is capable of treating a flue

gas flow rate of 250 Nm?¥/h; for these tests the flue gas flow rate was maintained at around

210 Nm*h and its temperature was controlled at 40°C. The solvent flow rate was varied to

change the liquid to gas (L/G) ratio corresponding to different CO. concentrations. The

temperature of lean solvent at the absorber inlet was controlled at 40°C. The control

mechanism of the plant kept the lean solvent flow constant to fix the L/G ratio in the

absorber, for a particular test. However, the rich solvent flow rate was varied in order to

control the levels in the stripper and the absorber. Pressurised hot water was used as the

reboiler heat source and it flow rate was controlled at 7.43m3h. the CO» removal rate was

maintained constant at nearly 90% throughout the test campaigns.

Table 4-5. Process characteristics of experimental tests carried out in PACT pilot plant with variable
flue gas CO; concentration (23)

Test campaign Unit Casetfl Casetf2 Casett3 Casettd Casett5
COzin flue gas Vol (%) 55 6.6 1.7 8.3 9.9
(after COz injection)

Solvent flow kg/h 400 488 567 604 721
Flue gas flow to capture kg/h 210 210 210 210 210
plant

Flue gas Temperature °C 40 40 40 40 40
Lean solvent temperature °C 40 40 40 40 40
Rich solvent concentration (wt. %) 30.8 27.8 30.6 275 29.1
Lean solvent (wt. %) 31.9 29.9 31.7 29.8 30.5
concentration

Rich loading (mol/mol) 0.388 0.399 0.411 0.417 0.443
Lean loading (mol/mol) 0.165 0.172 0.183 0.18 0.204
Degree of regeneration (%) 575 56.9 55.5 56.8 54.0
Liquid to Gasratio (kg/kg) 1.55 1.88 217 23 2.73
Solvent to CO; ratio (kg/kg) 19.9 20.6 211 20.7 21.7
Specific Reboiler duty (MJkgCOy) 7.1 7.4 6.0 6.1 5.3
Stripper bottom (°C) 110.39 108.75 109.65 108.83 108.83
temperature

CO; removal rate % 90.8 90.3 90.0 90.2 90.8
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Tables 4-6 and 4-8 present the verification results:

Table 4-6. Comparison of experimental and simulation results of operating parameters

Rich solvent Solvent Captured Reboiler
Description CO:2loading temperatur e at CO:2flow rate heat duty
(mol /mol) reboiler (°C) (kg/h) (kW)
Casettl Experiment 0.388 1104 20.2 40.0
(5.5% C0O2) Simulation 0.394 110.0 20.3 41.77
Casetf2 Experiment 0.399 108.8 23.76 48.6
(6.6% CO2)  Simulation 0.411 108.5 24.3 45.6
Casett3 Experiment 0.411 109.7 26.9 45.0
(7.7% CO2) Simulation 0.414 109.8 28.7 48.9
Casett4 Experiment 0.417 108.8 29.2 49.4
(8.3% CO2)  Simulation 0.426 108.8 30.6 49.6
Casetts Experiment 0.443 108.8 33.2 48.5
(9.9%COz)  Simulation 0.443 108.8 36.1 50.3

The absolute deviation of a simulated result from the experimental one was calculated using

Eq. 4-13;

) _ |iexperiment - isimulatian % 100 (4_13)

Deviation (% -
lexperiment

The mean absolute deviation values of parameters compared in Table 4 are in the range of

0.15 % to 4.7 % which are within an acceptable range.

To characterise the process independent of scale, performance parameters as defined in

Table 4-7 were used.
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Table 4-7. Parameters to characterise the plant performance independent of the scale

Parameter Definition
CO; removal rate Yeo, = Mes,/ MEG,
Degree of regeneration (mol/mol) Axpeg = (xCET — x &) [ximm
Specific regeneration energy requirement Qspecisic = Qrevoiter /Mco
(kJ/kg CO,) ?
Absorption capacity (kg/kg) Cabs = Mco, /My,

Where, m{§, is the CO, mass fraction in the treated gas at the absorber outlet, m¢g is the

CO., mass fraction in the flue gas at the absorber inlet, xggczh is the rich solvent CO, loading.
xéeo“z” is the lean solvent CO, loading, Qrepoirer iS the reboiler heat duty, meo,is the mass

flow rate of CO, captured, and m;, isthe mass flow rate of lean solvent.

The mean absolute deviation values of parameters compared in Table 4-8 are in the range of

1.1 % to 5.0 % which are within an acceptable range.

Table 4-8. Comparison of experimental and simulation results of performance parameters

Case booy 0)  Bxieg @) Sl g, gk
Casettl Experiment 90.8 57.5 7.1 50.3
(5.5% mole COz)  Simulation 94.9 58.1 7.3 50.7
Casett2 Experiment 90.3 56.9 7.4 48.6
(6.6% mole CO2)  Simulation 94.7 58.2 6.8 49.8
Case#t3 Experiment 90.0 55.5 6.0 475
(7.7% mole COz)  Simulation 96.0 55.8 6.1 50.6
Casettd Experiment 90.2 56.8 6.10 48.2
(8.3% moleCO;)  Simulation 95.0 57.7 5.8 50.6
Casettb Experiment 90.8 54.0 5.30 46.1
(9.9% mole CO2)  Simulation 94.1 54 5.0 50.1

The experimental liquid to gas ratio and therefore the associated specific heat duty for the
UKCCSRC/PACT CO; capture pilot plant are sub-optimal. This fact highlights the need for
further modelling studies to be carried out to propose more efficient operating conditions to

operate the pilot plant. As results of the developed rate-based model showed good agreement
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with the experimenta results, the model was therefore used for further studies to propose
process modifications and optimal operating conditions at which the PACT pilot plant
should operate more efficiency in the future. This topic is discussed in the Chapter five of

thisthesis.
4.42. TU Kaiserdautern Pilot Plant M odel

To validate the model, a comprehensive collection of experimental results, published by
Notz et al. (22), which were carried out at the Laboratory of Engineering Thermodynamics
in TU Kaserdautern, Germany were used. The collection is comprised in total of 47
experiments categorised into 13 different variation group studies for which only one
parameter was varied. The aim of these experimental tests was to provide a comprehensive
systematic study to understand the influence of process parameters on the CO; capture unit

performance.

All 47 tests were used to validate the devel oped rate-based model. Tables 4-11 to 4-23 show
comparisons of key performance results calculated by the model with those of the
experiments for al 13 groups. Furthermore, Figures 4-6 to 4-18 present comparisons of the
absorber and stripper temperature profiles with those of the corresponding experiments for
al groups. The process flow diagram (PFD) of each experiment, containing details of the

experimental results can be found in Reference (22).

The pilot plant consists of an absorber column and stripper column in a closed-loop
arrangement and uses a 30 wt. % aqueous solution of MEA as solvent. All columns were
packed with the Sulzer Mellapak 250Y structured packing with the inner diameter of
columns being 125 mm. The heights of packing in the absorber and stripper columns are 4.2
and 2.52 m, respectively. The absorber column operated with a flue gas flow rate between 30
and 150 kg/h and alean solvent flow rate between 50 and 280 kg/h. The flue gasis provided
by a gas burner operating in two modes to produce flue gas with a CO; partial pressure of
3.6-13.4 kPa. The flue gas is then cooled to a temperature in the range of 44-47°C and

saturated with water in a pre-washer before entering the absorber. To reach higher CO-
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partial pressures, captured CO, from the stripper top was recycled. The validity of each test

was verified by checking the mass balance of CO; in flue gas and solvent streams that was

reported to be within £5%. Table 4-9 summarises the UT Kaiserdautern CO; capture pilot

plant design specifications. The process description of the pilot plant and further details

about its set up, operations, and results are provided by Notz et al. (22).

Table 4-10 provides a summary of the key features and sub-models used in Aspen Plus® to

develop the flow sheet of the UT Kaiserdautern CO, capture pilot plant.

Table 4-9. Summary of the TU Kaiserdautern CO, capture pilot plant characteristics data (22)

Parameter

Specification

Flue gas source

CO; partia pressurein the flue gas

Diameter of columns (absorber, stripper, washing

section, pre washer)

Column internals in absorber, stripper, washing
sections, pre washer

Height of packing

Absorber

Stripper

Washing sections in absorber and stripper
Pre washer

Flue gas flow rate in the absorber
Solvent flow rate

Liquid load in the absorber
Pressure in the absorber

Pressure in the desorber

Electric heat duty of the reboiler

Temperature of cooling water

Natural gas burner + CO, feed from gas bottles
+ CO, recycle from stripper

36-134 mbar

125 mm

Structured packing Sulzer Mellapak 250.Y TM

4.20m
252m
042m
0.84m
30-110 kg/h
~50-350 kg/h
~4-28.5 m¥/(m? h)
Atmospheric pressure
1-2.5 bar (absolute)
0-30 kW
~5-10°C
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Table 4-10. Key design parameters and Aspen Sub-models used in developing UT Kaiserdautern

pilot plant model in Aspen PlusV.8.4

Parameter

Absorber column

Stripper column

Modelling approach
Number of theoretical stages

Mass transfer coefficient
model

Interfacial area model
Liquid hold-up model

Flooding method (pressure
drop calculation model)

Heat transfer coefficient
model
Film resistance options

Liquid film discretisation

Flow model

Rate-based approach
20
Bravo et al. 1985 (26)

Bravo et al. 1985
Bravo et al. 1985

Sulzer in-built correlation in
Aspen

Chilton and Colburn (4)

“Film” for vapour phase,
“Discrxn” for Liquid phase

Discretisation points=5
Discretisation ratio of 5

VPlug

Rate-based approach
20
Bravo et al. 1985

Bravo et al. 1985
Bravo et al. 1985

Sulzer in-built correlationin
Aspen

Chilton and Colburn (4)

“Film” for vapour phase,
“Discrxn” for Liquid phase

Discretisation points=5
Discretisation ratio of 5

VPlug
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Group A.l: Variation of the solvent flow rate at flue gas flow rate of 71.2 kg/h with CO,
partial pressure of 54.7 mbar with CO, removal rate of 76% (Associated experiments: 1, 4,

34, 35, 36, 37, 38, and 39).
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Figure 4-6. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated by
the model with those of the pilot plant experiments of Group A.1

Table 4-11. Comparison of simulation results and pilot plant performance parameters of Group A.1

Rich loadin ecific heat dut
Experiment number g Captured CO2  (kg/h) P y

(mol COz2/mol MEA) (MJkg CO2)
(as per Notz et al. (22))
Experiment Model Experiment Model Experiment Model

E#l 0.386 0.386 4.67 4.77 5.01 5.16
E#4 0.397 0.395 4.83 5.06 5.05 4.90
E#34 0.417 0.444 4.41 4.82 4.85 4.36
E#35 0.411 0.437 4.57 4.79 4.27 4.37
E#36 0.393 0.410 4.46 4.67 4.68 454
E#37 0.398 0.408 4.41 4.40 511 4.85
E#38 0.385 0.399 452 452 5.40 4.99
E#39 0.400 0.401 4.48 4.37 5.23 4.76
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Group A.2: Variation of the solvent flow rate at the flue gas flow rate of 70.8 kg/h with CO,
partial pressure of 53.7 mbar with CO, removal rate of 88 % (Associated experiments: 40,

41, 42, 43, 44, and 45).
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Figure 4-7. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated by
the model with those of the pilot plant experiments of Group A.2

Table 4-12. Comparison of simulation results and pilot plant performance parameters of Group A.2

Rich loading Captured CO2 Specific heat duty

Experiment number (mol COz/mol MEA) (kg/h) (MJkg CO)
(asper Notz et al. (22))

Experiment Model Experiment Model Experiment Model

E#40 0.297 0.292 527 535 10.24 9.74
E#4l 0.297 0.290 527 5.42 9.76 8.97
E#42 0.310 0.312 5.26 557 7.16 7.36
E#43 0.318 0.318 4.98 5.26 6.87 7.06
E#44 0.314 0.309 5.01 5.20 7.18 7.34
E#45 0.318 0.314 4.98 5.37 6.87 7.17
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Group A.3: Variation of the solvent flow rate at flue gas flow rate of 99.6 kg/h with CO,

partial pressure of 57.1 mbar with CO, removal rate of 75% (Associated experiments: 15, 16,

17, 18, and 19).
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Figure 4-8. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated by
the model with those of the pilot plant experiments of Group A.3

Table 4-13. Comparison of simulation results and pilot plant performance parameters of Group A.3

_ Rich loading Captured CO2 Specific heat duty
Experiment number (mol CO2/mol MEA) (kg/h) (MJkg CO2)

(as per Notz et al. (22))
Experiment Model Experiment Model Experiment Model

E#15 0.359 0.354 6.34 6.13 5.81 578
E#16 0.414 0.410 6.37 6.60 7.38 6.33
E#17 0.371 0.383 6.38 6.59 5.47 5.20
E#18 0.387 0.380 6.43 6.22 535 5.00
E#19 0.354 0.340 6.43 5.99 6.27 6.08
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Group A.4: Variation of the solvent flow rate at flue gas flow rate of 75.5 kg/h with CO,
partial pressure of 107.5 mbar with CO, removal rate of 54% (Associated experiments: 2, 28,

29, 30, 31, 32, and 33)
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Figure 4-9. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated by
the model with those of the pilot plant experiments of Group A.4

Table 4-14. Comparison of simulation results and pilot plant performance parameters of Group A.4

. b Rich loading Captured CO2 Specific heat duty
Experiment number (mol COz/mol MEA) (kg/h) (MJkg CO2)
(asper Notz et al. (22)) . ) )

Experiment Model Experiment Model Experiment Model
E#2 0.464 0.474 6.11 6.79 3.98 3.49
E#28 0.470 0.480 6.63 6.88 3.68 3.72
E#29 0.465 0.474 6.64 7.19 3.92 3.52
E#30 0.459 0.464 6.67 7.01 4.38 4.07
E#31 0.454 0.465 6.71 6.69 4.30 3.66
E#32 0.449 0.459 6.61 6.95 457 4.22
E#33 0.441 0.461 6.60 6.49 4.35 3.87
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Group B: Variation of the stripper pressure (Associated experiments: 1, 4, 10, 11, and 12).
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Figure 4-10. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated
by the model with those of the pilot plant experiments of Group B

Table 4-15. Comparison of simulation results and pilot plant performance parameters of Group B

. Rich loading Captured CO2 Specific heat duty
Experiment number (mol COz/mol MEA) (kg/h) (MJkg CO2)
(esper Notz et al. (22)) Experiment Model Experiment Model Experiment Model
E#l 0.386 0.386 4.67 4.77 5.01 5.16
= 0.397 0.395 4.83 5.06 5.05 4.90
E#10 0.402 0.415 4.34 412 5.65 5.94
E#1l 0.396 0.405 459 497 5.12 4.86
E#12 0.372 0.383 476 5.22 491 481

101



Group C.1: Variation of the MEA mass fraction at the flue gas CO; partia pressure of 55.5

mbar (Associated experiments: 1, 4, 24, and 25).
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Figure 4-11. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated
by the model with those of the pilot plant experiments of Group C.1

Table 4-16. Comparison of simulation results and pilot plant performance parameters of Group C.1

Experiment number Rich loading Captured CO2 Specific heat duty
(mol COz/mol MEA) (kg/h) (MJkg COy)

(s per Notz et al. (22)) Experiment Model Experiment Model Experiment Model

E#l 0.386 0.386 4.67 477 5.01 5.16

E#d 0.397 0.395 4.83 5.06 5.05 4.90

E#24 0.392 0.394 457 454 511 5.02

E#25 0.435 0.402 4.19 3.53 5.46 5.40
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Group C.2: Variation of the MEA mass fraction at the flue gas CO- partia pressure of 109.5

mbar (Associated experiments: 2, 26, and 27).

704

654

(&)
L3
Q@
=
[e)
S
g ] = B2
3 60 M2
o} A E26
é‘ —— M26
g 557 . E27
g — M27
S 5o
S 50
=
A=)
-

454

0 1 2 3 4 5
Absorber packed column he ght (m)

122-
— 1 L 4
O 1204
S |
= 1184
B |
3 116+ n B2
5 1 M2
w1144 A E26
>R M26
£ 112 s E27
= 1 M27
gﬁ 110 ¢
%. 108- g
-c <4
=
g 1 . A :

1044 -

00 05 10 15 20 25
Stripper packed column height (m)

Figure 4-12. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated
by the model with those of the pilot plant experiments of Group C.2

Table 4-17. Comparison of simulation results and pilot plant performance parameters of Group C.2

) Rich loading Captured CO2 Specific heat duty
Experiment number (mol COz/mol MEA) (kg/hr) (MJkg CO2)
(s per Notz et al. (22)) Experiment Model Experiment Model Experiment Model
E#2 0.464 0.474 6.11 6.79 3.98 3.49
E#26 0.475 0.473 5.89 579 4.13 3.82
E#27 0.501 0.468 5.03 4.48 477 473
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Group D: Variation of the lean solvent temperature (Associated experiments. 1, 4, 20, and

21)
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Figure 4-13. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated
by the model with those of the pilot plant experiments of Group D

Table 4-18. Comparison of simulation results and pilot plant performance parameters of Group D

Experiment number Rich loading Captured CO2 Specific heat duty
(mol CO2/mol MEA) (kg/h) (MJkg COy)

(s per Notz et al. (22)) Experiment Model Experiment Model Experiment Model

E#l 0.386 0.386 4.67 477 5.01 5.16

E#d 0.397 0.395 4.83 5.06 5.05 4.90

E#20 0.395 0.389 4.71 477 5.10 4.93

E#21 0.400 0.395 4.64 4.64 5.18 4.64
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Group E: Variation of the CO; partia pressure in the flue gas (Associated experiments: 1, 2,

3,4, 5, and 6).
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Figure 4-14. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated
by the model with those of the pilot plant experiments of Group E

Table 4-19. Comparison of simulation results and pilot plant performance parameters of Group E

Experiments number Rich loading Captured CO2 Specific heat duty
(mol COz/mol MEA) (kg/h) (MJkg COy)
(s per Notz et al. (22)) Experiment Model Experiment Model Experiment Model
E#l 0.386 0.386 4.67 4.77 5.01 5.16
E#2 0.464 0.474 6.11 6.79 3.98 3.49
E#3 0.308 0.313 3.35 341 7.18 7.55
E#d 0.397 0.395 4.83 5.06 5.05 4.90
E#5 0.446 0.458 5.65 6.20 419 3.99
E#6 0.464 0.483 6.24 6.82 3.85 3.48
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Group F: Variation of the fluid dynamic load in the absorber column (Associated

experiments: 1, 4, 13, 14, and 15).
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Figure 4-15. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated
by the model with those of the pilot plant experiments of Group F

Table 4-20. Comparison of simulation results and pilot plant performance parameters of Group F

Experiment number Rich loading Captured CO2 Specific heat duty
(mol COz/mol MEA) (kg/h) (MJkg COy)
(esper Notz et al. (22)) Experiment Model Experiment Model Experiment Model
E#1 0.386 0.386 4.67 4.77 5.01 5.16
E#d 0.397 0.395 4.83 5.06 5.05 4.90
E#13 0.400 0.409 3.53 3.74 452 4.72
E#14 0.369 0.370 541 5.30 5.48 5.36
E#15 0.359 0.354 6.34 6.13 5.81 5.78
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Group G.1: Variation of the CO, removal rate at the flue gas with CO; partial pressure of

54.6 mbar (Associated experiments: 1, 4, 37, 42, 43, 46, and 47).
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Figure 4-16. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated
by the model with those of the pilot plant experiments of Group G.1

Table 4-21. Comparison of simulation results and pilot plant performance parameters of Group G.1

Experiment number Rich loading Captured CO2 Specific heat duty
(mol COz/mol MEA) (kg/h) (MJkg COy)
(esper Notz et al. (22)) Experiment Model Experiment Model Experiment Model
E#1 0.386 0.386 4.67 477 5.01 5.16
E#d 0.397 0.395 4.83 5.06 5.05 4.90
E#37 0.398 0.408 4.41 4.40 511 4.85
E#d2 0.310 0.312 5.26 5.57 7.16 7.36
E#43 0.318 0.318 4.98 5.26 6.87 7.06
E#46 0.417 0.424 4.01 3.86 4.68 4.22
E#d7 0.366 0.379 4.86 458 5.50 5.60
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Group G.2: Variation of the CO, removal rate at the flue gas with CO; partial pressure of

109.6 mbar (Associated experiments: 1, 4, 37, 42, 43, 46, and 47).
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Figure 4-17. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated
by the model with those of the pilot plant experiments of Group G.2

Table 4-22. Comparison of simulation results and pilot plant performance parameters of Group G.2

Experiment number Rich loading Captured CO2 Specific heat duty
(mol COz/mol MEA) (kg/h) (MJkg COy)
(asper Notz et al. (22)) . . )
Experiment Model Experiment Model Experiment Model

E#2 0.464 0.474 6.11 6.79 3.98 3.49
E#7 0.478 0.482 4.82 5.07 391 3.47
E#8 0.444 0.448 9.06 9.32 4.22 3.84
E#9 0.393 0.396 10.56 10.60 5.49 5.27
E#29 0.465 0.474 6.64 7.19 3.92 3.52
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Group H: Variation of the flue gas temperature (Associated experiments: 1, 4, 22, and 23)
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Figure 4-18. Comparison of the absorber (top) and stripper (bottom) temperature profiles calculated
by the model with those of the pilot plant experiments of Group H

Table 4-23. Comparison of simulation results and pilot plant performance parameters of Group H

E . b Rich loading Captured CO2 Specific heat duty
Xperiment number (mol COz/mol MEA) (kg/hr) (MJkg CO2)
(asper Notz et al. (22)) . ) )
Experiment Modél Experiment Model Experiment Modél

E#l 0.386 0.386 4.67 477 5.01 5.16
E#d 0.397 0.395 4.83 5.06 5.05 4.90
E#22 0.389 0.397 4.80 4.93 5.10 4.85
E#23 0.393 0.403 4.73 4.78 511 5.03

109



It is evident from Tables 4-11 to 4-23 and Figures 4-6 to 4-18 that the model predictions are
in good agreement with the experimental results. The average absolute deviation of the
model results for the rich CO, loading, the captured CO. mass flow rate and the specific heat
duty are 2.31 %, 4.59 % and 5.69 %, respectively, when compared with results of 47
experiments. It is important to note that Notz et al. (22) reported a maximum uncertainty of
2% for rich CO; loading, 6 % for the heat duty and 5 % for the CO. capture rate. Reported
uncertainties associated with the CO, capture rate and the reboiler duty of experiments are
relatively high. As the specific heat duty is calculated using these two parameters (as
described in Table 4-5), therefore it is meaningful to conclude that these relatively high
uncertainties may have been manifested in the relatively high deviation of the specific heat
duty calculated by the model. The confidence gained by the reasonable agreement between
the model results and experimental data allows the validated model to be applied for large
scale design of the CO; capture process suitabl e to integrate with a commercial -scale natural

gas fired combined cycle power plant. Thistopic isdiscussed in Chapter six of thisthesis.

4.5, Conclusions & Remarks

A rate-based model of the CO; capture process using a 30 wt. % aqueous solution of MEA as
solvent has been developed in Aspen Plus® V. 8.4. The thermodynamic framework, kinetics
and transport property models used to develop the model were described. The rate based
model was validated at pilot scale using experimental data obtained from two pilot plants:
(1) the UKCCSRC/PACT CO. pilot plant, and (2) the pilot plant at the Laboratory of
Engineering Thermodynamics in TU Kaiserslautern. The model predictions were in good

agreement with each pilot plant data.

The experimental liquid to gas ratio and therefore the associated specific heat duty for the
UKCCSRC/PACT CO:- capture pilot plant are sub-optimal. This fact highlights the need for
further modelling studies to be carried out to propose more efficient operating conditions to

operate the pilot plant. As results of the developed rate-based model showed good agreement
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with the experimenta results, the model was therefore used for further studies to propose
process modifications and optimal operating conditions at which the PACT pilot plant
should operate more efficiency in the future. This topic is discussed in the Chapter five of

thisthesis.

The model predictions of the 47 experimental cases of the CO; capture pilot plant at the
Laboratory of Engineering Thermodynamics in TU Kaiserdautern showed good agreement
with the experimental results with average absolute deviations of 2.31%, 4.59% and 5.69%,
respectively for the rich CO; loading, the captured CO, mass flow rate and the specific heat
duty. The confidence gained by the reasonable agreement between the model results and
experimental data allowed the validated model to be applied for large scale design of the
CO; capture plant suitable to integrate with a commercial-scale natura gas fired combined

cycle power plant. Thistopic isdiscussed in Chapter six of thisthesis.
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Chapter 5

UKCCSRC/PACT CO2 Capture Plant Performance Evaluation &

Optimisation

This chapter presents the performance evaluation and optimisation of the UKCCSRC/PACT
CO; capture plant, which will be called the PACT pilot plant for simplicity throughout this

chapter, using the verified rate-base model described in Chapter 4.

5.1. Introduction

During the model verification using the PACT pilot plant experimental data, which was
described thoroughly in Section 4.4 of Chapter 4, smulated CO, removal rates were on
average converged to nearly 95 % in al five experimental cases whilst those of the
experiments were around 90 %. The constant difference of nearly 5 % between the simulated
and experimental CO., removal rate indicates that the mass transfer efficiency in the absorber
column is sub-optimal, and points out the possibility of poor solvent distribution over the
absorber packed column. Furthermore, the specific regeneration energy requirement
corresponding to each experiment is sub-optimal and considerably higher than what has been
reported to be attainable in industry to date, i.e. (3.2-4.2 MJ per kg of CO; captured using 30
wt. % MEA solvent (1)). These two issues underscore the need for further modelling work to
be carried out to identify the appropriate system modifications and operating conditions by
which the pilot plant may operate more efficiently in the future. As the results of the
developed model showed good agreement with the experimental data, the model was
therefore employed in further studies.

To determine optimal operating conditions for the PACT pilot plant, a number of parametric
studies were carried out via modelling. Severa parameters have been identified and varied

over agiven range of lean solvent CO; loading, i.e. 0.165 to 0.30, to evaluate their effects on
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the pilot plant energy requirement. The optimum lean solvent CO; loading was determined

using the total equivalent work concept.

The main conclusions of this work should aso hold for other plants of this type that employ

an aqueous solution of 30 wt. % MEA as the solvent.

5.2. Pilot Plant Process Description

The design of the PACT pilot plant is based on a standard amine-based CO- capture plant,
and Figure 5-1 shows its process flow diagram. The one ton per day CO; capture plant uses 7
m MEA as solvent and operates with the flue gas provided by a 100 kW micro gas turbine
(Turbec T100). The micro gas turbine, which is a combined heat and power unit, consists of
a centrifugal compressor, radial turbine and high speed generator, which al are mounted on
one shaft (2). Natura gas burns in the combustor and the hot flue gas expands through the
turbine diffuser with an average CO. concentration of 1.6 % (on a molar bass;, all
subsequent CO. concentration percentages are on a molar basis unless otherwise stated). To
attain a flue gas with conditions similar to that of a natural gas fired combined cycle power
plant, i.e. 4 to 6 % CO; concentration, the turbine flue gas was mixed with CO, gas from a
CO; storage tank. The flue gas CO. concentration was then increased in four steps up to 9.9
% to resemble flue gas conditions similar to a gas turbine with an exhaust gas recirculation
(EGR) cycle at various recycle rates. The experiments presented in this study were carried
out by injecting only pure CO, gas to the flue gas stream without adding any other traces
such as NOy or SO..

The pressure of the flue gas is increased by a booster fan before entering the absorber
column. The typical 40 °C flue gas temperature at the absorber inlet was achieved by
controlling the gas turbine heat exchanger bypass flow rate. An orifice plate flow meter
along with temperature and pressure indicators measures the flue gas conditions a the

absorber inlet. The flue gas flow rate throughout the experiments was constant due to plant
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operating conditions. However, the solvent flow rate was varied with the variation of the flue

gas CO; partial pressure to maintain afixed CO, removal rate.
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Figure 5-1. the process flow diagram of the UK CCSRC/PACT CO; capture pilot plant
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The pilot plant consists of a packed absorber column, a packed water-wash column, and a
packed stripper column constructed in a similar fashion to the absorber column with an air-
cooled condenser and areflux drum at the top. Columns are packed with INTALOX Metal
Tower Packing (IMTP) No. 25 random packing due to its low cost and ease of installation.
Table 5-1 summarises the pilot plant design specifications. Heat integration of the
regenerated and rich solvent is realised via a plate type heat exchanger, and further cooling
of the lean solvent prior entering the absorber column is achieved by an air-cooled induced

draft cooler.

117



Table 5-1. The UKCCSRC design specifications

Parameter

Specification

Flue gas source

CO; concentration in the flue gas

Flue gas flow rate in the absorber

Flue gas temperature at the absorber inlet
Solvent type

Solvent flow rate

Solvent temperature at the absorber inlet

Column packing in absorber, stripper, water washing
sections

Material of packing

Diameter of columns (absorber, stripper, water wash
sections)

Height of packing
Absorber
Stripper
Water wash

Pressure in the absorber

Pressure in the stripper

Turbec T100 micro gasturbine + CO;

feed from CO; storage tank
5.5-9.9 %
250 Nm®h
~40°C
7 mole MEA aqueous solution
~ 400-1200 kg/h
40°C

Koch IMTP25 random packing
metal

0.30 m

8m
8m
12m
Atmospheric pressure
120 — 300 kPa absolute

The counter-current contact of the flue gas entering the absorber column below the packing
section with the lean solvent solution entering above the packing section results in the
absorption of CO; by the solvent. Before the treated gas leaves the absorber column, it hasto
pass a demister to retain carried over liquid droplets. To further reduce amine losses, the flue
gas leaving the absorber enters the wash column where it is treated with water to remove

droplets of amine before exiting to atmosphere.

The temperature and mass flow rate of the lean solvent entering the absorber column are
controlled. A Coriolis flow measurement device measures the lean solvent flow rate, and the
required flow rate is controlled by a proportional control valve. The lean solvent temperature
is measured by a thermocouple at the absorber inlet and controlled by opening of the valve
bypassing the lean solvent across the lean solvent air-cooler. A Coriolis flow measurement

device measures the rich solvent flow rate leaving the absorber column. The composition of
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the rich solvent can be determined by analysis of a liquid sample taken downstream of the
rich solvent pump. To ensure the plant steady state operation, the rich solvent level in the

absorber sump is controlled by the rich amine pump.

Before being fed to the stripper column, the rich solvent is pumped through the cross heat
exchanger to be heated up by the hot lean solvent leaving the stripper column, and both
stream temperatures at the heat exchanger inlet and outlet are measured. The rich solvent
enters the stripper column above the packed section, and the product vapour leaves the
stripper from the top. The stripping steam is generated at the stripper bottom by partia
evaporation of the liquid solvent in the reboiler, with the heat required in the reboiler being
provided by pressurised hot water. The mass flow rate, inlet and outlet temperatures of the
hot water are measured and recorded to calculate the heat required for solvent regeneration.
The hot lean solvent leaves the stripper from the bottom and flows through the cross hesat
exchanger and the air-cooler to enter the absorber column. The compoasition of the lean
solvent can be determined by analysis of a liquid sample taken downstream of the lean

solvent pump.

To obtain temperature profiles for the absorber column, temperature was measured along the
whole length of the absorber column at different locations of 2m, 3.3m, 5.1m, and 6.8m in
height from the gas entry point. Along the stripper, temperature was recorded at 0.3m

(bottom), 3.8m (middle) and 7.5m (top) heights from the bottom of the stripper.

Two Servomex analyzers —a Servomex 4900 for O and low level CO, measurement, as well
as a Servomex 2500 for high level CO, measurement were used to anayse the flue gas
composition at the following locations: inlet of the absorber, exit of the absorber, exit of the
wash column and CO, concentration at the exit of the stripper. The Servomex 4900 draws
samples from three locations (absorber inlet, absorber outlet, wash column outlet)
aternately. The switchover happens every 5 minutes and is controlled by a Programmable
Logic Controller (PLC) through solenoid valves. In order to avoid condensation problems,

the temperature of the heated sampling lines was maintained at 150 °C in all cases. The
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sampling points have been equipped with coalescence filters to remove droplets of water
carried over by the gas. The alkalinity of the solvent is determined analytically by titrating
samples with HCI solution, while the CO. loading of the lean and rich solutions are
determined via titrating samples with NaOH solution. The control of the pilot plant is done
via programmabl e logic controllers (PLCs) while data acquisition and logging are performed

with LABVIEW® interfaced with M'S Excel®.

5.3. Methodol ogy

The verified rate-based model of the CO. absorption/desorption process described in Chapter
4 was used to simulate and evaluate the performance of the PACT pilot plant over arange of
lean loading from 0.165 to 0.30 at steady state condition to identify optimal operating
conditions in terms of energy consumption which will be used for future operations of the
PACT pilot plant. The CO, removal rate of 90% was targeted using the flue gas condition of
the experiment 1 (case#l) with 5.5 % CO, as summarised in Table 5-2 with 30 wt. % MEA
solution as solvent. This flue gas condition was chosen for this study as it is similar to a

typical flue gas of natural gas fired applications with 3-5 % CO..

Table 5-2. The base-case performance characteristics

Parameter Value
Tota flue gas mass flow rate 260 kg/h
Flue gas temperature at absorber inlet 40 °C
Flue gas pressure at absorber inlet ~ 125 kPa
Flue gas composition
N2 74.74 %
O 16.6 %
CO, 55%
H20 3.16%

5.3.1. Process Evaluation

To evaluate the energy performance of the PACT pilot plant, the total equivalent work

concept is used in addition to the specific regeneration energy requirement. This concept
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estimates the total electrical work penalty that would be imposed on the power plant by
operating the CO, capture plant. Eq. 5-1 shows the three main contributors to the total

equivalent work (3):

VVeq = Wheat + Vl/comp + Vl/pump (5'1)

Where, W, is the total equivalent work, W, is the regeneration heat equivalent work,
Weomp 1S the compression equivalent work and Wy, is the pump equivalent work. The
equivalent electrical penalty associated with solvent regeneration, called the regeneration
heat equivalent work, is calculated using the Carnot efficiency method, as represented by Eq.

5-2 (3):

T‘reb + AT — Tsink)
Tyep + AT reb

Wheat = Nturbine ( (5-2)
Where, niupine 1S the Carnot efficiency, T, isthe solvent temperature at the reboiler, AT is
the temperature difference between hot and cold streams at the reboiler, T;,,, 1S the cooling
water temperature, and Q,..;, is the reboiler heat duty. Assumptions made for Eq. 2 include a
90 % efficiency to account for non-idea expansion in steam turbines (4), an approach
temperature of 5 °C for the steam side in the reboiler section, and a sink temperature of 40
°C.

The compression work is the work required to compress the captured CO- from the stripper

pressure (P;,,), to the storage pressure, e.g. 15 MP (150 bar), and calculated using Eq. 5-3 (5).

Weomp = —348In(Py,) +14.85, 1< Py, (bar) < 20 (5-3)
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Assumptions made for Eq. (3) include a compression ratio of 2 or less for each compression
stage, a compressor polytropic efficiency of 86 %, inter-stage cooling to 40 °C with knocked

out water between stages with zero pressure drop (5).

The pump work includes only the required head at the efficiency of the pump, e.g. 75 %, to
move and circulate the solvent from the absorber to the pressure of the stripper and vice
versa. The flue gas blower work is excluded from this calculation, assuming the flue gas
pressure at the absorber inlet is sufficiently high to overcome the passage and packing

pressure drops. The Aspen Plus pump block is used to cal culate the pump work.

5.4, Performance Evaluation

Specific regeneration energy and total equivalent work were chosen as parameters
independent of scale to evaluate and compare the plant energy performance. Four areas of
improvement were identified to be explored: solvent lean loading, cross heat exchanger
logarithmic mean temperature difference (LMTD), stripper operating pressure, and
replacement of the current packing, i.e. IMTP25, with a more efficient packing, i.e. Sulzer

Mellapak 250 .

5.4.1. Lean Solvent CO; Loading

The stripper energy consumption is strongly dependant on the lean solvent CO. loading. For
a given rich loading, if lean loading increases, the amount of steam required per unit of
produced CO, will be reduced. Increasing lean loading can be achieved by increasing solvent
circulating rate with respect to the targeted CO, removal rate. The lean solvent CO; loading
used in the PACT pilot plant for this case was 0.165. To find an optimum lean loading, a
range of lean loading from 0.165 to 0.30 was studied. Table 5-3 presents the required solvent
flow rate calculated by the model for each lean loading to achieve 90 % CO, removal rate

using the flue gas condition presented in Table 5-2.
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The reboiler duty at each lean loading was calculated using the model. Then the specific
regeneration energy requirement and the total equivalent work for each lean loading were
calculated. As shown in Figure 5-2, the minimum total equivalent work occurs at a CO-
loading of 0.23. The specific regeneration energy requirement at this loading is 5.13 MJkg
CO; to achieve 290 % CO, removal rate, compared to the base-case with 0.165 lean loading,
where the specific regeneration energy requirement is 7.1 MJkg CO.. The nearly 15 %
reduction in the specific regeneration energy requirement is associated with a nearly 39 %
higher circulating solvent flow rate. Studying the absorber design performance suggests the
absorber column is capable of handling the excess solvent flow rate. The additiona
operational cost associated with the increased pumping power is very small compared to the

gain associated with the reduction in the steam requirement.

Table 5-3. Required solvent flow rate to achieve 90 % CO, removal rate with the base-case flue gas
composition with IMTP25 random packing material

Lean loading Solvent flow rate Liquid to gasratio
(mol CO2/mol MEA) (kg/h) (L/G) (kg/kg)

0.165 340.7 1.32
0.18 363.4 141

0.2 400.8 155
0.21 420.3 1.63
0.22 447.7 1.73
0.23 475.3 184
0.24 508.7 1.97
0.25 549.2 212
0.26 601.1 232
0.28 752.3 291

0.3 954.4 3.69

Although changing the lean loading to a higher vaue resulted in reducing the specific
regeneration energy, the pilot plant energy performance is still sub-optima and requires

further modifications.
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Figure 5-2. optimisation of lean loading for minimum total equivalent work with 125 kPa stripper
pressure, 20 °C LMTD in cross heat exchanger, and IMTP25 random packing material

5.4.2. Cross Heat Exchanger Performance

The rich solvent inlet temperature to the stripper is determined by the performance of the
cross heat exchanger. This performance can be defined using the log mean temperature
difference (LMTD) concept. In general, alower LMTD is associated with higher capital cost
for agiven heat |oad, and the pilot plant cross heat exchanger currently operates with a 20 °C
LMTD. To evaluate the extent to which a better performing heat exchanger will improve the
plant energy performance, three different heat exchanger design specifications were
analysed, corresponding to 20, 10 and 5° LMTD. Figure 5-3 shows the variation of specific
regeneration energy requirement and total equivalent work with lean loading when the

stripper column operates at 125 kPa.
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Figure 5-3. Specific regeneration energy requirement and total equivalent work variations with lean
loading with 125 kPa stripper pressure, and IMTP25 random packing material, with 5, 10, 20 °C
LMTD in cross heat exchanger.

The results show that the plant energy performance improves by up to 14 % across the range
of lean loading by lowering the LMTD from 20 to 5 °C. Comparing the plant energy
performance at the optimum lean loading, i.e. 0.23, suggests that having a 5 °C LMTD
across the cross heat exchanger results in approximately 5 % reduction in the solvent
regeneration energy requirement with ailmost 13 °C increase in the rich solvent temperature
at the sripper inlet in relation to the base case with 20 °C LMTD. These findings suggest
one way to improve the pilot plant energy performance is by replacing the cross heat
exchanger with a high performing heat exchanger designed to operate with 5 °C LMTD.
However, this benefit is associated with an additional cost of acquiring a larger heat
exchanger. The studies discussed in the following sections are performed assuming the cross

heat exchanger operateswith a5 °C LMTD.
5.4.3. Stripper Operating Pressure

It is possible to increase the stripper operating pressure and therefore its operating
temperature by increasing the reboiler operating temperature via increasing the pressure of

heat source, e.g. the boiler pressure (1). Currently the stripper operating pressure is 125+5
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kPa when measured at the top of the column, and it was designed to operate at pressures up
to 300 kPa. Figure 5-4 shows the effect of varying the stripper pressure from 125 to 250 kPa
on total equivalent work and specific regeneration energy requirements across the range of
lean loading from 0.165 to 0.30 assuming 90 % CO, removal rate, 5 °C LMTD at the cross
heat exchanger, and 5 °C temperature approach across the reboiler.

As shown in Figure 5-4, the specific energy requirement reduces with increasing the stripper
pressure. Increasing the operating pressure from 125 to 250 kPa is associated with nearly a
17 % reduction in the specific regeneration energy consumption at their optimum lean
loading. Operating at higher pressures in general reduces the CO, compression energy
requirement although this is not considered for this pilot plant energy study. It appears
increasing the stripper operating pressure is a meaningful way to enhance the pilot plant
energy performance.

However, increasing the pressure will increase the solvent temperature at the reboiler and
throughout the column. The thermal degradation of MEA occurs mainly in the stripper
packing and reboiler due to exposure to high temperature (6). Davis and Rochelle (6) studied
the thermal degradation of MEA and indicated that thermal degradation is minor when the
solvent temperature at reboiler temperature is held below 110 °C but it accelerates above 130
°C. Figure 5-5 shows the variation of the solvent temperature at the reboiler with the stripper
operating temperature. By considering a degradation threshold of 120 °C, based on data
provided in Figure 5, 180 kPa pressure appears to be the most suitable operating pressure in
order to gain benefits by operating the stripper at higher pressure and avoid a higher risk of

solvent degradation and minimise corrosion problems.
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Figure 5-4. Specific regeneration energy requirement and total equivalent work variation with lean
loading at various stripper operation pressure (125 kPa (red), 150 kPa (black), 180 kPa (blue), 220 kPa
(magenta) and 250 kPa (green)) with 5 °C LMTD in cross heat exchanger, 5 °C temperature approach
across the reboiler, and IMTP25 random packing material.
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Figure 5-5. the variation of solvent temperature at the reboiler section with lean loading at various
stripper operation pressures (125 kPa (red), 150 kPa (black), 180 kPa (blue), 220 kPa (magenta) and
250 kPa (green)) with 5 °C LMTD in cross heat exchanger, 5 °C temperature approach across the
reboiler, and IMTP25 random packing material.

The lean loading at which the total equivalent work is minimised when the stripper operates
at the pressure of 180 kPais 0.21, provided a5 °C LMTD in the cross heat exchanger and a

5 °C approach temperature across the reboiler. The solvent temperature at the optimum lean
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loading is 118.7 °C with the specific regeneration energy requirement of 4.4 MJkg CO..
This amount of specific regeneration energy requirement is nearly 28 % lower than what has
been currently recorded from the pilot plant operation. Table 5-4 summarises the proposed
operating conditions to improve the energy performance of the PACT pilot plant to achieve

90 % CO, removal rate using IMTP25 random packing in all packed columns.

Table 5-4. Summary of proposed operating conditions for optimum operation of the PACT pilot plant
to achieve 90 % CO, removal rate from typical natural gas fired flue gases when using the IMTP25
random packing

Parameter Specification
Packing material IMTP25 random packing
Flue gas temperature at absorber inlet 40 °C

Liquid to gasratio 1.64 (kg/kg)

Lean solvent temperature at absorber inlet 40 °C

Lean loading 0.21 (mol COz/mol MEA)
Stripper pressure 180 kPa

Cross heat exchanger LMTD 5°C

Reboiler approach temperature 5°C

5.4.4. Packing M aterial

It may not be fully advantageous to find conditions to optimally operate a CO. capture plant
if is not associated with an efficient packing material. There are mainly two different types
of packing materials used in a CO; capture processes. random packing and structured
packing. The pilot plant is currently packed with the IMTP25 random packing. Difficulties to
achieve uniform distribution at the outset and the risk of maldistribution close to the column
wall are problems typically reported for random packing, while structured packing materials
are specificaly designed to avoid such problems (7). Compared to random packing,
structured packing has in general better mass transfer efficiency, good wettability and lower
pressure drop (8). To further improve the energy performance of the PACT pilot plant with
the fixed absorber design, i.e. height and diameter, and CO, removal rate, the current
packing material should be replaced by a more efficient and better performing packing

material from structured packing categories, such as Sulzer Mellapak 250Y. This
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modification will result in a reduction in the amount of circulating solvent required to
achieve 90 % removal rate for a given lean loading due to the improved mass transfer
efficiency in the absorber column. The lower solvent flow rate will therefore require less
stripping steam to regenerate, as well as better performance of the stripper column itself by
changing the packing material. All these will lead the pilot plant to operate with lower
specific generation energy requirement. Table 5-5 summarises the solvent flow rate required
to achieve 90 % CO, removal rate for the range of lean loading with the base-case flue gas
compositions when replacing al the packing with the Sulzer Mellapak 250Y structured

packing.

Table 5-5. Required solvent flow rate to achieve 90 % CO, removal rate with the base-case flue gas
composition with Sulzer Mellapak 250Y structured packing, and the comparison with those for the
IMTP25 random packing material

L ean loading L ean solvent flow rate (kg/h) Reduction in required
(mol CO2/mol MEA) Mellapak 250Y IMTP25 solvent flow rate (%)
0.165 283.2 340.7 16.9
0.18 297.6 364.5 18.3
0.2 319.3 401.3 204
0.21 331.0 420.3 21.2
0.22 344.2 447.7 23.1
0.23 358.5 475.3 24.6
0.24 3738 3738 26.9
0.25 390.5 390.5 29.2
0.26 408.9 408.9 321
0.28 452.4 452.4 39.8
0.3 509.9 509.9 46.7

As presented in Table 5-4, the significant reduction in the required solvent flow at higher
lean loading confirms the poor mass transfer efficiency of random packing at higher liquid to
gas ratios. When using the Sulzer Mellapak 250Y structured packing, the simulation results
also confirmed the stripper operating pressure of 180 kPa is the best option in terms of
energy performance with respect to a 120°C thermal degradation threshold. Figure 5-6 shows
the variation of total equivalent work and specific regeneration energy requirement with lean
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loading when using the Sulzer Mellapak 250Y structured packing with the stripper pressure

of 180 kPa, 5 °C LMTD in the cross heat exchanger and 5 °C temperature approach at the

reboiler. The curves related to the IMTP25 random packing with similar operating conditions

were added for comparison.
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Figure 5-6. Optimisation of the lean loading for minimum total equivalent work and the specific
regeneration energy requirement with the Sulzer Mellapak 250Y structured packing (black) and the
IMTP25 random packing (red) to achieve 90 % CO, removal rate with the stripper pressure of 180

kPa

The minimum total equivalent work occurs a lean loading of 0.26 with a specific

regeneration energy requirement of 3.64 MJ/kg CO,, implying anearly 39 % reduction in the

specific regeneration energy requirement when compared with the current pilot plant

operating condition to achieve 90 % CO. removal rate. The highest solvent temperature at

the reboiler at the optimised lean loading is 107 °C. The specific regeneration energy

requirement after changing the packing type is suitability within the industry range of 3.2 to

4.2 MJkg CO,. The optimum operating condition using the Mellapak 250Y structured

packing provides a 15 % reduction in the specific regeneration energy requirement compared

to that provided by the optimum operating condition with the IMTP25 random packing.

Table 5-6 summarises operating conditions to suitably improve the energy performance of
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the PACT pilot plant to achieve 90 % CO, removal rate for typica gas turbine flue gases

when replacing all packing with the Sulzer Mellapak 250Y structured packing.

Table 5-6. Summary of the proposed operating condition for an optimum operation of the
UKCCSRC/PACT CO; capture pilot plant to achieve 90 % CO, removal rate from typical natural gas
fired flue gases when using the Sulzer Mellapak 250Y structured packing

Parameter Specification

Sulzer Méellapak 250Y

Packing material structured packing

Flue gas temperature at absorber inlet 40 °C

Liquid to gasratio 1.58 (kg/kg)

Lean solvent temperature at absorber inlet 40 °C

Lean loading 0.26 (mol COz/mol MEA)
Stripper pressure 180 kPa

Cross heat exchanger LMTD 5°C

Reboiler approach temperature 5°C

5.5. Conclusions & Remarks

A rate-based model to simulate the CO, capture process using an aqueous solution of 30
wt.% MEA as solvent has been developed in Aspen Plus® Version 8.4 and validated using
results of 5 experimental studies carried out at the UKCCSRC/PACT pilot plant in Sheffield,
UK. The developed model was then used to assess the performance of the pilot plant in terms
of energy consumption, and to propose new operating conditions to operate the pilot plant
optimally in future. A number of performance parameters have been identified and varied for
a given range of lean solvent CO. loading from 0.165 to 0.30 (mol CO./ mol MEA) to
evaluate their effects on the plant energy performance. Two sets of operating conditions with
two different packing materials were finaly suggested to improve the pilot plant energy

performance.

For the pilot plant to efficiently achieve 90 % CO; capture from flue gases with 5.5 % CO,

typical of anatura gasfired applications, the following modifications were suggested:

131



A more efficient cross heat exchanger has the potential to improve the stripper
performance by providing the rich solvent with a temperature closer to its bubble
point at the stripper inlet. Simulation results showed a nearly 5 % reduction in the
specific regeneration energy requirement associated with the rich solvent being
heated up by further 13 °C when using a5 °C LMTD cross heat exchanger instead of

the current onewitha 20 °C LMTD.

Considerable energy savings can be achieved by increasing the lean loading level,
provided that the absorber column is capable of operating at higher liquid rates,
which is achievable for the case of the PACT pilot plant. Simulation results have
shown that by solely increasing the lean loading from 0.165 to 0.23, with no other
change of the pilot plant operating condition, the specific regeneration energy
requirement was reduced by nearly 15 %. The additional cost associated with the 28
% increase in the solvent flow rate is insignificant compared to the energy gain

realised in the regeneration process.

The stripper operating pressure also has a significant effect on the regeneration
energy performance. Simulation results showed that by increasing the stripper
pressure from 125 to 180 kPa the specific regeneration energy requirement will
reduced by 28 %. The optimum lean loading to realise this gain is at 0.21 with a
118.7 °C solvent temperature at the reboiler section, which is reasonably below the

thermal degradation threshold of MEA solvents.

An efficient and modern packing material can contribute to significantly improve the
overall performance of the PACT pilot plant by providing higher mass transfer
efficiency, lower pressure drop and more efficient liquid and gas distributions.
Simulation results suggest replacing the existing packing material with higher
performing structured packing, e.g. Sulzer Mellapak 250Y will result in a nearly 40
% reduction in the specific regeneration energy when compared with the plant

exigting conditions. The proposed operating condition with the Sulzer Mellapak
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250Y structured packing outperformed the condition proposed with the IMTP25

random packing by nearly 15 %.

The main conclusions of this work should aso hold for other plants of this type that employ

30 wt. % MEA solution as solvent.
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Chapter 6

Process Design of Large-scale CO. Capturefor Natural Gas

Combined Cycle Power Plant Applications

This chapter focuses on the process design of MEA-based post combustion CO, capture
process (PCC) with CO, compression unit to be incorporated into a 650 MW natural gas
combined cycle (NGCC) power plant, and assesses the performance viability of the
integrated NGCC-PCC at power plant full- and part-load operations in terms of net power
plant output and efficiency. The process simulation of the NGCC power plant and the
methodology applied to size a large-scale PCC plant are thoroughly explained. The PCC
plant energy requirements, including the energy required for CO, compression, at various
power plant load operations are determined. Furthermore, the performance of the NGCC
plant, especially the LP steam turbine, during non-capture operation are studied as there will
be a considerable amount of steam available at the LP turbine inlet at those times. Issues
require careful considerations for the NGCC plant in case of non-capture operation are also
addressed. Moreover, the potential impact on the performance of the LP and IP steam turbine

sections and the condenser during the non-capture operation are discussed.

6.1. Introduction

Natural gas combined cycle (NGCC) power plants fitted with post combustion CO; capture
(PCC) are projected to operate as mid-merit plants in the future of the decarbonised energy
market. This projection stems from an inherent characteristic of the NGCC plants of being
flexible in operation and able to rapidly change their output power. Therefore, it is expected
that the NGCC-PCC plants will continue to operate flexibly for a range of operational loads;
and therefore compliment the intermittent electricity generation of other low carbon plantsto

securely maintain the quality of electricity supply. Therefore, the suitability of these plantsto
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operate in peak power, and especialy mid-merit markets should be assessed at the design
stage by carefully evaluating their part load behaviours and responses, and the implications

of them being decoupled temporarily from the CO; capture plant.

Thereisalimited amount of information available on the additional constraints that limit the
power plant flexibility with PCC, in terms of start-up; shut down and part load performances
(1). To improve the flexibility of fossil-fuelled power plants fitted with PCC, the following

suggestions have been evaluated and published in the public domain:

e Application of solvent storage to postpone the solvent regeneration processto a later
time, allowing the power plant to increase or decrease load as per its original ramp
up/down rates (2-9),

e Temporary shutdown of the CO; capture plant in order to benefit from fluctuating
electricity prices by avoiding the need for steam supply for solvent regeneration
(2,5,7,9),

e Varying the CO; capture rate with respect to electricity market price and cost related
to the CO, emissions (2,5,8,9).

Although the above mentioned alternatives alow the plant to generate extra power, or
operate with their original ramp up/down rates when required, all of them require extra
capital investment in terms of additional equipment or over-sized capacity of some major
units (1,10). In contrast, although there are limits to its flexibility constrained by design,
operation and control of the chemical processes involved, the post combustion CO, capture
process is capable of following the load of the power plant via using advanced control
systems (1,11,12). A key factor will then be to impose appropriate operationa procedures on
the capture plant performance at times when flexible operation is necessary (2,11). Having
satisfied this reguirement, another aspect that needs to be fulfilled before delivering
flexibility in power generation with PCC in place is the operability of the power plant in
general, and the low-pressure (LP) steam turbine section in particular at times that the CO,

capture unit is temporarily shut down. Since no steam is required for solvent regeneration,
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such conditions correspond to a substantia increase in the steam flow available at the LP
turbine cylinder. This option requires the balance of the plant to be appropriately designed
and sized to accommodate the increased steam flow in the LP turbine and the cold end i.e.
condenser. Moreover, the generator must be sized accordingly to handle the extra el ectricity

generation during non-capture operation (2,9,13).

In the following sections, the model development and verification of a nomina 650 MW
NGCC power plant in Aspen Plus® V.8.4 are explained. This power plant is considered as
the reference power plant in thisthesis. A large-scale PCC plant is designed to capture 90%
of the power plant flue gases at the plant full load operation, and the design methodology
explained. The large-scale PCC process is also modelled in Aspen Plus® using the verified
developed CO; capture model described in Chapter 4. Furthermore, the methodology used to
simulate a multi-stage compression system in Aspen Plus® applied to compress the produced
CO; from the stripper pressure to a pressure suitable for transportation and storage, e.g. 15
MPa is explained. Findly, the impact of incorporating a CO, capture process into a large-
scale NGCC power plant is evaluated at power plant full- and part-load operations in terms
of plant net power output and efficiency. The operational impact and considerations at non-

capture operation are al so addressed.

6.2. Standard NGCC Configuration & Performance Study

This section provides details of a nominal 650 MW NGCC power plant simulation and
verification at full load operation and simulations at part load operations, and served as the
reference power plant for this thesis. The focus is on the power plant main performance
parameters, e.g. plant net power output, plant net efficiency, that will be affected by
incorporating a CO- capture plant. The power plant simulation was performed in Aspen Plus
V.8.4 based on a plant, denoted as DoE-2013-Caseffla in this thesis, originally defined and
modelled by DoE/NETL (14) using GT-PRO and THERMOFLEX simulation software (15).

Applying GT-PRO for a combined cycle power plant simulations reflects a readlistic
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performance of existing technologies, and the results can be considered highly reliable at
both full-load and part-load operations (16). In the following, the details of the power plant

simulation and verification are described in detail .
6.2.1. NGCC Power Plant Model Development

A steady state model of the nominal 650 MW NGCC power plant was developed in Aspen
Plus® V.8.4, that is comprised of three integrated sub-models: the gas turbine model, the heat

recovery steam generator (HRSG) model, and the steam turbine model.
6.2.1.1. Gas Turbine Cycle

The topping cycle is based on two General Electric 7 Frame (GE 7F.05) gas turbines with an
ISO output of 211 MW when firing natural gas. Ambient air and natural gas are combined in
the dry Low NOy burner that is operated to control the rotor inlet temperature at 1359 °C.
The flue gas exits the turbine at 604 °C and passes into the HRSG (15). Natural gas is the

main fuel in the DoE-2013-Casetfla and its composition is presented in Table 6-1.

Table 6-1.Natural gas composition (15)

Component Molefraction (%)
Methane (CHa) 931
Ethane (CzHe) 3.2
Propane (C3Hs) 0.7
n-Butane (C4H10) 04
Carbon Dioxide (COy) 1.0
Nitrogen (N2) 16
Fuel LHV (kJ/kg) 47220
Fuel HHV (kJ/kg) 52314

The composition of the incoming air to gas turbine compressors and the exhaust gases at gas

turbine outletsis provided in Table 6-2.
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Table 6-2. Air and exhaust gas compositions (15)

Components Air . Exhaust gas
(mole-fraction) (mole-fraction)

Ar 0.92 0.89

CO2 0.03 4.04

H20 0.099 8.67

N2 77.32 74.31

O, 20.74 12.09

6.2.1.2. Water/Steam Cycle

The bottoming cycle (Rankine cycle) uses a single reheat 16.5 MPa/ 566 °C / 566 °C steam
cycle. The steam generation section is two identical triple-pressure with reheat HRSGs, each
comprises HP, IP and LP steam drums, economisers, super-heaters, and reheat sections. Each
HRSG generates steam at three pressure levels, as provided in Table 6-3. The IP steam after
the IP superheater is mixed with the hot reheat stream from the reheat section of each HRSG
and the combined flow from each HRSG are merged into one main steam line and admitted
to the IP cylinder of the steam turbine. The gas turbine exhaust gas exits each HRSG at 88

°C and passes to stacks (15).

Table 6-3. Steam pressure levels of the HRSG section of Doe-2013-Casettla (15)

Stream Pressure (M Pa) Temperature (°C)
HP steam 16.5 566
IP steam 2.48 566
Reheat cycle 2.48 566
LP steam 0.34 292

The steam turbine comprises three sections. HP section, IP section, and one double flow LP
section. All sections are connected to one generator by a common shaft. Similar to gas
turbine generators, the efficiency of the steam turbine generator is 98.6% (15). The low-

pressure steam at the LP turbine outlet, exit the turbine downward into the condenser (15).
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The combined cycle power plant generates a net output of 634 MW, at a net plant efficiency
of 57.8 % on aLHV basis. The overall plant performance as per DoE'’s report is summarised

in Table 6-4 which includes expected auxiliary power consumptions (14).

Table 6-4. DOE-2013-Caseftla NGCC power plant performance summaries (14)

Parameter Value
Gas turbine gross power output (MW,) 420.8
Steam turbine gross power output (MW,) 229.7
Total gross power output (MWe) 650.5
Total auxiliary power consumptions (MWe) 16.5
Net plant power output 634
Net plant efficiency based on HHV (%) 51.8
Net plant efficiency based on LHV (%) 57.4
Net plant heat rate based on HHV (kJ/kWh) 6946
Net plant heat rate based on LHV (kJkWh) 6269
Fuel consumption (kg/h) 84161

6.2.1.3. Gas Turbine Cycle Simulation Details

Figure 6-1 shows the gas turbine flowsheet developed in Aspen Plus. In the gas turbine
cycle, theincoming air enters the combustor after passing through the compressor, and mixes
with the fuel, i.e. natural gas before entering the combustion chamber. The combustion by-
product gases, i.e. flue gases, at high pressure and temperature enter the turbine and expand
up to nearly atmospheric pressure. The net difference between the work generated by the
turbine shaft and the work consumed by the compressor is the available work for generating
electricity in the generator. As shown in Figure 6-1, Input streams to the gas turbine
flowsheet model are the incoming air and the fuel. The data related to these streams are

presented in Table 6-5 with the compositions presented in Tables 6-1 and 6-2.
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Table 6-5. Input streams for the gas turbine simulation model

Stream Mass Flow Pressure  Temperature
(tonne/h) (MPa) (°C)

Incoming air 3622.82 0.101 15

Natural gas 84.161 2.76 38

The gas turbine was modelled in Aspen Plus® V.8.4 using the Peng-Robinson equation of
state to determine thermodynamic properties of the components and mixtures in the process.
The isentropic efficiencies of the turbine and the compressor polytropic efficiency were set
to 90% and 85%, respectively (15). The compressor compression ratio was set to 17 (15).
The combustion process was modelled based on the minimisation of the Gibbs free energy,

representing a phase and chemical equilibrium.

Gas Turbine Flowsheet

FUELY |
ARFUEL

Figure 6-1. The gas turbine flowheet developed in Aspen Plus®

6.2.1.4. Water/Steam Cycle Simulation Details

The water/steam cycle comprises two sub-model simulations: the heat recovery steam
generator (HRSG) simulation and the steam turbine simulation, as shown in Figure 6-2, and
6-3, respectively. The hot flue gases at the gas turbine discharge enter the HRSG. HRSG
heat exchangers recover the sensible heat of flue gases to produce superhested steam at three

different pressure levels. The total condensate stream enters the HRSG cold end and its
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temperature is increased by recovering a portion of the flue gas heat. The preheated
condensate divides into three streams as high pressure (HP), intermediate pressure (IP) and
low pressure (LP) feedwater streams. After being pressurised by feedwater pumps, each
stream enters the HRSG to recover a portion of flue gas heat to produce superheated steam.
The generated steam at three pressure levels expands through three stages in the steam
turbine: at the HP turbine from 16.5 to 2.4 MPa, at the IP turbine from 2.4 to 0.38 MPa,
followed by an LP turbine from 0.38 MPato 4.8 kPa. The LP steam turbine is a condensing
steam turbine. The steam from the HP turbine exit returns to the HRSG to gain additional
heat from the flue gas, and after combining with the IP generated steam enters the IP section

of the steam turbine.
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Figure 6-2. The HRSG flowsheet developed in Aspen Plus®
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Steam Turbine Flowsheet
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Figure 6-3. The steam turbine flowsheet developed in Aspen Plus®

Input streams to the HRSG flowsheet model are the main condensate stream, the flue gas
stream from the gas turbine outlet, the cold reheat stream, and HP, IP and LP feedwater
streams. The data related to these streams are presented in Table 6-6. Input streams to the
steam turbine flowsheet model are the main HP steam, the hot reheat steam, the IP and the
LP steam. These streams are originally the output streams of the HRSG simulation flowsheet
from which some drains or miscellaneous streams are deducted to supply steam for the plant

internal consumers such as gland steam condenser, sea steam, etc.

The HRSG section was modelled as a multi-stream heat exchanger, and the steam cycle is
modelled in Aspen Plus® V.8.4 using steam table, i.e. STEAM-TA, property package. The
STEAM-TA property package model is applicable for pure water and steam streams with
temperature ranges of 273.15 K to 1073 K, with the maximum pressure of 1000 bar. This
method is the default property method for the free-water phase, when free-water calculations
are performed. For process calculations, the accuracy of this method is adequate (17). The
isentropic efficiency of the HP, IP and LP steam turbine were set as 88.03, 92.37, and 93.67

%, respectively (15).
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Table 6-6. Input streams of the HRSG simulation model

MassFlow  Temperature Pressure
Stream

(tonne/h) (°C) (M Pa)
Total condensate at HRSG inlet 579.52 32.7 04
LP feedwater 74.48 141.7 0.38
| P feedwater 103.02 227.8 2.80
HP feedwater 402.02 352.4 17.50
Cold reheat 385.37 310.6 2.74
Exhasut Gas from the GT outlet 3706.92 603.3 0.105

6.2.2. NGCC Power Plant Model Verification

The NGCC power plant was simulated at full load in Aspen Plus® V.8.4 as described above.
In the Gas turbine cycle, the simulated gross power output of two gas turbines and the power
consumed by the two air compressors are 857.21 and 430.55 MW, respectively. By taking
into account the efficiency of the gas turbine generators as 98.6 % as specified in the DoE
report (15), the smulated gas turbine cycle gross power output is 420.7 MWe. For the steam
turbine section, the simulated work output of HP, IP and LP steam turbine are 49.96, 79.67,
and 102.14 MW, respectively, providing a total work output of 231.78 MW for the steam
turbine section. By considering the efficiency of the steam turbine generator as 98.6 % as
specified in the DoE report (15), the simulated steam turbine gross power output is 228.5
MW.. Comparing the simulation results against data provided by the DoE shows an excellent
agreement, the maximum deviation from the DoE data was less than 1%. Table 6-7 presents
the comparison of the plant key performance parameters of the simulation model against

those of the DoE-2013-Casettla.
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Table 6-7. Plant performance summary of the simulation model vs. DoE-2013-Casetfla

K ey Performance Parameter DoE data S rrnélﬁlson Deviation (%)
Gas Turbine Gross Power 420.8 420.7 0.02
Steam Turbine Gross Power 229.7 228.5 0.52
Total Gross Power (MWe) 650.5 649.2 0.20
Total Auxiliary power consumption (MWe) 16.5 16.5 N.A.
Total Net Power (MWo) 634 632.7 0.21
Net Plant Efficiency based on LHV (%) 57.4 57.31 0.16
Net Plant Heat Rate based on LHV (kJ/kWh) 6269 6281.2 0.19

6.2.3. NGCC Power Plant Simulation at Part L oads

The part load simulations of the Doe-2013-Caset#tla for 90, 80, 70 and 60 % of the GT full
load were performed in GT-PRO V.21 and then replicated in Aspen Plus V.8.4. To reduce
the GT load in a combined cycle arrangement, the fuel and air mass flows must be
simultaneoudly decreased while maintaining a high turbine exit temperature to ensure high
steam cycle efficiency. Reduction in the gas turbine load leads to the reduction of pressures
and mass flow rates in the water/steam cycle. The preferred method to control a combined
cycle at part loads down to 50% is the gliding pressure control mode. This method ensures
good utilisation of the exhaust energy and therefore relatively higher efficiency at part loads.
Below 50% load, the live steam pressure should be held constant by means of a number of
steam turbine inlet valves that introduce considerable throttling losses and thus higher stack
losses (18). In these, the NGCC part loads were designed based on purely sliding pressure
operation. Table 6-8 summarises the full and part load results of the reference power plant at
ISO condition based on the Aspen Plus smulation. As mentioned earlier, the power plant

part loads are defined according to the gas turbine load varying from 100% to 60%.
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Table 6-8. Full and part load simulation of the reference NGCC power plant

GT load (%) 100 90 80 70 60
GTsoutput (MWe) 420.80 380.80 339.60 298.00 256.40
ST output (MW,) 229.7 224.1 2154 206.5 195.7
Gross plant power output (MW,) 650.5 604.9 555.0 504.5 452.1
Auxiliary power consumption (MWe) 16.5 16.5 16.3 16 15.8
Net plant power output (MWe) 634 588.4 538.7 488.5 436.3
E\:Z; power plant electrical efficiency 57.4 56.75 5584 5486 5367
Flue gas flow rate (tonne/h) 3706.82 3481.80 3313.52 3021.30 2783.88
Flue gas flow relative to full-load case 100 93.93 89.40 81.50 75.10
(%)
N2 74.39 744 74.41 74.43 74.45
Oz 12.37 12.39 12.43 12.48 12.55
CO2 3.905 3.896 3.88 3.856 3.822
H20 8.434 8.417 8.386 8.34 8.275
Ar 0.895 0.895 0.895 0.895 0.895
Total steam flow to LP turbine
(tonne/h) 579.54 558.96 532.35 507.20 480.12

These data will be used to assess the performance of a large-scale CO; capture plant
designed to capture 90% of the power plant flue gases. The details of the CO; capture plant
design and its performance evaluation at power plant full and part loads are described in

following sections.

6.3. Post Combustion CO, Capture (PCC) Process Design

The process description of the MEA-based post combustion CO, Capture (PCC) was
provided in Chapter 3, Section 3.1. Absorption and stripping processes are usualy carried
out in vertical, cylindrical columns in which devices such as plates or packing materials are
placed. The gas and liquid streams normally flow counter-currently and the devices, e.g.
packing elements, serve to provide the contacting and development of interfacial surface

through which mass transfer takes place (19).
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The design procedure of absorber and stripper columns is a combination of chemical
engineering science and successful past practiced experiences. The column packed diameter
for a defined liquid and gas flow rates is usually determined based on two criteria:, first, the
pressure drop characteristics of the packing materia, i.e. the maximum pressure drop that the
packing is capable of handling, and second, the approach to maximum capacity prior
experiencing flooding phenomena in the packing material. The fractional approach to
flooding depends on the packing material and is usualy in the range of 70 to 85 % of the
flooding point velocity (20,21). The packed column height is determined with respect to the
degree of separation, i.e. CO, removal rate for the application in hand, which involves the
calculation of mass-transfer parameters such as heights of transfer units (HTU) or the height

equivalent to atheoretical plate (HETP), which the latter method is the preferred approach.

6.3.1. Packed Column Diameter Calculations

Flooding normally represents the maximum capacity condition for packed column, and
determines the minimum possible diameter of the packed column (19). Usually the cross
sectional of packed column are designed to accommodate gas vel ocities for 60 to 80 % of the
flooding point velacity (19). This range varies with the type of packing used in the column.
For instance, for structured packing this range is between 70 to 80 % of the flooding point
velocity (20,21)). Eqg. 6-1 represents the relationship between the column diameter and the
gas stream superficial velocity as:
4G

_ 6-1
D . (6-1)

Where D is the column diameter, G is the gas mass flow rate, and U; is the gas stream
superficial velocity. The superficia velocity is related to the column packing capacity factor

as expressed in EqQ. 6-2 as (19-20):
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C.=U [p—G]l/Z F1/2,,1/2 (6-2)
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Where, C is the capacity factor, p; and p,, are gas and liquid densities, respectively, F, is
the packing factor, and v is the kinetic viscosity of liquid. The capacity factor of packed
columnsis afunction of the flow parameter (F, ) and the pressure drop per unit of height of

packing (AP). The flow parameter is defined as (19):

Fig = é ('DG/pL)l/Z (6-3)

Where, L istheliquid massflow rate.

The packing factor (F,) is empirically determined for each packing and is provided by the
vendor. The Pressure drop is usually determined based on the generalised pressure drop
correlation (GPDC) curves/charts that are vendor-specific for each type of packing. GPDC
charts of a number of popular packing types, including those have been used in this thesis,
are available in Aspen Plus® simulation software, which were used for columns diameter

sizing and pressure drop calculations.

6.3.2. Packed Column Height Calculations

Packed column height calculation normally involves determination of the number of
theoretical equilibrium stages or plates N. Therefore, when packed columns are used in
ditillation or dilute-gas absorption and stripping systems, it is a common practice to rate
efficiency of the column packing in terms of the height of packing equivalent to the one
theoretical plate (HETP) (19, 22,23). The HETP of packed column for a stage j (of N

identical stages) is expressed as (19):

In A;
= (HTUg j + HTU, ) (6-4)
-

HETP; =
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Where, 4; is the stripping factor for stage j, HT Uy ; is the height of transfer units for the gas
phase, and HT U, ; is the height of transfer units for the liquid phase. These three parameters

are defined as (19):

m;G;
1= .
] Lj (6 5)
uG,s
HT V) = o (66)
Urs
HTU; ; = ———— —
L,j kL,j ae,j (6 7)

Where, m; is the local slope of the equilibrium line for stage j, G; and L; are loca flow rates
of gas and liquid streams in stage j, respectively, u; ; and u; s are the superficial velocities
of gas and liquid phases, respectively. k¢ ; and k; ; are the local mass transfer coefficient for
gas and liquid phases, respectively, and a, ; is the effective interfacial area per unit volume
of the packed section in stage j. the total packed height required for a certain degree of
separation is the summation of HTEP of N stages comprising the column packed height. The
total column packed height of absorber and stripping column with N identical theoretical

stages are determined as (19):

N
Zppsorber = z HTEPj (6-8)
j=1
N
Zstripper = Z HTEP; (6-9)
=1

6.3.3. Large Scale CO; Capture Plant Design
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The developed CO. absorption/desorption model described in Chapter 4, that was verified
using the comprehensive pilot plant results, published by Notz et al. (24), using Sulzer
Mellapak 250Y structured packing, was used to simulate a large scale CO, capture process
suitable to capture 90% CO; of the aforementioned NGCC flue gas at full load. Figure 6-4
provides a schematic overview of the integrated NGCC-PCC plant with a CO> compression

unit. In this figure, the CO; capture plant is outlined by the dashed rectangular box.

LP steam to reboiler

— Compressed CO;

Steam Turbine to Storage

Reheat
Gas Turbine

Flue Gas
HRSG : i \ %
} < ) - PCC Plant j T

Figure 6-4. Schematic overview of a NGCC-PCC plant including CO, compression unit

Based on the knowledge gained from several studies on large-scale post-combustion CO;
capture plants (25-28), and chemical engineering principles as described above (29-31), the
process configuration, equipment sizes and energy requirement of the large-scale PCC with
90% CO. removal rate were determined. The capture plant was designed under the
assumption that the NGCC flue gas is free from NOx and SO.. An aqueous solution of 30 wt.
% MEA was used as the solvent with the lean loading of 0.21 based on the energy
performance study explained in Chapter 5. The absorber operating pressure is atmospheric
and the stripper operating pressure was set as 180 kPa based on the energy performance
study explained in Chapter 5. The rich CO- loading was determined using Aspen Plus based

on the optimum absorber packed column height when using the optimum liquid to gas ratio.
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The optimum liquid to gas ratio, based on mass, required to provide 90% capture rate at the

design load was determined using the following formula (27):

FreXco,¥co, ( Myiga 1 — wmEa

. 6-10
1002 (@rien, — @jean) \44.009 OMER ] Tz “L‘*‘“) (6-10)

Frean =
Where, F;.4n 1S the mass flow rate of the lean solvent, Fg is the mass flow rate of the flue

gas, x¢o,is the mass fraction of CO; in the flue gas, ¢, is the percentage of CO; in the flue

gas that is recovered, My, is the molar mass of MEA, ayiq, and ajegpare the lean and the
rich solvent CO; loading, respectively, wygais the mass fraction of the MEA in the unloaded

solution, and z is the number of equivalents per mole of the amine (zis 1 for MEA).

To design the PCC plant suitable for the 650 NGCC plant, two absorber and two stripper
columns were considered (one absorber and one stripper per gas turbing). As explained
earlier, the design principle to determine the diameter was based on the flooding limitations
and the highest economical pressure drop to ensure a stable operating condition with proper
liquid and gas distributions. Recommended pressure drop for packed columns ranges from
147 to 490 Pa (15 to 50 millimetres water) per meter packing (31). Besides, the gas load
corresponding to the maximum operating capacity should in genera be 5 to 10% below the
flooding point (32). In addition to the liquid and gas flow properties, the latter parameter is
sengitive to the type of packing (32). To ensure a reliable operation, the diameter of the
absorber column was then fine-tuned to ensure a 70-75% approach to flooding for the Sulzer
Mellapak 250Y packing. This value also corresponds to that of the pilot scae validated
model. A similar method was applied for the stripper column. Table 6-9 summarises the

geometrical details of the Sulzer Mellapak 250Y packing.
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Table 6-9. Geometrical details of columns packing (29,33)

Packing Geometry

Sulzer M ellapak 250Y

Specific surface area (m?/m?®)
Void fraction (%)

Packing factor (m)

Side dimension corrugation (m)
Corrugation angle (°)

Crimp height (m)

256
98.7
66
0.0171
45
0.012

In general, columns with very large diameters are not recommended. To date, the maximum

diameter for an absorber column under operation is 18.2 m (60 ft) reported by Reddy et al.

(34). The absorber diameter was calculated to be 15 m. Table 6-10 summarises key design

parameters of alarge-scale CO. capture process to remove 90% CO; of the 650 MW NGCC

power plant flue gases.

Table 6-10. Design specification of the large-scale PCC process

Parameter Value
Number of Absorber columns 2

Packing material Sulzer Mellapak 250Y
Absorber column diameter (m) 15
Absorber column height (m) 20
Absorbent MEA
Absorbent concentration (wt. %) 30
Absorber column pressure (top stage) (kPa) 101.6
Treated gas temperature at absorber exit (cC) 35

Lean solvent temperature at absorber inlet (°C) 40

Flue gas temperature at absorber inlet (°C) 40

Flue gas pressure at absorber inlet (kPa) 113.8
Number of Stripper columns 2

Packing material Sulzer Mellapak 250Y
Stripper column diameter (m) 9

Stripper column height (m) 20

Stripper column pressure (top stage) (kPa) 180

Stripper condenser temperature (°C) 35
Lean/rich cross heat exchanger approach temperature (°C) 5
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6.3.4. Large Scale CO; Capture Performance at NGCC Part L oads

Details of the PCC process simulation at the NGCC flue load were explained above, and its
design parameters were summarised in Table 6-10. Steady state simulations of the PCC
performance at the power plant part loads were obtained using the respective flue gas
characteristics specified in Table 6-8. For all load cases, the flue gas is assumed to be cooled
down to 40°C prior to entering the absorber column. At part loads, the liquid to gas ratios
were adjusted to maintain the CO; capture rate at 90%. The details of the PCC simulation at

part loads are provided in Table 6-11, and the PCC process at full load is also summarised in

this table for comparison.

Table 6-11. PCC process simulation at full and part load operations

GT load (%) 100 90 80 70 60
CO, capture efficiency (%) Q0 90 90 20 90
CO; captured (tonne/h) 2x103.17 2x96.60 2x91.35 2x82.80 2x75.63
Liquid to gas massratio 1.00 0.985 0.980 0.972 0.963
Lean solvent CO, loading 0.21 0.21 0.21 0.21 0.21
Rich solvent CO, loading 0.4761 0.4764 0.4766 0.4770 0.4773
Absorber fraction to flooding (%) 0.73 0.69 0.65 0.59 0.54
Absorber average pressure drop (Pa/m) 221.6 189.3 169.7 140.2 118.7
Stripper fraction to flooding (%) 0.33 0.31 0.30 0.27 0.24
Stripper liquid hold-up (md) 371 3.60 3.52 3.37 3.24
Reboiler energy requirement (MWin) 104.6 97.8 93.0 85.2 77.6
Specific reboiler duty (MJkg COy) 3.64 3.65 3.66 3.70 3.70
(SOO(':‘)’ent temperature a stripper discharge 120 1974 1974 1174 1174

6.3.4.1. Steam Requirementsfor Solvent Regeneration

The main thermodynamic interface between the NGCC and PCC is the large amount of
steam to be used for solvent regeneration. The steam is extracted from the IP/LP crossover
pipe as there the steam is available at a pressure close to that required at the reboiler (12,35-
37). A 10°C approach temperature is assumed in the reboiler to ensure reliable operation and

avoid polymerisation of carbamate ions, i.e. thermal degradation of the solvent. Provided an
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equilibrium solvent temperature of 117.2°C at the bottom of the stripper in all load cases, as
presented in Table 6-11, a saturated steam at 250 kPa is constantly required in the reboiler.
By assuming 10% pressure losses in the branch pipe passage from the crossover pipe to the
reboiler inlet, the minimum pressure required at the extraction point is calculated to be 275
kPa, provided the stripper pressure at all load cases is kept constant. The extracted steam is
assumed to be routed to the reboiler section via a combined pressure reducing with de-
superheating system (PRDS). The water required for de-superheating is provided by
recycling a portion of condensate from the reboiler outlet on the hot side. This integration is
defined by a dotted circle in Figure 6-4. This method has two benefits, first, by recycling a
portion of the condensate at the temperature close to the steam saturation temperature, the
sensible heat required to heat up the de-superheating water is minimised; second, a portion of
the required steam is complimented by the evaporation of the condensate in the de-
superheater, resulting in less steam to be extracted. Calculations revealed that approximately
13% of the steam required in the reboiler is provided by the evaporation of the recycled
condensate. For al load cases, the extracted steam flow rate and parameters associated with

the PRDS are provided in Table 6-12.

Table 6-12. PCC steam requirements for solvent regeneration at full and part loads

GT load (%) 100 Q0 80 70 60
Total steam required in both reboilers (kg/h) 345.2 322.8 306.9 281.2 256.3
Steam pressure at reboiler (kPa) 250 250 250 250 250
Steam temperature at reboiler inlet (°C) 127.4 127.4 127.4 127.4 127.4
Total extracted steam (kg/h) 301.2 281.2 268.1 246.3 2241
Steam pressure at extraction point (kPa) 337 323 310 295 279
Steam temperature at extraction point (°C) 284.80 286.60 283.10 279.30 282.80
Condensate required for de-superheating 44 41.6 38.8 34.9 32.2
(kg/h)

6.3.4.2. PCC Auxiliary Consumption

The auxiliary consumption includes the eectricity required to run the solvent circulating
pump, make-up pumps, cooling water pumps, flue gas blowers and any other rotary
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equipment involved in the process, with the flue gas blowers as the mgjor consumer. Table

6-13 provides the PCC electricity consumption at various loads.

Table 6-13. CO, compression unit electricity consumption at full and part loads

GT load (%) 100 % 80 70 60

PCC auxiliary power consumption

15.9 15.3 14.5 14.1 133
(MWe)

6.4. CO, Compression Unit

The produced CO, with high purity, i.e. > 98 mol. % CO, is expected to be compressed to
11 to 15 MPato be transported for storage (1,38). Thisis achieved by means of a multi-stage
compression train with intermediate cooling, and then followed by a pump as a final step to

deliver the CO, product in liquid phase for storage (1).

It is confirmed that the compression process does not add a specific constraint on the
integrated plant capabilities to operate flexibly and change loads, as the compressors ramp
rates, depending on their types, vary in the order of a few seconds (1). However, similar to
the GT main air compressors, at low loads, i.e. less than 70% of the design load, a portion of
the compressed CO, must be recycled to maintain the unit operability at the expense of

higher auxiliary electricity consumption.

CO, compression consumes agreat amount of electricity to operate, that needs to be supplied
by the power plant (39). To calculate the CO, compression auxiliary power consumption, a
six-stage centrifugal compression unit with intermediate coolers was modelled in Aspen Plus

V8.4. Figure 6-5 shows the simulation flowsheet developed in Aspen Plus®.
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Figure 6-5. The CO, compression unit flowsheet in Aspen Plus®

The validity of the CO, compression model was ensured by comparing its results with data
available in the public domain (14). The compression train is outlined in Figure 6-4 by a
dotted rectangular shape. Table 6-14 summarises the auxiliary power consumption of the

CO; compression unit at various loads.

Table 6-14. Energy requirements of the CO, compression unit at plant full and part load operations

GT load (%) 100 90 80 70 60

CO, compression electricity consumption

(MWe) 18 16.9 15.8 145 13.2

6.5. Integrated NGCC-PCC Performance at Part L oads

Table 6-15 provides the performance details of the NGCC plant integrated with the PCC at
part loads evaluated by taking into account the data from CO- capture and CO, compression

units as described above.
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Table 6-15. Design and off-design loads of the NGCC power plant with CO, capture plant

GT load (%) 100 Q0 80 70 60
GTsoutput (MWe) 420.80 380.80 339.60 298.00 256.40
ST output (MWe) 184.7 180.0 173.4 168.2 160.7
Gross plant power output (MWe) 605.5 560.8 513.0 466.2 417.1
Auxiliary power consumption (MWe)

(Inc. power plant + capture plant + 52.4 50.3 48.0 45.9 43.4
compression plant)

Net power plant power output (MW,) 553.1 510.5 465 420.3 373.7
Total power loss dueto PCC integration 79 76.3 723 66.9 615
(MW,)

Net Plant Thermal efficiency (%) 50.10 49.37 48.33 47.33 46.1
Efficiency penalty (%-point) 7.15 7.38 7.52 7.54 7.59

6.6. PCC Performance Evaluation at NGCC Full & Part Load Operations

In this section the PCC performance in terms of overall energy consumption and solvent
circulation rate at the power plant part loads are evaluated and compared with those at the
power plant full load operations. In addition, the hydraulics of the absorber and stripper
columns in terms of pressure drop, packing wettability and mass transfer efficiency are

explored.

6.6.1. Specific Energy Requirement

The specific energy requirement for solvent regeneration at various NGCC operationa |oads
were calculated using simulation results as presented in Table 6-11. At each load, the liquid
to gas ratio was adjusted to maintain the CO, capture efficiency at 90%, resulting in reducing
the liquid to gas ratio to nearly 0.96 at the GT 60% load from its value of 1.00 at the full
load. The reduction in the flue gas and circulating solvent flow rates at part loads results in
lower auxiliary power consumption. This effect is more pronounced at the GT 60% |load
where the auxiliary power consumption reduced by nearly 18% compared to the full load
operation. However, the specific energy required for solvent regeneration does not follow the
same trend at part loads. Although the energy required in the reboiler in general decreases,

the reboiler specific energy increases. This is partly due to the change in the liquid to gas
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ratio from its design value, and partly because of the increased rich solvent CO; loading at
part loads. The rich solvent CO, loadings at part loads were also provided in Table 6-11.
Despite a counter-intuitive behaviour that might have been expected due to the reatively
lower CO, composition in the flue gas at part loads, the slight increase in the solvent CO,
loading at the end of the absorption process might be due to the improved efficiency in the
absorber column. The improved efficiency in the absorber simulation is because of relatively
smaller HETP at lower loads. As Table 6-16 presents, the average HETP of the absorber

column at the GT 60% load is reduced by 5.6% compared to that of the GT full load.

Table 6-16. Variation of the absorber column HETP with NGCC |load variations

GT load (%) 100 90 80 70 60

Absorber column average HETP (m) 0.420 0.414 0.410 0.402 0.396

In general, for structured packing such as Sulzer Méellapak 250Y, HETP increases with liquid
and vapour loadings, and the load effect on the HETP is more due to liquid rather than
vapour loads (30). Furthermore, at higher liquid flow rates, more gas is entrained down the
bed, causing the mass transfer efficiency to drop. Due to the structural characteristics of
structured packing that limit lateral movement of fluids, at higher gas flow rates, more gas
will be carried downstream, which is unfavourable for the column efficiency (30,40). At part
loads, the flue gas and circulating solvent flow rates are smultaneously reduced, whilst the
liquid load reduction is more pronounced to maintain the CO, capture rate at 90%. This
might be a reason for the improved efficiency, i.e. lower HETP, and hence higher CO; rich
loading at lower GT loads. All above statements are valid under the assumption that the

absorber packed column is evenly wet and uniformly distributed at all loads.

For a given lean solvent CO; loading, higher rich solvent CO; loading means more energy is
required for solvent regeneration. Despite the lean CO. loading being a fixed design

parameter at all loads, the rich CO, loading increased at part loads. To retain the lean CO,
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loading at the bottom of stripper column, therefore more specific energy was consumed in

thereboiler.

6.6.2. Column Hydraulics

The reduction in the flue gas mass flow rate is the mgjor challenge that a CO, capture plant
experiences at power plant part loads, as this is a crucia design value for the PCC. The
hydraulics of the absorber and stripper columns should therefore be suitable to withstand
various operational conditions. To examine the operability of the PCC at part loads, a

number of operational parameters were considered for detailed evaluation.
6.6.2.1. Liquid Distribution

The process design of the PCC is at the NGCC full-load operation, this means that the CO-
capture plant is designed for the highest possible flue gas and circulating solvent flow rates.
As described previoudly, sizing of packed columns at their design points was achieved by
maintaining the column fractional approach to flooding at a reasonable level of 70-75%.
Therefore, the risk of flooding in the columns at part loads is not a concern, whereas the risk
of poor irrigation, and uneven flow distribution (maldistribution) and hence dry patch

formation is more prominent.

Uneven flow distribution affects the packed column efficiency (30). It occurs when the
liquid and/or vapour flows are low and when less liquid is ddlivered to some areas than to
others, causing a drop in mass transfer (30,41). For an absorber to operate properly, the lean
solvent flow rate entering the column must be high enough to effectively wet the packing to
facilitate the mass transfer between the gas and liquid streams (42). The minimum superficia

liquid flow rate (L ) that is required to wet the packing effectively is calculated using

Sfrmin

the following equation (42):

L = MWR.p,.« (6-11)

sfrmin
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Where, MWR is the minimum wetting rate of the absorber packing, p;, is the solvent density
entering the absorber column, and « is the surface area to volume ratio of the absorber
packing. The superficial liquid flow rate at each load case (Lsf,,,4) IS calculated using the

following equation (42):

Lmolload-MMEA

L (6-12)

sfrioad — Apps

Where, Ly,,,.4 IS the molar flow rate of the lean solvent at various GT loads, My, is the

solvent molecular weight, and A,y 1S the absorber column cross sectional area. Figure 6-6
shows the variation of the absorber column superficia value at various loads and their

comparison with the minimum value.
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Figure 6-6. Absorber column liquid superficial value at various GT loadsin comparison with its

minimum value

The comparison confirmed there is sufficient liquid flow to wet the packing using the current
design conditions up to 70% of the GT load, whilst the absorber operation at GT 60% load is
at the risk of under wetting. One solution to mitigate this risk is to increase the lean solvent
flow rate to meet the minimum requirement. Calculations showed that the lean solvent mass
flow rate must increase by approximately 6% to maintain the minimum liquid load in the

absorber column at the GT 60% load. To maintain the CO- capture rate at 90%, a solution is
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for the lean solvent CO; loading at this particular case to increase to 0.23 from the design

value of 0.21.

6.6.2.2. Vapour Distribution

Reduction in the flue gas flow rate at part loads results in the reduction in its velocity
through the packed bed which will promote the risk of uneven vapour distribution in the
absorber column. In general, the packing pressure drop places a resistance in the flue gas
path that helps spread the vapour radially. If the pressure drop is too low, the flue gas will
tend to channel through the bed, leading to poor mass transfer (30). There is a common
practice to design a packed column for a pressure drop not smaller than 15 mm of water per
meter of packing height. When there is a likelihood of foaming, this value must be reduced
(31). Simulations showed that the pressure drop of the absorber packed column is in the
range of 22 to 12 mm of water per meter of packing, where the lowest pressure drop
corresponds to the 60% GT load. The packing material used in the absorber is the sulzer
Mellapak 250Y which is categorised as a low-pressure gauze packing with a very low
operational pressure drop (33). Thus, the uneven vapour distribution in the absorber column

at the 60% GT load isless likely to be arisk with the applied packing material.

6.6.2.3. Column Oper ability

There is a reliable region for packed columns to operate at variable liquid and gas flow
rates. Kister (30) defined an operational curve for packed columns and suggested that for a
reliable operation at various liquid and gas flow rates, the absorber and stripper column
efficiencies must be independent of gas and liquid flow rates, while the column pressure
drop uniformly increases with gas flow rate. Thus, for absorber and stripper columns to cope
with power plant part loads, their efficiencies should not vary with load changes. To verify
this, the efficiency characteristic curves of the absorber and stripper columns operating at
various loads is plotted and shown in Figure 6-7. The vertical axis is the average HETP of

the column as the efficiency representative, and the horizontal axis is the GT load. As
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shown, the HTEP demonstrates a constant trend at various loads, confirming that both

absorber and stripper columns operate reliably at part loads down to 60% GT load.
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Figure 6-7. Absorber and stripper columns average HETP at various GT loads

There are other parameters that may be studied to confirm a reliable operation of PCC plants
at part loads that are beyond the scope of this study. for example, the higher oxygen content
in the flue gas at part loads has a potentially negative impact on the solvent degradation rate
and the unit operation. it is therefore worthwhile to study and seek alternative inhibitors to
protect the unit against likely corrosion and degradation risks at part loads where O, content

in flue gasincreases (1).

6.7. Integrated NGCC Performance Evaluations at Part L oads

In the second part, the impact of the PCC integration on the NGCC at part loads in terms of
the net power output and net efficiency penalty were presented. In addition, the impact of the
integration on the steam turbine at part loads was described. Finally, the drawbacks of the
non-capture operation on the performance of the integrated NGCC especially on the steam

turbine were investigated.
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6.7.1. NGCC Net Plant Efficiency

Based on the simulation results of the NGCC at part |oads while integrated with the PCC, the
net plant efficiency of the integrated NGCC-PCC plant and the associated efficiency penalty
were caculated at full and part loads and presented in Table 6-17. As expected, the net plant
efficiency of the reference NGCC at part loads drops by 2-3% points (1) as a result of

operating the equipment at |oads different from their design point.

Table 6-17. NGCC net plant efficiency at various GT loads when integrated with the PCC

GT Load (%)

Net plant efficiency

100 Q0 80 70 60
Reference NGCC (%) 57.4 56.75 55.84 54.86 53.67
NGCC+PCC (%) 50.25 49.37 48.33 47.33 46.09
Efficiency penalty (%-point) 7.15 7.38 751 7.53 7.58

The efficiency penalty associated with the integration of the PCC and NGCC increases by
reducing the GT load, which is due to inefficiencies associated with the CO, desorption in
the stripper column. Also, for the NGCC-PCC plant, the reduction of the steam turbine
efficiency is more pronounced at lower loads. In fact, the significantly light-load operation of
the steam turbine at part loads promotes the rate of the efficiency drop. In this study, the
efficiency of the CO, compression unit was assumed constant for al load cases. In practice,
compressor efficiency will reduce with reducing the load which will have an additiona
impact on their auxiliary power consumption, and thus on the net plant efficiency and the

efficiency penalty.

6.7.2. Steam Tur bine Performance

By studying the LP steam pressure at the IP/LP crossover pipe presented in Table 6-12, it is
evident that the pressure requirement of the steam to be extracted can be met for al load
cases. In addition, the eval uations confirmed that the throttling loss associated with the steam

extraction is minimal as the pressure of steam in the IP/LP pipe is close to that required in
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the reboiler. To reach a part-load capability below 60% GT load, a higher design crossover
pipe pressure would be required. For example, in a study performed by Pffaf et al. (13) ona
greenfield coal power plant, a design pressure of 700 kPa was suggested for the crossover
pipeif part-load capability of 40% is required. A reduction of 50 kPa on the design pressure
of IP/LP crossover pipe results in nearly 0.2% point gain in the plant net efficiency at the
expense of restricted part-load operation (13). Therefore, it is useful to identify an efficient
part-load limit with IP/LP pressure evaluations. In this work, the efficient part-load limit is
around 60% as the crossover pressure at this load rate has a margina difference with the

minimal required pressure at the interface point.
6.7.3. Impact of Non-Capture Operation

NGCC plants equipped with PCC should be designed to operate with variable steam
extraction rates, possibly down to zero, to adjust both desired CO, capture efficiency and
power output whenever required. There are conditionsin which it is economically beneficia
to operate without PCC, for example at times of high electricity demand. Also, there are
conditions where operation without CO. capture is inevitable, for example during an
interruption in the operation of the PCC or the CO. compression unit. In either case, the
steam which is otherwise used for the solvent regeneration must be utilised in the LP turbine
to generate electricity. This means that nearly double the amount of steam is available to
enter to the LP turbine cylinder at power plant full load operation. This will have a
considerable impact on the performance of the steam turbine in general and on the LP and IP

turbines and the cold end in particular.

In coal power plants, the impact of variable steam flow rates through the LP turbine is
manageabl e via using a synchronous self-shifting (SSS) clutch that entirely disconnects one
of the LP steam turbines depending on the heat required in the PCC plant (43). While in
NGCC plants, usualy only one double-flow LP steam turbine is used and therefore there is

no flexibility in terms of possibility to shut down an LP turbine (43).
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It is worth to note that the design of LP steam turbines capable of operating under large
variations of steam flow is a not a new technology, and examples of such turbines can be
found in combined heat and power (CHP) plants (42,44). To shed light on the requirements
and performance of an LP steam turbine operating with large variations of steam flow, it is
useful to review some of the steam turbine theories. At any given load, the steam turbine has
approximately constant volume flow. This helps the velocity vectors to remain unchanged
and so does the efficiency (45). The steam mass flow through the steam turbine at any off-

design, e.g. operation without the PCC, can be calculated using the Law of Cones (46):

n+1
' _ ne 2]
mg _ V.pa Pa,0- Va0 | Pa (6-13)
Mso  Vo.Pap Da-Va I Pwo nT+1
1 — ==
\j Pa,o]

Where, 7 is the steam mass flow, p is the pressure, v is the specific volume, V is the
average swallowing capacity, and n is the polytropic exponent. The suffix O is the design
point, suffixes aand w denote at the ST inlet and outlet respectively. For the condensing LP
turbine, where the pressure ratio is low and the ratio of swallowing capacity is amost 1, the
above equation can be simplified as below and used to determine the relation between the

live steam pressure and steam mass flow rate (47):

. . 2
Tns _ Da,0-Vao — & _ [ms ] @ (6—14)
ms,o Pa-Va pa,O ms,o Pa

Where, p is the steam density. If the NGCC plant operates at full load while the PCC is shut

down, the steam mass flow rate to the LP turbine cylinder increases by 108%. Using
equation (6-14), it is estimated the inlet pressure of the LP turbine will consequently increase
from 337 to nearly 700 kPa. This will have an impact on the IP turbine too, since the exit
pressure at the IP outlet increases, and the steam volumetric flow decreases substantially by

approximately 52%, leading to an efficiency impact. One suggested solution to minimise the
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impact of the non-capture operation is that during the PCC shutdown, the power plant
operates at a lower load with the net power output equivalent to that of the power plant full
load operation while integrated with the CO, capture plant (13). Therefore, for this
application, the suggested part load operation to minimise the impact of the PCC shut down
will be at the GT load of nearly 85%. Nevertheless, for this option, the IP/LP crossover

pressure will increase to 627 kPa.

In addition to the above, the condenser back-pressure will rise as a consequence of the
increased steam flow, if the cooling water mass flow rate is kept constant at the expense of
higher outlet temperature. However, in the case of environmental limitations leading to the
higher outlet temperature being not viable, the heat load rise in the cold end demands more
cooling water which results in higher electricity consumption in the cooling water system,
given the cooling water pumps are capable to operate at higher mass flow rates. Moreover,
some provisions must be considered in the steam turbine generator to handle the surplus
electricity generations. All these scenarios will definitely have a negative impact on the
efficiency. If an NGCC power plant is designed to operate in a CO, capture integrated
scheme, it is not beneficial to operate in a standalone mode, apart from emergency periods

mentioned earlier.

6.8. Conclusions & Remarks

Steady state simulation of a natural gas combined cycle power plant and a post combustion
CO; capture unit was carried out in Aspen Plus V8.4. Simulations were made at full and part
loads for two process options with and without CO. capture. The considered option to
provide the hesat for the solvent regeneration was the steam extraction at IP/LP crossover
pipe for al cases. Part load cases were studied at GT load of 90, 80, 70 and 60%. The results
confirmed the performance viability of the NGCC-PCC plant at full and part loads down to
the 60% load. By adjusting the solvent circulation rate to lower values, except for the GT

60% load, the CO, capture with 90% capture rate was achievable at part loads. The study of
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the absorber column hydraulics showed that in order to have a reliable operation at the 60%
load, the minimum liquid load required in the absorber packed column led to an increase of
6% in the circulating solvent flow rate. A suggested solution to retain the CO. capture rate at
90% at this load is to increase the lean solvent CO- loading to 0.23 from its design value of

0.21.

Simulation results confirmed that there is sufficient steam available at the IP/LP crossover
pipe to provide the steam required for the solvent regeneration at part loads up to 60% GT
load. Moreover, the study of the IP/LP crossover pressure showed that the throttling loss
related to the steam extraction is minimal as the pressure of the steam in the crossover pipeis
close to that required in the reboiler. However, to reach a part load capability below the 60%
GT load, a higher design pressure for the crossover pipe would be required. An analysis of
net plant efficiency for the two process options revealed that at full load, the efficiency
penalty associated with the CO, capture operation is 7.15% point at full load and will

increase to 7.6% point at 60% GT load.

The study of the absorber column performance and the mass transfer efficiency revealed that
a part loads, due to relatively lower load of gas and liquid in the column, the mass transfer
efficiency dightly improves and leads to a dlightly higher rich solvent CO; loading at the
column discharge. This improvement however showed a negative effect on the stripper

performance in terms of the specific energy required by the reboiler.

An evaluation was made to study the impact of non-capture operation on the LP steam
turbine. the results showed that if the NGCC plant operates at full load while the PCC is off,
the steam flow available at the LP turbine increases by 108%, which will result in an
increase on the LP turbine inlet pressure from 337 to nearly 700 kPa. The increase on the LP
inlet pressure will affect the IP turbine as well, leading to the turbine efficiency drop. To
minimise the impact of non-capture operation, it is suggested to operate the power plant at a
lower load with the net power output equivalent to that of the NGCC full load operation

while fitted with the PCC unit (13). Specifically for this study, calculations showed that the
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suggested part load operation to minimise the impact of non-capture operation will be at the

GT load of nearly 85%.

In addition to the IP and LP turbine performance, the non-capture operation will affect the
condenser operating pressure due to the rise of the coolant temperature as a consequence of
the increased steam flow, leading to adrop in the plant net power output. Moreover, to make
the plant capable of operating without capture, some provision must be considered in the
steam turbine generator to handle the surplus electricity generation. These evaluations
suggest that if an NGCC plant is designed to operate in a CO; capture integrated scheme, it is
not beneficia to operate in a standalone mode, apart from inevitable situations such as CO,

capture plant or CO, compression unit trip.
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Chapter 7

Absor ber Intercooling

Absorber intercooling has been recognised as one process modification technique to improve
the CO, absorption process and therefore reduce the overall energy requirement of a CO-
capture process. This chapter presents the study to determine the benefit of using two
absorber intercooling configurations, i.e. in-and-out” intercooling and “recycled”
intercooling, for natura gas fired applications when using MEA solvent for range of lean
loading from 0.15 to 0.42 (mol CO2/mol MEA). The developed rate-based model presented
in Chapter 4 was used to determine operating conditions at which the use of absorber

intercooling is meaningful and promising in terms of capital and energy requirements.

7.1. Introduction

CO; absorption using agueous amines is usually associated with a considerable amount of
heat liberation due to reactions between CO, and the solvent by which the absorber column
isled to act as both a chemical reactor and a heat exchanger. This heat is usually released in
the liquid phase and will rise the liquid temperature and causes further heat transfer to the
gas phase. Absorber intercooling is usually used to cool down flowing solvent that has been
heated through the release of the heat of absorption at column locations above the intercool er
(). The use of absorber intercooling benefits the absorption equilibria by reducing the
column operating temperature and breaking mass transfer pinches (2). Improved equilibrium
in the absorber column will subsequently reduce the amount of solvent required for the same
removal rate and thus may result in the reduction in energy required for solvent regeneration
(1). According to a study, when the temperature rise is higher than 17°C, the absorber
column requires intercooling between stages to remove the heat of absorption to retain the

operating condition close to the initial conditions (3). However, the effectiveness of using an
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intercooler is dependent on severa factors, such as flue gas condition, lean solvent CO,
loading, liquid to gas ratio, flue gas and solvent temperatures at the absorber inlet, etc. In the
following text, the benefits of using two difference configurations of absorber intercooling,
i.e. “in-and-out” intercooling and “recycled” intercooling, over arange of lean loading from
0.15 to 0.42 were investigated using the flue gas condition and CO. capture process

described in Chapter 6.

7.2. Evaluation M ethodology

The developed CO. capture model was used to evaluate the benefits of using absorber
intercooling for a range of lean loading from 0.15 to 0.42 on CO; absorption efficiency and
plant overal energy requirement. All configurations in this study are modelled using
structured packing and cylindrica columns. Unless otherwise stated, the packing used in
most sections are assumed to be Mellapak 250Y which is categorised as a low-pressure
gauze packing with a very low operational pressure drop (4). Absorber simulation with and
without intercooling were performed using flue gas conditions presented in Table 7-1 for 650

MW gas fired combined cycle power plant.

Table 7-1. Flue Gas characteristic

Parameter Composition (mole fraction %)
N2 74.39
Oz 12.37
CO2 3.905
H20 8.434
Ar 0.8952

The stripper packed height was over-specified, i.e. 20 m, resulting in a pinch in al cases.
Noting that a practical design of stripper column would use an optimised packing height,
over-specification of the stripper packed height in this study confirms the packing was being
equally utilised in all cases, without additional height optimization criteria, whilst each case

approaching equilibrium, and therefore providing an appropriate estimate for the energy
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requirement. To retain a constant compression work, the stripper operating pressure was kept

constant at 170 kPa (1.7 bar) in all load cases.

For a column with absorber intercooling, there are three degrees of freedom for optimisation,
i.e. lean loading, liquid to gas ratio and the location of the absorber intercooling. Lean
loading and therefore the L/G were varied while maintaining the CO. removal rate constant.
Furthermore, at each lean loading, the absorber packing volume was optimised by varying
the height of the packing sections at the top and bottom of the absorber intercooling location.
Results were normalized by the moles of CO;, removed. Lean solvent and flue gas inlet
temperatures were 40 °C in al cases. The absorber column diameter was calculated to
provide a 75 % approach to flooding, and the column height was determined to satisfy 90 %
CO; remova rate in al cases. Benefits of two different types of intercooling were
investigated: “in-and-out” intercooling (simple intercooling) and “recycled” intercooling
(advanced intercooling). For a column with absorber intercooling, there are three degree of
freedom for optimisation, i.e. lean loading, liquid to gas (L/G) ratio and the absorber packing
volume. For each lean loading there is a fixed liquid to gas ration to maintain the CO2
remova rate constant at 90 %. At each lean loading, the absorber packed volume was
optimised by varying the height of the packing sections at the top and bottom of the absorber
intercooling location. Results were normalised by the moles of CO2 removed. Lean solvent
and flue gas inlet temperatures were 40 °C in al cases. The absorber column diameter was
calculated to provide a 75% approach to flooding, and the column height was determined to

satisfy 90% CO- removal ratein al cases.
7.2.1. In-and-Out Intercooling (Simple I nter cooling)

Figure 7-1 shows the process flow diagram (PFD) of an absorber column with in-and-out
intercooling. This is the simplest and conventional method of intercooling where the semi-
rich solvent exits the absorber column at the end of one packing section and passes through
an external heat exchanger (cooler) to cool down to the temperature at which the lean solvent

first entered the absorber column at the top. After being cooled, the semi-rich solvent re-
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enters the column at the top of the successive section of packing and continues absorbing
CO; from upcoming flue gases. To simulate this case, the absorber column was modelled
using two sections packed with Sulzer Mellapak 250Y structured packing, as shown in
Figure 1. The intercooling loop was modelled using “pump-around” option in RateSep™
with no reactions involved where the entire semi-rich flow rate cools down to 40 °C via an

external cooler.

Treated
gas

/—T\ Lean solvent
IT=40°C

First packing section
Mellapak 250Y

f

Cooler
Cooled solvent

T=40°C) Second packing section
Mellapak 250Y

Flue gas
T=40°C

Rich solvent

Absorber
Figure 7-1. The arrangement of an absorber column with in-and-out (simple) intercooler

7.2.2. Recycled Inter cooling (Advanced | nter cooling)

Figure 7-2 shows the PFD of the absorber column with recycled intercooling. In this
configuration, the semi-rich solvent leaves the absorber column at one point, cools in an
external cooler to the to the temperature at which the lean solvent first entered the absorber
column at the top, and returns back to the column via a higher point which is below the
location the lean solvent first entered the column. In this configuration, the absorber packed
column was divided into three sections, by which the first and third sections were packed

with the Sulzer M lapak 250Y structured packing, and the middle section (recycled section)
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with a coarse structured packing, e.g. Sulzer Mellapak 125Y, to avoid excessive pressure

drop due to the high solvent load in in the middle section.

/l\ Lean solvent

T=40°C
Treated
First packing section
Mellapak 250Y
Cooled solvent
T=40°C)
Absorb
Csml. o Second packing section
aolar Mellapak 125Y
Third packing section
Mellapak 250Y
Flue gas
T=40°C il

Rich solvent

Absorber
Figure 7-2. The arrangement of an absorber column with recycled (advanced) intercooling

The recycle rate can be varied with respect to the plant design and operational constraints.
The recycle rate which is usualy 2 to 5 times of the solvent flow rate provides another
degree of freedom for optimisation, constrained by flooding criteria, pressure drop, and
operational cost (energy required to operate the recycle pump). In general, higher recycle
ratios result in cooler and richer solvent at the absorber exit at the expense of higher
pumping power and more packing requirement at the middle section of the column. To find
an optimal recycle ratio, various recycle ratios, from 1 to 9 times the solvent flow rate, were
compared with each other and with the base case, i.e. a simple absorber with no intercooling
(no recycle rate). As shown, the change in dope at around the recycle ratio of 3 indicatesthis
may be the optimised ratio for the natural gas application. From a ratio of 3 to a ratio of 10,

very little change occurs in both rich solvent temperature and rich loading.
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Figure 7-3. Variation of rich solvent loading and temperature at absorber exit with cooling solvent
recycle rate for three different lean loading

Figure 7-4 shows the variation of minimum liquid to gas ratio (L/G) with recycle ratio. The
change of dope at around the recycle ratio of 3 was also observed in this figure. Therefore,
the recycle ratio of 3 was selected as an optimum ratio for the advanced intercooling

simulations for the natural gas application.
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LL=0.36
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QE
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Figure 7-4. Variation of minimum liquid to gas ratio (Lmin/G) with cooling solvent recycle ratio for
three different lean loading

179



7.2.3. Minimum Solvent Flow Rate (L min)

For a fixed lean loading and CO. removal rate, the solvent flow rate is a function of the
packing area. The liquid flow rate decreases by increasing the packing area until it reaches a
minimum. The minimum amount of solvent required to achieve 90 % CO, removal rate was
calculated for a range of lean loading from 0.15 to 0.42 for the three case studies: (1) an
absorber with no intercooling, (2) an absorber with simple intercooling, and (3) an absorber
with advanced intercooling. The minimum solvent flow rates were then used to determine

the respective minimum liquid-to-gas ratios (L min/G).

For the absorber with no intercooling, for a given lean loading, the minimum solvent flow
rate to achieve 90 % CO, remova rate was determined assuming an infinity height of
packing, e.g. 40 m in the absorber column to assure equilibrium pinch at the rich end of the

column (5), provided the fractional approach to flooding was retained at 75 %.

Similarly, for absorbers with simple and advanced intercooling, for a given lean loading, the
minimum solvent flow rate to achieve 90 % CO, removal rate was determined assuming an
infinity height of packing, eg. 30 m, for each packing section, provided the fractiona

approach to flooding was kept at 75 %.

The effectiveness of intercooling can be better realised by comparing the minimum solvent
flow rate required for a given lean loading in relation to the theoretical minimum solvent
flow rate required at that lean loading to attain 90 % CO. removal rate. The theoretical
minimum solvent flow rate was determined assuming an isothermal absorber where the
temperature of the liquid phase throughout the column is the same and equal to the inlet
liquid temperature (ideal intercooling) (5). The isothermal absorber was modelled in Aspen
Plus® using a flash drum where the lean solvent at a given loading mixes with the pure CO;
stream with a flow rate equivalent of that in the flue gas and enters the drum at 40°C. Two
streams exit the drum: the flashed gas stream and the flashed liquid stream. The flash gas
stream is the 10 % remaining of the CO2 flow rate which was not absorbed by the solvent

considering a 90 % removal rate, and the flashed liquid stream is the saturated rich solvent at
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the end of absorption process. The liquid flow rate required at the inlet to achieve 90 %

removal rate was considered as the minimum theoretical solvent flow rate.

Figure 7-5 shows the relation of the minimum solvent flow rates of the three options to the
isothermal solvent flow rate for the range of lean loading form 0.15 to 0.42. As shown, the

minimum ratio isrelated to the advanced intercooling option.

2.4+

No intercooling
22 |=——Simpleintercooling
— Advanced Intercooling

2.0

1.8+

1.6+

i L i sotnenmar (MOI/MoOI)

!

1.4+

1.2+

—_———
1.0 T T T T T T T T T T
0.15 0.18 0.21 0.24 0.27 0.30 0.33 0.36 0.39 0.42

Lean loading (mol CO,/mol MEA)

Figure 7-5. The relation of minimum solvent flow rate of simple absorber with no intercooling (black), an
absorber with simpleintercooling (red) and an absorber with advanced intercooling with the recycle rate of
3XLmin ((blue) to the isothermal solvent flow rate over arange of lean loading.

Figure 7-6 shows the comparison of the minimum liquid to gas ratios of the isothermal
absorber with the absorber with no intercooling, the absorber with simple intercooling, and

the absorber with advanced intercooling.

—— Adiabatic absorber (No inercooling)
—— Simple intercooling

54 — Advanced intercooling

— | sothermal absorber

L ../G (mol/mol)

0.15 0.18 0.21 0.é4 0.é7 0.50 0.53 0.36 0.39 0.42
L ean loading (mol CO,/mol MEA)
Figure 7-6. Comparison of the minimum liquid to gas ratios (Lmin/G) of an isothermal absorber
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(green), an adiabatic absorber (black), an absorber with simple intercooling (red), and an absorber
with advanced intercooling with the recycle rate of 3xLmin (blu€) over arange of lean loading.

As shown in Figures 7-5 and 7-6, the lean loading range at which the application of
intercooling is meaningful is from 0.30 and higher. The greatest decrease in solvent
requirement was realised at lean loading of .35 a which the simple intercooling and
advanced intercooling, respectively, provide 42.4 and 46.1 % reduction in the minimum
solvent flow rate when compared to the absorber with no intercooling. At lean loading below
0.30, the effect is less significant, where simple and advanced intercooling, respectively
require on average 1.5 and 3.4 % less solvent flow rate when compared with the absorber

with no intercooling.
7.2.4. Overall Energy Requirement

Similar to Chapter 5, the total equivalent work concept was used to evaluate and compare the
energy requirement of the CO, capture process with and without absorber intercooling at
various lean loading. Egs. 5-1 to 5-3 were used to determine the total equivalent work.

Assumptions made for each equation are as described in Chapter 5, Section 5.3.1.

7.3. Application of Absorber Intercooling with L min

7.3.1. Effect of Absorber Intercooling on Temperature Bulge

The agueous solvent enters the absorber column at the top and counter-currently contacts
with the flue gas fed to the column at the bottom. As the down-coming solvent absorbs the
CO,, its temperature increases and causes the water to vaporise. Toward the top of the
column, the produced water vapour condenses by contacting counter-currently with the
cooler solvent, which leads to formation of a pronounced temperature bulge on the gas and
liquid temperature profiles along the absorber column (6). Depending on the solvent lean
loading and the liquid to gas ratio (L/G), the magnitude and location of temperature bulge
vary through the column height. Figure 7-7 shows the magnitude of bulge temperature

(Teuge) at various lean loading for an absorber with no intercooling, with simple intercooling,
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and with advanced intercooling. Figure 7-8 shows the location of bulge in relation to the
absorber column height. As L/G increases, the location of the bulge moves toward the
bottom of the column and its magnitude decreases as more heat has been carried by the

solvent dueto itsrelatively higher heat capacity.

66

No intercooling
—— Simple intercooling

631 | — Advanced intercooli ng

60

57

TBnge (OC)

51

48+

45

015 018 021 024 027 030 033 036 039 042
Lean loading (mol CO,/mol MEA)

Figure 7-7. Magnitude of bulge temperature (Tsuige)for an absorber with no intercooling (black), with simple
intercooling (red) and with advanced intercooling with the recycle rate of 3xLmin (blue) over arange of lean
loading.

As shown in Figure 7-8, at low lean loading (0.15 < lean loading < 0.30), the bulge occurs at
the top of the packed column. As lean loading and therefore L/G increases, the location of
the bulge moves toward the bottom of the column. The rate of movement is more
pronounced for the absorber with no intercooler. Concurrently the magnitude of the bulge
temperature ascends by which the greatest temperature bulge occurred at the lean loading of
0.35 in al three cases. After this point, as lean loading increases, the magnitude of
temperature bulge descends. The temperature bulge at its peak is located nearly in the middle
of the column (Hguge/Hita=0.6) in an absorber with no intercooling, whilst for the absorber
with smple intercooling and advanced intercooling, the temperature bulge at its peak occurs

nearly at the top of the packed column, i.e. (Hguge/Hiota=0.925) and (Haguge/Ht0ota=0.95),

respectively.
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Figure 7-8. The location of bulge temperature (Tguyge) in relation to the column height for an absorber with no
intercooling (black), with simple intercooling (red), and advanced intercooling with the recycle rate of 3xLmin (blu€).

As mentioned earlier, an absorber column is typically designed to reach equilibrium at the
rich end of the column (rich-end pinch) (5). According to the bulge theory, the greatest
absorption rate will occur away from pinch and so does the temperature bulge (6). The
temperature bulge basically results in reducing equilibrium driving forces, however, as long
as it occurs away from the equilibrium pinch, its effect on the column mass transfer

performance should be trivial as the mass transfer performance is focused on the pinch (6).

However, at high L/G ratios where there is excess solvent relative to the inlet gas, the
absorber column will reach equilibrium at the lean end of the tower. If the total heat capacity
of the liquid (mass times heat capacity) becomes greater than that of the gas, the heat of
reaction tends to liberate at the bottom of the column, and this will push the temperature
bulge to occur at the rich end. In such cases (of which the CO, absorption using MEA is an
example), the temperature bulge will have a great negative impact on the mass transfer
performance of the column, especially when the pinch and the temperature bulge both occur

in the middle of the column (6).

Although due to the high heat capacity of the liquid, the magnitude of temperature bulge
tends to lower at high L/G, and as L/G increases, the operating line moves away from

equilibrium. This creates a tendency for more CO; to be absorbed by the solvent per stage,
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resulting in more heat to be liberated at each stage which then causes the equilibrium curve
to move upward (6). Depending on the magnitude of L/G, the pinch may occur in the middle
of the column or near the top. As can be observed from Figures 7-6 and 7-8, for the absorber
with no intercooling, at lean loadings between 0.32 and 0.36, the sharp rise in L/G coincides

with the location of temperature bulge being near the middle of the column.

Curves related to the simple and advanced intercooling shown in Figures 7-7 and 7-8
confirm that employing intercooling alters the location as well as the magnitude of the
temperature bulge. The maximum bulge temperature after employing simple and advanced
intercooling dropped to 60.0 °C and 59.6 °C respectively, compared to 63.6 °C of the non-
intercooled case. Concurrently, employing absorber intercooling favours the column mass
transfer efficiency by moving the temperature bulge to the top of the column. The location of
temperature bulge moves to 0.925 and 0.950 of the total absorber packed height, when
simple and advanced intercooling were applied, respectively, compared to 0.60 in the non-

intercooled case.

In an absorber with no intercooling, when the temperature bulge occurs near or at the middle
of the packed column, it is defined as the critical temperature bulge (6). The liquid to gas
ratio associated with this condition is called the critical L/G. In this study, the critica
temperature bulge was redised at lean loading of 0.36, with critical L/G of 4.45 (mol/mal).
The magnitude and location of the bulge temperature at the critical lean loading are 63.3 °C
and Hauge/HTaa=0.55, respectively. At the critical temperature bulge, there is a balance in
the enthalpy leaving with the liquid and with the flue gas. At this point, liquid and gas outlet
temperatures change rapidly with changing liquid to gas ratio (6). Figure 7-9 shows the
variation of liquid (rich solvent) and gas (treated solvent) temperatures when leaving the
absorber column of the three cases. As shown, both liquid and gas temperature curves
display a smoother trend after employing absorber intercooling. The effect of intercooling on
the liquid outlet temperature is more pronounced especially in the advanced intercooling

case. This is due to the solvent having in genera a cooler temperature profile along the
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absorber column after employing intercooling, which results in an increase in the solvent
absorption capacity since the absorption capacity of amine solvents for acid gases, e.g. CO-,
increases with lowering operating temperatures. Equally, for a fixed CO. removal rate,
employment of absorber intercooling is associated with less solvent flow rate requirement.
This can be seen by comparing the Lmin/G of intercooled cases to those of non-intercooled as

shown in Figure 7-6.
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Figure 7-9. Variations of liquid and gas outlet temperature over the range of lean loading for an
absorber with no intercooling (black), with simple intercooling (red) and advanced intercooling with
the recycle rate of 3XLmin (bIUE).

7.3.2. Effect of Absorber Intercooler on CO, Absorption rate & Liquid and Gas

Temperature Profiles

Figures 7-10 to 7-16 show the CO, mass transfer, and the liquid and gas temperatures
profiles aong the absorber packed column for lean loading of 0.22, 0.28, 0.32, 0.35, 0.36,

0.38, and 0.42, respectively.

At lean loading below the critical lean loading, as shown in Figures 7-10 to 7-12, the
relatively low CO; loading of the solvent at the top of the column with no intercooling
intensifies the CO, mass transfer rate toward the top of the column, which led to a large
increase in both liquid and gas temperatures at that region. As most of the CO, was absorbed

at the lean end, and the use of absorber intercooling appears to only intensify the CO, mass
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transfer rate at its peak and leave the rest of the column unchanged, lowering the operating
temperature provides no significant improvement in terms of CO, mass transfer rate toward

the bottom of the column.

The temperature profile for lean loading near the critical lean loading, as shown in Figures 7-
13 to 7-15, is nearly constant across most of the profile as it has reached a mass transfer
pinch. At the bottom of the column with no intercooling the low temperature of the flue gas
increases dlightly the CO, mass transfer rate. At these lean loading the absorption efficiency
is limited due to the increase in the operating temperature and therefore benefit most from
the incorporation of absorber intercooling. As shown, using intercooling significantly
improved the CO, mass transfer rate, lowered the temperature of the bulge, and the liquid

and gas temperature profiles along the column.

Curves shown in Figure 7-16 are for the richest lean solvent with lean loading of 0.42
combined with the highest liquid to gas ratio (L/G=7.2 (mol/mol)). As shown, the column
with no intercooling was approached to pinch at the lean end. The CO, mass transfer profile
showed that most of the removal occurs toward the middle of the column. Intercooled mass
transfer profiles show higher removal rates towards the top section of the column. The
relatively high liquid to gas ratio with intercooling maintains low temperature profiles
throughout the column. Using absorber intercooling does not provide benefits as the
intercooled liquid to gas ratios at lean loading higher than the critical lean loading are till

excessively high.
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Figure 7-10. Liquid and gas temperature profiles and CO, mass transfer rate along the absorber
column for lean loading of 0.22 for an absorber with no intercooling (top) with simple intercooling
(middle) and with advanced intercooling with the recycle rate of 3xLmin (bottom)
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Figure 7-11. Liquid and gas temperature profiles and CO, mass transfer rate along the absorber
column for lean loading of 0.28 for an absorber with no intercooling (top) with simple intercooling
(middle) and with advanced intercooling with the recycle rate of 3xLmin (bottom)
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Figure 7-12. Liquid and gas temperature profiles and CO, mass transfer rate along the absorber

interface film (kmol/s) interface film (kmol/s)

interface film (kmol/s)

column for lean loading of 0.32 for an absorber with no intercooling (top) with simple intercooling
(middle) and with advanced intercooling with the recycle rate of 3xLmin (bottom)
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Figure 7-13. Liquid and gas temperature profiles and CO, mass transfer rate along the absorber

Absorber packed column height (1-H/H

o)

interface film (kmol/s) interface film (kmol/s)

interface film (kmol/s)

column for lean loading of 0.35 for an absorber with no intercooling (top) with simple intercooling

(middle) and with advanced intercooling with the recycle rate of 3xLmin (bottom)
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Figure 7-14. Liquid and gas temperature profiles and CO, mass transfer rate along the absorber

Absorber packed column height (1-H/H

mml)
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interface film (kmol/s)

column for lean loading of 0.36 for an absorber with no intercooling (top) with simple intercooling
(middle) and with advanced intercooling with the recycle rate of 3xLmin (bottom)
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Figure 7-15. Liquid and gas temperature profiles and CO, mass transfer rate along the absorber
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Figure 7-16. Liquid and gas temperature profiles and CO, mass transfer rate along the absorber
column for lean loading of 0.42 for an absorber with no intercooling (top) with simple intercooling
(middle) and with advanced intercooling with the recycle rate of 3xLmin (bottom)
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7.3.3. Effect of Absorber Intercooling on Solvent Absor ption Capacity

As mentioned earlier, an amine solvent capacity to absorb acid gases, e.g. CO,, increases as
operating temperature reduces (7). Solvent absorption capacity was defined as the unit of
CO; removed per unit of lean solvent used. Figure 7-17 shows the variation of solvent
absorption capacity with lean loading for the three cases provided the CO, removal rate was
maintained at 90 %. The solvent absorption capacity of an absorber with no intercooling
substantially dropped after lean loading of 0.32 and reached its minimum capacity at 0.36,
which is the critical lean loading. After the critica lean loading, a slight improvement in
terms of solvent absorption capacity was observed due to the excessive increase in the liquid

to gasratio at those lean loading as shown in Figure 7-6.

As shown in Figure 7-17, the use of absorber intercooling was realised well in terms of
solvent capacity at lean loading higher than 0.32, where the advanced intercooling provided
the highest improvement. At the critical lean loading, the use of smple and advanced
intercooling resulted in improving the overall absorption rate by nearly 75.3 and 88.1 %,
respectively. The solvent absorption capacity in general lowers with increasing lean loading

due to the limiting capacity imposed to it by the initial CO, content in the lean feed.

0.040
0.035
0.030
0.025-
0.020-

0.015-

Absorption capacity
(mol CO,/mol solvent)

0.010

No intercooling
= Simpleintercooling
Advanced intercooling

015 018 021 024 027 030 033 036 039 042
Lean loading (mol CO,/mol MEA)

Figure 7-17. Variation of solvent absorption capacity with lean loading for an absorber with no
intercooling (black), with simple intercooling (red) and with advanced intercooling with the recycle
rate of 3xLmin (bIUE)
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7.3.4. Effect of Absorber Intercooling on Rich Solvent L oading

Figure 7-18 shows the variation of rich solvent loading with lean loading for an absorber

with and without intercooling.
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Figure 7-18. Variation of rich solvent loading with lean loading for an absorber with no intercooling
(black), with simple intercooling (red) and with advanced intercooling with the recycle rate of 3xLmin
(blue) when using minimum liquid to gasratio (Lmin/G)

By considering Figures 7-6, 7-7 and 7-18 together, following results can be concluded:

e At lean loading up to 0.30, the rich loading curve of the absorber with no
intercooling is fairly constant with a steady increase of Lmin/G with lean loading.
Using both simple and advanced intercooling slightly uplift the rich loading curve by
2.0 and 3.8 %, respectively, with no noticeable changes in their Lmin/G curves. At
this lean loading range, in all these three options the temperature bulges occur at the
column top confirming the effect of using absorber intercooling to be negligible on
the mass transfer efficiency and solvent absorption capacity.

e At lean loading from 0.30 to 0.36, a noticeable decline in the rich loading
accompanied with a considerable increase in the Lmin/G were observed in curves of
the absorber with no intercooling case. Predictably, this region matches with the lean
loading range at which the temperature bulges occur somewhere in the middle of the
column. The difference between the Lnin/G of non-intercooled and intercooled

counterparts (for both simple and advanced cases) widens as the critical lean
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loading. The significant reduction in the Lmin/G and remarkable improvement in the
rich loading observed in curves related to the smple and advanced intercooling
confirm the effectiveness of using intercooling at this lean loading range. Employing
simple and advanced intercooling at critical lean loading is associated with 42.0 and
45.6 % reduction in Lmin/G, respectively, and 12.4 and 14.5 increase in rich loading,
respectively.

e At lean loading higher than 0.36, a gradual increase in the rich loading curve with
lean loading in the absorber with no intercooling is observed coincided with a sharp
rise in the Lmin/G curve. This region relates with the lean loadings at which the
location of temperature bulge is at the bottom of the column. The increase in the
Lmin/G is relatively because of the limited capacity of the lean solvent due to its

relatively highinitial CO; loading.

As shown in Figure 7-18, the increase in rich loading after using simple or advanced
intercooling confirms that intercooling in general alows the absorber column to have a
closer approach to equilibrium. Furthermore, the increase in rich loading coincides with
another advantage of using intercooling, which is less lean solvent flow rate is required
compared to that of a column with no intercooling to achieve 90 % CO, removal rate for a
given lean loading. The rich loading curves related to both simple and advanced intercooling
show reasonably steady trend throughout the lean loading range. This is another advantage
of using absorber intercooling as the absorber column can operate at higher lean loading and
reach afixed rich loading at the absorber bottom, at the expense of higher solvent flow rate.
The benefit of operating an absorber column with intercooler at higher lean loading should
be redlised by evaluating its energy requirement for solvent regeneration. This will be

discussed in following sections.
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7.4. Application of Absorber Intercooling with 1.2XL min

As described in previous sections, the lean loading range at which the use of simple and
advanced intercooling is beneficia is approximately from 0.30 to 0.38 based on the
minimum liquid flow rate (Lmin) concept. The minimum liquid flow rate to achieve 90 %
CO; removal rate is determined based on an infinity packing volume, which is not a practical
design in terms of plant economics. The optimisation of liquid to gas ratio in terms of plant
economics suggests the molar L/G should be about 1.2 to 1.5 times its minimum value in
order to avoid using excessive amount of packing (5). Therefore, to properly evaluate the
benefits of using absorber intercooling for this range of lean loading in terms of overall
energy requirement, the solvent flow rate was set to 1.2 times the minimum liquid solvent
flow rate. Based on the new solvent flow rate, the absorber packing dimensions, i.e. each

section height and diameter, were optimised.
7.4.1. Effect of Absorber intercooling on Absorber Packing Areawith 1.2XL min

Based on the new solvent flow rate, i.e. 1.2xL min, the packed column dimensions, i.e. height
and diameter, of the absorber with no intercooling, with simple intercooling and with
advanced intercooling were optimised. Diameters were determined to provide a 75 %
fractional approach to flooding, and heights were optimised to satisfy 90 % CO. removal ate.
Table 7-2 summarises heights and diameters of the three cases for the range of lean loading
from 0.30 to 0.38. It is worth to note that columns were comprised of one, two and three
packed sections, respectively, absorbers with no intercooling, with simple intercooling and

with advanced intercooling.
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Table 7-2. Optimised heights (H) and diameters (D) of the three cases for lean loading range of 0.30 -

0.38
Lean loading Absorber without Absorber with simple Absorber with advanced
(mol COz/mol intercooling intercooling intercooling
MEA)
0.30 H=13.6 m, D=16.1  Section#l (H=10.2m, D=15.9  Section#1 (H=10 m, D=15.8 m)
m m) Section#2 (H=2.3 m, D=14.8 m)
Section#2 (H=§.O m, D=154  Section#3 (H=3.0 m, D=15.4 m)
m
0.32 H=16.7 m, D=16.4  Section#1 (H=10.9 m, D=16.0 Section#1 (H=10.0 m, D=15.9
m m) m)
Section#2 (H=4.0 m, D=15.6  Section#2 (H=1.1 m, D=15.0 m)
m) Section#3 (H=5.0 m, D=15.5 m)
0.34 H=20.4m, D=17.6  Section#1 (H=10.4 m, D=16.0 Section#1 (H=10.0 m, D=16.0
m m) m)
Section#2 (H=7.0 m, D=15.8  Section#2 (H=1.7 m, D=15.3 m)
m) Section#3 (H=8.0 m, D=15.7 m)
0.35 H=11.8m, D=16.8  Section#1 (H=11.1 m, D=16.1 Section#1 (H=11.0 m, D=16.0
m m) m)
Section#2 (H=8.0 m, D=15.9  Section#2 (H=2.0 m, D=15.4 m)
m) Section#3 (H=8.5 m, D=15.9 m)
0.36 H=11.9m, D=16.9  Section#1 (H=11.2 m, D=16.0 Section#1 (H=11.0 m, D=16.0
m m) m)
Section#2 (H=10 m, D=16.1 Section#2 (H=3.6 m, D=15.6 m)
m) Section#3 (H=9 m, D=16.0 m)
0.38 H=13.7m,D=17.0  Section#1 (H=12.6 m, D=16.1 Section#1 (H=12.0 m, D=16.0
m m) m)
Section#2 (H=8.0m, D=16.5  Section#2 (H=7.3 m, D=15.8 m)
m) Section#3 (H=8.0 m, D=16.3 m)

Figure 7-19 shows the required packing area per unit of CO, removed (mole/s) to achieve 90

% CO, removal rate in an absorber with no intercooling, with simple intercooling, and with

advanced intercooling, when using 1.2xL min as the solvent flow rates. The required packing

area is calculated by multiplying the volume of packing by the specific surface area of the

packing which is a geometrical characteristic of the packing material. For the Sulzer

Mellapak 250Y and 125Y/, the specific surface area is 250 and 125 square metre per volume

of packing, respectively (4). For all cases, the volume of packing is calculated based on

specifying the fractional approach to flooding to 75 % to determine the diameter, and

optimising the height of packing to achieve the 90 % CO, removal rate.
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Figure 7-19. Required packing area per unit of CO, removed for an absorber with no intercooling
(black), with simple intercooling (red), and with advanced intercooling with the recycle rate of 3xL
(blue) for arange of lean loading

As shown, the benefit of using simple and advanced intercooling in terms of packing
requirements, for 90 % CO, removal rate, was only observed for the lean loading range of
0.28 to 0.34. Maximum benefits in terms of absorber packing area was redlised at the lean
loading of 0.34 with nearly 30.4 and 25.6 % reduction for simple and advanced intercooling,
respectively. This range of loading is partially related to the range that earlier confirmed the
potential effectiveness of incorporating intercooling in terms of solvent absorption capacity.
For the lean loading range of 0.28 to 0.34, the use of advanced intercooling is on average
associated with 3.8 % more packing area requirements compared to that when simple

intercooling was used.

As observed previoudly, at lean loadings of 0.35 and above, using absorber intercooling
provides significant reduction in the required solvent flow rate and therefore L/G. As shown
in Figure 7-19, to achieve these benefits additional packing area is required. In fact, this
additional packing area should be spent to reach a higher rich loading at the bottom of the
absorber column, as shown in Figure 7-18, when using simple and advanced intercooling. At
lean loading 0.36, the use of simple and advanced intercooling, respectively, resultsin 43 %

and 46.8 % reduction in the molar liquid to gas ratio which is associated with, 60 % and 62.2
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% increase in the absorber required packing area, respectively. At lean loading below 0.30

the use of absorber intercooling does not change the packing requirement.
7.4.2. Effect of Absorber Intercooling on Total Equivalent Work

Figure 7-20 shows the total equivalent work for a CO. capture process with and without
absorber intercooling for the range of lean loadings. The compression equivalent work was
constant across all cases as the stripper pressure was kept at 17 kPa (1.7 bar). For cases with
absorber intercooling (both ssimple and advanced intercooling cases), the pump equivalent
work includes the work required to pump the solvent from the middle of the absorber column
to the external cooler and back to the column, in addition to the work required to circulate

the solvent through the process.
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Lean loading (mol CO,/mol MEA)

Figure 7-20. Calculated total equivalent work for an absorber with no intercooling (black), with
simple intercooling (red), and with advanced intercooling with the recycle rate of 3xL (blue) for arange
of lean loading

As shown, the use of absorber intercooling has a positive effect on the total equivalent work
especialy at lean loading higher than 0.30. By taking Figures 7-6, 7-19, and 7-20 into
consideration, it can be realised that the use of absorber intercooling for the lean loading
range from 0.30 to 0.34 is associated with reduction in the required solvent flow rate, the
required packing area in absorber column and the total equivalent work. These results

suggests the lean loading range at which the application of absorber intercooling is
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significant and promising is from 0.30 to 0.34 for natural gas fired applications when using

an aqueous solution of 30 wt. % MEA as solvent.

a lean loading higher than 0.34, the benefits of incorporating absorber intercooling are a
trade-off between benefits in terms of solvent flow rate and total energy requirement, and
drawbacks of excess packing area in the absorber column. For instance, according to Figure
7-20 the highest energy saving was realised at the lean loading of 0.36 for nearly 16.9 and
171 % by using simple and advanced intercooling, respectively. These reductions
respectively are associated with nearly 56.2 and 56.9 % increase in the required packing area

in absorber column.

7.5. Conclusions & Remarks

The benefits of using two absorber intercooling configurations in the CO- capture unit using
an aqueous solution of 30 wt. % MEA as solvent to remove 90 % CO, from natural gas fired
flue gases for a range of lean loadings from 0.15 to 0.42 were studied. The effect of
intercooling on the temperature bulge, liquid flow rate, L/G, rich solvent loading, and solvent
absorption capacity were evaluated using the minimum solvent flow rate concept. Benefits of
using absorber intercooling in terms of absorber packing area and overall energy requirement
were quantified using 1.2 times the minimum solvent flow rate. The total equivalent work

concept was used to evaluate the plant overall energy requirement.

In absorbers without intercooling with solvents with lean loading below 0.30, temperature
bulges occurred near the top of the column and away from the equilibrium pinch at the rich-
end of the column, suggesting the benefit of using absorber intercooling in terms of CO;
mass transfer and solvent absorption capacity is insignificant. Minor differences in Lmin/G
ratios before and after using simple and advanced intercooling confirmed their minor
benefits in this region. The plant overall energy study also showed minor gain in terms of
total equivalent work which was associated with a dight increase in absorber total packing

area when using simple or advanced intercooling.
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At lean loading between 0.30 and 0.36, a remarkable increase in Lmin/G, followed by a sharp
reduction in rich solvent loading were observed in absorbers with no intercooling. At this
range of loading, the temperature bulge was positioned somewhere around the middle of the
column. Applying simple and advanced absorber intercooling showed significant
improvement on both L /G and rich loading. Studying the packing requirements and energy
requirements confirmed the effectiveness of using absorber intercooling in this range. For
lean loadings between 0.30 and 0.34, using simple and advanced absorber intercooling will
reduce both absorber packing requirements and the plant overal energy requirements. For
instance, using simple and advanced absorber intercooling at the lean loading of 0.34
benefited the process by reducing the absorber packing area by nearly 32.0 and 36.6 %,
respectively, accompanied by a reduction in the total equivalent work by 15.6 and 15.9 %,
respectively.

At lean loading equal to and higher than 0.36, the use of absorber intercooling had positive
effects on Lmin/G and rich loading curves resulting in significant reduction in the plant
overall energy requirement in terms of total equivalent work. However, these benefits are
associated with the expense of requiring an excessive amount of packing in the absorber

packed column.

At lean loading higher than and equal to 0.36, the use of simple and advanced intercooling
showed positive effects on L/G and rich solvent loading resulting in significant reduction in
the plant overall energy requirement in terms of total equivalent work. At this lean loading
range, additional packing area should be provided in the absorber column to alow the
increase in the rich solvent CO2 loading at the bottom of the absorber. At 0.36, the use of
simple and advanced intercooling is associated with 43 % and 46.8 % reduction on the molar

L/G with 60 % and 62.2 % increase in the absorber packing area, respectively.
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These findings can be used as a guideline for future application of absorber intercooling for
commercia scale natural gas fired flue gas applications (3-5 % mole CO, concentration)

when using an aqueous solution of 30 wt. % MEA as solvent.
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Chapter 8

Advanced Stripper Configurations

This chapter ams to evaluate energy improvements offered by two complex stripper
configurations, i.e. advanced reboiled stripper and advanced flash stripper, for natural gas
fired applications when using an agueous sol ution of 30 wt. % MEA as solvent for a range of
lean loading from 0.15 to 0.38 (mol CO2/mol MEA) with 90 % CO; removal rate. The
conventional stripping system modelled for the 650 MW combined cycle power plant
application as described in Chapter 6 was used as the baseline case to compare the benefits
of the advanced configurations. The process description, modelling specifications, and
energy performance of advanced stripper configurations and their bypass rate optimisations
in proportion to the total rich solvent flow rate for the range of lean loading are described in

this chapter.

8.1. Introduction

In a post-combustion CO; capture (PCC) process, there are two major energy requirements:
electricity to operate the multi-stage compression train to pressurise the produced CO-, e.g.
up to 15 MPa (150 bar) for transport and storage, and energy required in the stripper column
in form of heat for solvent regeneration. The energy required for solvent regeneration
accounts for more than 60 % of the total energy required by the PCC process and is usualy
provided as low pressure steam from the power plant steam cycle (1). Studies have shown
that the addition of an amine-based CO; capture plant to a natural gas combined cycle power

plant leads to a net power plant efficiency penalty of 7-11 % (2,3).

The conventiona solvent regeneration process is a simple stripper, with a significant 1oss of
exergy as water is condensed from the CO-rich product stream (4,5). This process can be

replaced by a more complex process which provides better performance. Fundamental
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research has shown the benefit of reducing driving forces in a chemical process by adding
complexity to its system. In a chemical process, driving forces for heat transfer
(temperature), mass transfer, and chemical reaction (4,5) generdly result in thermodynamic
irreversibility, by which the process consumes more energy than is ideally required (5,6).
However, a chemical process with reasonable capital cost must have finite driving forces to
expend some thermodynamic availability (exergy) and consume more energy compared to an
ideal process. Reducing the process driving forces if applied properly will provide energy
savings for the process. However, an excessively small driving force, like an excessively
large driving force is harmful for the commercia viability of the process, as it leads to
excessive capital cost investment (6,7). Typical stripper columns have very large driving
forces in several locations. A stripper column with optimised conditions has large driving
forces in the reboiler and bottom section of the packed column and pinches at the top (8).
When the rich-end pinches, the driving force at the lean-end is excessively large, causing a
loss of available work (4). Introducing more complexity to the process by means of splits,
recycles, and multi-pressure stages can reduce the existing driving forces to cut down on

total exergy losses (6).

Complex configurations with the objective of reducing the solvent regeneration energy
requirements were studied using MEA solvents and have shown promising performance such
as matrix stripper, inter-heated stripper, flashed-feed stripper, multi-pressure stripper, vapour
recompression system, and multi-pressure stripper with vapour recompression (8,9).
Comprehensive cost analysis of these configurations has also demonstrated the superiority of

advanced configurations (Karimi et a., 2011=10).

Recently, Lin et a. (11) developed two advanced configurations incorporating thermal
integration based on excess regeneration heat and rich solvent split flow, and studied the
improvement brought by these modifications for 8 m piperazine (PZ) and 9 m MEA
(equivalent of 40 wt. % MEA), and showed that the proposed configurations provide 10 %

less equivalent work for 8 m PZ and 6 % for 9 m MEA when compared to a simple stripper
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for arbitrarily-chosen rich and lean loadings, i.e. arbitrary CO, removal rates, and arbitrary
cold-rich bypass rate. The advanced flash stripper proposed by Lin was successfully tested

with5mPZina0.1 MW pilot plant (12).

The present study aims to evaluate energy improvements offered by the two advanced
configurations proposed earlier by Lin et al. (11) for natural gas fired applications when
using an agueous solution of 30 wt. % MEA as solvent for arange of lean loading from 0.15
to 0.38. This study is more comprehensive and advanced compared to the realiser study
conducted by Lin et a. for two reasons. First, the degree of regeneration, i.e., the difference
between the solvent rich and lean loading across the stripper column for a given lean
loading, represents a redlistic value corresponding to 90 % CO; capture, which is obtained by
simulating the absorber column simultaneoudly, and second, for each lean loading the cold-
and warm-rich bypass rates were optimised as a proportion to the total rich solvent flow rate.
The description of these two advanced configurations and the methodology used to simulate
and quantify their benefits in terms of regeneration energy requirements are described in the

following sections.

8.2. Advanced Stripper Configurations

The base case of this study uses a simple stripper as shown in Figure 8-1. The rich solvent
enters the stripper at the top after being pre-heated in the lean/rich cross heat exchanger by
the hot lean solvent leaving the stripper column at the bottom. The heat exchanger was
modelled with rich side flashing and 5 °C LMTD. In the stripper column, the energy required
for the solvent regeneration is provided by the reboiler. The regenerated lean solvent returns
to the absorber column through the lean/rich cross heat exchanger. The product vapour
leaves the column from the top and after being cooled to 40 °C in the overhead condenser is
fed to a multi-stage compressor train. The product vapour cooling at the overhead condenser

is associated with aloss of latent heat of its excess water vapour.
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Multi-stage Condenser

compressor 40°C
Treated Gas 150 bar
l\l 1.7 bar
100°C
water
Cooler
o e 104°C
}‘ Stripper

Flue Gas A Lean/rich cross
40°C exchanger
4% €0, | LMTD=5K

Rich solvent Lean solvent

a44°C 116°C Reboiler

Ldg=0.477 (mol/mol) Ldg=0.25 (mol/mol) 121°C
Approach=5K

Figure 8-1. The CO, capture process with simple stripper for the solvent lean loading of 0.25.

8.2.1. Advanced Reboiled Stripper

Figure 8-2 shows the advanced reboiled stripper with cold rich bypass and warm rich bypass.
This configuration is an advanced version of a simple stripper that includes a heat recovery
of the latent heat available in the product vapour by the cold rich solvent. In this
configuration, the cold rich solvent splits into two streams downstream of the absorber
column. One split bypasses the lean/rich cross heat exchanger and enters the cold rich bypass
heat exchanger, to partially recover the latent heat available in the product vapour exiting the

system. The product vapour usually contains more than 50 % water vapour.

The second stream enters the lean/rich cross heat exchanger and recovers the heat available
in the lean solvent leaving the stripper column. Subsequently, a portion of this stream splits
further into two streams, and one stream is drawn from the cross heat exchanger at its bubble
point (bp) and mixed with the preheated, bypassed rich solvent before entering the stripper
column at the top. The remainder of the warm rich solvent heats further up in the cross heat

exchanger before entering the stripper column in the middle. The temperature of this stream
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is usually higher than the bubble point. Using this arrangement is expected to be more
efficient than the conventional practice since it avoids inevitable flashing of the rich solvent
a the top of the stripper column due to recovering al the heat available in the hot lean
solvent at once at the lean/rich cross exchanger. Using the additional heat exchanger will
therefore balance the heat transfer more efficiently and reversibly by making smaller heat
transfer driving force between the rich solvent and the product vapour at the top of the

column.

Multi-stage Condenser Rich bypass
compressor 40°C exchanger
77°C LMTD=20K
o, _ I'/—] m / \
150 bar N ( -
water 1.7 bar
Warm rich bypass 95°C
Cold rich bypass 50%
20% Tpp=98°C ¥ 3C:
Rich solvent
44°C
Ldg=0.477 (mol/mol) | _ \ 113°C - Stripper
Lean solvent to b
absorber column Lean/rich cross
exchanger
Average LMTD=5K

Lean solvent
116°C Reboiler

™\ Ldg=0.25 (mol/mol) 121°¢
Approach =5K

Figure 8-2. The advanced reboiled stripper for the lean solvent loading of 0.25.

8.2.2. Advanced Flash Stripper

Figure 8-3 shows the flowsheet of the advanced flash stripper. This configuration is similar
to that of the advanced reboiled stripper, except the reboiler is replaced by a convective
steam heater and a flash in the sump of the stripper. In this configuration, one split of therich
solvent downstream of the absorber column bypasses the lean/rich cross heat exchanger and

preheats by the hot product vapour exiting the stripper column at the top. The rest of the rich
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solvent preheats in the cross heat exchanger, where a portion of it, at its bubble point, is

drawn to mix with the preheated cold rich bypass, prior to entering the stripper at the top.

The rest of the boiling rich solvent is further heated in the cross heat exchanger before

entering the steam heater. The hot flashing rich solvent is then fed into a flash vessel from

the bottom where the flashed vapour counter-currently contacts the rich solvent. Since the

convective steam heater has less solvent hold-up and residence time at elevated temperature,

compared to areboiler, it will minimise the solvent thermal degradation (11,14).

With respect to process specifications described earlier, the proportion of the cold rich and

warm rich solvent flow rates at various lean loadings is subject to optimisation to quantify

the highest energy savings offered by each advan

ced configuration.

Multi-stage Condenser Rich bypass
compressor 40°C exchanger
o LMTD=20K
co; _ ‘,’——I @ 87°C _, .
150
ar b ( o
water 1.7 bar
Warm rich bypass 97°C
Cold rich bypass 60%
10% T,,=98°C ¥ 96°C
Rich solvent Steam Heater
44°C LMTD=5K

Ldg=0.477 (mal/mael) 7 : 111°c (i jJ Stripper
\

“Lean solvent to

absorber column Lean/rich cross

exchanger
Average LMTD=5K

Lean solvent
116°C

§ E Ldg=0.25 (mol/mol)

Figure 8-3. The advanced flash stripper for the lean solvent |oading of 0.25
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8.3. Process Specifications & Evaluations

8.3.1. Process Specifications

The standard CO, absorption/desorption process which was modelled and described in
Section 6 for a 650 MW natural gas fired combined cycle power plant was used as the
reference case to evaluate and quantify energy savings the advanced stripper configurations
will offer for natural gas fired applications with 90 % CO, removal rate. The analysis started
with simulating the CO. capture process for a range of lean loading from 0.15 to 0.38
with a fixed flue gas flow rate and compositions, as presented in Table 6-1, as a
baseline for comparison against the advanced configurations.

Packed columns were al defined with Sulzer Méellapak 250Y structured packing. The
column diameters were specified to give a 75 % approach to flooding. The height of packing
was specified as 20 m for both the stripper and absorber, resulting in a pinch for al cases.
This excess packing height should provide an accurate estimate of the relative energy use,
but will underestimate the actual energy requirement. The stripper pressure was constant at
180 kPa (1.8 bar) for all configurations while lean loading and bottom temperature varied.
Table 8-1 summarises the liquid to gas (L/G) ratio and the associated rich loading at the
absorber discharge for arange of lean loading while maintain the CO2 removal rate at 90 %

when the absorber column is fed with the flue gas described above.

Table 8-1. Predicted absorber and stripper performance (90 % CO, removal, with 20 m Sulzer
Mellapak 250Y structured packing, solvent and flue gas fed to the absorber at 40 °C, 1.8 bar stripper

pressure)
Lean loading L/G ratio Rich loading L ean solvent temperature
(mol CO2/mol (ka/kg) (mol CO2/mol MEA) at stripper discharge (°C)
MEA)

0.15 0.80 0.475 1185

0.18 0.89 0.476 118

0.20 0.96 0.476 1175

0.21 1.00 0.476 117

0.25 1.18 0.477 116

0.30 1.53 0.477 114
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0.32 1.79
0.36 3.87
0.38 4.14

0471 113
0431 110
0.446 109

the various flow sheets are summarised in Table 8-2.

Table 8-2. Process design specifications used in process simulations

For all cases, the overdl log mean temperature difference (LMTD) of the lean/rich cross heat
exchanger, was specified as 5 °C. The LMTD of the rich solvent bypass heat exchanger was
set at 20°C. A 5 °C hot side approach was specified on the steam reboiler, and a5 °C LMTD

was specified for the convective steam heater. The process specifications used to smulate

Design specifications Advanced Reboiled Advanced Flash
Stripper Stripper

Process simulation tool Aspen Plus V8.4

Thermodynamic model e-NRTL-RK

Packing type Sulzer Méllapak 250Y

Absorber column packed height (m) 20

Stripper column packed height (m) 20

Lean/rich cross heat exchanger LMTD (°C) 5

Cold rich bypass heat exchanger LMTD (°C) 20

Reboiler approach temperature (°C) 5 -

Steam heater LMTD (°C) - 5

Stripper pressure (bar) 1.8

8.3.2. Process Evaluation

Assumptions made for each equation are as described in Chapter 5, Section 5.3.1.

As in Chapter 5, the total equivalent work concept was used to evaluate and compare the
energy requirement of the CO; capture process when using advanced stripper configurations

at various lean loading. Egs. 5-1 to 5-3 were used to determine the total equivalent work.
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8.4. Comparison of Stripper Configurations & Discussions

8.4.1. Total Equivalent Work

Tota equivalent work is an appropriate indicator to evaluate and compare the advanced
configurations against each other and the base case. The calculated overall equivaent work
was normalised by the moles of CO, removed. For a given lean loading, the optimum
equivalent work was quantified by varying the cold and warm rich bypass flow rates. The
optimum flow rates are given as their fraction of the total rich solvent flow for a given lean
loading. Also, for each advanced configuration, there was an optimum lean loading at which
the reduction in the total equivalent work is highest when compared to their respective base
case. The total equivalent work of the simple stripper for the range of lean loading from 0.15
to 0.38 is summarised in Table 8-3. These values are the baseline values against which the
advanced configurations are compared. For advanced flash and advanced reboiled
configurations, the results of optimum cases with their cold and warm rich bypass flow
fractions are summarised in Table 8-4 and 8-5, respectively. For each lean loading, the
reported optimum cold rich and warm rich bypass fractions are the relative proportion of

their flow ratesto the total rich solvent flow rate in percentage.

Table 8-3. Performance of the simple stripper for 90 % capture for various lean loading

Lean Loading Regeneration W heat W comp Weq
(mol CO2/mol specific heat duty (k¥mol COz)  (kJmol CO;)  (kI¥mol COy)
MEA) (kJ/'mol COy)

0.15 183.8 34.8 13.0 48.2
0.18 169.6 32 13.0 45.4
0.20 166.6 31.2 13.0 44.7
021 166 31 13.0 44.6
0.25 164.4 30.4 13.0 441
0.30 164 29.7 13.0 43.6
0.32 167.2 30 13.0 44.0
0.36 205.3 35.8 13.0 51.1

0.38 197.3 33.8 13.0 49.3
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Table 8-4. Optimum results for the advanced flash stripper for 90 % capture rate for various lean

loading
Lean Loading Coldrich  Warmrich  Specific heat Wheat Weomp Weq
(mol COz/mol  bypass (%)  bypass (%) duty (kJ/mol (kJ/mol (kJ/mol
MEA) (kJmol COy) CO,) COy)
COy)
0.18 10 75 160.1 34.4 13.0 47.9
0.20 20 60 151.9 29.2 13.0 42.7
0.21 30 50 1434 274 13.0 40.9
0.25 10 60 138.0 255 13.0 39.2
0.30 15 35 136.1 24.3 13.0 38.2
0.32 10 35 140.9 24.9 13.0 39.0
0.36 10 15 182.0 313 13.0 46.6
0.38 10 10 178.1 30.1 13.0 45.6

Table 8-5. Optimum results for the advanced reboiled stripper for 90 % capture for various lean

loading
Lean Loading Coldrich  Warmrich  Specific heat Wheat Weomp Weq
(mol COz/mol bypass  bypass (%) duty (kJ/mol (kJ/mol (kJ/mol
MEA) (%) (kJmol COy) COy) CO») COy)
0.15 35 50 170.6 323 13.0 457
0.18 30 55 148.3 27.9 13.0 41.4
0.20 30 50 1433 26.9 13.0 40.4
0.21 30 50 140.3 26.2 13.0 39.8
0.25 20 50 136.6 253 13.0 39.0
0.30 20 35 139.7 253 13.0 39.2
0.32 20 30 147.7 26.5 13.0 40.5
0.36 15 10 190.0 331 13.0 485
0.38 13 12 1855 318 13.0 47.3

As shown in Table 8-4, the results for the advanced flash stripper at the lean loading of 0.15
could not be obtained because the optimum theoretically occurs when the total bypass
exceeds 85 % of the total rich solvent flow. This means that the total heat required for the
solvent regeneration should be provided by the remaining rich solvent flow (i.e. less than 15
% of thetotal rich solvent flow), resulting in a significant rise in the rich solvent temperature
after the convective steam heater (i.e. more than 180 °C). This temperature is excessive and
would result in thermal degradation of the amine. In principle, for the convective steam
heater, the highest acceptable operating temperature with respect to the solvent thermal

degradation is 135-140 °C, while, for the reboiler application this limit is 120-125°C. The
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calculated results show that the lean loading of 0.18 is the limit for the advanced flash
stripper, as at this loading the rich solvent temperature after the steam heater is 138° C.
Although at this loading the regeneration specific heat duty of the advanced flash stripper is
smaller than that of the simple stripper, however, from the total equivalent work point of
view, at this loading the advanced flash stripper offers no energy savings. In fact, the total
equivalent work of the advanced flash stripper is nearly 6 % higher than that of the simple
stripper. This finding offers another limit than the solvent thermal degradation for the
applicability of the advanced flash stripper. From the total equivalent work viewpoint, the
lowest lean loading at which the advanced flash stripper is capable of providing energy

savings in terms of overall equivalent work is 0.20.

Figure 8-4 and 8-5 present graphicaly the regeneration specific heat duty and the total

equivalent work of the advanced configurations and a comparison to the simple stripper.
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Figure 8-4. Comparison of the regeneration specific heat duty of advanced configurations for arange
of lean loading.

Adding complexity improves the stripper energy requirements. The advanced reboiled
stripper requires 6 to 16.9 % less heat duty than the ssimple stripper, which is 4.1 to 11.7 %

less total equivalent work, where the lean loading associated with the highest and lowest
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improvements is 0.25 and 0.38, respectively. Likewise, for the advanced flash stripper, the
improvement in specific heat duty varies from 8.8 to 17 %, and in total equivalent work

variesfrom 4.4 to 12.4 % at the lean loading of 0.30 and 0.20, respectively.
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Figure 8-5. Comparison of the total equivalent work (Weq) of advanced configurations for arange of
lean loading, CO, compression to 150 bar

At low lean loading, i.e. below 0.25, the performance of the advanced reboiled stripper is
better than the advanced flash stripper. However, at higher lean loading, the trend reverses
and the advanced flash stripper provides greater improvement, to the point that at the lean
loading of 0.38, the improvement provided by the advanced flash stripper is aimost double

that of the advanced reboiled stripper.

One reason for this change might be correlated with the steam temperature. For the advanced
reboiled stripper, the temperature of steam is identical to that of the simple stripper as both
configurations employ the reboiler to provide the heat required for solvent regeneration with
a5 °C steam side approach temperature. However in the advanced flash stripper, the reboiler
is replaced by a convective steam heater, by which the heat required for regeneration is
provided by steam using a 5 °C LMTD. This difference resulted in different steam
temperature used at each configuration. Figure 8-6 shows the temperature of steam used in

the advanced reboiled and advanced flash strippers at optimum cases, and the relation to the
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solvent temperature at the bottom of stripper column. As shown, at the lean loading of 0.25,
the temperature of steam used at both advanced configurations is similar. At loading below
0.25, the steam temperature used at the advanced flash stripper is higher than that of the

advanced reboiled stripper, whereas this trend reverses for lean loading higher than 0.25.
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Figure 8-6. Comparison of steam and solvent temperatures for advanced configurations

8.4.2. Temperature Pinch

The stripper operation is frequently determined by a rich end pinch because of larger liquid
to gasratio at the top of the column relative to that at the bottom. In a simple stripper, when
the pinch occurs at the rich end, the driving force at the lean end is excessively large with a
loss of available work®. This condition is more pronounced at higher lean loading. In general,
the stripping process is more reversible at lower lean loading since driving forces are to be
relatively smaller at the lean end. Advanced reboiled and advanced flash stripper
configurations were suggested to develop an equally distributed driving force through the

column to reduce the energy required for regeneration and thus the total equivalent work.

To study the effectiveness of the advanced configurations on the stripper driving force,
liquid and vapour temperature gradients through the stripper column at various lean loading

were analysed and compared. The stripper column is comprised of 20 identical stages,
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followed by a reboiler in the simple stripper and advanced reboiled stripper, or by a flash
drum in the advanced flash stripper, as the stage 21. The temperature driving force is
calculated by the difference between the temperature of the liquid stream leaving a stage
(stage “n") and the temperature of the vapour stream entering that stage, i.e. the temperature

of the vapour stream leaving one stage below that stage (stage “n+1").

Figures 8-7 to 8-9 show the temperature driving at each stage of the stripper packed column
for simple, advanced reboiled and advanced flash stripper configurations at lean loading of
0.21, 0.25, and 0.30, respectively. For the simple stripper, the temperature driving force is
more consistent at lean loading of 0.21 than that of 0.30. This confirms the stripping process
in the simple stripper configuration is more reversible at low lean loading compared to
higher lean loading. In this configuration, the pinch was observed at the rich end at various
lean loading. Aslean loading increases the area of pinch expands through the column height
followed by extensively increasing temperature driving force at the lean end. For instance,
the magnitude of the temperature driving force at stage 20 for lean loading of 0.30 is nearly
three times higher than that of 0.21 causing excess energy requirement for solvent

regeneration.

For the advanced reboiled stripper, regardless of lean loading, the column is pinched at the
middlie of the column where the second rich solvent feed enters. From this point, as the
solvent flows downward the temperature driving force increases. Although in the advanced
reboiled stripper, the magnitude of the temperature driving force at the lean end is similar to
that of the simple stripper, the difference between the temperature driving force of the top
and the bottom of the column is lesser than that of the smple stripper. The effect of the
advanced reboiled stripper in terms of column driving force is shifting the pinch from the top

of the column to the middle of the column.

As shown in Figures 8-7 to 8-9, the advanced flash stripper has the smallest temperature
driving force at lean ends among the three configurations. This configuration shows a

tendency to be also pinched at lean ends which is more evident at higher lean loading. For
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instance, at 0.30 lean loading, the temperature driving force at the lean end is 0.6 °C,
compared to 4.5 °C and 4.1 °C of the simple stripper and advanced reboiled stripper,
respectively. Results suggest the effect of the advanced flash stripper on the column driving
force is to form a pinch at the lean end, which contributes to improve the thermodynamic
efficiency and lower the energy requirement for solvent regeneration. This finding is aligned
with what was shown earlier that at 0.30 lean loading, the advanced flash stripper provides

the highest improvement in terms of total equivalent work.
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Figure 8-7. Temperature driving force at each stage for simple, advanced reboiled and advanced flash
stripper at lean loading of 0.21 , (stripper packed column = 20 stages, stage 1 at the top of the column,
stage 20 at the bottom of the column, AT= liquid temperature leaving stage (n) —vapour temperature
leaving stage (n+1))
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Figure 8-8. Temperature driving force at each stage for ssimple, advanced reboiled and advanced flash
stripper at lean loading of 0.25, (stripper packed column = 20 stages, stage 1 at the top of the column,
stage 20 at the bottom of the column, AT= liquid temperature leaving stage (n) —vapour temperature
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Figure 8-9. Liquid and vapour temperature driving forces at each stage for ssmple, advanced reboiled
and advanced flash stripper at lean loading of 0.30, (stripper packed column = 20 stages, stage 1 at the
top of the column, stage 20 at the bottom of the column, AT= liquid temperature leaving stage (n) —

vapour temperature leaving stage (n+1))

8.4.3. Heat Recovery at Rich Bypass Heat Exchanger

In a simple stripper, the product vapour typically leaves the column containing 40-60 %

water vapour (mole basis). This stream is cooled in a where the latent heat of the water
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vapour is lost. In the advanced reboiled and flash stripper configurations, the latent heat of
the water vapour is partially recovered by the cold rich bypass stream at the rich bypass heat
exchanger contributing to improve the energy efficiency of the system. In fact, the rich
bypass heat exchanger acts as a part of the overhead condenser where the cooling water is
replaced by the cold rich bypass stream recovering the heat dissipated from the product
vapour which would be otherwise wasted. Figure 8-10 shows the water vapour in the product
vapour before and after the rich bypass heat exchanger of optimum cases of advanced
reboiled and advanced flash strippers for a range of lean loading from 0.20 to 0.32. For
comparison, the water vapour in the product vapour of the simple stripper before entering the

overhead condenser is aso shown.

— Simple stripper - Before condenser

75.0 —— Reboiled stripper - Before CR-HEX
— - = Reboiled stripper - After CR-HEX

67.54 — Flash stripper - Before CR-HEX
£ 60,0 — - = Flash stripper - After CR-HEX
c . 60.04
S B ,

1 \

€ 3 450- —
° &
3 5 375
T3 \ —
5 S 300 ~ I - e
ks Te— e ~-< -
= 25 .~ —.—" e S

15.0

0.20 0.22 0.24 0.26 0.28 0.30 032

Lean loadina (mol CO../ mol MEA)

Figure 8-10. Water vapour concentration in the product vapour before and after cold rich heat
exchanger (CR-HEX) of the optimum cases for simple, advanced reboiled and advanced flash
strippers

The heat required for stripping is approximately the summation of three terms: the heat
required to desorb the CO, the heat required to generate the water vapour at the top of the
column, and the sensible heat required to increase the solvent temperature to the column

temperature. According to Figure 8-10, in advanced configurations the water vapour content
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in the product vapour is 9 to 18 % smaller than that of the simple stripper. This shows one of
the positive contributions of advanced configurations on lowering the total heat requirement.
In addition, the study showed the advanced stripper configurations contribute in lowering the
plant total cooling water requirements. Table 8-6 summarises the reduction in the cooling
water requirements (cooling water for the overhead condenser and the trim cooler) when
using advanced reboiled and advanced flash srippers in relation to the simple stripper

configuration.

The highest latent heat recovery in terms of the difference between the water vapour content
before and after the rich bypass heat exchanger was observed at lean loading 0.25 for the
advanced reboiled stripper and at 0.30 for the advanced flash stripper. These are the lean
loading at which the corresponding advanced configurations offer the highest energy
improvements in terms of total equivalent work. Furthermore, at lean loading 0.30 that the
advanced flash stripper offers the highest energy savings, the water vapour content in the

product vapour leaving the stripper column is the minimum amongst all optimum cases.

Table 8-6. Reduction in cooling water consumption in percentage when using advanced strippersin
relation to the simple stripper configuration

Lean loading Advanced reboiled Advanced flash
(mol CO2/mol MEA) stripper stripper
0.18 19.2 3.8
0.20 231 15.4
0.21 304 26.8
0.25 174 174
0.30 20.0 20.0
0.32 16.7 233
0.36 1.6 4.8
0.38 3.2 6.3

The incremental capital cost to implement the advanced configurations should be small, so
the energy saving should more than justify use of one of the advanced configurations. The
reboiler or steam heater will cost less because it will have a reduced heat duty. The

condenser is mostly replaced by the cold rich exchanger, which will have significantly less
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heat duty than the condenser with the ssimple stripper. The cross exchanger will require two
heat exchangers, but the total area will be about the same. The trim cooler will be larger.
Additional piping and instrumentation will be required for the bypasses. Frailie (15) showed
the purchase equipment cost of the advanced flash stripper with Piperazine (PZ) is smaller
than the conventional stripper working with PZ and thisis amost entirely due to the decrease
in capital expenditure from using steam heater rather than reboiler.

The steam required for the advanced reboiled and advanced flash strippers will be extracted
from the IP/LP cross over pipe at conditions similar to that of the simple stripper
configuration, as both advanced configurations require steam at temperatures of 115-135 °C
(with saturated pressures of 170-312 kPa) compared to 115-125 °C (with saturated pressure

of 170-232 kPa) of the simple stripper configuration.

8.5. Conclusions & Remarks

The advanced reboiled and advanced flash stripper were evaluated with 7 m MEA to remove
90 % mole CO- from flue gases with 4 % CO,, typical of anatural gas fired application, for a
range of lean loading from 0.15 to 0.38. The energy efficiency improvement offered by the
advanced configurations was evaluated and compared with that of a smple stripper

configuration using the total equivalent work.

Simulation results confirmed both advanced configurations work equally well over the
specified range of lean loading, except the advanced flash stripper fails to operate at lean
loading below 0.18, as the solvent temperature at the steam heater outlet exceeds the solvent
thermal degradation limit.

With lean loading from 0.21 to 0.32, the advanced reboiled stripper and flash stripper require
an equivalent work of only 38 to 41 kJ/mol of CO;, recovered, compared to 44-45 kJ/mol
with the simple stripper. The regeneration heat duty was reduced 11 to 18 % to 136-148
kJ/mol of CO recovered compared to 166-167 kJ/mol with the simple stripper. At lean

loading of 0.30, the advanced flash stripper offers the highest reduction in the tota
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equivalent work of 12.4 %, and the highest reduction offered by the advanced reboiled
stripper is 11.7 % at the lean loading of 0.25.

Simulations showed that the advanced flash stripper requires more equivalent work than the
advanced reboiled stripper at lean loading less than 0.26 and more than the simple stripper at
alean loading less than 0.20, mainly due to the higher steam temperature required at those
lean loading.

The variation of temperature driving force through the column showed that the advanced
flash stripper tends to pinch at the lean end, opposed to the simple stripper which usually
pinches at the rich end, contributing to enhance the thermodynamic efficiency of the
stripping process and reducing the loss of work.

In both advanced reboiled and advanced flash stripper configurations, one contributor to
improve the energy efficiency isless water vapour at the top of the column. In addition, both
configurations contribute in lowering the plant cooling water requirement when compared

with the plant with asimple stripper configuration.
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Chapter 9

Techno-Economic Analysis of Large Scale Post Combustion CO:>

Capture Systemsfor Various Flue Gas CO2 Concentrations

This chapter evaluates the total cost of CO, capture as a function of flue gas CO:
concentration. To do so, three different CO, capture processes were designed and their
economics were evaluated to capture 90% CO, emitted from three different power plants
with three levels of flue gas CO, concentrations. The three power plants are: a 650 MW,
natural gas fired combined cycle power plant with a flue gas concentration of 4 %, a 650
MW, natural gas fired combined cycle power plant with exhaust gas recirculation (EGR)
cycle with a flue gas CO, concentration of 6 %, and a 550 MW. pulverised coal power plant
with a flue gas CO, concentration of 13.5 %. For each plant, the specific regeneration and
cooling duties and total capital expenditure (CAPEX) and operational expenditures (OPEX)
were calculated. Accordingly, the total annual cost of each plant (TOTEX) was determined
using the respective CAPEX and OPEX with taking into account an investment period of 20
years and an interest rate of 10 %. Finally, for each case the cost of CO; captured was

estimated and compared.

9.1. Introduction

As mentioned earlier, post-combustion CO. capture (PCC) is the most near term solution to
let the world continue to enjoy the benefits of using fossil fuels for electricity generation
while significantly reducing the emissions associated with them. The condition of CO;
sources will affect the cost of CO; capture (1). According to the IPCC special report (2), CO-
volume, CO, concentration and partial pressure, integrated system aspects, and proximity to
a suitable reservoir are the four important factors affecting the attractiveness of a particular

CO; source to be integrated with a CO, capture process. As for various power generation
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systems the flue gas CO. concentration varies with the fuel type and the design aspects of the
plant, understanding the relative importance of this factor on the CO, capture cost is not only
worthwhile when assessing the feasibility of incorporating a CO- capture plant to an existing
plant but also it is beneficia to provide insight for future engineering and design of power
generation plants. In future, it is expected to have three different types of fossil fuelled power
plants, i.e. coa fired power plant, natura gas fired combined cycle power plant, and natural
gas fired combined cycle power plant with exhaust gas recirculation cycle. The CO,
concentration of atmospheric flue gases emitted from these plants ranges from 3 to 14 %,
where the highest is related to coal fired plants and the lowest is related to the natural gas
fired power plant. On the other hand, the flue gas CO, concentration is an important
parameter when designing a chemical based absorption/desorption CO, capture plant. The
size of the absorber column and the amount of circulating solvent are directly affected by the

flue gas CO. concentration.

In this chapter the focus is on the CO; capture process using agueous solution of 30 wt. %
MEA as solvent which as mentioned before is relatively mature and suitable technology for
atmospheric flue gases over the range of CO, concentrations mentioned above. In order to
gain more insight to the CO, capture process with varying CO. concentrations, three
different CO. capture processes were designed and simulated to capture 90% CO- of flue

gases emitting from the following power generation plants:
- 650 MW, natural gas fired combined cycle (NGCC) power plant (PCC-NGCC)

- 650 MW NGCC power plant using exhaust gas recirculation (EGR) cycle (PCC-

NGCC+EGR)
- 550 MW, subcritical pulverised coa power plant (PCC-COAL)

The simulations were performed in Aspen Plus® V8.4. For each case, the optimum lean
solvent CO. loading was determined based on minimum specific regeneration energy

requirement using minimum solvent flow rate (Lmin). The economics of the CO, capture
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process was optimised by designing the process with 1.2xLmin solvent flow rate to fulfil the
optimisation of liquid to gas ratio in terms of plant economics to avoid using excessive
amount of packing (5). . The tota capita expenditure (CAPEX) and operationa
expenditures (OPEX) were estimated using Aspen Process Economic Analyser® to assess the
economic performance of the CO, capture process from sources with different CO,
concentrations. It should be noted here that this study only focuses on the CO; capture cost.
CO; compression and CO, transport and storage costs were not included. Following sections
provide the process description of each CO. capture process and the related techno-

economical evaluations.

9.2. Process Description & Configuration

9.2.1. PCC-NGCC

The NGCC plant used in this configuration is the nominal 650 MW. NGCC plant presented
in the Chapter 6 of this thesis. The power plant is a multi-shaft combined cycle power plant
comprising of two GE 7FA.05 gas turbines, two triple pressure level and single reheat type
heat recovery steam generators (HRSG), and one condensing steam turbine. The net power
plant output without PCC integration is 634 MW, with a net thermal efficiency 57.8 % (LHV
basis) when firing natural gas with compositions presented in Table 6-1 of Chapter 6 (3).
The net power plant output with PCC integration is 552.8 MWe with a net plant efficiency of
50.1 % (LHV basis) when firing the same fuel. The heat required for the solvent regeneration
of the CO. capture process was provided from the power plant water/steam cycle in form of
steam extracted from the intermediate pressure (IP) and low pressure (LP) steam turbine
crossover pipe. The methodology used to design the large-scale CO, capture process to
remove 90% CO. from the power plant flue gases is as presented in Chapter 6. The NGCC
flue gas compositions are provided in Table 9-1, and Figure 9-1 presents the schematic
overview of the PCC-NGCC plant. The suggested PCC configuration comprises of two

absorber columns and one stripper column. The optimum lean loading of 0.25 (mol CO2/mol
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MEA) was determined based on minimum specific regeneration energy requirement. The
design specification of the large scale CO, capture process of the integrated PCC-NGCC
plant is provided in Table 9-2, and Figure 9-2 presents the variation of specific regeneration

energy requirement with lean loading for the CO. capture process of the PCC-NGCC plant.

Table 9-1. NGCC flue gas composition used for the PCC design

Components Molefraction (%)
CO2 391
H-O 8.43
N2 74.39
O, 12.37

Treated Gas (1)

/_LT“IB cooler (1)

Cross -)4—
Exchanger (1) § Product Vapour
Flue Gas (1), (CO,+ H-0)
T
Absorber (1)
Rich solvent "] -
Incoming Flue
Gas from NGCC
Power plant Treated Gas (2) Stripper
Trim cooler (2) —
Reboiler
Cross -}d—“
Flue Gas (2) Exchanger (2) A
P y " -€3 5 s 1
AbserberiC2) iRi(‘h solvent WM

Figure 9-1. Schematic overview of the PCC unit for the use in the NGCC power plant
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Figure 9-2. Variation of the total equivalent work with lean solvent CO2 loading for the PCC-NGCC

integrated plant

Table 9-2. Process condition and design specifications of the PCC unit for NGCC application

Parameter Value
Number of Absorber columns 2
Packing material Sulzer Mellapak 250Y
Absorber column diameter (m) 15.6
Absorber column height (m) 11
Flue Gas at each absorber inlet

Mass flow rate (tonne/h) 1866.8
Temperature (°C) 40
Pressure (kPa) 113.7
Solvent at each absorber inlet

Mass flow rate (tonne/h) 2573.0
Temperature (°C) 40
Lean CO; loading (mol CO2/mol MEA) 0.25
Liquid-to-gasratio (L/G) (kg/kg) 1.38
Absorber column pressure (top stage) (kPa) 101.6
Number of Stripper columns 1
Packing material Sulzer Mellapak 250Y
Stripper column diameter (m) 9.2
Stripper column height (m) 8
Stripper column pressure (top stage) (kPa) 180
Stripper condenser temperature (°C) 35
Cross exchanger approach temperature (°C) 5
Reboiler energy requirement (MW) 239.1
Captured CO, mass flow rate (tonne/h) 207.198
Specific energy reguirement (GJ/tonne CO,) 415
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9.2.2. PCC-NGCC+EGR

The NGCC+EGR power plant used in this concept also uses the same GE 7FA.05 gas
turbines as that of the NGCC plant with the addition of an EGR cycle. In the NGCC plant
with EGR, a portion of the gas turbine exhaust stream is recirculated back to the air inlet and
the remainder enters to the CO. capture system after passing through the HRSG units. The
gas turbine performance and the flue gas compositions were impacted due to the addition of
the EGR cycle (3). In this study, the EGR rate of 35 % was considered (3), i.e. 35 % of the
gas turbine exhaust gas was recycled back to the compression inlet. By applying the EGR
cycle, the CO, composition in the flue gas increases from 3.9 % without EGR to 6.1 %,
concurrently, the O, composition decreases from 8.3 % without EGR to 7.4 %. In addition,
the flue gas flow rate fed to the CO, capture process was reduced by 35 % compared to that
of the PCC-NGCC plant. The reduced flow rate of the flue gas and the higher concentration
of the CO; in the flue gas reduce the energy requirement of the CO, capture process (3). The
application of EGR aso improves the net power output and plant thermal efficiency
compared to the integrated plant without EGR (the previous case). For the PCC-
NGCC+EGR, the net power plant output is 563.2 MW, with a net thermal efficiency of 50.6
% when firing natural gas with compositions presented in Table 6-1 of Chapter 6 (3). By
comparing the performance results with those of the NGCC-PCC plant, it is evident that the
addition of EGR increases the thermal efficiency by 0.6 percentage points with an additional
10.4 MW, power output. This is mainly due to the reduction in the steam requirements for
the solvent regeneration, and partly the reduction in the flue gas flow rate entering the CO-
capture process, i.e. 35 %. The flue gas composition of the NGCC+EGR plant fed to the CO,
capture system is provided in Table 9-3. The heat required for the solvent regeneration

process was provided by the power plant water/steam cycle similar to the previous case.

Figure 9-3 presents the schematic overview of the PCC-NGCC+EGR plant. The proposed
configuration comprises of one absorber and one stripper column as shown in Figure 9-3.

The optimum lean loading of 0.25 was determined based on minimum specific regeneration
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energy requirement as presented in Figure 9-4. The design specifications of the CO, capture

process for the PCC-NGCC+EGR integration are summarized in Table 9-4.

Table 9-3.

NGCC+EGR flue gas composition used for the PCC design

Components Molefraction (%)

CO; 6.07

H20 9.78

N2 74.96

O, 8.29

- Product Vapour
I'reated Gas

(CO,+ H,0)

Trim cooler

1

Q)

Y

e i

Incoming Flue Gas from Exchanger Stripper
NGCC+EGR Power plant
— ——
Absorber "
Reboiler
Rich solvent

=ty e

Figure 9-3. Schematic overview of the PCC unit for the use in the NGCC+EGR power plant
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Figure 9-4. Variation of the total equivalent work with lean solvent CO- loading for the PCC-

NGCC+EGR integrated plant
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Table 9-4. Process condition and design specifications of the PCC unit for NGCC+EGR application

Parameter Value
Number of Absorber columns 1
Packing material Sulzer Méllapak 250Y
Absorber column diameter (m) 18.7
Absorber column height (m) 10
Flue Gas at absorber inlet

Mass flow rate (tonne/hr) 2404.0

Temperature (°C) 40

Pressure (kPa) 113.7
Solvent at absorber inlet

Mass flow rate (tonne/hr) 5016.5

Temperature (°C) 40

Lean CO; loading (mol CO2/mol MEA) 0.25
Liquid-to-gasratio (L/G) (kg/kg) 21
Absorber column pressure (top stage) (kPa) 101.6
Number of Stripper columns 1
Packing material Sulzer Mellapak 250Y
Stripper column diameter (m) 9.1
Stripper column height (m) 9
Stripper column pressure (top stage) (kPa) 180
Stripper condenser temperature (°C) 35
Cross exchanger approach temperature (°C) 5
Reboiler energy requirement (MW) 235748
Captured CO;, mass flow rate (tonne/hr) 208.9
Specific energy reguirement (GJ/tonne CO,) 4.06

9.2.3. PCC-COAL

The coal power plant studied in this section is a subcritical pulverised coal power plant
which uses lllinois No. 6 coal as fud as presented as the Case#10 in the 2010 report of the
US Department of Energy (4). The power plant produces a net power output of 550 MW. at
a net plant efficiency of 36.8% (HHV basis) without PCC integration. The net plant
efficiency after the PCC integration is 26.2 % (HHV basis) to generate a net power of 500
MW, when firing the same fuel. The rankine cycle is a single reheat subcritical steam
generation cycle with 566 °C / 566 °C cycle conditions at 16.5 MPa. The flue gas
compositions are provided in Table 9-5. The heat required for the solvent regeneration of the
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CO; capture process was provided in the form of heat from the power plant water/steam

cycle.

Figure 9-5 presents the schematic overview of the PCC-COAL plant. The smulated CO;
capture process comprises of two absorber and one stripper columns. The optimum lean
loading of 0.25 was determined based on the minimum specific regeneration energy
requirement as presented in Figure 9-6. The design specifications of the CO- capture process

for the PCC-COAL integrated plant were provided in Table 9-6.

Table 9-5. COAL flue gas composition used for the PCC design

Components Molefraction (%)
CO, 13.50
H20 15.37
N2 67.93
O, 2.38

Treated Gas (1)

/_LT“IB cooler (1)

Cross )4—

Exchanger (1) J

Product Vapour
Flue Gas (1), (CO, + H,0)

e
Absorber (1)

Rich solvent '-] -
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from COAL Power
plant Treated Gas (2) Stripper
Trim cooler (2) —
i =
K-
Reboiler
Cross -)4—‘
Flue Gas (2 Exchanger (2) 4
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Figure 9-5. Schematic overview of the PCC unit for the use in the COAL power plant
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Figure 9-6. Variation of the total equivalent work with lean solvent CO; loading for the PCC-COAL

integrated plant

Table 9-6. Process condition and design specifications of the PCC unit for the COAL power plant

Parameter Value
Number of Absorber columns 2
Packing material Sulzer Mellapak 250Y
Absorber column diameter (m) 16.4
Absorber column height (m) 9.2
Flue Gas at each absorber inlet

Mass flow rate (tonne/hr) 1608.0

Temperature (°C) 40

Pressure (kPa) 113.7
Solvent at each absorber inlet

Mass flow rate (tonne/hr) 5683.9

Temperature (°C) 40

Lean CO; loading (mol CO./mol MEA) 0.25
Liquid-to-gasratio (L/G) (kg/kg) 353
Absorber column pressure (top stage) (kPa) 101.6
Number of Stripper columns 1
Packing material Sulzer Mellapak 250Y
Stripper column diameter (m) 13.7
Stripper column height (m) 10
Stripper column pressure (top stage) (kPa) 180
Stripper condenser temperature (°C) 35
Cross exchanger approach temperature (°C) 5
Reboiler energy requirement (MW) 542420
Captured CO, mass flow rate (tonne/hr) 494.0
Specific energy requirement (GJ/tonne COy) 3.95
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9.3. Technical and Economical Evaluations
9-3.1. Technical Evaluations

The optimum design of the absorber and stripper columns based on energy performance
analysis with 90 % CO. capture rate for three different flue gases are summarized in Table 9-
2 to 9-4. The process desigh of each CO; capture plant with 90% CO. capture rate is based
on 1.2 times the minimum solvent flow (Lmin) rate to fulfil the optimisation of liquid to gas
ratio in terms of plant economics to avoid using excessive amount of packing (5). For each
case the minimum solvent flow rate was determined as described in Section 7.2 of Chapter 7
of this thesis. For each case, the absorber and stripper columns were sized based on 1.2XL nin
solvent flow rate. Diameters were determined to provide a 75 % fractional approach to
flooding, and heights were optimised to satisfy 90 % CO, removal rate. It is important to
note here as mentioned earlier in chapter 6 of this thesis, the decision on the number of
absorber and stripper column were made in line with what has currently been delivered by
this technology. To date, the maximum diameter for an absorber column under operation is
around 18.5 m (60 ft) as reported by Reddy et a. (6). The diameter of 19 m was therefore
chosen as a criterion in determining the number of absorber and stripper columns to be used

for each case.

Table 9-5 provides the tota auxiliary energy consumption of each CO, capture plant along
with the efficiency penalty associated with each integration based on fuel high heat value
(HHV). The tota auxiliary power consumption is as provided in the 2010 and 2013 reports
published by the Department of Energy (3,4) as these data reflect more realistic values than
those calculated by Aspen Process Economic Analyser®. The specific regeneration and
cooling duties were calculated by dividing the stripper reboiler energy and plant cooling
duties simulated in Aspen Plus® by the total amount of CO, captured, as presented in Figures
9-7 and 9-8, respectively. According to Table 9-7, the PCC-NGCC+EGR case is the least
energy consuming option with the least impact on the power plant thermal efficiency whilst

the PCC-COAL has the most negative impact on the power plant thermal efficiency with the
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highest rate of auxiliary power consumption. On the other hand, as shown in Figure 9-7 the
specific reboiler duty decreases exponentially with increasing the flue gas CO-
concentration. The same trend is observed for the plant specific cooling duty requirement. As
mentioned earlier, one major contributor to the high solvent regeneration energy requirement
isthe loss of latent heat available in the stripping steam leaving the stripper column as a part
of product stream, i.e. mixture of CO, and vapour water. Although the water refluxes back to
the stripper after being condensed at the condenser, its latent energy is lost. The simulation
results showed that the amount of stripping steam leaving the stripper column increases at
lower flue gas CO; concentrations. This also increases the cooling duty requirements at the

stripper condenser as shown in Figure 9-8.

Although the total auxiliary power consumption of the PCC-COAL option is the highest, by
comparing its specific regeneration energy and cooling duty requirements against the two
other cases, as shown in Figures 9-7 and 9-8, it is clear that this option consumes less energy
per unit of CO; captured. By comparing the PCC-NGCC+EGR case with the PCC-NGCC, it
is evident that the NGCC+EGR case is a better option in all aspects of energy study: it
requires lesser auxiliary power consumption and its specific regeneration energy requirement
is lesser than that of the NGCC case. The impact of incorporating a CO; capture plant into a
NGCC+EGR plant in terms of the power plant net efficiency is also lesser than that of the
NGCC case. These findings encourage the application of exhaust gas recirculation for future

NGCC power plantsif stringent CO, reduction strategies are to be pursued.

Table 9-7. Auxiliary power consumptions and efficiency penalties of the three cases

Parameters PCC-NGCC PCC-NGCC+EGR PCC-COAL

Auxiliary energy consumption (MW,) 15.97 13.13 22.4

Power plant efficiency penalty (%-point) 6.6 6.1 10.6
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Figure 9-8. Variation of the plant specific cooling energy requirement with flue gas CO,
concentration

Comparing the absorber packed height of the three cases, it is evident that the absorber
height varies as a function of flue gas CO, concentration. For a given CO. capture rate, at
higher CO; concentrations, as the liquid to gas ratio increases the required height of absorber
to attain the desired 90 % CO. capture rate decreases. Table 9-8 shows the absorber height
comparison. For the cases studied here, the absorber height for the NGCC application is
approximately 10 % and 16 % more than that of the NGCC-EGR and COAL cases,

respectively. This directly influences the plant CAPEX.
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Table 9-8. The packed height of absorber to achieve 90% CO. capture rate using 1.2XL min solvent flow

Parameters PCC-NGCC PCC-NGCC+EGR PCC-COAL

Absorber packed height (m) 11.0 9.95 9.2

The height of stripper column was optimised to provide minimum regeneration energy
requirement. As the lean solvent CO; loading is fixed at 0.25 in al three cases, the stripper
height varies as a function of regeneration capacity which is the difference between the rich

loading and lean loading as shown in Table 9-9.

Table 9-9. Stripper process and design parameters

Parameters PCC-NGCC PCC-NGCC+EGR PCC-COAL
Stripper packed height (m) 8 9 10
Rich loading (mol CO,/mol MEA) 0.414 0.420 0.428
Lean loading (mol CO2/mol MEA) 0.250 0.250 0.250
Degree of regeneration (%) 39.6 40.5 41.6

9.3.2. Economic Evaluations

The capital cost (CAPEX) and the operational cost (OPEX) of each CO. capture plant were
calculated using Aspen Process Economic Analyser ® V.8.4, using the UK costing template
with default values. It is worth to mention the CAPEX and OPEX will be higher for an
actual plant because of the other equipment (including spares) that must be installed based
on a hazard and operability (HAZOP) study (7). Although using default values of the Aspen
Process Economic Analyser® does not accurately reflect the economic evaluation of the
plant, they properly indicate the effect of important design value, i.e. the variation of the flue

gas CO; concentration, on the capital and operational cost of the CO; capture plant.

The operating costs are divided into fixed and variable operating costs. The fixed operating
cost is related to the investment cost and includes plant maintenance, insurance and labour
costs (1). The variable operating costs are a function of the total amount of CO, captured,
and includes consumption of utilities: electricity, steam, water and MEA make up (1). The

steam cost per ton of CO; captured was calculated for each case using the unit rate of steam
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cost estimated by Aspen Process Economic Analyser® and the total amount of CO, captured
by the plant. Smilarly, the cost of total required cooling water is calculated for each case.
Table 9-10 summarises the specific steam and cooling water costs for each plant, assuming
the steam is provided by the power plant at 690 kPa pressure and 165 °C temperature, and

the cooling water at 350 kPa pressure and 35 °C temperature

Table 9-10. Specific steam and cooling water cost for each case

Parameters PCC-NGCC PCC-NGCC+EGR PCC-COAL
Steam cost (£/tonne COy) 3.6 3.52 342
Cooling water cost (E/tonne COy) 1.80 1.96 224

Similar to the trend previously observed for the plant specific regeneration energy
requirement, the steam specific cost reduces as the flue gas CO. concentration increases.
However, the cooling water specific cost shows a reverse trend. Although the specific
stripper cooling duty decreases with increasing the flue gas CO. concentration, the plant total
cooling water duty increases. This is due to the fact that the circulating solvent needs to be
cooled down to 40 °C before entering the absorber column. Simulation results show that
after regeneration, the lean solvent leaves the stripper column at 116 °C and after being
partially cooled at the cross heat exchanger, its temperature reaches 49.4 °C, 53.2 °C, and
59.9 °C in PCC-NGCC, PCC-NGCC+EGR, and PCC-COAL, respectively. Provided the
cross heat exchanger log mean temperature different (LMTD) is 5 °C for al three cases, the
variable solvent temperature after the cross heat exchanger is reasonable. However,
considering the relatively hotter circulating solvent at higher CO. concentration and the
solvent higher flow rate at higher CO, concentration, it is meaningful to expect anincreasein
the plant cooling water requirement with increase in the flue gas CO. concentration. Table 9-

11 summarises the specific cooling duty of each plant.
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Table 9-11. Plant specific cooling duty and specific circulating solvent requirements

Parameters PCC-NGCC PCC-NGCC+EGR PCC-COAL

Total plant specific cooling duty (GJ/tonne

COy) 2.64 2.87 3.28

For each case, the tota annual cost was calculated using the annualisation factor, i.e. AF,

caculated as:

F= +i (9-1)

T a+n

Where, i is the interest rate and n is the total period of financing. For this study, a 10%
interest rate and a financing period of 20 years were assumed. The annualized capital cost,

i.e. AC, can be calculated using the annualisation factor as:

_ CAPEX
T AF

AC

(9-2)

And the total annual cost (TOTEX) of the plant can be cal culated using the equation:

AF = AC + OPEX (9-3)

Table 9-8 summarizes the CAPEX, OPEX, and TOTEX values of each case. The total cost
of CO, captured was calculated using the total annual cost assuming a 320-day operationin a
year for each case and presented in Table 9-12. Figure 9-9 shows the variation of the CO;
capture plant total annua cost with flue gas CO, concentration. From Figure 9-9 it is evident
that capturing CO, from CO. flue gases at atmospheric pressure increases significantly as the
flue gas CO, concentration lowers. Performed cost estimations show that the cost of

capturing 90 % CO, from flue gases emitted by a NGCC power plant is approximately 8 %
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more expensive than capturing CO; at the same rate from flue gases emitted from a COAL

power plant, and approximately 5% more expensive than from a NGCC-EGR power plant.

Table 9-12. Summary of the plants total capital (CAPEX), operational (OPEX) and annual costs

(TOTEX)
Parameters PCC-NGCC PCC-NGCC+EGR PCC-COAL
CAPEX (M£) 40.13 26.57 43.94
OPEX (M£/year) 78.37 76.61 175.02
TOTEX (M£lyear) 82.380 79.26 179.41
Cost of CO, captured (E£/tonne COy) 51.77 49.41 48.00

The observed drop in the cost of CO; capture by increasing flue gas CO, concentration is
clearly a motivation to select sources with high CO. concentrations provided all design
specifications are equal. This fact encourages the efforts are being made to increase CO»
concentrations in sources with relatively low CO, concentrations, such as the application of
exhaust gas recirculation for natural gas fired power plants. According to economic
calculations performed, a reduction in the capital cost of around 35 % was observed when
increasing the flue gas CO. concentration from 4 %, i.e. typical of aNGCC plant, to 6 %, i.e.

typical of aNGCC+EGR plant.
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Figure 9-9. Variation of the plant total annual cost (TOTEX) in million pounds sterling (M£) with flue
gas CO, concentration
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9.4. Conclusions & Remarks

Process Simulation and economic estimations performed in this chapter clearly point out the
effect of the flue gas CO, concentration on the design and cost of CO; capture processes
when using 30 wt. % aqueous solution of MEA as solvent. Increasing atmospheric flue gas
concentration reduces total annual cost of the CO; capture plant mainly due to lower specific
energy/utility consumptions. The total annual cost reduced by approximately 8 % when
moving from 4 % to 14 % flue gas CO, concentration, while a more moderate total annual
cost decline was observed of nearly 5 % when moving from 4 % to 6 % flue gas CO.
concentration. Although the specific energy requirement of solvent regeneration drops by
increasing flue gas CO, concentration, the plant specific cooling requirements show an
incremental trend with increasing flue gas CO. concentration. Performed studies have shown
that the CO, capture specific regeneration energy requirement reduces significantly with
increasing flue gas CO, concentration, encourage the application of exhaust gas recirculation
in future NGCC power plants if stringent CO. reduction strategies are to be pursued.
Furthermore, aaccording to economic calculations performed, a reduction in the capital cost
of around 35 % was observed when increasing the flue gas CO. concentration from 4 %, i.e.

typical of aNGCC plant, to 6 %, i.e. typical of a NGCC+EGR plant.
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Chapter 10

Conclusions & Recommendations

This chapter summarises the conclusions and remarks made of the research performed in this
thesis, as well as suggestions and recommendations for future research that can be embarked

upon by any interested researcher.

This thesis studied the design and operation of a post-combustion CO; capture for a 650
MW, natural gas fired combined cycle (NGCC) power plant through modelling and
simulation. The post combustion CO. capture is based on a chemical absorption/desorption
process using an aqueous solution of 30 wt. % MEA as solvent, as this is the most mature
technology for CO. capture from flue gases with relatively low CO, concentrations or partial
pressures. The integrated process comprising of a natural gas fired combined cycle power
plant, a CO, capture plant and a CO, compression unit were simulated and their energy
performances were optimised. The modelling, simulations, and optimisations were
performed in Aspen Plus® V8.4. The natural gas fired combined cycle power plant and the
CO; compression unit were modelled based on a 2013 US Department of Energy report,
while the MEA-based CO; capture plant was modelled using a rigorous rate-based modelling
approach based on finite rates of mass and heat transfer between liquid and vapour. The CO,
capture model was validated using experimental data reported from two different pilot
plants: The UK Carbon Capture and Storage Research Centre/Pilot Scale Advanced Capture
Technology (UKCCSRC/PACT) CO- capture plant located at Beighton, UK, and the MEA-
based pilot plant at the University of Kaiserslautern, located in Kaiserd autern, Germany. The
large-scale design of the CO, capture plant was performed using process design criteria
recommended for large-scale absorber and stripper towers using the verified rate-based

model.
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The NGCC plant was simulated in Aspen Plus® V.8.4 at gas turbine full and part load
operations. At each operational load, the CO, capture energy requirements, including the
energy required for CO, compression, were determined. The study also investigates the
performance of the NGCC plant during non-capture operation, especially the low pressure
(LP) steam turbine; as at such conditions a considerable amount of steam will be available at
the LP turbine inlet. In addition, issues requiring careful consideration for the NGCC plant
in the case of non-capture operation were addressed. The study also measured the potential

impact on the performance of the LP and intermediate pressure (1P) steam turbine sections.

As one of the challenging issues hindering the incorporation of post-combustion CO- capture
plant into power generation systems is the process high energy requirement for solvent
regeneration, this research focused on the effect of flow-sheet complexity on thermodynamic
driving forces to improve the process energy performance via promoting thermodynamic
irreversibility. The study included the benefits of using two configurations of absorber
intercooling: in-and-out (simple) intercooling, and recycled (advanced) intercooling, for a
range of lean loading. The benefits in terms of solvent absorption capacity and reduction in
the circulating solvent flow rate were quantified and the plant energy improvements in terms
of total equivalent work were also quantified. Also, this research explored the application of
two advanced stripper configurations: the advanced reboiled and the advanced flash stripper.
Both advanced configurations recover the stripping steam heat by means of a heat integration
comprised of cold and warm rich solvent bypasses. The energy improvements in terms of
total equivalent work offered by the two advanced configurations for natural gas fired

applications for arange of lean loading were quantified.

The research also studied the relationship between the cost of CO. capture and the flue gas
CO; concentration. Three different CO, capture processes were designed and ther
economics were evaluated to capture 90% CO, emitted from three different power plants
with three levels of flue gas CO, concentrations. The three power plants are: a 650 MW.

natural gas fired combined cycle power plant with a flue gas concentration of 4 %, a 650
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MW:. natural gas fired combined cycle power plant with exhaust gas recirculation (EGR)
cycle with a flue gas CO; concentration of 6 %, and a 550 MW, pulverised coal power plant
with a flue gas CO, concentration of 13.5 %. For each plant, the specific regeneration and
cooling duties and total capital expenditure (CAPEX) and operational expenditures (OPEX)
were calculated. Accordingly, the total annual cost of each plant (TOTEX) was determined
using the respective CAPEX and OPEX with taking into account an investment period of 20
years and an interest rate of 10 %. Finally, for each case the cost of CO, captured was

estimated and compared.

10.1. UKCCSRC/PACT CO2 Capture Plant Performance Evaluation and Optimisation

The rate-based model to simulate the CO. capture process using an agueous solution of 30
wt. % MEA as solvent has been developed in Aspen Plus® V.8.4 and validated using results
of 5 experimental studies carried out at the UKCCSRC/PACT pilot plant in Beighton, UK.
The developed model was then used to assess the performance of the pilot plant in terms of
energy consumption, and to propose new operating conditions to operate the pilot plant
optimally in future. A number of performance parameters have been identified and varied for
a given range of lean solvent CO, loading from 0.165 to 0.30 (mol CO2/ mol MEA) to
evaluate their effects on the plant energy performance. Two sets of operating conditions with
two different packing materials were finaly suggested to improve the pilot plant energy

performance.

For the pilot plant to efficiently achieve 90 % CO; capture from flue gases with 5.5 % CO.,

typical of anatural gasfired applications, the following modifications were suggested:

o A more efficient cross heat exchanger has the potential to improve the stripper
performance by providing the rich solvent with a temperature closer to its bubble
point at the stripper inlet. Simulation results showed a nearly 5 % reduction in the

specific regeneration energy requirement associated with the rich solvent being
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heated up by further 13 °C when using a 5-°C LMTD cross heat exchanger instead

of the current onewitha20 °C LMTD.

o Considerable energy savings can be achieved by increasing the lean loading level,
provided that the absorber column is capable of operating at higher liquid rates,
which is achievable for the case of the PACT pilot plant. Simulation results have
shown that by solely increasing the lean loading from 0.165 to 0.23, with no other
change of the pilot plant operating condition, the specific regeneration energy
requirement was reduced by nearly 15 %. The additional cost associated with the 28
% increase in the solvent flow rate is insignificant compared to the energy gain

realised in the regeneration process.

e The stripper operating pressure also has a significant effect on the regeneration
energy performance. Simulation results showed that by increasing the stripper
pressure from 125 to 180 kPa the specific regeneration energy requirement will
reduced by 28 %. The optimum lean loading to realise this gain is at 0.21 with a
118.7 °C solvent temperature at the reboiler section, which is reasonably below the

thermal degradation threshold of MEA solvents.

o An efficient and modern packing material can contribute to significantly improve the
overal performance of the PACT pilot plant by providing higher mass transfer
efficiency, lower pressure drop and more efficient liquid and gas distributions.
Simulation results suggest replacing the existing packing material with higher
performing structured packing, e.g. Sulzer Mellapak 250Y will result in a nearly 40
% reduction in the specific regeneration energy when compared with the plant
exiging conditions. The proposed operating condition with the Sulzer Mellapak
250Y structured packing outperformed the condition proposed with the IMTP25

random packing by nearly 15 %.

The main conclusions of this work should aso hold for other plants of this type that employ
30 wt.% MEA solution as solvent.
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10.1.1. Recommendations for Future Research

e The comprehensive baseline simulation study with 30 wt. % MEA conducted in this
research needs to be verified using the UKCCSRC/PACT pilot plant to be used as a

reference for future modelling verification.

e [t isvauable to experimentally study the application of absorber intercooling using
the UKCCSRC/PACT pilot plant with both IMTP25 random packing and Sulzer

Mellapak 250Y structured packing.

o It is recommended to perform comprehensive experiment studies to develop
reference data using other type of solvents. methyldiethanolamine (MDEA) and

piperazine (PZ).

10.2. Process Design of Large-scale CO, Capturefor Natural Gas Combined Cycle

(NGCC) Power Plant Applications

Steady state simulation of a natural gas combined cycle power plant and post combustion
CO:; capture (PCC) unit were carried out in Aspen Plus V8.4. Simulations were made at full
and part loads for two process options with and without CO, capture. The considered option
to provide the heat for the solvent regeneration was the steam extraction at |P/LP crossover
pipe for al cases. Part load cases were studied at gas turbine (GT) load of 90, 80, 70 and
60%. The results confirmed the performance viability of the NGCC-PCC plant at full and
part loads down to the 60% load. By adjusting the solvent circulation rate to lower values,
except for the GT 60% load, the CO, capture with 90% capture rate was achievable at part
loads. The study of the absorber column hydraulics showed that in order to have a reliable
operation at the 60% load, the minimum liquid load required in the absorber packed column
led to an increase of 6% in the circulating solvent flow rate. A suggested solution to retain
the CO, capture rate at 90% at this load is to increase the lean solvent CO, loading to 0.23

from its design value of 0.21.
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Simulation results confirmed that there is sufficient steam available at the IP/LP crossover
pipe to provide the steam required for the solvent regeneration at part loads up to 60% GT
load. Moreover, the study of the IP/LP crossover pressure showed that the throttling loss
related to the steam extraction is minimal as the pressure of the steam in the crossover pipeis
close to that required in the reboiler. However, to reach a part load capability below the 60%
GT load, a higher design pressure for the crossover pipe would be required. An analysis of
net plant efficiency for the two process options revealed that at full load, the efficiency
penalty associated with the CO, capture operation is 7.15% point at full load and will

increase to 7.6% point at 60% GT load.

The study of the absorber column performance and the mass transfer efficiency revealed that
a part loads, due to relatively lower load of gas and liquid in the column, the mass transfer
efficiency dightly improves and leads to a dlightly higher rich solvent CO; loading at the
column discharge. This improvement however showed a negative effect on the stripper

performance in terms of the specific energy required by the reboiler.

An evaluation was made to study the impact of non-capture operation on the LP steam
turbine. the results showed that if the NGCC plant operates at full load while the PCC is off,
the steam flow available at the LP turbine increases by 108%, which will result in an
increase on the LP turbine inlet pressure from 337 to nearly 700 kPa. The increase on the LP
inlet pressure will affect the IP turbine as well, leading to the turbine efficiency drop. To
minimise the impact of non-capture operation, it was suggested to operate the power plant at
a lower load with the net power output equivalent to that of the NGCC full load operation
while fitted with the PCC unit. Specifically for this study, calculations showed that the
suggested part load operation to minimise the impact of non-capture operation will be at the

GT load of nearly 85%.

In addition to the IP and LP turbine performance, the non-capture operation will affect the
condenser operating pressure due to the rise of the coolant temperature as a consequence of

the increased steam flow, leading to adrop in the plant net power output. Moreover, to make
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the plant capable of operating without capture, some provision must be considered in the
steam turbine generator to handle the surplus electricity generation. These evaluations
suggest that if an NGCC plant is designed to operate in a CO; capture integrated scheme, itis
not beneficia to operate in a standalone mode, apart from inevitable situations such as CO,

capture plant or CO, compression unit trip.
10.2.1. Recommendationsfor Future Research

o For large-scale MEA-based CO, capture plant that will serve commercial-scale
natural gas fired power plants, complex thermal integration of these two processes
can be advantageous in terms of plant overall thermal efficiency. For instance, one
may eval uate the benefits of preheating the rich solvent via heat evaluable in the flue
gas coming from the power plant. Full or partial integration of the power plant
condenser as a heat source for the CO; capture plant for preheating purpose might be

promising to explore.

e Itisrecommended to explore the design and operation of alarge scale CO, capture
process with the stripper column operating at vacuum pressure. The study may shed
light to the possibility of integrating the power plant condenser to the stripper
column as the heat source partialy or fully eliminating the reboiler section of the

stripper.

e The application of two strippers in series might be advantageous in terms of plant
energy requirement. This should be done with taking into account the operational

consideration at power plant part load operations.

10.3. Absor ber Intercooling

Benefits of using two absorber intercooling configurations in the CO; capture unit using an
aqueous solution of 30 wt. % MEA as solvent to remove 90 % CO- from natural gas fired
flue gases for a range of lean loadings from 0.15 to 0.42 were studied. The effect of

intercooling on the temperature bulge, liquid flow rate, liquid to gas (L/G) ratio, rich solvent
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loading, and solvent absorption capacity were evauated using the minimum solvent flow
rate concept. Benefits of using absorber intercooling in terms of absorber packing area and
overal energy requirement were quantified using 1.2 times the minimum solvent flow rate
(Lmin). The total equivalent work concept was used to evaluate the plant overall energy

requirement.

In absorbers without intercooling with solvents with lean loading below 0.30, temperature
bulges occurred near the top of the column and away from the equilibrium pinch at the rich-
end of the column, suggesting the benefit of using absorber intercooling in terms of CO;
mass transfer and solvent absorption capacity is insignificant. Minor differences in Lmin/G
ratios before and after using simple and advanced intercooling confirmed their minor
benefits in this region. The plant overall energy study also showed minor gain in terms of
total equivalent work which was associated with dlightly increase in absorber total packing

area when using simple or advanced intercooling.

At lean loading between 0.30 and 0.36, a remarkable increase in Lmin/G, followed by a sharp
reduction in rich solvent loading were observed in absorbers with no intercooling. At this
range of thisloading, the temperature bulge was positioned somewhere around the middle of
the column. Applying ssimple and advanced absorber intercooling showed significant
improvement on both Lmin/G and rich loading. Studying the packing requirements and energy
requirements confirmed the effectiveness of using absorber intercooling in this range. For
lean loadings between 0.30 and 0.34, using simple and advanced absorber intercooling will
reduce both absorber packing requirements and the plant overal energy requirements. For
instance, using simple and advanced absorber intercooling at the lean loading of 0.34
benefited the process by reducing the absorber packing area by nearly 32.0 and 36.6 %,

respectively, followed a reduction in the tota equivalent work by 15.6 and 15.9 %,
respectively.

At lean loading equal to and higher than 0.36, the use of absorber intercooling had positive

effects on Lmin/G and rich loading curves, resulting in significant reduction in the plant
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overal energy requirement in terms of total equivalent work. However, these benefits are
associated with the expense of requiring an excessive amount of packing in the absorber

packed column.

These findings can be used as a guideline for future application of absorber intercooling for
commercia scale natural gas fired flue gas applications (3-5 % mole CO, concentration)

when using an aqueous solution of 30 wt. % MEA as solvent.

10.3.1. Recommendationsfor Future Research

e This research proved the benefits of using absorber intercooling as a means to
improve the process when using aqueous solution of 30 wt. % MEA as solvent.
Further research should continue to evaluate the benefits of both smple and

advanced intercooling options with other solvents and process conditions.

e In this research, the solvent was cooled at an external cooler to the temperature the
lean solvent initially entered the absorber column, i.e. 40 °C. Cooling the solvent to
temperatures lower than that the solvent initially entered the absorber column may
further improve the absorption performance and it may be a practical option when
operating the CO, capture plant at |ocations where relatively cooler water or chilled

water isfredly available.

e The flue gas temperature also rises in the absorber column and has a limiting effect
on the intercooling application. Future research in finding methods to reduce gas
phase temperature in addition to solvent intercooling may provide additiona benefits

in terms of solvent absorption capacity.

10.4. Advanced Stripper Configurations

The advanced reboiled and advanced flash stripper were evaluated with 7 m (30 wt. %)
MEA to remove 90 % mole CO; from flue gases with 4 % COy, typical of a natural gasfired

application, for a range of lean loading from 0.15 to 0.38. The energy efficiency
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improvement offered by the advanced configurations was evaluated and compared with that
of asimple stripper configuration using the total equivalent work.

Simulation results confirmed both advanced configurations work equally well over the
specified range of lean loading, except the advanced flash stripper fails to operate at lean
loading below 0.18, as the solvent temperature at the steam heater outlet exceeds the solvent
thermal degradation limit.

With lean loading from 0.21 to 0.32, the advanced reboiled stripper and flash stripper require
an equivalent work of only 38 to 41 kJ/mol of CO, recovered, compared to 44-45 kJ/mol
with the simple stripper. The regeneration heat duty was reduced 11 to 18 % to 136-148
kJ/mol of CO recovered compared to 166-167 kJ/mol with the simple stripper. At lean
loading of 0.30, the advanced flash stripper offers the highest reduction in the tota
equivalent work of 12.4 %, and the highest reduction offered by the advanced reboiled
stripper is 11.7 % at the lean loading of 0.25.

Simulations showed that the advanced flash stripper requires more equivalent work than the
advanced reboiled stripper at lean loading less than 0.26 and more than the simple stripper at
alean loading less than 0.20, mainly due to the higher steam temperature required at those
lean loadings.

The variation of temperature driving force through the column showed that the advanced
flash stripper tends to pinch at the lean end, opposed to the simple stripper which usually
pinches at the rich end, contributing to enhance the thermodynamic efficiency of the
stripping process and reducing the loss of work.

In both advanced reboiled and advanced flash stripper configurations, one contributor to
improve the energy efficiency is less water vapour at the top of the column. In addition both
configurations contribute in lowering the plant cooling water requirement when compared

with the plant with a simple stripper configuration.

256



10.4.1. Recommendations for Future Research

¢ In this research the thermodynamic benefits of increasing stripper complexity using
advanced reboiled and advanced flash stripper were quantified for a range of lean
loading at the stripper pressure of 180 kPa. The thermodynamic benefits of these two
complex configurations should be evaluated as function of stripper operating

pressure as the pressure affects the solvent boiling point.

¢ The thermodynamic benefits of advanced stripper configurations for a wide range of
lean loading when using agueous solution of 30 wt. % MEA as solvent were
evaluated. Further research should continue to evaluate the benefits of both
advanced reboiled and advanced flash strippers with other solvents and process

conditions.

¢ Inthisresearch, the cold-rich heat exchanger approach temperature was set to 20 °C;
further research should continue to evaluate the benefits of lowering the approach
temperature to 10°C and 5 °C. A techno-economic evaluation may be useful to

select a proper approach temperature.

10.5. Techno-Economic Analysis of Large Scale Post Combustion CO, Capture Systems

for Various Flue Gas CO, Concentrations

Process Simulation and economic estimations performed in chapter 9 clearly point out the
effect of the flue gas CO, concentration on the design and cost of CO; capture processes
when using 30 wt. % aqueous solution of MEA as solvent. Increasing atmospheric flue gas
concentration reduces total annual cost of the CO; capture plant mainly due to lower specific
energy/utility consumptions. The total annual cost reduced by approximately 8 % when
moving from 4 % to 14 % flue gas CO. concentration, while a more moderate total annual
cost decline was observed by nearly 5 % when moving from 4 % to 6 % flue gas CO;
concentration. Although the specific energy requirement of solvent regeneration drops by

increasing flue gas CO, concentration, the plant specific cooling requirements show an

257



incremental trend with increasing flue gas CO. concentration. Performed studies have shown
that the CO, capture specific regeneration energy requirement reduces exponentially with
increasing flue gas CO, concentration encouraging the application of exhaust gas
recirculation in future NGCC power plants if stringent CO. reduction strategies are to be
pursued. Furthermore, according to economic calculations performed, a reduction in the
capital cost of around 35 % was observed when increasing the flue gas CO, concentration

from 4 %, i.e. typical of aNGCC plant, to 6 %, i.e. typical of aNGCC+EGR plant.
10.5.1. Recommendations for Future Research

The research showed the cost of CO. captured decreases significantly with the flue gas CO,
concentration. According to the curve shown in Figure 9-9 of Chapter 9, there is an optimum
flue gas CO; concentration, ranged from 8 % to 11 %, at which the cost of capturing CO;isa
minimum. This finding ignited the idea of a new concept. The new concept suggests having
a common PCC plant to serve a number of associated fossil-fuelled power generation plants,
such as integrated coal and natura gas fired power plant (with or without exhaust gas
recirculation cycle) or integrated coa and natural gas with exhaust gas recirculation power
plant. My preliminary results show that the option of coal+natural gas with exhaust gas
recirculation offers the best economics. Table 10-1 summarises of cost of capturing CO, for

different type of power plants with the respective flue gas CO. concentrations.

Table 10-1. Summary of cost of CO- captured for different type of power plant

PCC- PCC- PCC-COAL  PCC-COAL
Parameters PCC-NGCC  NGCC+EGR - COAL +NGCC +NGCC+EGR
Cost of COz captured
(Eltome Cos) 51.77 49.41 48.00 47.94 46.93
Flue gas CO- concentration 3.01 6.07 1350 7.23 8.98

(mole %)

Further research should continue to evaluate the benefits of integrated power generation

systems on the total cost of CO; capture processes.
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