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Abstract

The most dominant energy source is fossil fuels, such as coal-fired and combined-cycle
gas turbine (CCGT) power plants. However, it has a significant negative impact on the
environment due to the massive amount of CO2 emissions released from these sources.
To combat this issue, researchers identified the most mature technology known as carbon
capture, utilisation, and storage (CCUS). The solvent-based post-combustion CO:2
capture process (PCC) is the most commonly used among other approaches. This
approach is deployed using solvents such as monoethanolamine (MEA), which is the
most widely used viable solvent in chemical absorption. However, this solvent has a
negative impact on energy consumption. Thereby, the researchers investigated other
solvents such as single solvents (e.g., piperazine (PZ) and 2-amino-2-methyll-propanol
(AMP)). Also, mixed solvents such as a blend of PZ and AMP.

In this study, a steady-state rate-based PCC process model was developed using MEA,
PZ, and mixed solvents (PZ with AMP). At the pilot scale, the three models were validated
against experimental data using Aspen Plus®. The results of the model validation
confirmed that the rate-based model for the three solvents predicted the experimental
data with a lower than 10% deviation. When scaled up to a 250 MWe combined-cycle gas
turbine power plant (CCGT), the packed column size for MEA solvent has the highest
diameter and height, followed by PZ solvent and mixed solvents.

Sensitivity analysis and technical evaluation were performed to obtain the optimal CO2
lean loading, which affects the liquid to gas ratio (L/G ratio) and specific re-boiler duty.
Based on the L/G ratio, the values were 1.49 kg/kg, 0.76 kg/kg, and 1.55 kg/kg for MEA,
PZ, and mixed solvents (PZ with AMP), respectively. On the other hand, specific re-boiler
duties were 4.14 GJ/tonne COz2, 3.92 GJ/tonne CO2, and 2.95 kg/kg for MEA, PZ, and
mixed solvents (PZ with AMP). Furthermore, economic evaluations were assessed for the
three models at different solvents. The economic findings show that the lowest total
annualised cost per tonne CO2 was estimated in the case of 40 %wt. PZ, which equals
21£ per tonne COs..

Control structure and design dynamics demonstrate that the performance of PZ was faster

in terms of reaching the steady-state when compared to other solvents.
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PCC
PSA
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TSA
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Combined cycle gas turbine
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Diethanolamine
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Diisopropanolamine

Flue gas desulphurisation
Greenhouse gas

Greenhouse gas control technology
Height equivalent to a theoretical plate
Methyldiethanolamine
Monoethanolamine

Multiple input-multiple output
Operating cost

Packed bed

Post-combustion CO, capture
Pressure swing adsorption
Piperazine

Rotating Packed bed

Selective catalytic reduction

Single input single output
Separation research program

Total Capital Cost

Temperature swing adsorption

Validation of Carbon Capture
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Chapter 1: Introduction

1.1 Overview

This chapter discusses the research framework, including power generation, climate
change, and carbon capture, specifically solvent-based post-combustion carbon capture
(PCC) in Section 1.2. In Section 1.3, the motivations for this research are discussed.
Section 1.4 describes the purpose and objectives of the research. Novel contributions are
detailed in Section 1.5. In addition, Section 1.6 addresses the scope of this study, while
Section 1.7 focuses on the research methodology. In Section 1.8, software tools used in
this research are covered in detail. Finally, the research outline is defined in Section 1.9.

1.2 Background

1.2.1 Electricity Generation and climate Change

Electricity plays a vital role as it is used as a high-grade energy source and enables the
use of different advanced facilities that enhance the quality of life, increasing the
economy. Electricity is considered a part of the driving force behind the world economy.
It can be produced from thermal power generation such as coal, oil, natural gas,
renewable energy, and others, as shown in Figure 1.1, which presents the regional
electricity generation by fuel type in 2020, which keeps becoming dominant in the

worldwide market to provide the energy required, especially with population growth.
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Regional electricity generation by fuel 2020
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Figure 1.1: Electricity generated by different fuels by 2020 (Global, 2020)

By 2035, it is noted that the population would be approximately 8.7 billion; by default, an
additional 1.6 billion people would need energy. As a result, the use of fossil fuels for
electricity, such as coal, oil, and natural gas, will increase. By 2035, the fossil fuel share
is expected to be between 26-28%, with renewable energy possibly accounting for 8%;
as a result, fossil fuel is the most dominant in the electricity share (Hasanuzzaman et al.,
2017). However, fossil fuels contribute directly to CO2 emissions in the atmosphere, which
are rising gradually with time. Although, in 2020, the trend decreases due to COVID-19,
as shown in Figure 1.2, which leads to global warming and, hence, rising sea levels and
more acidity in the oceans.
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Historical carbon dioxide emissions from global fossil fuel combustion and
industrial processes from 1750 to 2020
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Figure 1.2: CO, emissions trend from 1750 to 2020 (Global, 2020)

According to this trend, CO, emissions are gradually increasing from 1750-2019,
indicating the need for practical policy to address this quandary. The EU’s decarburization
is aimed at reaching its target by 2050 to reach the target by reducing greenhouse gas
(GHG) emissions from fossil fuels from 93-99% (Deiana et al., 2017). Hence, the EU
promotes carbon capture, utilization, and storage. This support is associated with practical
policy and framework that could innovate the research towards a shift of lower CO, than

the current situation.

1.2.2 Technologies for Carbon Capture

COz2 separation, utilization, and storage (CCUS) have been identified as a feasible method
for reducing CO2 emissions from the atmosphere.CO:2 separation, refers to the capture of
CO2 from energy-related sources, followed by a utilisation procedure in which it may be
used in industries such as enhanced oil recovery (EOR) or transported to a long-term

location where it is safely isolated from the atmosphere(Wang et al., 2011).

There are three fundamental CCUS processes as presented in Figure 1.3:

1.2.2.1 Pre-combustion CO, capture

Pre-combustion is defined as a process to eliminate the majority of CO2 content from fossil
fuels before their combustion. It is expressed as the reaction between fossil fuels and air
with steam to generate the product (syngas), which is mostly comprised of CO2 and Ho.
The fuel is first processed to a mixture of CO2 and Hz through a reforming process or to a

mixture of CO and H2 through a coal gasification process, and is then fed to a shift reaction
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section (Maroto-Valer, 2010). By the final stage, it will be easier to separate it for energy

generation, utilization, or storage of COa.

1.2.2.2 Oxyfuel CO, Capture

Oxyfuel is known as a process of burning the fuel with an O2 stream, which is classified
as an oxidising agent. The fuel is burned in an Oz stream with no (or very little) nitrogen.
Instead of air. In these plants, the primary stage in separating Oz from N2 is the separation
of pure Oz from air, which is subsequently transferred to the energy conversion unit
(Maroto-Valer, 2010). However, it is not viable for pulverised hard coal in the foreseeable

future.

1.2.2.3 Post-combustion CO, capture

This process aims to remove the CO:2 from flue gas released from power plants such as
coal-fired power plants and combined cycle gas turbines (CCGT). It is considered the
most viable and applicable among the above processes. It has several methods, such as

physical absorption, adsorption, cryogenics, membrane, and chemical absorption.

Post-combustion capture

Nz, 02, Hzo
Flue gas T
|—>C02 separation
Fuel ———»
Air Power and heat co,
Pre-combustion capture CO, CCVJZ
compression,
Gasification or H, transport, and
Fuel — | partial oxidation _ * Power and heat Stor:':\ge
shift + CO, Air—»
separation Ny, Oy, H,0
fo.
Air | Air separation —» N,
Oxyfuel combustion capture
CO,(H,0)
Fuel ———»| Power and heat
Toz ‘Recycle (CO,, H,0)
Air ——»| Airseparation | N,

Figure 1.3: CO, capture technologies(Madeddu et al., 2019)
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% Physical absorption

This separation method relies on Henry’s law for CO, absorption into solvents such as
Selexol (dimethyl ethers of polyethylene glycol) and Rectisol (methanol). CO, absorption
occurs at high pressure, where the high energy penalty originates. Hence, it is not

economical to CO, content lower than 15 vol%.
% Adsorption

This separation takes place where there is contact between a gas or liquid and solid
surface. In the regeneration case, the adsorbent is regenerated, whether at temperature
swing adsorption (TSA) or pressure swing adsorption (PSA). The adsorbent could be

used in activated carbon and zeolites.

®,

% Cryogenics

Cryogenics is a separation procedure using condensation, where CO, condenses at -56.6
°C and atmospheric pressure. It is adapted to the high CO, content in the flue gas.

Consequently, it is applicable more for oxyfuel CO, capture.
% Membrane

Membrane execution is based on selectivity. It includes thin polymeric films to separate
the mixture of permeation rates. This rate is different for each molecule. It is identified
based on the relative size of molecules or the diffusion coefficient in the membrane. The

drawback of this separation is that the selectivity is low. Hence, the low CO, capture level.
% Chemical absorption

This separation method includes the reactivity between CO, and the specified solvent to
produce a weakly bonded intermediate compound, where it is regenerated in the stripping
process at elevated temperature to produce the original solvent and pure CO,. This
method is preferable and more mature than other separation methods for several reasons,
such as its high selectivity, which means a higher CO, capture level. In addition, it applies

to existing power plants.

1.2.3 Introduction to solvent-based PCC based on Chemical Absorption.
Post-combustion CO, capture is achieved by removing the CO, from the flue gas after

combustion. This process utilises different solvents such as monoethanolamine (MEA),
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methyldiethanolamine (MDEA), piperazine (PZ), and blends such as a mixture of PZ with
2-amino-2-methyl-1-propanol (AMP). The process description consists of pre-treating flue

gas and post-combustion CO, capture (PCC) using chemical solvents.

Flue gas should be pre-treated from acid gases such as NOx in the case of CCGT and
SOx in the case of coal-fired power plants before the solvent-based PCC process.
Generally, these acid gases enhance the generation of heat-stable salts, particularly with
MEA. Hence, the recommended concentration of SOx should be lower than 10 ppm by
using a flue gas desulfurization (FGD) unit, while NOx should be eliminated by using a
selective catalytic reduction (SCR) unit. On the contrary, oxygen concentration must be
lower than acid gases, which are lower than 1 ppm, because it increases the likelihood of
corrosion for the equipment, such as carbon steel. Consequently, inhibitors might be
deployed when the oxygen percentage is higher than the recommended concentration.
The recommended temperature for the solvent-based PCC process should be between
45 and 50 °C to reduce solvent degradation by evaporation at elevated temperatures in
the absorption process. To cool down the flue gas, a Direct contact cooler (DCC) should
be utilised before entering the CO, capture process. This cooling process is achieved by
using water in counter-current contact with flue gas, which will enhance the water balance
of the entire process. The CO:2 capture process has two main columns, i.e., the absorber
and stripper, which are attached to the heat exchanger as shown in Figure 1.4

The flue gas enters the absorber at a temperature of 45 to 50 °C, where a counter-current
flow of lean amine solution is present. Lean amine solutions can react chemically with
CO:z2 in the flue gas to produce an intermediate, weakly bonded compound. This reaction
is defined as exothermic, where the lean amine solution is heated up. From the top of the
absorber, the treated gas is washed before being vented into the atmosphere. The lean
amine solution becomes rich in CO2 at the bottom of the absorber. It has a higher
temperature than lean amine solution, which is up to 60 °C. From the bottom of the
absorber, the rich amine solution is pumped to the heat exchanger, where there is heat
transfer between the rich amine solution and the lean amine solution coming back from
the stripper. After that, the rich amine solution heats up to 100 °C before entering the
stripper at a higher pressure than the atmospheric pressure in the absorber, which is
between 1.5 and 2 atm. The regeneration process occurs in the stripper to generate COz

of specified purity, which leaves the top of the stripper, while lean amine solution leaves
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the bottom of the stripper with low CO2 content to pass through the heat exchanger before
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Figure 1.4: A schematic of the solvent-based PCC process (Wang et al,2011)

1.3 Motivation for the study

Concerns about the effects of global warming and GHG emissions have prompted the
global search for a more environmentally friendly energy source. Renewable energy is
classified as the "cleaner" energy among other energy resources and might become a
substitute for fossil fuel energy. However, it is intermittent energy. With the high rate of
continuous increase and development of human life, it cannot be sufficient. Hence, fossil
fuel energy remains predominant and an essential contributor to the energy mix. In 2015,
the United Nations climate change conference agreement in Paris promised to reduce
GHG emissions to keep temperature rises below 2 °C (Hasanuzzaman et al., 2017). Using
Fossil fuel-fired power plants such as coal-fired and CCGT is classified as the main source
for CO2 release to the atmosphere. To combat this dilemma, an efficient process is
suitable to reduce GHG emissions. This process has already been proven to be matured

among other process which is known as CCUS.

Although coal-fired and CCGT power plants emit COz into the atmosphere, to combat this
dilemma, an efficient process is needed to reduce GHG emissions. This process has

already been proven to be mature among other processes, which are known as CCUS.
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The PCC process is the most suitable among other methods because CCGT power plants
have lower partial pressures of CO2 than IGCC processes. The following highlights are

provided for the study's motivations:

e High energy consumption, which is connected to the stripping process, is needed
to supply the target CO2 capture level. This energy is related to the amount of
steam needed in the re-boiler.

e High CO:2 capture costs: It is connected to MEA solvent, which is defined by high
operating and capital costs for the entire solvent-based PCC process.

e The requirement to implement flexible solvent-based PCC operation to meet power
demand during transient conditions, such as start-up and shut-down, and to track
COz2 capture level in the presence of disturbances. Furthermore, control design and
structure are needed for analysing the dynamic characteristics of solvent-based

PCC using different solvents.

1.4 Aim and objectives

The aim of this research is to assess the steady-state and dynamic performance of post-
combustion COz2 capture using different solvents such as MEA, PZ, and a blend of PZ and

AMP through process simulation and control.
The research objectives:

« To carry out a literature review on process simulation and the control design of the
PCC process.

« To perform a steady-state simulation in Aspen Plus® for the PCC process using
MEA, followed by validation against experimental data at pilot scale.

« To carry out steady-state simulation in Aspen Plus® for the PCC process using PZ,
followed by validation against experimental data at pilot scale.

« To develop steady-state simulation in Aspen Plus® for PCC process using a blend
of PZ and AMP, followed by validation against experimental data at pilot scale.

e To implement scale-up of the PCC process to a 250 MWe CCGT power plant for
three different solvents (e.g., MEA, PZ, and a blend of PZ and AMP).
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e To perform a technical evaluation of solvent-based PCC at commercial scale (a
250 MWe CCGT power plant) for three different solvents (e.g., MEA, PZ, and a
blend of PZ and AMP).

e To assess the economic performance of commercial-scale solvent-based PCC for
three different solvents (e.g., MEA, PZ, and a blend of PZ and AMP),

o To perform the control design for the PCC process using three different solvents
(e.g., MEA, PZ, and a blend of PZ and AMP).

« To simulate the PCC process in Aspen Dynamics® using three different solvents

(e.g., MEA, PZ, and a blend of PZ and AMP) for dynamic performance assessment

1.5 Novel contributions of this study

The majority of previous studies focused on alkanolamine, particularly MEA, as a mature
organic solvent in a solvent-based PCC process due to its fast reaction kinetics, high
mass transfer, and low cost. It is classified as a primary amine (Kittel et al., 2009;
Mangalapally et al., 2012; Huertas et al.,, 2015; Li et al., 2016; Feron et al., 2020;
Karunarathne et al., 2020). However, using MEA as a benchmark for solvent-based PCC
process has a high energy penalty, especially for solvent regeneration, due to its high

desorption enthalpy.

The researchers have paid attention to a continuous investigation of other solvents such
as piperazine, which is known as cyclic diamine. It has been developed and utilised as an
activator and sole absorbent (Luyben et al., 1997; Fredriksen et al., 2013; Artanto et al.,
2014; Li et al., 2016; Krotki et al., 2017; Stec et al., 2017; H. Liu et al., 2019; Oh et al.,
2020; Romeo et al., 2020). Both specifications work better than MEA because they have
a higher rate of absorption and a lower rate of degradation. Nevertheless, it has a
drawback, which has low solubility in water. Hence, high PZ content is required for proving

high CO, capture level.

The solvent blend is conducted in the PCC process in order to identify which solvents are
most promising for reducing the energy penalty. The sole solvents have limitations on
reducing the energy penalty, including solvent regeneration and degradation, especially
in the stripper. (Idem et al., 2006; Adeosun et al., 2013; van der Spek et al., 2016; Zhang
et al., 2018; J. Liu et al., 2019; Perumal et al., 2021). A variety of solvents blend has been
proposed in PCC process for example Methyldiethanolamine (MDEA) was the first solvent
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blended with other amines such as MEA, diethanolamine (DEA), and PZ. These amines
were defined as a promoter for MDEA. In addition, PZ was combined with AMP as blended
solvents. All the aforementioned studies highlighted PCC process at steady-state. This
study gives highlight on the commercial scale of PCC by investigating the techno-
economical evaluation, control structure and design, and dynamic performance, where
dynamic simulation will be investigated for singe amine such as MEA, PZ, and solvents
blend (PZ with AMP) to investigate how fast the PCC respond in case of disturbance

rejection and setpoint tracking.
1.6 Scope of this study

This study is focused on the steady- state and dynamic performance of solvent-based
post combustion CO2 capture process using solvents such as MEA, PZ, and a blend of

PZ and AMP through process simulation.

This study is limited to a solvent-based PCC process using MEA, PZ, and a blend of PZ
and AMP.

e The effects of physical and chemical properties for the specified solvents, such as
viscosity and the possibility of solid precipitation production, are not studied.

e This study is conducted at the steady-state and dynamic simulation of solvent-
based PCC at pilot scale and commercial scale.

e The investigation analysis in chapters 3, 4, and 5 includes: model development
and validation at pilot scale and commercial scale, techno-economical evaluation,
control structure and design, and dynamic simulation of solvent-based PCC using
the specified solvents in Aspen Plus®, Aspen Dynamics®.

e The study is limited to packed bed columns, where scale-up calculations estimate
only the packed bed column diameter while height estimation was considered from
Aspen Plus® based on the flow rate in the entire process.

e This study deals with a single input, single output control structure.
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1.7 Research Methodology

In this section, the research methodology is depicted as follows, providing all the steps
implemented to achieve the aim of this study, starting by collecting literature reviews on

solvent-based PCC process using different solvents, to be followed by a performance

evaluation of the process.

Mode development

Technical and

; economical
of PCC using MEA, evaluation of PCC
PZ, (PZ with AMP) using MEA, PZ,
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Figure 1.5: A schematic of process methdology of PCC process

1.8 Software used in this study

1.8.1 Aspen Plus®

Aspen is generally the abbreviation for "Advanced System for Process Engineering.” This
software is based on flowsheet simulation, where it is used to express the process

statistically. This is very beneficial because of different advantages such as modelling,
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simulation, design specification, data regression, optimisation, and sensitivity analysis.
Aspen Plus® v.11 offers mass and energy balance. The thermodynamic relationship
between reacting and non-reacting medium was utilised. This software was used to
develop the process simulation of a solvent-based PCC process using different solvents
(i.e., MEA, PZ, and PZ+AMP) at pilot scale. In addition, the validated model will be scaled
up to 250 MWe CCGT power plants, followed by technical evaluation.

1.8.2 Aspen Process Economic Analyser

his software is used to perform economic evaluations for solvent-based PCC process. By
selecting the basis cost, feed stream basis price, and product stream basis price, this
software provides the cost of each equipment for the entire process. Furthermore, the
utility prices should be added to the entire process where each utility is connected to each
piece of equipment. In this research, an economic evaluation was performed for a solvent-
based PCC process using different solvents after scaling-up the validated model to 250
MWe CCGT power plants. By following this procedure, it will be easy to select the optimal
value for lean loading, L/G ratio, and specific re-boiler duty after a technical evaluation

approach.

1.8.3 Aspen Dynamics®

This tool is deployed to implement the dynamic analysis of chemical process by applying
different controllers that connect the dependent variables with independent variables. The
dependent variable’s structure is selected based on the effect of the latter on the former.
It is known how the dependent variables will respond within time to modify the controller
output, disturbance, or both. With Aspen Dynamics®, it is easy to keep track of blocks and
controller characteristics over time. In this research, Aspen Dynamics® was used to
understand the dynamic simulation of a solvent-based PCC process using three different
solvents (i.e., MEA, PZ, and PZ+AMP). Hence, it helps to figure out the appropriate

controllers used in the entire process.

1.9 Outline of PhD Thesis

The outlines of this research are as follows:

Chapter 2: Literature Review. In this chapter, an overview of post-combustion carbon

capture has been discussed using different solvents, whether it is experimental or
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simulated. Moreover, scaling up post-combustion carbon capture (PCC) is presented.
Control structure and design followed by dynamic simulation By the end of this chapter,
the thesis will highlight the gaps in previous studies on research theory.

Chapter 3 Process Simulation PCC using MEA. This chapter illustrates in detail the
simulation and validation of a solvent-based PCC process using the MEA benchmark as
a solvent. This chapter includes four sections: Firstly, simulation and validation of solvent-
based PCC at pilot scale using Aspen Plus® Second, the validated model is scaled up to
250 MWe CCGT power plants, followed by technical evaluation to achieve the specified
CO:z2 capture level. Thirdly, economic evaluation will be discussed to obtain the base case
needed for dynamic simulation. Finally, the solvent-based PCC's control structure and
design are completed to prepare the model for dynamic performance analysis using
Aspen Dynamics®.

Chapter 4 Process Simulation of PCC using PZ. The simulation and validation of a
solvent-based PCC process using PZ at pilot scale using Aspen Plus® is detailed in this
chapter. The validated model was converted from pilot scale to commercial scale to meet
the needs of 250 MWe CCGT power plants using the same procedure as in Chapter 3.
followed by a technical and economic evaluation that will be ready for control structure
and design. After that, dynamic simulation was deployed based on setpoint change and

disturbance rejection.

Chapter 5 Process simulation using a blend of PZ with AMP. his chapter represents
the simulation and validation of solvent-based PCC using a blend of PZ and AMP. Model
development and validation are implemented using Aspen Plus® at pilot scale. The
validated model is scaled-up to 250 MWe of CCGT power plants. Furthermore, technical
evaluation and economic evaluation are estimated to obtain the optimised target for

dynamic simulation analysis through setpoint change and disturbance rejection.

Chapter 6 Comparative analysis of PCC using MEA, PZ, and (PZ with AMP). This
chapter describes the comparative analysis of solvent-based PCC process using MEA,
PZ, and PZ with AMP for scale-up results, technical evaluation, control structure and

design, and dynamic simulation.

Chapter 7:Conclusion and recommendation for future work. This chapter recaps the

PhD thesis briefly with recommendations for future research.
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Chapter 2: Literature Review

2.1 Overview

This chapter presents the previous studies on the solvent-based PCC process, including
the pilot plant deployment, commercial scale implementation, steady-state simulation and
validation of the solvent-based PCC process, different solvents used for solvent-based
PCC, control structure and design, dynamic simulation and validation of solvent-based
PCC, and solvent-based PCC using a rotating packed bed. Section 2.2 presents the pilot
plant deployments of solvent-based PCC. In Section 2.3 the scale-up of solvent-based
PCC with a summary of commercial-scale deployments is discussed. The different
solvents used in solvent-based PCC are highlighted in Section 2.4. In Section 2.5, a
steady-state simulation of solvent-based PCC is presented. Control structure and design
are demonstrated in detail in Section 2.6, dynamic simulation and validation of solvent-
based PCC is presented in Section 2.7 using packed bed (PB). Finally, Section 2.8

highlights the previous studies on solvent-based PCC using rotating packed bed column

2.2 Pilot plants of solvent-based PCC with PB using solvents

Solvent-based PCC facilities at pilot plant deployment were reviewed by Wang et al.,
(2011). The motivation of pilot plant deployment was to bridge the gap between
experimental and commercial plants. Each pilot plant had specific activities including
utilising several solvents, solvent resistance to elevated temperature, efficiency
improvement including reducing energy penalty, and process modification. Some of these
activities were reviewed by (Idem et al., 2006; Hari Prasad Mangalapally et al., 2011,
Mangalapally et al., 2012; von Harbou et al., 2013; Artanto et al., 2014; Stec et al., 2015).

Some of the successful pilot plants are shown in Table 2.1.
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Table 2.1: A summary of successful pilot plants in CO; capture process

Project Location | Operational Reference
date

Zama field validation test Canada 2005 Smith et al.
(2011)

Bell Creek USA 2010 Jin et al. (2017)

CNPC Jilin Field EOR China 2008 Hill et al. (2020)

CO,CRC Otway Australia 2008 Ingram (2007)

Michigan Basin Geologic CO, USA 2008 Gupta et al.

sequestration field test (2014)

2.3 Scale-up of solvent-based PCC process using packed bed column

In terms of a pilot plant, there are limitations in accommodating the flue gas coming from
a coal-fired power plant or a combined cycle gas turbine (CCGT) power plant. Hence, a
variety of commercial plants have been established. This means that understanding the
performance of solvent-based PCC at a targeted flowrate will improve the knowledge
behind dynamic performance. For example, Abu Dhabi Phase 2 connected to the natural
gas process will be established in 2025. Table 2.2 represents the most relevant

commercial solvent-based PCC.

Table 2.2:A Summary of commercial scale for solvent-based PCC process

Plant name Status Date | Country Process
industry
Century plant Operational 2010 USA Natural gas
Uthmaniyah CO,-EOR Operational 2015 Saudi Natural gas
Arabia

Terrell Natural Gas plant Operational 1972 USA Natural gas
Steamboat Rock Biorefinery | Non- operational | 2024 USA Ethanol
Carbon Capture and storage Production
Sinopec Qilu Petrochemical | Non- operational 2021 | China Chemical
CCS Production
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A few previous studies investigated the scale-up of solvent-based PCC process. Lawal et
al. (2012) performed a scale-up calculation to determine the lean solvent flowrate as well
as the sizes of the unit operations (absorber and stripper column) in the solvent-based
PCC process required to process flue gas from a 500 MWe subcritical coal-fired power
plant based on insights gained from pilot plant studies and chemical engineering
principles. The process was designed to capture 90% of CO, from 600 kg/s flue gas
extracted from the power plant. MEA (30% wt.) was used as the solvent. It was reported
that the required solvent flow rate was 2900 kg/s. Moreover, columns size includes a
diameter of 9 m for absorber, and 9 m for the stripper. The height was 27 m for two
absorbers and one stripper. On the other hand,, Nittaya et al.(2014) deployed a scale-up
to 750 MWe supercritical coal-fired power plant in gPROMS using the same procedure as
with Lawal et al. (2012). The capture rate was designed to approach 87% or higher.
However, different results were obtained because further correlations were utilised such
as generalised pressure drop correlation (GPDC) depending on packing factor and
correlations to calculate the height required for absorber and stripper which was
conducted by assumption in Lawal et al. (2012). The calculated results of absorber were
to design three absorbers with a diameter of 11.8 m and height of 34 m, while two strippers

were estimated, each with a diameter of 10.4 m and height of 16 m.

Agbonghae et al. (2014) performed a scale-up of a validated model to capture 90% of
CO, from flue gas from a 400 MWe CCGT power plant using Aspen Plus®. The findings
were to design two absorbers with a diameter of 11.93 m and a height of 19.06 m, whereas
a stripper was developed with a diameter of 11.93 m and height of 28.15 m. The scale-up
procedure was extended to be utilised with different solvents such as PZ as a solvent.
Otitoju et al. (2021) conducted a scale-up of the validated model to a 250 MWe CCGT
power plant in Aspen Plus®. The capture rate was supposed to be 90%. The procedure
is similar to Agbonghae et al. (2014). However, the diameter for both columns was
determined based on the flooding velocity. The scale-up results for the absorber were a
diameter of 12.5 m and a height of 20 m, while the stripper had a diameter of 8 m and a
height of 20 m.

The extension of scale-up was performed using other solvents such as PZ, as mentioned
by Otitoju et al. (2021). It was conducted to capture 90% CO, from flue gas extracted from

a 250 MWe CCGT power Plant, where solvent flow rate estimation was calculated using
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a similar approach in Agbonghae et al. (2014) whereas the column size, including
diameter and height, was calculated and provided by Otitoju et al. (2019). The calculation
results were one absorber column with a diameter of 12.5 m and one stripper with a lower
diameter, which was 8 m, with a similar height of absorber. Moreover, the scale-up was
also performed using a mixed solvent, such as PZ and AMP, as explained in van der Spek
et al. (2016). In this study, the scale-up calculation was constrained by height. The
absorber height was 20 m, which is higher compared to the stripper height, which was 10

m to accommodate the flue gas flow rate. The CO, capture rate was 90%.

2.4 Different solvents for solvent-based PCC

In the case of solvent characterization, there are several criteria for selecting the
appropriate solvents in a solvent-based PCC process some of these criteria are as follows
(Wang et al., 2011):

e The ability to react fast with CO,, which reduces the absorber size and solvent flow

rate circulation.
e Low regeneration cost, based on the low heat generated when reacting with CO:2
e Low solvent cost which will affect the entire process cost.
e Environmentally friendly.
e High absorption capacity, which has a profound effect on solvent circulation rate.
e Low solvent degradation and low corrosivity.

Solvent properties play an important role in process design and operation at many levels,
resulting in improved energy performance and reduced CO2 emissions, as illustrated in

Figure 2.1.
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Figure 2.1: Solvent properties influence on process design, operating and capital cost, energy

performance and avoided cost of CO, (Papadopoulos, 2017)

It was evident during European projects (i.e., CASTOR,CESAR) where different solvents

have been investigated through different process modifications (Knudsen et al., 2011) as

depicted in Figure 2.1. The reaction kinetics, COz2 solubility, and heat of absorption rate

are the most important solvent properties. These properties have a profound impact

directly on energy and operating and capital costs (i.e.,

re-boiler heat duty, lean solvent

flowrate, and equipment size). On the other hand, solvent volatility and resistance to

degradation are limitations that put constraints on process operation. For example, the
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maximum stripper pressure contributes to the lower temperature, (Freeman et al., 2012),
and the constraint on equipment to adjust the solvent losses. Table 2.3 depicts a few
solvent properties published in the literature, such as physicochemical properties, with a

sign indicating a positive (+), negative (-), or median (=) impact on the overall process.

Table 2.3:Solvents properties for some single solvents and a blend of solvents(Papadopoulos,

2017)
Solvent property MEA PZ AMP AMP+PZ
30wt.% | 30wt.% | 30wt.% | 15+15wt.%
Thermal degradation at140°C (%per week) | 5.3(-) | 0.07(+) 0(+) 0(+),0.25(+)
Cyclic capacity 0.25(=) - 0.5(+) 0.4(+)
(mMOlco,/MOlamine)
Kinetic constant 4.6(+) - 3.3(5) 5.1(+)
log(Kapp)(s™)
Heat of absorption(kJ/mol) at 40 °C 80-85(- | 84-87 50- 60-90(=)
) 90(=)

Thermal degradation resistance measures the solvent loss in the entire process, which
affects the operating cost and environmental emissions. Furthermore, when using
thermally resistant amine, this property is advantageous for the CO2 compression step.
On the other hand, cyclic capacity, which is the difference between rich and lean loadings,
determines the required solvent flow rate, affecting indirectly the re-boiler duty, pumping
work, and operating cost. The reaction kinetics have a profound effect on the absorber
packed column height that is needed to provide the target CO, capture level, hence
affecting investment costs. The heat of absorption has a direct impact on re-boiler duty
needed to regenerate the solvent. Furthermore, sensible heat (to raise the solvent heat)
and stripping heat, which is required for solvent steam generation.

2.4.1 Different solvents for PCC process

Amine solvents have been widely used for 75 years in industrial gas treatment, particularly
alkanolamine. It can be classified into three types based on the nitrogen degree of
substitution: primary, secondary, and tertiary, as shown in Table 2.4. These amines
contain at least one amino group and one hydroxyl group, which reduces vapour pressure
and promotes alkalinity in the solution. For example. monoethanolamine (MEA) and
diglycolamine (DGA) are classified as primary amines. These are defined as the most

mature solvents because they provide a high reaction rate, medium absorption capacity,
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and stability within acceptable limits. Nonetheless, because DGA has a low vapour

pressure, it can be used at higher concentrations ranging from 40 to 60% wit.

Secondary amines such as diethanolamine (DEA) and diisopropanolamine (DIPA) in
which the hydrogen is bonded directly to nitrogen, are known as alternative solvents to
primary amines. On the other hand, in terms of corrosion and degradation, DEA is better

than MEA. DIPA, on the other hand, has a lower energy penalty than MEA.

Tertiary amines, which have the highest molecular weight among other amines, have
disadvantages in terms of absorption capacity and stability, which are lower than those of
primary and secondary amines. In the chemical structure of this amine, there is no
hydrogen bonded with a nitrogen atom, meaning that the CO, hydrolysis facilitates
bicarbonate formation, which has a lower heat of reaction compared to carbamate
formation. As a result, tertiary amines are always combined with primary or secondary

amines to increase the heat of reaction.

Table 2.4: summary of some amine solvents used in CO, capture process

Abbr. Name Process Chemical Structure CO,
loading
MEA Monoethanolamine Natural and OH 0.5
HNT N
syngas
DGA | Diglycolamine Syngas N on| 0.25-
e \/\o/\/ 0.35

DEA Diethanolamine Natural gas | Ho OH 0.7-1
g \/\N/\/

H

DIPA | Diisopropanolamine Refinery gas OH OH 0.43-
treatment H;E)\/H\—)\Em 0.22

MDEA | Methyldiethanolamine | Gas washing (|:H3 0.1-0.3
in Claus’s Pl W YR

Plants
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2.4.2 Sterically hindered amine

Sterically hindered amine is known as a modified primary or secondary amine, which has
the ability to enhance absorption rates higher than primary or secondary amine. The
formation of this amine is characterised by the amino group, whether attached to a tertiary
carbon atom or a secondary tertiary carbon atom. It is classified as having intermediate
to low stability, and the weak bond contributes to utilizing the high amine concentration in
the solution. As a consequence, the energy penalty will be lower than primary and
secondary amine by 20% and 15% for solvent consumption, respectively (Hiser et
al.,2017).

2.4.3lonic Liquid

lonic liquid is defined as the novel alternative to conventional amine-based solvents. t is
classified as an organic salt because it has high boiling points and low vapour pressure,
allowing it to selectively absorb CO2 with a relatively low energy penalty. It is created by
combining organic cations like phosphonium with either an inorganic anion like CI- or an
organic anion like RCO2. Anions play a vital role in increasing the performance of the
absorption process in the absorber compared to cations, which have a lower impact on
absorption. However, this solvent reacts with CO, as physical solvents, which enhancing
the solubility of CO, by deploying Henry’s law. It works on the same zwitterion mechanism
as primary and secondary amines. Nonetheless, ionic liquids have drawbacks that make
them unsuitable as a solvent. It has a higher viscosity during the absorption process than

amine solvents, which limits mass transfer and causes operational issues.

Based on Luo and Wang (2017), it was reported that the reason for its high viscosity after
CO, absorption is due to the generation of strong and dense hydrogen bonds between
compounds. To overcome this limitation, some authors proposed that using non-amine
functionalized ionic liquid is advantageous in terms of constraining the generation of
hydrogen-bonded networks. Although it is noted that it is more expensive than amine

solvents.

2.4.4 Solvents blend

A solvent blend may provide a significant improvement in energy consumption and solvent
circulation rate by reducing the energy associated with amine regeneration. For example,
adding primary or secondary amine to tertiary amine might enhance the absorption rate,

increase the resistance to solvent degradation, and reduce energy consumption. For
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these reasons, the researchers investigated several solvent blends to obtain the novel
solvent for reducing the energy penalty. MDEA, as an example, which was the first amine,
was added to faster-kinetic amine such as MEA and PZ, namely promoters. Table 2.5

presents the most relevant solvent blends from the previous studies.

Table 2.5: Solvent blends of solvent-based PCC process

Solvents blend Abbreviation Reference
Piperazine and potassium carbonate PZ+K,CO3 | Oexmann et al.( 2008)
2-amino-2-methyl-1-propanol and AMP+PZ Zhang et al., 2017)
Piperazine
Methyl diethanolamine and piperazine MDEA+PZ | Closmann et al.( 2009)
Monoethanolamine and piperazine MEA+PZ Dugas and Rochelle
(2011)

There are some advantages to using different solvent blends:
e There is an improvement in thermodynamic efficiency compared to single solvents.
e There is a reduction in solvent degradation and the operating costs.

e To achieve the highest efficiency, the composition range of solvents required for

optimization can be chosen with flexibility.
e Solvent blends provides a higher absorption rate compared to single solvents.
e There is a reduction in the energy required for solvent regeneration.

2.4.5Water-free solvents

Utilizing water with the solvent has a profound role in reducing corrosion and viscosity.
Nevertheless, it increases the parasitic energy required for solvent regeneration. As a
result, some scientists have proposed various water-free solvents, such as amino-
silicones and amines with superbase. A CO2z-philic siloxane backbone and a COz-reactive
amino group distinguish amino-silicones. These solvents have a higher absorption

efficiency compared to conventional amino groups due to the physisorption mechanism.
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2.5 Steady-state simulation of solvent-based PCC

In recent decades, researchers have paid attention to first principles modelling because
the experimental data has limitations in changing the operating conditions. It focuses on
mass, heat transfer, and chemical reactions for solvent-based PCC. To improve the
model, two columns should be deployed in this process. absorber column, which is
operating at low temperature and atmospheric pressure, while the stripper is operating at
elevated temperature and pressure, relying on the solvent characteristics.

This model's development requires two phenomena, including mass transfer and
chemical reactions. These phenomena are classified as "model-level complexity.” The
level of complexity is classified based on two approaches: the equilibrium-based approach
and the rate-based approach. The former expresses the consistent thermodynamic rule
by calculating vapour pressure, heat capacities, and heat reactions. It considers that both
phases, liquid and gas, are in equilibrium as theoretical stages. However, this approach
is not able to provide the performance of the CO2 capture process at a specific column
size, so the latter is required. It will give accurate results as it consists of mass transfer
and kinetic reactions. This approach is more reliable for analysing the performance of
solvent-based PCC.

Figure 2.2 depicts the level of complexity for two approaches. Model (1) expresses both
equilibrium in mass transfer and chemical reaction, while Model (2) has an equilibrium
stage with reaction kinetics. Model (2) is still not reliable for model development because
it cannot give accurate model predictions, such as CO:2 capture level and re-boiler duty
related to chemical reactions and mass transfer as mentioned. Model (3) is different from
models (1) and (2) because it expresses mass transfer but with an equilibrium reaction. It
was used and provided satisfactory results in cases of fast reactions. Model (4) is similar
to model (3) but with an improvement in the enhancement factor, which is defined as the
ratio of the liquid mass transfer coefficient with or without reaction. Model 5, which
considers reaction kinetics, reaction film, and electrolyte, is the most complex and

accurate among the other models.
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Figure 2.2: A schematic of model level complexity for equilibrium -based model and rate-based
model (Wang et al., 2011)

There are several mass transfer theories for two phases, liquid and vapour, such as the
two film theory and the penetration theory (Li et al., 2015). The two-film theory is more
widely used due to its simplicity and ease of implementation. In both phases, there are
two regions classified in this theory: bulk and film. The impact of mass transfer resistance
is in the laminar film area. Penetration theory, on the other hand, operates on a different
principle: the elements have the same exposure time on the surface of both phases, liquid
and vapour, which has a strong influence on the mass transfer coefficient.

Pintola et al. (1993) developed a steady-state model for absorbers, conducting a rate-
based model with an enhancement ratio to estimate the accurate absorption rate. Their
finding of enhancement factors shows that there is a variation from the results by
Tontiwachwuthikul et al.(1992). This discrepancy might have occurred because we used
different correlations. It is emphasised that evaporation, condensation of water, and
physical properties should be considered to provide accurate results against the pilot plant
data. Moreover, the results confirmed that in the bottom of the absorber, the most CO2
removal occurred due to a high CO2 concentration. For the CO2 capture process, it is not
sufficient to develop a standalone column so that there is a further steady-state model
expressing the absorber and stripper by Alatigi et al. (1994) in which rate-based

calculation was conducted with different enhancement ratio correlations.
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Abu-Zahra et al.( 2007) performed a steady-state model for both columns using RadFrac
using Aspen Plus®. A technical parametric analysis was conducted to improve the
absorption rate and reduce the energy penalty. The experiment was carried out with a
30% MEA concentration, a COz2 lean loading (mol CO2/mol MEA), CO: capture rate (%),
lean solvent temperature (°C), and stripper pressure (kPa). It was noted that CO:2 lean
loading has a profound effect on the performance of the entire process. Furthermore,
energy savings occurred when MEA concentration and stripper pressure were increased.
The economic study was performed by Abu-Zahra et al. ( 2007)

As shown in the Figure 2.2, there are two approaches to expressing the CO2 medium with
the target solvents. An equilibrium-based approach follows the principle of thermodynamic
relations. Heat capacity, gas solubility, vapour pressure, heat of reaction, and molecular
interaction are estimated using a set of parameters describing the chemical properties

(Papadopoulos, 2017). Helmholtz formulation is used to obtain the chemical properties.

2.6 Control design of solvent-based PCC plant using packed bed with

solvents

Process control strategy is considered a necessity because it has a profound role in
achieving safety and profitability for every process. It includes three entities consisting of
the type of controller, control structure, and control design and tuning. Further detail will
be discussed for previous studies on the process control of solvent-based PCC.

Most chemical processes are considered as an integrated process, which requires an
appropriate controller based on control structure and design. The essential key is to select
the manipulated and controlled variables properly, which are characterised by single

input-single output (SISO) or multiple inputs-multiple outputs (MIMO).

Lawal et al. (2010) utilised a control scheme. The control structure is to control the
temperature of the stripper by using a PI controller and manipulating the condenser and
re-boiler heat for the bottom and top of the stripper. Because the temperature of the
stripper has a vital impact on solvent absorption capacity and CO:2 loading from the
bottom, Another controller was deployed, which is the P controller for keeping the re-boiler
level by manipulating the re-boiler bottom flow rate. In addition, water balance was under
control by manipulating the water makeup mass flowrate and water mass fraction in the
lean solvent, which includes 30.48 wt.% MEA, 6.18 wt.% CO2, and 63.34 wt.% H20.
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Furthermore, the main goal is to control the CO2 capture level by adjusting the lean solvent
flow rate. The dynamic performance of solvent-based PCC was evaluated in this study
using various disturbances such as increasing flue gas flow rate and CO2 concentration
in flue gas. The evaluation results show that the liquid to gas ratio (L/G) has a significant
impact on the absorber, whereas the stripper is sensitive to the re-boiler heat duty.
Similarly, Lin et al. (2011) performed the same procedure in the control structure.
However, the manipulated variable for liquid level in the re-boiler was the water makeup
flowrate; hence, it affected the water balance in the entire process. Despite the presence
of disturbances such as flue gas flowrate, CO2 content in the flue gas, and H20
concentration, the results of the dynamic analysis revealed that the process is operating
well under the specified COz2 capture level and CO: lean loading.

Mechleri et al. (2017) used two control structure strategies. Strategy one was to control
CO2 capture and re-boiler temperature by maintaining the lean solvent flowrate and steam
flowrate, respectively. Whereas strategy 2 was to keep controlling CO2 capture with a lean
solvent flowrate by regulating the re-boiler temperature and lean solvent flowrate. The
performance of the control structure was evaluated based on disturbance rejection, and
the level of CO2 capture was also controlled. The deviation from the set point was
extremely low. The aforementioned step should be followed by controller selection, control
design, and tuning. There are a variety of controllers that are essential in process control,
such as decentralised or centralised loop control. An example of a decentralised control
structure is the PID controller, whether it is feedback or feedforward. It can be utilised in
such a way that each loop has a different structure. Several previous studies focused on
the controllability of flexible operation for solvent-based PCC, Rodriguez et al. (2014). In
this study, PI controllers were used in the process where CO:2 capture level was controlled
by regulating the lean solvent flow rate. In addition, another Pl controller was deployed to
control the pressure in the condenser and re-boiler by manipulating the condenser vapour
in the outlet stream and the re-boiler vapour outlet stream. The dynamic performance in
the case of COz2 capture level did not achieve the setpoint, which is 90%, because it rose
to 93% and reduced to 87% in the presence of ramp disturbance. Furthermore, the P

controller was utilised as well to control the condenser level.

Gaspar et al. (2015) implemented a decentralised control structure to control both CO:

capture level and lean loading out of the re-boiler while the manipulated variables were
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the lean solvent flowrate entering the absorber and the flowrate of steam entering the re-

boiler using a two-control structure with two P controllers.

2.7 Dynamic simulation and validation of solvent-based PCC using

packed bed with solvents

Due to the inaccuracy of model development for the whole process at steady-state, the
performance dynamic analysis is required to obtain the deep understanding of the process
at transient condition. Hence, it will provide the knowledge for flexible operations (i.e.,
start-up and shutdown). The researcher investigated the dynamic performance by
standalone packed columns. For example, a few researchers studied the dynamic
performance of absorber column using the MEA benchmark (Kvamsdal et al., 2009;2011;
Lawal et al., 2009; 2009a; Mac Dowell et al., 2013; Posch and Haider, 2013). On the other
hand, stripper was investigated by (Lawal et al., 2009; Ziaii et al., 2009; Greer et al., 2010).

Kvamsdal et al. (2009) investigated the dynamic performance of a standalone absorber
by changing the lean solvent flow rate and the thermodynamic state. In addition, the H20
content of the flue gas stream was increased. It was observed that this variable has a
profound impact on the mass transfer zone position, which raises the condensability of
the flue gas stream. On the other hand, Ziaii et al. (2009) analysed the dynamic
performance for standalone stripper for two dynamic strategies (i.e., peak load and price).
A negative step change in the steam flow rate was deployed with and without modifying
the rich solvent flow rate. The results showed that in cases of steam flowrate reduction
without adjusting rich solvent flowrate, the lean loading increased by 3%. However, the
standalone packed column cannot provide accurate dynamic performance because of the
coupling resistance between both packed columns. Hence, some research studies
studied the performance of two integrated packed columns (Lawal et al., 2010; Gaspar
and Cormos, 2011; Harun et al., 2012; Biliyok et al., 2012; Dietl et al., 2012; Flg et al.,
2015)

Lawal et al. (2009) investigated the dynamic performance of the entire process using two
integrated-packed columns. The results confirmed that the L/G ratio has a greater direct
impact on absorber performance than the solvent flowrate or flue gas flowrate. (Walters
et al.(2016) developed a rate-based model through an intercooling absorber using
piperazine (PZ) in gPROMS. The regressed electrolyte non-random two liquid (eNRTL)

property method was used, and the mass transfer liquid film was determined
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experimentally using various COz2 lean loadings. The model predictions (i.e., CO2 capture
level and temperature profile) illustrated that there is a high degree of agreement with the
steady-state model developed in Aspen Plus®. Using the same software, Biliyok et al.
(2012) implemented the dynamic model through the same configuration, which is an
intercooled absorber. However, this model was modified from Lawal et al. (2009) using a
rate-based model by two-layer film theory. For the need of simplicity, chemical reactions
were assumed to be in equilibrium. In this study, three empirical cases from the SRP pilot
plant at the University of Texas at Austin were deployed for dynamic validation. The first
case was used for conventional configuration, while the other two were used for
intercooling absorber configuration. The data were obtained with different input variables
such as solvent flowrate, solvent temperature, CO2 content in flue gas, flue gas flowrate,
and flue gas temperature. The findings noted that the results predicted well the behaviour
of the pilot plant in the case of dynamic change. After that, a another analysis was
conducted to study the impact of increasing the moisture content and decreasing the
intercooled solvent temperature. The simulated results showed that moisture content
plays a critical role in the absorber temperature profile but has a marginal effect on capture
level. Furthermore, using an intercooling absorber improved absorption efficiency,
improving the absorber's performance, especially when the temperature bulge which is
defined as the maximum increase in the temperature in the column. The temperature
bulge is the result of chemical reactions between COz: in flue gas and the solvent in liquid

phase.

Dynamic modelling and simulation through software should be validated in order to
provide reliable knowledge for dynamic perfomance analysis. Kvamsdal et al., (2011)
developed a rate-based model using Matlab® software. The model was validated against
two empirical datasets from the Validation of Carbon Capture (VOCC) rig in Norway. Two
experimental data were tested in this validation: change in gas and liquid flowrate and
change in CO2 content in flue gas. The model predictions, including CO2 capture level
and CO:z2 rich loading, were validated against the experimental data, and the results
reflected the dynamic absorber performance well within an acceptable deviation.
Furthermore, different reaction coefficients were evaluated, and the findings confirmed

that the model fitted to a specific pilot plant may not be valid for other pilot plant data.
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Akesson et al.(2012).used Modalica® for dynamic rate-based model to be used for the
entire process. The model was evaluated against experimental data from the Esbjerg Pilot
Plant in Denmark, where it was performed in an open loop. A 30% step change was used
to change the flue gas flow rate. The dynamic response of the CO2 capture level increased
rapidly in response to a reduction in flue gas flowrate, whereas flue gas flowrate has only
a minor effect on re-boiler temperature. On the other hand, closed loop performance was
deployed by Posch and Haider (2013) to obtain deep insight about the absorber
temperature profile. A dynamic rate-based model was carried out in a closed loop in which
two input variables were adjusted, including flue gas and lean solvent temperature, from
30 to 50 °C. The validation was performed using the experimental data from the CO2
SEPPL test rig at the Durnrohr power station in Austria. The results indicated that the
dynamic response of temperature change at different absorber heights was in agreement

with the experimental data.

Enaasen et al., (2014) developed a dynamic model that was validated against the Brindisi
Pilot Plant in Italy. The key parameters studied in this model were steam flowrate, re-
boiler duty, flue gas, and lean solvent flowrate. Reduction in steam flowrate for re-boiler
duty had a minor impact on COz2 rich loading but had a high probability of increasing CO2
lean loading slowly. By the end, there is a reduction in CO2 capture level and CO:2 flow
rate generated from the top of the stripper. In lean solvent flowrate reduction, the CO:
capture level decreased quickly, while the flue gas flowrate had a negligible impact on
COz rich and lean loading but had a major effect on the CO: capture level. After that, the
transiently validated model was used in the K-Spice general simulation tool and evaluated

against pilot data, where the prediction was in agreement with dynamic performance.

Gaspar et al.(2016) performed a comparison of dynamic performance between the
DCAPCO: in-house model and experimental data from a 1 t/h CO:2 pilot plant, utilising 30
wt.% MEA. The comparison was based on flue gas flowrate change, while the responses
of key parameters were: CO2 concentration in treated gas, flowrate of CO2 generated from
the top of the stripper, and the temperature profile for the liquid phase in different columns'
heights. The results showed that the model was reliable against experimental data with a
small deviation. On the other hand, a steady-state deviation in the CO2 concentration of
treated gas occurred when it was below 0.5 mol% due to the inaccuracy of physical and
thermodynamic measurements. The sump was not performed in this procedure; hence,

the fluctuation was easily obtained compared to the pilot plant. Another investigation was
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to scale-up the validated model to 200 t/h CO2 capacity by applying two solvents, MEA,
and PZ, at different concentrations (30 and 40 wt.%) followed by dynamic performance.
The transient results showed that a reduction in the flue gas flow rate has a major effect
on COz2 capture levels. Another observation is that the time for MEA to reach steady-state
was faster than for PZ for the specified concentration in case of a flue gas flowrate
increase. The reason is that the flue gas flow rate has a greater impact on the temperature
of PZ in comparison to MEA. Another investigation was to carry out the load following the
use of solvent-based PCC at a different circulation rate. In the case of a solvent limit, it
was essential to adjust the solvent flow rate to provide the target CO:2 capture level while
reducing the fluctuation in re-boiler duty.

Haar et al., (2017) developed a rate-based model, which is different from that of the
researcher. The equilibrium-based model was implemented in Thermal Separation
Modalica®. The parameters regulated were mass, heat transfer, and chemical reaction
coefficients using steady-state experimental data in order to provide a reliable model at
specific nominal operating conditions. In the case of a step change in flue gas flowrate,
the model predictions, including CO2 capture level and COz2 rich loading, had good
agreement with the experimental data, while the temperature profile had a large steady-
state deviation, particularly in absorber columns, which was similar to the findings in Peng
et al. (2003). Furthermore, a switch from steam to a re-boiler was proposed to improve
the power plant's load-following performance. Also, transient analysis was conducted in
the case of the steam to re-boiler step change. Table 2.6 provides a summary about

dynamic and validation of solvent-based PCC.
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Table 2.6: Summary of some project conducted dynamic modelling of solvent-based PCC using different solvents

Institute Year | Solvent/software Cases investigated Validation data Reference
Norwegian research program 2011 | MEA/ model (4) CO, content in flue Validation of Carbon Kvamsdal et
Climate, Norway Matlab gas, liquid, and gas Capture (VOCC) rig in al.(2011)
flowrate Norway
Telemark University College, 2013 | MEA/ model (4) Up stream of power Separation Research Jayarathna et
Norway Matlab plant (load scenario Program at the university of | al. (2013)
Downstream of stripper | Texas at Austin
European FP7 OCTAVIUS 2014 | MEA/K-Spice Change in steam Brindisi pilot plant Enaasen et
project general flowrate to re-boiler al.(2014)
dynamic , Change in solvent
simulation tool flowrate
, Change in flue gas
flowrate
Bolyai University, Faculty of 2015 | AMP Flue gas flowrate (step | Experimental data from Gabrielsen
Chemistry and Chemical change), university of Denmark (2005)

Engineering, Romania

liquid flowrate step
change
stripper liquid input

stream
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Department of Chemical 2016 | PZ/ model 5 Step change of Dynamic data from SRP at | Gaspar et al.
Engineering, at the university pressure in stripper the university of Texas at (2016)
of Texas at Austin Austin
Propulsion & Power, Delft 2017 | MEA/Model 1 Step change flowrate, | Experimental Pilot plant (Van De Haar
University of Technology (The Modalica CO: concentration from the Maasvlakte power | etal., 2017)

Netherlands), Institute of
Thermo-Fluid Dynamics,
Hamburg University of
Technology (Germany) and
TNO (The Netherlands

Organisation)

station
power station in the

Netherlands
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2.8 Solvent-based PCC using Rotating packed bed for Process

Intensification

Rotating packed bed (RPB) is classified as a device for process intensification where a
high centrifugal field is produced by a torus-shaped rotor spinning. This method was
deployed originally by Colin Ramshaw (Luo et al., 2012). The main fundamental of this
approach is that the liquids flow as jets, which come from the liquid distributor and get into
the inner periphery of the rotor. The liquid flows through the rotor’s packing. In cases of
high gravity, micro- or nano-droplets are produced by liquid distribution. The gas flows to
the liquid in the rotor in three ways: counter-current, co-current, and crossflow. This
approach has advantages over the conventional packed bed in terms of mass transfer
rate between liquid and gas, which is 1-3 orders of magnitude faster than the conventional
packed bed. A rotating packed bed's central component is the rotor. The previous studies

focused on different aspects, such as pressure drop and mass transfer performance

Zheng et al. (2000) investigated pressure drop in a rotating packed bed in a counter-
current flow. It was confirmed that using wet-packed beds has a significantly lower
pressure drop compared to dry-packed beds within specific operating conditions. For the
experimental status of a rotating packed bed at Newcastle University, the main
parameters investigated were lean amine temperature and rotor speed, using different
MEA concentrations of 30, 55, 75, and 100 wt.%. The packing type was expamet, with a
surface area of 2132 m?/m? and a void fraction of 0.76. On the other hand, another
operating condition was used where water was used as a solvent for hydrodynamic study
in the rotating packed bed. The findings indicated that using a rotating packed bed
enhanced the mass transfer, which is gas phase controlled. Therefore, it is suitable for

gas sweetening applications (Jassim et al., 2007).

At Taiwan University, Chang Gung University, and Chung Yuan University, three solvents
were used to assess the RPB column. It was found that using DETA is more efficient than
MEA in terms of Kca and HTU because DETA has a higher absorption capacity compared
to MEA. DETA also has a high boiling point but a low vapour pressure (Yu et al., 2012).
A blend of solvents PZ and DETA had a higher CO2 absorption capacity than a single
DETA. "On the other hand, at Iran intensification research, the packing was different from
the aforementioned studies of the specific surface area and void fraction; the operating

conditions included inlet flue gas with 5000 ppm CO:2 and flue gas and liquid flow rates of
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10-40 L/min and 0.2-0.8 L/min, respectively. The rotor speed ranged from 400 to 1600
rom. The finding confirmed that the height of the transfer unit of CO2 carbon capture
absorption ranged from 2.4-4 cm and depended on the rotor speed, solution

concentration, and gas and liquid flow rates (Rahimi and Mosleh, 2015)

2.9 Summary

The previous literature on steady-state and dynamic modelling of solvent-based PCC
processes through control structure and design has shown these highlights:

e A few previous studies were developed using software at pilot scale for solvent-
based PCC processes using the benchmark solvent MEA. But it has two problems:
it costs a lot to run and buy, and it uses a lot of energy because of the way it works
and how the solvent is recycled.

e Limited previous studies on a commercial scale were implemented to meet the
exact flue gas flowrate from the CCGT power plants. The scale-up method is
reliable if the solvent-based PCC modelling is validated against experimental data.
Furthermore, the scale-up procedure has no effect on the process's performance,
whether it affects the physical or chemical properties.

« Limited dynamic modelling of solvent-based PCC at pilot and commercial scales
using different solvents such as PZ, AMP, or mixed solvents is necessary because
the majority of previous studies were evaluated using only the benchmark solvent
MEA.

« Based on different solvents such as PZ and mixed solvents (e.g., PZ with AMP),
they have superiority in reducing energy consumption because they have better
properties of absorption ability and solvent degradation. The previous studies
focused on standalone absorbers and strippers. Hence, limited model
development for the entire process was investigated. The economic and technical
analyses were not evaluated to figure out their efficiency in comparison to the

benchmark solvent, MEA.
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Chapter 3: Process Simulation PCC using
MEA

3.1 Overview

In this chapter, the process simulation of the PCC process will be discussed in detail. A
Chemical absorption approach is utilised using the benchmark solvent (MEA). This
solvent is the most commonly used in amine scrubbing applications. Sections 3.2 and 3.3
focused on the steady-state model development and validation of the solvent-based PCC
process at pilot scale using MEA in Aspen Plus® v.11. Section 3.4 presents the scale-up
of the validated PCC model to commercial scale. The Technical evaluation of a
commercial-scale solvent-based PCC model is presented in Section 3.5. In Section 3.6,

Economic evaluation, using Aspen Process Economic Analyser® is presented.

Steady-state the PCC model has limitations in providing a deep understanding of the
transient behaviour of the entire process. Dynamic modelling of the commercial scale
PCC model is presented in Section 3.7.

3.2 Steady-state model development of PCC using MEA at pilot scale

Solvent-based PCC involves an absorption process using an absorber column and
solvent regeneration using a stripper column. The RadFrac model block is used to
represent the respective columns in the solvent-based PCC process. RadFrac is a
rigorous model block, available in Aspen Plus®, for simulating all kinds of multi-stage
fractionation operations such as absorption, stripping, extractive distillation, and
azeotropic distillation. The RadFrac model enables the implementation of the rate-based
modelling approach to the absorber and stripper columns, which is more reliable for the

performance evaluation of the solvent-based PCC process (Al-malah, 2017).

In this process, two phases are included: the gas phase, involving nitrogen, water, carbon

dioxide, and argon. On the other hand, the liquid phase includes the MEA, CO2, and Hz0.

Table 3.1 lists the components of CO2-MEA-H20, along with their ions and flue gas

compositions.
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Table 3.1: Components and ions in gas and liquid phase

Gas phase Liquid phase
CO, H,O MEAH?*
H,O H30" MEACOO-
Argon CO, HCOz
N, CO32 MEA

There were specific assumptions used in this model development:

o Flow regime for plugs

e Linearity in pressure drop across the column

e The accumulation is zero in the liquid and vapour bulks as well as the vapour
phase.

e Negligible oxygen in flue gas

e The reactions occur in the liquid phase.

e There is no heat loss to the surrounding

« MEA is defined as non-volatile, so solvent degradation is negligible.

e There is phase equilibrium occurring at the interface.

The type of model that provides an accurate evaluation of thermodynamic properties
should be selected. Because of the presence of ions, this model must be chosen with the
strong non-ideality of the liquid phase in. A variety of previous studies suggested that
using Electrolyte Non-Random Two Liquid (ENRTL) is the most appropriate method for
expressing the electrolyte interactions between CO2, H20, and MEA.

The solvent-based PCC process is modelled in the simulation as two packed columns,
such as absorber and stripper, heater, condenser, pumps, and cooler. The modelling is
deployed as RadFrac using a rate-based model because it is more reliable than
equilibrium. Table 3.2 details the absorber and stripper packed section specifications
obtained from the pilot plant located at Separation Research Program (SRP), which
includes packed section diameter and height, packing type, packing factor, and surface
area. These specifications are relevant to carry out validation of the model developed at
pilot scale.)(Canepa et al., 2013).

Table 3.2: Absorber and stripper packing material characteristics (Canepa et al., 2013)

Specifications Absorber

Stripper

Packing section diameter (m)

0.427

0.427
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Packing section height (m) 6.100 6.100
Type of Packing IMTP#40 FLEXIPAK 1Y
Packing factor (1/m) 78.700 168.200
Packing surface area (m?/m?3) 145.000 420.000

Because the CO:2 heat of absorption in MEA is greater than the water heat of vaporization,
the pressure in the stripper is always greater than the atmospheric pressure in the
absorber.(Freguia et al., 2003). Moreover, based on the Clausius-Clapeyron equation,
CO2 vapour pressure is increasing rapidly compared to H20 vapour pressure. However,
there is a limit for stripper pressure increases due to the limitation of MEA degradations.
It has been noted that solvent degradation is negligible when keeping the re-boiler
temperature below 110 °C (Davis et al., 2009). The specifications for the absorber and
stripper are presented in Table 3.3, where pressure profile and re-boiler duty were taken
from the experimental data provided by Canepa et al.(2013). On the other hand, the
number of stages was specified based on the CO2 composition profile in the liquid phase
in both packed columns. Also, the amount of liquid held between packing materials, called

"liquid hold-up," is chosen to match the pressure drop in the columns.

Table 3.3: Absorber and stripper specification at pilot scale

Input Absorber Stripper
Pressure profile (N/m?) Top Stage: 97000 Top stage: 161702
Bottom Stage: 106190 Bottom stage: 162090
Liguid holdup (L) 0.09 0.1
Number of stages 10 20
Re-boiler duty (MW) - 0.6

3.2.1 Correlations and reactions used

The correlations selected in this model were the mass transfer coefficient and the
interfacial area estimated by selecting the Onda correlation(Onda et al., 1968). In the case
of liquid holdup, the Stichimair correlation was selected for the calculation in the absorber
column. On the other hand, Bravo correlations were utilised in the stripper for mass

transfer coefficient, interfacial area, and liquid holdup estimation(Bravo, 1985)
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3.2.1.1 Mass transfer

While mass transfer resistance occurs in the liquid and vapour phases, the diffusivity of
COz2 in the liquid phase was estimated by the expression provided by Mahajani, (2005),
and the diffusivity of COz in the vapour phase was estimated using Fuller's equation. The
mass transfer estimations for the liquid and vapour phases in the film were calculated
using the correlation provided by Onda et al.,(1968), the correlation parameters, such as
mass transfer coefficients ke and ki, and the effective area of packing aw were used to
obtain He and H..(Onda et al., 1968).

Equation 3.1 for effective area is shown as follow:

o 6075 7 L \O1 /1. *24 -0.05 L. %2 0.2
—~ =1—exp|-145 (—C) (—) ( W - ) < w ) 3.1
a oL apy, PL PLOLX

Equations 3.2 and 3.3 for mass coefficients:

*
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k(2] () ()
a Dy aply pvDy

Equations 3.4 and 3.5 for film transfer unit heights are provided as follow:

Gm

H. = 3.4
G kGaWP
Lim
H; = 3.5
L kpayCe

3.2.1.2 Chemical reactions used in the model

The reactions added to this model include two reaction type: equilibrium and kinetic. Three
ionic equilibrium reactions (R 3.1-R 3.3) and four kinetic reactions (R 3.4-R 3.7) in

particular:

2H,0 o Hi0% + OH™ R 3.1

MEAH* + H,0 & MEA + H;0% R 3.2
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HCO3™ + H,0 < H;0* + €057 R3.3
CO, + OH™ - HCO;3~ R 3.4
HCO3;~ -» CO, + OH™ R 3.5
MEA + CO, + H,0 -» MEACOO™ + H;0* R 3.6
MEACO0~ + H;0* - MEA + CO, + H,0 R 3.7

Based on the equilibrium reactions, equilibrium constants are defined as functions of
temperature. There are two methods for determining it that Aspen Plus® offers: The first

method is defined as standard Gibbs free energy change, using rigorous equation 3.6:

AG°
RTE
Where G is calculated using Aspen properties®. The second approach is parameter-

Keq = exp (z=) 3.6

based correlation, in which equation 3.7 used is as follow: equation 3.8 represents the

kinetics reactions.

B
In(Keq) = A+ T + CIn(T*) + DTE 3.7
N
= kT (E)IICWJ 3.8
r = kT exp (= | ’ .
=

Where the coefficients A, B, and C were added using literature (Canepa et al., 2013). In
this model, parameter-based model is chosen because it is fully available in the previous
study. Table 3.4 shows all the parameters required for both equilibrium constants and

Kinetic expressions.

Table 3.4: Coefficients for equilibrium constant and kinetic reactions(Canepa et al., 2013)

Reaction no. A B C D
R 3.1 132.88 -13455.9 -22.47 0.0
R 3.2 -3.03 -7008.35 0.0 -0.003
R 3.3 216.04 -12431.7 -35.48 0.0
k E (cal/mol)
R 3.4 4.32+13 13249.0
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R 3.5 2.38e+17 29451.0
R 3.6 9.77e+10 9855.8
R 3.7 2.18e+18 14138.4

3.2.2 Transport phenomena properties

The transport properties in this model include the liquid molar volume model, liquid
viscosity, liquid surface tension, thermal conductivity, and binary diffusivity. All the
transport properties are essential for mass transfer, heat transfer calculations using the
NRTL property model. A Summary of these properties is given in Table 3.5:

Table 3.5: Correlation models used for transport phenomena properties(AspenTech, 2010)

Transport property Liquid phase Gas Phase

Viscosity Jones-Dole electrolyte model Chapman-Enskog-Brokaw
model

Density Clarke model COSTALD model

Thermal Riedel electrolyte correction Wassiljewa-Mason-Sexena

conductivity model model

Surface tension Onsager-Samaras model -

Binary Diffusivity Nernst-Hartely model Chapman-Enskog-Wilke-Lee
model

Heat exchangers were connected as heaters and coolers between the absorber and
stripper column, including one hot stream that is solvent leanout coming from the
stripper. The second cold stream is a rich solvent leaving the absorber column.
Moreover, the loop must be closed. Hence, it is obvious that mass and energy balance
are achieved by adding MEA and water makeup to compensate for any losses in the
entire process. Table 3.6 gives details of conditions (temperature and pressure) of the
make-up MEA and water and the calculated flowrate of each make-up stream. The
make-up stream accounts for the solvent loss and tops up the regenerated lean solvent
flowrate. The make-up stream flowrate for MEA and water was calculated by carrying
out a component mass balance in Aspen Plus. To assure convergence, the pressure
and temperature of each make-up streams were selected as the regenerated lean
solvent temperature and pressure after it has been cooled to 313.15 by a cooler (see

Figure 3.1). to close the loop.
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Figure 3.1: A schematic of flowsheet of solvent-based PCC,showing closed loop

Also, flowrate was calculated to have mass balance in the entire process for MEA and

water.
Table 3.6: Water and MEA make-up input and output specifications
Specifications MEA make-up Water Make-up
Pressure (N/m?) 162090 162090
Temperature (K) 313.15 313.15
Output
Flowrate (kg/h) 15.60 0.062

3.3 Steady-state model validation of PCC using MEA at pilot scale

3.3.1 Pilot plant data

The model validation of a solvent-based PCC process was performed against the
Separations Research Program (SRP) at the University of Texas at Austin. This research
group was organised by Prof. Gary Rochelle. In both packed bed columns: (absorber,
stripper), the diameter was 0.421 and a height of 6.1 m where each packed bed column
was divided into two sections of 3.05 m. In the pilot plant data, there are 48 experimental
cases conducted in this SRP. A solvent-based PCC was developed and validated using

experimental data from case 28 as shown in Table 3.7.
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Table 3.7: Pilot plant data specifications for case 28 from SRP(Canepa et al., 2013)

Specification Case-28 Pilot plant data

Lean solvent volumetric flowrate (m3/min) 0.082

Lean solvent temperature (°C) 40.140
Flue gas volumetric flowrate (m3/min) 11.000
Flue gas temperature (°C) 48.080
Flue gas pressure (bar) 1.052

Condenser temperature (°C) 14.790
Re-boiler temperature (°C) 115.050
CO, content in flue gas (mol%) 16.540
Stripper pressure (bar) 1.621

3.3.2 Steady-state model validation of PCC using MEA at pilot scale

The PCC model validation includes the model predictions, including CO, capture level %,

CO, rich loading molco2/molvea, CO, Lean Loading molco2/molvea, and Temperature

Profile. Table 3.8 presents the model predictions, such as CO, capture level %, CO, rich

loading molcoz/molvea, CO, Lean Loading molcoz/molvea, and re-boiler temperature

against the SRP pilot plant data.

Table 3.8: Model predictions validation against SRP pilot plant data

Input Rate-based model- | SRP experimental Relative
data percentage error

(%)

CO, lean Loading 0.287 0.286 0.348

(molcoz2/molmea)

Output

CO, capture level (%) 86 80 6.9

CO,, rich loading 0.412 0.407 1.4

(molco2/molmea)

Re-boiler temperature 115.93 115.05 0.007

(°C)

CO, capture level was calculated using the equation 3.9:

€0, captrue level = CO3 in fiue gas — €Oz out in treated gas " a9

COZ in flue gas
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The relative percentage error was calculated by equation3.10 for all model predictions to
confirm that the model is reliable with high fidelity against the pilot plant data.

M d del) — real(pilot dat
Relative percentage error % = | easured (mo erZal real(pilot da a)| * 100% 3.10

In the case of the temperature profile, the PCC rate-based model for both packed bed

columns accurately predict the temperature profile from the experimental data, as shown
in Figure 3.2. However, both columns have different temperature bulge locations. In the
absorber, it was noted that its location was at the bottom of the packed column, where
the L/G ratio was 5.95 (kg/kg). The temperature bulge does not have a profound impact

on the absorber's performance.

COg2 transfer is explained by two film theory, which it is a diffusion-based mechanism for
characterizing gas mass transfer across a liquid phase. The assumptions are:

1- Laminar flow exists in gas and liquid film

2- The interface is in equilibrium and Henry's law is used with constant values of
Henry's constant.
3- Chemical reactions and mass transfer occur in the films
The temperature profiles were extracted from Aspen Plus® for liquid phase, where

chemical reactions occur between the CO:2 and the target solvent

Liquid bulk mass balance is shown by equation 3.11 and 3.12:

am, _ —1 aF"L+N Sp . MW, ( )
oF;*
—l|= 0 (3.12)
dy

where:

in =1 ( 3.13)

Regarding equation 3.11, y is defined as the axial location relative to the top of absorber
packing, which means the top is counted zero to one or bottom of packing. The liquid

energy balance is given by equations 3.14,3.15, 3.16.
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dU -1 9Fy"
E = n ay + Sp -w(Hliquidcond + Hliquidconv + Habs) ( 3.14)
aT|y=1
1 _p
5 ( 3.15)
Haps = Ncoz X Raps ( 3.16)

Where haps is defined as the specific heat of absorption where it is estimated as it is a

function of temperature and CO, loading from the literature (Oyenekan, 2007). In equation

3.14, Fut is the liquid enthalpy flow rate (J/s).
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Figure 3.2: Temperature profile for both packed columns: absorber and stripper

In the stripper, it is clear that temperature bulge location is at the top of packed column.

The L/G ratio affects the temperature bulge that happens when reactions happen in a

packed column. L/G ratio for stripper was lower than absorber because the packing

material, known Flexipac 1Y, used has higher surface area than IMTP no.40 in the

absorber. At the packed column top in both plots, there is a difference between the
experimental data and the rate-based model. In the case of the absorber, the feed's

location difference for both streams (flue gas and lean solvent) to the absorber. In the

case of the stripper, the feed operating conditions for the stripper were not provided in the

experimental data, which might show this discrepancy.
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3.4 Scale-up of solvent-based PCC using MEA to commercial scale

The solvent-based PCC model developed at pilot scale was scaled up to commercial
scale to treat the flue gas flowrate from the commercial-scale power plant (250 MWe).
This section highlights in detail the scale-up procedure's implementation. The CO:2 capture
plant was designed to achieve a 90% CO: capture level using 30% wt. MEA solvent to

treat a 356 kg/s flue gas flow rate.

e« The COz2 lean loading was 0.297 mol CO2/mol MEA, where was taken from the
rate-based model at pilot scale as first guess to provide 90% CO:2 capture level at
specific CO2 lean loading.

e The COzrich loading was 0.438 mol CO2/mol MEA, where was taken from the rate-
based model at pilot scale as first guess to provide 90% CO: capture level at
specific CO2 lean loading.

e The CO:2 absorption capacity was assumed to be 0.18 mol CO2/mol MEA, which is
defined as the difference between CO:2 Lean loading and COz2 rich loading at 90%
CO2 capture which is different from the first value of CO:2 lean loadings taken from

pilot plant (Canepa et al., 2013).

The scale-up calculations were focused on the solvent flow rate required and column
diameter. The packed bed column height, on the other hand, was estimated using Aspen

Plus®.

For scale-up calculations, there are a few things to keep in mind, which are explained

below:

3.4.1 Packing type

There are a variety of packing materials, but in this model, two packing materials were
used. Random packing is defined as IMTP no. 40 for absorber columns. The packing
material selection was implemented based on the nature of the fluid utilised and the

operating temperature.

For the stripper, FlexiPac was selected because it has better mass transfer performance

than random packing. This packing material is classified as a structure packing material
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and is produced from a mesh or perforated metal sheet. It has a higher surface area, a
high void fraction, and a high separation efficiency(Towler and Sinnott, 1969). FlexiPac is

more efficient than random packing due to its low HETP and low pressure drop.

Structured packing material utilisation is used in systems with high separation difficulty,
such as high vacuum distillation. However, it is very expensive compared to random
packing material.. Dugas (2006) investigated the performance of packing materials and
concluded that structured packing materials are better than random packing materials by

a factor of 1.5-2.

3.4.2 Packed column size

The absorber diameter was estimated based on the flue gas flow rate from the CCGT
power plant, including specific operating conditions (e.g., temperature and pressure) and
compositions. It was clear that the absorber had the largest size compared to the stripper.
Generally. The flue gas flow rate at commercial scales is thousands of times that of a pilot
plant. For instance, flue gas flow rates at commercial scale reported by Canepa et al.,
(2013) and Lawal et al., (2012) were higher by 5000 and 2200 times the flue gas flow

rates from the pilot plant, respectively.

For packed column diameter estimation, solvent flow rate has to be calculated using the
equation from the previous study (Agbonghae et al., 2014). The flue gas flow rate was
constant while the lean solvent flow rate varied to provide 90% CO:2 capture.

Equation3.17.

Gas flowrate * Xcoz * QPcoz [ MuEea ( 1 — Wsoent

1007 (@yi0n — Troan)  144.009 ) + (“““”] .17

Solvent lean flow rate =
Wsolvent

FLean Solvent mass flow rate (kg/s)
Frc Mass flow rate of flue gas (kg/s)
Xco2 Mass fraction of COz2 in flue gas

Weo2 Percentage of CO2 captured in cleaned flue gas
M Molar mass of lean amine solvent (PZ) (g/mol)
QOlean CO:zlean loading solution

zZ Number of equivalents per mol of amine

QORich CO2 rich loading solution

wamine  Weight percentage of solvent
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In the case of the stripper, the lean solvent flow rate is equal to the sum of the rich solvent
flow rate and the reflux rate, while the gas flow rate to the stripper is equal to the boil-up

rate that is needed to get the lean solvent flow rate.

The first step in scale-up calculation of column diameter is to calculate the flow parameter
using some data from the pilot plant, such as density for both liquid and gas phases,

kinematic viscosity for liquid, and a packing factor for the specified packing materials.

Fovis defined as defined as the liquid phase's kinetic energy multiplied by the gas phase's

kinetic energy using equation 3.18

L
Fry = G ’5—2 3.18

Where L is liquid mass flow rate (kg/s), G is gas mass flow rate (kg/s), while pL, pc express
the densities of both the liquid and gas phases. The flow parameter was used in the
generalised pressure drop correlation (GPDC) chart to obtain Ka, which represents gas
load as shown in Figure 3.3. The estimation was deployed based on the pressure drop
assumption, where 42 mm of water/m of packed column was chosen, where it is defined
as the default value for pressure drop per meter of packing height in packed columns
(Sinnott, 2005).
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Figure 3.3: Generalized pressure drop correlation (Towler and Sinnott,1969)

Kawas used to calculate the gas mass flow rate per cross sectional area Vwin equation
3.19 (Sinnott, 2005).

131+ Viy” * Fp (1 —p)**

e pv(PL-pv) 319
Fp Packing factor (m™1)
Vw Gas mass flowrate per cross sectional area (kg/m?. s)
ML Viscosity of liquid (Pa. s)
Ks Gas load parameter

From the gas mass flowrate of gas phase per cross-sectional area Vw, cross-sectional

area and absorber and stripper diameters were calculated
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Table 3.9: Input parameter and scale-up calculation results

Inputs

Absorber Stripper
pv (kg/m?3) 1.0171 1.055
L/G 1.748 6.335
pL(kg/m?3) 038.47 906.26
Pressure drop (mm H20/ m Packing) 42 42
uL (Pa.s) 0.001268 0.000403
Fp(m™) 78.74 168.2
Results
Fov 0.0575 0.216
K4 1.53 1.00
Cross-sectional area (m?) 152.77 50.10
Packed column diameter (m) 13.95 7.90

Table 3.9 details the input parameters for scale-up calculation and the scale-up
calculation results. The liquid and gas densities (pL and pv), as well as L/G ratio, are
needed to determine the flow parameter (FLv) based on equation 3.18 (see Page 68).
These input specifications (pL, pv, and L/G ratio) were obtained from the rate-based pilot
scale PCC model developed in Aspen Plus®. The determined (FLv) is then used to obtain
the gas load parameter (K4) using the GPDC chart (see Figure 3.2). Using equation 3.19,
the gas mass flowrate per cross-sectional area (Vw) was determined. The packing factor
(Fp) and viscosity of liquid (pL) for both columns were obtained from Sinnott, 2005 and the

rate-based pilot scale PCC model developed in Aspen Plus® respectively.

The cross-sectional area as well as the diameter of each column at large was determined
as follows:(Sinnott, 2005)

Cross-sectional area of packed column = flue gas mass flow rate / Vw

Area= (3.14/4)* (diameter)>.

the absorber cross-sectional area is larger than that of the stripper. This is due to the
absorber receiving a greater volume of flue gas than the stripper. Hence, the absorber

diameter is larger than the stripper diameter.
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3.5 Simulation of solvent-based PCC model at commercial scale and
technical evaluation

3.5.1 Commercial scale PCC simulation

Based on the pilot plant model, the PCC simulation was scaled up to 250 MWe of CCGT.
The operating conditions for the commercial scale PCC were similar to those at the pilot
scale. The simulation is deployed on Aspen Plus®. Table 3.10 shows the specifications
for absorbers and strippers at commercial scale. While the flue gas flow rate and MEA
solvent specifications, including mass flow rate, solvent weight, solvent molecular weight,

and COz capture level, are shown in Table 3.10.

Table 3.10: Absorber and stripper input specification at commercial scale

Specification Absorber Stripper
Number of Column 1 1
Packing material IMTP #40 Flexipac 1Y
Pressure (kPa) 101 162
Diameter (m) 13.95 7.9
Packing height (m) 30 30
Table 3.11: Flue gas and lean solvents specifications at commercial scale
Conditions Value
Mass flow rate of flue gas (kg/s) 356
Mass fraction of CO: in flue gas 0.076
CO2 captured percentage (%) 90
Absorption capacity (mol CO2/mol MEA) 0.18
Molecular weight of MEA solvent (g/mol) 61.08
Mass fraction of MEA in solution 0.30
Calculated Solvent mass flow rate (kg/s) 622.43

3.5.2 Technical evaluation

To determine the optimal value of the independent variable CO2 lean loading on the
dependent variables: L/G ratio and specific re-boiler duty, a technical evaluation is
required. It was noted that the re-boiler duty required for solvent regeneration contributes
to the energy penalty in the entire process. The technical evaluation was conducted by
sensitivity analysis between the independent and dependent variables at a 90% capture
level, as shown in Table 3.18. It was cleared from Figure 3.4 that there was an optimal
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lean loading that has the lowest specific re-boiler duty. The trend was linear for the
independent variable before the lowest re-boiler duty. After the optimal CO2 loan loading,
the trend becomes exponential. The L/G ratio, on the other hand, increases linearly until

it reaches the lowest re-boiler duty.

The re-boiler duty decreases noticeably as CO:2 lean loading increases because it mean
less CO:z2 is stripped, where it requires low steam for solvent regeneration. Hence, the
specific re-boiler duty decreases as well. The COz2 lean loading chosen is 0.19-0.33 mol
CO2/mol MEA, where is the default CO2 lean loading in literature, and the re-boiler duty
range is 171.4-102.35 MW, which was obtained for this CO2 lean loading range. This
range decreases linearly until the optimal value of 0.29 mol CO2/mol MEA CO: lean
loading while re-boiler duty is 4.137 GJ/tonne COz is reached. Another issue observed is
that with increasing COz2 lean loading, the condenser temperature reduces, although the
condenser duty is fixed until the optimal CO:2 lean loading. Because of the lower re-boiler
duty and the lower reflux ratio, the condenser duty decreases to provide a converged
stripper. The relationship between CO: lean loading and dependent variables (specific re-

boiler duty and liquid-to-gas ratio (L/G) kg/kg) is shown in Table 3.12,

Table 3.12: Technical evaluation results of commercial PCC model using MEA

CO. lean loading | Lean  solvent | L/G ratio | Re-boiler Specific re-boiler duty

(mol co./mol mea) Flowrate (kg/s) | (kg/kg) duty (MW) | (GJ/tonne COx)
0.19 378.47 1.06 171.42 7.033
0.20 391.53 1.10 157.05 6.493
0.21 405.52 1.14 144.61 5.951
0.22 420.53 1.18 133.83 5.541
0.23 436.67 1.23 12451 5.117
0.24 454.08 1.28 116.50 4.836
0.25 472.93 1.33 109.76 4.505
0.26 493.40 1.39 104.36 4.350
0.27 515.75 1.45 102.67 4.213
0.28 540.29 1.52 100.87 4.140
0.29 567.49 1.59 100.79 4.137
0.30 597.80 1.68 100.97 4.144
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0.31 632.13 1.78 101.22 4.155
0.32 671.72 1.89 101.62 4.172
0.33 719.09 2.02 102.35 4.201
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Figure 3.4: Technical evaluation plot showing the correlation between L/G ratio with specific re-

boiler duty and CO; lean loading

In Figure 3.4 low CO, lean loading means low solvent flowrate require to provide 90%

CO, capture level. However, high re-boiler duty is needed to strip the CO, rich solvent

liquid to match the desired CO, lean loading. Furthermore, increased CO:2 lean loading

expresses more COz2 in rich solvent, resulting in lower re-boiler duty, lower absorption

capacity, and an increase in the L/G ratio. Compared to previous study (Canepa et al.,

2013). The optimal CO, lean Loading was 0.3 (mol co2/ molvea), providing a specific re-

boiler duty of 4.97 (GJ/tonne co2 and a 2.02 L/G ratio (kg/kg), which was the lowest value

for energy consumption. Moreover, the re-boiler duty was 121 MW at the optimal CO2

lean loading, while in this study the re-boiler duty is 100.8 MW, which is lower than Canepa

et al., (2013). Hence, lower energy consumption, which is strongly connected to the

stripper, and lower capital and operating costs, which will be discussed in section 3.6.
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3.6 Economic evaluation of commercial solvent-based PCC model
using MEA

To select the proper case for dynamic analysis for the whole process, economic
evaluation is required, which is conducted in the Aspen Plus economic analyser®.

An economic evaluation is performed to provide full detail about the entire PCC process,
discussing the cost for each piece of equipment at different CO2 lean loadings, in order to
analyse the operating and capital cost per tonne CO2.The cost breakdown was taken from
the previous study (Akinola et al., 2019). The cost breakdown included in this procedure
is shown in Table 3.13. The percentage of each cost is considered for annualised capital
and operating costs. MEA cost and water, they are assumed to be 0.925 £/kg and 0.00037
£/kg, respectively (Karimi et al., 2011). The cost breakdown involves the total capital cost
(TCC) including direct cost, indirect cost, working capital cost, start-up cost, initial solvent
cost which is illustrated in Table 3.13. Total operating cost (TOC) including variable and

fixed operating cost breakdowns.

Table 3.13: Total capital cost breakdown for economic evaluation of PCC model using MEA

Total Capital Cost Breakdown Percentage of cost
Direct Cost
Installed Cost 10% of Equipment Cost
Instrumentation and Control 20% of Equipment Cost
Pipe 30% of Equipment Cost
Electrical cost 5% of Equipment Cost
Building and Building Service 10% of Equipment Cost
Yard Improve 10% of Equipment Cost
Land 5% of Equipment Cost
Miscellaneous 2% of Equipment Cost

Indirect Cost
Engineering and Supervision 15% of Direct Cost
Contingency 11% of Direct Cost
Procurement cost 2% of Direct Cost
Total Capital cost
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Fixed Capital Cost

Direct and Indirect Cost

Start-up Cost

1% of Fixed Capital Cost

Working Capital Cost

15% of Fixed Capital Cost

Initial Solvent Cost

Solvent flowrate* Cost

Total Operating Cost Breakdown (VOC+FOC)

Variable Operating Cost

Cooling Water Utility (E/GJ) 0.157

Steam Utility Cost (E/GJ) 1.63
Electricity Utility Cost (E/kWhr) 0.057
Make-Up of MEA Cost (£/kg) 0.925
Make-Up of Water Cost (£/kg) 0.00037

Miscellaneous Operating Cost

2% of Variable Operating Cost

Fixed Operating Cost

Admin Cost

15% of Operating Labour

Insurance Cost

1% of Fixed Capital Cost

Local Tax

1% of Fixed Capital Cost

Operating Labour

26.64£ per hr

Lab Cost

20% of Operating Labour

R and D Costs

5% of Operating Cost

Maintenance

3% of Fixed Capital Cost

Supervision

20% of Operating Labour

Distribution and Marketing

0.5% of Operating Cost

Operating supplies

15% of Maintenance

Plant Overheads

50% of Operating Labour

From capital cost and operating cost breakdowns, the annualised capital cost is calculated

using equation 3.20,3.21:

ACC

= fee 3.20
@A+ =D /r(1+ )" |
ATC = 0OC + ACC 3.21

Where:

ACC

Annualised Capital Cost
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TCC Total Capital Cost
ATC Annualised total cost
oC Operating cost

r Project Lifetime

n Project Interest

The project lifetime is assumed to be 20 years with an interest rate of 10%. The annualised
capital cost is calculated at different CO, lean loadings ranged from 0.19-0.33
molco.,/molvea. It is noticed from the Figure 3.5 that the trend of the annualised Capital
Cost with increasing CO, lean loading reduces from 3.1(M£/Year) to reach the lowest cost
of 1.36 (M£/ Year) at 0.28 CO, lean loading, then the Cost started to be increased
because the change in re-boiler duty. The annualised operating cost, on the other hand,
is between 19.5 million pounds per year at 0.19 CO:2 lean loading and 15.3 million pounds
per year at the optimal COz2 lean loading of 0.28 mol CO2/mol MEA. Moreover, in Figure
3.5, The fluctuation was caused by an increase in condenser duty at 0.25 CO:2 lean
loading in the stripper, which raises the annualised total cost, which equals the sum of
annualised operating and capital costs. After 0.28 CO: lean loading, which is the optimal
value where it has the lowest annualised capital cost because it lowers the operating cost

because of lower re-boiler duty , the total cost rises as the lean loading increases.

Annualised total cost = annualised operating cost + annualised capital cost.
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Figure 3.5: Annualised capital cost correlation with changing CO, lean loading

In terms of annualised total cost, the cost ranges from 22.6 (M£/Year) at 0.19 CO:2 lean
loading to 16.53 (M£/Year) at 0.28 mol CO2/mol MEA. At 0.33 COz2 lean loading, the cost

increases to 18 M£/Year. In previous study (Otitoju et al., 2021), the annualised total cost

for 30 wt.% MEA at the optimal CO:2 lean loading was 58.5 M£/year which means a lower

cost in the current study resulting in a lower energy penalty as shown in Figure 3.6
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The total cost per tonne CO, is considered to analyse cost regarding how much CO,

captured from the top of stripper at different CO, lean loading ranged from 29.4 £/tonne
CO, to 21.5 £/tonne CO,, at the optimal CO, lean loading as shown in Figure 3.7. At 0.28

CO, lean loading, the total cost is 21 £/tonne co, as illustrated in the Figure 3.7. on the
other hand, Otitoju et al.,(2021) estimated the total cost of 30 wt.% MEA at around 80.9

ME£/tonne co,

It is indicated from the technical and economic evaluations that the optimal CO. lean

loading 0.28 is the more effective CO: lean loading for 30 wt.% MEA regarding lowest

energy consumption and total operating and capital cost per tonne CO.. Solvent-based

PCC model at 0.29 CO:2 lean loading is selected for dynamic performance analysis

because it has the lowest specific re-boiler duty, using Aspen Dynamics®.
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Figure 3.7: Annualised total cost per tonne CO, correlation with changing CO, lean loading

3.7 Dynamic modelling of commercial scale solvent-based PCC model
using MEA

This section explains the dynamic simulation analysis using MEA as a solvent for
commercial scale solvent-based PCC. Moreover, control structure and design, which are
performed based on open loop analysis, The base case model is selected based on the
economic evaluation in Section 3.6. This case study has the lowest annual total capital
and operating costs. It is the commercial scale of the validated PCC model against SRP

research pilot plant data. The flowsheet of the PCC model is shown in Figure 3.8.
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Figure 3.8: PCC commercial model flowsheet with valves and external condenser using MEA

To conduct a dynamic model of commercial PCC, some equipment are added to stabilise
the transient behaviour in Aspen Plus® and to monitor the water balance in the entire
process, which might have a negative impact on packed bed flooding, including an
absorber sump, stripper sump, an external condenser, including a heat exchanger and a
reflux drum, and a buffer tank for water and solvent make-up to compensate for the loss

in entire process.

For the sump, reflux drum, and buffer tank, the size should be estimated before exporting
the steady-state model to Aspen Dynamics®. The calculations are conducted based on
the flowrate at a steady-state. Table 3.14 shows the base operating conditions for the

commercial PCC model, which are used as the setpoint for the transient behavior.

Table 3.14: Base case operating conditions of absorber for commercial PCC model using MEA

Parameter Value

Absorber

Flue gas flowrate (kg/s) 356
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Lean solvent flowrate (kg/s) 540.292
Absorber diameter (m) 14
Packing height(m) 30
Operating pressure(N/m?) 97000
Absorber pressure drop(bar) 0.1
Packing material IMTP#40
Number of stages 20
Sump level(m) 0.496
Sump diameter(m) 14
CO: capture level (%) 90
Model type Equilibrium-based model

The stripper specification with external condenser including heat exchanger, reflux drum

,and buffer tank is given in Table 3.15:

e Operating pressure was taken from rate-based model, where absorber is operated

at atmospheric pressure to reduce the solvent degradation.

e Number of stages: It is estimated based on the CO2 composition profile in liquid

phase. It is specified when there is equilibrium transfer in its composition.

e CO:2 capture level: it was specified to be 90 % to have tradeoff between profit and

efficiency.

e Sump diameter: It was included in the packed column, where it assumed to be the

same absorber diameter.

e Sump level: It was assumed by taken the flowrate of the packed column last stage

and assume 10 min hold up time residence to fill the whole packed column.

e Model type: it is an equilibrium-based model to be prepared for Aspen Dynamics

because this software does not support kinetic reactions.

Table 3.15: Base case operating conditions of stripper for commercial PCC model using MEA

Parameter Value
Packing height(m) 30
Stripper diameter(m) 7.9
Operating pressure(N/m?) 162090
Stripper pressure drop 0.1
Number of stages 20
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Model type Equilibrium-based model
Packing material FLEXIPAC 1Y
Re-boiler duty (MW) 100.87
Re-boiler temperature(K) 388.229
Condenser Temperature(K) 363.65

Reflux drum level(m) 0.9

Sump level(m) 0.447

Sump diameter(m) 8.2

Buffer tank level(m) 11.232

Buffer tank diameter(m) 5.76

3.7.1 Dynamic considerations

This consideration is essential before exporting the entire process from Aspen Plus® to
Aspen Dynamics®. Some blocks, such as valves, a packed column sump, and an external
condenser, are added to ensure that the process is fully pressure driven. Before dynamic
analysis performance, several considerations were made, such as using an equilibrium-
based model because Aspen Dynamics® does not support a rate-based model. Hence,
stage efficiency is added to the equilibrium-based model to meet the target CO2 capture
level of approximately 90%. Additionally, valve addition in each stream is required in order
to accurately configure the fully pressure-driven system without any fatal errors or
warnings. The acceptable pressure drop range between upstream and downstream
valves should be 2-4 atm (Luyben, 2016). Hence, the accurate pressure drop will enhance
the level of controllability in the entire process. The valve design for liquid and gas phases
has different procedures, which is discussed in the following paragraph. In the case of a
liquid stream, valve design is used to specify the required pressure drop needed to avoid

choking and cavitation.

Choking in the liquid phase, on the other hand, occurs for two reasons: the presence of
vapour produced by cavitation or flashing increases. Hence, the specific volume rises
while the pressure decreases until the sonic value is obtained. Cavitation is defined as
the occurrence of vapour bubbles, which form when the pressure in the liquid decreases
below the vapour pressure. As a result, noise, vibration, and erosion damage will occur.
Flashing is defined as the presence of vapour bubbles generated at the vena cava that

contract without collapsing when the outlet pressure is lower than the vapour pressure,



86 Process Simulation PCC using MEA

resulting in high extreme velocities and the possibility of erosion and pipe damage.
Regarding the flow pattern, which is assumed to be turbulent flow, this expression is
applied to calculate the CV regarding the flow rate in each stream using equation 3.22. In

addition, the choking and cavitation are considered in this calculation (Baumann, 2009).

’SG

Where CV is flow capacity calculated based on the flowrate, SG is the specific gravity at
flowing temperature, AP is the pressure drop between valve streams (inlet and outlet). In
Aspen Plus®, the valve specification is added after calculating the flow capacity CV,
pressure drop ratio factor X:, and pressure recovery factor FL. Pressure drop ratio factor
Xt is estimated using equation 3.23:

P1— P2
Xt == T 323

Where P1 is the valve's inlet pressure and P2 is its outlet pressure. This factor predicts
the choking point when more pressure drops. It is calculated by valve geometry in
accordance with FL, depending on valve type but in this study the valve design in Aspen
Plus was based on Cv calculations. In the case of pressure recovery factor F, it forecasts
how pressure will be retrieved between the pressure vena contracta and the pressure

outlet.

The capacity calculation is affected by the internal geometry, depending on the valve type,
such as butterfly and ball valves, which have high pressure recovery. On the other hand,
they have low vena contracta pressure. The globe valve has a lower recovery pressure
at the same pressure compared to the former valves. Consequently, the former valves
have a higher likelihood of choking or cavitation at lower pressure than globe
valves(Towler and Sinnott, 1969) . The estimation is the square root of the pressure drop
ratio factor considering the pressure at the vena contracta, where it is assumed to be 1/3

of the inlet pressure.

In case of gas stream, the following formula is used, which is equation 3.24 to calculate
the Cv because the gas phase is compressible compared to non-compressible fluid

(Liquid) which is affecting by temperature shown as follow (Engineering world, 2018):

VSG.T 3.24

CcV =
Qs 816.P1
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here Qg is the gas volumetric flow rate (ft%hr), Sc is the specific gravity of medium air at
70°F and 14.7 psia = 1, T is the absolute temperature (°R), and P1 is the inlet pressure
(psi). This formula is constrained by critical flow, where the upstream pressure is higher

than the double of the downstream pressure.

In the packed columns (absorber and stripper), equilibrium reactions are considered in
dynamic simulation because Aspen Dynamics® does not support kinetic reactions. The
absorber column has the same function as the commercial scale, while the stripper is
modelled with an external condenser and internal re-boiler. When pressure checker is
used, converting the normal RadFrac with an internal condenser and stripper results in
fatal errors. This issue is figured out using RadFrac with an external condenser and re-
boiler. This method enhances stripper convergence. So, the stripper is modelled with two
heat exchangers, duplicating the function of the condenser and re-boilers in the normal
RadFrac. The external condenser is modelled as a heat exchanger between cold water
at specific operating conditions required to provide 10 MW condenser duty, where it is
taken from pilot plant data as provided in equation 3.25, while re-boiler duty is calculated

using equation 3.26 (Harun et al., 2012)

dEcona
d(tm = F,Hy,, — F,H, — FLH;, — Qcona 3.25

dE,ep
d’: = FipH;y,, — F,H, — FLH; + Qep 3.26

Econd and Ereb defined as the accumulated energy in both the condenser and the stripper.
In the case of a condenser, Fin is the inlet flowrate, while Fv and FL express the vapour
and liquid flowrates, respectively. Qcond Stands for heat duty required in the condenser.
Hin and Hv, on the other hand, represent the enthalpies of inlet and outlet vapour,
respectively. In a re-boiler, Fin stands for the inlet stream flowrate for the liquid phase,
while FL presents the outlet stream, which is the solvent lean out flowrate. The enthalpies

Hin, Hv, HL represent the liquid stream inlet, outlet vapour, and outlet liquid, respectively.

The heat exchanger is modelled as a shell and tube, and its function is to transfer the heat
required from a lean solvent flow rate to a rich solvent flow rate. Fluid temperature was
used to determine fluid allocation, with lean solvent solution leaving the stripper having a
higher temperature than rich solvent solution leaving the absorber. As a result, the rich

solvent solution flows in the shell while the lean solvent flow rate is allocated in the tube.
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This method enhances tube cleaning in cases of fouling and reduces corrosion. The
energy balance for single tube and shell (Incropera et al., 1996) are shown in equation

3.27, 3.28, respectively.

oT —Uu oT, 1D
tube — tube tube + UTLM tube 327
ot L 0z Ptuve A tubecp,tube
OTsnen  —Ushen 0Tsneu Neupe (IDrype)
- —UT,, 3.28
ot L 0z Pshett A shetCp,shent

For the column sump diameter and height, the liquid volumetric flowrate was considered
from the commercial scale case. The accurate information will provide reliable dynamic
analysis for the entire process. Dynamic information should be filled in before exporting
the process from steady-state to dynamics. The hold up residence time is assumed to be
10 minutes to calculate the volume of the column, where is the acceptable range is
between 5-10 min (Towler and Ray Sinnott, 1969). The sump diameter is assumed to be
equal to the column diameter for both columns because it included in the packed column
while the sump height is estimated for both columns, by multiplying the volumetric flowrate
with 10 min liquid hold up as shown in Table 3.16.

Table 3.16: Sump input value for absorber and stripper

Specification Absorber Stripper
Sump diameter (m) 13.95 7.90
Sump height (m) 4.00 6.30

With the specifications, the commercial-scale equilibrium PCC model is ready for Aspen
Dynamics® to conduct the open loop analysis required before control structure
development and controller design.

3.7.20pen loop analysis

Open loop analysis is conducted to provide the relationship between the manipulated
variables and the controlled variables because open loop analysis is selected to
determine how the pair loop should be selected between variables in the control structure.
The response of an open loop is aimed at offering knowledge of the non-linear behaviour
of controlled variables during dynamic conditions such as CO, capture level, re-boiler
temperature in case of disturbance rejection (flue gas flowrate) and manipulated variable
step change (lean solvent flowrate and re-boiler duty). The findings of the open loop

analysis response are discussed as follows:
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3.7.2.1 Flue gas flowrate step change

The scenario represents the disturbance step change, which is defined as flue gas
flowrate in the commercial PCC model, to analyse its effect on the controlled variables:
CO, capture level and re-boiler temperature. The base operating condition is 356 kg/s of
flue gas flowrate. Aspen Dynamics® was used to perform the flue gas flowrate step
change (5% and 10%) analysis. Figure 3.9 andFigure 3.10 A and B, demonstrate the
correlations between flue gas flowrate and controlled variables (CO, capture level and re-
boiler temperature). The dynamic performance of this process includes the same flow and
heat generated at steady-state but with variable accumulation, where there is change in

the variable with time at transient behavoiur.
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Figure 3.9: Flue gas flowrate step change
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Figure 3.10: (A) CO, capture level correlation on changing flue gas flowrate. (B) Re-boiler

temperature correlation on changing flue gas flowrate

It is noted from Figure 3.10 A and B that the controlled variables CO, capture level and
reactor temperature have an inverse correlation with increasing (or decreasing) flue gas
flowrate. The range of CO, capture levels is between 99.9 and 79% with a settling time of
5 hours, while the re-boiler temperature range is between 391.1 and 387.9K with a settling
time of 11 hours. This step in Figure 3.10 (A) , where is at -5% step change, might occur
because the couple presence between flue gas flowrate and the amount of lean solvent
in the case of flue gas step change due to the integration of this process, which need

decoupling between the variables.

In addition, the effect of the flue gas step change is extremely strong on CO, capture level
compared to the re-boiler temperature. The rich solvent temperature at the bottom of the
absorber decreases as the flue gas flowrate increases (or decreases). This means that at
a constant lean solvent flowrate and re-boiler duty, the reducing rich solvent temperature
decreases (increases). Hence, an increase (or decrease) in the CO, lean loading occurs
when the CO, content is increased (or decreased) in the lean solvent flow rate recycled
to the absorber, resulting in a big difference between CO, rich loading and CO, lean
loading at constant solvent circulation. This finding has a similar trend correlation as in
Lawal et al.(2010) .Also it is in agreement with Nittaya et al.(2014b).

The open loop gain, which is calculated by the ratio of change process variable to the
change in manipulated variable and the time constant, which is calculated by specifying

the time, where the process variables reach 63.2% of final vale, are two characteristics
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that must be calculated during the open loop process. For accuracy. Different step
changes were conducted to obtain the average open loop and time constant. shows the
estimated characteristics of CO, capture level and re-boiler temperature for the specific

flue gas flow rate step change.

Table 3.17 shows the estimated characteristics of CO, capture level and re-boiler

temperature for the specific flue gas flow rate step change.

Table 3.17: Open loop characteristics for CO, capture level and re-boiler temperature
CO, capture level

Step change % Open loop gain Time constant (min)
5% flue gas flowrate -0.172 12
-10% flue gas flowrate -0.114 3.6
-5% flue gas flowrate -0.198 66.6
+10% flue gas flowrate -0.18 0.6
Average -0.1666 20.7
Re-boiler temperature

5% flue gas flowrate -0.0052 150
-10% flue gas flowrate -0.0265 166.2
-5% flue gas flowrate -0.019 166.8
+10% flue gas flowrate -0.0043 135
Average -0.011 123.6

3.7.2.2 Lean solvent step change

This scenario depicts the effect of a step change in lean solvent flowrate on controlled
variables in Figure 3.11. The controlled variables include CO, capture level and re-boiler
temperature, as shown in Figures 3.12 A and B . The base operating condition is 540.292
kg/s, which results in a 91.547% CO, capture level. Moreover, the lean solvent step
change has a similar percentage of flue gas step change (5% and 10%). Figures 3.12 A
and B show the trend correlation of the controlled variables (CO2 capture level and re-
boiler temperature) in the case of a lean solvent step change. dynamically. It indicates
that using a higher lean solvent flowrate results in a higher CO2 capture level without a
recycling loop, indicating a proportional correlation. Figure 3.12 A shows a small spike

which might be because this integrated process, where decoupling is required to reduce
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the effect of some parameters with each others.When the loop is recycled, the step
change reduction in lean solvent increases CO2 capture because the overall circulation
rate of the solvent is decreased. Consequently, the driving force of solvent regeneration
will be higher, which will reduce the re-boiler duty. The results were similar to the previous
studies (Kvamsdal et al., 2009; Lawal et al., 2009; Nittaya et al., 2014a). Compared to the
flue gas step change, the CO:2 capture level and re-boiler temperature settling time are,
respectively, 8 and 7.5. The open loop gain and the time constant are two characteristics
that must be calculated during the open loop process. Different step changes were
conducted to obtain the average open loop and time constant. Table 3.18 shows the
estimated open loop characteristics for the specific lean step change.
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Figure 3.11: Lean solvent flowrate step change
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Figure 3.12: (A) CO, capture level correlation on changing lean solvent flowrate. (B) Re-boiler

temperature correlation on changing lean solvent flowrate

Table 3.18: Open loop characteristics of CO» capture level and re-boiler temperature on changing

lean solvent flowrate

CO: capture level
Step change % Open loop gain Time constant (min)
5% lean solvent flowrate -0.126 3.6
-10% lean solvent flowrate -0.0763 102
-5% lean solvent flowrate -0.130 72.6
+10% lean solvent flowrate -0.0748 54
Average -0.102 45.9
Re-boiler temperature
5% lean solvent flowrate -0.012 162.6
-10% lean solvent flowrate -0.0319 49.8
-5% lean solvent flowrate -0.029 48
+10% lean solvent flowrate -0.015 184.2
Average -0.0176 88.92

3.7.2.3 Re-boiler duty step change

This scenario explores the significance of a re-boiler duty increase (decrease) step
change, as shown in Figure 3.13. The controlled variables CO, capture level and re-boiler
temperature are shown in Figures 3.14 and 3.15, respectively. It is clear from Figure 3.14
that increasing or decreasing re-boiler duty raises or reduces the CO, capture level
because an increase in CO, lean loading from the stripper results in higher CO2 lean
loading, which means more CO:2to be stripped in the stripper. Hence, more steam is
required, resulting in an increase in the re-boiler Hence, the absorption level is enhanced
in the absorber. There is a small spike in CO2 capture level due to Due to controllability
issue which might affects the transient performance of the entire process. The settling
times of both controlled variables (CO, capture level and re-boiler temperature) were 11
and 12 hours, respectively. The open loop characteristics of a step change in re-boiler

duty on CO: capture level and re-boiler temperature are shown in Table 3.19.
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Figure 3.13: Re-boiler duty step change
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Figure 3.14: CO, capture level correlation on changing re-boiler duty
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Figure 3.15: Re-boiler temperature correlation on changing re-boiler duty

Table 3.19: Open loop characteristic for CO, capture level and re-boiler temperature on changing

re-boiler duty

CO: capture level
Step change % Open loop gain Time constant(min)
5% Re-boiler duty 0.815 19.8
-10% Re-boiler duty 0.634 63.6
-5% Re-boiler duty 0.176 21.00
+10% Re-boiler duty 0.422 21.000
Average 0.512 25.080
Re-boiler temperature

5% Re-boiler duty 0.555 309.000
-10% Re-boiler duty 0.149 0.600
-5% Re-boiler duty 0.094 22.800
+10% Re-boiler duty 0.590 343.200
Average 0.266 135.12
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3.7.3 Control structure and design

Control structures are selected based on open loop analysis, where it is represented in
Figure 3.16. For CO2 capture, it was controlled by comparing the CO2 mass flow in the
flue gas stream entering the bottom of the absorber with the CO2 mass flow in the vented
gas stream leaving the top of the absorber and then adjusting the lean solvent flow rate.
Condenser temperature was controlled by manipulating condenser heat duty. Also, the
re-boiler temperature was controlled by adjusting the re-boiler heat duty in the stripper.
Water makeup was paired with water mass fraction in lean solvent flowrate, which was

treated as a variable to be manipulated.
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Figure 3.16: Flowsheet of PCC process with control structure

The absorber sump level was controlled by manipulating the valve (3) for packed column
sump level. By adjusting the valve (8), the stripper sump level can be tightly controlled.
The drum level is controlled by manipulating the valve located after the reflux drum. Liquid
levels in the whole process should be tightly controlled to enhance the controllability of
the CO2 capture level and re-boiler temperature. The controller type used in this process
is conventional control P/Pl. P controller is proportional controller, where it is used to

adjust the level because it is not important to have offset or not against the setpoint. On
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the other hand, PI controller is defined as proportional integral, which is used to reduce
the offset between process variable and the setpoint, such as re-boiler temperature and
duty. On the other hand, CO2 capture level, re-boiler temperature, and condenser
temperature were controlled using a Pl controller. The tuning parameters for the
conventional controllers are given in Table 3.20. In this study, CO2 capture level and re-
boiler temperature were assessed dynamically against setpoint tracking and disturbance

change, which are discussed in the next sections.

Table 3.20: Tunning parameter for conventional controllers

Manipulated Controlled Controller type T Kc | setpoint
variables variables (min) time | gain
integral

Valve 3 Absorber sump Proportional - 40 0.3
Level (m)

Valve 8 Stripper sump Proportional - 80 0.2
Level (m)

Valve 12 Drum level (m) Proportional - 140 2

Lean solvent | CO2 capture level | Proportional/Integral 23 15 90

flowrate (%)

Re-boiler duty | Re-boiler Proportional/Integral 55 10 | 389.229
temperature (K)

Condenser Condenser Proportional/Integral 10 5 | 364.65

duty temperature(K)

3.7.4 Process control evaluation

PCC process control evaluation was assessed using two criteria: disturbance rejection,
which is expressed by flue gas flowrate change, which illustrates the fluctuation in the
operation of power demand, and its response to reject the effect of flue gas flowrate

fluctuation. The second evaluation is the CO2 capture level setpoint step change.

3.7.4.1 Flue gas step change

This scenario is expressed by a 10% step-change increase in flue gas flowrate where
the setpoint is 356 kg/s to analyse its effect on CO:2 capture level and re-boiler

temperature. Figures 3.18 and 3.19 show that a +10 flue gas step change reduces CO:
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capture level and re-boiler temperature. It is difficult to monitor what is happening when
there are setpoint tracking and disturbance rejection. This issue is part of the result
limitation. Moreover, this process is integrated which means decoupling should be
performed to enhance its controllability. However, re-boiler temperature had a spike due
to valve opening for lean solvent flowrate to compensate the reduction in the CO2z capture
level. The reduction in re-boiler temperature was achieved by increasing the re-boiler
duty required in the re-boiler. This dynamic performance has a similar trend as previous
studies (Lawal, 2011; Nittaya, 2014). Additionally, it is observed that the dynamic
performance on the commercial scale has similar behaviour to that on the pilot scale.
Both variables have settling times of 8, 9, and 2 hours for CO2 capture level and re-boiler
temperature,

— Flue gas flowrate
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w w w w w
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Figure 3.17: Flue gas step change for PCC process using 30wt.% MEA
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Figure 3.18: CO; capture level performance with 10% flue gas step change
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Figure 3.19: Re-boiler temperature performance with 10% flue gas step change
3.7.4.2 COz capture level step change

This scenario was evaluated by increasing the setpoint CO:2 capture level from 90 to
85% to investigate its impact on re-boiler duty in the stripper. Figure 3.21 depicts the
trend of re-boiler duty with decreasing CO:2 capture level, where it decreases as the lean
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solvent flow rate decreases. Consequently, a low vapour flow rate is provided in the
stripper. Moreover, the settling time is long, at 10 hours to reach the first steady-state.it
is clear from the Figure that there is fluctuation because it is difficult to monitor what is
happening when there are setpoint tracking and disturbance rejection. This issue is part
of the result limitation. Moreover, this process is integrated which means decoupling
should be performed to enhance its controllability.
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Figure 3.20: CO; capture level step change of -5.5%
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Figure 3.21: Re-boiler duty performance with steppoint reduction in CO, capture level -5.5%
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3.8 Conclusion

In this chapter, Aspen Plus® was used to develop steady-state modelling of solvent-based
PCC processes using 30% wt. MEA. Model validation was performed at a pilot scale
against the experimental data from the separation research programme (SRP). The model
validation findings confirmed that the rate-based model is in agreement with the
experimental data. To meet the needs of a 250 MWe CCGT power plant, a scale-up
procedure was carried out using the same method as in the previous study (Canepa et
al., 2013) to meet 250 MWe CCGT power plant. A technical evaluation was implemented
to obtain the optimal value of CO2 lean loading that minimises energy consumption and
operating and capital costs for the operating conditions. Additionally, economic evaluation
was investigated. Finally, control structure and design were analysed in Aspen

Dynamics®. The following key findings are presented in this chapter:

e The rate-based model was validated against the experimental data with a lower
than 7% deviation. Furthermore, the temperature profile for both packed columns
accurately predict the temperature profile in the experimental data, demonstrating
that the temperature bulge is located at the bottom or top of the packed columns.

e The scale-up procedure was performed from the pilot scale to the 250 MWe CCGT
power plant to obtain the packed column sizes. The absorber diameter was 13.95
m, while the stripper diameter was 7.9 m. The packed columns' height was
assumed to be 30 m. The scale-up method predicts similar behaviour in the
performance of absorber and stripper at pilot scale.

e Technical evaluation showed that L/G ratio and specific re-boiler duty are affected
by CO:2 lean loading, where the optimal CO2 lean loading was 0.28 mol CO2/mol
MEA, the specific re-boiler duty was 4.14 GJ/tonne coz and the L/G ratio was 1.49
kg/kg. To conclude, the correlation between specific re-boiler duty and CO:2 lean
loading exhibits decreasing trend, which mean at higher CO:2 lean loading, lower
specific re-boiler duty will be obtained. In terms of L/G ratio, it was increasing with
increasing CO: lean loading. Hence, it will be beneficial to apply tradeoff between
L/G ratio and energy consumption.

e Economical evaluation showed that the annualised total cost of the solvent-based
PCC using MEA is 22.6 M£/year at 0.19 CO2 lean loading. It was 15.53 M£/year at
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the optimal CO:2 lean loading 0.28 mol CO2/mol MEA. It was increased to 18
ME/year at 0.33 COz2 lean loading.

Dynamic analysis of solvent-based PCC shows that the settling times for COz2
capture level and re-boiler temperature in the case of a 10% flue gas step change
were 8.2 and 9.2 hours, respectively. On the other hand, the re-boiler duty
settlement time was 10 hours. The specified control structure effectively monitors
the process's performance under disturbance rejection and setpoint tracking based

on the settling time to reach the steady-state.
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Chapter 4: Process Simulation of PCC
using PZ

4.1 Overview

This chapter represents the process simulation of PCC using PZ solvent to reduce the
energy penalty that is connected to the benchmark MEA solvent. PZ solvent is known as
a promotor, it has 10 time faster rate of reaction than MEA (Bishnoi et al., 2000). Hence,
it can reduce the energy consumption of PCC. Section 4.3 presents the steady-state
model development and validation of solvent-based PCC at pilot scale using PZ in Aspen
Plus® v.11. In Section 4.4, the validated PCC model was scaled-up to commercial scale.
In Section 4.5, technical evaluation for the scaled-up PCC model was presented.
Economic evaluation is illustrated in detail in Section 4.5 in Aspen Process Economic
Analyser®.

As steady-state model of PCC has limitation in providing the deep understanding of
transient behaviour of the entire process, dynamic modelling of scaled model is presented

in Section 4.7

4.2 Steady-state model development of PCC using PZ at pilot scale

This section provides the details of the steady-state model development of PCC using PZ
This development was carried out in Aspen Plus® v.11. A rate-based model was
implemented to account for mass transfer and reaction kinetics. Model development
evolves thermodynamic properties, kinetics, and equilibrium reactions. The liquid and
vapour phases have an interface as shown in Figure 4.1. Chemistry uses equilibrium
reactions to calculate mass and heat transfer. Moreover, the correlations for heat transfer,

mass transfer, and interfacial area were used.

Some assumptions were used to develop this model:
¢ All the reactions and mass transfer occur in liquid phase.
e The flow of liquid and vapour phase is counter-current

e No reactions exist in liquid and gas film.
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e The vapour film is considered.

e Liquid phase contains these ions: H30*, OH, HCOs, COs?, PZH*, PZCOO,
HPZCOO, PZ(COO)2, Also the molecule of CO2, N2, H20, and PZ.

e No heat losses to the environments

¢ No oxygen content in flue gas stream

interface

vapour bulk phase liguid bulk phase
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Figure 4.1: Vapour and liquid phase with interface accounted in model development(A. Lawal et
al., 2009)

4.2.1 Thermodynamic properties

The electrolyte solution of PZ-CO2-H20 in the liquid phase requires an accurate base
method that accounts for the actual electrolyte solution's characteristics. To account for
this electrolyte's liquid phase, the Electrolyte Non-Random Two-Liquid (ELENRTL) (Chen
et al., 1986)base method was chosen, while the Redlich-Kwong (RK) base method was
chosen for the vapour phase. Aspen properties and VLE data regression predicted a
variety of properties, including Henry's constant, vapour pressure, and specific heat

capacity, where predicted by Aspen properties and VLE data regression.

4.2.2 Chemical reactions used in this model

The chemistry for this model was indicated by set of equilibrium reactions (R 4.1-R 4.7).
They express the forward and backward reactions in the entire process.(Ermatchkov et
al., 2006; Otitoju et al., 2021).

2H,0 = H;0% + OH™ R4.1
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PZH* + H,0 = PZ + H;07 R 4.2
PZ + HCO;~ = PZC0O0~ + H,0 R 4.3
H*PZCOO~ + H,0 = PZCO0~ + H;0% R4.4
HCO;™ + H,0 = H;0" + €05~ R 4.5
CO, + 2H,0 = HCO3;™ + H;07 R 4.6
PZCOO™ + HCO;~ = PZ(C0O0™), + H,0 R 4.7

Regarding the temperature-dependant equilibrium constants, the above reactions are

expressed as molar concentration scale using equation 4.1:

K: =ex <— AGjO)
j = €Xp ( 4.1)

RT
The reactions R 4.1, R 4.5, and R 4.6 represent the water dissociation, the carbonate
formation and bicarbonate. The coefficients in the equation 4.1. were considered from
(Posey and Rochelle 1997). The reaction R 4.2 expresses the PZ Protonation, in which
the coefficients of this reaction were taken from Hetzer et al., (1968). The reactions R 4.3,
R 4.4, and R 4.7 consists the carbamate PZ species, including piperazine mono-
carbamate, dissociation of protonated carbamate zwitterion, and the piperazine di-
carbamate, respectively. Their reaction coefficients were considered from the previous
study (Ermatchkov et al., 2006). On the other hand, kinetic reactions were provided to

account the mass transfer in the liquid phase.

The kinetics-controlled reaction involves set of reactions where they were provided in both
columns (absorber, stripper). These reactions express the rate-controlled for absorption

rate which increases mass transfer efficiency from vapour to liquid phase.
CO,+ OH™ -» HCO5;~ R 4.8
PZ(C007), + H;0* - PZCOO~ + CO, + H,0 R 4.9

HCO3; - CO, + OH™ R 4.10
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PZ + CO, + H,0 - PZCOO~ + H;0% R 4.11
PZCOO~ + H;0" - PZ + C0O, + H,0 R 4.12
PZCOO~ 4+ €0, + H,0 - PZ(C007), + H;07 R 4.13

These kinetic reactions have the reactions rate(kj) that is calculated using power-law
expression by equation 4.2:

i=1
. —E; 3
k]:k i€Xp (R_T]> | | G ay ( 4-2)
N

where the parameters in this equation are expressed as follows: k;" represents the pre-
exponential factor, E; expresses the activation energy, T is the environmental
temperature, R is the universal gas constant, Cidepicts the concentration of species i, ajj
is the reaction order for species i in the reaction j. Table 4.1 illustrates the kinetic reactions
and activation energy used to calculate the reactions rate R 4.8-R 4.13.

Table 4.1: Pre-exponential factor and activation energy parameters used in the kinetic reactions

Reaction number kj® (m3/kmol. s) Ej (kJ/kmol) Reference
R 4.8 4.23e+13 5.55e+4 (Pinsent et al.,
1956)
R4.9 2.38e+17 1.23e+5 (Pinsent et al.,
1956)
R 4.10 4.14e+10 3.36e+4 (Bishnoi et al.,
2000)
R4.11 7.94e+21 6.59%9e+4 (Otitoju et al.,
2021)
R4.12 3.62e+10 3.36e+4 (Bishnoi et al.,
2000)
R 4.13 5.56+25 7.69e+4 (Otitoju et al.,
2021)

4.2.3 Model development of PCC using PZ at pilot scale

The modelling of PCC using PZ solvent has similar configuration to MEA solvent, where
it has similar equipment. The modelling was implemented in Aspen Plus® v.8, v.11 using
two main columns (absorber, stripper) where RadFrac block was selected to account the

packed columns. The model type was rate-based model which considers the Column
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hydraulics. This model has better performance than equilibrium-based model. The
packing materials that were used are MELLAPAK 2X for absorber and stripper as
provided in experimental data. The packing surface area was 205 m?/m3 for absorber
whereas the packing surface area for stripper was 250 m?/m3(Plaza and Rochelle, 2011;

Van Wagener, 2011).

The absorber specifications considered to implement this model are shown in Table 4.2
(Plaza and Rochelle, 2011; Van Wagener, 2011).

Table 4.2: Absorber specifications for model development of PCC at pilot scale(Plaza and
Rochelle, 2011; Van Wagener, 2011)

Absorber Specifications
Number of stages 25
Leanin volumetric flow rate (gpm) 15.1
L/G ratio (kg/kg)) 5.19
Diameter and packing type (m) 0.427, MELLAPAK 2X
Gas volumetric flow rate (m?3/s) 0.165
Column pressure (atm) 1
Gas temperature (°C) 30
Leanin temperature (°C) 40
Column height (m) 6.1

In case of stripper, the specifications required are given in Table 4.3 (Plaza and Rochelle,
2011; Van Wagener, 2011). Number of stages were specified by CO2 composition profile
in liquid phase.

Table 4.3: Stripper specifications for model development of PCC at pilot scale( Plaza and Rochelle,
2011; Van Wagener, 2011)

Stripper Specifications

Stripper Pressure (kPa) 136
Number of Stage 25
Stripper Temperature (°C) 115
Re-boiler Duty (kW) 110
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Reflux Ratio 0.8

The PZ model was developed with 25 stages for the absorber and stripper of the column,
with bulk properties playing the most significant role in calculating reaction rates. In both
columns, mass transfer and energy flux were expressed using the counter-current flow
model. The counter-current flow model is considered an accurate model for explaining the
flow in a packed column when the bulk properties for gas and liquid phases are derived
from the average of the inlet and outlet properties (Razi et al., 2013). Nevertheless, the
use of a counter-current flow model can result in an unstable solution and temperature
profile oscillations. In the liquid phase, reactions occur, which are considered to be rapid
reactions. The discrxn option was chosen to express diffusion resistance with liquid film
reactions. Consider that in the gas phase, film is selected under the assumption that there

are no chemical reactions.

4.2.4 Mass transfer heat transfer correlations

In the model, liquid and vapour films demonstrate mass transfer resistance, and CO:
diffusivity in the liquid phase is estimated using the Mahajani (2005) expression. The
vapour phase COz2 diffusivity was estimated using Fuller's equation. Similar to equations
3.1-3.6, the mass transfer coefficients ke and ki, as well as the effective area of packing
aw, are used to calculate He and Hv in the film Onda et al., (1968). As shown in Table 4.4,
correlations between mass transfer, heat transfer, and interfacial area were used to

account for mass and heat transfer.

Table 4.4: Correlations used in model development of PCC process

Specification Absorber Stripper
Mass transfer (Bravo, 1985) (Bravo et al., 1992)
Heat transfer (Chilton et al., 1934) (Chilton et al., 1934)
Hold-up liquid (Stichlmair et al., 1989) (Stichlmair et al., 1989)
Interfacial area (Bravo, 1985) (Bravo et al., 1992)

4.2.5Transport properties

This model's transport properties include the major transport properties required for heat
and mass calculations. For instance, the Rackett model was applied to define density in
the liquid phase, whereas the Redlich-Kwong EOS model was implemented to define
density in the gas phase. In the liquid phase, the Jones-Dole model was used to express
viscosity, while the Chapman-Enskog model was performed in the gas phase. In the liquid
phase, thermal conductivity was expressed using the Riedel model, while in the gas
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phase, the Wassilijewa-Mason-Saxena model was used. The Wilki-Chang model was
used to express the liquid phase diffusivity, while the Chpman-Enskog-Wilke-Lee model
was applied to the gas phase. In the case of surface tension, Hakim-Steinberg-model
Stiel's with Onsager-model Samaras's in the liquid phase are considered. Table 4.5

provides a summary of these properties (AspenTech, 2010):

Table 4.5: The models used for transport properties for PCC process (AspenTech, 2010)

Transport property Gas Phase Liquid phase
density Redlich-Kwong EOS model Rackett model
Surface tension - Hakim-Steinberg-Stiel with

Onsager-Samaras model

Binary diffusivity Chapman-Enskog-Wilke- Wilki-Chang model
Lee model
Thermal conductivity Wassilijewa-Mason - Riedel model

Saxena model

Viscosity Chapman-Enskog model Jones-Dole model

4.3 Steady-state model validation of PCC using PZ at pilot scale

4.3.1 Pilot plant data

To validate the rate-based model based on model predictions, such as COz2 capture level,
CO:z2 rich loading, re-boiler duty, and specific re-boiler duty at the pilot plant, experimental
pilot plant data was used. The CO2 capture facility at the J.J. Pickle Research Center
provided SRP at the University of Texas at Austin with 14 experimental runs. At the pilot
plant, both the absorber and stripper have the same diameter of 0.427 metres and are
divided into two sections of 3.05 metres. The fourteen experimental pilot plants had a
constant volumetric flue gas flow rate (0.165 m3/s). As shown in Table 4.6, the CO2
concentration in flue gas was 12 mol%, while the PZ concentration was in a different
range. As shown in Table 4.6, while further details about this pilot plant data can be found

in previous studies ( Plaza and Rochelle, 2011; Van Wagener, 2011)
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Table 4.6: pilot plant data for 14 runs of model validation (Van Wagener, 2011)

Specificatio Runs
n 1 2 3 4 5 6 7 8 9 10 11 12 13 14
Leann 1.04 1.07 1.05 1.09 |0.84 1.28 1.07 0.85 1.26 1.08 1.24 1.22 1.01 |0.81
flowrate
(kg/s)
Lean 323.0 | 319.6 |322.6 |312.8 |317.2 | 3185 [321.3 |318.0 |324.8 |3184 |3179 |321.7 |319.6 | 315.7
Temperatur |5 5 5 5 5 5 5 5 5 5 5 5 5 5
e (K)
CO, lean 0.3 031 |025 |0.39 |0.28 |0.303 [0.305 |0.298 |0.27 |0.331 |0.316 |0.274 |0.257 |0.262
loading
(mol/mol)
Re-boiler 380.3 | 376.1 | 382.0 | 360.6 |378.8 |377.2 [400.6 |400.6 |402.1 |389.2 |392.8 |400.7 |401.3 |400.1
temperature |5 5 5 5 5 5 5 5 5 5 5 5 5 5
(K)
Re-boiler 0.130 |0.101 |0.155 |0.045 |0.111 |0.125 |0.112 |0.105 |0.141 |0.079 |0.099 |0.134 |0.129 |0.114
duty (MW) 6 5 9 1 3 7 6 3 8 6 5
Rich solvent | 320.5 | 316.9 | 319.9 |[310.2 |314.6 |315.4 |316.9 |314.1 |320.5 |314.6 | 314 317.8 |315.7 | 311.9
Temp (°C)
CO, rate 118.8 | 93.6 129.6 | 39.6 100.8 |111.6 |93.6 82.8 64.8 115.2 | 79.2 115.2 | 111.6 |93.6
from stripper
(kg/h)
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Condenser |0.02 |0.008 |0.019 |0.002 |0.011 |0.012 |0.005 |0.004 |0.011 |0.013 | 0.004 |0.011 |0.010 |0.009
rate (kg/s)

CO; rich 0.3 037 (033 |04 0.358 [0.36 |0.364 |0.369 |0.338 |0.381 |0.382 |0.362 |0.360 |0.382
Loading
(mol /mol)
Pz 37.25 |39.35 |459 [409 |39.1 |41.05 [40.3 |394 [39.2 |38.35 |24.05 [24.75 (245 |23.2

concentratio
n (%owt.)
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4.3.2 Model validation of PCC using PZ at pilot scale

The rate-base model validation was conducted for case (5). The model predictions (CO,
lean Loading, CO, rich loading, and re-boiler duty) were in agreement with pilot plant data
as shown in Table 4.7. The rate-based model is reliable and accurate because it

satisfactorily predicted the pilot plant data with a small deviation around 5%.

Table 4.7: model predictions for rate-based model against pilot plant data

Parameter Rate-based model Experimental data Relative
percentage error

(%)

CO,, capture level (%) 82.2 85.9 4.31

CO, Lean Loading 0.29 0.28 3.57

(mol coz/mol rz)

CO, rich loading (mol 0.35 0.358 2.23

coz2/mol pz)

Re-boiler duty (kW) 110 111.1 0.99

Figure 4.2 depicts the temperature profile of absorber column validation against the pilot
plant data. It is noted from the trend that there is satisfactory agreement with pilot plant
data. Moreover, it is clear that the temperature bulge is located at the bottom with a L/G
ratio of 5.5 kg/kg. The heat generated by the chemical reactions provided causes a
discrepancy between pilot plant data and the rate-based model, where the provided

temperature profile of rate-based model is higher than experimental data.
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Figure 4.2: Absorber temperature profile for PCC model using PZ
4.4 Scale-up of solvent-based PCC using PZ to commercial scale

The scale-up is aimed at estimating the main columns' size so they can handle the flue
gas flow rate from a CCGT power plant. The scale-up process was performed using 40
and 30 %wt. PZ solvent, respectively. These concentrations are considered because PZ
should be compared with 30%wt. the benchmark MEA. Also, 40% wt. PZ was investigated
to analyse its impact at a higher weight percentage than the benchmark solvent. The
operating conditions, i.e., flue gas, lean amine temperature, absorber pressure, and
stripper pressure were taken from the rate-based model at pilot scale. The scale-up
procedure can be summarised as follows: (i) Calculation of flue gas flowrate and
composition; (ii) calculation of lean solvent flowrate; and (iii) estimation of absorber and
stripper diameter. The PZ model was scaled up to capture 90% CO:2 from flue gas from
250 MWe CCGT power plants, with COz2 purity of 99% coming out of the stripper. The

assumptions of scale-up were summarised to achieve the process targets as follows:

e PZ weightis 40, 30% to have similar comparison basis with the benchmark solvent
(MEA).

e The capture level is 90%
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e Absorber and stripper pressure was the same as in the pilot plant
e Lean amine and flue gas temperature was similar to the pilot plant
e Negligible oxygen content in flue gas content.

4.4.1 Flue gas specifications
The flue gas specifications from a 250 MWe CCGT power plant, which includes flowrate

and compositions are shown in Table 4.8.

Table 4.8: Flue gas specifications and its composition(Canepa et al., 2013)

Input Flue gas specification from CCGT power plant

Flue gas 356 after cooling and pre-treatment
flowrate (kg/s)
Composition CO, N, H,O Ar

(mol fraction) 0.0486 0.867 0.0735 0.0105

The flue gas specifications were similar to the MEA model, where flue gas flowrate is
considered after gas pre-treatment, where acid gases, i.e., NOx and SOX, were removed
to prevent the formation of heat-stable salts, impacting the solvent regeneration process.
Moreover, oxygen content was removed before entering the absorber because oxygen

can enhance the equipment’s corrosion and solvent degradation.

4.4.2 Lean solvent flowrate estimation
After flue gas flowrate specification, lean solvent flowrate required to capture 90 % CO,

capture level should be estimated using equation provided Agbonghae et al., (2014)

4.4.3 Packed column sizing

To ensure a similar basis for energy consumption, the packing material type is similar to
that used for MEA solvent. Some physical properties are required for column sizing, such
as density for the liquid and gas phases and kinematic viscosity for the liquid phase, which
are considered in the model at the pilot plant. To calculate the flow parameter for packed
column size, the L/G ratio is required after estimation of the first guess of lean solvent

flowrate, which is similar to the scale-up method in Section3.4

In general, for gas absorption and distillation, packing or plating is considered. However,
it is indicated that for small diameters, packing material is better than plate due to its
difficulty in installation and being more expensive than packing material. Moreover, liquid
hold-up in packing material is lower than that in plate, which is essential when handling
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flammable liquids (Towler and Sinnott, 1969). Thus, packing materials were used in the
entire process and the inputs of scale-up calculation for packed columns absorber and
stripper are given in Table 4.9, where gas and liquid densities and viscosity were obtained
from the rate-based model at pilot scale. Also, the packing materials were similar as in
MEA model at commercial scale. This calculations are considered at default value of 42
mm H20 pressure drop per meter of packing height(Sinnott, 2005).

Table 4.9: Scale-up calculation for packed columns (absorber and stripper)

Inputs

Absorber Stripper
pv (kg/m?3) 0.9838 1.151
Lw /Vw 1.03 2.32
pL(kg/m?3) 1063.26 | 1037.820
Pressure drop (mm H20/ m Packing) 42 42
uL (Pa.s) 0.00059 | 0.000348
Fp (m?) 78.74 168.2
Results
FLv 0.031558 0.077
K4 15 1.3
Cross sectional area (m?) 119.5 35

For this input specification, the scale-up results are provided in Table 4.10, where
pressure were considered from the experimental data. On the other hand, packed column
diameter was calculated from the scale-up calculations, while packed column height was
auto estimated from Aspen Plus® based on the calculated lean solvent flowrate, where it

was lower than that of MEA solvent.

Table 4.10: Scale-up results for packed columns

Specification Absorber Stripper
Number of Column 1 1
Packing of Column IMTP#40 FLEXIPAK 1Y
Pressure (bar) 1 1.36
Diameter (m) 12.3 6.67
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Packing height (m) 22 22

It is clear that packed column in case of using PZ is lower than using the benchmark MEA
solvent. As a consequence, lower height and diameter was provided because PZ solvent

requires lower solvent flowrate to provide 90% CO, capture level.

The operating conditions of scaled-up validated model are given in Table 4.11

Table 4.11: Operating conditions of PCC scaled model

Scaled model Operating Conditions

CO, lean Loading (mol/mol) 0.28
CO, rich Loading (mol/mol) 0.734
Re-boiler temperature (°C) 115
Re-boiler duty (MW) 89.9424
Condenser temperature (°C) 70
Capture Level (%) 90
L/G ratio (kg/kg) 0.692
Solvent flowrate (kg/s) 246.46
Specific re-boiler duty (GJ/tonne CO,) 3.67

4.5 Technical evaluation of commercial solvent-based PCC using PZ

4.5.1 Technical evaluation of solvent-based PCC process of 30 and 40% wt.
PZ
The technical evaluation of the PCC commercial model was conducted in Aspen Plus®
V.11. The first procedure was implemented using the commercial PCC model at 40
%wt.PZ. The independent variable was CO, lean loading (mol co,/mol rpz), on the other
hand, the dependent variables were L/G ratio (kg/kg) and specific re-boiler duty (GJ/tonne
co,). The range of CO, lean loading was 0.14—0.306 (mol co,/mol pz), where the model
was converged using PZ solvent. The technical evaluation findings are shown in Table
4.12. These results are depicted in Figure 4.3, expressing the impact of increasing CO,
lean loading on dependent variables. Hence, increasing the solvent flow rate on the L/G
ratio and specific re-boiler duty It is noted that an increase in CO, lean loading increases
the L/G ratio. The trend gradually increases linearly until it becomes exponential. Specific

re-boiler duty is decreasing in contract as CO:2 lean loading increases.
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Table 4.12: Technical evaluation results of PCC model using 40%wt. PZ

Lean solvent L/G ratio IC;:; Re-boiler duty Specific re-boiler duty
flowrate (kg/s) (ka/kg) . (MW) (GJ/tonne COy)
loading
201.99 0.56 0.140 160.85 6.57
205.42 0.57 0.150 152.13 6.21
208.98 0.58 0.160 144.41 5.90
212.68 0.597 0.170 137.55 5.62
216.52 0.60 0.180 131.45 5.37
220.51 0.62 0.19 126.01 5.15
224.66 0.63 0.20 121.15 4.95
228.99 0.64 0.21 116.82 4.77
233.50 0.66 0.22 112.95 4.62
238.22 0.67 0.23 109.51 4.48
243.16 0.68 0.24 106.46 4.35
248.34 0.70 0.25 103.76 4.24
253.78 0.71 0.26 101.38 4.14
259.50 0.73 0.27 99.28 4.06
265.86 0.75 0.28 97.55 3.98
269.38 0.76 0.29 96.45 3.94
270.88 0.76 0.29 96.21 3.93
272.16 0.76 0.29 95.90 3.92
278.78 0.78 0.30 94.38 3.86
280.43 0.79 0.30 94.20 3.85
283.46 0.80 0.31 93.74 3.83
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Figure 4.3: Technical evaluation results of PCC model using 40%wt. PZ

The commercial PCC model with 30% PZ was also used because the weight percentage
of the solvents used in the whole process should be the same for both PZ and MEA
solvents. The technical evaluation finding for commercial PCC using 30% wt. PZ is shown
in at 0.2 CO2 lean loading for PCC using 30% wt. PZ, the specific re-boiler duty was 3.2
GJ/tonne CO2 with 0.88 L/G ratio kg/kg. The solvent flow rate was 313.28 kg/s at 0.2 CO2

lean loading mol CO2/mol PZ, while the solvent flow rate was 296.2 kg/s in this study.

Table 4.13. The trend follows the same behaviour in case of 40% wt. PZ as depicted in
Figure 4.4. However, it is noted that using 30 % wt. PZ is more efficient than 40% wt. PZ
regarding the re-boiler duty required to regenerate the PZ solvent. In terms of L/G ratio,
40% wt. PZ has a lower L/G ratio to obtain a 90% CO:2 capture level. The range of solvent
flowrate for 40% wt. PZ was between 201.9 and 283.4 kg/s. In contract; the range of
solvent flowrate for 30% wt. PZ was between 265.9 and 405 kg/s. The specific re-boiler
duty range for 40% wt. PZ. On the other hand, was between 6.57 and 3.82 GJ/tonne COsa.
In the case of 30% wt. PZ, the range was between 6.33 and 3.51 GJ/tonne COo..
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Compared to the previous study (Otitoju et al., 2021), at 0.2 CO:2 lean loading for PCC
using 30% wt. PZ, the specific re-boiler duty was 3.2 GJ/tonne CO2 with 0.88 L/G ratio

kg/kg. The solvent flow rate was 313.28 kg/s at 0.2 COz2 lean loading mol CO2/mol PZ,

while the solvent flow rate was 296.2 kg/s in this study.

Table 4.13: Technical evaluation results of PCC model using 30%wt. PZ

Solvent L/G ratio | CO, lean Re-boiler Specific re-boiler duty
flowrate (kg/s) (kg/kg) loading duty (MW) (GJ/tonne CO,)
265.91 0.75 0.14 154.92 6.33
270.50 0.76 0.15 146.45 5.99
275.40 0.77 0.16 139.07 5.68
280.21 0.79 0.17 132.41 5.41
285.36 0.80 0.18 126.56 5.17
290.72 0.82 0.19 121.37 4.96
296.20 0.83 0.20 116.66 4.77
302.36 0.85 0.21 112.69 4.61
308.10 0.87 0.22 108.92 4.46
315.10 0.89 0.23 105.84 4.32
321.86 0.90 0.24 102.94 4.20
329.01 0.92 0.25 100.31 4.10
336.21 0.94 0.26 97.94 4.00
344.40 0.97 0.27 95.94 3.92
352.99 0.99 0.28 94.03 3.84
362.03 1.02 0.29 92.26 3.77
371.71 1.04 0.30 90.58 3.70
382.13 1.07 0.31 88.97 3.63
393.41 1.11 0.32 87.39 3.57
405.71 1.14 0.33 85.81 3.51
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Figure 4.4: Technical evaluation results of commercial PCC model using 30%wt. PZ

4.5.2 PCC process comparison of 30%wt. MEA versus 30,40%wt.PZ

Through chemical absorption, the PCC process using 30% wt. MEA is defined as the
benchmark among other solvents in the PCC process. The key parameters compared are
absorber diameter, stripper diameter, absorber height, stripper height, specific re-boiler
duty, and L/G ratio. These are the essential parameters required for comparison. The
fundamental comparisons were performed at a 90% CO:2 capture level with similar
packing materials for both packed columns. The flue gas flowrate and composition were
similar for both solvents. The key parameters are shown in Figure 4.5. It is noted from
Figure 4.5 that PZ is 40% wt lighter and has smaller columns (diameter and stripper). It
also has a lower L/G ratio than 30% wt. MEA and 30% wt. PZ. However, have a higher
specific re-boiler duty than 30% wt. PZ because it has higher solvent flowrate with
increasing CO2 lean loading than 30%wt.PZ This result was compared with the previous
study (Otitoju et al., 2021).The result of this study was in agreement with the result in the

previous study provided by Otitoju et al. (2021).
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Figure 4.5: The Key parameters of PCC model using MEA, PZ solvents
4.6 Economic evaluation of commercial PCC model

Economic evaluation of commercial scale The PCC model was implemented in Aspen
Process Economic Analyser® followed the same procedure as in Section 3.6. However,
the solvent basis price is different because the solvent used was piperazine. The price is
assumed to be £5/kg of solvent, which is similar to the previous study (Otitoju et al., 2021).

The total cost breakdown was similar to total cost breakdown in Table 3.13. The project
lifetime is 20 years with a 10% interest rate. The economic evaluation was carried out for
the specific PZ concentrations of 30 wt.% and 40 wt.% to analyse the effect of using

different concentrations on operating and capital costs for the entire process.

It was observed that using PZ at CO2 lean loadings lower than 0.16 mol (CO2/mol PZ)
provided solid precipitation due to its high viscosity, which is higher than at higher CO:
lean loadings. Figure 4.8 shows that the trend wasn't smooth because the condenser duty

was increased at certain COz2 lean loads to help the model converge.
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Figures 4.6, 4.6, 4.7, 4.8 depict the relationship between annualised capital cost (ACC),
annualised total cost (ATC), and annualised total cost per tonne CO2 and CO2 lean
loading change using 30% PZ. It is clear that the trends are decreasing steeply until the
change is negligible (when the CO:2 lean loading is above 0.25 molCO2/molPZ). The
maximum annualised capital cost is 1.38 million pounds per year, whereas the maximum
annualised total cost per tonne CO:2 is 31.5 million pounds per year in the case of ATC.
The annual operating cost was 21.1 million pounds at 0.19 CO:2 lean loading and 18.9
million pounds at 0.29 COz2 lean loading. It was observed that using PZ at CO:2 lean
loadings lower than 0.16 mol (COz2/mol PZ) provided solid precipitation due to its high
viscosity, which is higher than at higher CO2 lean loadings. Figure 4.8 shows that the
trend wasn't smooth because the condenser duty was increased at certain CO2 lean loads
to help the model converge.
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Figure 4.6: Annualised capital cost correlation using 30%wt. PZ with changing CO, lean loading
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Figure 4.8: Annualised total cost correlation using 30%wt. PZ with changing CO, lean loading

Figure 4.9-Figure 4.11 depict the relationship between annualised capital cost (ACC),
annualised total cost (ATC), and annualised total cost per tonne CO2 and CO2 lean
loading change using 40% PZ. It is clear that the trends are decreasing steeply until the
difference is negligible when the CO2 lean loading is greater than 0.28 mol CO2/mol PZ),
which has a similar trend when the PZ concentration is 30%. The maximum annualised
capital cost is 1.38 million pounds per year, whereas ATC's maximum annualised capital
cost is 22.1 million pounds per year, resulting in a max of 28.7 annualised total costs per
tonne CO2. Furthermore, at 0.19 CO: lean loading, the operating cost for 40% wt. PZ was
18.4 million pounds per year, while it was 15.2 million pounds per year at 0.29 CO: lean
loading. From this finding, it is confirmed that using 40 wt.% PZ has a lower annualised
total cost compared to 30 wt.% PZ. It was observed that using PZ at CO: lean loadings
lower than 0.16 mol (CO2/mol PZ) provided solid precipitation due to its high viscosity,
which is higher than at higher CO2 lean loadings. Figure 4.8 shows that the trend wasn't
smooth because the condenser duty was increased at certain CO:2 lean loads to help the

model converge.
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Figure 4.11: Annualised total cost correlation using 40wt.% PZ with changing CO, lean loading
4.7 Dynamic performance analysis of PCC using PZ

This section explains the dynamic analysis of the entire process using PZ as a solvent.
The base case operating condition for the PCC model is presented, and control structure

and design are performed in a similar manner as in Section3.7.3

4.7.1 Base case operating conditions
The base case model is selected based on the economic evaluation in Section4.6.. This

case study has the lowest annual total capital and operating costs. It is the commercial

scale of the validated PCC model compared to the experimental data.

A variety of equipment is added to Aspen Plus® to stabilise the transient behaviour to run
a dynamic model of commercial PCC, including an absorber sump, a stripper sump, an
external condenser, a heat exchanger, a reflux drum, and a buffer tank for water and

solvent make-up to compensate for the loss in the entire process.

For the sump, reflux drum, and buffer tank, the size should be estimated before exporting
the steady-state model to Aspen Dynamics®. The calculations are conducted based on

the flow rate in a steady-state. Table 4.14 shows the base operating conditions for the
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commercial PCC model, which are used as the setpoint for the transient behavior. Some
specifications were obtained from the pilot plant, such as operating pressure and pressure
drop. The flue gas flowrate was provided by Canepa et al. (2013). The sump level was

estimated as in MEA model. Also, sump diameter was similar to packed column diameter.

Table 4.14: Base case operating conditions of absorber for commercial PCC model using PZ

Parameter Value
Absorber

Flue gas flowrate (kg/s) 356
Lean solvent flowrate (kg/s) 352.9
Absorber diameter (m) 12.3
Packing height(m) 22
Operating pressure(N/m?) 97000
Absorber pressure drop(bar) 0.1
Packing material IMTP#40
Number of stages 20
Sump level(m) 0.3
Sump diameter(m) 12.3
CO: capture level (%) 90
Model type Equilibrium-based model

The stripper specification with external condenser including heat exchanger with reflux
drum and buffer tank is given in Table 4.15, where buffer tank level and diameter were

estimated by providing 10 min hold-up time residence to fill the tank.

Table 4.15: Base case operating conditions of stripper for commercial PCC model using PZ

Parameter Value
Packing height(m) 22
Stripper diameter(m) 6.67
Operating pressure(N/m?) 162090
Stripper pressure drop 0.1
Number of stages 20
Model type Equilibrium-based model
Packing material FLEXIPAC 1Y
Re-boiler duty (MW) 96.2
Re-boiler temperature(K) 389.3
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Condenser Temperature(K) 350.05
Reflux drum level(m) 0.4
Sump level(m) 0.2
Sump diameter(m) 6.67
Buffer tank level(m) 7
Buffer tank diameter(m) 3

4.7.2 Control structure and design

Control structures are selected based on open loop analysis, which is represented in
Figure 4.12. For CO2 capture, it was controlled by comparing the CO2 mass flow in the
flue gas stream entering the bottom of the absorber with the CO2 mass flow in the vented
gas stream leaving the top of the absorber and then adjusting the lean solvent flow rate.
Condenser temperature was controlled by manipulating condenser heat duty. Also, the
re-boiler temperature was controlled by adjusting the re-boiler heat duty in the stripper.
Water makeup was paired with water mass fraction in lean solvent flowrate, which was

treated as a variable to be manipulated.
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Figure 4.12: A schematic of PCC using PZ solvent with control structure
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In a packed column sump, the absorber sump level was controlled by manipulating the
valve (3). By adjusting the valve (8), the stripper sump level can be tightly controlled. The
drum level is controlled by manipulating the valve located after the reflux drum. Liquid
levels in the whole process should be tightly controlled to enhance the controllability of
the CO2 capture level and re-boiler temperature. The controller type used in this process
is conventional control. P controllers were selected for the liquid level controller. On the
other hand, CO: capture level, re-boiler temperature, and condenser temperature were
controlled using a PI controller. The controller tuning is given in Table 4.16. In this study,
COz2 capture level and re-boiler temperature were assessed dynamically against setpoint

tracking and disturbance change, which are discussed in Section 4.7.3.

Table 4.16: Tunning parameter of controller in PCC model using PZ

Manipulated Controlled Controller type T Kc | setpoint
variables variables (min) time Gain
integral

Valve 3 Absorber sump Proportional - 60 0.15
Level (m)

Valve 8 Stripper sump Proportional - 60 0.15
Level (m)

Valve 12 Drum level (m) Proportional - 120 15

Lean solvent | CO2 capture level | Proportional/Integral 30 20 90

flowrate (%)

Re-boiler duty | Re-boiler Proportional/Integral 65 13 389.2
temperature (K)

Condenser Condenser Proportional/Integral 20 10 | 350.05

duty temperature(K)

4.7.3 Process control evaluation

PCC process control evaluation was assessed using two criteria: disturbance rejection,
which is expressed by flue gas flowrate change, which illustrates the fluctuation in the
operation of power demand, and its response to reject the effect of flue gas flowrate
fluctuation. The second evaluation is the CO2 capture level setpoint step change.

4.7.3.1 Flue gas step change

This scenario is expressed by a 10% step change increase in flue gas flowrate where

the setpoint is 356 kg/s to analyse its effect on CO:2 capture level and re-boiler
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temperature. Figure 4.14, Figure 4.15 show that a +10 flue gas step change reduces
COz2 capture level and re-boiler temperature. However, re-boiler temperature had a spike
due to valve opening for lean solvent flowrate to compensate the reduction in the CO:2
capture level. The reduction in re-boiler temperature was achieved by increasing the re-
boiler duty required in the re-boiler. This dynamic performance has a similar trend as
previous studies. (Lawal, 2011; Nittaya, 2014) Additionally, it is observed that the
dynamic performance at the commercial scale has similar behaviour at the pilot scale.
The settling times for CO2 capture level and re-boiler temperature are 6 and 5.5 hours,
respectively. Figures 4.15, 4.16 confirmed that the corelation was different from MEA
solvent model due to precipitation of PZ solvent. Also there is fluctuation because it is
difficult to monitor what is happening when there are setpoint tracking and disturbance
rejection. This issue is part of the result limitation. Moreover, this process is integrated

which means decoupling should be performed to enhance its controllability.

— Flue gas flowrate

Flue gas flowrate (kg/s)
®
(6]
1

360

0 2 4 6 8 10 12 14
Time (hour)

Figure 4.13: Flue gas 10% step change using 40%wt.PZ
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Figure 4.15: Re-boiler temperature performance with 10% flue gas step change

4.7.3.2 CO2 capture level step change

This scenario was evaluated by increasing setpoint CO2 capture level from 90 to 85% to

investigate its impact on re-boiler duty in the stripper. Figure 4.17 represents the trend

of re-boiler duty with decreasing CO:2 capture level. Where it is decreased because of

the decrease in lean solvent flowrate. Consequently, low vapor flowrate provided in the

stripper. Moreover, the settling time is high which is 5.5 hour to reach the first steady-

state. It is clear that there is fluctuation because it is difficult to monitor what is happening
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when there are setpoint tracking and disturbance rejection. This issue is part of the result
limitation. Moreover, this process is integrated which means decoupling should be

performed to enhance its controllability.
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Figure 4.16: CO; capture level setpoint step change -5.5% using PZ
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Figure 4.17: Re-boiler duty performance with CO, capture level step -5.5% change
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4.8 Conclusion

In this chapter, steady-state modelling of the solvent-based PCC process with 30% and
40% wt. PZ was done with Aspen Plus®. Model validation was performed at a pilot scale
against the experimental data. The model validation findings confirmed the rate-based
model is in agreement with the experimental data from previous studies( Plaza and
Rochelle, 2011; Van Wagener, 2011). To meet the needs of a 250 MWe CCGT power
plant, a scale-up procedure was carried out using the same method as in the previous
study (Canepa et al., 2013). A technical evaluation was implemented to obtain the optimal
value for the operating conditions. Additionally, economic evaluation was investigated.
Finally, control structure and design were analysed in Aspen Dynamics®. The following

key findings are presented in this chapter:

e The rate-based model was validated against the experimental data with a lower
than 5% deviation. Furthermore, the temperature profile for packed column
(absorber) accurately predicts the temperature profile in the experimental data,
demonstrating that the temperature bulge is located at the bottom or top of the

packed columns.

e The scale-up procedure was performed from the pilot scale to the 250 MWe CCGT
power plant to obtain the packed column sizes. The absorber diameter was 12.3
m, while the stripper diameter was 6.67 m. The packed columns' height was auto
estimated in Aspen Plus®, which equals 22 m. The scale-up method accurately

predicts absorber and stripper performance at pilot scale.

e Technical analysis revealed that CO2 lean loading affects the L/G ratio and specific
re-boiler duty, with 0.3 mol CO2/mol PZ being the optimal CO: lean loading. A
technical evaluation was performed using 40%wt. PZ and 30%wt. PZ, and it was
observed that using 40% wt. PZ has lower energy consumption and a lower L/G
ratio compared to 30% wt. PZ.

e The annualised total cost of the solvent-based PCC using 30% wt. PZ is 22.5
M£/year at 0.19 CO:2 lean loading, according to economic analysis. It was 20
M£/year at a CO2 lean loading of 0.28. At 0.306 CO:2 lean loading, it was
19.7M£/year. On the other hand, using 40%wt.PZ provides a 19.3 M€£lyear
annualised total cost. It was 16.2 M£/year at a CO2 lean loading of 0.28, implying

a lower total cost than the 30% wt. PZ.
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Dynamic analysis of solvent-based PCC indicates that the settling times for CO2
capture level and re-boiler temperature in the case of a 10% flue gas step change
were 6 and 5.5 hours, respectively. On the other hand, the re-boiler duty settling
time was 5.5 hours. Furthermore, the control structure tightly adjusts the
performance of the controlled variables while performing disturbance rejection and

setpoint tracking. and setpoint tracking.
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Chapter 5: Process simulation using a
blend of PZ with AMP

5.1 Overview

This chapter presents the PCC model using mixed solvents (PZ with AMP), which provide
better characteristics than single solvents (e.g., MEA, PZ). This mixing of solvents has
higher mass transfer because it has a higher reaction rate and can reduce the energy
consumption compared to single solvents (MEA, PZ). Sections 5.25.3 present steady-
state model development and validation of solvent-based PCC process at pilot scale in
Aspen Plus® v.11. The scale-up of the validated model to 250 MW CCGT power plant is
presented in Section 5.4. In Section 5.5, technical evaluation is carried out in detail.
Section 5.6 evaluates the economic assessments of commercial PCC model in Aspen

Process Economic Analyser® v.11.

Section 5.7 demonstrates the dynamic analysis of commercial model using mixed
solvents in Aspen Dynamics® v.11, Followed by control structure, design, and process
dynamics evaluation, these were discussed in Section 5.8.1.

5.2 Steady-state model development of PCC at pilot scale using PZ
with AMP solvent

This section provides the details of the steady-state model development of PCC using
mixed solvents (28% wt. AMP with 17% wt. PZ), which were provided by experimental
data (Zhang et al., 2017). This development was performed in Aspen Plus® v.11. The
rate-based model was selected because of its reliability over the equilibrium-based model.
Model development evolves thermodynamic properties, kinetics, and equilibrium
reactions. Equilibrium reactions were illustrated in chemistry to calculate the mass and
heat transfer. Moreover, the correlations for heat transfer, mass transfer, and interfacial

area were used.
Some assumptions were used to develop this model:

e It is steady-state modelling where there is no change of dependant variables with

time



Process simulation using a blend of PZ with AMP 135

All the reactions occur and mass transfer in liquid phase.
e The flow of liquid and gas phase is counter-current
e No reactions occur in liquid and gas film.

e Liquid phase contains these ions: H30*, OH’, HCOs, COs?, PZH*, PZCOO,
HPZCOO, PZ(COO")2, AMPH*, AMPCOO™ Also, the molecule of COz2, N2, H20, AMP,
and PZ.

5.2.1 Thermodynamic properties

In Aspen Plus®, a thermodynamic property, a kinetic reaction, and equilibrium reactions
were used to simulate the PCC process. To calculate the thermodynamic properties, use
the electrolyte non-random two liquid activity coefficient (ENRTL) with the equation of
state Redlich-Kwong (RK). These equations were implemented to calculate the
thermodynamic properties for the liquid phase and the gas phase, respectively. Vapour-
liquid equilibrium data (VLE) was regressed using the previous study (Li et al., 2014) to
obtain the integrated parameter for molecule-electrolyte binaries. Also, some properties
for protonated amine are obtained from pKa data. VLE and heat capacity data for the
interaction of PZ-AMP-H20 were used with the VLE data for PZ-AMP-CO2-H20 to provide
the thermodynamic properties for PZ-AMP-CO2-H20.

5.2.2 Chemical reactions used in this model

For the chemistry of this model, it was assumed that AMP reacts with H30* to generate
AMPH?, which then reacts with CO2 to produce unstable carbamate, which then easily
reacts with other species in the electrolyte to regenerate AMPH+. In the case of the PZ
molecule, it associates with the H30" ion to form PZH* which reacts with CO: to generate
PZCOO- carbamate, and di-carbamate PZ(COO).. The following equilibrium reactions

were assumed to be global electrolytes:
2H,0 2 H30" + OH ~ R5.1
CO, + 2H,0 2 HCO;~ + H;0* R5.2

H,0 + HCO;~ 2 €03~ % + H;0* R5.3



136 Process simulation using a blend of PZ with AMP

PZH* + H,0 2 PZ + H;0* R 5.4
PZ + HCOs™ 2 PZCOO~ + Hz0 R5.5
H*PZCOO™ + H,0 2 PZCOO™ + Hy0 * R5.6
PZCOO™ + HCO;~—2 PZ(CO0™), + H,0 R5.7
AMPH* + H,0 2 AMP + H;0* R5.8

For reactions (R 5.1-R 5.8), the equilibrium constant was estimated from standard Gibbs
free energy change, where it can be calculated by the ion’s properties available in the
electrolyte. Equation 5.1 were used for equilibrium constants:

0
K; = exp —ﬂ 5.1
/ RT

Where Kjis defined as the equilibrium constant of reaction j, AGjis known as the change
of reference state free energies for reaction j, T is defined as the temperature while R is

universal gas constant.

Rate-based model were implemented which kinetics reactions were required. Therefore,

kinetic reactions were added by Equation 5.2:

ki=k’ BT aij 5.2
= jeXp ﬁ Ci .
N

Where the parameters in this equation are expressed as follows: k;° represents the pre-
exponential factor, Ej expresses the activation energy, T is the environment working
temperature, R is the universal gas constant, Cirepresents the concentration of species

I, aij is the reaction order for species i in the reaction j.

CO, +0H™ - HCO3~ R5.9
HCO; - CO,+ OH™ R 5.10
PZ + CO, + H,0 - PZCOO~ + H;0% R5.11

PZCOO™ + H;0% - PZ + CO, + H,0 R5.12
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PZCOO~ + CO, + H,0 - PZ(CO0™), + H;0% R 5.13
PZ(C007™), + H;0* - PZCOO~ + CO, + H,0 R 5.14
AMP + H,0 4 CO, — H;0* + AMPCOO~ R 5.15
H;0* + AMPCOO~ — AMP + H,0 + CO, R 5.16

The kinetic parameters for the reactions (R 5.9-R 5.16) are shown in Table 5.1: Kinetics

parameters for kinetic-rate reactions Table 5.1.

Table 5.1: Kinetics parameters for kinetic-rate reactions

Reaction number ke E Activation Energy Reference
(kJ/mol)

R5.9 4.24e13 55.41 Dash et al. (2014)

R 5.10 5.8e4 146.44 Dash et al.(2014)

R5.11 2.38e+17 123.22 Zhang et al. (2017)

R5.12 3.62e+10 33.63 Zhang et al. (2017)

R 5.13 5.95e+4 148.53 Samanta and
Bandyopadhyay
(2009)

R5.14 5.56e+25 76.86 Samanta and
Bandyopadhyay(2009)

R 5.15 le+9 34.31 Zhang et al. (2017)

R 5.16 1.52e+20 53.10 Zhang et al. (2017)

5.2.3 Model development of PCC using PZ with AMP

The simulation of PCC using a blend of PZ and AMP was carried out in Aspen Plus® v.

11. The process is mainly an absorber, stripper, and heat exchanger. Both columns were

represented as RadFrac blocks, which represented mass transfer and chemical reactions.

The heat exchanger is modelled as a shortcut for specifying a temperature approach of

10 °C. The heat exchanger is used to improve heat transfer between the lean solvent

pumped from the stripper and the rich solvent pumped from the absorber. The flue gas

flow rate was 80 kg/h. Lean solvent flowrate was 152 kg/h to provide 90% CO:2 capture

level (Mangalapally and Hasse, 2011). A rate-based model approach was deployed in
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both columns because of its reliability over an equilibrium-based model. The flue gas and

lean solvent specifications are given in Table 5.2, where these specification were taken

from (Zhang et al., 2017)

Table 5.2: Flue gas and lean solvent specifications (Zhang et al., 2017)

Specification Lean solvent Flue gas
Flowrate (kg/h) 152 80
CO;, partial pressure in flue gas (mbar) - 102
Weight % Mol%
CO, 0.5 CO, 8.8
Composition AMP 28 H,O 8
PZ 17 N, 83.2
H,O 54.5 - -
Pressure (bar) 1.62 1.15
Temperature (°C) 40 46
CO; lean loading (mol/kg PZ+AMP) 0.8
CO, rich loading (mol/kg PZ+AMP) 2.4

Absorber and stripper were modelled as RadFrac block. The specifications are illustrated

in Table 5.3.

Table 5.3: Absorber and stripper specifications for PCC model development (Zhang et al., 2017)

Specification Absorber Stripper
Model flow mixed mixed
Number of stages 11 9
Condenser type - Partial vapour
Re-boiler type - Kettle
Packing material Sulzer (BX 500) Sulzer (BX 500)
Column diameter (m) 0.125 0.125
Packing height (m) 4.25 2.55

Hold-up correlation

(Stichlmair et al. (1989)

(Stichlmair et al. (1989)

Interfacial area and mass

transfer correlations

(Hanley et al. (2012)

(Hanley et al. (2012)

Heat transfer coefficient (Chilton et al., 1934) (Chilton and Colburn
correlation (1934)
Pressure (bar) 1 1.62
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5.3 Steady-state Model validation of PCC at pilot scale using PZ with
AMP

5.3.1 Pilot Plant data

To assure that the rate-based PCC model using PZ with AMP is reliable, CESAR 1 (28
wt.% AMP, 17 wt.% PZ, and 55 wt.% H20) was used to validate this model (Mangalapally
and Hasse, 2011). The flue gas source is extracted from a natural gas burner with a flow
rate ranging from 30-100 kg/h. The flue gas temperature is between 40 and 50 °C, which
enters the bottom of the absorber, while lean solvent flows from the top of the absorber
at a temperature of 40 °C. The range of its flow rate is between 20 and 350 kg/h,
depending on the L/G ratio required to provide 90% CO, capture level. A washing section
is located at the top of the absorber to reduce solvent loss in the absorber to reduce
solvent degradation. The packing material used in the absorber is BX 500, which is known
as structured packing from Sulzer. The packing section is divided into 5 sections of 0.85

m, resulting in a 4.25 m total packing height.

The stripper is fed by rich solvent coming from the absorber through a heat exchanger.
The stripper's packing material is similar to the absorber's in terms of type; however, it
has different packing sections. The sections divide into three sections, resulting in a total
packing height of 2.55 m. The two packed column diameters are the same, which is 0.125

m. The main pilot plant data is shown in Table.5.4.

Table 5.4: Pilot plant data specifications Mangalapally and Hasse, 2011)

Specification CESARL pilot plant data
CO, patrtial pressure in flue gas (mbar) 102
Flue gas flowrate (kg/h) 80
Solvent flowrate (kg/h) 75-275
L/G ratio (kg/kg) 0.94-3.5
CO, flowrate in flue gas (kg/h) 11.6
The captured CO,, flowrate (kg/h) 10.5

5.3.2Model validation of PCC at pilot scale using PZ with AMP
To assure that the model is reliable. 1t should be validated against specific pilot plant data.

The model predictions (CO, capture level, CO, rich loading, specific re-boiler duty, CO,
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captured mass flowrate, and temperature profile for both columns) were evaluated against
the CESAR1 pilot plant data. The validation results show that the model is in agreement

with the pilot plant data, as is clear in Table 5.5.

Table 5.5: Model predictions validation of PCC against CESAR 1 pilot plant data

Specification Rate-based CESAR 1 pilot Relative percentage
model plant data error (%)

CO,, capture level (%) 91.3 90 1.4
CO, lean loading (mol/kg 0.8 0.8 0
AMP+PZ)
CO, rich loading (mol/kg 2.3 2.4 4.2
AMP+PZ)
Specific re-boiler duty 3.4 3.62 6.1
(GJ/tonne co,)
Captured CO, mass 9.9 10.5 5.7
flowrate (kg/h)
L/G ratio (kg/kg) 1.9 1.9 0

The absorber temperature profile is depicted in Figure 5.1. It is clear that the temperature
bulge is near the bottom of the absorber, in which L/G ratio is 1.9 (kg/kg), as shown in
Figure 5.1. In contrast to the stripper, where temperature bulge is located at the top of
stripper, as shown in Figure 5.2. Furthermore, the trends confirm that rate-based model
for both packed columns is in agreement with the CESAR 1 pilot plant data. From
Figure.5.1, it was observed that there is discrepancy at the bottom of the absorber, where
heat generated from the chemical reactions causes lower temperature profile in rate-

based model compared to experimental data.
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Figure 5.1: Absorber temperature profile of rate-based model against CESAR 1 pilot plant data
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Figure 5.2: Stripper temperature profile of rate-based model against CESARL1 pilot plant data

5.4 Scale-up of solvent-based PCC to commercial scale

Scale-up procedure for a blend of PZ and AMP was performed using similar method as

in Sections 3.4 and 4.4. The flue gas flowrate and its composition were obtained from the

same literature (Canepa et al., 2013). The initial inputs used to estimate the packed
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column size are presented in Table 5.6, where liquid and gas densities, and viscosity were
obtained from the rate-based model at pilot scale, while flow parameter, K4, and packed

column diameters were calculated using scale-up procedure.

Table 5.6: Initial inputs for scale-up calculations for absorber and stripper

Inputs

Absorber Stripper
v (kg/m?) 1.020 1.145
Lw /Vw 1.34 2.72
pL(kg/m?) 948.26 916.56
Pressure drop (mm H20/ m Packing) 42 42
uL (Pa.s) 0.000744 0.000314
Fp (M) 78.74 168.2
Results
Fuv 0.043938 0.096136
K4 1.6 14
Packed column Diameter (m) 13.34 11
Packed column height (m) 30 30

The specifications for absorber and stripper after the above estimations were conducted
in Aspen Plus®, as given in Table 5.7. The actual lean solvent flowrate required to capture
90% of CO2. These values were performed at a similar concentration for the blend on the
pilot scale. It was observed that this scaled-up operating condition has a higher re-boiler
duty and L/G ratio compared to PZ solvent. This blend was 17 wt.% PZ and 28 wt.% AMP.
Hence, different concentrations were selected based on literature in order to figure out

which blend concentration has the lowest re-boiler duty and L/G ratio.

Table 5.7: The operating condition for scaled model using 17wt.% PZ and 28 wt.% AMP

Scaled model Operating Conditions

CO, lean Loading (mol/mol) 0.154
CO, rich Loading (mol/mol) 0.248
Re-boiler temperature (°C) 118
Re-boiler duty (MW) 142
Condenser temperature (°C) 60
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Capture Level (%) 90
L/G ratio (kg/kg) 1.76
Solvent flowrate (kg/s) 626.5
Specific re-boiler duty (GJ/tonne co,) 3.3

5.5 Technical evaluation of commercial scale PCC using PZ with AMP

The technical evaluation of PCC process using the blend of PZ and AMP was conducted
at different ratios based on the previous study (Zhang et al., 2017). A Similar ratio was
selected to compare it with what was provided in Zhang et al., (2017). Table 5.8
represents the optimal value of specific re-boiler duty (GJ/ tonne CO2) where it has the
lowest specific re-boiler duty. Specific re-boiler duty obtained in the study is in agreement
with the previous study (Zhang et al., 2017). It is indicated that increasing AMP weight in

the blend reduces the energy consumption which is related to re-boiler duty.

Table 5.8: blend solvents compostion ratios

Blend ratio Specific re-boiler duty (GJ/ tonne CO2)
7wt. %PZ & 38wt. %AMP 2.95
17wt.%PZ & 28wt.%AMP 3.3
12wt.%PZ & 33wt.%AMP 3.10
22wt.%PZ & 23wt.%AMP 3.45

The L/G ratio was evaluated based on different blend ratios to assess the lean solvent
flowrate required to provide 90% CO:2 capture level, as shown in Figure 5.3 where it is
observed that 7 wt.%PZ with 38 wt.% AMP has lower specific re-boiler duty compared to
other ratios and the previous study (Zhang et al., 2017), where specific re-boiler duty was
2.84 GJ/tonne CO:2 which is 3.87% lower than this study due to assumption differences
for correlations in the simulation. Economically, it will be costy to perform higher
concentration of PZ with AMP because they are more expensive than MEA. Nevertheless,
they have higher absorption rate as a blend than single solvent such as MEA, PZ.

Moreover, more blend ratio weight means lower re-boiler duty than single solvents.
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Figure 5.3: Specific re-boiler duty correlation with changing L/G ratio at different blend ratios
5.6 Economic evaluation of commercial scale solvent-based PCC

The economic evaluation of the scaled-up PCC model was conducted for the 7 wt.% PZ
and 38 wt.% AMP because it provides the lowest specific re-boiler duty compared to other
blend ratios. The same procedure was performed to calculate the annualised total cost
and capital cost. The AMP price was obtained from Alibaba, which is 4.3 £ per kilo. Figure
5.4, Figure 5.5 show the annualised total cost for the selected blend ratio. It has been
confirmed that the annualised total cost will range between 23 and 16 million pounds. The
optimal COz2 lean loading with AMP is 0.28 mol CO2/mol PZ. It was observed that the

annualised total cost is higher after the optimal CO2 lean loading.
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Figure 5.5: Annualised total cost per tonne CO; with changing CO- lean loading using 7 wt.% PZ

and 38 wt.% AMP

5.7 Dynamic performance analysis of PCC using PZ with AMP

This section explains the dynamic analysis of the entire process using PZ with AMP as

mixed solvent. Furthermore, control structure and design are discussed in detalil.
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5.8 Base case operating condition for PCC model

The base case model is selected based on the economic evaluation in Section 5.6. This
case study has the lowest annual total capital and operating costs, as shown in Table 5.9,
where operating pressure for both packed columns was considered from the rate-based
model at pilot scale. Aspen Plus® was used to estimate packing heights. The packed
columns' diameter was calculated from scale-up calculations. The sump level and buffer
tank size were calculated based on a 10-minute hold-up time for the residence to fill. It is
the commercial scale of the validated PCC model compared to the experimental data. To
conduct a dynamic model of commercial PCC, some equipment is added to stabilise the
the transient behaviour in order to run a dynamic model of commercial PC behaviour,
such as an absorber sump, a stripper sump, an external condenser, including a heat
exchanger and a reflux drum, and a buffer tank for water and solvent make-up to
compensate for the loss in the whole process. For the sump, reflux drum, and buffer tank,
the size should be estimated before exporting the steady-state model to Aspen

Dynamics®. The calculations are conducted based on the flow rate at steady-state.

Table 5.9: Base case operating conditions of absorber for commercial PCC model using PZ with

AMP
Parameter Value
Absorber

Flue gas flowrate (kg/s) 356
Lean solvent flowrate (kg/s) 551.8
Absorber diameter (m) 13.34
Packing height(m) 30
Operating pressure(N/m?) 97000
Absorber pressure drop(bar) 0.1
Packing material IMTP#40
Number of stages 20
Sump level(m) 0.3
Sump diameter(m) 13.34
CO: capture level (%) 90
Model type Equilibrium-based model

The stripper specifications with external condenser, including heat exchanger, reflux

drum, and buffer tank are given in Table 5.10
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Table 5.10: Base case operating conditions of stripper for commercial PCC model using PZ with

AMP

Parameter Value
Packing height(m) 30
Stripper diameter(m) 8
Operating pressure(N/m?) 162090
Stripper pressure drop 0.1
Number of stages 20
Model type Equilibrium-based model
Packing material FLEXIPAC 1Y
Re-boiler duty (MW) 77
Re-boiler temperature(K) 389.39
Condenser Temperature(K) 355
Reflux drum level(m) 0.7
Sump level(m) 0.3
Sump diameter(m) 8
Buffer tank level(m) 10
Buffer tank diameter(m) 6

e Operating pressure was taken from rate-based model, where absorber is operated

at atmospheric pressure to reduce the solvent degradation.

Number of stages: It is estimated based on the CO2 composition profile in liquid
phase. It is specified when there is equilibrium transfer in its composition.

COz2 capture level: it was specified to be 90 % to have tradeoff between profit and
efficiency.
Sump diameter: It was included in the packed column, where it assumed to be the

same absorber diameter.

Sump level: It was assumed by taken the flowrate of the packed column last stage

and assume 10 min hold up time residence to fill the whole packed column.

Model type: it is an equilibrium-based model to be prepared for Aspen Dynamics

because this software does not support kinetic reactions.
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5.8.1 Control structure and design

Control structures are selected based on open loop analysis where it is represented in
Figure 5.6 . For CO2 capture, it was controlled by comparing the CO2 mass flow in the flue
gas stream entering the bottom of the absorber with the CO2 mass flow in the vented gas
stream leaving the top of the absorber and then adjusting the lean solvent flow rate.
Condenser temperature was controlled by manipulating condenser heat duty. Also, the
re-boiler temperature was controlled by adjusting the re-boiler heat duty in the stripper.
Water makeup was paired with water mass fraction in lean solvent flowrate, which was

treated as a variable to be manipulated.
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Re-boiler
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Condensate
Pump
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Figure 5.6: A schematic of PCC model with control structure using PZ with AMP

In a packed column sump, the absorber sump level was controlled by manipulating the
valve (3). By adjusting the valve (8), the stripper sump level can be tightly controlled. The
drum level is controlled by manipulating the valve after the reflux drum. Liquid levels in
the whole process should be tightly controlled to enhance the controllability of the CO2
capture level and re-boiler temperature. The controller type used in this process is
conventional control. P controllers were selected for the liquid level controller. On the
other hand, CO:2 capture level, re-boiler temperature, and condenser temperature were
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controlled using a PI controller. The tuning parameters are shown in Table 5.11. In this
study, CO:2 capture level and re-boiler temperature were assessed dynamically against

setpoint tracking and disturbance change, which are discussed in Section 5.8.1.

Table 5.11: Tunning parameter for control structure

Manipulated Controlled variables | Controller Ti Kc | setpoint
variables type (min) gain

Valve 3 Absorber sump | Proportional - 42 0.45
Level (m)

Valve 8 Stripper sump Level | Proportional - 82 0.56
(m)

Valve 12 Drum level (m) Proportional - 145 3

Lean solvent CO2 capture level | Proportional 25 17 90

flowrate (%) /Integral

Re-boiler duty Re-boiler Proportional 40 7 388.229
temperature (K) /Integral

Condenser duty | Condenser Proportional 9 4 355
temperature(K) /Integral

5.8.2 Process control evaluation

PCC process control evaluation was assessed using two criteria: disturbance rejection,
which is expressed by flue gas flowrate change, which illustrates the fluctuation in the
operation of power demand, and its response to reject the effect of flue gas flowrate

fluctuation. The second evaluation is the CO2 capture level setpoint step change.

5.8.2.1 Flue gas step change

This scenario is expressed by a 10% step change increase in flue gas flowrate where the
setpoint is 356 kg/s to analyse its effect on CO2 capture level and re-boiler temperature.

Figure 5.7,Figure 5.8 show that a +10 flue gas step change reduces CO:2 capture level
and re-boiler temperature. However, re-boiler temperature had a spike due to valve
opening for lean solvent flowrate to compensate the reduction in the CO2 capture level.
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There is a fluctuation because the stability issue in controllability as this process is
classified as an integrated process.

The reduction in re-boiler temperature was achieved by increasing the re-boiler duty
required in the re-boiler. This dynamic performance has a similar trend as previous studies
(Lawal, 2011; Nittaya, 2014). Additionally, it is observed that the dynamic performance at
the commercial scale has similar behaviour at the pilot scale. Both variables have settling
times of 8, 9, and 2 hours for CO2 capture level and re-boiler temperature.
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Figure 5.7: 10% flue gas step change using PZ with AMP
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Figure 5.8: CO; capture level performance with flue gas step change using PZ with AMP
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Figure 5.9: Re-boiler temperature performance with flue gas step change using PZ with AMP

5.8.2.2 COzcapture level step change

This scenario was evaluated by increasing the setpoint CO2 capture level from 90 to 85%

to investigate its impact on re-boiler duty in the stripper, as shown in Figure 5.10. Figure
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5.11 depicts the trend of re-boiler duty as CO2 capture level decreases. where it has
decreased because of the decrease in lean solvent flow rate. Consequently, a low vapour
flow rate is provided in the stripper. Moreover, the settling time is high, at 9.9 hours to
reach the first steady-state. In the case of step change in CO:2 capture level from 90% to
85% , re-boiler duty was reduced at 4 hours. However, there is a small spike, showing
that re-boiler duty is increased due to the steam flowrate supplied to the re-boiler at 4.5
hours, which may vary rapidly. Hence, it affects the stability of and transient performance

of the process to meet the reduction in the amount of CO2 captured.
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Figure 5.10: CO; capture level change -5.5% using PZ with AMP
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Figure 5.11: Re-boiler duty performance with -5.5% CO; capture level
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5.9 Conclusion

In this chapter, Aspen Plus® was used to develop steady-state modelling of a solvent-
based PCC process using a blend of PZ and AMP. Model validation was performed at
pilot scale against the CESAR 1 pilot plant (Zhang et al., 2017). The model validation
findings confirmed the rate-based model is in agreement with the experimental data from
previous studies. A scale-up procedure was conducted using the same method as in the
previous study (Canepa et al., 2013) to meet the needs of a 250 MWe CCGT power plant.
A technical evaluation was implemented to obtain the optimal value for the operating
conditions. Additionally, economic evaluation was investigated. Finally, control structure
and design were analysed in Aspen Dynamics®. The following key findings are presented

in this chapter:

e The rate-based model was validated against the experimental data with a lower
than 6.2% deviation. Furthermore, the temperature profile for both packed columns
accurately predicts the temperature profile in the experimental data, demonstrating

that the temperature bulge is located at the bottom or top of the packed columns.

e The The scale-up procedure was performed from the pilot scale to the 250 MWe
CCGT power plant to obtain the packed column sizes. The absorber diameter was
13.34 m, while the stripper diameter was 11 m. The packed columns' height was
assumed to be 30 m. The scale-up method accurately predicts absorber and
stripper performance at pilot scale.

e Technical analysis revealed that CO:2 lean loading affects the L/G ratio and specific
re-boiler duty, with 0.3 mol CO2/mol PZ being the optimal CO:2 lean loading. A
technical evaluation was performed using different blend ratios, and it was
observed that using 7% wt. PZ with 38% wt. AMP has lower energy consumption

and a lower L/G ratio compared to other blend ratios.

« Dynamic analysis of solvent-based PCC indicates that the settling times for CO2
capture level and re-boiler temperature in the case of a +10% flue gas step change
were 8 and 9.1 hours, respectively. On the other hand, the re-boiler duty settling

time was 10 hours.



Comparative analysis of PCC using MEA, PZ, and (PZ with AMP) 155

Chapter 6: Comparative analysis of PCC using
MEA, PZ, and (PZ with AMP)

This chapter presents the comparative results between the three solvents; MEA, PZ, and
PZ with AMP in terms of scale-up calculation including the packed column sizes (diameter
and height), technical evaluation results, Economic evaluation, and dynamic

performance.

6.1 Comparative analysis of scale-up

Scale-up results for the three models show that using PZ has the lowest packed bed
column sizes including diameter and height as shown in Table 6.1. Hence, it is indicated
that using PZ solvent has lower capital cost than MEA and mixed solvents. Moreover, the
best appropriate solvent selection will enhance the trade-off procedure between efficiency
and low operating and capital costs. In Table 6.1, it is clear that the packed column sizes
for absorber and stripper are different for each solvent. In the case of absorber size,
including the diameter and height, the diameter was 13.95 m for MEA solvent, which
exhibits the largest diameter solvent has the smallest absorber diameter, which equals
12.3. Hence, Lower L/G ratio. On the other hand, mixed solvents (PZ with AMP) has 13.34
m, which is close to the benchmark solvent MEA. Absorber heights were auto estimated
in Aspen Plus®, by considering the calculated required lean solvent flowrate needed to
provide 90% CO:2 capture level. The finding presents that the benchmark solvent MEA
and mixed solvents have higher absorber heights compared to PZ solvent, which has 22

m.

In terms of stripper column, the similar results were obtained, which follow the absorber
sizes. The lowest stripper diameter was clear when PZ solvent was used. It has the lowest
L/G ratio at commercial scale. It exhibits 6.67m for stripper diameter. On the other hand,
MEA solvent had the highest stripper diameter, which equals 7.9m, while mixed solvents
shows that the stripper diameter was 7m.The stripper heights for the three solvents were

the same as in absorber columns.
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Table 6.1: Packed bed column sizes resulting from scale-up calculations

Packed bed size (m) MEA PZ PZ with AMP
Absorber diameter 13.95 12.3 13.34
Absorber height 30 22 30
Stripper diameter 7.9 6.67 7
Stripper height 30 22 30

6.2 Comparative results of technical and economic evaluations

The results of the technical evaluation, which are efficient in terms of energy consumption
and have low operating and capital costs throughout the process, show that the L/G ratio
and specific re-boiler duty must be optimised with changing CO: lean loading. The three
scaled-up models were optimised using three solvents as given in Figure 6.1 , which
illustrates that in terms of specific re-boiler duty, PZ with AMP had the lowest value, which
is equal to 2.95 GJ/tonne CO2. However, it has the highest L/G ratio among other solvents
because it has a lower value in terms of absorption capacity while having a lower
regeneration duty. To conclude based on energy consumption and L/G ratio, mixed
solvent utilisation illustrates the lowest energy consumption for solvent-based PCC
because its specific re-boiler duty was 2.95 GJ/tonne COz2. In the case of MEA and PZ,
specific re-boiler duty was 4.17 GJ/tonne COz2, and 3.83 GJ/tonne COz, respectively. The

lowest L/G ratio was obtained when 40% wt. PZ was performed, which equals 0.76 kg/kg.
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Figure 6.1: Comparative results of technical evaluation for the three solvents

Based on economic evaluation, it was estimated that the lowest total annualised total cost
was obtained when using 40%wt. PZ, followed by mixed solvent PZ with AMP, as shown
in Table 6.2. Consequently, single solvents (PZ) and mixed solvents (PZ with AMP) show
lower energy consumption in terms of re-boiler duty and lower operating costs compared
to the benchmark solvent (MEA). Annualized total costs for MEA solvent were 16.53
million pounds per year and 21.9 pounds per tonne COz, respectively. On the other hand,
PZ solvent at different concentrations, such as 30 and 40%wt. exhibits 19.7 and 16.2
M£E/year, and the costs per tonne CO2 were 25.5 and 21 M£/tonne COz, respectively. In

mixed solvents, the costs were 16.5 M£/year and 21.1 M£/tonne COz, respectively.

Table 6.2: Economic evaluation comparison for three solvents

Solvent Annualised total cost | Annualised total cost (E/tonne
(M£E/year) CO2)

30% wt. MEA 16.53 21.9

30% wt. PZ 19.7 25.5

40% wt. PZ 16.2 21

7%wt. PZ with 38% wt. 16.5 21.1

AMP
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6.3 Dynamic performance comparison

Dynamic performance assessment was performed based on settling time to steady-state
and integral square error. For example Integral square error of CO2 capture level was

calculated using the equation 6.1:

tf
ISE ( COZCAPTURE LEVEL)% = Z(COZCAPTURE sp €O, (t))z 6.1

t=0
The ISE was calculated for all solvent-based PCC models using three different solvents:
MEA, PZ, PZ with AMP. The ISE measurements were conducted based on two cases :
+10% flue gas step change (disturbance rejection) and CO2 capture level step change
(setpoint tracking) from 90 to 85%, which equal -5.5%The results are provided by Table
6.3.

Table 6.3: Integral square error results for solvent-based PCC using the three solvents
Specification +10% Flue gas step change | -5.5% CO:2 capture level step

(ISE%) change (ISE%)

30 wt.% MEA

CO2 capture level 38.157 -
(%)

Re-boiler 0.01298
temperature(K)

Re-boiler duty (MW) 0.1712

40wt.% PZ

CO2 capture level 3.588 -
(%)

Re-boiler 0.000539 -

temperature(K)

Re-boiler duty (MW) - 0.077

7wt.% PZ with 38wt.% AMP
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CO2 capture level 1.515 -
(%)

Re-boiler 0.040 -
temperature(K)

Re-boiler duty (MW) - 1.722

According to the ISE results, the ISE of the CO:2 capture level for PZ solvent in the case
of disturbance rejection (flue gas step change) was the lowest value among MEA, PZ with
AMP, indicating that the deviation from the CO2 capture level setpoint is negligible. Also,
the ISE of the re-boiler temperature showed a lower value for PZ solvent as well. in terms
of setpoint tracking (CO:2 capture level). The ISE of re-boiler duty showed the lowest value
among other solvents. It was observed that 40% wt. PZ has the shortest settling time
among MEA and mixed solvents (PZ with AMP), as given in Table 6.4. This chapter
analyse the dynamic performance of PCC process through chemical absorption at
commercial scale. The methodology was to develop three models using different solvents,
such as MEA, PZ, and a blend of PZ and AMP. Using three solvents, it provides
discrepancies in their chemical and physical characteristics, which has impact on L/G ratio
and specific re-boiler duty. The dynamic performance of a solvent-based PCC process at
commercial scale shows similar correlations as the process at pilot scale. Hence, it was
confirmed that scaling up the rate-based model does not affect the behaviour of transient
analysis but affects the time constant variable and settling time for the three models.
Consequently, the residence time is different for the three solvents.

Table 6.4: Settling time of dynamic performance for the three solvents

Specification +10% Flue gas step change | -5.5% CO:2 capture level step

(Settling time -hour) change (settling time-hour)

30 wt.% MEA

CO2 capture level 8
(%)

Re-boiler 9.2
temperature(K)

Re-boiler duty (MW) - 10
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40wt.% PZ
CO2 capture level 6
(%)
Re-boiler 55
temperature(K)
Re-boiler duty (MW) - 5.5
7wt.% PZ with 38wt.% AMP
CO2 capture level 8
(%)
Re-boiler 9.1
temperature(K)
Re-boiler duty (MW) - 10

6.4 Conclusion

» Rate-based PCC models were developed via Aspen Plus® at pilot scale for three
solvents: MEA, PZ, and PZ with AMP. Model validations were implemented against
experimental data to assure the reliability of the three models. Validation results
confirmed that the three models accurately predict the experimental date with less
than 10% error, as represented by temperature profile plots for both packed bed
columns.

e Scale-up of the validated rate-based model to a 250 MWe CCGT power plant
shows the packed column sizes for 40% PZ have the lowest value compared to
MEA and PZ with AMP due to the smallest lean solvent flowrate required to provide
90% CO2 capture.

« The technical evaluation results for three solvents demonstrate that PZ with AMP
has the lowest specific re-boiler duty, which was 2.95 GJ/tonne co2, compared to
30% and 40% wt.PZ which were 3.84 and 3.92 GJ/tonne co2, respectively.
However, a larger L/G ratio is estimated in mixed solvents. For MEA, in terms of
energy consumption, the specific re-boiler duty was 4.14 GJ/tonne coz.

« An economic analysis was carried out to determine which of the three solvents had
the lowest total annualised cost per tonne COz.It cost 21£ per tonne COz2, 21.1£
per tonne CO2, and 21.9£ per tonne CO:2 for 40% wt. PZ, 7% wt. PZ, 38%wt. AMP,
and 30%wt.MEA, respectively.
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e A dynamic performance assessment was performed based on the settling time to
steady-state and the ISE calculation. It was observed that 40%wt. PZ has the
shortest settling time among MEA and mixed solvents (PZ with AMP) and the

lowest value in terms of ISE.
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Chapter 7: Conclusion and

recommendation for future research

This research studies the dynamic performance of PCC process through chemical
absorption at commercial scale. The methodology was to develop three models using
different solvents, such as MEA, PZ, and a blend of PZ and AMP. Using three solvents, it
provides discrepancies in their chemical and physical characteristics, which has impact
on L/G ratio and specific re-boiler duty. The dynamic performance of a solvent-based PCC
process at commercial scale shows similar correlations as the process at pilot scale.
Hence, it was confirmed that scaling up the rate-based model does not affect the
behaviour of transient analysis but affects the time constant variable and settling time for
the three models. Consequently, the residence time is different for the three solvents. The

limitation of this study is discussed as follows:

« The reliability of Aspen dynamics® is lower because this software does not support
kinetic reactions, which means lower reliability in providing the 90% CO:2 capture
level, but it was solved by providing the temperature profile of a rate-based model
to the theoretical tray efficiency of an equilibrium-based model to obtain the 90%
COz capture level.

o Piperazine has a low viscosity at low CO:2 lean loading as a physical property. This
issue increases the divergence of the model in the case of PZ solvent.

« Aspen Dynamics® is classified as an integrated process, so using it as a Blackbox
model might weaken the understanding of dynamic performance of the entire

process.
In this chapter, conclusion and recommendations are discussed.

7.1 Conclusion

e Rate-based PCC models were developed via Aspen Plus® at pilot scale for three
solvent MEA, PZ, and PZ with AMP. Models validations were implemented
against experimental data to assure reliability of the three models. Validation

results confirmed that the three models predict well the experimental date with
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lower than 10% deviation, representing the temperature bulge location by
temperature profile plots for both packed bed columns.

e Scale-up of validated rate-based model to 250 MWe CCGT power plant shows
the packed column sizes for 40% PZ have lowest value compared to MEA, PZ
with AMP due to the smallest lean solvent flowrate required to provide 90% CO:
capture level.

e Technical evaluation results for three solvents demonstrate PZ with AMP has
lowest specific re-boiler duty which was 2.95 GJ/tonne co2 compared to 30, 40%
wt.PZ which were 3.84, 3.92 GJ/tonne coz, respectively. However, Larger L/G
ratio is estimated in mixed solvents. For MEA, in term of energy consumption,

specific re-boiler duty was 4.14 GJ/tonne coa.

e Economic evaluation was performed to assess the lowest total annualised cost
per tonne CO:2 for the three solvents. The total annualised cost equals 21£ per
tonne COz2, 21.1 £ per tonne COz2, 21.9 £ per tonne COz2, for 40% wt. PZ, 7%
wt.PZ with 38%wt. AMP, 30%wt.MEA, respectively.

e Dynamic performance assessment was performed based on settling time to
steady-state and ISE calculation. It was observed that 40%wt. PZ has the shortest
settling time among MEA and mixed solvents (PZ with AMP) and the lowest value
in term of ISE. The aim of dynamic modelling is to analyse the effect of setpoints
tracking and disturbance rejection on the entire process for three solvents. The
difference between three solvent is the time residence, where it is affected by lean
solvent flowrate. In reality, it is important to gain knowledge about the process in
case of shortage in lean solvent flowrate, low flue gas flowrate, low steam
provided to re-boiler. Consequently, this process is integrated with power load.
The control action should be faster in a sufficient way to provide stable dynamic

behavoiur
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7.2 Recommendation for future research

e« Due to the high energy consumption and high operating and capital costs
connected to MEA as a benchmark solvent, using a tertiary blend such as MEA,
PZ, or AMP should be investigated to analyse its effect on energy consumption
and operating and capital costs.

e an investigation study on process modifications such as rich solvent split,
intercooling, or mixed process modifications to assess their impact on reducing
energy consumption related to solvent regeneration.

e Analytical assessments of solvent physical properties should be investigated to
provide a thorough understanding of solvent mixed selection.

e The multiple input, multiple output control structure should be considered in the

PCC process because it is classified as an integrating process.
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